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FOREWORD 

The property of a chemical species to move between immiscible liquid phases has 
revolutionised the science of separations in the millennium that finishes soon. During the 
present century, the most significant event has been the growth and development of the field 
of Solvent Extraction. This technique has lead to hundreds of separation methods and 
thousands of systems that have been described, investigated and several of which have 
successfully been applied to solve, in a unique manner, complicated problems in the industrial 
fields of hydrometallurgy, petrochemical, food, pharmaceutical, environmental, waste 
treatment and analytical chemistry. Scientific and technologically the most important 
contribution of liquid-liquid distribution studies has been to the acquisition of basic 
knowledge in co-ordination chemistry, chemical thermodynamics, interfacial phenomena, 
hydrodynamics of two phases and mechanisms of chemical reactions, as well as process 
development, equipment design and process control. It must be emphasised that such 
knowledge has been applied not only to process separations but also to other important 
aspects of the areas mentioned above, i.e., development of chemical sensors, controlled 
release devices, etc. 

Because of this record of achievement, Solvent Extraction can be considered as a mature 
technique and thus further innovation becomes more difficult. This is always a challenge to 
practitioners in the technique, but it never will be a final barrier in itself, unless we confuse 
the creation of scientific knowledge with the opportunity of obtaining funds for research. In 
addition, at this moment, when environmental concern has reached a significantly high social 
and scientific consideration, the name of Solvent Extraction is sometimes interpreted as a 
negative factor that has been reflected in some political decisions. We know well that again, 
this is a consequence of ignorance, but still, we must consider this fact and include it in the 
real scientific and technological challenges. 

The area of Solvent Extraction has several well-identified areas and topics with specific 
demands for · scientific and technological research. Some of these areas are related to the 
chemistry of Solvent Extraction and include: the need for speciation studies of the compounds 
formed both in the aqueous and organic phases during the operation of the process; 
understanding the interrelation between chemical thermodynamics vs. real operation; the role 
of the diluent in relation to its chemical nature; degradation of reagents as an important 
chemical factor that influences system performance. In addition, there are the new methods 
for Solvent Extraction which include: non-dispersed extraction; microemulsions; extraction 
chromatography; etc. 

Yet another area is concerned with the engineering aspects of Solvent Extraction and here a 
proper understanding of modelling of both the chemistry and system design is important. Also 
here there is a lack of data on thermodynamics in concentrated solutions which is the typical 
situation in plant operations. Monitoring and control of the process is an area which needs 
specific attention. Monitoring of the two phase process is a system dependent problem which 
possesses several weak points that are key factors to the advance of the appropriate 
knowledge to predict the behaviour of solvent extraction systems. Therefore it is important 
that both specific on-line analytical equipment and robust monitoring techniques should be 
implemented in the Solvent Extraction process. 



Concerning the environmental aspects, the real impact of the Solvent Extraction process must 
be characterised in several areas: the health effects of solvents and solutions; toxicity of new 
hazardous reagents; fire hazards; treatment of wastes. In addition design of equipment must 
also address safety i.e., minimising venting, use of columns, entrainment. These are all 
considered in an overall risk assessment analysis. 

These are just a few aspects of the challenge to be faced by future practitioners in the subject. 

So, the International Solvent Extraction Conference has come to Barcelona, the capital city of 
Catalunya (Spain), in July 1999. Most of the above mentioned areas in need of research and 
development have been the subject of excellent contributions from the participants and will be 
presented and discussed during the Conference sessions. 

We understand that such an international meeting to discuss Solvent Extraction has to provide 
the facilities to make the transmission of knowledge easier, to stimulate the will to meet the 
exciting challenges we are now facing and to make Solvent Extraction attractive to 
newcomers. To accomplish this, we have organised the International Solvent Extraction 
School to take place simultaneously with the Conference, and invited international experts to 
provide tutorials in their fields of expertise and thus to increase our knowledge of Solvent 
Extraction. 

During preparations for the Conference the idea presiding over all the discussions and plans 
was the question: 

Will this way of thinking, studying, developing and applying the optimum give the 
answers to the actual needs and competitiveness that may arise in the next century? 

The Organising Committee has been working to try to answer this question, and we believe 
that ISEC'99 will be able to provide an appropriate answer. For all their work and dedication 
which has gone to make ISEC'99 possible, I would like to thank all members of the 
Organising Committee because without them this Conference would not have been possible. 

The Organising Committee in turn wish to express their warm appreciation to all the authors 
for their contribution and to all those who will be attending ISEC'99 and thus contributing to 
a most exciting and enjoyable Conference. We thank you for accepting our invitation to meet 
on the Mediterranean and we hope you will have happy memories of this meeting. 

These Proceedings have been compiled from electronic versions of papers submitted by the 
authors after refereeing and have not been submitted to full textual editing by the editors. We 
hope that they will provide a valuable resource for the future. 
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ABSTRACT 

A STUDY OF METAL ION EXTRACTION AT THE 

OIL/WATER INTERFACE USING EVANESCENT WAVE 

SPECTROSCOPY 
Parisa Deljouie1

, Jilska M Perera', Geoffrey W Stevens' and 
Franz Grieser1 

Advanced Minerals Products Special Research Centre (AMPC) 
1Departrnent of Chemical Engineering, 2School of Chemistry, 
University of Melbourne, Parkville, Victoria 3052, Australia. 

An optical technique using Variable Angle Evanescent Wave Spectroscopy has been developed to study the kinetics of extraction 
of Copper (II) by Kelex I 00 at the oiUwater interface. The Attenuated Total internal Reflectance (A TR) signal which is a result of 
coupling of the evanescent wave with the Cu/Kelex I 00 complex in the vicinity of interface has been measured by means of UV
visible absorption spectroscopy. These results have been used to calculate the interfacial area occupied by the complex and 
compared with the area per molecule calculated by means of interfacial tension measurements. 

Keywords: copper(II), Kelex I 00, interfacial kinetics, A TR spectroscopy 

INTRODUCTION 

Solvent extraction processes involving chelating extractants are widely used in the 
hydrometallurgical industry as a technique for the separation and purification of metals, and also the 
removal of heavy metals from waste-water streams. Commercially available ligands are generally 
insoluble or sparingly soluble in water, therefore, the complexation reaction occurs at the interface 
between the oil and aqueous solution. Despite considerable research, using techniques involving the 
stirred cell,1

'
3 the single drop,•.s the rotating diffusion cell (RDC) 6

•
7 and the liquid jet recycle reactor 

(LJRR),8
•
9 which are designed to measure reactions at the liquid-liquid interfaces, the methods are 

still limited in comparison with the techniques measuring reactions at the air-liquid and solid-liquid 
interfaces. Recent reviews to.t

2 have highlighted drawbacks in many current techniques and concluded 
that for many studies "there are no generally established criteria for proper interfacial kinetics 
measurements". In recent years there have also been studies on measuring the interfacial kinetics of 
metal complex formation at liquid-liquid interfaces using electrochemical methods which had 
previously been used at solid-liquid interfaces, such as the Scanning Electrochemical Microscopy 
(SECM) technique. 13

'
14 

The technique of ATR spectroscopy widely used with solid-liquid interfaces1s·16 and recently 
applied to liquid-hydrocarbon gel interfaces,17 has also been applied to liquid-liquid interfaces for the 
measurement of interfacial ion adsorption. 18

-
20 In the present work UV -visible A TR spectroscopy have 

been used to measure the interfacial concentration of a metal-ligand complex during extraction of 
Cu2+ from an aqueous phase into n-heptane using Kelex 100 as the extractant ligand. A static cell 
previously used 21,22 for measurement of total organic phase complex concentration has been 
modified and a model interfacial system has been developed which enables us to measure the 
interfacial concentration directly. 

EXPERIMENTAL 

Chemicals 

7[4-ethyl-1-methyloctyl]-8-hydroxyquinoline (Kelex100) was kindly provided by Schering Industrial 
Chemical Company. Kelex 100 was shaken with H20 (W/0=10) at reduced pH (1.3-1.5) to remove 8-
hydroxyquinoline (8HQ). Spectrophotometric absorbance measurements indicated that more than 90% of 
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8HQ was removed in this way. Analytical reagent grade n-heptane, and sulfuric acid (BDH chemicals), 
copper sulfate, sodium hydroxide and sucrose (Ajax chemicals) were used as received. 

ATR apparatus 

A schematic diagram of the A TR cell is presented in Figure 1. This cell is a modified version of the 
static cell previously used by Perera et al. 21 and McCulloch et al. 22 

Figure 1- Schematic diagram of the ATR cell (in all our ATR experiments there are two reflections at the 
interface, only one is shown here for simplicity) . Insert (a) displays depth of penetration as a function of 
angle of incidence for our particular system. 
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E: Evanescent Wave 
F: Fibre Optics 
L: Perspex Lid 
P: Polarizing Film 
S: Adjustable Screws 
J: Side Arm Tubes 
-= Kelex 100 

The incident light beam from an Oriel 150-W Xenon arc lamp is passed through a 10 em path length 
water filter (to remove IRradiation) down a 3mm diameter quartz fibre optic (Dolan Jenner), F, fitted with a 
beam collimator (C) (Dolan Jenner-RFQ), a polarizing film, P, (Polaroid-HN42), and into the ATR cell 
(dimensions-length x width x height= 40cm x 6cm x 5cm). The angle of the incident beam is adjusted higher 
than the critical angle by the angle adjustor (A) screwed to the left hand side arm quartz window tube, T. A 
mirror is attached to a Teflon base at the bottom of the cell. 50% by weight sucrose has been dissolved in the 
aqueous phase in order to make the refractive index higher than that of the oil phase (n-heptane). In this 
situation an incident beam with an angle higher than the critical angle hits the mirror and reflects off the 
aqueous-oil interface, being totally reflected within the aqueous phase. The evanescent wave (E) penetrates 
into the organic phase, to a depth which can be adjusted by the angle of incidence beam. This evanescent 
beam is capable of coupling with an absorbing chromophore (in this case the Cu2+/Kelex 100 complex) in the 
vicinity of interface causing an attenuation of the total internal reflected beam. A black acrylic cover (B) is 
suspended from the perspex lid (L) of the cell via adjustable screws (S) covering the organic phase, ensuring 
all the stray light is absorbed. The reflected light is then collected by a second fibre optic bundle into an Oriel 
Multispec 1/8 m monochromator, the output from which is spread onto an Oriel Instaspec (II) photodiode 
array detector and the absorbance information is processed by a PC using Instaspec II software. 
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A TR experiments 

In ATR experiments the conditions were chosen so that the copper ion was always in excess (aqueous 
and organic phase volumes were 500 mL and 100 mL respectively). Two total internal reflections of the 
incident light at the interface with an angle of incidence (9=79°) were used in all experiments; the refractive 
indices of the two phases were measured in a Bellingham & Stanley Ltd refractometer before being introduced 
into the cell. 

a) Static measurements. The aqueous phase at an appropriate pH was contacted with the organic phase 
(n-heptane) in the ATR cell and a reference scan then taken and stored. Known volumes of concentrated 
Cu/Kelex 100 complex were injected into the organic phase and the increase in the absorbance peak measured 
spectrophotometrically. 

b) Kinetic measurements. The aqueous phase containing 50% sucrose by wt. and sufficient amount of 
Cu2

+ (at appropriate pH) was contacted with n-heptane in the ATR cell and a reference scan taken and 
stored. The n-heptane was then removed and the organic phase containing Kelex I 00 was introduced into the 
cell and the rate offormation of the complex spectrophotometrically measured at known time intervals. 

Interfacial tension measurements 

The interfacial tension of the Cu/Kelex!OO complex inn-heptane was measured using image analysis 
of a pendant drop of the aqueous phase in the organic phase in an FT A 200 device. The two phases were first 
equilibrated for I 0 min, the phases separated and the pH values measured. A droplet of the aqueous phase 
was then formed in the organic phase at constant temperature (20°C) and the interfacial tension was 
measured. 

RESULTS AND DISCUSSION 

The results of a typical static ATR experiment are displayed in Figure 2. Each spectrum is an 
evanescent wave absorbance spectrum at different concentrations of Cu2

+ /Kelex 100 complex in the vicinity 
of interface. 
The depth of penetration ( dp) of an evanescent wave, the distance required for the electric field amplitude to 
fall to lie of its value at the interface, is defined by Equation (1)/3 

(1) 

where n21 = n:z/n1 is the ratio of the refractive index of the oil phase (n-heptane) divided by the refractive 
index of the aqueous phase (water containing 50% sucrose by wt.). It is clear from Equation (1) that the 
depth of penetration of evanescent wave at a certain wavelength (A.) can be controlled by the angle of 
incidence (9) of the light beam, thus enabling the monitoring of complex concentration at various depths from 
the interface. 

The absorbance of an ATR reflection at the interface can be predicted by a Beer-Lambert type equation,24 

1 00 

A(9,A.) = N e(A.) [c) -
8 

J l(z) dz (2) 
COS z=O 

where A(9,A.) is the absorbance measured by the spectrophotometer at a wavelength of A. and an angle of 
incidence 9, N is the number of reflections at the interface, e(A.) is the extinction coefficient (M-1cm-1

) at a 
wavelength of A., [c) is the concentration of the light absorbing complex (M) and l(z) is the intensity of the 
evanescent wave at a distance z from the interface, namely, I(z) = 10 e-2

zldp. 

Equation (2) can be rewritten for p-polarized light as: 

dpl 
A(8,A.) = N e(A.)[c] ~8 2cos 
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4n21 cos2 9(2sin2 e- n;l) 
where lop= 2 2 2 2 and dp (em) is as defined earlier in Equation (1) . 

(1 - n21){(1+n2l)sin e-n2d 
The interfacial concentration (['ATR) and the interfacial area of the complex (aATR) for the static ATR 

experiments have been calculated as per Equation (3) and are listed in Table 1. In order to obtain an 
independent measure of the area occupied by the complex at the interface the interfacial tension of the same 
liquid phase pair, using an image analysis pendant drop method for a series of Cu2+/Kelex 100 complex 
concentrations was measured. Using the Gibbs adsorption isotherm the surface excess ([' ATR) and the 
interfacial area of the complex (aATR) were estimated. These results have been listed in Table I. 

0 .15 .------------------------, 

!..,.,. =440nm 

e
440 

=5200M-1cm·1 

360 400 440 480 520 

Wavelength (run) 

Figure 2- Absorbance spectra of Cu2+/Kelex 100 complex as a function of concentration. Conditions: angle 
of incidence (9)=79°, aqueous phase- 50% sucrose (w/w), pH=6.20, organic phase- 0.37, 0.95, 
1.31 , 2.13, 3.10, 5.68, 8.52, 17.05 (10-3M) Cu2+/Kelex 100 complex. 

[Cu2+/Kelex 100] lrr a rr ['ATR a ATR 
(10-3M) (moUcm2

) (A/molecule) (mol/cm2
) (A/molecule) 

0.10 4.lxl0' 11 341 6.7xl0-11 246 
1.00 8.4xl0'11 197 1.2xl0-10 131 
10.00 1.2xl 0'10 139 1.9x10' 10 85 
51.80 1.4xl0-Io 114 5.4xl0·10 30 
95.30 1.5xl0-IO 107 - -

Table 1 Interfacial concentration ([')and area/molecule (a) for the Cu2+/Kelex 100 complex at the 
heptane/water (containing 50% by wt. sucrose) interface from interfacial tension (IT) and ATR 
measurements. Conditions: pH=6.30, T=20°C. 

As can be seen from Table 1, the a ATR values are lower than the a n values which suggests that the 
evanescent wave in the ATR cell may have a higher depth of penetration than expected from the angle of 
incidence beam used. It is likely that this is as a result of the light not being completely collimated and 
therefore giving a range of angles of incidences reflecting off the interface. It can be seen in Figure 1 (insert 
a) this will lead to light at angles less than 79° penetrating deeper into the solution and consequently the 
amount of complex will be overestimated in the calculations using Equation (3). 
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A typical set of Cu2+ /Kelex l 00 complex formation kinetics in the A TR cell observed by absorbance 
increase at 440 nrn as a function oftime, is represented in Figure 3. 
The results show that there is a rapid increase in absorbance at short times (<10 s) followed by a slower 
growth occurring over hundreds of seconds. The short time absorbance corresponds to more than monolayer 
coverage of the interface, indicating that significant complex formation occurs during the mixing time of the 
two overlaying phases. The longer time kinetics reflects the diffusional approach to saturation of the complex 
in the organic phase. We are currently investigating the complex formation between Kelex 100 and other 
transition metals with slower kinetics. Addition of surfactant modifiers to the Cu2+ /Kelex I 00 system is also 
under investigation to examine if they can retard Kelex 100 adsorption at the interface, thereby, slowing 
down the formation of the complex at the interface. 

0.15 ,...-----------------------, 

(a) 

(b) 

(c) 

0. 00 -.L.......I---L--L..--L..-'--'--..__.L.......I---L--L..--L..-'--'--..__.L.......I---L--L..--L..-'--'--........... 

0 200 400 600 800 1000 

Time (sec) 

Figure 3- Absorbance versus time for extraction of Cu2+ by Kelex 100 as observed by ATR experiments. 
Conditions: angle of incidence (9)=79°, aqueous phase- Cu2+/50% sucrose (w/w), organic phase
Kelex 100/n-heptane. (a) 0.08M Kelex 100, 0.04M Cu2+, pH=3.30, (b) 0.08M Kelex 100, 0.04M 
Cu2+, pH=2.45, (c) 0.04M Kelex 100, 0.02M Cu2+, pH=2.00. 

CONCLUSION 

Results from the A TR experiments indicate that with slight improvements this technique can be applied as an 
effective tool to directly measure the interfacial concentration during the metal extraction processes. 
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ABSTRACT 

EXTERNAL REFLECTION SPECTRA AT THE 

LIQ~LIQUID INTERFACE OF EXTRACTION 

SYSTEMS CONTAINING PORPHYRINS 
Nobuaki Ogawa, Yoshio Moriya and Hitoshi Watarai' 
Department of Materials-Process Engineering and Applied 
Chemistry for Environments, Faculty of Engineering and 
Resource Science, Akita University, 1-1, Tegata Gakuencho, 
Akita 010-8502, Japan. 
'Department of Chemistry, Graduate School of Science, Osaka 
University, Machikaneyama, Toyonaka, Osaka 560-0043, Japan. 

External reflection (ER) UV-vis spectra of the interfacially adsorbed species of protonated porphyrins at toluene/aqueous 
sulphuric acid interfaces were successfully observed with clear negative absorption bands and without overlapping by the 
spectrum of the organic bulk phase. The ER spectrum had three peaks (412, 475 and 722 nm) for the adsorbed species of 
protonated and aggregated tetraphenylporphyrin. Among the three bands of ER spectrum, the band of 412 nm was hardly 
detected by using the corresponding total internal reflection spectroscopy. 

Keywords: external reflection spectra, liquid-liquid interface, porphyrin 

INTRODUCTION 

Chemical properties of liquid-liquid interfaces are one of the attractive subjects in some 
fields, especially in that of solvent extraction. In recent years, therefore, several direct spectroscopic 
methods have been employed to recognise the interfacial species. Among the approaches, an optical 
stirred cell method and a Teflon capillary plate method have been devised' to identify the interfacial 
species in high specific interface area. In addition, the total internal reflection (TIR) spectroscopy is 
one of the most informative methods.2

•
3 This method is very useful for the ion-association adsorption 

of water-soluble extractants as that investigated in the TIR fluorescence spectroscopy.4·s However, an 
organic phase often contains strongly light-absorbing ligands and complexes in solvent extraction, 
hence the application of TIR spectroscopy to such systems is limited. In the research field, therefore, 
a more effective method which enables the detection of only the interfacial species is strongly 
desired. 

In our research group, a successful application of an external reflection (ER) spectroscopy for 
the in situ measurements of the interfacial species of hydrophobic porphyrin (tetraphenylporphyrin 
[TPP]) at toluene/water interface have been reported. 6 The previous paper is the first experimental 
research for the application of ER spectroscopy to liquid-liquid interface system, as far as we know. 
In the present study, An improvement is reported of the cell arrangement together with the spectra of 
ER, TIR, organic and aqueous bulk phases for some hydrophobic porphyrins. The interfacial quasi
equilibrium and the polarised spectra ofTPP is also discussed. 

EXPERIMENTAL 

Reagents 

The porphyrins used in this work are 5,10,15,20-tetraphenyl-21H,23H-porphine 
(tetraphenylporphyrin) (TPP), 2,3,7 ,8, 12, 13, 17, 18-octaethyl-21H,23H-porphine (OEP) and 
5, 10, 1 5 .20-tetrakis(2,6-dichlorophenyl)porphine (TDCP) purchased from Doj indo Laboratories 
(figure 1). Several concentrations of porphyrin in toluene (Wako, GR) as the organic phase and a 
constant aqueous concentration 4 moVdm3 of sulphuric acid as the aqueous phase are adopted in these 
experiments for comparison with other reports. 1

•
6 All other chemicals were of analytical reagent grade 

and were used without further purification. 
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Cell arrangements and procedure of measurements 

A Perkin Elmer double beam spectrophotometer (Lambda 40) was used for the spectral 
measurements. The optical arrangements for the measurements of ER, TIR, organic and aqueous bulk 
spectra are schematically illustrated in figure 2, which is an improvement on our previous work for 
obtaining these four spectra at the same interfacial and bulk conditions. 6 On both sides of the 2.0 em 
quartz cell, a pair of right-angle prisms were set in appropriate positions so that the incident beam 
struck the centre of the interface with an incident angle 74.4° for TIR or 72.SO for ER. The former 
angle in the arrangement of TIR was larger enough than the critical angle 63 .3° for the toluene/4 
moUdm3 sulphuric acid interface. 

R1 
R2 R2 

R2 R2 

R2 R2 
Figure 1. Porphyrins used in this work. TPP: R1= 
phenyl, R2=H, OEP: R1=H, R2= -CH2CH3, TDCP: 
R1=2,6-dichlorophenyl, R2= -CH2CH3 

rtftadtd-transmitttd 
btalft 

lnam 

Figure 2. Schematic drawing of the optical cell 
arrangement 

In the ER spectroscopy, however, the incident beam is separated into an externally reflected 
beam and a transmitted-refracted beam (with a refraction angle 58.4° in this system). The upper inside 
of the cell was treated with dichlorodimethylsilane in toluene as an hydrophobic coating, so as to make 
a flat toluene/water interface4

'
5 At first for the spectral measurements, a reference scan of the toluene, 

(not including porphyrin)/4 moUdm3 sulphuric acid interface, or the organic or aqueous bulk phase, was 
taken and stored as a blank, then 15 to 40 J..t.L portions of porphyrin solution (4.0xlo-s moUdm3) were 
added stepwise to the organic phase. As a result, four spectra could be obtained at the same interfacial 
and bulk condition by changing the height of the adjuster. The temperature of the inner sample 
solutions was kept at 298 ± 0.5 K by a thermostatic circulator. The interfacial adsorption quasi
equilibration was achieved within I hour. The four spectra data at quasi-equilibration were mainly 
used for analysis, but the spectral change after the quasi-equilibration was also obtained and is 
discussed later. 

RESULTS AND DISCUSSION 

Spectra of TPP 

Figure 3 shows the spectra under the total TPP concentration [TPPh.org of 1.6xl0·6 M. The 
spectrum a for the organic bulk phase after adsorption equilibration has at least five absorption 
maximums at the wavelengths ( A.max) : 419, 515, 548, 592 and 648 nm within the region 350-800 nm. 
In the TIR spectrum b in figure 3, however, two new peaks were observed at 475 and 722 nm in 
addition to the peaks observed for the spectrum a. Therefore, the two new peaks could belong to the 
interfacial species. The peak at 475 nm agreed in general to the corresponding peak at 472 nm of the 
transmission absorption spectrum measured by the Teflon capillary plate method.1 The peak can be 
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ascribed to a coagulated or aggregated species, (H2TPP2+)n7 In contrast to the TIR spectrum b, the ER 
spectrum c, which was focused in this study was clearly observed as a negative absorption spectrum 
with three absorption minimums at A.run = 412, 475 and 722 nm. The A.run for the latter two peaks agreed 
to the corresponding Amax observed in the TIR spectrum b. 
Moreover, the band around 412 nm, which may be hidden 
by the strong Soret band in the case of TIR spectrum, 
could also belong to the interfacial species as mentioned 
later. The absorption spectrum d for the aqueous bulk 
phase under the quasi-equilibration had only a weak band 
around 436 nm assigned to a monomeric H2TP which 
scarcely affected the ER spectrum (which may if 
necessary, be corrected in the ER spectrum c by using a 
certain factor of the absorbance of d). Thus, a UV-vis 
spectrum for only the interfacial species without any 
interference of bulk species is obtained by the ER method. 

Concentration dependence of ER spectral peak 

It is convenient, hereinafter, to use the term of reflection 
difference, MT for TIR or ME for ER spectrum defined 
by the absorbance difference from the blank spectrum, 
instead of the term 'absorbance'. The bands at 412, 475 
and 722 nm were measured under the concentration region 
1.0x10-7 molldm3 < [TPPh.org< 2.0xl0-6 mol/dm3 (figure 4) 
and plotted for the quasi-equilibrated TPP concentration in 
the organic bulk phase, [TPP]eq,org as shown in figure 5. 
The value of ME at each of the three wavelengths 
increased steeply with the increase of [TPP]eq,org and then 
reached a plateau above ca. 1.3xl0-6 mol/dm3 in a similar 
pattern. The similarity means that the band around 412 
nm is not influenced by the organic bulk species within 
experimental errors . It was supported by the ER spectra 
for the TPP/(1 mol/dm3 Na2S04 neutral aqueous solution) 
interface, where it was not possible to observe any band in 
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Figure 3. Spectra of TPP at toluene/H2S04 
4M interface. a: absorption 
spectrum of organic bulk, b: TIR 
spectrum, c: ER spectrum, d: 
absorption spectrum of aqueous 
bulk, e: a-b cosec91• 
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Figure 4. Concentration dependence of ER 
spectra for TPP 

Figure 5. Plots of external reflection 
821 difference (ME) vs . [TPP]eq,org 



Proceedings ISEC'99 

figure 4. It is clear that all of the three ER bands belong to only one species, because a constant ratio of 
M E412/ME475/ME722 

::: 1.0/2.7/1.0 was obtained for the variation of [TPP]eq.o!Jl· It is one of the 
attractive results obtained in this work that the intensity of ER spectral band around 412 run (which 
may be a So ret band) is relatively smaller than that of the strongest band ( 419 run) of TPP in bulk as 
compared with that of the other bands. Consequently, figure 5 shows that the saturated curve shape of 
the three solid lines are due to an interfacial adsorption phenomenon. 

Spectra of OEP and TDCP 

The four spectra under the total OEP concentration [OEPh.o!Jl of 1.6xl0-6 mol/dm3 are shown 
in figure 6. The intensity of four spectra for OEP was lower than that for the TPP system. The 
difference spectrum (e) between the TIR spectrum (b) and the organic bulk one (a) showed that there 
was an adsorbed species at the interface (band near 400 run) under quasi-equilibration. The ER 
spectrum has a strange shape band around 400 run, because the OEP distribute in aqueous bulk phase 
more than in the case ofTPP. However, the difference spectrum (t) between the ER spectrum (c) and 
the aqueous one (d) was similar to the difference spectrum (e) for TIR. Figure 7 shows the four spectra 
for the TDCP. In this system, there are no bands of adsorbed species at the interface in the ER, TIR 
nor those difference spectra. We recognise that three examples could be demonstrated: I . the TPP 
system was a most typical example for observing much adsorbed species at the interface; 2. the TDCP 
system showed an example for non-adsorbed species, and 3. the OEP system showed a small amount of 
adsorbed species, which showed the intermediate characteristic between the TPP and TDCP systems. 

}' 
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Figure 6. Spectra for OEP. [OEPh.o!Jl: 1.6xl0·6 

mol/dm3
, a: spectrum of organic bulk, 

b: TIR spectrum, c: ER spectrum, d: 
spectrum of aqueous bulk, e: b-a 
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Figure 7. Spectra for TDCP. [TDCPh.o!Jl: 
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Sensitivity of ER spectroscopy 

In the case of partial adsorption at an interface as shown in figure 5, the M E should be in 
proportion to the interfacial concentration of TPP. When the interfacial concentration (mol em ·2) of the 
aggregated species (H2TPP2+)n is shown as [(H2TPP2+)n] i, an equation: 

(I) 

should be valid, where p(A)is a coefficient (M-1) at a A, Si is an interface surface area (cm2) and Vo is an 
organic bulk volume (dm\ The p is a function of reflection coefficient at normal incidence which 
varies with the incident angle. Therefore, the p is only a function of A, since the incident angle is 
constant in our optical cell arrangements. The concentration n[(H2TPP2+)n]i (S/Vo) in equation 1 is 
written as follows: 

n[(H2TPP2+)n]i (Si/Vo) = [TPPh.org- [TPP]eq,org. (2) 

When the value M E 475 
= 0.237 is used for [TPP]eq,org = 3.5xl0·7 molfdm3 with a 23 .6% reduction of 

[TPPh.org = 4.6xl0·7 mol/dm3 by the interfacial adsorption, the value ofn[(H2TPP2+)n]i (S/Vo) is l.lx10· 
7 mol/dm3 from the equations 1 and 2. Then, the value obtained for / 75 is 2.2xl06 M-1

. The numerical 
value is much higher than that of the molar extinction coefficient times I em (light-path length), E

472 x I 
= 3.4xl05 M-1 in the transmission absorption spectroscopy1 The value of / 12{::p722

) can also be 
calculated out from the spectrum to be 8.lxl05 M-1. 

Time dependence of ER spectra for absorbed TPP 

The ER spectral time change of TPP system was measured from 0 up to 22 hours . The 
absorbance at several spectral peaks for the ER, TIR, aqueous and organic bulk phase was plotted 
versus the elapsed time, where the time zero is at the time when TPP solution was added to the organic 
phase. From these results, we can recognise first the quasi-equilibration at I hour, but after the quasi
equilibration the spectra changed, especially for the band around 475 and 722 nm which were 
broadened. The peak height of 419 nm in organic bulk phase decreased with the elapsed time, 
nevertheless the peak for adsorbed species (475 nm!ER) was saturated at about seven hours. These 
results mean that after the quasi-equilibration, the multi-layer of the aggregated TPP species could be 
produced at the interface. 

Polarised ER spectra 

From the polarised ER spectra ofTPP, was also obtained the results that the bands at 475 nm 
and 722 nm of the ER spectra were coupled and contributed to the partial porphyrin structure of 
adsorbed species, but that of 412 nm contributed to a different structure from the former two bands. 

CONCLUSIONS 

We suggest that the ER spectroscopy using a pair of right-angle prisms is easily applicable to 
analyse the adsorbed species at liquid-liquid interfaces for extraction systems with high sensitivity, 
without overlapping of the spectrum of the organic bulk phase. 
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ABSTRACT 

SOME IDEAS ON THE NATURE OF INTERFACIAL 

PROCESSES IN HDEHPA EXTRACTION OF METALS 
VV Tarasov, OA Sinegribova and OV Sviridenkova 
D. Mendeleyev University of Chemical Technology of Russia, 
Moscow, Russia 

A horizontal rotating cell (HRC) was used for the examination of interfacial process in metal ion extraction. Three interfacial 
phenomena explain the peculiarities of mass transfer rate behaviour in the extraction of Ca, Sr, Ba and La, Ce (III), Pr, and Zr 
with HDEHPA solutions in toluene. The first feature is the dispersed zones (DZ) formation inside the diffusion layer. Second 
is the coagulation of dispersed particles inside the layer to form condensed interfacial films (CIF), and the third is the 
spontaneous interfacial convection (SIC) taking place mainly at the initial stage of the DZ formation. The first and the third 
phenomena accelerate mass transfer rate, whereas the second one decreases the intensity of mass transfer. A very high 
acceleration was obtained in the presence of typical surfactants, as diethanolamides and carboxylic acids of 
alkylsulphoethoxylates. The mass transfer Ca and La with particles of DZ in the conditions of the SIC is one of the most 
appropriate reason for the effect. Low molecular alcohols increase mass transfer rate because of their dispersing role. Higher 
intensity of mass transfer as well as low specific surface area in HRC could be used for the design in new type of 
environmentally friendly extraction equipment. 

Keywords: mass transfer, interfacial films, horizontal rotating cell, D2EHPA, alkaline earths, lanthanoids, zirconium 

INTRODUCTION 

It has been shown that solid bodies moving normally to the interface cause a dramatic growth 
of the mass transfer coefficients even at very slow body displacements in the case of condensed 
interfacial film (CF) formationY The main reason of the phenomenon is mechanical impulse transfer 
(momentum transfer) from the body to the interface? The horizontal rotating cell (HRC) is the 
simplest device for the examination of the momentum transfer to the interface.' The HRC is a 
cylindrical flask · with a cork. When the flask is placed in horizontal position the interface becomes 
parallel to the axis of symmetry of the cylinder. Thus three phases brought in contact at the cylinder 
wall and the perimeter of the contact slips over the cylinder surface during the rotation of the HRC. As 
a result of the slipping interfacial perturbations arise and enlarge over the interface cause the 
acceleration of mass transfer. This effect was also successfully used for dispersed zones (DZ) 
detection?·3 DZ are considered4 as a first stage of the condensed film formation and are described as 
common phenomena in solvent extraction with chemical reaction. The most essential effects of DZ 
could be expected in the extraction across the flat interface of the Lewis cell (LC), which is the main 
device for the study of the kinetics and mechanism of interfacial reactions. Unfortunately, the 
phenomenon has not yet been studied systematically. The comparative study of the extraction kinetics 
ofCa2+, Sr+,Ba2+ as well La3+, Ce3

\ Pr3+ and Zr4+ with HDEHPA in toluene has been carried out using 
both the LC and the HRC. 

EXPERIMENTAL 

Water solutions of salts above metals were prepared using compound with the purity about 
98%. "Merck - Schuchardt" grade diethylhexylphosphoric acid (HDEHP A)was diluted with toluene. 
Low molecular alcohols were 98% grade. Metal concentration changes were measured by titration of 
samples taken from aqueous phase with solutions of Na-EDTA. The metal accumulation in 
interfacial condensed film was calculated fom the mass conservation law. Kinetic experiments were 
carried out under conditions of pH change as a result of W evolution in the process. The LC as well 
as the HRC was used in a comparative conditions to examine some features of extraction kinetics and 
the role of the mechanical perturbation of the interface. By the analogy with 3 it is proposed that the 
momentum transfer into interfacial region increases the interfaces covered with CIF and DZ. In the 
absence of CIF, DZ and surfactants the interface as a whole almost has not to dissipate mechanical 
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energy. Effects oflow molecular weight alcohol and surface active compounds have also been studied. 
The intensity of stirrer rotation in LC was 100 rpm. The intensity of HRC rotation was 15 rpm. 

Three types of mass transfer coefficients Ko, K, and Kin, were calculated. Two first of these are 
differential, third is integral one K. The initial mass transfer coefficient is calculated according to 
expression: 

Ko=(dCidt)t~ol Ceq·a 

where a is thespecific interfacial area. 

K value at time t = t was calculated as: 

(1) 

K, = ( dC ldt )t ~ , I (Ceq- C,) ·a (2) 

Integral value Kint was obtained from the slope of function, -In (1- E.)= f(t) if it is a straight line: 

Kint =-In (1 - Et) I a·t (3) 

where E= C, I Ceq . 
If the straight line occurs in the interval t = 0 and t = t , the mass transfer coefficients Ko = K, 

= Kin, . Interfacial processes like CIF or DZ fonnation change the shape of the function -In( I - E.) 
= f (t), to decrease the slope with time. When the SIC takes place Ko and K, values are the higher the 
more intensive SIC. 

RESULTS AND DISCUSSION 

The mass transfer kinetics in systems studied exhibit the following properties and features : 

1) mass transfer coefficients Kin, do not correlate with the distribution coefficients; 

2) K, and Kint values for Zr4+ are much higher for the HRC than those for the LC; 

3) K, and Kin, values are very sensitive to interfacial perturbations especially in Zr extraction; 

4) interfacial perturbation enhances the rate of mass transfer of Zr4+ much more then La3+, 
Ce3+, Pr3+ and Ca2\ Sr2+, Ba2+; 

5) the rate of metal extraction depends strongly on the low molecular alcohol concentration, 
whereas rate of alcohol transfer across the interface does not depend on the metal flow in 
the system: HDEHP A- alcohol- diluent II Men+ - H20; 

6) the concentration of low molecular alcohol (e.g. octanol) exceeds the value of its solubility 
in water phase almost immediately after the beginning of the mass transfer in the system: 
HDEHP A- alcohol- diluent II Men+ - H20; 

7) the rate of the extraction of some metals, e.g. Ca2+ and La3+ grows dramatically in the 
presence of Aminal KDE (diethanolamide C1rC18) and Texapon N70 (carboxylic acids of 
alkylsulphoethoxylates Cw-CJ4) . 

The first property is rather common. K values have to be independent of distribution 
coefficients as it has been shown.4 The second and the third features were also found by Semina, 1 

who studied extraction kinetics of HCI with tri-n-octylamine solutions; Th(N03) 4, U02S04 and 
Zr(S04h with HDEHP A solutions using the HRC and five similar devices, which allow disturbance of 
the interface by moving solid bodies. The HRC and its analogues were much more effective than the 
LC, and higher values of K were obtained for the same energy input into the system. The highest 
effect was observed for the systems addicted to the interfacial film formation. 1'2 The fourth feature has 
ben previously observed 1 and was proved in this work. 

New principal results obtained in this work consist of features 5 - 7. It has been shown that 
low molecular alcohols when added to the organic phase causes a maximum in D = f (U) functions in 
all systems under study, where D is the distribution coefficients, U the molar ratio of alcohol to 
HDEHPA, (U=[octanol-1]/[HDEHPA]). At the same time K, and Kin, values show a monotonous 
increase or independence of the U value. The accumulation of intennediates and by-products of the 
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reaction of extracted compound formation accompany extraction of rare earth elements and zirconium. 
This was proved from mass balance. Alcohols decrease the accumulation and lead to the 
intensification of interfacial mass transfer (figures 1-3). 

E 

10 20 . 30 
t, man 

E 
0,15 

/ 
I 

/ I 

/ /~ 
if/ v 

0, 1 2 

0,09 

0,06 

0,03 

10 20 t, min 30 

E 

0 ,8 

0,6 

0,4 

0,2 

10 20 30 
t, min 

La acc umula tion , '/• from 
initial co nee ntratiom 

40 50 60 

Zr accumulatio n, % from 
initial concentration 

40 

32 

24 

16 

40 50 60 

Zr accumulation,% from 
initial concer nation 

75 

60 

45 

30 

I 5 

40 so 60 

Figure 1. The influence of 
octanol-1 on kinetics of 
lanthanum extraction and on 
kinetics of lanthanum 
accumulation in the 
interfacial field, in HRC. 
[La(N03)3] = 0.36 moUdm3, 
pH=l.7, [HDEHPA]=0.7 
moVdm3 in toluene. 
E: -0- U=O.O; -+- U=0.8 
La accumulation, % (mass) 
from initial concentration: 
-o- U=O.O; -0 - U=0.8. 

Figure 2. The influence of 
octanol-1 on kinetics of 
zirconium extraction and on 
kinetics of zirconium 
accumulation in the 
interfacial field, in LC. 
[Zr(SO.h] = 0.05 moUdm3, 

pH=l.l, [HDEHPA]=0.7 
moVdm3 in toluene. 
E: -0- U=O.O; -•- U=0.15 
Zr accumulation, % (mass) 
from initial concentration: 
-o- U=O.O; -0 - U=O.l5 . 

Figure 3. The influence of 
octanol-1 on kinetics of 
zirconium extraction and on 
kinetics of zirconium 
accumulation in the 
interfacial field, in HRC. 
[Zr(SO.h] = 0.05 moVdm3, 

pH=l.l, [HDEHPA]=0.7 
moVdm3 in toluene. 
E: -0- U=O.O; -+- U=0.15 
Zr accumulation, % (mass) 
from initial concentration: 
-o- U=O .O; -0 - U=O.l5 . 

The fact the accumulation passes through a maximum (figures 1 and 3) shows that the 
condensed interfacial film consists of slowly dissolved intermediates. On the other hand the 
comparison of figure 2 and figure 3 shows that the accumulation process depends sufficiently on the 
hydrodynamic conditions at the interface. Moreover the permeability of the CIF arising for the LC is 
much lower than that for the HRC despite the fact that the mass of the CIF for the LC less than that for 
the HRC. It means that the CIF for the HRC is more porous than for the LC. 
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The influence of alcohol addition on the extraction rate is explained by the dispersing role of 
the alcohol. The latter causes a decrease of the coagulation rate and leads to the increase of the amount 
of smaller particles inside the diffusion layer. These are then most effective in the transfer of the 
extracted complexes with the dispersed matter. The extraction rate increases by a factor of 3 - 5 
because of the mechanism proposed by Sharma, 6 and Mehra and Sharma. 7 Moreover alcohols increase 
the solubility of intermediates in organic phase. This causes the dissolution of the CIF and the increase 
of its diffusion permeability. 

Although the rate of metal transfer into the organic phase depends strongly on the low 
molecular alcohol concentration the rate of alcohol transfer into the aqueous phase does not depend on 
the intensity of metal transfer. So, the interfacial flows of metal and alcohol are coupled only in the 
processes of the metal transfer. It has been stated that the concentration oflow molecular alcohol (e.g. 
octanol) exceeds its solubility in the water phase almost immediately after the beginning of the mass 
transfer in the system: HDEHPA-alcohol-diluent //Men+ -H20 . After two minutes of mass transfer the 
octanol concentration exceed the solubility by two orders of the value. This proves the suggestion that 
mass transfer accompanies DZ formation and explains the acceleration of mass transfer at least at the 
initial stage of the process. Moreover this shows that the aqueous solutions of micelles arise during 
the mass transfer and the process of micelles formation begins from the interface. 

Figure 4 shows the role of surfactants (octanol-1, Amino! KDE and Texapon N70) in 
extraction of Zr4+ in HRC. The action of Amino! KDE and Texapon N70 was found to be similar. 
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Figure 4. Zirconium 
extraction kinetics in 
HDEHP A without sur
factant ( 1 ), in the presence 
of octanol-1(2) and Amino! 
KDE (3), in HRC. 
[Zr(S04h] = 0.05 mol/dm3

, 

pH=0.95; 
[HDEHP]=0.25 mol/dm3 in 
toluene. 
u = 0.05 (2); 
concentration of Amino! 
KDE = 0.5%(mass) (3). 

The rate of mass transfer in classic LC almost in the order of value less than one (curve 1) 
(figure 4), which shows the process for HRC in the absence of any admixtures. Curve 2 corresponds 
that octanol increases the rate almost twice. A higher acceleration takes place in the presence of such 
SAC as Amino! KDE and Texapon N70 (curve 3). 

The same surfactants cause much more growth in the mass transfer rate of Ca2+ and La3+. 
Values K, and Kint increase in one order of the value (till 7 - 9·1 04 m-s-1) . These values are the 
highest ones obtained for diffusion cells. We believe that higher intensity of mass transfer as well as 
low specific surface area in HRC could be used for the design in a new type of environmentally 
friendly extraction equipment. 
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ABSTRACT 

MECHANISM OF INTERFACIAL REACTIONS IN THE 

EXTRACTION OF IRON BY D2EHPA 
Tatsuo Kanki, Hiroyoshi Kim, Akihoro Tomita, Tsuyoshi 
Asano and Noriaki Sano 
Department of Chemical Engineering, Himeji Institute of 
Technology, 2167 shosha, Himeji 671-2201, Japan 

In extraction of iron by D2EHP A, the mechanism of interfacial reaction was investigated focusing on surface-active chemical 
species identified from practical behaviour of interfacial tension and rates of extraction that were determined by measuring 
local concentrations of ferric iron near the interface. Consequently it was shown that there are two different reaction zones 
depending on pH and extractant concentration and new rate equations in these respective zones are proposed. At currently 
operated higher concentrations, surface-active dimer extractants and/or their anions react with ferric ions, as a rate 
determining step, to form I :2 intermediate complexes and the resulting complexes instantaneously agglomerate together with 
dimer extractants to form micro-emulsions. 

Keywords: mass transfer, interfacial reaction, interfacial tension, D2EHP A, iron{III) 

INTRODUCTION 

The rate of extraction of iron by D2EHP A, di-(2-ethylhexyl)phosphoric acid is known to be 
much slower when compared with those of copper, nickel, cobalt and other metals. Despite the 
intensive research on reaction mechanism, the existing models proposed up to the present are still 
diverse. 1

-
3 Most of the models have been deduced on the basis of the extraction rates which were 

determined in experiment using stirred cells; such data cannot be free from effects of hydrodynamic 
fluctuation of the interface, numerous droplets generated in both phases, and errors in estimating 
boundary layer resistances. In addition in explaining the extraction rates, some intermediate 
complexes are assumed to be surface-active without any experimental evidence. 

If a static cell is used instead a stirred cell, the rates of extraction can be determined much 
more precisely by measuring local concentrations of metallic ions near the interface in the aqueous 
phase and/or the stable complexes in the organic phase. Measurements will also be carried out under 
desired conditions free from such hydrodynamic effects. In this research, extraction of iron by 
D2EHP A was investigated using a cell in which organic phase is contacted statically with aqueous 
phase. Interfacial tensions of D2EHP A in benzene/aqueous solution systems were measured to 
identify surface-active species by the Wilhelmy plate method and partly by laser-light scattering 
method for the systems with and without the addition of metallic ions. Local concentrations of ferric 
ion and the complex near the interface were also measured by a position-scanning spectrophotometer 
and the dependency of extraction rate on concentrations of ferric ion, extractant and hydrogen ion 
were determined. 

The reaction mechanism is discussed on the basis of the practical relations of interfacial 
tension and of extraction rates against concentrations of related chemical species and a new kinetic 
model is proposed. 

EXPERIMENTAL 

Reagents 

The organic phase was prepared by diluting D2EHP A in benzene with concentration of dimer 
extractant ranging from 10"9 to 10"1 moVdm3

• The aqueous phase was prepared by diluting iron (IID 
perchlorate in distilled water. Concentration of Fe (III) was set at 1 xl0-4 to 3 x10"3 molldm3

• The pH 
of the aqueous phase was adjusted by perchloric acid ranging from 10"1 to 10·2 moVdm3 and ion 
strength was adjusted to 1 moVdm3 by sodium perchlorate. 
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Measurement of Interfacial Tension 

Interfacial tensions were measured by the Wilhelmy plate method using a platinum plate 
(Kyowa Int. Sci.) 24 mm wide by lO mm high with thickness 0.15 mm. Vertical motion of the plate 
was controlled by microcomputer, with one step being 1.7 x l0'2 mm in 3 seconds. In each run, the 
weights were detected every step by a microbalance (AEL200; Shimazu) and the maximum value was 
recorded for the interfacial tension. To confirm reproducibility of the data, a laser light scattering 
technique was also used. 4 

Measurements of local concentrations 

Organic solutions (10 cm3
) of the desired extractant concentration were contacted very calmly 

with the same amount of aqueous solution with the desired ferric ion concentration in a quartz optical 
cell 20 x 30mm2 base by 40 mm high. Local concentrations of ferric ion in the aqueous phase and 
stable complexes in the organic phase were measured by a position scanning spectrophotometer using 
a deuterium lump as a light source. The light was filtered by an optical element (MG03FIM018; 
Melesgrio) whose wavelength is 280 nm with half-peak-width 10 nm and used as an incident beam for 
photometry. The light is adjusted further by a convex lens to provide a parallel beam which is led into 
the cell through a 400~ slit. The intensity of the light beam penetrating the cell was detected by a 
photomultiplier (R955 ; Hamamatsu Photonics) . The light beam can be scanned by traversing the total 
optical system including the light source vertically through the photo-detector which is free from the 
stand carrying the optical cell, with the full scale being 10 mm. The scanning speed was controlled at 
5.88 x 10·1 mm/sec by microcomputer. Measurements in each run were made at appropriate time 
intervals, for instance at 120, 240, 360, 960 and 1440 minutes. 

RESULTS AND DISCUSSION 

Formation of Micro Emulsion 

Local concentrations were measured by changing 
the initial ion concentration [Fe]0 from I x 104 to 3 
x 10·3 molldm3

, extractant concentration [(HRh]o 
from 1.34 X 10'2 tO 2.48 X 10'1 mol/dm3

, hydrogen 
ion COncentration (H]o from 5 X 10'2 to 5 X 10'1. 

Measurements were not allowed in organic phase 
at all settled concentrations for formation of 
emulsion. In the aqueous phase there exists a 
measurable zone, EL, and non-measurable zone, 
EE, according to pH and extractant concentration. 
In zone EE, emulsions appear even in the aqueous 
phase. The respective zones are shown in figure 
1.. LL is the zone where no emulsions form in 
either organic or aqueous phases. In this zone the 
extraction rate is too slow to detect changes in 
local concentrations. 

Rate of Extraction Rates 
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Fig.! Concentration zone where emulsion is formed, 

[Feb=lx!0-3
, 1=1 kmol/rrf. 

As an illustration, changes in concentration profiles of ferric ion in the aqueous phase for 
several extractant concentrations are shown in figure 2. From a series of data, it can be shown that the 
extraction rate in zone EL is proportional to the product of [Fe]0 and [(HR)2]o. and inversely 
proportional to [H]0 at lower extractant concentrations but becomes zeroth order with [(HR)2lo at 
higher concentrations. This implies that when the extractant concentration is in zone EL the extraction 
rate should be determined by reaction of ferric ion with dimer extractant. At much lower 
concentrations in zone LL, the extraction rate is extremely slow, and the reaction mechanism is 
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thought to be quite different from that in zone EL. 
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Figure 2 Changes with time in concentration profiles of ferric iron in aqueous phase, effect of dimer 
concentration, [Fe]o = 1 X 10.3 kmoVm3

, -log[H]o = 1, I= 1 kmoVm3 

Surface-Active Species and Adsorption Scheme 

The reagent D2EHPA is known to exist as a dimer in the organic phase5
•
6

) However, 
according to the practical behaviour of the interfacial tension of D2EHP A in a benzene/aqueous 
solution system free of ferric ion, the reagent is confirmed as adsorbing as a monomer and its 
dehydrogenized anion at the interface. The dependency of the interfacial tension on pH and extractant 
concentration can be well explained by the monotonously decreasing curve specified by Gibbs
Langmuir (GL) equation with the assumption that monomer extractant and its dehydrogenized anion 
should adsorb at the interface7 
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Figure 3 Relation between interfacial tension and dimer extractant concentration by laser light 
scattering (open key), by Wilhemy plate (solid key) 

When Fe(III) perchloride is added to the aqueous phase, drastic change in interfacial tension 
are found as shown in figure 3. The interfacial tension against extractant concentration curve shifts 
appreciably to lower concentrations; the shift becomes greater as ferric ion concentration or pH 
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becomes higher. And the curve has an inflection at a specific concentration [(HR.h]c, showing a 
plateau at [(HR)2]>[(HR)z]c where the interfacial tension becomes almost constant and decreases again 
at much higher concentrations.8 The [(HR.h]c at a given pH lies nearly on the dashed line in figure I 
which discriminates the zones LL and EL and corresponds to the critical micelle concentration 
(CMC). Though not illustrated here for clarity, changes in interfacial tension with time after 
contacting the two phases is unexpectedly small, which shows that the reactions between the adsorbed 
species should be very fast. 

At lower concentrations of extractant, in zone LL, the dependency on the related species 
concentration of the interfacial tension can be successfully explained by assuming that a couple of 
monomer extractants or their anions (or monomer and its anion) react with ferric ions to form surface
active I :2 intermediate complex7 The dependency cannot be explained if the formation of a 1:1 
complex is assumed. If this were the case, the interfacial tension expressed in terms of the 
concentration ratio [Fe]/[H], for instance, the interfacial tensions when [Fe]=2.5 x 10-3 mol/dm3 and 
pH = 2 should have the same value as those when [Fe]=2.5 x 10-2 mol/dm3 and pH = I, which is 
inconsistent with the practical behaviour. The physical scheme for adsorption of related species can 
now be deduced as shown in figure 4a. The solid lines show the interfacial tensions predicted by the 
GL equation based on this adsorption scheme. 

At higher concentrations, in zone EL, as stated above, micro-emulsions are generated in the 
organic phase. These are formed from a certain amount of I :2 intermediate complexes together with 
dimer extractants at the interface and dissolve easily in the organic phase. Taking this into 
consideration with the rate of extraction being proportional to dimer extractant concentration, it can be 
safely presumed that in zone EL dimer extractants in the organic phase should adsorb directly in that 
form or its anion on the remaining unoccupied area at the interface9 The dashed lines show the GL 
equation which is derived by assuming dimer extractant molecules should adsorb at the interface 
according to the physical scheme as shown in figure 4b. 
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Fig. 4 Adsorption schemes at the interface. 

Rate Equations of Interfacial Reaction 

In zone LL, as described above, surface-active equilibrium species of HR, R and FeR2
+ exist 

at the interface. This means that the proton exchange reaction ofFe3
+ with HR and/or R is very rapid. 

Reaction of FeR2
+ with (HR.h to form FeR3(HR) can be assumed to be rate determining. The rate 

equation is then given by 

R = k(r "' K )2 K 1 ez( [Fe];[(HR) 2]7 [H];[FeR3 (HRU) 
HR ad Kdm v [H]7(1+KoH/[Hl) K.,[(HR)2] 

(1) 

()v = [- (1 + c[HR];) + J(l + c[HR]Y + 4a[HR]/ ] I 2a[HR]/ 

where 9v is the unoccupied area. The monomer concentration [HR] is related to dimer concentration 
as [HR]2

= [(HR.h]IK.un. 
In zone EL, at currently operated higher concentrations, the reaction of Fe3

+ with surface-
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active (HRh and HR2- to form 1:2 intermediate complex is rate determining. Resulting complexes 
instantaneously agglomerate at the interface together with dimer extractants to form non-surface
active micro-emulsions . The rate equation is given by,9 

R = k'K T "' ()' ( [Fe]J(HR) 2]; 
a ( HR )2 v [H];(l+KoH /[H];) 

[H]i [FeR3 (HR) 3 ]) 

Kex[(HR) 2 ]J 

where 8v' is the unoccupied area for dimer extractant molecules . 

Ov '= 1 I (1 + Kaa '(1 + Ka 'I[H]; )[(HR)2l) 

(2) 

The physicochemical constants in these equations are presented elsewhere.5·
7 The extraction rates 

predicted by equation 2 are closely related to the experimental data as shown in figure 5. 

CONCLUSIONS 
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Fig.5 Relation between rate of extraction and 
dimer extractant concentration 

Based on the discussions above, the following conclusions can be made remarks: 
1) There are two different extraction reaction zones LL (emulsion free) and EL (with 

formation of emulsion in organic phase) depending on pH and extractant concentration. 
2) D2EHP A adsorbs as a monomer HR or its anion R at the interface when the 

aqueous phase is free of ferric ions. When ferric ions are added, the adsorption scheme is drastically 
changed. In zone LL, exist HR, R and the 1:2 intermediate complex FeR2

+ at the interface as 
equilibrium adsorbed species. In zone EL, dimer extractant molecules and their anions, in addition of 
these three species, can adsorb at the interface. 

3) In zone LL, the monomer extractant molecules first react rapidly with ferric ions 
to form surface active 1 :2 intermediate complexes, the resulting complexes secondly react rather 
slowly with dimer extractant molecules to form 1:4 complexes, and the 1:4 complexes finally react 
instantaneously with dimer extractant molecules to form stable complexes. 

4) At currently operated extractant concentrations, in zone EL, micro- emulsions 
are generated near the interface in the organic phase. The rate of extraction is proportional to ferric 
ion concentration and the inverse of hydrogen ion concentration, and is of first order of dimer 
extractant concentration at lower concentrations and zeroth order at higher concentrations . The rate of 
extraction can be explained by the kinetic model in which ferric ions first react with dimer extractant 
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molecules or their anions to form l :2 intermediate complexes and a certain number of intermediate 
complexes secondly agglomerate together with dimer extractant molecules to form micro-emulsions, 
with the first step being rate determining. 
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ABSTRACT 

MAss TRANSFER OF ORGANIC ACIDS AT CHARGED 

LIQUID INTERFACES 
C Czapla and H-J Bart 
Universitlit Kaiserslautern, Lehrstuhl fUr Thennische 
Verfahrenstechnik, Gottlieb-Daimler-StraBe, D-67653 
Kaiserslautern, Germany 

The mass transfer rate of acetic acid from the aqueous to the organic phase with tri-n-octylamine and toluene as solvent has 
been studied in a constant interfacial cell area as function of the stirring speed, concentrations of the transfer species and the 
influence of chemical adsorption layers. The interfacial charges of systems with different surfactants have been observed by 
electrophoresis. A kinetic model and its electrostatical extension are introduced to describe the interfacial reactions and 
mechanism, when using a thermodynamic consistent activity coefficient model. 

Keywords: mass transfer, interfacial covering, electrophoretic mobility, acetic acid, tri-n-octylamine 

INTRODUCTION 

A lot of information is available on extraction equilibria in amine systems. Very little 
information is given on the kinetics of organic acid extraction, on the reaction mechanism and on the 
rate determining steps of the extraction process.! 0, 11 The mass transfer can be limited generally by 
diffusion or by reactions, when the interface is defined as the place of reaction. So the basic problem 
concerning the kinetic investigations of liquid-liquid reactions, is the identification of the rate 
controlling step. The rate equation for an interfacial reaction demands an analysis of the plateau 
rates. 6 The present work is a systematic investigation of the mechanism of acetic acid extraction from 
an aqueous to a toluene diluted organic phase with tri-n-octylamine as anion exchanger. The 
equilibria of the system acetic acid I water II tri-n-octylamine I toluene have been investigated and 
described with an activity coefficient modeJ.l2 The enhancement and reduction of the initial mass 
transfer rate, when using neutral, cationic and anionic surfactants have been investigated in detail and 
modelled considering the electrophoretic mobility and the zeta potential. 

EXPERIMENTAL AND MODELING 

Chemicals 

For the surfactant-free-system the following chemicals were used: acetic acid (HA, 
Rotipuran, >99.7%) was used to prepare the acid solutions of various concentrations in the aqueous 
phase. Tri-n-octylamine (TOA, Alamine®300, Henkel, >95%) was used as anion exchanger, toluene 
(TOL, Riedel de Haen, >99.7%) as solvent. The investigated adsorption layers were obtained by a 
hygroscopic-nonhygroscopic orientated covering of sodium-dodecylsulfate (NaDdS, Merck, >99 %, 
anionic), 1-dodecanesulfonic acid sodium salt (NaLS, Fluka, >98 %, anionic), 
dodecyltrimethylammonium chloride (DTACl, Fluka, >98 %, cationic) and Triton X-100 (TX 100, 
Boehringer, >99 %, nonionic). Tri-n-octylamine purified by washing with a 0.005 molldm3 NaOH 
solution (Riedel de Haen). All other reagents were standard chemicals of analytical grade and were 
used without any further purification. 

Interfacial Covering and Charge Determination 

The interfacial tension y of the pre-saturated phases was observed by the volume drop method 
with a tensiometer TVTl (Lauda). The covering and therefore the amount of surfactant per unit area 
adsorbed at the interface at a given temperature can be calculated on the basis of the Gibbs equation 
of adsorption: 
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r =--~-~ 
m m Td Inc 

(1) 

where c is the bulk aqueous concentration of the surfactants and m the surfactant specific parameter 
which is 1 for neutral adsorbates and 2 for salt free solutions of ionic surfactants. 

Equilibrium and Kinetics Experiments 

For the experiments concerning the phase equilibrium, 40 cm3 of the aqueous and the organic 
solutions were mixed intensively in a 100 cm3 vessel for a minimum of 10 hours in a thermostatic bath 
at 25°C using a magnetic stirrer. 

The kinetic experiments were carried out in a modified Nitsch cell1
'
5 at 25°C. The concentration

time curves were measured by taking samples of the organic phase with syringes . At the end of every 
experiment, samples were taken from the aqueous and from the organic phase for controlling the mass 
balance. The aqueous and organic samples were weighed with a Sartorius R300S (0 .1 mg) and analysed 
for the acetic acid concentration using an autotitrator (Orion 940/960) with NaOH. The transfer rates 
are calculated by correlating the concentrations of the organic phase obtained with a function developed 
by Kamenski and Dimitrov:3 

f(t) = C . t+C2 
1 

t+C 3 

The transfer rate Ro at the beginning of the experiment (t = 0 min) 

R = of(t)l -~ 
o at A 

t=O 

(2) 

(3) 

is very important for the discussion concerning the limitation of the flux as a cause of reaction or 
transport limitation. According the values of Ro, the reaction order can be determined and directly 
calculated. 

Interfacial Reactions and Mechanism 

The equilibrium studies and the slope analysis1 at different acetic acid concentrations in the 
aqueous phase and tri-n-octylamine concentrations in the organic phase have shown that the reaction 
stoichiometry can be represented by the following general equation for the concentration area of the 
significant plateau regions: 

HA + TOA TOAHA (4) 
(bar indicates organic phase). The reaction and therefore the general equation can be described through 
following reaction steps: 

H+ + TO A ad TOAH:d rds :k1 ;k_1 (4a) 

This step represents the protonation of the adsorbed TO A-molecule at the interface. 

TOAH~ +A- TOAHAad qss :K 2 (4b) 

In this step an adsorbed ion-pair molecule is formed at the interface . 
----,---

TO AHA ad+ TOA TOAad + TOAHA (4c) 

In this case the ion-pair-molecule at the interface is replaced by a fresh TO A-molecule of the organic 
bulk phase. The combination of the rate laws for equation 4a and 4c and the assumption of a saturated 
interface with adsorbed TOA-molecules leads to the following expression for the reaction kinetics: 

R = C1 [H+][A -][TOA] 

C3 [A -][TOA] + 1 
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Electrophoretic Mobility EM and Zeta Potential t 

The electrophoretic mobility of oil-in-water-droplets was measured with a ZETA-sizer (ELS-
800, Otsuka Electronics Co.). Electrophoresis measures the migration of charged particles under the 
influence of an external electrical field.3•

9 The electrophoretic mobility EM can be related to the zeta 
potential c;, , which is the potential at the plane of shear, by the Henry equation that describes the general 
case: 

EM = 
2 8 l: f(x a) 
311 

(6) 

where E and 11 are the dielectric constant and the viscosity of the continuous phase, a is the particle 
radius and xis the Debye-Hiickel-Parameter. The electric double layer is described by the Stem model 
which combines the Helmholtz rigid and the Gouy Chapman diffused double layers . The extension of 
the kinetic model (equation 5) is a fully developed mass transfer model which also includes the zeta
potential effects . The changed interfacial concentration of the aqueous species which is caused by the 
induced electrical potential is described according to the Boltzmann equation: 3•

7 

(
-ze'P J c = cexp 'o 

, 1,B kT (7) 

where Zi is the valence of the ion i and 'f' o is the interfacial potential, which is calculated in accordance 
to the electric double layer theory and by the measured electrophoretic mobility. 

RESULTS AND DISCUSSION 

For a relative low acetic acid concentration a transport limitation by a heterogeneous reaction at 
the interface could be found for an aqueous impeller speed range of 120 to 180 rpm. Above 180 rpm the 
liquid-liquid interface becomes unstable and organic droplets move in the aqueous phase. Below 120 
rpm the transfer rate is dominated by diffusion or even a mixed regime, which is also recognised for the 
flux at higher acetic acid concentrations. 

Figure 1 shows the significant plateau regions for the calculated initial mass transfer of the 
surfactant-free system in comparison to the used amphiphiles. The induced charge at the interface, 
which is caused by a hygroscopic-nonhygroscopic orientated covering of surfactants at the interface, 
has a strong influence on the flux. 

The anionic active layers decrease the flux while,at an equal covering and charge density, the 
flux is improved by cationic surfactants and independent of non-ionic surfactants. Furthermore, there is 
no difference in flux between the two anionic surfactants NaDdS and NaLS, which means that the flux 
is determined by the induced charge and not by the adsorbed substance. 

By comparison of different charged adsorption media it could be shown that electrostatic 
interactions have to be taken into account. The presence of surfactants in the aqueous phase affects the 
EM of oil drops through interfacial adsorption of the surfactant molecules at the interface. Figure 2 
shows the influence of the surfactants on the EM of oil drops at the same charge density as in the stirred 
cell. Concerning DT ACl, the EM is positive over the whole pH-range, in the case of the anionic NaDdS 
and NaLS the EM becomes negative in about the same way. The non-ionic surfactant does not affect the 
EM over the pH-range. 

These results are in a very good agreement with those of the stirred cell and they are 
comparable to the other chemical systems of Osseo-Asare and Lin.7 Reaction inhibition is to be 
expected at the presence of an interface with the same charge as the extractable species and an increase 
in extraction rate is to be expected when the aqueous transfer species and the interface are oppositely 
charged. 
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Figure 2:EM-pH-curves for 10 w-% TOA!f0L//H20 emulsions in the absence and presence of 
surfactants, 4-5* 10·3 M Na(OCOCH3) 

In Figure 3, four reactive mass transfer regimes with different concentrations of acetic acid and 
tri-n-octylamine are plotted over time. Simulated values are indicated by lines and the experimental data 
are shown as points. The introduced model can describe the measured values quite well. The kinetic 
parameter C2, which describes the ratio between forward and backward reaction, is obtained by the 
calculation of the equilibrium constant KEX. The parameters Ct and C3 are estimated simultaneously. 
Equilibria and mass transfer were formulated on the basis of the chemical potential. An extended 
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Hildebrand theory2 for the calculation of the organic activity coefficients is used and the aqueous 
activity coefficients were calculated by the Pitzer theory. 8 
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Figure 3: Calculated concentration-time-curves for the measured systems, X w-% HA/rhO//X w-% 
TOA!fOL 

CONCLUSIONS 

A rate law for the reaction kinetics and its electrostatical extension, which describes the 
measured data quite well, has been proposed. The charge at the interface has a strong influence on the 
initial mass transfer in the reaction dominated regime. In general, those influences are not caused by a 
shifting of the corresponding extraction equilibria but by the charged interface, which changes the 
amount of extractable aqueous species . The measurements concerning the electrophoretic mobility of 
neutral, anionic and cationic surfactants loaded liquid surfaces underline this fact. 
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ABSTRACT 

THE COUPLING OF DIFFUSION COEFFICIENTS IN 

CONTINUOUS PHASES AT LIQUID-LIQUID 

INTERFACES 
A Tokarz, M Millies and D Mewes 
Institute for Process Engineering, University of Hannover, 
Callinstrasse 36, 30167 Hannover, Germany 

The mass flux across a liquid/liquid-interface is dependent on the diffusion in both continuous phases as wen as in the 
interface. To date, an three transport processes are calculated using separate transport coefficients and equations. The 
diffusion coefficients in both continuous phases are generany assumed to be independent of each other. However, the 
transport from one continuous phase through the interface into the other continuous phase ought to be described by a single 
transport equation. It is shown theoretically, that assuming the existence of this single transport equation, the diffusion 
coefficients in both continuous phases are coupled. The relation between the diffusion coefficients can be calculated from 
thermodynamic equilibrium data of the liquid/liquid system. Experimental investigations are being planned to validate the 
assumptions. 

Keywords: diffusion coefficient, liquid/liquid interface, thermodynamic equilibrium, mass transfer 

INTRODUCTION 

Interfaces play a significant role for virtually all mass transfer processes in the nature as well 
as in industry. The transfer of components across an interface can be subdivided into three steps. 
Initially the transferring components are transported to the interface. Successively they cross the 
interface and are finally transported away from the interface. In addition, chemical reactions at the 
interface as well as in the boundary layers adjacent to the interface may occur. 

The interface is generally regarded as a two-dimensional dividing surface at which all phases 
are in thermodynamic equilibrium and which moves with the mean velocity of the adjacent 
continuous phases. For the design of mass transfer equipment in the industrial practice, the mass 
transport processes at interfaces are most commonly modelled using either the film theory or the 
surface renewal theory. The former is originally developed by Whitman and Lewis,1 the latter by 
Higbie/ however, based on these two models, a large variety of modified equations has been 
published ever since- see for instance Godfrey and Slater.3 Both theories have in common, that only 
the concentration boundary layers adjacent to the interface are modelled while at the actual interface, 
thermodynamic equilibrium is assumed. 

Numerous investigations have been carried out on the diffusion in multicomponent liquid 
phases at binodal states- such as those existing at interfaces.4•

7 The results show that the diffusion at 
binodal states takes place in a different manner as compared to the diffusion in a continuous phase far 
away from the binodal state. While in the latter case, cross effects between the transport fluxes of 
different components can be quite strong (Maxwell-Stefan diffusion), at binodal states the cross 
coefficients of the diffusion matrix vanish.6 It has been supposed that the entire process of mass 
transport in liquids at binodal states is not governed by the equations for diffusion at all but by other 
transport phenomena such as a structure transport. 8

'
10 However, it has yet neither been confirmed nor 

proved wrong that such a structure transport exists. 
In the present investigation, a new theoretical concept is outlined. The theory is based on the 

existence of a single equation - similar to Fick's law of diffusion for continuous phases - which 
describes the mass transfer from one continuous phase through the interface into the second 
continuous phase. Assuming the existence and validity of such an equation, a possible formulation is 
shown. Also the consequences with respect to the diffusion coefficients in the immediate vicinity of 
the interface on both sides are described. 
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Hampe 8 and Millies et aJ.9, introduced the concept of structure to provide a variable which can be 
used to describe the properties of a multiphase and multicomponent system in the immediate vicinity 
of the interface as well as in the interfacial region. The structure a; of a component i is generally a 
function of the concentration c; as well as of the derivatives of the concentration with respect to the 
coordinate z perpendicular to the interface: 

( a2
c. [ac ]2 

) a; =f C;, az~, a~ , ... ,withi=l , ... ,n. (1) 

Note that only even derivatives of the concentration and the square of derivatives determine the 
structure. This is necessary to assure the invariance of the structure to the choice of the coordinate 
system. Within the bulk phase where the concentration gradients are relatively small, the structure 
becomes identical with the concentration and the well-known transport equations apply. 
Equation (1) may be written as a vector equation for all n components 

• = t( £, ::q :~ ]'.) (2) 

Here the elements of the vectors do not denote fractions belonging to a certain coordinate in space but 
the n components of the multicomponent system. 
At thermodynamic equilibrium, the structure is defined to be constant across the interface, i.e. 

!:! (z) = const. (3) 
In a two-phase system it is: 

~=a"=£! . 

where the indices ' and " denote the two phases. 
For the transport. of structure, an equation similar to Fick's equation of diffusion can be defined 

zz "' aa; 
A}=- ~I;.Ja· 

i # n Z 

where A} is the structure flux of the component} in the z-direction and T;j is the transport 

coefficient for the structure comparable to the diffusion coefficient in a continuous phase. 

(4) 

(5) 

In a distance far away from the interface, the structure is identical to the concentration and hence the 

structure flux is identical to the molar flux iz 1 

• zz "' aa; 
nJ =AJ = -.~1';.1 az . 

l,J.*-n 

Equation (5) can be formulated for all components in a vectorial way 

a 
iz=-T-a . - =az-

(Sa) 

(6) 

Again, the individual elements of the vectors in Equation (6) do not denote a fraction belonging to a 
certain coordinate in space but the individual components. In a system with n components, the vector 
of the molar flux and of the structure have the dimension n. The transport coefficient is an n x n 
matrix. 

Thermodynamic Equilibrium at the Interface 

In a two-phase liquid/liquid-system the relation between the concentrations of any component on 
either side of the interface can be determined by equilibrium thermodynamics 
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(7) 

Here clnt.Eq and c;~t,Eq, respectively, are the interfacial concentration vectors of then components in 

both phases being in thermodynamic equilibrium. The function on the right hand side of Equation (7) 
- Nemst's distribution function- can either be calculated using appropriate models or experimentally 
determined. 
If the concentrations of the components in phase I are varied by an infinitesimal small value, the 
concentrations of the components in phase II change accordingly once thermodynamic equilibrium 
is 
attained again. It is: 

8clnt,Eq 
d I --d II Clnt,Eq = a;;;;-- Clnt,Eq · 
-- lnt,Eq --

(8) 

ac;nt,Eq 
The partial differential 

11 
can also be calculated from equilibrium thermodynamics. 

aclnt,Eq 

One disadvantage for the use of Equation (8) is the fact, that all elements of the vectors dclnt,Eq and 

dcb'tt.Eq are different from zero. The individual elements are a function of the position along the 

binodal curve. To overcome this, a new vector of concentrations ~ is introduced as a function of the 

concentration vector ~ 

(9) 

The characteristics of the vector ~ are illustrated in Figure 1 showing the miscibility diagram of a 

ternary system with two phases. For an infinitesimal small changed~ in phase I the change dl;11 in 

phase II can be calculated similarly to Equation (8) 

81:,' 
ds' = ~ ctsll . (lo) - 81:,11 -

A 

B 

Figure 1: Phase diagram with co-ordinates ~ and S11 
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For all concentration variations along the binodal curve, the vectors d~ have only one element dl;1 

which is non-vanishing. All other elements have the value zero. This simplifies the upcoming 
calculations. The functional dependence according to Equation (9) can be derived from equilibrium 
thermodynamics similar to a coordinate transformation. 

On the assumption of Equation (4) the structure can be partially differentiated by ~ to yield 

a~ a~ ar;_ 
as, ar;_ as, (11) 

Thermodynamic Non-Equilibrium at the Interface 

The following equations can be derived from Equation (6) for the molar transfer across an interface: 

aa al;' ( a J 1i = -T--=--= -e' - =ar;_ ac az-

= -I :l;~' ~:: ( :z e"). 
(12) 

At a considerable distance to the interface these equations change into Fick's law of diffusion 

1i = -n·(~e·J - = az-

=-D"(~e"). = az-

(13) 

Here, D' and D" are the matrices of the diffusion coefficients in phase I and II, respectively. 

Instead of Fick's law of diffusion, the Maxwell-Stefan formulation of the law of diffusion could be 
used. However, since experimental investigations have shown that the cross diffusional effects along 
the binodal curve are negligible,6 Fick's law appears to be the rational choice. Comparing the 
coefficients of Equations {12) and (13), the following yields 

and 

D' = T a~ ar;_ 
= =as· ac 

D" = T a~ al;" . 
= =as" ae" 

as" 
Expanding Equation (11) with the transport coefficient I and the partial derivative ae" yields 

aa as" aa al;' as" 
r-=--= = r--=---=--=. =as" Be" = 8S'_ al;" Be" 

Combining Equation (16) with the Equations (14) and (15) yields 

(8(,')-1 at,' as" 
D"-D' - - -
=-= Be 8l;" Be" . 

Using the following definitions 
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at,' 
Z=-=-
= at," (18) 

and 

(19) 

Equation (17) can be rewritten 

D" =D' F'- 1 Z F". (20) 

From Equation (20) an important conclusion can be drawn: the matrices of the diffusion coefficients 
at the interface in two immiscible phases are dependent on one another. The functional dependence 

can be calculated from equilibrium thermodynamics using the matrices ~ and !!,_ . 

CONCLUSION 

It has been shown theoretically that in multicomponent, multiphase systems, the diffusion 
coefficients for any component on both sides of the interface are not independent of one another. This 
is the case if a mathematical expression in form of a structure exists which at thermodynamic 
equilibrium is constant across the interface, see Equations (2) and (3). Also a transport equation for 
the structure (Equation (6)) must exist which is defined in the interface in such a way that the molar 
transport across the interface can be calculated from phase I through the interface into phase II with a 
single transport coefficient. The coupling between the diffusion coefficients only occurs for small 
deviations from the thermodynamic equilibrium in a multiphase system consisting of three or more 
components. Hence, the phases must be present in a composition very close to the binodal curve. The 
derived coupling effects can be validated by measuring the diffusion coefficients under the outlined 
boundary conditions. These measurements are presently being carried out. The results will be 
presented in due time. 
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ABSTRACT 

MASS TRANSFER AND FLUORESCENCE TRACER 

TECHNIQUE IN SOLVENT EXTRACTION 
M MiSrters and H-J Bart 
Universitiit Kaiserslautern, Lehrstuhl fiir Thermische 
Verfahrenstechnik, 67653 Kaiserslautern, Germany. 

The reactive multi-component mass transfer is investigated in the system ZnS04-NazS04-HzS04fdi-(2-
ethylhexyl)phosphoric acid in isododecane in stirred cell and droplet swarm experiments. Additionally, an optical method for 
measuring concentration gradients near the interface using fluorescence tracers is developed. 

Keywords: multi-component, mass transfer, droplet swarm, stirred cell, interfacial reaction, zinc, D2EHPA, fluorescence 
tracers 

INTRODUCTION 

The aim of this work is a fundamental description of the reactive multi-component mass 
transfer at droplets in the system ZnS04-Na2S04- H2S04 I di-(2-ethylhexyl)phosphoric acid 
(D2EHP A) in isododecane, which is proposed as a test system for the reactive extraction by the 
European Federation of Chemical Engineering (EFCE).1 Test systems are widely used in extraction 
technique not only to characterise and discriminate between different types of extraction apparatus, 
but also to give a basis to fundamental extraction studies. 

Former works published about this2 and comparable systems3
•
4 give information other 

than about physical properties and the chemistry of the system based on equilibrium and 
stirred cell experiments. Slope analyses lead to the stoichiometry: 

Zn2+ + 1.5R2 H 2 ~ ZnR 2RH + 2H+ 

confirmed by independent IR-spectroscopic investigations.3 The equilibrium model uses the Pitzer 
equation for aqueous and Hildebrand-Scott theory for organic non-ideality and is in good accord with 
experimental data. 

Experiments in a stirred cell have been carried out to discriminate between kinetic, mixed or 
diffusion controlled regime. For low concentrations a kinetic model with two rate determining 
reaction steps was developed, leading to the following rate law: 

d[c(Zn2+)] Kf · [c~)]l.5 
·[c(Zn

2
+)]-Kr · [c(H+)f · [c(ZnR2(RH))] ·[ ~[c(RzHz)] ]

2 

dt [c(R2H 2)]1.5 +C1 ·[c(H+)]2 C2 +~[c(R2H2 )] 
It is formulated in activities with Kf I Kb = K 1 3 as equilibrium constant and gives a good description 
of the experimental concentration-time curve;. For higher concentrations, diffusional effects have to 
be taken into account. Here, the Maxwell-Stefan diffusion equations based on the two-film theory 
were used to describe the mass transfer of the reactants to the interface and of the products into the 
bulk.4 

Effects found during the mass transfer into or out of droplets in a flowing continuous phase 
(as surnrnariseds) have not been part of this model. Whereas very small drops behave as rigid spheres 
with molecular diffusion controlling the mass transfer, circulation within the drop starts with rising 
drop diameter. For internally well-mixed large drops, molecular diffusion is not of any importance for 
the dispersed phase. Surface active components like the ion exchanger D2EHP A have an influence on 
the internal circulation of the droplets thus on mass transfer. In order to get more information about 
the described effects on mass transfer, experiments in a venturi tube with varied droplet size and 
concentration have been performed. Also an optical measuring system using fluorescence tracers has 
been developed to visualise concentration profiles especially near the interface on aqueous and 
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organic side. However, effects during drop formation and coalescence can also be sensed with this 
tracer technique. 

EXPERIMENTAL 

Kinetics at droplets and droplet swarms 

The laboratory equipment used to measure the mass transfer kinetics with droplets is based on a 
principle which has been published in 1986 by Schugerl.6 A mono-dispersed droplet swarm is produced 
with a metering pump and a double-flow valve. The droplet size can either be determined by counting 
the droplets via a video system or with the capillary method7 The vertically rising swarm is detained 
floating in a venturi tube by the countercurrent continuous phase flow. The continuous phase is 
temperature controlled at 25 ±0.5 °C. If the velocity of the continuous phase is reduced by about 10 %, 
the droplets keep rising and finally coalesce in a collecting funnel where they are withdrawn for 
analysis. Afterwards, the organic zinc concentration is determined with atomic absorption spectroscopy. 
By repeating this experiment with varied residence time (possible between 15 seconds and several 
hours), kinetic information is obtained. These experiments have been carried out under variation of the 
starting concentrations of zinc, sulphuric acid and extractant and with different droplet sizes. The 
derived concentration - time curves have been fitted by: 

with the two fitting parameters: to representing the effects during drop formation and coalescence, and 
Koc representing all resistances during mass transfer. 

c(Zn)d = c(Zn)d * · ( 1- exp(- Koc ·a· (t- to)]) 

Fluorescence tracer technique 

Additionally, a new method for measuring concentration gradients of several components has 
been developed.· Thus, fluorescence tracers are added to one of the phases and used as indicators. The 
tracers are detected with an optical probe, which is connected via fibre optics to a laser spectroscopic 
fluorescence detector. This gives the possibility to obtain local and time-dependent concentrations near 
the interface. 

Optical probe 

The fluorescence intensity is measured with a laser spectroscopic fluorescence detector (model MD 
33710, Laserlabor Adlershot). To indicate fluorescence in small volumes, a confocal probe was 
developed (figure 1). 

3 4 

Figure 1: Confocal probe 
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A laser beam is focused onto an optical fibre. The beam enters the probe (2) and is focused with a pair 
of positive lenses (4) into the volume (6). Parts of the fluorescence light is reflected and, having now a 
different wavelength, are passed through the dichroitic mirror (3) and are focused onto a second fibre 
(l) leading to a photomultiplier. The size of the investigated volume depends on the lens system, the 
fibre core diameter and the diameter of the pinhole (5), thus a resolution is between 30 and 200 11m with 
a position shift in a range of 5 nm to several mm. 

Fluorescence tracers 

Fluorescence dyes are obtainable in a broad variety of properties . These properties are not only 
the absorption and emission wavelength but also depend on the concentration of a certain ionic 
component. As most of the dyes are surface active, they have to be used in very dilute concentrations. 
Measuring the surface tension with varied dye and ion exchanger concentration proved, that the tracer 
influence can be neglected at concentrations < 10-6 moVdm3

• 

Observing the aqueous diffusion is possible with two different kinds of dye. During the reactive 
extraction, the pH-value decreases due to the ionic exchange of Zn2

+ and W . The rising aqueous 
concentration of protons can be measured with pH dependant dyes . This phenomenon has been traced 
with Eosine Yellow, a derivative of fluorescein (Aldrich, dye content -94%). The fluorescence changes 
approximately linearly from maximum to almost zero between pH 3 and 1.5 . Calceine (Molecular 
Probes, high purity) is a polyanionic fluorescein derivative. Its fluorescence intensity rises with the zinc 
concentration, giving the possibility of measuring metal ion concentration gradients in the aqueous 
phase. As it is also W -dependent, it can only be used in buffered systems. 

By replacing one component in the system with a fluorescent tracer, the basic behaviour 
especially in the organic phase can be investigated. Besides using a fluorescent ion exchanger, the 
transferred component can also be a dye. Rhodamine 6G (Aldrich, dye content -95%), a dye that is 
transferred by ion exchange was used to get basic information about diffusion limited mass transfer. 

Measuring Systems 

To evaluate the measuring system and to investigate a diffusion controlled regime, experiments 
in a capillary were carried out. Between two vessels containing the phases, a capillary containing the 
liquid-liquid interface was installed. Because convection is prevented, diffusion takes place over the 
whole length of the capillary. The probe was moved away from the interface along the capillary. The 
result is a time-dependent concentration gradient of the investigated component. 

In a second step, fluorescence was investigated at single droplets, diameter between 1 and 4 
mm. These droplets were produced with a syringe and are fixed on the cannular hanging in the 
continuous phase. By moving the optical focus of the probe through the droplet and the region around it, 
the fluorescence is scanned. Organic droplets in the aqueous phase or aqueous droplets in the organic 
phase can be obtained with this system. First, experiments have been carried out with a stagnant 
continuous phase. To measure diffusion at droplets under conditions comparable to these found in 
technical apparatus, further experiments have been carried out with a flowing continuous phase. 

Finally it is possible to investigate the effects during droplet formation. A droplet is formed into 
a non-reactive continuous phase. After the inner circulation of the droplet has calmed down, reactive 
continuous phase starts flowing around it and mass transfer is measured. Comparing these 
measurements with the mass transfer into a droplet, which has been formed directly into reactive 
continuous phase gives the effects during droplet formation . 

RESULTS AND DISCUSSION 

Basically the transfer rate coefficient rises with rising starting concentrations. Figure 2 shows examples 
of overall rate coefficients Koc depending on the droplet size, received from venturi tube experiments 
and fitted with the described equation. The derived constant or falling curves indicate rigid spheres. The 
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adsorption of the surface active ion exchanger D2EHP A, that has also been determined within 
interfacial tension experiments, reduces or prevents the internal circulation of droplets. For higher 
starting concentrations than the depicted ones, the equilibrium state is reached after less then 20 
seconds. 
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Droplet size dependent rate coefficients 

Diffusion controlled fluorescence experiments within the capillary using the pH- dependent dye 
eosine gave pH-gradients in the aqueous phase over the whole length of the capillary. For infinite time, 
the profile would become a constant at equilibrium pH. 

Observing the aqueous phase in the same concentration range at single droplets gave constant 
profiles with changing pH values from starting pH to equilibrium. Even in the region close to the 
interface(< 25 Jlm), no gradient could be measured. This leads to the conclusion, that diffusion on the 
aqueous side is negligible. Due to the larger molecules and the higher viscosity, the diffusion on the 
organic side is the rate-determining step. Simulations confirmed this result, with concentration gradients 
and the size of the diffusion film the calculated parameters. 

Analysing the organic side with the fluorescence method using the dye rhodamine as the 
transferred component leads to time dependent concentration profiles within the organic droplet. Figure 
3 shows an example (starting concentrations: [Rhodamine] = 0.0001 M, ~] = 0.001 moVdm3

, 

[D2EHPA] = 0.1 moVdm3
; droplet diameter 2 mm). The diffusion film contains a concentration gradient 

and becomes larger during the extraction. The gradient ends again as a constant in equilibrium state. 
This is in contrast to the two-film-theory that assumes diffusion films of constant size during the 
extraction on each side of the interface. 

Further experiments have been carried out with ZnCh and HCl as aqueous components . 
Differences in equilibrium and mass transfer between the sulphate and the chloride system are thus 
predictable with the same model. 
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ABSTRACT 

KINETICS OF MASS TRANSFER AND THE 

DIFFERENT EFFECTS OF SURFACTANTS 
Michael Weigl and Walter Nitsch 
Technische Universitat Miinchen, Institut fiir Technische 
Chemie, Lichtenbergstrasse 4, 85748 Garching, Germany 

The presented contribution is directed to the possibility of identifying the two different actions of surfactants on the mass 
transfer between two liquid phases. From regarding measurements of physical or chemical mass transfer in dependence from 
convection (special stirred cell) a very characteristic "fingerprint" appears for the case that transport processes are rate 
limiting. Due to the fact that the typical flow dependency of the fluxes (fingerprint) has shown to be independent from the 
mass transfer system as well as from the added anionic, cationic or nonionic surfactant, transport limitation can be 
unequivocally identified. Special experiments show that convection induced macroscopic gradients of the interfacial tension 
are responsible for the change of the interfacial flow, causing the inhibition of the transport processes. The alternative case 
concerns the influence of adsorption layers on the rate of a chemical interfacial reaction, being rate determining. This kinetic 
borderline case is characterized by independence of the flux from the state of convection (plateau rate) in the stirred cell. A 
systematic analysis of the interfacial kinetics (zinc ion complexation with dithizone) in either absence or presence of 
surfactants shows not only a distinct acceleration and inhibition of fluxes, caused by different anionic adsorption layers, but 
also a change of the kinetics of the interfacial reaction. In comparison with the surfactant free system, the upper case thus is 
characterized by pronounced saturation kinetics, the disappearance of the proton sensitivity and the appearance of a strong 
influence of added electrolytes. These kinetic effects in the studied example of metal extraction takes place only when the 
interface has been given a negative charge (anionic surfactant). Besides bearing these new inside views of interfacial 
kinetics, the applied method (special stirred cell) is demonstrated to be suitable to resolve the different influences of 
surfactants on mass transfer between liquid phases. 

Keywords: interfacial kinetics, surfactants, AOT, dodecyltrimethylammonium bromide stirred cell, zinc, dithizone 

INTRODUCTION 

Mass transfer between two liquid phases is distinguished by coupling of transport and 
reaction processes. Hence the effect of surface active substances can be subdivided into two 
fundamental different domains: 

- effect on transport processes 
- influences on the chemical interfacial reaction. 

At examinations of surfactant action this classification requires a experimental techniques, which 
easily and beyond any doubt allow to discriminate the cases of mass transfer limited by transport 
processes or the interfacial reaction. This is excellently possible by means of our special flow 
calibrated stirred cell. Here transport limitation turns out as an linear dependence of transfer rate from 
stirring speed, while processes limited by the chemical reaction show transfer rates which are 
independent from the stirring speed. 1 

Comparatively detailed knowledge could be collected concerning the influence of surfactants 
on transport processes. In this case it is only possible, that surfactants act on the liquid flow adjacent 
to the interface. This consequently hydrodynamic inhibition is caused by gradient of interfacial 
tensions reducing the crucial flow near the interface.2 Through measurements in the stirred cell it was 
possible to obtain the typical phenomena's of hydrodynamic surfactant action (Figure 1). This 
characteristic influence could be demonstrated using different kind of surfactants with heat transfer 
measurements, physical mass transfer and as well transport limited metal extractionY 

Of fundamental different character the surfactant effectson mass transfer processes are 
limited by chemical reactions. Few publications exist about micellar system, concerning reactions 
between metal ions (aqueous phase) and solubilized compounds.5·

6 .7 But such micellar systems exist 
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inherently only in presence of surfactants, which means that there is no way to detect the influence of 
surfactants on the base mechanism of an interfacial reaction. 

7 .-------,--------.----------~ 

6 

c" 

100 200 300 

stirring rate (min-1) 

Figure 1. The effect of surfactants on transport limited mass transfer: toluene transfer from toluene to 
water at different surfactant concentrations (c"'> c"> 'c'). 

EXPERIMENTAL 

All the measurements of mass transfer were performed in our prototype of a stirred cell, which 
has been previously described. 8 The convection was varied by the stirring speed N 
(min-\ keeping constant the stirring ratio NaqiN0 = 1.39 of the aqueous (Naq) and the organic phase 
(N0 ) . The mass transfer between the already stirred phases was started with the injection of a 
concentrated solution of zinc sulfate into the water phase. The course of mass transfer was followed 
time-resolved by photometric measurement (A.= 533 nm) of the zinc dithizonate concentration (ZnX, ) 
in the toluene phase. In the presence of surfactants, the selected concentrations are always distinctly 
below the critical micelle concentration (erne), proved by corresponding measurements of the interfacial 
tension. That the surfactants are exclusively distributed in favor of the aqueous phase was shown by 
ICP-AES (inductively coupled plasma atomic emission spectroscopy). All surfactants were applied in 
pA quality as delivered by Fluka or Merck. Only SDS (pA Merck) was purified by charcoal adsorption 
followed by freeze-drying . Dithizone (1 ,5-diphenylthiocarbazone) was used in pA quality (Merck) . The 
surface activity of dithizone proved with interfacial tension was always negligible. 

RESULTS and DISCUSSION 

Because we focused on the interaction of surfactants with the interfacial reactions, only cases of 
mass transfer being independent on convection are taken into consideration. The applied stirred cell 
technique allows to guarantee, that the interfacial reaction controls the mass transfer, recognizable by 
the independency of the mass transfer from the convection. To obtain a clear picture of the effects of the 
surfactants, we used as a model system the reaction of zinc from buffer-free water solution to toluene 
with dithizone (1,5-diphenylthiocarbazone) according to the stoichiometric equation (overscore means 
species in the organic phase). 

Zn 2+ + 2 HX ~ ZnX2 + 2 H+ (1) 
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We cleared up the kinetic of this interfacial reaction. Titrough that examination a comparison of the 
kinetics of the surfactant free-system (the so-called base system) and the kinetics in presence of different 
surfactants is possible and the effects of surfactants on the reaction can be discussed. 

Base System 

Analogous to the former reported successful procedure,9 chemical mass transfer was measured 
for fixed initial H" and H X concentrations with different levels of zinc ion concentration, in order to 
realize the kinetic regime of chemical control. The plots of the initial fluxes (Figure 2) characterize the 
kinetic behavior of the base reaction. At low zinc concentrations (Zn ~ 2 x I 04 kmol/m3

) the interfacial 
reaction is rate deterrning, indicated by the flow independent fluxes . In the case of high zinc 
concentrations (Zn ~ 10-1 kmol/m3) the observed linear relationship between flux and stirring speed 
indicates fluxes being limited by transport processes . The curve (Zn = 5 X w-3 kmol/m3) between both 
kinetic borderline cases represents an example of a so-called mixed kinetic. Analogous behavior is 
published for dithizone systems at different liquid/liquid phase systems for different cations, but always 
which the application of buffer systems. 1

'
9 

For the discussion of surfactant effects later on, the mechanism of the base reaction is 
necessary. Therefore the influence of the participating species {H", H X, Zn2+) on the rates must be 
studied to derive the rate equation of the interfacial reaction. The corresponding results are summarized 
through the kinetic equation, which shows that the concentration dependencies for the interfacial 
reaction are of first order for the zinc ions (see plateau rates in Figure 2) and dithizone10 and of a 
reciprocal first order for the proton concentration (Figure 4) . 

. _ [zn'·T[HXJ 
J- k. [H·r (2) 

The overall rate constant k is calculated with eq. 2 to be 8 x 10-5 cm/s. 

1 2 .---,----,---,----,----,-,~ 

11 

10 

-~ 
)( 

• • • 
• • ~ 

0 
0 50 100 150 200 250 300 

stirring rate (min'1) 

Figure 2. Dependency of initial fluxes from stirring rate for different zinc ion concentrations: [HX] = 
1.25 x 104 mol/1, pH 4. Zinc concentrations were as follows : i 0.1 kmol/m3; ~ 5 x 10-3 

kmol/m3; n 2 X 104 kmol/m3; 0 1 X 104 iano1Jm3; t 5 X 10-5 kmol/m3. 
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Concerning the mechanism of the interfacial base reaction, the simplest consecutive scheme of reaction 
steps in agreement with the measured concentration de~endency is characterized by 

HX '.<.D.'~!. ) H + x· (fast) 

Zn2+ + x· ~ ZnX+ (slow) 

ZnX + + x· ~ ZnX2 (fast) 

The three steps are localized at the interface. Corresponding to these consecutive reactions the overall 
constant in eq. 2 is given k = kr Kdiss· 

Kinetics in Presence of Surfactants 

Instead of measuring mass transfer in presence of different surfactants for constant 
concentrations for all educts, 11 in frame of this contribution we decided to vary all concentration in order 
to study the action of surfactants related to the mechanism of the controlling interfacial reaction. 

A. Anionic Surfactants 

The chemical mass transfer in presence of AOT(bis(2-ethyl-hexyl)sulfosuccinate sodium salt) was the 
first example for the action of a negatively charged interface. Compared with the base reaction, the 
striking "layer effect" is the dependency on the zinc ion concentration. Caused by the AOT layer the 
increase of the measured flux with zinc ion concentration shows the behavior of a pronounced saturation 
kinetic (Figure 3), instead of the first-order dependency of the base reaction. Additionally the AOT-layer 
causes a strong acceleration of the interfacial-controlled fluxes in the range of low zinc ion 
concentrations. Both effects are plausible with the assumption of a fast zinc ion adsorption at the 
negatively charged AOT-layer at the interface, followed by the slow interfacial complexation. 

::1.5 
:§ 
0 
E 
e. 
~ 1.0 

3 4 5 6 8 9 10 

[Zn21 X 1 0• (kmoVm') 

Figure 3. Dependency of initial fluxes from zinc ion concentration for the base reaction and the reaction 

in presence of AOT and inhibition by calcium ions: pH 4, [HX] = 1.25 x 104 molJI, Naq = 
200 min-1

; "base system; t [AOT] = I x 104 kmoUm' ; 0 [AOT] = 1 x 104 kmoUm' and 
[Ca2+] = 5 x 104 kmoUm'. 

Further, for the complexing agent dithizone measured in the zinc regime of saturation kinetics a first 
order dependency was found, analogous to the base reaction. Rather unexpected is the result concerning 
the proton concentration. While the flux of the base reaction is proportional to the reciprocal proton 
concentration, in the presence of AOT layers, the influence of the pH is almost nearly completely 
diminished (Figure 4) . 
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Figure 4. Influence of the reciprocal proton concentration for presence and absence of AOT: [Zn2j =I 
x 104 kmoUm', [HX] = 1.25 x 104 kmoUm' ; f [AOT] = 2 x 104 kmoUm'; "base reaction. 

Mechanism and Rate Eauation 

Concerning the comparison between base reaction and "layer reaction" apart from the saturation 
kinetics, the AOT caused decrease of the pH sensitivity is the most striking result. The attempt for an 
explanation has to consider the three step mechanism of the base reaction (eq. 2), which shows the 
necessity of a HX dissociation, since from kinetic reasons the dithizone anion is the educt for the 
limiting first step of complexation at the interface. Therefore one have to conclude that the complexation 
reaction in the interfacial AOT layer is introduced not by the anion but the dithizone molecule itself. 

The postulate of the zinc adsorption as the reason of the saturation behavior is supported by the 
strong inhibition by added electrolytes (e.g. calcium ions), which compete with the zinc ions for the 
negative sites at the AOT-interface (Figure 3). Regarding the measured concentration dependencies, the 
rate equation for the interfacial reaction at the AOT layer can be formulated with 

j=k' [zn: J[HX] (3) 
Related to this equation and the kinetic interpretations given above, the interfacial reaction in the AOT 
layer should follow the three step scheme 

2AOT~+Zn2+ ~Zn(AOT)2,. (fast) 
k' 

Zn(AOT)2ad + HX -----. ZnAOTXad + HAOT (slow) 

ZnAOTX,. + HX ~ ZnX 1 + HAOT (fast) 

Though in Equation (3) the explicit isotherm for the adsorbed Zn species (Zn!;) is not 

involved, the comparison with the corresponding rate Equation (2) for the base reaction shows, that two 
different mechanisms are responsible for the interfacial complexation in the absence and the presence of 
the anionic surfactant. It is demonstrated here for the first time, that surfactants change not only the rate 
constant but also the mechanism of an interfacial reaction. Further measurements with SDS (Figure 5) 
and OBS (octylbenzol-sulfonate sodium salt) show analogous results.9 This suggest, that this kind of 
influence on the kinetic of an interfacial reaction is a general feature for anionic surfactants. 

B. Cationic Surfactants 

The results for the anionic surfactants show, that the interfacial reaction is very sensitive to a 
negative charge of the interface. Therefore it is interesting, how a positively charged interface influences 
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the interfacial complexation of cations . We used the cationic surfactant DTAB 
(dodecyltrimethylammonium bromide) for our experiments. The comparison of the base reaction with 
the reaction in the presence of anionic or cationic surfactants shows a clear result (Figure 5). 
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Figure 5. Dependency of the initial fluxes from the zinc ion concentration for the presence of anionic 

(SDS) or cationic (DT AB) surfactant compared with the base reaction: [H X] = 1.25 x 104 

kmoUm3, pH 4, Naq = 200 min'1;t [SDS] = 1.1 x 104 kmoUm3;t [DTAB] = 1 x 104 kmoUm3; 

n base reaction. 

Instead of the strong acceleration of the fluxes caused by the anionic layer, in the case of a positive 
charge of the interface the fluxes are always inhibited. This effect is simple to explain as a potential 
effect. If the interface is positively charged, the zinc ions are repulsed, and this means a decrease of both 
the interfacial zinc ion concentration and therefore the interfacial reaction. Further measurements 
proved12 that the rate equitation in the case of cationic surfactants corresponds to the mechanism of the 
base reaction. 

CONCLUSION 

Summarizing the presented results the methodical procedure is demonstrated directed to the interaction 
of surfactants with interfacial reactions. Moreover examples are given for the pronounced different 
action of anionic and cationic surfactants on interfacial reactions at liquid/liquid interfaces. Until now, 
this field of interfacial science and extraction is rather underdeveloped, in spite of perspectives in 
separation technology, molecular catalysis and biological transport. 
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ABSTRACT 

MASS TRANSFER CHARACTERIZATION IN 

FORWARD AND BACK EXTRACTIONS OF AN AMINO 
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The mass transfer characterization in reversed micellar extraction of the amino acid phenylalanine (Phe) is presented. The 
mass transfer rates in forward extraction of Phe from aqueous KCl solutions (pH 1.4-2.3) to AOT/isooctane reversed 
micellar solutions and in back extraction from the organic phase to KHCOi KOH buffer solutions (pH 9.()-1 1.0) were 
investigated using a stirred cell with a flat liquid-liquid interface. Both the forward and the back extraction rates are 
controlled by the interfacial rate processes, i.e., the solubilization and the release processes. The effects of pH, initial AOT 
and Phe concentrations, ionic strength and alcohol addition on their rates are demonstrated. The back extraction rates are 
fairly slow compared to the forward extraction rates, and are extremely accelerated by the addition of 2-methyl-2-propanol as 
well as the extraction of protein lysozyme. 

Keywords: reversed micellar extraction, interfacial reactions, phenylalanine, AOT. 

INTRODUCTION 

Reversed micellar extraction has been noted as an attractive and promising method for protein 
and amino acid recovery. In the practical application of this separation method, it is important to 
elucidate the transport mechanism of amino acids and proteins between a bulk aqueous and a reversed 
micellar organic phase. Several papers have been presented on the interfacial transport processes of 
proteins, but different results have been reported by the researchers. 1

-
6 

The purpose of this study is to describe the mass transfer characterization in the reversed 
micellar extraction of an amino acid, which has a clear and simple molecular structure and is a 
constituent molecule of protein. The mass transfer rates in forward extraction of L-phenylalanine (Phe) 
from aqueous KCl solutions to AOT/isooctane reversed micellar solutions and in back extraction from 
the organic phase to KHC03/KOH buffer solutions were measured using a stirred cell with a flat 
liquid-liquid interface. The effects of stirring speed, pH, initial AOT and Phe concentrations, ionic 
strength and alcohol addition on the extraction rates have been investigated. On the basis of these 
results, the solubilization and release rates of Phe at the liquid-liquid interface are evaluated and 
compared with our previous results for the protein lysozyme (Lys).6"

7 

EXPERIMENTAL 

The experimental apparatus and procedure for measuring the forward and back extraction 
rates ofPhe (MW 165.2, pi 5.48) are the same as described in elsewhere.6 The anionic surfactant 
used in this study was bis(2-ethylhexyl) sodium sulfosuccinate (AOT). The experimental conditions 
for forward and back extraction rates are shown in table 1. For back extraction experiments, 
AOT/isooctane solutions of presolubilized Phe were used as the reversed micellar organic phase. The 
pH of aqueous phase was adjusted in the region being favorable for forward and back extractions, 
respectively. Phe concentration in each phase was determined from UV absorption at 257 nm. 
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RESULTS AND DISCUSSION 

Forward extraction 

Forward extraction experiments were performed at the conditions shown in table l. From 
the results of time-dependent concentrations of Phe, the overall mass transfer coefficients, Kro, in the 
forward extraction across a liquid-liquid interface were obtained by using the following equations. 

In { 1-( l + llmr)(Corg/Caq0)}=-(NV)( l + llmr)Krot (1) 

1/K.ro= 1/krs+{ 1/kaq+(llmtlmrg)} (2) 

These equations are derived when amino acids are transferred from an aqueous to an organic phase 
through the same processes as in the transport of protein proposed in the previous study6 

Forward extraction rate 
Organic phase: AOT(O.OS-0.2 kmol/m3)-isooctane 
Aqueous phase: Phe(0.0025-0.0l kmol/m3)-KCl(O.l kmol/m3

) pH=l.4-2.3 
Back extraction rate 

Organic phase: Phe(0.005 kmol/m3)-AOT(O.Ol-0.2 kmol/m3)-isooctane 
Aqueous phase: KHCOiKOH buffer(O.l, 1.0 kmol/m3)-2-methyl-2-propanol(0-10 vol%) 

pH=9.0, ll.O 
Stirring speed (N): 1.00, 1.67 s·1 

Temperature: 298K 

Table 1 Experimental conditions for forward and back extractions 

The values ofKro are plotted against the stirring speed, N, as a parameter of initial AOT concentration 
in figure 1. The results for Lys 6 are also shown in the figure. It is seen that the Kro values for Phe 
extraction were not influenced by N and became nearly constant at each AOT concentration. This 
result suggests that the transport of Phe from the aqueous to the organic phase is not influenced by the 
diffusional resistances in the phases and is controlled by the solubilization resistance at the interface. 
Therefore, as can be seen from Eq.(2), the Kro value is assumed to be equal to the solubilizing rate 
constant, krs. 
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The relation between the value of krs and initial AOT concentration at pH 1.4 and 1.9, 
respectively, is shown in figure 2. The krs value increases linearly with increasing AOT concentration 
at both pH values. This is due to an acceleration of the solubilization by enhancing an interaction at 
the interface, because the number of AOT molecules per Phe molecule at near the interface increases 
by an increase of AOT concentration. The krs value for Lys extraction 6 shown in the figure also 
increases linearly with increasing initial AOT concentration, but is seven to ten times larger than that 
ofPhe. 

Figure 3 shows the values ofkrs that were obtained by changing initial Phe concentration. The 
krs value decreases gradually with an increase in Phe concentration. This is presumed to be due to the 
analogous interaction for the dependence of initial AOT concentration described above. 
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Back extraction rates of Phe from the organic to the aqueous phase were measured at the 
conditions shown in table 1. From the results and the following equations, which are derived for the 
back extraction, 6 

ln { 1-( I +mb)( Caq/Corg<)} =-(NV)( 1 +mb)Kbot (3) 
l/Kb0=1/kbd+{ 1/korg+(mJkaq)} (4) 

the overall mass transfer coefficients, ~, in the back extraction of Phe were evaluated. Figure 4 
shows a dependence of Kbo on the stirring speed, N . The values of Kbo for each AOT concentration 
were little influenced by N . It is found that the back extraction rate of Phe was controlled only by the 
release process at the interface as well as Lys back extraction.6 Therefore, it is regarded that the ~o 
value becomes equal to the releasing rate constant, kbd. 
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The effects of pH and ionic strength on the value of kbd are shown in figure 5 as a relation 
between kbd and initial AOT concentration. The result for Lys back extraction 6 is also shown in the 
figure . The value of kbd for Phe increases with decreasing AOT concentration and with increasing 
ionic strength, but is not influenced by pH. The kbd values of Phe are a little larger than those of Lys 
over the region of measuring AOT concentrations. This tendency is opposite from the result of the 
solubilizing rate constant for the forward extraction represented above. 

The overall mass transfer coefficients, KbO and Kro, are respectively plotted against initial 
AOT concentration in figure 6 to compare the back extraction rates of Phe with the forward extraction 
rates. The values of Kbo decrease with increasing initial AOT concentration, which is an opposite 
tendency from the dependence of Kro on AOT concentration. The KbO value is a quarter and one
fiftyfifth of Kro at initial AOT concentration of 0.05 and 0.2 kmoVm3

, respectively. 
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The back extraction rates of Phe are fairly slow compared to the forward extraction rates as 
well as Lys extraction.6 The effect of the addition of 2-methyl-2-propanol (t-Bu), by which Lys back 
extraction was extremely accelerated,7 on the back extraction rate ofPhe was examined. The result is 
shown in figure 7 as a relation between the value ofKbO and the added volume oft-Bu. The~ value 
increases linearly with an increase in the added volume of t-Bu and at 10 vol% is about 17 times of 
that for no addition. This acceleration effect is about two times of that for Lys back extraction as 
represented in the figure . 
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A interfacial area (m2
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k mass transfer coefficient in the film (rnls) 
mr, nq, partitioning equilibrium constant of amino acid for forward and back extraction, respectively 
V volume (m3
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<Superscript> 
0 initial 

<Subscripts> 
aq aqueousphase 
org reversed micellar organic phase 
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ABSTRACT 

EFFECT OF APPLIED VOLTAGE ON THE 

EXTRACTIVE SEPARATION OF RARE EARTH 

METALS BY D2EHPA IN THE PRESENCE OF AN 

OIL-SOLUBLE COMPLEXING AGENT 
Manabu Yamaguchi, Dai Kojima', Masahiro Goto1

, 

Fumiyuki Nakashio3 and Shigemitsu Nagao4 

Department of Mechanical Engineering Himeji Institute of 
Technology Himeji 671-22, Japan 
'Shinko Pantec, Co. Ltd., 
2Kyusyu University, 
3Kumamoto Institute of Technology, 
4Mitsui Cytec, Ltd 

As a series of fundamental studies for application of an electric field to solvent extraction, and the effect of the applied 
voltage on the selective separation of rare earth metals was investigated using a modified Lewis cell in which the DC voltage 
was applied across the plane interface between organic and aqueous solutions. In this experiment of selective separation, the 
system of Pr and Nd in the aqueous nitrate solution and !SOP AR M containing an oil-soluble complexing agent, EDT A -
DOA, and an extraction agent, D2EHPA, was used. The thermodynamic characteristics of the adsorption equilibrium of both 
agents at the interface between the organic and aqueous solutions, in the absence of the electric field, were also investigated 
by measurement of the interfacial tension. The experimental rates of Pr extraction, in the absence of the electric field, were 
measured by varying the stirring speed and EDTA-DOA concentration under given concentrations ofPr and D2EHPA and 
the rates were in good agreement with the calculated values using the extraction model proposed by Goto et al. Under the 
experimental conditions of hydrodynamic and mass transfer obtained in this experiment, the effects of the applied voltage, 
its polarity and EDTA-DOA concentration on the extraction rate of Pr and separation factor ofNd and Pr were examined. 

Keywords: applied voltage, Lewis cell, rare earth metal, D2EHPA, EDTA-DOA 

INTRODUCTION 

As novel extraction equipment based on a new concept, some electrostatic extractors have 
been proposed; application of electric fields to solvent extraction are well known to cause interfacial 
turbulence, and improve the hydrodynamics around the drops involving the breakage /coalescence 
balance and enhance mass transfer due to interfacial flow on the drop.'-4·6

•
7 In a previous study/ the 

selective separation ofPr and Nd in the presence of water-soluble complexing agents by D2EHPA in 
the electric field, and the effect of applied voltage on the separation were reported.7 However, these 
system have some problems concerning the low solubilities of these complexing agents in an aqueous 
solution and the recovery of these agents from a residual solution. If new oil-soluble complexing 
having a high selectivity and high interfacial activity can be developed, the process of solvent 
extraction of rare earth metals, etc., will be effectively improved and provide a cost savings. In the 
present study, the effects of the oil-soluble complexing agent coexisting with D2EHPA, and applied 
voltages on the extraction mechanism of Pr were investigated using a modified Lewis cell with well 
known hydrodynamic properties. 

In a preliminary experiment, the thermodynamic characteristics of the adsorption equilibrium 
of both agents, EDTA-DOA and D2EHP A, were investigated in the absence of the electric field by 
measurement of the interfacial tension. The adsorption equilibrium constants and the interfacial area 
occupied by each agent were obtained. The adsorption structure of both agents was also discussed. 
Using the extraction experiment with rare earth metals, the initial rate ofPr extraction by D2EHPA 
was measured using the Lewis cell under different stirrer speeds in the absence of an applied voltage 
and EDTA-DOA. The contribution of diffusional resistance to the observed rate was estimated and 
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the hydrodynamic conditions under which the chemical reaction might be occurring were identified. 
Simultaneously, the effect of EDTA-DOA concentration on the Pr rate was examined using 25 mM 
dimeric D2EHPA. Also, the effects of applied voltage and its polarity on the rate were newly 
investigated. Finally, the influence of the different operations on the selective separation between Pr 
and Nd was discussed . 

EXPERIMENTAL STUDIES 

Experimental apparatus 

A schematic diagram of the experimental apparatus 
is shown in Figure 1. The modified "Lewis cell" ,1, 
a transparent acrylic resin vessel with two 
electrode has a 100 mm inner diameter and a 130 
mm height. A lower electrode of copper wire, 8, 
was fixed, and grounded to the bottom of cell and 
an upper electrode, 7, was a stainless steel plate 
and fixed on the baffle plates . An arrangement of 
the electrodes was devised such that the applied 
electric field was effectively applied perpendicular 
to the plane interface between the organic and 
aqueous solutions and not disturbed by any 

obstruction like the impeller i.n the organic pha~e. 1: Lewiscell 2: Aqueous Phase 3: Organic phase 
Four baffle plates , 5 mm Wide and 2 mm thick 4: Stator ring 5: Rotating disc 6: High voltage 
were installed vertically to get satisfactorily generator 7: Plate electrode 8: Earth electrode 
mixing of both phases along the inner wall of the 9,10: Liquid circulating pump 11 : pHmeter 
cell and were spaced at equal intervals . The plane 12: Sampling port 
interface between the organic and aqueous 
solutions was formed at the stator opening, 4, Figure 1 Experimental apparatus 
having a 50 mm diameter . 

Liquid test system 

The extractant, D2EHPA, provided by Daihachi Chemicals, was used without further purification. 
ISOPAR M, Exxon Chemicals, was used as the 
organic diluent. Pr and Nd, Wako Pure Chemicals, 
were used as the rare earth metals. The complexing 
agent used in the present study was a new oil
soluble complexing agent, ethylenediamine-diacetic 
acid-N N'dioleyamide (abbreviated as EDTA-DOA; 
Mitsui Cytec, Ltd .) which was synthesized by Goto 
et at.5 (see Figure 2). The organic solution was 
prepared with a given concentration by dissolving 
the extractant, C(HR)2 =25 mM, and with different 
concentrations of the complexing agent in ISOPAR 
M. The aqueous solution was prepared at a 
concentration of 0.5 mM by dissolving ones Pr 
nitrate, or Pr nitrate and Nd nitrate in deionized 
water. A buffer solution was not used during the 
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experiment in order to avoid mixing multi- ionic Figure 2 Extraction agent and complexing 
species in the aqueous solution. agent 
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Experimental procedure 

The nitrate aqueous solution containing Pr, or Pr and Nd, was fed to the middle position of the stator 
opening, 4, and the organic solution containing D2EHPA and EDTA-DOA was carefully fed into the 
cell in order to minimize any disturbance at the interface. The aqueous solution, 2, was agitated by a 
disc impeller, 5, and the circulating flow, 9, of the aqueous solution. On the other hand, the organic 
phase, 3, was agitated by only the circulating flow,lO, of the organic solution as shown in the Fig. 1. 
This is because the electric field was effectively applied perpendicular to the interface of the 
aqueous/organic solutions where the impeller could not disturb the electric field. Both solutions 
around the interface of the aqueous/organic solutions were sucked and circulated by roller pumps, 9 
and 10. The aqueous solution was sampled at a constant time interval from the circulation path, 12, 
and the concentrations of the sampled rare earth metals were measured using ICP atomic emission 
spectroscopy . The hydrogen concentration in the solution was monitored by the pH meter, 11 . 
Three kinds of experiments were carried out under the following conditions . 1) The effects of stirring 
speed and EDT A-DOA concentration on the extraction rate of Pr were examined in the absence of an 
applied voltage. 2) Conditions of stirring speed during the rate controlling step of the chemical 
reaction between Pr and D2EHPA were determined for each EDTA-DOA concentration in the first 
experiment, and under these conditions, the effects of the applied voltage, its polarity and complexing 
agent concentrations on the extraction rate were investigated. 3) Under the conditions determined in 
the second experiment and using the binary components of Pr and Nd, the effects of the applied 
voltage , its polarity and complexing agent concentration on the degree of selective separation of Pr 
and Nd were investigated. 

RESULTS AND DISCUSSION 

Thermodynamic characteristics of the adsorption equilibrium of EDTA-DOA and D2EHPA 

Interfacial tension was measured by the drop weight method . The tested liquid-liquid systems were 
distilled water and ISOPAR M containing D2EHPA, and D2EHPA and EDTA-DOA. The relations 
between between interfacial tension, and D2EHPA and EDTA -DOA concentrations were 
determined. The interfcail activity of EDTA-DOA was much high than that of D2EHPA. The 
adsorption equilibrium constant, Ki and interfacial area, Si, occupied by the agent molecules are 
listed in Table 1. Their values are ~alculated from the Gibbs equation for adsorption assuming the 
Langmuir adsorption isotherm. The adsorption constant of EDT A-DOA at the interface is several 
times larger than that of D2EHPA. In addition to this, EDTA-DOA can closely align at the oil-water 
interface based on its S value. 

Table 1 Adsorption equilibrium constant and interfacial 
area occupied by unit mole 

K(HR)2,ad S(HR)2 KH2S,ad SH2S 
[m5fmol] [mLfmol] [mj/mol] [mLfmol] 
3.75 6.29<::10' 861 2.22<::10' 
3.28* 10.7<::10' 201 2.31<::10' 

* 
*Ltterature value (Goto, et a!.: 1992) 

Influence of stirring speed on extraction rate of Pr during coexistence of extractant and 
complexing agent 

As a typical experimental result under constant concentrations of Pr and D2EHP A as shown in the 
figure, the relation between extraction rate of Pr, RPr, and stirring speed, N, is shown in Figure 3 
together with concentration of the complexing agent as a parameter. The rates decrease with an 

867 



Proceedings ISEC'99 

increase in the complexing agent concentrations, this showing similar tendencies . This occurs because 
the D2EHP A molecule adsorbed at the interface is removed and the number of molecule decreases 
with an increase in the concentration of EDTA-DOA having a high interfacial activity; the collision 
frequency for the reaction between Pr ions and D2EHPA molecules decreases . As a result , the 
increasing 
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Figure 3 Effect of stirring speed on extraction rate of Pr ( Ep =0 kV ) 

complexing agent concentration decreases the chemical reaction frequency between Pr ions and 
D2EHPA molecules . The constant range of the rates in the figure suggests that the resistance of 
diffusion can be ignored in comparison with that of the chemical reactions; the rate-controlling step 
of the chemical reaction. Accordingly, a constant stirring speed of 350 rpm was used for all the 
experiments . The solid line in the Figure 3 is the value calculated by Goto's model;5 a kf value was 
obtained using the RPr data with CH2S=O mM , and the kH2S value was obtained using the RPr data 
with CH2S = 0. 1 mM, and finally RPr in the case of CH2S = 0.4 mM was calculated using kf and kH2S 
values obtained in the above procedure, and furthermore the K(HR)2,ad and KH2S ,ad values in Table 
1 are used . Consequently, the RPr,exp . value was 5.20x1Q-6 moll(m2s) and RPr,cal value was 
5.17x1o-6 mol/(m2s) . The experimental values were in good agreement with values calculated by the 
model. The RPr values shown in the figure were determined by the following equation and slope 
analysis using a graphical plot of Pr concentration in the organic phase, CPr, vs . contact time, t, where 
the results in the absence of the complexing agent at a 350 rpm stirring speed are shown in Figure 4 
together with and without an applied voltage. 

R =~<;dCpr 
pr A dt 

where V is the volume of the organic phase, A is the interface area of 19.6xiQ--4 m2 , Cpr is the 
concentration of Pr in the organic phase, and t value is the contact time. The values of RPr change 
depending on N as shown in Figure 3. It is understood that RPr increases with an increase inN up to 
300 rpm, but the rate becomes independent of the stirrer speed in the range of 300 to 375 rpm. 
Furthermore, the rate further increases as the stirring speed exceeds 400 rpm; this means that the 
interface was disturbed. 

Effect of apolied voltage on the extraction rate 

The extraction rates show significant differences with and without a positive applied voltage and its 
magnitude as shown in Figure 4.; for a negative voltage, the slope was almost the same as that for the 
positive voltage. The effects of applied voltage on the rate under the condition of the rate-controlling 
step, N = 350 rpm, are shown in Figure 5 together with the rates in the absence of an applied 
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voltage . 
The rates in the applied electric field enhanced with increasing applied voltage irrespective of its 
polarity. This reason is not clear, but the following facts may be useful to consider their causes . 
When the applied voltage exceeds positive or negative 5 kV, the interface began to move with small 
fluctuations due to the field-induce stress. The fluctuation formed wave and water drops were 
ejected 

from the tip of the waves and the experiments were not possible. Taking into account the formation of 
the drops at a higher applied voltage than positive or negative 5 kV and the RPr values nearly 
correspond to the interfacial turbulence at N =500 rpm, it is considered that the increasing rate with 
applied voltage resulted from the interfacial turbulence due to the field-induced stress. The effect of 
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Figure 4 Effect of applied positive voltage 
on Pr extraction without complexing agent 

Figure 5 Effect of stirring speed and 
applied voltage on extraction rate of Pr 

applied voltage on the extractive separation of Pr and Nd was investigated and their results are shown 
in Figure 6. The effect of applied voltage on the separation was not significant, but the separation 
degree increased with the applied voltage. 
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CONCLUSIONS 

1) EDTA-DOA and D2EHPA showed a strong interfacial activity together, but in the case of co
adsorption, the interfacial activity of EDTA-DOA was several times larger than that of D2EHPA. 
2) EDTA-DOA molecules adsorbed at the interface between the organic and aqueous solutions 
showed a significant mass transfer resistance . 
3) The extraction rate of Pr increased about 10% in the presence of an electric field of 1 kV/cm, and 
was independent of its polarity . 
4) The effect of EDTA-DOA in the oil-soluble complexing agent on the separation factor was almost 
1.3 and the effect of applied voltage on the factor was about 1.5. 
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ABSTRACT 

EFFECT OF GLOBAL SALT CONCENTRATION ON THE 

RATE OF EXTRACTION OF COPPER(II) BY ACORGA ® 

CLX-50 AND GERMANIUM{IV) BY KELEX® 1008 
Gerard Cote and Celine Bouvier 
Laboratoire d'Electrochimie et de Chimie Analytique (UMR CNRS 
No 7575), Ecole Nationale Superieure de Chirnie de Paris, France 

This paper gives a rapid overview of the works dedicated to the influence of the "medium effect" upon the kinetics of metal 
extraction. Then, it discusses the varied origin of such an influence with kinetic data concerning the extraction of copper (II) 
by ACORGA ® CLX-50 (diffusional regime) and germanium (IV) by KELEX® I OOS (kinetic regime). 

Keywords: extraction kinetics, medium effect, Lewis cell, copper, germanium, Acorga® CLX-50, Kelex® 100. 

INTRODUCTION 

The aqueous solutions involved in hydrometallurgical processes and effluent treatments are 
often complex (i.e., they contain many species) and are highly loaded with salts and/or acids. As a 
result, thermodynamic activities should be considered instead of concentrations in the mass action 
laws. From a physico-chemical standpoint, this means that, for any species participating in a given 
chemical reaction, the progress of the latter depends not only on the concentration of the considered 
species but also on its interactions with its surrounding environment. Schematically one can consider 
that a "medium effect" is superimposed to the "mass effect". 

In liquid-liquid extraction many examples including the extraction of copper (IT) and zinc (IT) 
from chloride media by neutral extractants1' show that the "effect of medium" can dramatically 
influence the distribution equilibrium of a given solute. Such a phenomenon has been extensively 
investigated from a thermodynamic point of view and its effects upon extraction equilibria can be 
successfully modelled by various physico-chemical models developed for predicting the activity 
coefficient values. 3'

8 

Conversely, the influence of the "medium effect" upon the kinetics of mass transfer in liquid
liquid systems has been poorly investigated. However, such a question attracts increasing interest 
because of the recent tendency to prefer short time contactors (especially in the nuclear field), the 
efficiency of which obviously depends on the kinetic characteristics of the considered systems. The 
present paper gives both a rapid overview of the works dedicated to the influence of the "medium 
effect" upon the kinetics of metal extraction and discusses kinetic data concerning the extraction of 
copper (II) by ACORGA ® CLX-50 and germanium (IV) by KELEX® IOOS. 

EXPERIMENTAL 

ACORGA® CLX-50 (containing 1 molldm3 di-isodecylpyridine 3,5-dicarboxylate in a high 
flash point kerosene) and KELEX® lOOS (containing about 90% of 7-(4-ethyl-1-methyloctyl)-8-
hydroxyquinoline)9) were kindly supplied by ZENECA Specialties and WITCO, respectively. They 
were carefully washed with 1 molldm3 HCl and rinsed with water before use. All the other reagents 
were of analytical reagent grade. The kinetics of extraction were investigated with a constant 
interfacial-area Lewis-type cell, at a controlled temperature. 

STATE OF THE ART 

Various authors have shown that the addition of electrolytes such as NaCI, LiCl, NaC104, 

NaN03, etc., to a given extraction system, may significantly influence the rate of mass transfer.1o.19 It 
is interesting that there is no general trend, but that the rate of extraction may increase or decrease, or 
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even does not change, as the electrolyte concentration is increased. The magnitude of the 
phenomenon as quantified by the ratio rMAX/rMIN (r =extraction rate) ranges between 1 (no effect) and 
5, with an average value close to 3, for an increase of ionic strength (M) typically varying between 0.2 
and 5 molldm3

• It should be pointed out that there is no general development in the literature for 
explaining this type of phenomenon, but only some limited and often tentative explanations. Four 
types of phenomena were typically invoked to explain the kinetic changes arising from electrolyte 
addition : the involvement of activities instead of concentrations in the kinetic laws and a change in 
the chemical resistance, 18

•
21 a change in the diffusional resistance, 19 the appearance of more labile 

species in the bulk of the aqueous phase due to the formation of metal complexes13
'
14

'
17 and finally the 

modification of the interfacial properties.22 To further illustrate the "medium effect" upon the 
extraction kinetics two examples are considered below. 

RESULTS AND DISCUSSION 

Copoerilll extraction with ACORGA <I> CLX-50 

The extraction of copper (IT) from chloride media by ACORGA <I> CLX-50 (denoted hereafter 
EXT) is thermodynamically controlled by equations 1 and 2:1 

Cu
2
+ + 2CC + 2EXT <=> CuCl2(EXT)z 

Cu2+ + jCl- <::::> CuCI(2-j) with j = 1 to 4 
J 

(extraction constant : Kex) 

(formation constant : pj) 

(1) 

(2) 

where overbars refer to the species in the organic phase, H20 molecules have been omitted for 
clarity. Examination of figure 1 shows that the influence of the "medium effect" upon the rate of 
copper(II) extraction by ACORGA ® CLX-50 is rather strong. Indeed, the initial flux of copper (II) is 
multiplied by more than 10 when 3.5 molldm3 NaC104 is added to the aqueous phase, all the other 
conditions being kept constant. 

Figure 1. 

0~--~----~--~----~--~ 
2 3 4 5 6 7 

Ionic strength (M) 

Experimental (o) and theoretical (dashed lines) plots of J0 versus ionic strength (I) for the 
extraction of copper (IT) (initially 10·2 molldm3

) from 2.5 molldm3 NaCl + x molldm3 

NaC104 with x ranging between 0 (i.e., I = 2.5 mol/dm3
) and 3.5 (i.e., I = 6 molldm\ by 

0.24 molldm3 ACORGA <I> CLX-50 in n-decane, at pH= 3 and 274 K. The theoretical curve 
derives from equation 3 with daq varying between 5.8 x 105 (I= 2.5 molldm3

) and 7.6 x 
105 m·1s (I= 6.0 molldm3

) and dorg = 1.5 x 106 m·1s. 

This phenomenon is a result of two antagonistic effects as briefly explained below. A full kinetic study 
showed that the extraction of copper (II) was under total diffusional control in the Lewis cell used, 
which therefore leads to equation 3 for J0 : 
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Jo={Cu(In1[Llaq+ dora ] 
( Kcx . )[Cl-)2[EXT]2 
l+~)JCr]l o 

j 

(3) 

where Llaq and Llors denote the diffusional terms (.:l= 8/D with 8 = thiclmess of the diffusional films and 
D = diffusion coefficient), Kcx and Pi refer to the concentration extraction constant and the 
concentration formation constants of copper chlorocomplexes [see equations 1 and 2], respectively, 

and [Cu(InJo and [EXT)
0 

represent the initial concentration of copper(ID in the aqueous phase and 

that of ACORGA ® CLX-50 in the organic phase, respectively. 
The addition ofNaC104 to the aqueous phase increases the viscosity of the latter and therefore 

increases the term Llaq, which has the tendency to decrease the value of ]0 • However, in parallel, the 
addition of NaC104 provokes a strong salting-out effect which causes a sharp increase of Kcx. which 
itself has the opposite tendency to increase the value of J0 • Experimentally, it is observed that the 
latter phenomenon is prevalent. Furthermore, a good fit is obtained between the theoretical curve 

derived from equation 3, using the values of Kcxj (l+ ~l3JCr]i) determined in a previous 

thermodynamic study and realistic values of Ll, and the experimental points, which strengthens the 
validity of the above given interpretation. 

Germanium <IV> extraction with KELEx«' lOOS 

The extraction of germanium (IV) from weakly acidic media (pH= 3 to 7) by KELEx«' lOOS 
(denoted hereafter HL) is thermodynamically controlled by equation 4:23 

(4) 

The extraction of germanium (IV) by KELEx«' lOOS is slow and occurs entirely in a chemical regime. 
From the experimental data obtained in the present work, the following kinetic law was established: 

(5) 

where k is a constant and [Ge(IV)]
0 

and [HL]
0 

denote the initial concentrations of germanium (IV) 
and KELE~ lOOS, respectively. To interpret Eq. (5), two limiting steps should be assumed in the 
mechanism of extraction as reported below: 

k, 

Ge(OH)4 +(HL)ac~s <:>(Ge(OH)3 L)ads +HzO 
k_, 

(Ge(OH1L)ac~s+HL~e(OH)2L2+Hz0 

(6) 

(7) 

These two equations lead to the theoretical equation 8 which can reasonably be simulated by equation 
5 within an appropriate restricted range ofHL concentration: 

J k 1 k2[Ge(IV)]0 r~[HL]0 (8) 

o k_1[H20]+k2[HL]
0 

where r~ denotes the interfacial concentration ofHL at saturation. 

The influence of the "medium effect" upon the rate of germanium (IV) extraction by KELE~ 
lOOS is shown in table 1. It appears that the variation of J0 as NaC104 is added is weak (less than a 
factor 2 for M = 3 M) compared to what is observed in figure 1 in the case of copper (II) extraction 
by ACORGA ® CLX-50. 

To interpret the phenomenon reported in table 1, an attempt was made to rewrite the kinetic 
constants appearing in equation 8 by using Bronsted-Bjerrum equation 9 stated for the reaction 
between two reagents A and B: 24 
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k=k YAYB 
0 

(9) 

YAB· 
where k and ko denote the kinetic constant at a given ionic strength I and zero ionic strength, 
respectively, y refers to the activity coefficients and AB• represents the activated complex. Thus, 
equation 10 was finally obtained : 

k~k: aroe<OH), Yrn:[Ge(IV)].r~[HLl 
Jo k~,l3aH,o +k:errn:[HLL 

(10) 

where a,l3 and 9 denote appropriate ratios of activity coefficients for species adsorbed at the interface 

or dissolved in the bulk of the organic phase (e.g., 8=yGe(OH), L.,./YGe(OHJ, L.HL.., where Ge(OH)JL.HLads is 

assumed to be the activated complex associated with equation 7) . It is of interest that the theoretical 
values of ]0 derived from equation 10 simulate rather well the experimental data when one uses the 

values of y Ge(OH), obtained in a previous thermodynamic study and one assumes that a,[3,9 

rrn:andf~ do not significantly vary with the ionic strength. Thus, the preceding observation suggests 

that the influence of the "medium effect" upon the extraction kinetics of germanium (IV) by KELE:x® 
lOOS occurs mainly through a change of the activity coefficient of Ge(OH)4 in the aqueous phase. 

[NaC104]] (molldm,) 1.0 2.0 2.7 3.3 3.7 4.0 
Ionic strength (molldm,) 1.0 2.0 2.7 3.3 3.7 4.0 
Io(mot.m•s·) x 10° expt. 1.43 1.62 1.88 2.23 2.40 2.63 
10 (mol.m·s· )x 10° (eq.lO) 1.16 1.54 1.87 2.22 2.40 2.63 

Table 1 Experimental and theoretical values of 10 versus ionic strength (I) for the extraction of 
germanium(IV) (initially 10"2mol/dm3

) from x mol/dm3 NaC104 by 0.13 mol!dm3 KELE:x® 
lOOS in n-decane + 10% (v/v) n-decanol, at pH= 5.5 and 313 K. 
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ABSTRACT 

ROTATING MEMBRANE CELL TECHNIQUE FOR 

THE STUDY OF LLX KINETICS: 

APPLICATION TO THE STUDY OF SALT EFFECTS 
JP Simonin, H Hendrawan and J Weill 
Laboratoire Liquides Ioniques et Interfaces Chargees (LI2C), 
UMR 7612, Universite P.M. Curie, Bolte no. 51, 4 Place 
Jussieu, 75252 Paris Cedex 05, France. 

The rotating membrane cell (RMC) technique is based on the principles of the short-time phase-contacting method and 
the rotating disk of Levich. The cell consists of a membrane, containing one of the phases, that is glued on the base of a 
cylinder and that is rotated in the other phase at a definite speed. The set-up has been used with two types of systems: 
acetic acid extracted by isopropylmyristate (true first-order reaction), and nickel and zinc ions by an extractant: di(2-
ethylhexyl)phosphoric acid (D2EHPA). The results for acetic acid are in accordance with an interfacial reaction 
mechanism. In contrast, the results for the metal cations may be explained by a transfer of extractant to the aqueous 
phase. The influence of the addition of a salt on the partitioning and kinetics of acetic acid extraction has been 
considered. 

Keywords: kinetics, acetic acid, isopropylmyristate, nickel, zinc, D2EHPA, salt effect, rotating membrane cell 

INTRODUCTION 

A large body of experimental data has been gathered in the field of kinetics of solute 
transfer at free liquid/liquid (LL) boundariesY However, the determination of the mechanisms of 
extraction processes still seems to be the subject of controversy.3 In particular, the location of the 
complexation reaction for transfers involving an extractant is either taken at the interface or in a 
thin aqueous layer close to the interface. 

Moreover, because of the development of new methods of investigation, this classic4 

subject of debate will certainly be supplemented soon with new questions, arising particularly 
from studies in two area: numerical simulation and optical probing. So, recent simulations have 
suggested unexpected phenomenas and optical second harmonic and sum frequency generation6

•
7 

are now able to study liquid interfaces. Both methods give information on a molecular scale. 
At the same time experiments performed on macroscopic scale with classic methods can 

provide valuable information, provided that some conditions be fulfilled: in particular control of 
the hydrodynamics is a crucial point. The short-time phase-contacting method9 and the rotating 
diffusion cell (RDC)8 satisfy this requirement. Another such technique is the rotating stabilized 
cell (RSC)10 that has features in common with the last two techniques: it operates in non-stationary 
regime and the hydrodynamics are those of the rotating disk as described by Levich. 11 

However, the presence of a gel in the RSC constitutes a drawback and for this reason the 
gel has been replaced now with a membrane. 12 This version has been called the rotating 
membrane cell (RMC). As with the RSC, the RMC method is used in a transient regime that 
highlights the effect of chemical reaction kinetics because, for short contact times, diffusion is not 
the limiting factor and mass transfer is limited by chemical reactions. The RMC technique is 
simple to implement and does not require any special machinery. 

This paper reports on experiments carried out with the RMC. The technique has been 
tested on two types of system: acetic acid extracted by isopropylmyristate (IPM) and two divalent 
metal cations, Nj2+ and Zn2+, by di(2-ethylhexyl)phosphoric acid (D2EHP A). The interest of the 
first system is that transfer is most likely to occur purely at the interface between the two liquids 
and to consist of desolvation-resolvation of the acid. Therefore it is expected that interfacial 
transport be described by true first-order kinetic rate law. Extraction of acetic acid thus provides a 
good benchmark system to test the validity of the method. The extraction of cations such as nickel 
and zinc is of interest for metal separation and recovery, and D2EHP A is a widely used industrial 
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extractant. Besides, as mentionned above, the mechanism of extraction in such systems is not clear: 
some workers have postulated, 13 or have arrived at the conclusion14

'
15 that the reaction proceeds 

mainly at the aqueous-organic interface. In contrast, others16 found that their results, obtained with 
the RDC, could not be described by an interfacial mechanism. They used a mass transfer with 
chemical reaction (MTWCR) model, 17 with however unequal success. Therefore further results on 
these systems are still needed to better understand their mechanisms of extraction. 

Lastly, the effect of a salt on liquid-liquid extraction (LLX) partitioning and kinetics is 
considered through the description of experiments on acetic acid at the interface water+LiCl!IPM. 
To the author's knowledge, salt effects on this type of ('simple') system have not been studied 
previously. 

THEORY 

The case of a purely interfacial extraction process obeying a true first-order kinetic rate law 
constitutes a reference that is useful to consider in the first place. 

Consider a porous membrane, of thickness L and geometric area S. It contains phase A and the 
species to be transferred. It is glued on the base of a cylinder. The cell is set into rotation at a definite 
speed and, at time zero, it is put in contact with the other phase B of kinematic viscosity v. Let us 
denote by S' the available contact area between the liquids (S'< S), and define a = S'/S. 
Fickian diffusion is assumed within the membrane pores, with diffusion coefficient DA.· 
Continuity of the flux at the interface can be written 

-S' DA it'!& (x=O-,t) = S' [k1 C.(t)- k, C+(t)] =- S Dn it'! ox (x=O+,t) 

with C.(t) and C+ (t) the concentrations in phase A and B, respectively, in the vicinity of the 
interface (x=o- and x=O+), D8 the diffusion coefficient in B, and kf and k, the forward and reverse 
interfacial reaction rate constants. 

The average-reaction-time approach has been used: here it can be stated as 

P(t) ::::I - exp(-t I r) 

in which tis the mean-passage time of the species being transferred from A to Band, using the latter 
relation, this time is given by : 

1: = J 0"' [ I - P(t) ] dt 
It has been shown [12b] that a rigorous expression for this average time is 

with 

't = 'tf + "CA + TB 

•r = L l k1 
'tA = L2 1(3 DA) 

'tn = 'tf (a k,) I (Dn I 8) 

Here tf is the characteristic time for the interfacial forward reaction, t A represents the mean diffusion 
time in the membrane and t 8 is the mean residence time of the species in the diffusion layer, that 
results from the competition between reextraction (or stripping, at a rate cr k, ) and removal by 
dilution in B (at a rate D8/8) . The parameter 8 represents the diffusion layer thickness whose 
expression12 was given by Levich.11 

In the case that the interfacial kinetics are very fast the above equation for t reduces to 

'too = 'tA + 'tB 

which gives the diffusive limit for the extracted rate of matter, P oo(t) . 
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EXPERIMENTAL 

The cell, sketched in figure 1, consists of a thin Millipore membrane, ca. 120 microns thick, 
that is glued on the base of a cylinder made of perspex with the use of a polyurethanne mastic 
(Scotch-Seal 5300). This mastic was chosen for its excellent chemical resistance to organic 
solvents .The diameter of the membrane was about 0.8 em. 

~co 
i 

i 
i 
i 
i 
; 

•••·•·•••••n :· ! •••••••:•••:-•_·-•-·-••···:·-•···•·••••·•• 

oi 
i .. 

X 

Membrane 
with aqueous phase 

Figure 1: Sketch of the RMC. Membrane: thickness= 120 microns, diameter= 8 mm. 

In this work, the membrane contained the aqueous phase. It was set into rotation at a known speed 
and, at t=O, it was immersed into the organic phase. Analysis ofthe extracted amount of matter has 
been performed by using radiolabelled species. 

The membrane was purchased from Millipore™. The membrane used in this study was a 
hydrophilic PVDF membrane (HVLP type) . It was chosen for its good chemical compatibility with 
acid solutions and aliphatic solvents. Its thickness, 118 +/- 1 microns, was measured using a 
micrometer and its average pore size was 0.45 microns (manufacturer's value). The void porosity cr 
was measured by impregnating a membrane sample with a solution of known specific activity and 
measuring the absorbed activity. By using the known characteristics of the sample, it was found that 
cr= 0.685 +/- 0.015 compared to the manufacturer's value of0.70. 

All chemicals used were purchased commercially and aqueous solutions were prepared with 
deionized water. The D2EHP A (BDH) was used as received. According to the manufacturer its 
purity was better than 96 %. The n-dodecane and the IPM were purchased from Merck (purity > 99 
%and 98 %, respectively). 

The D2EHP A was not further purified because, in a previous study using the same BDH 
product, 18 it was found that this untreated extractant led to kinetics of zinc extraction that were the 
same as with a copper-purified D2EHP A. Moreover, a similar conclusion has been obtained in 
another work, 19 although with a D2EHPA ofhigher purity. 

When the cells were ready a small volume of aqueous solution was placed on the membrane, 
which absorbed it instantaneously. Then the solution excess was wiped thoroughly and the cell was 
immersed rapidly into the organic phase. To avoid evaporation a drop of dodecane was put on the 
membrane immediately after wiping the surface. Then, after a measured lapse of time, the cell was 
taken out. A sample was taken from phase B and its activity together with that remaining in the 
membrane were determined. These measurements yielded the relative amount of matter, P(t) , that 
had been transferred. One experiment gave one percentage for one time. 

The composition of the aqueous solutions were as follows . The solution containing acetic 
acid was composed of 0.01 moUL HCl+ 10·3 moUdm3 acetic acid and it was spiked with tracer 
amounts of radiolabelled 14C-acetic acid. For the extraction with D2EHPA, the solutions need be 
buffered: the solutions consisted of 0.1 moUdm3 acetate buffer (acetic acid+ KOH, pH = 4), 10·3 

moUdm3 NiCh or ZnCh and tracer amounts of 6~i or 65Zn. For acetic acid the organic phase was 
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pure IPM. It was composed of 0.1 mol/dm3 and 0.02 mol/dm3 D2EHPA in n-dodecane (monomer 
concentration) for nickel and zinc, respectively. 

Diffusion in the membrane was studied by impedance spectroscopy, conducted with a 
membrane impregnated with 0.1 mol/dm3 NaCI solution and mercury electrodes. The diffusion 
coefficient of Ni(II) in the bulk aqueous buffer solution was measured by using the open-end 
capillary technique. 

Extraction experiments were conducted at 22 °C. 
Lastly, the effect of adding increasing amounts of LiCl to the aqueous phase has been 

studied in the case of acetic acid. The salt LiCl has been chosen for its high solubility in water. The 
organic-to-aqueous partition coefficient has been determined for each LiCl concentration. Then, the 
first-order kinetic rates k1 and k, have been estimated as a function of this concentration. 

RESULTS AND DISCUSSION 

Impedance spectroscopy experiments led to the result that the conductibility of a 0.1 
mol/dm3 NaCl solution was decreased by a factor of 1.85 within the pores of the membrane. Thus it 
was assumed that diffusion in the membrane was slowed down by the same (tortuosity) factor. 
The organic-to-aqueous partition coefficients K were measured experimentally with radioactive 
tracers by sampling each phase. 

Acetic Acid Extraction: 

An important result was that the experiments at various rotation speeds can be assigned a 
common value for kt- This result is compatible with the expectation of a strictly interfacial transfer 
process involving only a change of solvation, which must not be influenced by the motion of the 
nearby liquids . 

The final value for the rate constant is k1= (5.1 +/- 0.3) 10·5 em s·1 is appreciably different 
from previously published12 values. Discrepancy with results from other studies, in particular those 
using the RDC8 and the RSC, 12 may deserve further examination. 

Nickel (II) and Zinc (II) Ions Extraction 

The main result is that these systems are not amenable to the same description as acetic acid. 
No common value for k1 could be determined. Instead, the apparent rate parameter k1was found to 
increase strongly with stirring. 

These results may be explained by a transport of extractant from the organic to the aqueous 
phase, which is the basis of the MTWCR model.3 The extractant may react with the metal in the 
aqueous phase and the resulting complex may then be transferred to the organic. Increasing the 
rotation speed of the cell would result in a larger flux of extractant into the membrane, which would 
accelerate the rate of extraction. 

However, the possibility that impurities such as M2EHP A are transferred to the aqueous 
cannot be ruled out. This issue will have to be examined more carefully in the future. 

Salt effect on the LLX of acetic acid: 

This subject is in course of being investigated. Results will be presented at the conference. 
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ABSTRACT 

KINETIC STUDIES AND MOLECULAR DYNAMICS 

SIMULATIONS OF INTERFACIAL COMPLEXATION 

IN SOL VENT EXTRACTION SYSTEMS 
Hitoshi Watarai and Yuki Onoe 

Department of Chemistry, Graduate School of Science, Osaka 
University, Toyonaka, Osaka 560-0043, Japan 

A new approach to elucidate what happened at the interface of chelate extraction systems is proposed by the combination of 
experimental kinetic measurements and computer simulations using high-speed stirring spectrometry or centrifugal liquid 
membrane spectrometry and molecular mechanics (MM) and molecular dynamics (MD) simulations. The molecular 
mechanisms of the interfacial reactions in the extraction kinetics of Ni(II) or Pd(II) with 2-hydroxyoxime or pyridylazo
ligands are studied by this new approach. 

Keywords: interfacial complexation, extraction kinetics, new methods of studying extraction kinetics, molecular dynamics 
simulations, 2-hydroxyoxime and pyridylazo extractants, nickel, palladium 

INTRODUCTION 

The adsorption of extractants at liquid-liquid interfaces and resulting reactions with metal ions 
at the interface are primarily important processes which determine solvent extraction rates, especially 
in highly dispersed or agitated systems. However, the molecular mechanisms of such interfacial 
reactions are still less well understood than those in bulk solutions. This situation is a consequence of 
the fact that only limited experimental methods and theoretical approaches have so far been 
developed. 

In the present study, we propose a new approach which includes both the strategies of 
experimental and computational methods. In this approach, at first, the relationship between extraction 
rate of a metal ion and interfacial concentration of extractant is determined by the experimental 
methods such as high-speed stirring spectrometry1 or centrifugal liquid membrane spectrometry.2 

Then, the interfacial mechanism involved in the solvent extraction kinetics is elucidated This kind of 
experimental measurement afford us various stoichiometric parameters such as the composition of an 
interfacially adsorbed complex and formation rate constants of the complex at the interface. However, 
it is impossible to see experimentally at the present stage how the solvent molecules construct the 
liquid-liquid interface and where the extractant molecule is located in the interfacial region. Therefore, 
we adopted molecular mechanics (MM) and molecular dynamics (MD) simulations to explain or 
predict the interfacial adsorptivity of extractants or complexes and their reactivity at the liquid-liquid 
interfaces. 3 

The potential of this approach is demonstrated in the present study for various chelate 
extraction systems which include the extraction kinetics ofNi(II} with 2-hydroxyoximes,4 the solvent 
effect on the interfacial reaction of 2-(5-bromo-2-pyridylazo )-5 diethylaminophenol (5-Br-P ADAP) 
with Ni(II),3 the catalytic effect of 4-(2-pyridylazo)-N,N-dimethylaniline (PADA) on the extraction of 
Ni(II) with 1-(2-pyridylazo)-2 naphthol (Hpani and the acid-catalyzed interfacial complexation in the 
extraction kinetics ofPd(II} with 5-Br-PADAP.6 The present study also indicates that the interfacial 
reaction can effectively be used to control or accelerate solvent extraction rates of metal ions. 

EXPERIMENTAL 

Extraction kinetic measurements 

The solvent extraction rate of Ni(II) or Pd(II} ions and the interfacial concentration of extractant 
and the complex were measured by the high-speed stirring method. Briefly, a heptane or toluene phase 
(45rnl) and the same volume of an aqueous phase were stirred at the rate of 4700-5000 rpm in a vessel 
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thermostatted at 25±0 .1 °C, 5 ml of ligand solution was added, and then 5 ml of metal solution was 
spiked into the mixture to initiate the extraction of the metal ion. The organic phase was continuously 
separated by means of a Teflon phase separator, introduced into a flow cell mounted in a diode array 
spectrophotometer and returned to the vessel by a pump. The interfacial concentration of the 
extractant or complex was determined from the absorbance change resulting from alternate stirring 
between 200 rpm and 5000 rpm. The high-speed stirring of the two-phase system increases the 
interfacial area about 500 times. From the continuous decrease of the extractant or the increase of 
metal complex in the organic phase, the extraction rate can be determined. The interfacial reaction 
was also directly observed by means of the centrifugal liquid membrane method combined with 
spectrophotometry. All experiments were carried out at 25 oc. 

MM and MD simulations 

The liquid-liquid interfaces of heptane/water and toluene/water were simulated by the use of the 
DREIDING force field on the Minimizer and Dynamics modules of Cerius2 version 3.5 (MSI, San 
Diego) on a SG Indigo II or 02 work-station. The position and the orientation for 500 molecules of 
water and 62 molecules of heptane or I 00 molecules of toluene were optimized in a quadratic prism 
cell (ca. 25 A x 25 A x 52 A) at 300 K. Each bulk phase was optimized for 500 ps at 300 K under 
(NPT) ensemble in advance. The periodic boundary conditions were applied along all three directions. 
The calculations of the two-phase system were run under (NVT) ensemble. The density vs . distance 
profile showed a clear interface with a thickness of ca. 7 - 8 A in both systems. In the simulation of 
the adsorptivity of extractant, one molecule of the extractant was introduced into the two-phase 
system and the calculation was carried out at the time step of lfs over the period of 100-800ps. The 
charge distribution of the extractant was optimized by MOP AC PM3 . Before the start of MD 
simulations of the system including the solute molecule, the whole system was optimized by the MM 
calculation. 

MD simulation was further applied for the estimation of the stabilization energy at the interface. 
First, a MD simulation was carried out to obtain an equilibrated configuration of the extractant and 
solvent molecules. Secondly, a spherical region with the radius of 8.5 A around the center of mass of 
the extractant molecule was defined, then the internal energy of the spherical region (E1) was 
calculated by MM calculation. The surroundings of the spherical region were fixed during the MM 
calculation. Thirdly, after removing the extractant molecule from the spherical region, the energy of 
the residual solvent molecules in the spherical region (E2) and the energy of the removed extractant 
molecule in a vacuum (Eo') were calculated. Finally, by the relationships: 

LIE; = E1 - E2 - Eo' (1) 

L1LIE; =LIE; (int) -LIE; (org) (2) 

the solute-solvent interaction energy, LIE; , and the adsorption energy from a bulk phase to the 
interface, .1LIE; , were calculated. 

RESULTS AND DISCUSSION 

Interfacial mechanism in the extraction of Ni(ll) with 2-hydroxvoxime 

The extraction rates of Ni(II) with 2-hydroxyoximes which include 5-nonylsalicylaldoxime 
(P50), 2-hydroxy-5-nonylacetophenone oxime (SME529) and 2-hydroxy-5 nonylbenzophenone oxime 
(LIX65N) in heptane were measured by means of the high speed stirring method. The interfacial 
concentration of the 2-hydroxyoxime during the extraction was also measured simultaneously. 
Experimental results showed that the rate determining step is the formation of a 1:1 complex at the 
interface and the observed interfacial rate constants showed the explainable order from the Eigen 
mechanism as listed in Table 14 The key process in the interfacial mechanism was the interfacial 
adsorption of the extractant which showed about 20% adsorptivity even in its neutral form. The 

884 



Kinetics and Interfacial Phenomena 

adsorptivity of the three oximes were not very different as they have the same polar functional groups 
=N-OH and -OH. We tried to estimate their adsorption energy, or the transfer energy from heptane 
phase to the interface, from the difference between the solvation energies in the two circumstances. A 
2-hydroxyoxime molecule after 400 ps simulations was located at the interface where the polar group 
was almost immersed in the aqueous phase and the nonyl group was in the organic phase. The polar 
group was expected easily to react with Ni(II) ion in aqueous phase. This is the reason why the 
extractants could react with Ni(II) ion at the interface with similar rate constants to those in aqueous 
solution. Table 1 shows the calculated results of the interfacial adsorption energy. The adsorption 
energy may reflect mainly the interaction energy of the polar group of the 2-hydroxyoxime with water 
molecules . 

2-Hydroxyoxime pK. logKo logK• logkt L1L1£;c 
(em) (1/Ms) [(kcaVmol) 

5-Nonylsalicylaldoxime (P50) 9.00 3.36 -3.34 4.57 -9.3 
2-Hydroxy-5 -nonylaceto- 9.79 3.99 -3.29 5.ll -12.1 
lphenone oxime (SME529) 
2-Hydroxy-5 -nonylbenzo- 8.70 5.69 -2 .97 5.14 -6.6 
lphenone oxime (LIX65N) 

a) AdsorptiOn constant from organic phase to mterface 
b) Rate constant for the interfacial complexation 
c) Adsorption energy from organic phase to interface 

Table 1 Kinetics and Adsorption Parameters in the Extraction of Ni(II) with 2-Hydroxyoxime in 
Heptane/0.1M(H,Na)Cl04 at 25°C 

Solvent effect on the interfacial reaction of5-Br-PADAP with Ni(II) 

5-Br-PADAP showed significant adsorption at the heptane/water interface under high-speed 
stirring conditions (5000rpm). In the toluene/water system, the adsorptivity was significantly reduced. 
Hpan and PADA did not adsorb at all at the heptane/water and toluene/water interfaces. Using the 
Langmuir isotherm, the adsorption parameters, K'A;, of 5-Br-PADAP (HL) at the heptane/water and 

toluene/water interfaces were obtained as 4.4 x 10-2 dm3 and 4 .3 x 104 dm3
, respectively, where A; is 

the total interfacial area under the high-speed stirring (ca.2x 104cm\ The smaller adsorption constant 
in toluene/water system seems to correspond to the larger distribution constant; log Ko(toluene/water) 
= 4 .78 and log K0 (heptane/water) = 3.22. 

When a heptane solution of 5-Br-P ADAP and an aqueous solution of Ne+ were stirred, the ligand 
in the organic phase was continuously consumed according to the complexation reaction. The 
complex formed was completely adsorbed at the interface. In the toluene system, the complex was 
extracted very slowly. From the initial rate of consumption of HLo, the rate-determining reactions 
were elucidated as : 

HLo HLi K'=[HL]/[HL]o Interfacial adsorption (Langmuir isotherm) (3) 
k' 

Ni2+ + HLi -t NiL+i + w Interfacial reaction (4) 
k 

Ne + + HL -t NiL+ + w Aqueous phase reaction (5) 

where k and k' are the I : 1 formation rate constants in the bulk aqueous phase and at the interface, 
respectively. The value of k = 5.3 x 102 M-1s-1 was determined in aqueous solution by stopped-flow 
spectrometry under conditions where the formation rate was independent of pH. The values of k' = 3.8 
x 102 M-1s-1 for heptane/water and k ' = 1.8 x 10 M-1s-1 for toluene/water were also determined. These 
results meant that the percentage of the interfacial reaction over the total reaction was 99.9% in 
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heptane/water and 94.5% in toluene/water, respectively. The interfacial rate constant in heptane 
system was comparable with that in aqueous phase, however, the large retardation effect of toluene on 
the k' was not explained by the experimentally obtainable parameters. Here we found that the 
molecular dynamics (MD) simulations were significantly useful. The MD simulations suggested that 
the location of the extractant adsorbed at the interface depended on the nature of the organic solvent; 
in heptane system, the extractant is in contact with the aqueous phase, while the extractant at the 
toluene/water interface is highly surrounded by the toluene molecules which may lower the 
probability of the reaction with Ne+ ion in aqueous phase.3 (see Figure 1) 

Catalytic effect of P ADA on the extraction of NiQI) with Hpan 

The extraction rate of Ni(panh into toluene is very slow even under a high-speed stirring 
regime and at high pH. Whereas, the addition of P ADA even as dilute as 10-5 M accelerated the 
extraction rate about ten times. It was noted that there was no change in the extracted species and no 
consumption of PADA after the extraction. However, a significant decrease in the organic phase 
concentration ofPADA was observed during stirring. Analyses of the experimental results suggested 
the interfacial adsorption of Ni(pada)2+ complex which was rapidly formed in the aqueous phase. 
Thus, the catalytic effect of PADA could be explained by the rate-determining reaction between 
Ni(pada)2

\ and Hpano, followed by an interfacial ligand-exchange reaction, 

k' 

Ni(padai\ + Hpano ~ Ni(pan)(padat ; + W 

Ni(pan)(padat; + Hpar1o ~ Ni(pan)2,o + padao + H+ 

The value of k' was obtained as 90 M 1s-1
. 

(6) 

(7) 

The key processes in this extraction mechanism were no adsorptivity of PADA and strong 
adsorptivity of Ni(padaf+. MD simulations could explain these difference in the adsorptivity 

satisfactorily; LIL1E; for the transfer ofPADA from toluene to interface was 0.5 kcal/mol and LIL1E; for 
the transfer ofNi(pada)2+ from aqueous phase to interface was -7.4 kcal/mol. 

Acid-catalysis in the extraction ofPd(II) with 5-Br-PADAP 

Extraction rate ofPdLCl from acidic solution ofPd(II) with 5-Br-PADAP (HL) in toluene was 
increased with the lowering of pH. The acid concentration was controlled by perchloric acid under the 
constant concentration of chloride ion (O.lM). The rate determining step under the condition of pH < 
3 was found to be the complexation ofPdCln(n-2)- (n=2,3,4) and the protonated 5-Br-PADAP adsorbed 
at the interface whose concentration was increased at the lower pH. The key step of the catalytic effect 
of the acid was the interfacial accumulation of 5-Br-PADAP by the protonation at the diethylamino 
group. The protonation of this group did not interfere with the complexation of the metal ion. The 
MD simulation showed that the protonated 5-Br PADAP was adsorbed at the interface in contact with 
the aqueous phase, keeping its orientation which therefore easily reacts with the hydrated metal ion 
(Figure 1). 
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(a) (b) (c) 

Figure 1. MD simulations of 5-Br-PADAP; (a) lOOps in heptane/water system, (b) lOOps in 

toluene/water system, and (c) 400ps in toluene/acid (pH=l.l) system which includes a protonated 5-
Br-PADAP and a chloride ion. 
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ABSTRACT 

MASS TRANSFER KINETICS OF RARE EARTH 

ELEMENTS WITH HOLLOW FIBRE MEMBRANE 
BASED EXTRACTION 
Yujie Wang and Deqian Li 
Laboratory of Rare Earth Chemistry and Physics, Changchun 
Institute of Applied Chemistry, Chinese Academy of Sciences, 
Changchun, 130022, China 

The solvent extraction of Ce4
•, Ce3+ and trivalent lanthanides was studied by the method of microporous hollow fibre (MHF) 

extraction. The results showed that the mass transfer coefficient of Ce4+ was about I 0 times larger than those of Ce3
• and 

La3
•. The mass transfer rate of Ce4+ was controlled by its dispersion in the critical layer of the water phase. That of the other 

trivalent rare earths (RE3
'} was controlled by its dispersion in the membrane. Therefore Ce4

• could be effectively separated 
from the rare earth solution. 

Keywords: cerium, rare earths, hollow fibre membrane, extraction kinetics, amine N 1923 

INTRODUCTION 

Microporous hollow fibre (MHF) extraction, as a novel separation technology, has been studied 
since the 1980's. It is possible that this technology will be applied to the separation of some solutes in 
industrial scale because of many successful works on separation systems,1

"
3 membrane materials,4 

controlling emulsification,1
"" mass transfer kinetics and certain designs,5 etc. These systems involve a 

large number of solutes such as biologically active substances, organic solutions and inorganic ions. 
Which solute will be first separated on an industrial scale will depend on the work on these separation 
systems. Such MHF extractions depend on solutes that can be extracted completely by a extractant by 
having a larger partition coefficient or more rapidly by their mass transfer coefficient. It is well known 
that the partition coefficient of Ce4

+ in Nl923 is very large,6 but its mass transfer rate had not been 
studied. In this paper, its mass transfer coefficient has been measured and its possibility of separation 
from RE3

+ tested. 

EXPERIMENTAL 

The MHF device consisted of a MHF module and necessary pumps and tube for flow of water 
and oil phase, as shown in previous paper.1 The MHF was a single polysulfone fibre (provided by 
Tokyo University, Jpn.) that was installed in a glass shell with a thermostatic water flow. The effective 
length and inner and outer diameter were 305.5mm, 1.220mm and 1.648mm respectively. The inlets 
and outlets for the aqueous and organic phases were enlarged to slow down the variation in flow rate 
and pressure of the solutions caused by the change of tube diameter at the connection. The aqueous 
phase was driven by an electric pump and the organic phase by a tube pump(JLB2). 

The water phase flowed in the lumen-side and the organic phase ran counter-currently in the 
shell-side. Thus an interfacial contact area was established on the side of the inner surface. The 
micropores of the MHF was filled with the organic phase that wetted the polysulfone membrane. It 
was found that it was not necessary to maintain a higher pressure on the aqueous side of the membrane 
to avoid unwanted solvent breakthrough and mixing reported by others. 

RESULTS AND DISCUSSIONS 

For the anti-current extraction with MHF, it is well known that a mass transfer equation could be 
induced from the Fick's First Law:5 
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11 Qw + 1 I (Q8K 0 ) ln(.1C A)= -t{l- exp[ 4Kw VM (-1- + _1_)]} 
1 I Vw +II (Q5 K0 ) .1C~ d Qw Q5 K 0 

(l) 

where Qw and Qs are the flows of the aqueous and organic phase; Vw and VM are the volumes of the 
aqueous and organic phase reservoirs, always 50ml in our experiments; Vs and d are the volume and 
diameter of the fibre; ln[L'1CA/ !1C/ ] was indicated as equation 2; Kv is the partition coefficient; Kw 
denotes the mass transfer coefficient based on the water phase. It was possible to test whether or not 
cerium was separated from rare earths by comparison of the Kw values with each other under a variety 
of experimental conditions or a variety of ions. 

ln[l!CA] = ln{CA[l + Vw I (VsK D)]- c~ Vw I (VsKo) - C~0 
I KD} 

l!C° C0 - C~ IK A A A D 

(2) 

where C/ and C/· 0 denote the solute concentrations in the water and organic phase at the beginning of 
the experiment. 

In equations (1) and (2), the only variable with time is CA and the other parameters concerning 
the device or its operation are constants for every experiment. The total mass transfer coefficient based 
on water could be obtained by the slope of the curve of ln[L'1CA/ L'1CA~ with time, ln[L'1CA/ L'1CA~ being 
calculated according to equation (2). 

According to equations (1) and (2), Kw will increase with the increase of Kv under the same 
experimental conditions. Ce3

+ and La3
+ with larger Kv values were representative of rare earths when 

the separation ofCe4
+ was studied in the experiment. 

It has been suggested in many previous papers that the process of MHF extraction consists of 
three successive steps: the first being the dispersion of solute to the oiVwater interface; the second one 
is the dispersion of solute in the pores of the membrane; the last one is the dispersion of solute from 
the outer surface to the oil bulk phase. The resistance of every step is connected as follows: 7 

(3) 

where kw is the mass transfer coefficient in water phase, and 11kw is the mass transfer resistance; km is 
the mass transfer coefficient in the membrane, and 11 k,K0 is the mass transfer resistance; k, is the 
mass transfer coefficient in the bulk organic phase, and 11 k.Kv is the mass transfer resistance. In the 
last two terms of the above equation, Kv is present because the membrane can be wetted by organic 
phase. From this equation, the main steps controlling the total mass transfer resistance can be tested by 
the change of the total mass transfer coefficient with the flow rate of water phase or oil phase. 

Figure 1 shows the curves of the solute concentrations in aqueous phase with respect to time for 
the extraction of each ion. The results show that the concentration of Ce4

+ was approximately zero 
after 7 hours, but the extraction of Ce3

+ and La3
+ reached about 50% and 30% at 10 hours . According 

to equations (I) and (2), the total mass transfer coefficient can be obtained from these curves. Figure 2 
showed the total mass transfer coefficients of Ce4

+ and Ce3
+. The mass transfer coefficients of Ce4

+ 

hardly changed with the flow rate of organic phase and changed even less with the flow rate of water 
phase. The mass transfer coefficients of Ce3

+ were about 10 times less than these of Ce 4+ and increased 
with the flow rate of the organic phase but hardly changed with the aqueous flow rate. Therefore, the 
results suggest different mass transfer processes for Ce 4+ and Ce3

+. The mass transfer rate of Ce 4+ was 
mainly controlled by its dispersion in the critical layer of the water phase. This conclusion was 
reasonable because of the lower dispersion resistance term, as shown in eqn.(3), with a large partition 
coefficient. The mass transfer rate was controlled by the dispersion in the membrane. There were 
identical experimental results for La3

+ ion. The special interest was in the separation of Ce4
+ from the 

trivalent lanthanide, as shown in figure 3. The decrease of La3
+ concentration was much slower in 

figure 3 than in figure 1. The reason for this might be the competition between the interfacial reactions 
of Ce4

+ and RE3
+ with Nl923 . The result shows the possibility of extraction of Ce4

+ from trivalent 
lanthanide with immobilized interface in a MHF. 
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ABSTRACT 

SOL VENT EXTRACTION KINETICS THROUGH 

HOLLOW FIBRE AND FLAT MEMBRANES: 

INVESTIGATION WITH NITROXIDE RADICALS 
NM Kocherginsky, AN Osipov and AB Grishchenko 
Chern. & Env. Eng. Department, National University of 
Singapore, Singapore 

Kinetics of extraction of stable nitroxide radicals ("spin probes") from organic solvents into water through hollow fibres and 
flat membranes was investigated. It was demonstrated that Mass Transfer Coefficients based on organic phase (MTCo) for 
exit through hollow fibres with mineral oil practically do not correlate with the hydrophobicity of low molecular weight 
radicals and are determined by diffusion through the organic solvent. In the experiments with a less viscous octane organic 
phase does not play a dominant role, but still the process cannot be explained simply by the influence of aqueous layer. 
Ascorbic acid reduced nitroxides in water and enhanced the rate of nitroxide exit from octane due to the decrease of 
transport resistance of unstirred aqueous layers. Addition of ascorbic acid up to I molldm3 resulted only in the four-fold 
increase of MTCo for Tempo, which is less than the value predicted by the model of parallel diffusion and reaction in water. 
Low effect of ascorbic acid can be explained by addition of an interface resistance, which is usually neglected. 

Keywords: nitroxide radical, hollow fibre membranes, extraction kinetics, two-film theory, interface resistance, interfacial 
kinetics. 

INTRODUCTION 

The initial purpose of this research was the investigation of kinetics of a low molecular 
weight organic substance removal from oil phase into water. Stable nitroxide radicals, known as spin 
probes due to the sensitivity of their EPR spectra to the properties of microenvironment, were used as 
model substances. Results on hollow fibres and flat membranes demonstrated that the kinetics of 
nitroxide transport from a liquid organic phase into water through the porous support cannot be 
described by the classical two-film theory, according to which the mass transfer resistance of 
extraction is determined by the total resistances of the organic and aqueous unstirred layers. 1 Also 
the mass transfer resistance of the liquid/liquid interface, which usually is assumed to be negligible, is 
considered. 

EXPERIMENTAL 

Experiments were conducted in a hollow fibre contactor module with microporous 
polypropylene fibres (Celgard SPCM-102, Hoechst-Celanese). Another group of experiments was 
conducted in the experimental cell with a vertical flat membrane, separating the octane and aqueous 
phases. In this case it was a Millipore nitrocellulose membrane, thickness about 150 J.lm. Both phases 
were mechanically stirred with a rotating mechanical stirrer. Initial concentration of nitroxides in 
organic solvent was 10-3

- W4 molldm3
, and changes in concentration were measured periodically by 

EPR spectrophotometry. 
Mass transfer coefficients (MTCo and MTCa) for nitroxide transport from organic solvent into 
aqueous buffer were calculated based on equations 1 and 2: 

(K +l)C S 
lnA(t)=ln(l d a]=-(MTCo+MTCa)-t (1) 

co v 
0 

where Vis the volumes of the organic and aqueous phases, C0° initial concentration ofnitroxide in 
organic phase, c. current concentration of nitroxide in aqueous phase, I<.! distribution coeficient 
oil/water, S surface area of the membrane, MTCo and MTCa mass transfer coefficients calculated for 
the organic and aqueous phases respectively. 
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MTCa = MTCo x K.1, (2) 
In experiments with ascorbic acid, after nitroxide leaves the organic phase it is chemically reduced in 
water and one can neglect the influence of backward transport from aqueous into organic phase. In 
this case c . = 0 and: 

ln(.s_) = - MTCo St 
c~ v 

(3) 

Where Co is the current concentration of the radical in organic phase. 

RESULTS 

The rate of radical concentration increase in the aqueous phase was used to characterise the mass 
transfer through hollow fibre . The linear representations of the kinetic curves based on equation 1 are 
presented in figure I . Correlation coefficients in all cases were higher than 0 .99 with the changes of In 
A(t) by more than unity. Values ofMTCo and MTCa calculated from the corresponding slopes, are 
given in table 1 together with the distribution coefficients ~. measured at the end of experiments. 

Radical ~ MTCo MTC. 
10"5 cm/s 10"5 cm/s 

Tempo 15 0 .3 4.5 
Imidazolidine R 0.5 0.9 0.5 
Imidazoline R 0.1 0 .5 0 .05 

Table 1 Parameters of transport ofnitroxides between mineral oil and phosphate buffer (pH= 4) 
through the hollow fibres. 

Another method of MTC0 calculation was based on the values of initial rates of the kinetics, when the 
backward transfer from aqueous solutions can be neglected. The results were in good agreement with 
the data calculated from the linear representations. 

Time, min 

-0 .2 

<( 
-0.4 

.E 
-0.6 

-0 .8 

-1 

Figure 1. Linear representations for kinetics of free radical distribution between mineral oil and 
buffer in a hollow fibre module, pH= 4. 
1: Tempo; 2: Substituted Imidazolidine; 3: Substituted Imidazoline . 

MTCo and MTCa values usually are described based on the double-film theory as a function 
of resistance in aqueous and organic unstirred layers (equations 4 and 5): 
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MTCo 

MTCa 

L __ o_+ 
D 

0 

L L 

K • L a 
D a 

--=o- + _ a_ 
K dD D o a 

(4) 

(5) 

where Do and D. are diffusion coefficients in organic and water phases, Lo and L. the effective 
thickness of organic and aqueous unstirred layers respectively. In these experiments the membrane 
was impregnated by organic solution, soLo was the sum of the effective thickness ofunstirred organic 
layer near the membrane and the membrane itself. EPR spectra of the membrane after the experiment 
demonstrated that the nitroxide is still in liquid phase, filling the pores. 

MTCo values ofnitroxides are independent ofN for different radicals (table 1). On the other 
hand values of MTCa are approximately proportional toN- Both Nand MTCo change by 100-150 
times from Tempo to the imidazoline radical. From equations 4 and 5 one can see that unstirred 
organic layer in the case of mineral oil plays a dominant role in mass transfer processes. The 
influence of the aqueous unstirred layer and the interface seems to be small for this viscous solvent. 
For the much more hydrophobic octyl-imidazoline radical (N - 200) MTCo was much lower (- 10-7 

cm/s) . Aqueous concentration in this case is much lower and the resistance ofunstirred aqueous layer 
plays an essential role. 

If instead of mineral oil octane was used as a solvent, the rate of Tempo distribution through 
the hollow fibres in the two phase system was much higher and equilibrium was practically 
established in less than five minutes . N in this case was also near 15 and the estimated MTCo and 
MTCa are - 2* 10-5 cm/s and 3* 104 cm/s, respectively. 

Estimation of Do for Tempo according to Wilke-Chang2 gives 2.8 x 10-7 and 1.8 x 10-5 cm2/s 
in mineral oil and octane, respectively. This difference is much bigger than that for the corresponding 
MTCo values, which probably reflects the changes of the rate-limiting step. 

To investigate transport from octane the cell with a vertical flat membrane was used. Mass 
transfer coefficients for the cell with the vertical membrane were in good agreement with the data 
found for hollow fibres . For example, MTCo in the case of one membrane is 1.8 x 10'5cm/s for octane 
and 4.4 x 10-6 cm/s for mineral oil. In the separate experiment Tempo was added into the aqueous 
phase and kinetics of its entrance from water into octane also gave a straight line in the semi-log co
ordinates with similar mass transfer parameters. 
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Figure 2. Transport resistance of flat membranes as a function of the membrane thickness: 
1 - mineral oil, 2 - octane 
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Analysis of the flux dependence on the membrane thickness (different number of filters) allows 
determination of the effective diffusion coefficient (Dm) in the membrane (figure 2) . Values of Dm 
were 7 x 10-8 and 5 x 10-6 cm2/s for mineral oil and octane, respectively. One can see that the value of 
Dm are 3-4 times less then corresponding Do values found from Wilke-Chang equation, 2 which could 
be the result of the influence of porosity and tortuosity of the membrane. Another possible 
explanation is partial immobilisation of the organic solvent in membrane pores, which is proved by 
comparison of the EPR spectra in a bulk organic solvent and the membrane after experiment. 

The value of the intercept with the Y-axis, which corresponds to the extra resistance, 
determined by unstirred organic layer, interface organic solution /water and unstirred aqueous layer, 
was 2 x 105 and 6 x 104 s/cm for mineral oil and octane, respectively. In the case of mineral oil the 
extra resistance is comparable to the transport resistance of one membrane. In the case of octane the 
extra resistance plays a dominant role. 

To further investigate this interface resistance the reaction of nitroxides in water with 
ascorbic acid was used. The reaction is first order with respect to each of the reactants and its rate 
constant is near 500 M'1min'1 at pH= 7.3 In general case the acceleration factor due to the reaction in 
aqueous phase should be described by equation 6:1 

D kC 
J = a asc coth 

MTC 2 
a 

D kC 
a asc 

MTC 2 
a 

(6) 

where C..,c is the concentration of ascorbic acid and k the rate constant for reaction between nitroxide 
and ascorbic acid. Based on this equation an acceleration factor equal to 20 should be expected in the 
presence of lmoVdm3

· ascorbic acid, which is much bigger then the experimental value, equal to 4 
(figure 3). 
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Figure 3. Tempo exit from octane through flat membrane in presence of ascorbic acid at pH 6: 
0: 0 mM (calculated), 1: 10 mM, 2: 102 mM, 3: 103 mM 

DISCUSSION 

Usually it is assumed that penetration through the interface is a fast reversible process, 
described by distribution coefficient K.!. To explain these results at least one more step, which has 
non-zero mass transfer resistance for example resistance of the interface, has had to be added. 
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In this case MTCo and MTCa values are dependent on resistance of aqueous and organic unstirred 
layers, and also on the resistance of interface: 

MTCo 

MTCa 

L 
__Q_+ 
D 

0 

1 

a 
+ --

k 
0 

L o + ~+ 1 
K.D 0 Da ka 

(7) 

(8) 

If ko>>O (usual assumptions), the expression gives usual equations 4 and 5. In the opposite 
situation, when ko is small, we have: 

MTCo =k 
0 

and MTCa =k. (9) 

The dependence of the flux on the concentrations in this case is similar to the one, based on 
the usual double-film theory, but the physical meaning of the MTC's is different. It means that only 
the concentration dependence of the flux cannot be used as the criteria to prove one or another 
mechanism. 

In the experiments with octane due to its low viscosity it was possible to demonstrate the role 
of interface resistance directly in the case of Tempo penetration through one flat membrane. In the 
presence of lmolldm3 ascorbic acid resistance of aqueous phase is negligibly small. Based on the 
diffusion coefficient of nitroxide in membrane, impregnated with octane half-life for its exit would be 
expected to be less then 5 hours. The experimental number was at least 10 times more, thus 
demonstrating the dominant role of interfacial resistance. 

Kinetics of Tempo concentration decreases in presence of lmol/dm3 ascorbic acid (figure 3, 
curve 3) allowing the determination ofko (6.4 x 10-5 crnls). Based on the K.i value k. also equals 9.6 x 
104 cm/s. These values can be qualitatively explained by the theory of the absolute rates with 
reasonable activation energies. For the interface transport extra activation energy has to be added to 
overcome the physical barrier existing due to the non-homogeneity of the media and the solvation I 
hydration of nitroxide. Thus the experimental k. value for the interface transfer can be assumed to be 
described by equation: 

ka = k1exp( -E.ct/RT) 

Diffusion of a small molecule through the homogeneous layer with the thickness 1 OA (reasonable for 
the interface thickness) and diffusion coefficient as in water should give: 

D 
k
1 

=___!:!__=50 emf s. 
L. 

l 

Using experimental k. (-10-3 cm/s), the activation energy is equal to only 27 kJ/mol, and is 
probably determined by dehydration processes, when molecule moves from water through the 
interface. The activation energy for the exit from organic phase is bigger (34 kJ/mol) and can be 
easily explained by van der Waals interactions of the relatively big nitroxide molecule with the 
organic solvent. 
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ABSTRACT 

KINETICS AND MECHANISM OF SYNERGISTIC 

EXTRACTION OF GALLIUM(III) WITH AN ACIDIC 

ORGANOPHOSPHORUS COMPOUND IN THE 

PRESENCE OF OXINE DERIVATIVES 
Kazuo Kondo, Michiaki Matsumoto, Kazuhiro Yano and Toyo 
Okubo 
Department of Chemical Engineering and Materials Science, 
Doshisha University, Kyotanabe, Kyoto 610-0321 Japan 

The large synergism in the extraction of gallium with the mixed extractant of 2-ethylhexylphosphonic acid mono-2-
ethylhexyl ester (EHPNA) and 5-chloro-8-hydroxy-quinoline (HA) was found . The extraction reaction with the mixed 
extractant can be reasonably interpreted based on the formation of three gallium complexes. To clarify the synergistic 
extraction mechanism of gallium with the mixed extractant of EHPNA and HA, the initial extraction rates of gallium with 
EHPNA and/or HA were measured using a stirred transfer cell. First, the extraction mechanism with EHPNA as the main 
extractant was examined. The extraction mechanism consisted of three processes that are a mass transfer of metal ion to the 
interface, an extraction reaction at the interface, and a mass transfer of metal-complex to the bulk organic phase was 
proposed. Next, the extraction mechanism of gallium with HA as the synergist was examined. Because HA has relatively 
high hydrophilic property, the extraction mechanism of gallium with HA taking account of the complex formations in both 
the aqueous film and the interfacial zone, and the film diffusion was made clear. Finally, based on the information of the 
extraction mechanism of gallium with EHPNA or HA alone, the synergistic extraction mechanism of gallium with the mixed 
extractant ofEHPNA and HA was clarified. 

Keywords: synergism, extraction kinetics, mechanism of extraction, gallium, 2-ethylhexylphosphonic acid mono-2-
ethylhexyl ester , 5-chloro-8-hydroxy-quinoline 

INTRODUCTION 

Gallium is present in extremely small amounts compared to common metals coexisting in all 
primary and most secondary sources. Solvent extraction is one of the promising techniques to recover 
gallium from dilute resources. Acidic organophosphorus compounds have been used as extractants for 
recovery of gallium from zinc refinery1

• In the present paper, we studied the kinetics and mechanism 
of synergistic extraction of gallium with 2-ethylhexylphosphonic acid mono-2-ethylhexyl ester 
(EHPNA) and 5-chloro-8-hydroxyquinoline (HA). First the overall mechanism of synergistic 

extraction was examined from the viewpoint of equilibrium. Next, the extraction rates were measured 
in the stirred transfer cell to clarify the kinetic mechanism. 

EXPERIMENTAL 

Chemicals 

2-Ethylhexylphosphonic acid mono-2-ethylhexyl ester (EHPNA) delivered from Daihachi 
Chern. Ind. Co. Ltd. Japan, was used as a main extractant without further purification. In a previous 
paper, because 5-chloro-8-hydroxyquinoline gave the highest synergism in the extraction of gallium 
with the mixed extractant, 5-chloro-8-hydroxy-quinoline was used as a synergist. Toluene was used 
as an organic diluent. 

Extraction equilibrium 

The organic solution was prepared by dissolving EHPNA and/or 5-chloro-8-hydroxyquinoline 
in toluene. Gallium chloride was dissolved in sodium sulfate and sulfuric acid solutions. The pH of 
the aqueous solution was adjusted by mixing sodium sulfate solution with sulfuric acid solution. The 
aqueous and organic solutions of equal volume (20 cm3

) were mixed in a flask and shaken at various 
temperatures to attain extraction equilibrium. Gallium concentration in the aqueous phase was 
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determined by an inductively coupled plasma spectrophotometry, Shimadzu ICPS-8000. The activity of 
hydrogen ion in the aqueous solution before and after equilibration was determined by a Horiba F-12 
pH meter. 

Extraction kinetics 

The stirred transfer cell3
-6 was used to measure the rate of gallium extraction by EHPNA and/or 

HA at 303 K. The cell consists of two compartments with equal volume (about 140 cm3
}, an upper 

compartment for the organic solution and a lower one for the aqueous solution. The interfacial area 
between both solutions is 1.3 x 10-3 m2 The solutions in the cell were stirred in opposite directions by 
two flat-blade stirrers at 100 rpm in order not to disturb the interface. The concentration change of 
gallium in the aqueous solution with time was measured under various experimental conditions. The 
initial extraction rate of gallium, Ro, was obtained from the concentration change of gallium in the 
aqueous solution with time in the initial period. 

RESULTS AND DISCUSSION 

Extraction equilibrium 

The result of the extraction of gallium(III) with mixed extractant of EHPNA and HA are shown in 
Figure 1, along with those of extraction with EHPNA or HA alone. In this figure, E represents the 
extent of the metal extracted, that is, the ratio of the metal concentration in the organic phase at 
equilibrium to that of the initial one in the aqueous phase. From the figure, the large synergism was 
confirmed. Experimental results were analyzed by the formation of following three gallium complexes. 
Where l<ex.HA, K.:x.HR and K.:x.syn are the extraction equilibrium constants of Equations (1) to (3), 
respectively. The values of these constants obtained are listed in Table 1. 

3+ + ) Ga aq + 3IfAorg ~ GaA3org + 3H aq :Kex,HA (1 

Ga3+ aq + 2(HR)2org ------ (2) 

------ + 
GaR2Aarg + 3H aq :Kex,syn (3) 

1 
0 

0 • 
OB • 
0.6 •• 

..:... 
0 

l'il •• OA 0 • • HR=400 mo](m3 

• e HA=20 mo:Vm3 
02 

0HR+HA <9 •• 
0 

0 05 1 15 2 2~ 

pH 

Table 1 Extraction equilibrium constants of gallium 
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Extracted species 

log K.,x 0.79 2.59 3.46 

Extraction kinetics 

Figure 2 shows the relations between the logarithm of ~ and pH in the extractions of 
gallium with EHPNA and/or HA. In all cases, the slopes of this relation are about 1.0 in the 
low pH range and approach zero with increasing pH. Change of the dependency suggests the 
change of rate-determining step. 

Figure 2 Effect of pH on initial extraction rates of gallium, c G.,o=4mollm3 

BHR==500mol/m3
, J HA=20mol/m 3, EHR +HA, Solid lines are calculated ones. 

Figure 1 Effect of pH on extent of gallium extracted (Ca •. 0=4mol!m3
) 

Table 1 Extraction equilibrium constants of gallium 

Extracted species GaA3 

log~<.,. 0.79 2.59 

Extraction kinetics 

3.46 

Figure 2 shows the relations between the logarithm of~ and pH in the extractions of gallium 
with EHPNA and/or HA. In all cases, the slopes of this relation are about 1.0 in the low pH range and 
approach zero with increasing pH. Change of the dependency suggests the change of rate-determining 
step. 
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Figure 2 Effect of pH on initial extraction rates of gallium, C0 .,0=4mol!m3 

BHR==500mol/m3
, JHA==20mol/m 3

, EHR +HA, Solid lines are calculated ones. 
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Extraction mechanism of gallium with EHPNA 

Considering that EHPNA is a surface-active molecule, the following reaction scheme is derived7 

(Scheme 1). 

Scheme 1 Formation ofgallium-EHPNA complex 

2+ k 
K HR

1

(d + GaOH aq,i ~ ~ 
2
+ 

a,HR ~ I 'i-1. GaR ad -...- GaR3HRorg,i 
- 2+ ~ 

R ad+ GaOH aq,i 'i1. . . 0 
+ (-1-o\\ a~~ 

+ 
H aq,i 

The rate equation taking account of diffusion of gallium in the aqueous film and the 
complex in the organic film was derived as Equation ( 4). It is not necessary to take account of 
the diffusion effects for the extractant and hydrogen ion because the extractant is present in 
large excess compared with the gallium ion and a buffer solution is used. 

(4) 

where Raq.HR,R;,HR and Rorg,HR are the rate processes of the aqueous film, the interfacial reaction and the 
organic film, respectively and were derived as Equations (5) to (7). 

R = k C aq,HR M,aq Ga,aq,total 

k cSCHR CG I R _ • ,org,1 a,aq,tota 

i,HR - C 
2(1+~) 

KoH 

k K K C 4 C com,org ex,HR d HR.,org,J Ga,aq,total 

K (1 + cH,aq )c2 
OH K H,aq 

OH 

(5) 

(6) 

(7) 

The solid line in Figure 2 is the calculated results using by Equations (4) to (7) and explains well 
the experimental data. 

Extraction mechanism of gallium with 5-chloro-8-hydroxyguinoline 

Because 5-chloro-8-hydroxyquinoline (HA) has relatively high hydrophilic property, the extraction 
of gallium with HA occurs in both the aqueous film and the interfacial zone. Gallium is cons\dered to 
be extracted by the following scheme. 

2+ k3 2+ 
(+ H+aq) H1~q,i + GaOH aq,i k'3 GaA aq,i ~ GaA3org,i 

Ka,HR ~ 
+ 

H2A aq,i 

Scheme 2 Formation of gallium-5-chloro-8-hydroxyquinoline complex 
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Assuming that the rate-determining step is the 1: 1 complex formation, the reaction rates in the 
aqueous film and interfacial zone, Rt HA and R i.HA, and the mass transfer rates in the aqueous and organic 
films, R aq,HA and R org.HA, are expressed as Equations (8) to (11) . 

C Ga ,aq , total 
----,-- · c HA.aq .i 
1 + c H. aq I 

/ K oH 

k K C 3 c com , org ex . HA HA, org , t Ga . aq. total 

(l+~)c 3 
K H,aq 

OH 

Therefore, the overall extraction rate is expressed as follows : 

R 
_ R org,HA (R r.HA + Ri ,HA + R aq,HA ) 

0 -
Rf,HA + Ri ,HA + R aq ,HA + R org ,HA 

(8) 

(9) 

(10) 

(11) 

(12) 

The solid line in Figure 2 was produced by non-linear least square method. Good agreement was 
obtained. 

Extraction mechanism of gallium with mixed extractant 

Based on the information of the extraction mechanism of gallium with EHPNA or HA alone, the 
synergistic extraction mechanism of gallium with the mixed extractant of EHPNA and HA is assumed 
to obey the following scheme (Scheme 3). 

2+ k 
IIRact + GaOH aq,i ~ 

Ka,HR 1~ kj \:.'l GaR2\ ct 

Kad+Ga0H
2

+aq,i ~- ;) ' 
+ l-~'-o\la'v ~ 

+ 
H aq,i 

HAarg,i 

KDJ!A 1~ 
2+ 

(+ H +aq,i) HAa11 q,i + GaOH aq,i 

Ka,HR ~ 
+ 

H2A aq,i 

k3 2+ ~ 
GaA aq,i 

Scheme 3 Formation of gallium-mixed extractant complex 
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The reaction rates in the aqueous film and interfacial zone, R fsyn and R;,syn, and the mass transfer 
rates in the aqueous and organic films, Raq.syn and R org.syn, are expressed Equations (13) to (16). 

R aq,syn = Raq,HA 

k K K C 2 C C 
+ com ,org ex,syn[ } : C :.:rg),l C ~,org,t Ga ,aq,total 

K H ,aq 
OH 

Therefore, the overall extraction rate is expressed as follows : 

R 
- R org.syn (Rr .syn + Ri ,syn + Raq ,syn) 

0 -
R r .syn + R i,syn + R aq ,syn + R org .syn 

(17) 

In Figure 2, the solid line is the calculated one and good agreement was obtained. 

(13) 

(14) 

(15) 

(16) 

This is the first report that clarifies the extraction mechanism of synergistic extraction of a metal. 
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ABSTRACT 

EXTRACTION KINETICS IN THE Er(lll) 2-ETHYL

HEXYL-2-ETHYLHEXYLPHOSPHONIC ACID 

(HEHIEHP) HEPTANE SYSTEM 
Jun Lu, Zhong Zheng, Deqian Li and Gengxiang Ma 
Laboratory of Rare Earth Chemistry and Physics, Changchun 
Institute of Applied Chemistry, Chinese Academy of Sciences, 
Changchun, 130022, China 

A simplified mass transfer equation In[( 1 /~+ I )Caty'ca b 0- J /~] ; -Sj aK(~+ I )t/Va has been proposed to determine the 
extraction regime. The conclusion was further verified by the study on the extraction kinetics of Er(III) by 2-ethylhexyl 2-
ethylhexylphosphonic acid (HEHIEHP) at industrial concentration using a interfacial cell with laminar flow. The effect of 
the concentration of two mineral acid (nitric acid and hydrochloric acid) and Er(III) concentration on the extraction rate was 
investigated in Er(III)-HEHIEHP-heptane system. The extraction rate in nitric acid solution were higher than in hydrochloric 
acid solution. The extraction rate decreased with the increase of hydrochloric acid concentration, however, the extraction rate 
increased with the increase in the nitric acid concentration at the lower than 0.3 mol/L region and decreased at higher than 
0.3mol/L region. With the increase of Er(III) concentration the extraction rate increased in the both mineral acid media. The 
existence of phase transfer agent quaternary amine N263(R3N+CH3CC, Aliquat 336) did not improve the mass transfer in 
hydrochloric acid solution but did in nitric acid medium. 

Keywords: interfacial kinetics, Er(III), 2-ethylhexyl-2-ethylhexylphosphonic acid, Aliquat 336, Lewis cell 

INTRODUCTION 

2-ethylhexyl-2-ethylhexylphosphonic acid(HEH/EHP) has been widely used in the rare earth 
hydrometallurgy industryY There were some reports on the low concentration rare earth(III) 
extraction kinetic with diluted HEHIEHP.3

-
5 But little attention was paid on the rare earth(III) 

extraction kinetics and mass transfer in the industrial operation concentration system. The extraction 
kinetics of Er+ by HEHIEHP has been investigated using novel interfacial cell with laminar flow in 
this paper. This constant interfacial cell with laminar flow has been proposed as a means to obtain 
extraction kinetics data in liquid-liquid systems.' A mass transfer equation ln[(lll3+l)CVC\o-l/l3] = 
-S i aK(I3+ 1 )t/V' has been proposed to determine whether the controlling step is diffusion or chemical 
reaction controlling process. The dependence of aqueous phase concentration on time is 
recommended to determine the extraction regime. The conclusion was further verified by the study on 
the extraction kinetics of Er(III) by HEHIEHP at industrial concentration. 

EXPERIMENTAL 

Apparatus and Reagent 

Apparatus and procedure employed in this study were described previously3
•
7 HEHIEHP was 

supplied by Shanghai Institute of Organic Chemistry, Chinese Academy of Sciences and purified 
according to the literature.8 Stock solutions containing lanthanides(III) were prepared by dissolving 
rare earth oxide (>99.9%) in hydrochloric acid and standardized by EDTA titration using xylenol 
orange as an indicator. All other reagents were of analytical grade. 

Analytical methods 

A Model SA720 (Orion) pH meter calibrated daily with 4.01 and 6.86 standard buffer solution was 
employed for measuring pH value in aqueous phase. The concentration of the Er(III) in aqueous 
phase was analyzed by EDT A titration. Concentration of HEHIEHP was determined by titrating with 
standard sodium hydroxide in an ethanol-water mixture using phenolphthalein as an indicator. 
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RESULTS AND DISCUSSION 

Effect of acidity on the extraction kinetics 

In the rare earth separation process, the acidity of aqueous phase is changeable and it is necessary 
to study the effect of acidity on the extraction kinetics. Figure 1 showed the relationship of 
ln[(l/j3+l)C't/C\,a-11J3] with extraction contacting timet at various acidity, where ln[(l!J3+l)C\/C\,0 -

llj3]/-SjaK(J3+ l)t/V• was defined as ln(t)/coeff. Good linear relationship between ln(t)/coeff and time 
can be obtained in both hydrochloric acid (Figure Ia) and nitric acid (Figure lb) solution. It also 
indicated the extraction were governed by diffusion process in these conditions which was same as the 
regime in the diluted concentration. 

Figure. 1 Relationship ofln[(llj3+ l)C"t,/C\a-1113] with time at various acidity in HEHIEHP-mineral 
acid- heptane system 

.,, ...... - -~ - ...• ll· •••.• _ "-. ____ ... _,- ___ .... ___ _ 

"'--~·:; .. -~--- - ~-- ---: 
-~-··-

-~·) ((I) 

CHEHJEHp=l.5M, CEr(m)=0.4M, T=30°C, U4=3 .3cm/s, lf=3.3cm/s, S=3.5x6cm2 

Figure 2 shows the effect of acidity on the Er(III) extraction rate by HEHIEHP. The extraction 
rate decrease in the region of pH 3.0 to (l-(]=0.5 mol/L HCl, however the extraction rate increase with 
the increase in the acidity in the region ofO.l-0 .3 mol/L HN03 and decrease above 0.3 mol/L HN03. It 
shows that the extraction rate in nitric acid medium (Figure 2b) is greater than that in hydrochloric acid 
medium (Figure 2a) and the existence of N03· benefit the mass transfer, this maybe due to there is 
another extraction reaction(equation 2) besides the ion exchange reaction ofEr(III) and HEHIEHP. 

E?+ + 3(HL)2 

E?+ + 3N03- + n(HL)2 

Er(HL2)3 + 3W 

Er(N03).2nHL 

(1) 

(2) 

The extraction was accelerated because N03· involved in the extraction reaction, with the increase of 
nitric acid, the free nitrate ion increase and the solvent reaction became the important and it make the 
extraction rate increase. On other hand with the increase of acidity the distribution ratio decrease which 
would lead the decrease of extraction rate. 

Effect of concentration of Er(III) on the extraction kinetics 

Figure 3 shows the relationship of ln[(l!J3+l)C"t/C\,0 -l!J3] with time at various concentration of 
Er(Ill) in HEHIEHP-HN03-heptane system. A good linear fit between ln(t)/coeff and time was 
obtained. It shows the concentration of Er(III) did not change the control step of extraction. Figure 4 
shows the extraction rate increase a little with the increase in the concentration ofEr(III). 
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Figure 2 Effect of acidity on extraction rate in HEHIEHP-mineral acid- heptane system 
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Figure 3 Relationship ofln[(l/P+l)C\,/C\0-l/P] with time at various concentration ofEr(III) in 
HEHIEHP-HN03- heptane system 
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Figure 4 Effect of concentration of Er(III) on extraction rate in HEHIEHP-mineral acid- heptane system 
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Effect of additive N263 on the extraction kinetics 

Figure 5 shows the relationship of ln(t)/coeff with time at various concentration of N263 in 
HEH/EHP-HN03- heptane system. Linear fit between ln(t)/coeff and time was obtained. It shows the 
addition ofN263 did not change extraction regime. Figure 6 shows the extraction rate increase with the 
increase in the concentration ofN263, however with respect to hydrochloric acid medium the extraction 
rate is lower than without additive, with respect to nitric acid medium the addition of N263 benefit the 
extraction. 

Figure 5 Relationship of ln[(IIP+ l)C\,/C\o-IIP] with time at various concentration ofN263 in 
HEH/EHP-HN03- heptane system 

r 

CHEHfEHP=l.5M, C Er(N03)3=0.4M, Cfrn03=0.3M, T=30°C tfl=3.3cm/s, U0=3.3cm/s, S=3.5x6cm2 

Figure 6 Effect of concentration ofN263 on extraction rate in HEHIEHP-mineral acid- heptane system 
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'.a 0 2 C!fEHfEHP=l.SM, CEr=0.4M, CH+=0.3M, T=30°C v =3 .3cm/s, U =3.3cm/s, S=3.5x6cm 

NOTATION 

C\ concentration of component in aqueous phase 

C\o initial concentration of component in aqueous phase 

K mass transfer coefficient 

N mean molar rate of mass transfer 
s area of the interface 
T Temperature 
t time 
lJ' fluid ' s velocity of the organic phase 
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U" 
v 
p 
b 
0 
0 

a 

fluid ' s velocity of the aqueous phase 
volume of phase 
distribution coefficient 
bulk phase 
start state 
organic phase 
aqueous phase 
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ABSTRACT 

THE RULE OF TRANSITION OF EXTRACTION 

KINETICS BEHAVIOUR OF RARE EARTH 

ELEMENTS WITH DMHMP 
Ducheng Sun \ Shantang Le 2 and Deqian Li 3 

1Department of Chemistry, Xinjiang University, Urumuqi, 
830046, China 
2Department of Chemistry, Huboi Teachers College, Huangshi, 
435002, China 
3Changehun Institute of Applied Chemistry, Chinese Academy of 
Sciences, Changchun, 130022, China 

On the basic theory of extraction kinetics, the rule of transition of extraction kinetics behaviour of rare earth elements with di
(1-methylheptyl)methyl phosphate (DMHKP, P350) has been studied using a stirred Lewis cell in this paper. The transitional 
rules of distribution ratio and separation factor of rare earth elements with time are discussed. The forward rate constant (kf) 
and the backward rate constant (kb) are measured. The 'tetrad effect', the 'oblique W effect', the 'Oddo-Harkins rule' and the 
'gadolinium break ' phenomena of the rate constants have given for the first time in extraction kinetics of neutral extractants 

Keywords: extraction kinetics, rare earth elements, di-(1-methylheptyl)methyl phosphate, Lewis cell 

INTRODUCTION 

Di-(1-methylheptyl)methylphosphate (DMHMP, P350) is an excellent extractant for the 
extraction separation of rare earths. 1 Recently the rule of transition of extraction kinetics behaviour of 
rare earth elements with 2-ethylhexylphosphonic acid [HEH(EHP)]was reported.2 This work 
indicates that the 'tetrad effect', the 'oblique W effect', and the 'gadolinium break' phenomenon of the 
rate constants have given for the first time in extraction kinetics. However, the rule of transition of 
extraction kinetics behaviour of rare earth elements with DMHMP has not previously reported. The 
present work reports these studies on the rule of transition of extraction kinetics behaviour of rare 
earth elements with DMHMP. 

EXPERIMENTAL 

DMHMP was supplied by Shanghai Institute of Organic Chemistry, Chinese Academy of 
Sciences and was purified with NaC03 • Sulphonating kerosene (fraction= 185-225°C) was employed 
as diluent. The stock solution of RE(III) was prepared by dissolving its oxide (purity>99.9%) in 
concentrated nitric acid. Other chemicals wore of analytical reagent grade. 

The concentration ofRE(III) in aqueous phase or organic phase (after stripping with a solution 
of 4 moVdm3 HN03) was determined volumetrically. The experimental apparatus and procedures for 
the studies of extraction kinetics of RE(III) by the constant interfacial area stirred cell have been 
described.3 The extraction experiments were carried out at 25 ± l°C. 

RESULTS AND DISCUSSION 

The rate of mass transfer ofRE(III) from an aqueous phase into an organic phase can be 
described as a simple approach to equilibrium 

kf 
RE (III) = RE (IlD<oJ (1) 

kb 
where subscript ( o) represents organic phase and aqueous phase has no sign, , and kf and kb, represent 
the rate constant from aqueous to organic phase and the organic to aqueous phase respectively. 
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Assuming that the RE(III) is initially introduced into the aqueous phase, then the rate of change of 
RE(III) in the organic phase can be describes by the following equations:4 

V dCRE(liiXo) 

A dt 

Ci - Ce In Ci - Ce = A k r t 

Ci Ct-Ce V 

Ce In Ci- Ce =A kr t 
Ci Ct-Ce V 

(2) 

(3) 

where A is the area of the interface (cm2 
), Y is the volume of the organic phase. Ci, Ce, Ct refer to 

[RE(III)](o) at initial, equilibrium and t time, t represents the time (min )of the reaction. 
From this equation it can be shown that plots of [(Ci-Ce)/Ci]/ln[(Ci-Ce)/(Ct-Ce)] .or (Ci/Ce)ln[(Ci-
Ce)/(Ct-Ce)] vs time have a slope to the rate constant kf or kb. 

The verification of being first order reaction for RE(IIIl 

This is confirmed by the plots shown in figure 1. 

S?L.~ ;::::=...-------, 

Flgl. The verification 9f being first 
order reaction for RF. (Ill) 

The rule of transition of distribution ratio (D) 

lo&P 

-u 

~ -1.0 (l\ .. : -1.1 
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S1 St 61 6l U 67 tt J1 

Fig2. Rei at ionship between the 
distribution and' 
the atOOBic nullher 

.b. - the equilibriua 110taae of exlnct.ion pr~eu 
0-the jnitial stqe of extractio. orc:r.elta 

The data of table 1 and figure 2 show: (1) the distribution ratios of RE(III) increase with 
increasing the time of extraction; (2) the time of extraction equilibrium of rare earth elements is 
similar and in the same unit time the increasing value of distribution ratio corresponds to increasing 
atomic number; (3) the 'tetrad effect' phenomenon exists not only in the equilibrium stage of extraction 
process, 1•5 but also in the initial stage of extraction process. 

The kinetic propertv of separation factor (6) 

The data of table 1 indicate that the most values of separation factors for most of rare earth 
elements have been obtained in the initial stage of extraction process and there is no marked change 
with time for all extraction processes. 

Similar results were found previously for the extraction of RE(III) by HEH(EHP) from 
chloride solution2 
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Time (minutes) 
RE 0 20 40 60 80 100 infinity 

element 
La Ct 0.0418 0.0401 0.0396 0.0388 0.0387 0.0385 0.0382 

D 0 0.042 0.056 0.077 0.080 0.086 0.094 
Ce Ct 0.0421 0.0396 0.0390 0.0384 0.0382 0.0378 0.0373 

D 0 0.063 0.079 0.096 0.102 0.114 0.129 
l3(Ce!La) 0 1.499 1.410 1.247 1.276 1.326 1.372 

Pr Ct 0.0395 0.370 0.361 0.0356 0.0352 0.0348 0.0344 
D 0 0.068 0.094 0.11 0.122 0.135 0.148 

l3(Pr/Ce) 0 1.080 1.190 1.145 1.196 1.185 1.147 

Nd Ct 0.0426 0.0390 0.0384 0.0371 0.0369 0.0366 0.0360 
D 0 0.093 0.110 0.149 0.156 0.165 0.184 

13(Nd!Pr) 0 1.368 1.170 1.355 1.279 1.222 1.244 
Sm Ct 0.0406 0.0382 0.0361 0.0356 0.0350 0.0344 0.0341 

D 0 0.063 0.125 0.140 0.160 0.180 0.191 
Eu Ct 0.0411 0.0373 0.0356 0.0350 0.0344 0.0341 0.0339 

D 0 0.102 0.154 0.174 0.195 0.205 0.212 
l3(Eu/Sm) 0 1.618 1.232 1.242 1.218 1.139 1.110 

Gd Ct 0.0401 0.0356 0.0344 0.0338 0.0332 0.0327 0.0325 
D 0 0.126 0.166 0.186 0.208 0.226 0.234 

13(Gd!Eu) 0 1.235 1.078 1.070 1.066 1.103 1.104 
Tb Ct 0.0412 0.0384 0.0376 0.0362 0.0360 0.0351 0.0348 

D 0 0.073 0.096 0.138 0.144 0.177 0.184 
13(Tb/Gd) 0 0.579 0.578 0.742 0.693 0.783 0.786 

Dy Ct 0.0413 0.0390 0.0378 0.0367 0.0361 0.0356 0.0350 
D 0 0.059 0.093 0.125 0.144 0.160 0.180 

l3(DyfTb) 0 0.808 0.969 0.962 1.000 0.904 0.978 
Ho Ct 0.0418 0.0395 0.0384 0.0376 0.0373 0.0370 0.0367 

D 0 0.058 0.089 0.112 0.121 0.130 0.139 
13(Ho/Dy) 0 0.983 0.957 0.896 0.840 0.812 0.772 

Er Ct 0.0422 0.0401 0.0395 0.0390 0.0384 0.0382 0.0378 
D 23 0.055 0.071 . 0.085 0.102 0.107 0.119 

13(Er/Ho) 0 0.948 0.797 0.759 0.843 0.823 0.858 
Tm Ct 0.0401 0.0378 0.0373 0.0370 0.0367 0.0365 0.0362 

D 0 0.061 0.075 0.084 0.093 0.099 0.108 
l3(Trn!Er) 0 1.109 1.056 0.988 0.912 0.925 0.907 

Yb Ct 0.0402 0.0390 0.0386 0.0380 0.0375 0.0373 0.0371 
D 0 0.031 0.041 0.058 0.072 O.D78 0.084 

,J3(Yb/Tm) 0 0.508 0.547 0.691 0.774 0.788 0.778 
Lu Ct 0.0416 0.0401 0.0397 0.0394 0.0392 0/0391 0.0390 

D 0 0.037 0.048 0.056 0.061 0.064 0.067 
13(lu!Yb) 0 1.193 1.171 0.956 0.847 0.820 0.797 

y Ct 0.0412 0.0402 0.0396 0.0390 0.0387 0.0384 0.0382 
D 0 0.025 0.040 0.056 0.065 0.073 0.079 

Table 1 The Experimental Data of Kinetics for the Extraction of RE(III) with DMHMP 
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The rule of transition kr and kb 

The data of table 1 were calculated by the Least Square Method for the equation 3 with the 
result shown in figure 3. It indicates that the kf change from increase to decrease with the increasing 
value of atomic number and that kf has a periodic changing rule, which is similar to the 'Oddo
Harkins' rule.6 There are also the 'tetrad effect' and the 'gadolinium break' phenomenon of kf in the 
figure 3. 
Figure 4 is the relationship between the rate constant and the quantum number of orbital angular 
momentum of ground state. It shows the 'oblique W effect'. 

l<>t>r--------, 

-u 

Jl Jl 61 ll 6J 61 69 " 2 

Flw:l. Rol!ltionshlp between 
rate constants nnd 
tho' ulonle nuoahcr 

tucVr--------. 

0 • J ' 

l'ig3. Relationship ootween 
rate constMnts and L 

In the above data, the position of yttrium is near to the position of holmium which suggests that the 
ionic radius of RE(III) has the important effect.6 However, the 'gadolinium break' phenomenon 
indicates that the above rules are also under the influence of position hinder, hydration and valence of 
extraction complex. 
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ABSTRACT 

EXTRACTION OF IRON{III) FROM AQUEOUS 

SULPHURIC ACID SOLUTION USING A PACKED 

COLUMN 
M Rosinda, C Ismael and Jorge MR Carvalho 
Dep. Eng. Quimica, Instituto Superior Tecnico, Av. Rovisco Pais, 
1 096 Lis boa Codex, Portugal 

Iron recovery from an aqueous solution, using as solvent a mixture of an organophosphoric acid and a primary amine in 
ShellSol T, was carried out in a packed colurrm. The influence of the pH on the efficiency of extraction was studied. 
Measured concentrations profiles were compared with those ones predicted by numerical simulation using the axial 
dispersion model. The axial mixing coefficient for continuous phase used in the model were determined experimentally, 
using the following expression for Peclet number (Pee): 

Vcdp 

Ec(l-¢)e 
0.022+0.03 Fe 

Fd 

The size of the drops was measured by a photographic technique. It was also assumed that no coalescence occurs among 
drops. 

Keywords: Iron, sulphuric acid, packed colurrm, axial mixing, D2EHPA, Primene JMT 

INTRODUCTION 

A packed column was used for continuous extraction of iron from an acid aqueous sulphate 
solution by di(2-ethylhexyl)phosphoric acid and primary amine (JMT) in ShellSoll T. The packed 
column is more efficient than a spray tower and some other non-agitated columns because the 
packing elements increase the hold-up and decrease the axial mixing. 
In this work the axial dispersion model:, .. 

(1) 

(2) 

was used to predict the concentration profiles in the continuous (aqueous) and in the dispersed 
(organic) phases. The second derivative term in equations 1 and 2 takes into account the non-ideal 
phenomena of axial mixing. The boundary conditions at the bottom and at the top of column 1 are 
expressed by: 

h=O 

h=L 

dcFed 
--'-=0 

dh 

dcFec 
--' =0 · dh , 

As published elsewhere5
•
6 that expressions for the forward (Np) and reverse (NR) reaction rates are 

the following: 
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(3) 

(4) 

The composition of aqueous solution, Fe3+ and I-t also the ionic strength, was defined by a set of mass 
balance and equilibrium equations related to the presence of Fe3+, FeSO/ , FeHSO/+, Fe(S04)2-, 1-t, 
HSo4·, S042

- in the ferric sulphate solution.6'
7 The fraction of free Fe3+ was determined from 

c 3+ 
a= _F_e_ . The activity coefficient (y) for I-t was determined by the Pitzer method 8 and for Fe3+ the 

c 
Fe total 

extended Debye-Huckellaw was used.9
•
10 

EXPERIMENTAL 

Reagents 

The organic phase contains 20% (v/v) of DEHP A (di-(2-ethylhexyl)phosphoric acid) (Albright 
& Wilson), 10% (v/v) of Primene JMT (alkyl primary amines) (Rohm and Haas), 10% of 2-octanol 
(Riedel-de-Haen) and Shellsol T (Shell) . The aqueous solutions were prepared using technical grade 
chemical reagents. 

Equipment and procedure 

The experiments were performed in a continuous scale pilot plant with a packed column. The 
active height was 5.9 m and the internal diameter was 0.08 m. The packing used was glass Raschig 
rings with dp=l em, the porosity (e) of the packed bed was 0.761. The distributor for the dispersed 
phase had 14 holes of3 rnm diameter. 

The experiments were always carried out with the aqueous phase as the continuous phase. The 
column was first filled with the aqueous phase and then the organic phase was introduced in the column. 
Under steady-state conditions, Cout constant, 14 .samples of each aqueous and organic phase were taken 
from taps distributed along the column. The dispersed phase hold-up was determined from the measured 
volume of organic phase in the column after closing inlets and outlets of both phases. The drop 
diameters were measured at top and bottom of the column by photographically during the experiments . 

The axial mixing studies for continuous phase were performed under transient-state conditions 
using tracer technique. 11 The tracer, copper sulphate solution, was introduced in the inlet of aqueous 
phase and samples at different time were taken at 3.46 m and 4.48 m. 

The concentrations of iron (III) in both the organic and aqueous phases were directly analysed 
using atomic absorption spectrophotometry. The acid solutions were titrated with NaOH using Mg
EDTA as complexing agent for iron.12 

RESULTS AND DISCUSSION 

Axial mixing coefficients 

The axial dispersion coefficients for the continuous phase were always determined under two
phase flow and some studies were also carried out in the presence of mass transfer. The experiments 
make use of tracer injection through a step-input perturbation. The Ec was calculated comparing the 
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transient-state concentration profiles with the theoretical ones predicted by the semi-infinite model 13 at 
Vd 

different Peclet ( c P ) numbers. The experimental results are presented in figure 1. 
Ec(l-¢)e 

0,2 

'""' 0,15 
~ 

! 
'--" 

~ 0,1 

'0~ 
:> 0,05 

0 

0 0,5 1,5 

0 without mass transfer 

<>with mass tranfer 

2 2,5 3 

Figure 1. Peclet number for continuous phase versus flow ratio. Aqueous phase: F~(S04)3 = 0 or 
0.134 moVdm3

, pH=l.60; Organic phase: DEHPA = 20% (vlv), JMT = 10% (vlv), 2-
octanol 10% (vlv) in ShellSol T. T = 40°C. Packed column: L=5 .9 m, diameter-0.08 m; 
packing- glass Raschig rings, dp= 0.01 m, e = 0.761. 

In this system it was verified that the mass transfer process has no influence on axial mixing. 
The experimental data were similar to those ones published in literature for packed column. 14 The axial 
mixing coefficient for dispersed phase was determined assuming a constant value for the Peclet 
number,15 namely: 

Numeric simulation of iron extraction in a packed column 

The concentration profiles in packed column were simulated considering that the extraction 
process was chemical controlled. 

The total concentration of free extractant and sulphuric acid along the column height were 
determined from mass balance considering that extractant consumed I Fe3+ extracted is 4 and 
Fe3+extracted I W released to aqueous phase is 2.6 Related to the fact that sulphuric acid is not 
completely dissociated and Fe exists also as sulphate-complexes a set of equations (mass balance and 
equilibrium) was solved to determine the composition of aqueous solution at Fe3+, Wand ionic strength. 

The 0 DE' s 1-2 were obtained by the use of the finite differences methodology. The final set of 
non-linear equations was solved by the aid of the numerical library routine C05PBF from NAG'" 

In table 1 are presented operating conditions and some parameters used, d32 was determined 
from photographs taken during the experiments . 
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plle,q, q, d32 Ec Ed k°F kR 

(em) (m2s-I) (m2s-I) (m/s) I (kmor1m4s-1
) 

1.04 0.198 0.295 
1.24 0.204 0.315 6.88x 10-4 13.5xl0-4 1.65xl0·5 8.60xl0-7 

1.60 0.200 0.315 

Table 1 Parameters used in the simulation of iron extraction in the packed column. 

In figure 2 are presented the simulated concentration profiles (lines) which are compared with 
experimental data (marks). It was noticed that the extraction of iron is enhanced by the increase in pH 
and the model used predicts an extraction slightly more efficient than the real one. This could be related 
to the fact of the model used was very sensitive to interfacial area and consequently to drop diameter. 
The values of d32 used are determined on the top of the column that are considerably lower than the 
correspond values on the bottom of the column (0.46 - 0.49 em). However when drop analysis was 
taken 1.5 m from packing support d32 it is already equal to the top value. 

,....._ 

M~ 
0 

g 
~ 

0,3 

0,25 

0,2 
continuous phase 

0,15 

0,1 
dispersed phase 

o+----4-----+----~----+----4 

0 0,2 0,4 0,6 0,8 

z=h!L 

Cl pH=l.04 

4 pH=l.24 

<> pH=l.60 

Figure 2. Simulated and experimental concentration profiles in a packed column. Aqueous phase: 
Fe2(S04)J= 0.134 moVdm3 ,pH= 1.0-1.6; Organic phase: DEHPA = 20%, JMT = 10%, 2-
octanol 10% in ShellSol T. T = 40°C. Packed column: L = 5.9 m, diameter = 0.08 m; 
packing dp= l em, e = 0.761. 

NOTATION 

e 
F 

specific interfacial area (m-1
) 

concentration (kmol m"3) 
Sauter mean diameter 
packing size (m) 
axial mixing coefficient (m2/s) 
voidage or free area 
flowrate (volumetric) 
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L 
N 
v 

height (m) 
thermodynamic kinetic constant (m s"1) 

k kinetic constant or mass 
transfer coefficient (m s·1

) 

column height (m) 
reaction rate, (kmol m·2 s·1

) 

superficial phase velocity (m s·1) 
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z fraction length 
hold-up of dispersed phase 
activity coefficient of species i 
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ABSTRACT 

A MASS TRANSFER MODEL FOR THE EXTRACTION 

OF Te(IV) IN THE PRESENCE OF Se(IV) USING TRI
n-BUTYLPHOSPHATE AS EXTRACTANT 
M Bandyopadhyay, S Datta and SK Sanyal 
Chemical Engineering Department, Jadavpur University, Calcutta 
700 032, India 

Selenium (IV) and Tellurium (IV), two important elements which have many applications in electronic and metal alloy 
industries, are at present separated from anode slimes (the major source of the two elements), by a pyrometallurgical process 
which results in low recovery of the elements. The mechanism ofTe(IV) separation form Se(IV) in hydrochloric acid media 
by solvent extraction with tri-n-butylphosphate in dearomatized kerosene was investigated earlier.' Mass transfer of Te(IV) 
from the acid to TBP phase was also studied '·2 in a modified Lewis cell. The acid concentration in the aqueous phase was 
maintained at 4.5 mol/dm' . At this concentration Te(IV) transfer was appreciable.' Based on the results a mass transfer 
model was developed.' In the present paper simultaneous extraction of Te(IV) and Se(IV) was studied in a Lewis cell. ' 
Acid concentration was maintained at 6mol/dm' so that Se(IV) transfer was significant along with Te(IV). The present 
model was developed based on the results of the previous model for individual transfer. 2 The model indicates reaction front 
position and extent of extraction for both Te(IV) and Se(IV) under different experimental conditions. The effect of Reynolds 
number and extractant concentration on the extent of extraction was also studied both experimentally and theoretically. It 
was significant that Se(IV) and Te(IV) were extracted in a competitive manner, Te(IV) extraction rate was much higher than 
Se(IV). A comparative study was made for individual and competitive transfer of Te(IV) and Se(IV) with respect to reaction 
front movement. 

Keywords: mass transfer, modelling, selenium(IV), tellurium(IV), TBP, Lewis cell 

INTRODUCTION 

Mass transfer of Te(IV) between an aqueous and an organic phase was studied earlier'·2 in a 
modified Lewis cell. The organic phase was composed of tri-n-butylphosphate in kerosene. The 
transfer rate of Te(IV) from aqueous to the organic phase was very fast particularly from 4.5 mol/dm3 

HCl solution. The rate of extraction was found to be dependent upon stirring speed up to 100 min-'; 
on increasing stirrer speed both kinetics and diffusion can be considered instantaneous. Generally 
Se(IV) is separated from Te(IV) by using TBP as the extractant at 4.5 mol/dm3 HCl concentration. 
This concentration of acid is very much selective for Te(IV) while Se(IV) extraction is found to be 
negligible due to the low solubility of the extracted compound and slow rate of extraction. At higher 
acid concentration, Se(IV) extraction increases and at 6 mol/dm3 or higher acid concentration the 
extraction becomes simultaneous. Theoretical interpretations of the experimental data at 4.5 M acid 
concentration was developed earlier.2 

In the present paper simultaneous extraction of Te(IV) and Se(IV) at 6 mol/dm3 acid 
concentration was studied in detail. The present model was developed based on the results of the 
previous model for individual transfer.2 The model indicates reaction front position and extent of 
extraction for both Te(IV) and Se(IV) at 6 mol/dm3 acid concentration under different experimental 
conditions. 

EXPERIMENTAL 

Material 

The chemicals used in the experiment were of AR grade. The concentrations of Te(IV) and 
Se(IV) taken for the experiment were very low, 0.836 mM and 0.0436 mM respectively, so that this 
does not affect the physical properties of the aqueous and the organic phases. Analytical methods 
adopted were same as described.3 
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Procedure 

The extraction runs were carried in a batch, stirred, jacketed, Lewis cell made of glass . The 
detailed description of the cell and procedure are described 1 and an diagram of the cell is shown below 
where a= variable speed motor, b =stirrer, c =feed point, h = thermowell, e = baflle, f= sample point, 
g =jacket outlet and d =jacket inlet. 

h d 

-e 

g 

f 

The Model 

Experimental studies of the simultaneous extraction of Se(IV) and Te(IV) by TBP, at moderate 
speed and at HCI concentrations of 6 moUdm3 and above was performed earlier.3 No change in 
stoichiometry was noticed for Te(IV) at the higher acid concentrations. However for Se(IV) the 
stoichiometry was totally different.3 

Se02
+ + 2W + 4CI' + 2TBP = (H2SeOC4).(TBPh (1) 

For Te(IV) the stoichiometry was as follows: 

Te4+ + 4 Cr + 3TBP = (TeC4).(TBP)3 (2) 

Other conditions remaining the same, the reaction zone thickness would change for the simultaneous 
extraction of Se(IV) and Te(IV) in the TBP phase. The flux equation of Se(IV) can be expressed by the 
following expression as the main bulk of both the phases are uniformly stirred: 

(3) 

A material balance over the reaction front for Se(IV) and Te(IV) yields the thickness of the reaction 
layer: 

2 d ( 47t R2 LRF [TBP]) /dt = -Dse a d[Se ]/dx (4) 

For the Te(IV) as the stoichiometry is same, the material balance equation is also the same for a 4.5 
moUdm3 acid concentration.2 

3d(47tR2LRF[TBP])/dt = DTead[Te]/dx 
he= kLa([Te]-ml[Te]i) 
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J,. = -kLa ( [Se] - m2 [Se]i) 

The rate of change of reaction front for simultaneous transfer of Se(IV) and Te(IV) gives: 

dLRF ldt =- (Jr e+ J,.) I (5 X 4 7t R2 [TBP]) 

(7) 

(8) 

The individual phase mass transfer co-efficient in the aqueous phase can be evaluated by the following 
expression : 

J = kL a ~C = -(v 1/a) dcldt 

From equations 6, 7 and 9: 

v1d[Te]ldt =he = a[Te]l[11ku+m1(L-LRF)!Dr.] 
vld[Se]ldt = Jse = a[Se]l[l/kL2 +m2(L-LRF )IDse] 

(9) 

{lO) 
(ll) 

Introducing the dimensionless groups and following variables, three different differential equations are 
formed. 

hl = [Te] I [Tet 
El = vl3v . [Tet I[TBP] 
D = Ds.l Dr. 
Bil = kL1 Lml I Dr. 
p = LRFI L 

We get, 

h2 = [Se] I [Set 
E2 = v/2v . [Se]0 I [ TBP] 
vl3v 
Bi2 = kL2 L m2 I Dse 

' = DTIL
2 

dhlld<re = - hl n Bil l{ml[l+ Bil (1-P)]) 
dh21d<se = - h2 n Bi2 Dl(m2[1+ Bi2 (1-P)]) 

AL = v 

dpld<c = - El hi Bil n/m1 [ 1 + Bi1 (1-P)l- E2 h2 Bi2 n Dlm2 [1+ Bi2 (1-P)l 

RESULTS AND DISCUSSIONS 

(12) 
(13) 

(14) 

It was assumed that the distribution co-efficient at the interface was the same as for the bulk 
concentrations. The distribution co-efficient was calculated from the equilibrium values of aqueous and 
organic phase metal concentrations. The Wilke-Chang correlation was used to calculate the diffusion 
co-efficient. Aqueous phase mass transfer co-efficient was calculated from equations 5 and 6 assuming 
the overall mass transfer coefficients is effectively the aqueous phase mass transfer coefficient provided 
both the metals are strongly extracted at 6 molldm3 acid concentration. Detailed calculation of kL was 
given earlier.1 

To use the model, the equations were numerically solved using the fourth order Runge-Kutta 
method. Experimental and theoretical results were compared using an adjustable parameter, the 
distribution co-efficient for different TBP concentrations. This experimental and theoretical results are 
shown in figures 1- 5 for simultaneous extraction of Se(IV) and Te(IV) at 6 mol/dm3 acid concentration. 

From the above figures it was observed that Te(IV) extraction rate is much higher than that of 
Se(IV) extraction even at 6 mol/dm3 acid concentration. For the smaller value oft, say 100 x 10-5, the 
depletion of TBP is mainly due to Te(IV) extraction. From the tables I - 4 it is seen that the reaction 
front increases as the TBP concentration decreases. This is due to the availability of TBP at the 
interface at higher concentration. Comparison of reaction front movement for single metal transfer, i.e. 
Te{IV),2 with the simultaneous extraction of Se(IV) and Te{IV) further indicates that the reaction front 
movement for the initial period is almost same, i.e ., Se(IV) extraction is negligible during this period. 
But for a larger value of t, the change in reaction front position is much rapid for simultaneous 
extraction. For increasing consumption of TBP the resistance to diffusion increases because the solutes 
will now have to move a greater distance to reach the reaction front. Se(IV) has to move a greater 
distance to reach the reaction front because of the presence of Te(IV). 
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Figures 1 and 2 predict higher value of distribution coefficients for Te{IV). This deviation may be due 
to unavailability of TBP at 1 or 3 vol % TBP since TBP extracts simultaneously, Te, Se, acid and 
water. Therefore, a crowding effect may occur and it reduces the extraction efficiency. The deviation 
between the experimental and theoretical results reduces with the increase in TBP concentration. 
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Figure 5. Extraction rate of Se(IV) and Te(IV) from 
6moVdm3 acid solution by 100 vol% TBP 

From the figures it is observed that a large deviation occurs in the experimental and theoretical data for Se 
extraction at the initial period. The reaction between Te and TBP is favoured compared to Se with TBP even at 
6 moUdm3 acid concentration. It is presumed that initially the reaction front movement is solely due to reaction 
between Te and TBP. But in the model, it is assumed that the reaction front moves due to the combined effect 
of Te and Se starting from the initial stage of extraction. Therefore, the movement of reaction front is faster 
during the initial period as is evident from the theoretical prediction and the deviation is high for Se at the 
initial stage. 

Dimensionless 
time 
!2u_TfJ} 
0.00000 
0.00023 
0.00092 
0.00184 
0.00229 

Lgp/L 

1.0000 
0.9991 
0.9979 
0.9970 
0.9968 

Table 1 Change in reaction front position at 1 vol % TBP for simultaneous extraction of Se and Te at 
80 rpm stirrer speed 
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Dimensionless 
time 

l2:u_TIL2 

0.00000 
0.00031 
0.00062 
0.00092 
0.00123 
0.00138 

LBpiL 
1.0000 
0.9993 
0.9989 
0.9987 
0.9985 
0.9985 

Table 2 Change in reaction front position at 3 vol% TBP 

Dimensionless 
time 
l2:u_TIL2 

0.00000 
0.00016 
0.00047 
0.00094 
0.00104 

LRF/L 
1.00000 
0.99979 
0.99958 
0.99946 
0.99942 

Table 3 Change in reaction front position at 10 vol% TBP. 

Dimensionless 
time 
l2:u_TIL2 

0.00000 
0.00005 
0.00014 
0.00032 
0.00042 

L.zy/L 
1.00000 
0.99993 
0.99988 
0.99982 
0.99980 

Table 4 Change in reaction front position at 100 vol% TBP 

NOMENCLATURE 

a interfacial area 
Dmeul molecular diffusivity 
J metal flux 
kL aqueous side mass transfer co-efficient 
L height of the organic liquid phase 
LRF height of the unreacted organic liquid phase 
m distribution co-efficient, [metal]/[metal] 
V volume of organic phase 
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ABSTRACT 

EXTRACTION CHROMATOGRAPHY: EQUILIBRIA 

AND KINETICS 
Alex Schoneberger\ Hans-Jorg Bart\ Anshu Nanoti2 and 
Andreas Wildberger1 

1Lehrstuhl Thermische Verfahrenstechnik, Universitiit 
Kaiserslautern, Germany 
2Indian Institute of Petroleum, Dehradun, India 

The separation of zinc from aqueous solutions using solvent-impregnated-polymers (SIR) was examined. Porous resins e.g. 
Amberlite (XAD 4; XAD 16) and a functionalized inorganic polymer (Deloxan APII) were used as supports and contained 
di-(2-ethylhexyl)phosphoric acid (D2EHP A) as ion exchanger. The equilibrium distribution of zinc was measured and the 
mass transfer kinetics have been examined in a stirred cell. Mass transfer kinetics can be increased dramatically when using 
Deloxan APII instead of the Amberlite supports, due to the different internal pore structures. The transfer of anions with the 
functionalized Deloxan APII, is also discussed. 

Keywords: impregnated polymer, extraction chromatography, aminopoly-siloxane, reactive sorption, extraction kinetics, zinc, 
D2EHPA, XAD 4, XAD 16 

INTRODUCTION 

SIR's combine the techniques of adsorption with reactive extraction. In this method liquid ion
exchangers, known for their reactive extraction, are first adsorbed by macroporous polymers to create 
a SIR. The solute then reacts with the liquid ion-exchanger on the resin. The method combines the 
advantages of a sorption process, the preferable application in the ppm scale, with that of the reactive 
extraction with the great variety of available liquid ion-exchangers. One problem of the method is, that 
kinetics may be slow, depending on the polymers and pore sized used.3 Investigations with di-(2-
ethylhexyl)phosphoric acid irnrnobilised on silica show, that the mass transfer kinetics can be 
increased dramatically by variation of the support.4 In this paper equilibria and mass transfer are 
measured and discussed using different organic porous polymers (Arnberlites) and an inorganic 
material with a hydrophobic and functionalized surface (Deloxan APll). Di-(2-ethylhexyl)phosphoric 
acid is used for the separation of zinc from aqueous solution. The effects of co-extraction of anions by 
means of the amino-functions on Deloxan APll are also considered briefly. 

EXPERIMENTAL 

Materials used 

The di-(2-ethylhexyl)phosphoric acid cation exchanger {AH) was used from BAYER 
(Baysolvex) with the following assay: AH 97.3%, monoacid 0.5%; impurities 2.2%. Hexane (Merck, 
96%) used for impregnation was distilled to remove impurities. All the other reagents are standard 
chemicals of analytical grade and are used without any further purification: [zinc chloride (FLUKA, 
puriss. p.a.), hydrochloric acid, 1 moVdm3

, (Fixanal, Riedel de Haen)]. The polymers were washed 
with distilled water and acetone A.R. and than dried. The physico-chemical properties are summarised 
in the Table 1. Some experiments were carried out by protonating the functionalized groups of 
Deloxan APII. Protonation was carried out by mixing 2 moVdm3 HCI, followed by water washing (100 
bed volumes) to simulate a sorption cycle with acid regeneration. 

An impregnation method reported by Traving et al.5 was used. The AH-loading on the polymer 
was determined by weight balance as well as by CHN-analysis. The loadings were found to be 
comparable with both methods. Equilibria and kinetic experiments were carried out at 25°C in a 
mechanical shaker and in a stirred vessel, respectively. pH was measured using a WTW pH-Ion-Meter 
(pMX 2000), zinc was analysed by atomic absorption spectrophotometer (HITACHI Z 8100) and the 
chloride concentration was determined by silver nitrate titration with a METTLER-titrator. 
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Carrier material XAD4 XAD 16 Deloxan AP II 
Manufacturer Rohm&Haas Rohm&Haas DEGUSSA 

Surface area 760 m2/g 860 m2/g 600 m"/g 
Bead size 0,3 -1,2 mm 0,3 -1 ,2 mm 0,2-0,5 mm 

Average_pore diameter 5,5-8 nm 20-25 nm 30nm 
Material styrene/divinylbenzene Divinylbenzene aminopolysiloxane 

copolymer I polymer 

Table 1 Properties of the polymers 

RESULTS AND DISCUSSION 

Equilibria 

The result of the equilibrium experiments with different initial pH-values is shown in figure 1. 
Like in solvent extraction, the following mass balance must hold: 

Zn2+ + 2b AH H ZnA2(AH)2.b_2 + n H+ (I) 

The mass balance in its logarithmic form reads as: 

logD = n pH+ (log K 1 + b [AH]) (2) 

where D is the distribution coefficient and Kt the equilibrium constant of equation I. Slope analysis of 
both systems (Deloxan APII amd Amberlite) of the zinc extraction reveals ' n' to equal 2, the slope 'b ' 
for the Amberlites is 3, which is in accordance with extraction literature.6 The distribution coefficients 
with Deloxane used are higher (figure2) compared to the Amberlite (XAD 4, XAD 16). This indicates 
the effect of the support on the zinc separation, since obviously the polysiloxan support with even the 
smallest inner surface has promoted the activity of AH and thus the extraction equilibria. This change 
in activity causes even a deviation from the slope 'b' with Deloxan (b = 3.7). 

1000 

:I: 100 
c 

10 

0 

•XAD 4; X= 1.9 mol/kg 

o Deloxan APII ; X= 1.68 mol/kg 

1.2 1.4 1.6 1.8 2 2.2 2.4 2.6 2.8 

pH 

Figure 1. Distribution coefficient v/s pH with different supports 
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Figure 2. Distribution coefficient v/s AH-loading with different supports 

Deloxan with its aminopolysiloxan structure enables also anion extraction according equation 3: 

HCI + R3N <=> R3NHCI 

with the equilibrium constant : 

CR3NHCI 
K2 = ---"----

cHci. CR3N 

and the mass balance: 

CR3N = CR3N,O - CR3NHCI 

(3) 

(4) 

(5) 

Further experiments were carried out with various chloride concentrations to quantify the chloride 
sorption on protonated as well as on unprotonated Deloxan APII. The results are compared in figure 3 
and can be described by the following equation, calculated from equations 4 and 5: 

K2 . CHCI,a. CR3N,O 
CCI s = (6) 

' l+K2 ·CHCI 

The equilibrium constant K2 for both curves is 60 dm3/mol. The concentration of amine-groups 
cR3N,O that are able to react with chloride is 2.4 mol/kg at the unprotonated Deloxan APII (see upper 

line in figure 3) which is comparable to the results of the CHN-analyses (2.3 mol/kg nitrogen in the 
Deloxan APII). The analysis of the protonated Deloxan (bottom line in figure 3) indicates that 1.2 
mol/kg amine-groups are available for anion exchange, which is independent of the AH-loading of the 
polymer. 

Kinetics 

Experiments were carried out with various loadings of D2EHP A on the polymer XAD 4 
(figure 4), which can be interpreted in the following way. In the first step small pores are first filled 
with the ion exchanger during impregnation. Than the bigger pores are loaded with D2EHPA.7 This is 
confirmed by the experiments shown in figure 4, because the equilibrium is reached earlier, if the 
loading of D2EHP A is high. In the larger pores the diffusion is fast and the zinc complexes can easily 
be formed. Because at small loadings only tiny pores are filled with the ion exchanger, the mass 
transfer is decelerated from the start. In comparison Deloxan APII shows a quite different behaviour 
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(figure 5) since equilibrium was reached within 4 minutes while XAD 4 needs hours under similar 
conditions. The increasing rate can be explained with the pore structure of the polymer. The pore size 
is larger and the pore size distribution is narrow in Deloxan APII, so the zinc complexes can easily be 
formed. This is also confirmed by the works of Tavlarides et al. ,4 who used a macro-porous silica as 
carrier material instead of Amberlite thus increasing the rate of mass transfer dramatically. 
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Figure 3. Chloride sorption on Deloxan APII various AH-loadings (0 - 1.67 mol/kg) 

-=:: 
0 
.§. 

.._ 
c 
N 
u 

0.0025 

0.002 

0.0015 

0.001 

0.0005 

0 
0 50 100 150 

)( 

200 250 

t [min] 

x X = 1 ,4 mol/kg 

• X = 1 ,85 mol/kg 

oX = 2,3 mol/kg 
X 

300 350 400 

Figure 4. Experiments with various loadings of AH (2.3; 1.85; 1.39 mol/kg) on XAD 4 initial 
zinc concentration= 2.29 mmol; initial pH-value = 3.5; 

The functionalized structure of the Deloxan APII leads to a sorption of chloride, in form of 
HCl, parallel to the zinc sorption. So experiments with various loadings of AH on the Deloxan APII 
(figure 6) show that the sorption of chloride at a lower AH-amount is more significant. This may even 
lead to an increase in pH-value (upper line in figure 6) and a neutralisation of the aqueous solution, 
according to equation 4. This has a positive effect on the very pH sensitive zinc sorption. 
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Figure 5. Comparison of XAD 4 and Deloxan APII with equal loading of AH = 1.39 moUkg 
initial zinc concentration= 2.29 mmol/1; initial pH-value= 3.5 . 
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Figure 6. pH v/s time initial zinc concentration= 2.29 mmol/1; initial pH-value= 3 

CONCLUSIONS 

A problem with Solvent-Impregnated-Polymers is that the mass transfer may be slow, so the 
technique cannot be used in industrial scale, due to large residence times needed. An alternative carrier 
is e.g. Deloxan APII (DEGUSSA, Hanau, Germany) with additional functional groups which shows 
excellent mass transfer characteristics. Another feature is that the amine groups on the polymer react 
with anions at the same time depending on the regeneration technique. This effect can be turned on 
and off. The anion reaction mechanism is independent of the D2EHPA-loading and the cationic zinc 
sorption. It may lead to a neutralisation of the aqueous solution, which has a positive effect to the pH 
sensitive zinc sorption, giving a further optimisation potential of the overall process. 

931 



Proceedings ISEC'99 

ACKNOWLEDGEMENT 

We express our thanks to "DEUTSCHE BUNDESSTIFTUNG UMWELT, 49007 Osnabrock, 
Germany" (grant no.: 6000/317), "DEUTSCH FORSCHUNGS-GEMEINSCHAFT, 53170 Bonn, 
Germany" (grant: DFG-INSA) for supporting this project and "DEGUSSA, Hanau, Germany" for the 
donation of Deloxan APII. 

REFERENCES 

1 Juang R-S and Su J-Y, Ind. Eng. Chern. Res., 31,2774, (1992) 
2 Cortina JL, Miralles N, Aguilar M and Sastre AM, Solvent Extract. Ion Exch ., 12(2), 371, (1994) 
3 SchOneberger A and Bart H-J, CHISA Prag '98 (1998) 
4 Tavlarides LL and Nandkumar VD, Ind. Eng. Chern. Res. 36, 399, (1997) 
5 Traving M andBartH-J, Proc. ISEC '99, Barcelona (1999) 
6 Sainz-Diaz CI, Klocker H, Marr Rand Bart H-J, Hydrometa/1., 42, I, (1995) 
7 Jerabek K, Hankova L, Strikovsky AG and Warshawsky A, React. Func. Polymers, 28, 201 , (1996) 

932 



Kinetics and Interfacial Phenomena 

ABSTRACT 

COMPUTER SIMULATION OF INTERFACIAL 
BEHAVIOUR OF N-8-QUINOLYLSULFONAMIDE FOR 
THE EXTRACTION KINETICS OF COPPER 
F Nakashio, A Sakoguchi, E Zushi, R Ueoka and K Yoshizuka1 

Department of Applied Chemistry, Kumamoto Institute of 
Technology, Ikeda 4-22-1, Kumamoto 860-0082, Japan 
1Department of Applied Chemistry, Saga University, Honjyo 1, 
Saga 840-8502, Japan 

Both the semi-empirical molecular orbital method and molecular dynamics at the water-toluene interface are employed in 
order to elucidate quantitatively the mechanism of formation of Cu(II), Zn(Il) and Co(II) complexes with N-8-
quinolylsulfonamides (CnphSAQ) at the liquid-liquid interface. The computer simulation reproduced that the experimentally 
observed extraction rate is affected by the adsorption of CnphSAQ and metal complex at the interface. A quantitative 
structure property relationship (QSPR) was obtained . between the strain energy to the complex formation and extraction 
equilibrium constant. 

Keywords: extraction kinetics, interfacial behaviour, computer simulation, N-8-quinolylsulfonamide, semi-empirical 
molecular orbital method, molecular dynamics simulation, copper, zinc, cobalt 

INTRODUCTION 

The common extractants used for metal extraction in hydrometallurgical processes are 
generally amphiphile, having both the hydrophobic long alkyl chain to reduce the solubility loss into 
water and hydrophilic coordinating group to metal. ·Due to this property, the extractant exhibits 
interfacial activity and is adsorbed at the oil-water interface. 
Recently, the computer simulation is one of the important tools in chemistry? In a few published 
reports, the liquid-liquid interfacial behaviours in the solvent extraction were studied.4 '

6
'
10 

In a previous paper, 11 the effect of hydrophobicity of extractant on extraction kinetics of 
copper with four kinds of N-8-quinolylsulfonamide (CnphSAQ) of different alkyl-chain length was 
elucidated using a hollow fiber extractor. It was also reported that the extraction rate is controlled by 
the interfacial reaction in the range of low pH and by diffusion of the extractant or copper in the range 
of high pH, and that the effect of hydrophobicity of the extractants on the interfacial reaction is more 
remarkable as compared with those on diffusion. 

In this paper, the computer simulation of the structures of CnphSAQs having different alkyl 
chains in each solvent (water and toluene) was carried out with the PM3 type of semi-empirical 
molecular orbital method, and also the molecular dynamics simulation of adsorption behavior of the 
extractants and metal complexes at the toluene-water interface was carried out. The effect of 
hydrophobicity of the extractants on the interfacial reaction will be discussed on the basis of the 
computer simulation. 

EXPERIMENTAL 

Semi-empirical molecular orbital (MOl calculation 

The structural formula of N-8-quinolylsulfonamide (CnphSAQ) is shown in Figure 1. The 
optimized geometries of CnphSAQ were obtained by the semi-empirical molecular orbital method 
(PM3) s) with MOPAC93 9>. The optimized geometries of CnphSAQ in t<>luene calculated by the 
Conductor-like screening model (COSMO) s) method implemented into MOPAC93 were almost 
consistent with those in water. The initial geometries of metal complexes were constructed from the 
optimized geometries of CnphSAQ in toluene. 
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Figure 1. Structural formula ofN-8-quinolylsulfonamide (CnphSAQ). 

Molecular dynamics (MD) simulation 

The molecular dynamics simulations were performed with the molecular modeling program 
(HyperChem) and the MM+ force field developed principally for organic molecules as a extension of 
MM2.1 The liquid-liquid boundary cell (3 x 3 x 6 nrn3

) was prepared by two adjoining rectangular 
boxes of pure water (892 molecules) and toluene (157 molecules). In these boxes, the experimental 
densities of water and toluene were reproduced, respectively. The liquid-liquid cell was optimized 
under NVT ensemble for 1000 ps. After setting CnphSAQ or metal complex at the interface of the 
cell, the MD simulation were run under NVT ensemble for I 00 ps. 

Quantitative structure propertv relationship (QSPR) 3 

The extraction of metal (M2+) with CnphSAQ (HR) are expressed by: 

M(H20)62+ + 2HR ~ MR2 + 2H30+ + 4H20 (1) 

The strain energy contribution to the complex (MR2) formation is given by: 

tiUM = ( UMR2 + 2UIDOi- + 4Umo ) - ( UM(H20)62+ + 2UHR) (2) 

where Ui ( i = MR2, H+, M2+ and HR ) are the strain energies of component i. The relationship of 
free energy (tiGM) for the complex formation and extraction constant (l<ex,M) is expressed as follows . 

tiGM =- RT In l<ex,M (3) 

From Eqs.(2) and (3), the following equation is obtained : 

CiUM - fiUco = a In {Kex,M I ~<ex, Co ) (4) 

where CiUM - fiUco is the relative strain energy with respect to that of Co(II) compounds . a is the 
apparent QSPR constant. 

RESULTS and DISCUSSION 

Optimized geometries of CnphSAO and metal complexes 

The structures of CnphSAQ from quinoline ring to benzene ring were almost the same in spite 
of alkyl chain length. 7 Longer alkyl chain is attached to CnphSAQ, more bent and coiled alkyl chain 
is observed. 

The Cu-CnphSAQ complexes (1 :1 stoichiometries) had almost the same structures 
corresponding to CnphSAQ. Figure 2 shows that the optimized geometries Cu-C12phSAQ complexes 
(1:1 stoichiometries) and C12phSAQ. The structures of 1:2 complexes shown in Figure 3, especially 
from quinoline ring to benzene ring, were different from those of CnphSAQ and 1:1 complexes. 
Furthermore, the hydrophobic groups of Cu-CnphSAQ ( 1 :2) complex were located on the one side of 
quinoline ring and Cu-C 18phSAQ (1:2) complex was covered with the hydrophobic groups, as shown 
in Figure 3. 
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MD simulation of the adsorption of CnphSAO and metal complexes at the liguid-liguid interface 

In our previous work, 7 it was found that the sulfonamidequinoline (SAQ) group of CnphSAQ 
was adsorbed in a parallel with the interface and that the alkyl chain was elongated in the bulk toluene 
phase. 

Cu:C1 2phSAQ (l:l) 

Figure 2. Optimized geometries ofCl2phSAQ and Cu-Cl2phSAQ complex (l:l) in vacuo calculated 
by the semi-empirical molecular orbital method. 

The interfacial area occupied by a molecule of CnphSAQ obtained by the measurement of interfacial 
equilibrium is almost equal to the projected area of SAQ group.12 Figure 4 shows that the SAQ group 
of metal complexes (I: I stoichiometries) was adsorbed perpendicular to the interface. It is suggested 
that the conformation of the alkyl chain affects the interfacial behaviour, especially the metal complex 
formation at the interface. 

Cu:CnphSAQ (1 :2) Cu:C1sphSAQ (1 :2) 

Figure 3. Optimized geometries of Cu-CnphSAQ complex (1:2) in vacuo calculated by the semi

empirical molecular orbital method. 
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Organic phase 

Interface 

Aqueous phase 

(A) (B) 

Figure 4. MD simulation of (A) CnphSAQ and (B) Cu-C12phSAQ (1:1) complex at the water
toluene interface. 

OSPR of extractability trends of Cu(II), Zn(II) and Co(II) with CnphSAO 

A plot of (~UM - ~Uco) vs In (~x.M I ~x.co) revealed a good linear relationship, as shown in 

Figure 5. It is suggested that the neglected terms are constant or linearly dependent on the strain 

energy for compounds in this study. 
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Figure 5. QSPR between (~UM- ~Uco) and In (~x.Mf ~x.co) 

CONCLUSION 

The computer simulation reproduced the mechanism of complex formation at the liquid-liquid 
interface and the effect of a hydrophobic alkyl chain on the experimentally observed extraction rate. A 
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quantitative structure property relationship (QSPR) was obtained on the correlation of the calculated 
strain energy difference for complex formation and the relative extractability. 

NOMENCLATURE 

free energy difference in complex formation 
extraction equilibrium constant 
gas constant 
temperature 
strain energy of species j 
strain energy difference in complex formation 
apparent QSPR constant 

REFERENCES 

l. Allinge NL, J. Am. Chern. Soc., 99, 8127, (1987). 

[Hmot1
] 

[ -] 
[kJ·mot 1·K 1

] 

[K] 
[kJ-mol"I] 

[kJ-mon 
[ -] 

2. Clark T, 'Guidebook of Computational Chemistry', Wiley-Interscience, New York, USA (1988). 
3. Comba P, Gloe K, Inoue K, KrtigerT, Stephan Hand Yoshizuka K, Inorg. Chern., 37, 3310, (1998). 
4. Guilbaud P and WipffG, NewJ. Chern., 20,631, (1996). 
5. Klamt A and Schuurmann G, J. Chern. Soc. Perkins Trans. 2, 799 (1993). 
6. Lauerbach M, Engler E, Muzet N, Troxler Land Wipff G, J. Phys. Chern. B, 102,245, (1998). 
7. Sakoguchi A, Zushi E, Ueoka R, Nakashio F and Yoshizuka K, Kagaku Kogaku Ronbunshu, to be 

submitted. 
8. Stewart JJP, J. Comput. Chern., 10(2), 221, (1989). 
9. Stewart JJP, 'MOPAC93, a molecular orbital package', JCPE P081 , Stewart Computational Chemistry, 

Colorado Springs, USA (1993). 
10. Watarai H, Gotoh M and Gotoh N, Bull Chern. Soc. Jpn., 70, 957, (1997). 
11. Yoshizuka K, Kondo K and Nakashio F,J. Chern. Eng. Japan, 19,396, (1986a). 
12. Yoshizuka K, Kondo K and Nakashio F, J. Chern. Eng. Japan., 19, 258, (1986b) 

937 



Proceedings ISEC'99 

938 



Kinetics and Interfacial Phenomena 

THE LAP-MODEL- A NEW APPROACH FOR 

MODELING KINETICS OF REACTIVE EXTRACTION 
M Roos and H-J Bart 

ABSTRACT 

Lehrstuhl Thermische Verfahrenstechnik, Universitiit 
Kaiserslautem, Germany 

A new model for extraction kinetics involving interfacial reactions has been developed using a Limited number of 
Adsorption Places (LAP) in the interfacial area for the formulation of reaction kinetics. This model allows the calculatation 
of the kinetic constants of each reaction step and makes them transferable to other systems. An extension to multi-component 
simultaneous transfer reactions has been included. 

Keywords: reactive extraction, reaction kinetics, interfacial adsorption, simultaneous mass transfer 

INTRODUCTION 

In the last decades, a lot of reaction mechanisms for extraction of ions have been developed 
assuming two or more consecutive reaction steps including two or more species being adsorbed in the 
liquid interfacial area.' ·2 Transforming all the equations, one expression for the transfer rate can be 
developed containing several parameters. These can be determined by regression from experimental 
results. But with none of these models has it been possible to calculate the concentrations of the 
intermediate (adsorbed) products, since it is impossible to separate all the included kinetic 
parameters. 

The aim of this study was to describe the extraction rates up to equilibrium and to evaluate all 
included reaction constants. These ought to be transferable to comparable systems. The new model 
should also be extendable to simultaneous transfer reactions. 

In this work, the new LAP-model is introduced for the extraction of organic and inorganic 
acids with tri-n-octylamine. Additionally it is also applicable for other reactive extraction systems 
with strongly interfacial active ion exchangers. 

THEORETICAL BACKGROUND 

It has been known for a long time that it is possible to extract organic and inorganic acids with long 
chain ternary amines. The reaction site of this extraction is in the interfacial area because of the 
surface activity of the liquid ion exchangers. For the extraction of hydrochloric acid (HCl) with tri-n
octylamine {TOA) the following reaction steps have been considered by Danesi et aP: 

k, 

TOAad + W <=> TOAH:d 
k_, 

Rl: 

k, 

R2 : TOAH:d + Cl- <=> TOAHCiad 
k _, 

__ k, 

TOAHCiad + TOA <=> TOAHCI + TOAad 
k_, 

R3 : 

Typically the second step is assumed to be fast ( Keq2 = k2 / k_2 ).This leads to the total reaction rateR: 

k, · ([TOA]. [w]. [cl-]- -1 
(TOAHCI ]l 

R = Kex 

1

) (TOA d] 
[ToA]. [cl-] + k_, a 

k3 · Keq2 

(1) 

Now, the two parameters C1 and Cz can be estimated to describe the measurements. 

© 2000 Society of Chemical Industry 939 



Proceedings ISEC'99 

c - k_l 
2 -

k3 ·Keq2 
Sometimes it can be seen, that the amount of adsorbed TOA has been calculated according to the 
Langmuir-equation (two parameters). Then, it is possible to describe the kinetic data with four 
parameters. Both methods assume that the amount of adsorbed TOA is either constant or only 
depending on the concentrations ofTOA in the organic phase. 

The problem with this formulation of the extraction kinetics is, that the reaction kinetic 
constants of each single step cannot be evaluated. Without them, it is impossible to transfer the 
parameters (for example of the protonation, which should be independent from the anion) from one acid 
to another. In particular it is not clear how large the concentrations of the two other adsorbed species 
are and if they are in a proper order of magnitude. 

EXPERIMENTAL 

Chemicals and Analytical Procedures. 

Hydrochloric acid (FIXANAL, Riedel de Haen), acetic acid (ROTIPURAN, >99.7 %) and 
sodium acetate (Riedel de Haen, >99 %) are used to prepare the acid solutions of various 
concentrations. Tri-n-octylamine (TOA, >95 %Henkel) is diluted by toluene (Riedel de Haen, > 99.7 
%). All chemicals except TOA (once washed with aqueous NaOH solution) are used as received. 

The aqueous and the organic samples were weighed with a Sartorius R300S (0.1 mg) and 
analyzed for total acid concentration using an autotitrator (Mettler DL25) with NaOH (FIXANAL, 
Riedel de Haen, different concentrations). For lower hydrochloric acid concentrations, the electrical 
conductivity was recorded (WTW LF 2000/C). 

Mass transfer 

For kinetic investigations in this work a vibration cell (V = 323 cm3
, A= 44.lcm2, f= 50Hz) 

proposed by Hancil was used. The description can be found elsewhere4 For all the results presented, 
kinetic limitation during mass transfer was achieved. 

Interfacial tension 

The samples were equilibrated for at least 24 hours and then separated in a centrifuge. 
Afterwards the interfacial tension was measured in a droplet volume tensiometer (TVTl, LAUDA). 

DEVELOPMENT OF THE LAP MODEL 

For the development of the LAP-model the previously mentioned three-step reaction mechanism 
for the extraction of hydrochloric acid is used. Additionally, one important assumption is made: 

The number of adsorption places in the interfacial area is limited, but interfacial activity of 
the species is strong enough to keep all places occupied 

This means, that the sum of the concentrations of the adsorbed species is equal to the maximum 
concentration MAX: 

[TOAad] + m ·lTOAH:d j + n · [TOAHCiad] = MAX (2) 

A second assumption is that every adsorbed molecule needs the same surface area (so that m = n = 1). 
Here, this seems to be reasonable because the size of each species is dominated by the TO A. If more 
detailed information are available, this could also be rejected. 
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Substituting the second and the third term of equation 
concentration of adsorbed TOA can be calculated: 

(2) by the corresponding rate term, the 

[TOAad] 

MAX + R-(- 1 - r1 ]] 
k_1 k 3 • TOA 

. (3) 

This can be inserted into eq. (1) and solved explicitly in R: 

R = ([TOA]. (w]. (cl-)- -1 ~OAHCI)J. MAX 
Kex 1

) denom 
(4a) 

with 

den om = _!__ . ['roA J.[c1-]+ k_1 + . [w] ... 
kl Keq2 . kl . k3 Keq2 . k3 

.. . +_.!._· (w ].(cr )+~- (TOAHCI].(CI- )+ 1 
[TOAHCI) 

k3 k3 . kl Kex . k_l 

(4b) 

The obtained equation contains the kinetic parameters k~, k~, K.q2 and k3 (k_3 can then be calculated 
from K.x) and the maximum number of adsorbtion places MAX. 

RESULTS AND DISCUSSION 

To reduce the number of parameters, the maximum number of adsorption places MAX was estimated 
by measurements of the interfacial tension of TOA/toluenelwater (see figure 1). They show a linear 
decrease in interfacial tension for increasing TOA concentrations. From the Gibbs equation: 

r - __ 1__ ocr 
- m-T a~n[ToAD 

it can be seen, that the interface is saturated and MAX= 1.24 mmoVm2
• 

30 

E z 25 .s 
g 20 
-~ 

.! 15 
c;; 

~ 10 

~ 
5 

-6 -5 -4 -3 -2 -1 

ln ( [TOA)/ [mol/kg toluene]) 

0 

Figure l:Interfacial tension ofTOA I toluene I water at 25°C 

(5) 

With this, good agreement between measurement and calculations are possible for each investigated 
acid. However, the kinetics of the protonation, which is included for every acid, depends on the kind of 
anion and for acetic acid on the amount of added sodium acetate, which shifts the pH and the anion 
concentration. 
To avoid this inconsistency, the model was modifed as follow: The protonation is fast and both other 
reaction steps are slow. This leads to: 
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R= (6) 

Then, equation 3 can be inserted and solved explicitly in R. This leads to an equation which is similar to 
equation 4 a+b. Only the denominator changes to: 

denom = _.!._. ['roA ].[w ]+ k_2 + ~. [w] ... 
k2 Keql . k2 . k3 k2 . k3 

The equation obtained contains 
the kinetic parameters Keqh k2, 
k_2 and k3 (k..3 from Kex) and the 
maximum number of adsorption 
places MAX, which is given 
above. In figure 2 a comparison 
between measurements and the 
LAP-model (equation 7) for 
hydrochloric acid extraction is 
given for two mass transfer 
experiments . The model is able 
to describe the experiments in a 
pH-range from 0.5 to 3. 
The obtained equilibrium 
constant Keq1 for the protonation 
can be used for the acetic acid 
extraction. Only three 
parameters (k2, k_2 and k3) have 
to be estimated. For acetic acid, 
phase equilibria are a little more 
complicated. 5 In the aqueous 
phase, most of the acid is 
undissociated but only the 
dissociated acid influences the 
extraction rate. With the 
addition of sodium acetate, pH 
and acetate concentration can be 
varied. At higher acetic acid 
concentrations in the organic 
phase, higher complexes (e.g. 
three HAc for every TOA 

(7) 
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Figure 2: Extraction kinetics of hydrochloric acid at 25°C 
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Figure 3 : Extraction kinetics of acetic acid at 25°C 

molecule) have to been taken into account. For these concentrations, no kinetic limitation could be found 
so this effect has not been included in the model. 

Extension to simultaneous mass transfer 

For the case that protons and two different anions are present in the aqueous phase (for example 
simultaneous extraction of two acids or extraction of an organic acid in the presence of a salt) the model 
can be extended. Then, it is necessary to include two more reactions (e.g. for acetate): 
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k, 

R4: TOAH:d + Ac- ~ TOAHAcad 
k_. 

-- k, 
TOAHAc ad + TOA ~ TOAHAc + TO A ad 

k_, 
RS : 

Now, there are four adsorbed species at the interface: 

[TOAad] + lTOAH:dj + [TOAHCiad] + [TOAHAcad]= MAX (8) 

The rate equations (one for each transferred acid) can be developed in a similar way. Again the 
protonation is assumed to be fast. For hydrochloric acid this leads to an equation like equation 7 again, 
only the denominator has to be extended: 

den om with acetate = denomwithout acetate .. . 

1 f:-] k 
- ·tTOA +--

2 
{ ~ 

+ k2 _ k2 ·k3 . _!__ [w ].(Ac- )+ 1 ~OAHAc] 
_!_. [TOA ]+ ~ ks Kex,aceticacid · k_4 
k4 k4 ·ks 

(9) 

Without acetate present in the system (neither in the aqueous nor in the organic phase), this extention 
reduces to zero. The rate equation for the simultaneous acetic acid extraction looks quite similar. 

CONCLUSIONS 

The LAP-model assumes a limited number of adsorption places to be available at the liquid interface. 
For the extraction of organic and inorganic acids with tri-n-octylarnine (TOA) diluted in toluene, the 
LAP-model has been applied to a three-step reaction mechanism. The number of adsorption places has 
been estimated by measurement of the interfacial tension. With the LAP-model, it is possible to evaluate 
all parameters of the single reaction steps . Especially, the obtained parameters are consistent because 
the protonation is assumed to be fast with the identical equilibrium constant for all experiments. To 
describ the simultaneous reaction of two acids, the LAP-model has been extended. In the appendix, 
some ideas to reduce the number of necessary kinetic parameters are given. 

APPENDIX 

At equilibrium (no mass transfer, R = 0), the LAP-model delivers also the composition of the 
adsorbent. From eq. (3), the concentration of adsorbed TOA can be calculated to 

MAX 
[TOAad] (Al) 

I+~. [w ]+ k_3 . .i......J=='t_.. 
k_l k3 

From further measurements of the interfacial tension, it should be possible to gain equilibrium 
parameters for the single reaction steps and hence to reduce the necessary number of parameters to 
describe the mass transfer experiments again. 
Another point is, with the LAP-model also the concentration of protonated TOA 

[ ] 
MAX -K .fw) 

TOAH:d = + eql ~ + _ (A2) 
1 + Keql · [H ]+ Keql · Keq2 · [H ].[c1 ] 

can be computed. This implies a positive electrical loading to be located at the interface. In Figure AI, 
the concentration of protonated TOA for hydrochloric and for acetic acid, calculated with the LAP
model, is shown. Between a pH-value of2 and 3, a maximum in the concentration ofprotonated TOA, 
slightly depending on the kind of acid, is predicted. First results show the same tendency, a positive 
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electrical loading has been measured for acetic acid by Czapla and Bart6 using a light scattering 
teclmique to study the electrophoretic mobility of oil in water emulsions. 
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Fie;ure Al: Electrical loading of the liquid interface 
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ABSTRACT 

COMPARING CYANEX 301 WITH D2EHPA FOR THE 

EXTRACTION OF NICKEL THROUGH EMULSION 

LIQUID MEMBRANES 
A Hoffmann, M Verhaege and RF De Ketelaere 
Chemical and Biochemical Research Centre CBOK, Dept. KlliO, 
Gebroeders Desmetstraat 1, B-9000 Gent, Belgium 

A comparison concerning the transport of nickel from an aqueous phase related to emulsion stability for Cyanex 30 I and 
D2EHP A containing Emulsion Liquid Membrane (ELM) systems has been made. The results of the extractants at two 
different concentrations (3%, 20%) combined with two surfactants (Span 80 and Parabar 9551) at two concentrations (3%, 20 
%) and for different strip acidities (I molldm3

, 3 molldm3 H2S04) have been directly compared to each other. It was found 
that Cyanex 301 is a better extractant for nickel than D2EHPA. Due to the better stripping kinetics a 3% Cyanex 301 
containing membrane is better than 20 %. Furthermore it was found that Cyanex 301 forms very stable with only moderately 
swelling of emulsions in combination with Parabar 9551 . Cyanex 301 in combination with Span 80 shows better extraction 
results but leads to a higher emulsion swelling. Extraction with D2EHP A is only satisfactory for 20% concentrations in the 
membrane phase and leads to strip phase leakages in combination with Parabar 9551. Satisfactory nickel extraction with 
D2EHP A could only be obtained with 3 % Span 80 concentration in the membrane phase 

Keywords: emulsion liquid membrane, nickel, Cyanex 301 , D2EHPA 

INTRODUCTION 

European electroplating industries are more and more forced by the European authorities 
(P ARCOM) to increase their efforts for waste water management due to the lowering of the 
concentration levels for heavy metal ions output in process water. Emulsion Liquid Membranes 
(ELM) have the ability to work in this concentration range and have been widely investigated for the 
removal of metal ions from waste waters and separation of organic acids. 1 

For the recovery of nickel from aqueous solutions several investigations have been made. The 
extractants tested with liquid membranes for nickel extraction are di-(2-ethylhexyl)phosphoric acid 
(D2EHPA)! ·2•

3 di-(2-ethylhexyl)dithiophosphoric acid (DTPA)1 and LIX 65NY Recently 
investigated extractants are LIX 84 and LIX 860! Among these D2EHPA is seen as the most suitable 
one for nickel. 2'

3 

Bis-(2,4,4-trimethylpentyl)dithiphosphinic acid with the commercial name Cyanex 301 
belongs to the dialkyldithiophosphinic acids and was originally developed to recover zinc from 
effluent streams of viscose rayon plants.• It shows also very strong extraction for nickel ions but due 
to its extremely slow stripping kinetics1 it is nearly unknown for liquid membranes and di-(2-
ethylhexyl)dithiophosphoric acid (DTPA) is recommended for ELM1 although its chemical stability is 
a point of discussion. 1 

The purpose of this research was to compare the two extractants Cyanex 301 and D2EHPA in 
combination with the ELM technique. Matters of interest were the actual feed and strip concentrations 
and the emulsion stability depending on the choice of surfactants. One being the well documented 
Sorbitan Monooleate (Span 80) and a polyamine (Parabar 9551). 11

•
13

•
14 

EXPERIMENTAL 

The experiments were carried out in laboratory scale equipment. The feed phase was a model 
solution containing 550 ppm Ne+ prepared with NiS04• 6H20 salt and mQ water. As stripping agent a 
95-97 % H2S04 solution was used and diluted with mQ water. 

The organic membranes were prepared with Shellsol DlOO (Shell) as the solvent, Cyanex 301 
(Cytec) and D2EHPA (Merck) were used as extractants and Span 80 (Sigma) or Parabar 9551 
(EXXON Chemical) as surfactants. 

All chemicals were used as delivered. 
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The volume ratio of the feed phase to the emulsion was 5 I 1 (375 I 75 cm3
) and strip phase to 

organic membrane phase 1 I 2 (25 I 50 em\ see also table 1: 

Feed Ni"+; 550 ppm Starting pH 5.3 
Strip H2S04 1 and 3 molldm' 
Volume Proportions: 

Feed/Emulsion: 5/1 (375 cm3/75 cm3
) 

Organic/Strip: 2/1 (50 cm3/25cm3
) 

Organic Membrane: 
Extractant: 3 and20% 
Surfactant: Parabar 9551, Span 80, 1 and 3% 
Solvent: Shellsol DlOO 

Duration of experiment 60 minutes 
Mixer Speed 300 rpm 
Emulsion supply 4.5 cm' /min 

Table 1 Experimental conditions 

At first the surfactant and the extractant were dissolved in the organic solvent. Then the 
aqueous strip phase and the organic membrane phase were emulsified with an Heidolph Diax 900 at 
24 000 rpm for 1 minute. 

The feed solution was placed in an unbaffied separatory funnel (95 mm 0) containing a pH 
electrode and a Pt 1 000 for temperature measurement. The contents of the separatory funnel were 
stirred with an Eurostar digital drive from IKA at 300 rpm and an off-centred PP propeller with two 
pitched plates (15 x 15 x 8 mm, W x H x 0). 

The emulsion was then pumped into the feed phase at a flow rate of 4,5 cm3/min. The start of 
the experiment was when the first emulsion droplet fell into the feed phase. Samples of approximately 
2 cm3 aqueous feed were taken out of the solution with a 5 cm3 pipette at 0, 3, 5, 10, 15, 20, 30, 45, 60 
minutes and additionally the temperature and pH values were noted. 

After 60 minutes the stirrer was stopped and the emulsion was allowed to separate from the 
aqueous feed phase. Subsequently the volumes of the feed phase and the emulsion were measured with 
a 100 cm3 measuring cylinder. 

The emulsions were split in an alternating current electrical field at 50 Mhz and 3000 V in a 
glass tube with an inner diameter of 13 mm using concentrical electrodes. 

The nickel concentration was determined by atomic absorption spectrometry. 

RESULTS 

The goal for these experiments was to compare directly the results between the two extractants 
under different conditions as extractant concentrations, different surfactants and acidity of the strip 
phase. Therefore the carriers were combined at two concentrations (3%, 20 %) with two surfactants 
(Parabar 9551 , Span 80) at two concentrations (1%, 3%) and all these combinations have been tested 
with two different H2S04 strip solutions (1 molldm3

, 3 mol!dm3
) . 

The poor stripping characteristics of Cyanex 301 at 20% could be confirmed and are not 
shown. Extraction results with 3% D2EHPA are also not shown due to its extremely low performance. 
Thus 16 experiments will be explained in detail. They are divided into extraction, stripping and 
emulsion stability. 

Extraction 

An example for the different extraction characteristics between Cyanex 301 and D2EHP A is shown in 
figure 1. Assuming the decrease of the concentration can be expressed as a second order equation (see 
figure 1) this membrane composition extracts about twice as fast nickel with 3% Cyan ex 3 0 1 than with 
20%D2EHPA. 
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Figure 1. Example for different extraction kinetics for Cyanex 301 and D2EHP A 

The concentrations after 60 minutes of extraction time for the chosen experiments are shown in figure 
2. Except for one membrane composition the nickel concentrations with 3% Cyanex 301 are always 
lower than with 20% D2EHP A. Parabar 9551 shows a higher nickel mass transfer resistance than Span 
80, which is typical for polyamines.1 
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Figure 2. Nickel feed concentrations after 60 minutes extraction 

Stripping 

Cyanex 301 shows the best stripping characteristics with a 3 moVdm3 H2S04 strip solution and 
3% Parabar 9551 concentration, as shown in figure 3. Generally 3% Parabar 9551 concentrations and 
3 moVdm3 H2S04 perform better. At lower surfactant concentrations and 1 moVdm3 H2S04 
Cyanex 301 strips better with Span 80. The maximum of 1888 ppm nickel in the strip can be reached 
with 3% Cyanex 301 3% Parabar 9551 and 3 moVdm3 H2S04. 

D2EHP A shows inhomofeneous results. It strips better at 1% surfactant concentrations and 
generally better with 1 moVdm H2S04 but for a 3% Span 80 containing membrane the nickel 
concentration in the strip phase is higher with a 3 moVdm3 H2S04 strip solution. 
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Figure 3. Nickel strip concentration after 60 minutes extraction 

Emulsion Stability 

Another property of ELMs is the emulsion swelling which is introduced as : 
V, - v S = E,60 E,O 

VE,O 

where VE.o is the starting volume of the emulsion end VE,fiJ the emulsion volume after 60 minutes of 
extraction. This volume change is only due to water permeation across the membrane because the 
organic membrane phase volume was observed to remain constant. 

Cyanex 301 in combination with Parabar 9551 shows less swelling than D2EHP A which even 
leads to strip phase losses, as shown in figure 4. D2EHPA shows less water permeation for 1% Span 
80 and 1 mol!dm3 H2S04 but the strip phase is also leaking for a 3 molldm3 H2S04 strip solution. 
Cyanex 301 membranes swell for 1% Span 80 concentration more than D2EHPA and swelling is 
practically identical for both extractants with 3 %Span 80 concentrations. 

CONCLUSIONS 

Bis-{2,4,4-trimethylpentyl)dithiophosphinic acid (Cyanex 301) is a very good nickel extractant 
and due to its low stripping efficiency it is preferably used in concentration of 3% rather than 20%. In 
combination with the surfactant Parabar 9551 Cyanex 301 shows only moderate swelling. Cyanex 301 
has also good extracting and stripping properties in combination with Span 80, however is the 
emulsion swelling up to l 00 %. With none of the surfactants a leakage of the strip phase could be 
observed. 

Compared to Cyanex 301 only one membrane composition with D2EHPA shows lower nickel 
concentration in the feed and only one shows significantly higher nickel concentrations in the strip. In 
combination with Parabar 9551 however no stable emulsion can be formed. 

Hence Cyanex 301 is a better extractant for nickel extraction than D2EHP A. The surfactant 
selection depends on the disadvantage that can be accepted. After 60 minutes low nickel 
concentrations in the feed solution down to 64 ppm and strip concentrations of 1675 ppm can be 
reached with 3% Cyanex 301, 1% Span 80 and 3 mol/dm3 H2S04, if an emulsion swelling of 80% can 
be accepted. If only a moderate swelling can be accepted then Parabar 9551 should be chosen as 
surfactant. 
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Figure 4 . Emulsion swelling after 60 minutes extraction 
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ABSTRACT 

EFFECTS OF SOME PARAMETERS ON COBALT/ 

NICKEL SEPARATION AND ON COBALT 

PERMEATION BY A LIQUID SURFACTANT 

MEMBRANE PROCESS 
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The cobalt/nickel separation in a sulphate medium containing 1.5g/L of cobalt and 95.0g/L of nickel by the liquid surfactant 
membrane (LSM) technique was investigated. Permeation experiments were performed using bis-(2,4,4-
trimethylpentyl)phosphinic acid (Cyan ex 272) as a carrier, the surfactant ECA 4360 and Escaid II 0 as a diluent. As internal 
phase, a solution of sulphuric acid containing Li+ as a tracer was employed. A buffer solution formed by citric acid and its 
salts was used in the external phase. The influence of external phase pH, carrier concentration and temperature on the 
cobalt/nickel separation, as well as on the cobalt permeation, was evaluated, demonstrating the potential of the LSM 
technique for this application. 

Keywords: cobalt, nickel , surfactant liquid membranes, Cyanex 272, surfactant ECA 4360 

INTRODUCTION 

A membrane can be defined, in a simple manner, as an interphase that separates two phases 
and limits the transport of different chemical species in a specific way.l Thus, a liquid can act as a 
semipermeable stable barrier, a membrane, between two other liquid phases, if it is immiscible in 
both of them. Due to its selective permeability, a liquid membrane system can be considered a 
separation process.2,3 

Liquid surfactant membranes (LSMs) are based on the multiple emulsion principle. A 
primary emulsion is mechanically dispersed in a continuous liquid phase. For metal separation, this 
primary emulsion is a water-in-oil one. The dispersed aqueous phase is called internal phase and the 
continuous organic one is the membrane phase. The latter contains a surfactant, which is responsible 
for the emulsion stability, and a solvent, which is formed by a diluent and an extractant. This 
emulsion is then dispersed in another aqueous phase (the external phase), which contains the solute(s) 
to be transported, forming a multiple emulsion. 

The LSM process consists of four steps: emulsification, permeation, sedimentation and de
emulsification. In the first step the stable emulsions are obtained. During permeation, the transport of 
the solute(s) from the external to the membrane phase, and from this to the internal phase occurs. In 
the sedimentation stage, the emulsion enriched in the solute is separated from the external phase. 
Finally, in de-emulsification, the emulsion is broken up and the aqueous phase rich in the solute is 
recovered. 

The occurrence of cobalt in nature is almost a third of that of nickel. Cobalt occurs always in 
low- grade ores and associated with other metals, especially nickel. Generally, it is obtained as a by
product of the processing of copper, nickel and silver ores. Thus, for cobalt separation, it is necessary 
to use an efficient separation technique. Nickel and cobalt are chemically very similar. As they are 
both found in low-grade ores and have to be obtained as pure as possible for their applications, a lot 
of studies have been carried out on cobalt and nickel extraction, separation and concentration. 

On the industrial scale, nickel and cobalt are extracted from ores by leaching with ammonia, 
hydrochloric acid, nitric acid, sulphuric acid (most usual) or a mixture of nitric and sulphuric acids. 
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For the recovery of these metals, the most common methods are precipitation and liquid-liquid 
extraction, the use of the latter technique has been increasing because of the development of more 
selective extractants for nickel/cobalt separation. After this operation, an electrowinning or other 
solution treatment is normally used to recover the metals . 

As the LSMs can commonly use the same extractants as the liquid-liquid extraction process, 
they can be a possible alternative for the extraction and separation of metals, presenting some 
advantages in comparison to the solvent extraction. 4 The following acidic extractants have been 
widely studied for the cobalt/nickel separation in sulphate medium: di-(2-ethylhexyl)phosphoric acid 
(D2EHPA), 2-ethylhexyl-2-ethylhexylphosphonic acid (PC-88A or Ionquest 801) and bis-(2 ,4,4-
trimethylpentyl)phosphinic acid (Cyanex 272) .5-9 Companhia Niquel-Tocantins , the unique 
company which products electrolytic cobalt and nickel in Brazil, uses Cyanex 272 in its plant for the 
extraction of cobalt from sulphuric acid liquors . This reagent has the advantage of not extracting 
calcium, which would lead to solvent losses in sulphate medium. 

Few studies have been performed on cobalt/nickel separation using LSM .10-12 Danesi et 
a/. 13 studied this separation using supported liquid membranes with Cyanex 272 as a carrier. In the 
current study, the potential of the LSM technique for the cobalt/nickel separation is demonstrated . 
The optimum temperature, external phase pH, extractant concentration and time for the separation of 
cobalt in a sulphuric acid liquor containing 1.5g/L of cobalt and 95.0g/L of nickel were obtained. The 
influence of these parameters on cobalt extraction and on cobalt/nickel separation were also studied . 

EXPERIMENTAL 

The reagents used to prepare the membrane phase were: the extractant Cyanex 272 
(Cyanamid Co.), 85 % purity , as a carrier; the polyamine ECA 4360 as a surfactant and the diluent 
Escaid 110 (Exxon Chemicals Ltd.). The internal phase was prepared using sulphuric acid 97% w/w 
(Vetec), distilled water and lithium sulphate monohydrate p.a. (Vetec), as a tracer. The external phase 
was prepared using (Vetec) : cobalt (II) sulphate heptahydrate p.a. , nickel (II) sulphate hexahydrate 
p.a . and citric acid p.a./sodium hydroxide p.a., to prepare the buffer solution. All reagents were used 
as received . 

The appropriate amounts of the cobalt and nickel salts were dissolved in distilled water, at 40-
50-C, under mechanical agitation, to obtain a synthetic liquor containing 1.5 g/L of cobalt and 95 .0 
g/L of nickel , which corresponds to the concentrations of these metals in some Brazilian liquors from 
sulphuric acid leaching. Citric acid (0.50 M) was added to the solution and the pH was adjusted to the 
desired value by using a saturated sodium hydroxide solution. Then, the external phase prepared was 
filtered and 200 mL of the solution were heated to the temperature of the experiment. In an 
emulsification vessel, the internal phase containing lithium (0.10 M) in sulphuric acid (0 .50 M) was 
dispersed , with an agitation speed of 13,000 rpm, for 5 minutes , in the membrane phase previously 
prepared. The presence of lithium in the external phase, after the permeation experiment, is an 
indication of membrane break-up. For each experiment, 40 mL of the emulsion were poured into a 
double wall reactor containing 200 mL of the preheated solution with the cobalt and nickel salts 
(external phase), linked to a thermostatic bath, to control the temperature of the tests. The position of 
the impeller was adjusted experimentally to obtain homogeneous and efficient agitation. The 
agitation speed was 200-210 rpm. When the permeation experiment was concluded, the mixture was 
transferred to a separation funnel. The external phase volume was measured and a sample was taken 
for analysis of cobalt, nickel and lithium. The emulsion enriched in cobalt was sent to the de
emulsification step. After the break-up, the emulsion was poured into a separation funnel and a 
sample of the internal phase was taken for analysis of cobalt, nickel and lithium. An absorption 
atomic spectrophotometer CG AA 7000 SBC was used for the analysis of cobalt, nickel and lithium. 
Table I summarizes the operation conditions investigated. The parameters chosen for the evaluation 
of this study were: the percentage of cobalt extracted from the external phase, the cobalt/nickel 
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concentrations ratio in the internal phase at the end of the permeation experiment, the percentage of 
the membrane break-up, defined as shown by the following equations: 

% (Co)EP = 100 [(Ceo .V)fin. -(Ceo .V)inJEP I [(Ceo .V)inJEP 

(CoiNi)IP = [(Cco)Jpi(CNi)IP]fin. 

% membrane break up = 100[(MtrJfin1EP I [(MtrJin1IP 

(1) 

(2) 

(3) 

where C = concentration (giL), M = mass (g) and V = volume (L) and subscripts Co = cobalt; Ni = 

nickel , tr = tracer; IP = internal phase; EP = external phase; in = initial and fm = final conditions . 

RESULTS AND DISCUSSION 

Figure 1 shows the influence of the Cyanex 272 concentration on cobalt extraction from the external 
phase . The experiments were performed at a temperature of 50-C, with an internal phase containing 
O. lOM Li + in 0 .50M H2S04. Each test lasted for 21 minutes . At low concentrations of the carrier, 
cobalt extraction was not significant because there was not enough reagent to extract the metal. 
Cobalt extraction increased with the concentration of Cyanex 272 until a limit, about 9.5 giL of 
carrier, after which the extraction stabilized. This limit is probably due to the saturation of the surface 
of the emulsion globules by the extractant, together with a low cobalt concentration in the external 
phase . An increase in Cyanex 272 concentration improves the reaction kinetics , but further addition 
does not increase cobalt extraction because , at this level, the cobalt concentration in the external 
phase is so low that it can be the limiting factor for the extraction. Besides, a high Cyanex 272 
concentration can favour the extraction reaction at the external interphase and then the stripping 
reaction at the internal interphase. As a result , the H+ ions transport from the internal to external 
phase increases , diminishing the driving force of the process . As depicted in Figure 2 , both cobalt and 
nickel concentrations in the internal phase increase with Cyanex 272 concentration and, with high 
concentrations of the carrier, [Ni]FI increases more than [CO]fi. The preferential nickel extraction 
can also explain the stabilization of cobalt extraction shown in Figure 1. Membrane break-up was 
also evaluated and this increases with the Cyanex 272 concentration. 

Operation Variables Studied 
1. External phase pH 
2. Permeation time (minutes) 
3. Temperature CC) 
4. Extractant (carrier) concentration (g/L) 

Fixed Variables 
I. Surfactant concentration(% v/v) 
2. Cobalt initial concentration in the external phase (g/L) 
3. Volumes ratio membrane phase/internal phase (MP/IP) 
4. Volumes ratio external phase/emulsion 
5. Buffer solution used 
6. Agitation speed in the permeation step (rpm) 
7. H+ ions concentration in the internal phase (M) 
8. Initial Ni/Co concentrations ratio in the external phase 

Levels 
3; 4; 5; 6 

From 1 to 60 
22; 32; 50; 60 

From 3.8 to 27 .0 
Levels 

3.0 
1.5 

1.0 
5:1 

Citric acid and its salts 
200-210 

0.75 and 1.00 
63 .3:1 

Table I- Variables investigated in permeation experiments and their levels.l4 

Further studies in a narrow range of Cyanex 272 concentration (from 8 .5- 11.5 giL) were performed 
and confirmed the results presented in Figures 1 and 2 . It was observed that the percentage cobalt 
extraction and cobalt concentration in the internal phase are constant in this range, but nickel 
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concentration in the internal phase increases. Thus, the appropriate Cyanex 272 concentration for 
Co/Ni separation is about 9.5 g/L. 
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Figure 1 - Influence of Cyanex 272 
concentration on Co extraction from the 
external phase. 
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Figure 2 - Influence of Cyanex 272 
concentration on Co and Ni concentrations 
in the internal phase. 

The influence of external phase pH with permeation time on cobalt extraction was also 
studied. It was found that the extraction increases in the following sequence: pH 3 < pH 4 < pH 6 < 
pH 5. The maximum extraction was attained after about 30 minutes. As shown in Figure 3, the 
selectivity also depends on the external phase pH and it is higher at pH 5. Nickel extraction has a 
great increase at pH 6 and [Ni]pJ becomes higher than [Co]IP· The selectivity decreases with 
permeation time. Low membrane break- up was observed at the lowest pH values, probably due to the 
predominance of the non-ionic over the ionic form, which stabilises the membrane in a bigger 
extension.15 
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Figure 3 - Variation of cobalt and nickel concentrations in the internal phase with time 
permeation for different external phase pH values. 

(a) pHin = 3,0; (b) pHin = 4,1; (c) pHin= 5,0; (d) pHin = 6,1 
Extractant cone. = 12,1 g/L; (CH2S04)FJ = 0,50 M; (CU)FI = 0,10 M; T = 4CC. 

The influence of temperature on cobalt extraction, as well as on the membrane stability with 
time, is shown, in figures 5 and 6 respectively. As temperature and permeation time increase, cobalt 
extraction and membrane break-up also increase. At higher temperatures, membrane viscosity 
decreases and the internal phase is lost in the nodal region.15 Analysis of cobalt and nickel in the 
internal phases showed that the temperature affected nickel extraction, which was not observed in 
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liquid-liquid extraction studies. The best temperature and permeation time were, respectively, 50-C 
and 20-30 minutes . 
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Figure 5 - Influence of temperature on Co 
extraction from external phase with time 
(CH2S04)FJ = 0,375M; (CLi)FI = 0, 10M; 
pHini = 5,0 

Figure 6 - Influence of temperature on 
membrane break up with permeation time 
(CH2S04)FI = 0,375M; (CLi)FI = 0, 10M, 

pHini = 5,0) 

Normally, in order to separate cobalt and nickel from liquors containing 1.5 g/L of Co and 95.0 g/1 of 
Ni with Cyanex 272 is necessary to use about 100 g/L of this extractant in a liquid-liquid extraction 
operation. So, the results presented showed the potential of the liquid surfactant membrane technique 
for this application in that it is possible to separate cobalt and nickel using only approximately a tenth 
of the Cyanex 272 concentration in solvent extraction process. 

ACKNOWLEDGEMENT 

The author would like to thank CAPES (Brazil) for financial support to attend ISEC'99 

REFERENCES 

1 Strathmann H. I. Membrane Sci , 9, 121, (1981) 
2 Halwachs Wand Schiigerl K. Int. Chem.Eng . l , 20(4), 519, (1980) 
3 Noble RD, Way JD and Bunge AL. 'Liquid Membranes'. Boulder: National Bureau of Standards, Internal 

Report , ( 1989) 
4 Marr R, Bart H-J and Draxler J . Sep. Sci. and Techno! . 2, 403 , (1989) 
5 Tait BK. Hydrometallurgy, 32, 365, (1993) 
6 Dreisinger DB and Cooper WC . Hydrometallurgy, 12, 1, (1984) 
7 Ritcey GM, Ashbrook AW and Lucas BH, CIM Bulletin, 68, 111 , (1975) 
8 Xun F and Golding JA . Solv. Ext. and Ion Exch . 5(2), 205, (1987) 
9 Xun F and Golding JA. Proc. 2nd Int. Conf on Sep. Sci. and Tech. Soc. for Chern. Eng. , 1(2), 205, (1989) 
10 Strzelbicki J and Charewicz W. Hydrometallurgy , 5, 243, (1980) 
11 Duarte AS, Duarte JN, Castro RMZ and Reis RLR, In: Encontro do Hemisferio Sui sobre Tecnologia 

Mineral, 3, Sao Louren~o. Minas Gerais, 1992. Anais. Belo Horizonte , MG, ABTM, 2, 283 , (1992) 
12 Kakoi T, Goto M, Sugimoto K, Ohto K and Nakashio F. Sep. Sci . and Techno!., 30(4), 637, (1995) 
13 Danesi PR, Reicheley-Yinger L, Mason G, Kaplan L, Horwitz EP and Diamond H. Solv . Ext. and Ion Exch. 

3, 435, (1985) 
14 Salum A, Estudo da Parmecao de Cobalto e da Separacoa Cobalto!Niquel em Meio Sulfurico, com Cyanex 

272, pela Tecnica de Membranas Liquidas Surfactantes PhD Thesis, Universidade Federal de Minas Gerais, 
(1998) 

15 Rosen MJ , Surfactants and Interfacial Phenomena. John Wiley & Sons , Inc ., USA., (1978) 
16 Mikucki BA, Metal Extraction with Liquid Surfactant Membranes: the Role of Emulsifying Agent. MSc 

(Metallurgy) Thesis, Pennsylvania State University, 315, (1984) 

957 



Proceedings ISEC'99 

958 



Liquid Membranes 

ABSTRACT 

LIQUID MEMBRANE PERMEATION OF ZINC IN A 

CONTINUOUS COUNTERCURRENT COLUMN 
MTA Reisl, H-J Bart2 and JMR Carvalhol 
loep. Eng. Quimica, Instituto Superior Tecnico, 1096 Lisboa 
Codex, Portugal 
2Thennische Verfahrenstechnik, Univ. Kaiserslautem, D-67653 
Kaiserslautem, Germany 

Zinc permeation with emulsion liquid membranes was carried out in a stirred countercurrent column. The carrier used in the 
membrane phase was bis(2-ethylhexyl)monothiophosphoric acid. The composition of the aqueous feed was zinc sulphate 
(4.59x!0-3 kmol m-3) and sulphuric acid. The influence of the stirring speed on zinc extraction was tested in the range of 
200-320 rpm. The experimental concentration profiles of the external aqueous phase were compared with the ones predicted 
by numerical simulation. The mathematical model used takes into account the diffusion and reaction of solutes within the 
membrane and connects the hydrodynamics with mass transfer. 

Keywords: emulsion liquid membranes, zinc, stirred column, numerical simulation, bis-(2-ethylhexyl)monothiophosphoric 
acid, surfactant ECA 11522 

INTRODUCTION 

The emulsion liquid membrane (ELM) technique has been noticed as an attractive method for 
purifying polluted wastewater. In the industrial application of this technology, a continuous operation 
using a column or a mixer-settler is required. Column operation is desirable by known reasons unless 
the kinetics of mass transfer has prohibitive values. The studies, which have been done on the ELM 
permeation process with columns, are not very extensive.l-6 

In the present paper a set of ELM experiments was carried out in a continuous countercurrent 
column with mechanical agitation. The extraction of interest was the zinc ion from sulphuric solutions 
by using MTPA (bis(2-ethylhexyl)monothiophosphoric acid) as carrier. The purpose of this work is to 
demonstrate that the results obtained can be predicted by numerical simulation. 

THEORY 

Owing to the complexity of carrier-facilitated transport processes the mass transfer models 
are usually tedious and involve a lot of parameters. Lorbach et al. 7 developed a mass transfer model 
for the permeation of eu2+ ions with a few parameters. This model accounts for the transient nature 
of diffusion and reaction of the solutes within the membrane phase and was chosen in the present 
work to describe the mass transfer. The extractant MTPA was found to be a dimeric form, (HR)z, in 
non-polar solvents8 and zinc is extracted according to the following reaction:9 

(Zn+l.5B BC+2H) 
The kinetics of the extraction rate was tested in a modified Lewis cell with vibrational mixing. The 
forward and reverse reaction rates, np and DR, are expressed as follows:9 

(2-3) 

The performance of a column is influenced adversely by hydrodynamic features such as axial mixing 
in both phases. These deviations from the ideal plug flow were introduced by the use of the dispersion 
model. The connection between mass transfer and hydrodynamics leads to the following equations 
(considering one class of drops): 
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(4) 

(5) 

(6) 

vd dczn(I) 6 
+-n =0 

if/ dh df.J R 
(7) 

The set of equations 2-7 with the adequate boundary conditions7
'
10

'
11 results in a non-linear partial 

differential equation system in axial and radial directions . After using special discretization techniques a 
large equation system is obtained which is solved by the block Gauss-Seidel iteration method. 10

'
11 Due to 

the incomplete dissociation of sulphuric acid the concentration of 1-t must be calculated by formulating 
the equilibrium relationships and mass balance components. For instances the presence of the species 
Zn2

\ 1-t, SO/, HS04• and ZnS04 is considered. The dissociation of bisulphate and the formation of 
zinc sulphate ion-pair are assumed to be instantaneous reactions . The stoichiometry of equation I leads 
to the calculation of total sulphuric acid at each point of the column. The equilibrium constants are 
written in terms of activities and the activity coefficients are evaluated by Pitzer' s equations.12 The 
activity coefficients are a function of the ionic strength, concentrations and Pitzer' s parameters.12

'
14 The 

set of equations is solved by a simple iteration procedure. The concentrations of the species are 
calculated by a numerical routine (C05PBF) written by NAG®, which was introduced in the algorithm 
of Ortner et. a!. 11 

Estimation of parameters 

The axial mixing coefficients of continuous and dispersed phases, E. and Ed, can be measured via 
residence time distribution by using tracer techniques. In literature there are several empirical 
correlations available which are suitable for agitated columns.15

.
17 However the column used is not an 

equipment standard and analogy must be done. In the present work the coefficient E. was determined by 
means of a step-input perturbation into the continuous phase and Ed was obtained from data published 
by Komasawa eta!. 16 assuming that the stirred column is similar to the Mixco column. 
The mass transfer coefficient for zinc in the continuous phase, kc, was estimated by the correlation of 
Bibaud et a/15 which is valid for rigid spheres in a Mixco column. 

Effective diffusivity, Dc,er, can be derived from mass transfer models which take into account 
facilitated diffusion in the emulsion phase. 18 In this work Dc,er was derived to modify "T -model" in a 
way similar to that developed for phenol permeation.19 Dc,er depends on the extraction rate at the 
interfaces and is also a function of diffusivity of zinc in the internal phase, D z.n(r), diffusivity of zinc 
complex, De, in the membrane phase and volume fraction of phases. The diffusivity D z.n(I) was 
calculated by the Nemst equation and then corrected for the water viscosity.20 The Wilke-Chang 
relationship20 was used to estimate the diffusion coefficients De and D8 . The molar volume of the solute 
was evaluated by the method of Le Bas.Z0 The ratio De .• tiDa .• r was assumed to be equal to the molecular 
diffusivity ratio DdDa. 
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EXPERIMENTAL 

Reagents 

The external aqueous solution (continuous phase) was prepared with ZnS04 (4.59x l0-3 krnol m 
3 = 300 mg Zn dm-3

) and H2S04 (1.98xl0-4 krnol m·3, pH=3 .50). The membrane phase consisted of 5% 
(=0.1 krnol m·3) MTPA (di(2-ethylhexyl)monothiophosphoric acid, Hochst), 2% ECA 11522 (nonionic 
polyamine, Exxon) as surfactant in an aliphatic diluent (Shellso!T, Shell). The internal aqueous phase 
was a solution with H2S04 (2.2 krnol m·3) and LiCl p.a . (0 .3 krnol m"3) as a tracer for emulsion break
up . A NaCI p.a . aqueous solution was used to measure the axial mixing in the continuous phase. 

Equipment and procedure 

The experiments were performed in a continuous countercurrent column at room temperature 
(291-293 K). The active height was 3.7 m and the internal diameter was 0.05 m. The column was 
agitated by several turbines (diameter-0.025 m, distance between turbines-0.075 m). The emulsion was 
prepared by a static low-pressure disperser (ATOMIX-SNDisperser) and splitted in a coaxial 
electrocoalescer (2 kV AC-10 kHz). 

The axial mixing experiments were conducted without the presence of the dispersed phase. The 
tracer was injected at the middle of the column and the measurements effected at 1.38 m of distance. 
The samples were analysed by conductimetry. 

In the start of the experiments the throughputs were checked (phases III, II and 1: 1.39x l0·5, 

1.39x 10·6 and 1.39x 1 o·7 m3 s·1, respectively) and the level of agitation fixed. After 3 hours of operation 
samples of the aqueous continuous phase were collected with the aid of taps distributed along the 
column. Photographs of the emulsion globules were done during the experiment. Average hold-up of the 
emulsion phase was measured by a shutdown method. 

The measurement of drop size was performed with an image analyser (QuantimedQ520, 
Cambridge Instruments). In the case of internal droplets the measures were made with the aid of a 
microscope. The analyses of zinc (and lithium) were effected with an atomic absorption 
spectrophotometer (AAS IL video 2000). 

RESULTS AND DISCUSSION 

Axial mixing experiments 

The equation of response for a step (cumulative residence-time distribution) depends on the 
location of the perturbation and measurements. In this work the test section investigated is open with 
respect to diffusion at both ends and the apparatus may be considered to be of infinite length. The 
analytical solution of the dispersion model respecting to initial and boundary conditions adequate is 
published elsewhere.21 The stirring speed did not affect the Peclet number in the range studied and the 
value of Ec may be considered constant and approximately equal to 3.0xl0-4 m2s-1• This result is in 
agreement with the one predicted by the correlation ofBibaud at a/. 15 for single phase (2.9-3.0xl0-4 m2s· 
1
) . The presence of dispersed phase influences the results but due to uncertainly of estimation (1-10x10-4 

m2s-1 15
•
17

) the experimental value for single phase was used. 

ELM experiments 

The influence of stirring speed on Sauter mean diameter of globules and hold-up of the 
dispersed phase is observed in Figures 1-2. 
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Figure 2. Influence of agitation on hold-up . 

The stirring speed influences significantly the size of emulsion globules (d32ocN-26). The 
dependence on Weber and turbine Reynolds numbers is not quite different from the one found by 
Rautenbach eta/. (d32 oc We.12Re06) for a stirred column. 17 The actual discrepancies may be due to the 
swelling and break-up of emulsion effects, which were not taken into account. Analysis of lithium in 
external and internal phases indicate that break-up is less than 5% but osmosis is more pronounced. 

The average hold-up of the dispersed phase is nearly proportional to stirring speed in the range 
studied as is expected for this type of equipment.22 In this case the analogy with Mixco column fails 
when the corresponding correlations for hold-up and characteristic velocity are used ( rp oc ~2) . 15 Due 
to the lacking of hydrodynamic data to establish a reliable correlation for hold-up the experimental 
values were employed in the present simulation of zinc permeation. 

The list of parameters used for numerical computation is shown in Table 1. The comparison 
between the measured concentration profiles and the simulated results is shown in Figure 3. 

rp- (0.044-0.127), rp'- 0.091 [-] ko - (3 .8-4.2)x 10"5 [m s·1
] 

d32 - (0.65-1.73)x10-3 [m] k~(293 K)- 3.2xl0"5 [m s·1] 

d~- (1.13-1.45)x l0-6 [m] kR (293 K)- LOx 10-6 [kmoros m2.s s·I] 

V0 -7.07xl0·3, Vd -7.78x10-4 [m s·1] 0 r zn2+ czn2+ 0 
Ec- 3.0xl0-4, Ed- (2.7-9.7)x10-4 [m2 s·l] kp =kp , kR =kRYH+ 

YH+ czntotal 

Table 1 List of the parameters employed for simulation. 

The extraction of zinc is enhanced by the increase in the stirring due to the increase in mass 
transfer area. The model is obviously very sensitive to hold-up and globules size. The resistance in mass 
transfer through the aqueous film decreases about 10% when the stirring speed vary from 210 to 295 
rpm and also contributes to a higher extraction. Due to the pH value of external phase the kinetic 
resistance is relatively less important than the resistance of mass transfer of zinc ions to the interface. 
The estimation of the effective diffusivity by the "T-model" is reasonable since the simulated results are 
in agreement with experimental data. In spite of ignoring the effect of surfactant on reaction rate and 
neglecting the swelling phenomena the zinc profile along the stirred column is satisfactory simulated by 
the present model. 
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Figure 3. Concentration zinc profile in external aqueous phase at several stirring speeds. Initial 
pH=3.50 (calculated by Pitzer' s method-3 .53). Solid lines: numerical simulation; marks: 
experimental values; see the list of parameters in Table 1. 

ADDITIONAL NOTATION 

Der effective diffusivity, m2 s·1 

d32 Sauter mean diameter of the emulsion globules, m 
dp Sauter mean diameter of the internal droplets, m 
n reaction rate, kmol m·2 s·1 

k0 thermodynamic (in terms of aqueous phase) kinetic constant, m2 s·1or kmol.o 5m25s·1 

¢' volume fraction of the emulsion with internal phase 

y. activity coefficient of the specie i 

subscripts 

B, C 
H 
F, R 
I, II, III 

free carrier and zinc complex in the membrane phase, respectively 
hydrogen ion in the aqueous phase (III or I) 
forward and reverse reaction, respectively 

internal, membrane and external phase, respectively 
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ABSTRACT 

PuRiFICATION OF A RADIOACTIVE LIQUID 

EFFLUENT: ELIMINATION OF CAESIUM BY LIQUID 

SURFACTANT MEMBRANE EXTRACTION 
D Pareau, P Kaplan, M Stambouli and G Durand 
Laboratoire de Chimie et Genie des Procedes, Ecole Centrale 
Paris 92295 Chatenay-Malabry, France 

An ELM extraction process scheme is developed for the elimination of caesium from an effluent containing traces of Cs 
along with high concentrations of sodium and hydroxide. Caesium is selectively extracted and concentrated. Emulsion liquid 
membrane (ELM) extraction is chosen because of its main advantages: possibility of treating very diluted solutions and 
possibility of concentration. The desired selectivity is obtained using a new extractant, synthesised in our laboratory: a 
calixarene formed by the acid-catalyzed condensation of resorcinol and octanal, named resorcarene (PR8). This extractant is 
first tested in solvent extraction to verify its properties: extraction ability, selectivity and to find a suitable stripping solution. 
A molar nitric acid is convenient for this last purpose. P ARABAR 9220 is used as surfactant. The inner phase of the 
emulsion is HN03 (I moVdm3) and the organic phase contains PR8, PARABAR 9220 and dodecane. Surprisingly, by 
employing commonly used volume ratios of the emulsion (around !), it is not possible to extract caesium. Emulsions 
containing a very low volume of internal phase (I 0% or less) are nevertheless very efficient. This is a very surprising and 
original behaviour. The batch extraction studies show an extraction yield of 95% for caesium and less than I% of sodium is 
co-extracted. The concentration factor of caesium is then 20. Continuous extraction studies in mixer-settlers and a pulsed 
column are performed to test the validity of the continuous process. The results in mixer-settlers are deceiving because of 
high emulsion breakage, due to strong shear stresses in the mixer chamber. A pulsed column is then preferred leading to 
satisfactory results (> 90% Cs extracted, Cs concentration factor 20 and I ,2% sodium co-extracted). These results could then 
be improved by optimising chemical and operating conditions. 

Keywords: caesium, emulsion liquid membrane, calixarene, resorcarene 

INTRODUCTION 

Nuclear fuel reprocessing operations generate different types of effluents. Chemical 
segregation of most or all the radioactive components from the inactive bulk constituents of the waste 
can reduce the volume of waste requiring vitrification and subsequent burial in a deep geologic 
repository. Because of their diversity and complexity, highly selective separation processes are 
required and some new improved schemes have been recently developed for specific types of 
effluents. I ,2 

This work is focused on a liquid effluent containing high concentrations of sodium hydroxide 
along with minor amounts of high-level radiation elements such as caesium (137cs) and strontium 
(90sr) which represent more than 99% of the remaining radioactivity after ten years decay. Moreover, 
because of the potential dispersion of the very soluble 137cs in the environment during its burial in 
deep repository, selective extraction of caesium is required. An emulsion liquid membrane extraction 
process (ELM) seems to be more appropriate for such dilute solutions.3-5 

The basic requirements that have to be achieved are:5 high decontamination and 
concentration factors (DF > 103 and CF > 10), low sodium co-extraction ([Na+] < 0.1 molfdm3) and 
specific atomic composition of the organic solvent, including C, H, 0 and N atoms only (the so-called 
«CHON's rule»). 

EXPERIMENTAL 

Synthesis of a new selective extractant 

With respect to the CHON's rule, which prohibits the use of mineral exchangers, the main 
organic extractants known to form strong compounds with alkali and alkaline earth elements are the 
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cyclic compounds crown ethers6 and calixarenes .7 Being not very lipophilic, the relatively water soluble 
crown ethers require the addition of polar diluents which are quite inconvenient with ELM extraction. A 
new macrocyclic compound extractant, belonging to the calixarene family, was synthesised in our 
laboratory according to Hogberg method.8 This calixarene, namely resorcarene or PR8, is the reaction 
product of the acid-catalysed condensation of resorcinol with octanal. The formula of the resorcarene 
PR8 is deduced according to both spectroscopic (IR & UV) and chromatographic (GPC) analysis of the 
purified product (figure 1). 

R 

Figure 1: Resorcarene (PR8) developed formula (R : -C7H 15) 

A review of the extracting behaviour of some similar calixarenes is reported.9 Heavy alkali 
element extraction (Na, K, Rb and Cs) is strongly pH-dependent with an optimum between 9 and 12 and 
a significantly better selectivity for Cs. The decrease of alkali extraction for pH values higher than 12 is 
related to the increase of the solubility of calixarene in water. 

Batch solvent extraction 

Preliminary experiments 

Alkali concentrations are determined by Flame Emission Spectroscopy. Batch solvent extraction 
experiments are conducted with the following phases: 

• Organic phase: Resorcarene (PR8) mixed with a commonly used diluent, dodecane, and octanol is 
then added to increase the polarity of the organic phase and prevent third phase formation. 
• Aqueous phase: [Na+] = [OH"] + [N03-] = 3 mol/dm3

; [Cs+] = 7,52 10-5 mol/dm3
; pH =11,5 

• Stripping: nitric acid solution (3 mol/dm3
) 

Extraction equilibrium is reached in less than one minute. As expected, the calixarene displays very 
good selectivity and extraction efficiency(> 90%). 

Effect of the surfactant 

The effect of the addition of a surfactant, needed for ELM experiments, has been investigated. 
Three surfactants, kindly supplied by EXXON, have been studied, the most commonly used SPAN 80 
(sorbitan monooleate) and ECA 4360 (succinic derived polyamine), and a new one PARABAR 9220 
(polyolefin alkyl anhydride), not commonly used for ELM extraction. 

With both SPAN 80 and ECA 4360, extraction was surprisingly inhibited. In addition, 
resorcarene PR8 is no more water-soluble over pH 12, suggesting the formation of a calixarene
surfactant molecular association species . Thus, the two common surfactants may be rejected. 

Only a slight calixarene-surfactant interaction was observed with P ARABAR 9220, (PARA). 
Moreover, the stabilisation of the organic phase occurs for hydroxide concentrations as high as 2 
mol/dm3

. Interfacial precipitation ofresorcarene is only observed for weight ratio of PARAIPR8 lower 
than 1. 
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These experimental facts suggest the formation of an organic mixed alkali molecular complex including 
the extractant, the surfactant and potentially water molecules. 

Batch ELM extraction 

Extraction efficiency 

Surprisingly, extraction was inefficient for the commonly used equi-volume emulsion, i.e., 
internal phase/emulsion volume ratio around 50%. Emulsions with different reduced volume ratios were 
formed by a controlled electrocoalescence of an initial equi-volume emulsion. The extraction efficiency 
was investigated with the following operating conditions: 

External aqueous phase (Ext) Membrane (M) Internal aqueous phase (lnt) 

VExt = 20 cm3 VM = 18 cm3 Vm, =2cm3 

ilia 1 = 3 molldm3 Jl>R8l = 5.63 10.3 mol/dm3 (emulsion ratio= 10%) 
[OH] = 2 mol/dm3 [PARA]= 7.34 10·3 mol/dm3 [HN03] = 1mol!dm3 

[Cs+] = 7.52 10·5 mol!dm3 Diluent :dodecane-octanol 95-5% 
(volume/volume) 

The experimental results on the kinetics of Cs transfer are shown in table 1. Mass balance was checked 
with an excellent accuracy and an excellent extraction yield was achieved (>90%). Cs transfer was very 
fast and the extraction kinetics rate were similar to those for solvent extraction. Thus, no additional 
interfacial transfer resistance, due to the presence of the surfactant, is observed. The nitric acidic 
internal phase does not affect the emulsion stability. 

Time [Cs+]ext Extraction 
(minutes) (mg /dm3

) Yield(%) 
0 10 0 
1 0,69 93 
3 0,86 91 
5 0,87 91 
10 0,89 91 

Table 1: Kinetics of ELM extraction ofCs 

Effect of membrane/internal phase volume ratio 

ELM batch experiments were conducted in a magnetically stirred cell with equal volumes (VExt = V em = 
100 cm3

) of the following phases: 
Aqueous phases (internal and external): the same than (3 .1) 
Membrane composition: 

[PR8] = 2.63 10·3 mol/dm3
; [PARA]= 1.42 10·3 mol!dm3 

Diluent: dodecane 95% + octanol5% (v/v) 

Different emulsion ratios were considered (V Int I V em = 1; 10 and 20 %) . As expected, the extraction 
efficiency was better than 90% with the emulsion ratio having practically no effect on the extraction 
yield. In addition, the emulsion exhibited an excellent stability with no membrane breakage observed 
after I hour. Nevertheless, this favourable result had to be validated for continuous experiments. 

Continuous ELM extraction 

Preliminary continuous experiments were conducted in a mixer-settler battery. However, 
extraction efficiency was surprisingly low and strong shear stresses in the mixer chamber induced the 
inclusion of some external aqueous phase into the organic emulsion. Moreover, a high emulsion 
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breakage was observed (80 to 90%) prohibiting the use of this extraction technology. 
Therefore because of its low residence times and shear stresses, a pulsed column was chosen to 

validate the ELM extraction performances. The laboratory scale pulsed column (height: lm; internal 
diameter: 2.5 em) has been described in previous studiesY The packing consisted of 40 stainless plates 
(20 disks + 20 doughnuts), regularly spaced (distance 2.4 em). The column was equipped with a 
cylindrical upper settler allowing the separation of the phases for spectroscopic alkali analysis. The 
liquid hold-up is about 475 cm3 and the transparency is equal to 25%. 

A preliminary hydrodynamic study was undertaken to determine the appropriate operating 
conditions for a countercurrent flow: 

Pulsation parameters: 2.5 em amplitude and 119 min-1 frequency, corresponding to a 
pulsation energy of 179 em • min-1

• 

Aqueous and emulsion flowrates respectively 1.09 and 1.13 dm3h-\ corresponding to a 
total specific flowrate of0.45 dm3cm-2 

Composition of the phases: 
External aqueous phase: as above except [Cs+] = 7.02 I0-5 moVdm3 

Internal aqueous phase: as above with a volume ratio equal to I 0% 
Emulsion:[PR8]=1.67 I0-3 moVdm3 and [PARA] = 1.14 I0-3 moVdm3 in the 

same dodecane-octanol mixture 

The evolution of the concentration ofCs in the final effluent with time is shown in figure 2. 

10 
[Cs]aq ppm 

5 

o ~--------r--------1---------+---------+-----

o 50 100 150 200 

Time (min) 

Figure 2: Final Caesium concentration versus time 

Cs extraction efficiency is excellent (91 %) with the stationary state being reached in less than 2 
hours. Following stripping the loaded emulsion, the alkali concentrations in the internal phase were: 
[Cs +lint= 2.07 I0-3 moVdm3 and [Na+] int = 1.9 moVdm3 

Thus, concentration and decontamination factors, with respect to Cs, are respectively 27 and 11. In 
addition, Karl-Fischer determination of water concentration in the organic phase proves that about 50% 
of water was transferred from the emulsion to the external phase due to both emulsion breakage and 
osmotic contraction. Even if sodium co-extraction is quite low (1.2%), the surprisingly high sodium 
concentration in the internal phase is most probably due to imperfect phase disengagement in the upper 
settler. 

Measured retention rate is equal to 17% and mean residence time for the dispersed phase is 
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about 2.33 minutes . 

CONCLUSION 

A new ELM extraction process has been developed for the purification of Cs from a 
concentrated sodium and hydroxide matrix. Continuous extraction was validated on a laboratory scale 
pulsed column. Excellent extraction performances were achieved (>90%). The process scheme is based 
on an original association between resorcarene, a new calixarene extractant synthesised in our 
laboratory, and a surfactant (PARABAR 9220) newly introduced to ELM processes. 

The appropriate nature and composition of the emulsion allowed the achievement of excellent 
extraction performances: efficiency, selectivity and decontamination. 

An unfavourable result concerning the surprisingly high sodium concentration in the internal 
· aqueous phase has been observed in relation with the imperfect phase disengagement in the settle, 

although, emulsion coalescence and settling may be optimised. Significant improvements may result 
from an exhaustive study of the effect of hydrodynamic parameters and the choice of an appropriate 
settler. Validation with the industrial effluent may complete the present study. 
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ABSTRACT 

MECHANISM OF TRANSMEMBRANE WATER 

TRANSFER AND EMULSION SWELLING 
MYu Koroleva, NV Bakastova and EV Yurtov 
Mendeleev University of Chemical Technology, Moscow, Russia 

Liquid membrane extraction in multiple emulsion is often accompanied by transmembrane water transfer, which leads to the 
swelling of extracting emulsions. Mechanism of water transport was studied in experiments with rhodamine C. This 
substance can penetrate through the liquid membrane only in solubilized form. D2EHP A, oleic acid, sodium oleate, 
trioctylamine, dioctylamine, and Tween 80 were added to the organic phase. Our results showed that the main form of water 
transport is one by means of nanodispersion droplets. 

Keywords: liquid membrane, emulsion swelling, water diffusion, dioctylamine, tri-n-octylamine, oleic acid, sodium oleate, 
D2EHP A, Tween 80 

INTRODUCTION 

Transmembrane water transfer leading to emulsion swelling is a negative phenomenon, which 
takes place during the liquid membrane extraction when internal and external water phases have 
different substance concentrations. As known, such process takes place in a great extent in emulsion 
systems with Span 80. Several articles have been published in this field, and the related points of view 
can be divided into two groups: water can be transported by either microemulsion or 
nanodispersionl,2 and water can be transported by single surfactant and carrier molecules.3.4 

The formation of either microemulsion or nanodispersed droplets is promoted by the presence 
of a co-surfactant along with the surfactant in the system and by the dis-equilibrium between the 
phases of the extracting emulsion, i.e. by the mass transfer of the components and the solvents 
through the interface. Diffusion coefficients of microemulsion are much ·lower than those of the 
monomeric individual surfactant molecules.5 

Data concerning the size distribution of drops in the emulsion before and after the membrane 
extraction of cholesterol have been presented.2,6 

States of the Surfactant in the Extracting Emulsions 

As published?, the raising of the surfactant concentration increases the emulsion stability 
against coalescence. When the surfactant is present in an amount sufficient for the stabilization of all 
internal phase droplets formed as a result of the dispersing, the maximum stability of the emulsion is 
reached. With a greater concentration of the surfactant, the excess of the latter can dissolve in liquid 
membrane with the formation of different types of micelle structures. 

The surfactant condition in extracting emulsions was examined with low sorbitanmonooleate 
concentration. During emulsion phase separation the oil phase was taken away and analysed by 
optical methods and dye solubilization techniques. Figure 1 illustrates sorbitanmonooleate 
concentration in the oil phase of the extracting emulsion versus the dependence of the total surfactant 
concentration. The sharp bend of the Span 80 concentration in the liquid membrane at 0.125 molfdm3 
sorbitanmonooleate in the emulsion corresponds to the complete adsorption of the surfactant on the 
interface of all droplets formed as a result of the dispersing. At the higher concentration of the 
surfactant its amount in oil phase dramatically increases. 

The dotted line on the figure 1 corresponds to critical concentration of sorbitanmonooleate 
micelle formation in the mineral oil. So at the low surfactant concentration in the extracting emulsion 
(concentrations less than necessary for the complete adsorption) some of the sorbitanmonooleate is 
present in the liquid membrane in the form of micelles. As our investigations showed, in many cases 
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there are solubilized micelles in the oil phase of emulsion, that is micelles with a small amount of water 
phase in the inner core. 

Mechanism of Water Transfer in the Liquid Membrane 
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Figure 1. Sorbitanmonooleate concentration in the liquid 
membrane versus the total surfactant concentration in the 
extracting emulsion. Dotted line -CCM of sorbitan 
monooleate in the mineral oil 

To clear up the 
mechanism of this phenomenon 
transmembrane transfer of 
different substances in a multiple 
emulsion was investigated . 
Rhodamine C is a substance, 
which dissolves well in water, 
does not dissolve in the mineral oil 
in the liquid membrane, does not 
interact with single surfactant 
molecules, but can be solubilized 
in micelles and water droplets of a 
nanodispersion. So the dye can be 
transported through the liquid 
membrane only by surfactant 
micelles or nanodispersion, or as a 

result of coalescence of internal 
phase droplets leading to water phase 
separation. 

An emulsion W /0 was 
prepared from either 3.5 mol/dm3 NaCl solution or distilled water, mineral oil, and surfactant -
sorbitanmonooleate. This emulsion was placed on a flat surface with an area of 6.5 x 10-3 m2

, and 
contacted with one of the above mentioned water solutions . Rhodamine C was added in the internal or in 
the external water phase and different variants of rhodamine C transport from the internal water phase 
to the external one and in the opposite direction were carried out: 

• without water transport; 

• with water transport in the same direction; 

• with water transport in the opposite direction. 

Concentration of rhodamine C in the external water phase was determined by optical methods. 
The extracting emulsion stability against coalescence, that is water phase separation, was controlled by 
measurements of salt concentration in the external water phase. 

Diffusion coefficients of rhodamine C were calculated using the data of the kinetic curves of 
rhodamine C concentration in the external water phase by means of the equation of non-stationary 
diffusion (table 1). 

The kinetics of ethanol diffusion in the multiple emulsion was also investigated . This substance 
is highly soluble in water phase, with a very low solubility in mineral oil. Consequently, ethanol can be 
transported only to a slight extent from the internal water phase to the external one in the molecular 
form. 

The emulsion with containing 2.0 mol!dm3 ethanol and 3.5 mol/dm3 NaCI in the internal water 
phase was contacted with a NaCI solution with the same concentration. During these experiments 
internal water phase concentration slightly decreased due to the alcohol flux from the emulsion. Ethanol 
concentration in the external water phase was determined by refractometry and gas-chromatographic 
methods. Diffusion coefficient was equal to 1.8 X w-14 m2/s . 

Water transmembrane transfer leads to the swelling of the extracting erimlsion and the transfer 
of water takes place during the liquid membrane extraction when the internal and external water phases 
have different solute co'\centrations. 

972 



Liquid Membranes 

In these experiments, the internal water phase of emulsion was a NaCl solution whose 
concentration varied between the experiments . The organic phase was mineral oil without carrier. 
External water phase consisted of distilled water. 

Internal water phase Direction of External water phase D * 1014 

(in emulsion) substance transfer (out of emulsion) m2/s 
3.5 mol/dm3 NaCI (-- Rhodamine C 3.5 mol/dm3 NaCI & 1.7 

2.4xl0-5 molldm3 Rhodamine C 
3.5 molldm3NaCI & Rhodamine C ~ 3.5 molldm'NaCI 4.2 

7.2xl0-5 mol/dm3 Rhodamine C 

H20 H20~ 3.5 mol/dm3 NaCI & 1.7 
(-- Rhodamine C 2.4xl0-5 molldm3 Rhodamine C 

H20& H20~ 3.5 mol/dm3 NaCI 4.2 
7.2xl0-5 mol/dm3 Rhodamine C Rhodamine C ~ 

3.5 mol/dm3 NaCI (-H20 H20& 1.5 
(-- Rhodamine C 2.4xl0-5 mol/dm3 Rhodamine C 

3.5 molldm3 NaCI & (-H20 H20 5.6 
7.2*10-5 molldm3 Rhodamine C Rhodamine C ~ 

H20 (-- Rhodamine C H20& 1.4 
2.410-5 mol/dm3 Rhodamine C 

H20& Rhodamine C ~ H20 5.6 
7.2xl0-5 molldm3Rhodamine C 

. . 
lrutJ.al mternal water phase concentration m emuls10n- 0.65 . 

Table 1 Diffusion Coefficients of Rhodamine C in Multiple Emulsion 
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Figure 2. Kinetic curves for water transfer at the different initial NaCl concentrations 
in the internal phase of the emulsions 

Figure 2 shows the kinetic curves ofthe alteration ofcj> , the internal water phase concentration (or ratio 
of phases), in emulsions with different initial NaCl concentration. Only starting intervals of kinetic 
curves are shown on this figure . Water transfer continued approximately 20-25 days, and the internal 
water phase concentration reached - 0.92 in the emulsion of initial NaCJ concentration 3.5 molldm3

. 

Diffusion coefficients of water were calculated on the base of these kinetic curves by means of 
equation of non-stationary diffusion and were equal- 0.30 x 10-14 m2/s. 
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Investigations were also conducted of the diffusion characteristics in the extracting emulsions 
with carrier or polar organic substances. Emulsion with 3.5 moVdm3 NaCI in the internal water phase 
and 3 mas.% additives to the mineral oil was contacted with distilled water. 

For the comparison of experimental diffusion coefficients ofwater, Rhodamine C, and ethanol, 
molecular diffusion coefficients were calculated of by Wilke-Chang equation and the results are in table 
2. 

Substances Additives D experimental, m2/s D calculated, m2/s 
diffused 

-- 0.3x10-14 

DEHPA 6.2xl0-14 

Oleic acid 5.8xl0-14 

Water Natrium oleate 3.6xl0-14 5.4xl0·11 

Trioctylarnine 4.4xl0·14 

Dioctylarnine 5.6xl0-14 

Tween 80 2.5xl0-14 

Rhodamine C -- (1.4-5.6)xl0-14 0.7xl0-11 

Ethanol -- 1.8xl0·14 3.0x10-11 

Table 2 Molecular and Experimental Diffusion Coefficients 

So calculated diffusion coefficients are approximately 1000 times higher than the experimental 
ones. The presence of carriers in the organic phase of the extracting emulsion does not lead to a 

Figure 3. Photomicrographs Pt/C replicas of 
emulsion after ethanol transport (magnitude -
1.5*105

). 
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significant increase of the diffusion 
coefficients. The value of the diffusion 
coefficient of water in the system without 
carrier is approximately 10 times smaller 
than those in systems with carriers. But 
these values do not exceed the diffusion 
coefficient of Rhodamine C, the substance, 
which can be transported through the 
liquid membrane only in solubilized form. 
This fact points out that all these 
substances, including water, are 
transported in the form of a 
nanodispersion. 
To confirm the formation of 
nanodispersion droplets during 
transmembrane transfer of substances 
photomicrographs of emulsions were 
obtained before and after extraction. 
Photomicrographs of Pt/C replicas of 
emulsion after ethanol transport were 
prepared by the freezing-cleavage method 
(figure 3). Internal water phase drops in 
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emulsion were covered by small droplets of nanodispersion (d = 17 - 25 run). Initial emulsion before 
ethanol transport contained smooth water drops without nanodispersion. 

So it can concluded that the main form of water transmembrane transfer is by nanodispersion 
droplets or solubilized micelles. Water, like the other substances investigated, can be transported by 
surfactant or carrier in molecular form, but the first way prevails. 

Extracting Emulsion Swelling and its Stability 

Emulsion swelling is a negative phenomenon, which takes place at the liquid membrane 
extraction. It leads to the dilution of substances in the internal phase of the emulsion, and consequently 
to a decrease of extraction efficiency. 

At the same time emulsion swelling affects extracting emulsion stability. The criterion of the 
stability against coalescence is the half-separation period of the water phase. The influence of the 
emulsion swelling cj>/cj>0, (the ratio of the internal phase concentration at timet to that at t=O) on the half
separation period of water phase is shown in figure 4. Extracting emulsion stability against coalescence 
sharply diminishes at the emulsion swelling, and at cj>/cj>o = 1.4, i.e. at the swelling emulsion with initial 
cj> 0 = 0.65 to q, = 0.90, decreases to approximately~ 10 hat 85 °C, and this emulsion can not be used for 
the extraction. Thus, extracting emulsion swelling is a complicated process connected with the 
transport of water. The main form of water transport is one by means of nanodispersion droplets or 
solubilized micelles . 
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Figure 4. Extracting emulsion stability to coalescence at 
85°C versus emulsion swelling at the different initial 
concentrations ofNaCl in the internal phase 
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ABSTRACT 

RECOVERY OF 4-HYDROXYBENZOIC ACID FROM 

AQUEOUS SOLUTIONS BY EMULSION LIQUID 

MEMBRANES 
Paulo FMM Correia and Jorge MR Carvalho 
Instituto Superior Tecnico, DEQ - Department of Chemical 
Engineering, Av. Rovisco Pais 1096 Lisboa Codex Portugal 

Emulsion liquid membranes were applied to the recovery of 4-hydroxybenzoic acid (a compound present in olive mill 
wastewater) from aqueous solutions. Models considering solute diffusion through the emulsion as the rate determining step 
(typically used to describe phenol transport) fail to describe this compound's behaviour. A model considering stripping 
kinetics effect gave better results. 

Keywords: emulsion liquid membranes, olive mill waste-water, hydroxybenzoic acid, Hostarex A327, surfactant ECA 4360 

INTRODUCTION 

From the processing of products of vegetable nature large environmental impact waste-waters 
with phenolic compounds result. An example of this is the olive mill waste-water problem that occurs 
mainly in Mediterranean countries. Olive average world production is 7900 thousand tons per year. 
About 90% of this production is used in olive oil production. The environmental danger of this 
activity is that only 20% of the olive mass gives olive oil. The remaining 80% give rise to effluents 
either solid waste- the husks- (30%) or olive mill waste-water (50%).1 To give an idea of this huge 
pollution problem, it is proved that processing 1 ton. of olives generates oxygen demand pollution 
equivalent to the one produced by 800 people. 4-Hydroxybenzoic acid is a typical phenolic compound 
present in this kind of wastewater. Recovery of this compound from aqueous solutions by emulsion 
liquid membranes was tried out. 

Emulsion (or surfactant) liquid membranes (ELM) were invented by Li in 1968.2 From that 
time on this technology has demonstrated a considerable potential as a technique for separating and 
concentrating organics, in organics and metal ions from dilute streams. 3 A schematic diagram of ELM 
technology is presented in Figure 1. The effluent to be treated is contacted with emulsion globules 
(with diameters in the mm range). Each globule consists of droplets of an aqueous internal receiving 
phase (with diameters in the j.lm range) encapsulated in an organic membrane phase containing a 
surfactant. This emulsion was previously prepared by stirring at high mixing rates (emulsification). 
During the contact between wastewater and emulsion (permeation), transport of the products to be 
recovered occurs through the membrane and into the receiving phase, where they are concentrated. 
After subsequent separation by gravity of the effluent from the emulsion (settling), splitting of the 
emulsion (or demulsification) is carried out usually by applying an high voltage electrical field, in 
order to separate the phases which compose the emulsion - the internal aqueous phase and the organic 
membrane phase. The stripped membrane phase can be reused and the receiving phase - enriched in 
recovered solute - can be recycled or recovered for solute. According to its composition, the effluent 
may be submitted to additional treatment processes or simply discharged. 

Figure 1. Schematic diagram of ELM process. 
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Several studies have been reported and reviewed4 concerning the application of the emulsion 
liquid membranes technology to the removal of phenols from aqueous solutions. However studies have 
been confined to the removal of phenol, nitrophenols, chlorophenols and cresols. The mechanism for the 
emulsion liquid membranes in this case is usually type I (without the use of a carrier in the membrane 
phase) . Several models have been developed to describe this case. The most successful ones were the 
advancing front model and the reversible reaction model. 

Advancing front model was proposed by Ho et al.5, as an extension of Marr & Kopp6 model to 
spherical co-ordinates. It assumes the emulsion globule as homogeneous and that there is an 
hypothetical interface - the reaction front - that separates the region where the internal stripping phase is 
exhausted from the unreacted core. This model assumes that the stripping reaction is instantaneous and 
irreversible. Their equations can be solved approximately by the perturbation method, giving zero order 
analytical solutions, which are accurate enough to describe batch permeation results. This model was 
refined by Fales & Stroeve7

, who introduced an extra external phase mass transfer resistance. 
Reversible reaction model was firstly proposed by Teramoto and co-workers8 and by Bunge et 

al.9
. This model does not use the reaction front concept and allows the stripping reaction to be 

reversible. It gave similar results to advancing front model ones when applied to solutions containing 
only one phenolic compound, but in opposition to the advancing front model it could describe the 
behaviour of mixtures of phenols and organic acids (competition effects, etc.)10

. The obtained equations 
set has to be solved numerically. 

Y an and co-workers 11 have proposed recently a model that takes into account not only the 
diffusion through the emulsion globule, but also the possible rate determining effect of stripping 
kinetics. An approximate zero order solution by perturbation method was also obtained. This model was 
tested for this case and results were compared to the other ones. 

Due to lack of space, interested readers are advised to find further information about these models 
(mathematics, formalism, etc.) in the cited papers . 

EXPERIMENTAL 

Emulsions were prepared by emulsifying NaOH (MERCK) aqueous solutions (internal phase) in 
an organic membrane phase composed by a paraffinic solvent (ShellSol T, Shell Chemicals Ltd.) and a 
non-ionic surfactant (polyamine ECA4360J, Essochem Europe Inc.). In most studies a modifier 
typically used in liquid-liquid extraction (lsodecanol, Riedel de Haen) was also used. A tertiary amine 
extractant - Hostarex A327 (H&:chst) - composed by 50% tri-n-octylarnine and 50% tri-n-decylarnine 
was tested too. This extractant was selected from a set of separation funnel tests with several primary, 
secondary and tertiary arnines, published elsewhere.12 A rotor-stator type high speed rotative disperser 
(IKA Ultra Turrax T50 with an IKA G45ff ultrafine turbine) was used at 7000 rpm with a residence 
time of 15 min. Permeation was made by dispersing this emulsion in the external aqueous phase 
containing 4-hydroxybenzoic acid (Fluka) in a I I cylindrical glass reactor (85 mm internal diameter, 
round bottom) immersed in a water bath, in order to keep the permeation temperature constant. A set of 
two stainless steel baffles (with 205 mm x 7 mm x 0.55 mm each) was attached to this reactor. It 
allowed a gap of 5 mm between each baffle and the reactor wall, in order in order to prevent emulsion 
accumulation near reactor wall. Agitation was performed through a stainless steel paddle (with 45 mm 
x 45 mm x 1 mm) centred at 12 mm from reactor top and provided by an Heidolph RZR1 driver. 
During permeation photographs were taken near the reactor wall. Afterwards an extra sample of the 
reactor external phase content was obtained and emulsion was poured and broken in a cylindrical double 
wall coaxial electrocoalescer. The annular space was filled with an electrolyte. Demulsification was 
performed by applying a 4 kV and 2.7 kHz electric field through an high voltage unit prototype. 

Internal and external phase sample analysis was made in a double beam ultra-violet/visible 
spectrophotometer Hitachi U2000. pH measurement was accomplished by a Metrohm 632 pH Meter 
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with a combined Metrohm electrode. Emulsion globules Sauter mean diameter was obtained through the 
use ofKS100 image analysis software (Kontron Elektronik GmbH). 4-Hydroxybenzoic acid distribution 
ratios between external and membrane phase were obtained by agitating the external and membrane 
(without surfactant) for 24 h. Densities and viscosities were obtained through glass pyknometers and 
Ubbelohde glass capillary viscometers (Schott). Interfacial tension between external and membrane 
(without surfactant) phases was obtained through modified drop size method13 . 

Implementation of the models was done by the use of MATLAB software. In the case of 
reversible reaction a Crank and Nicolson version using Thomas algorithm14 was used. 

RESULTS AND DISCUSSION 

Based in successful tests with phenol (published elsewhere12), the recovery of 
4-hydroxybenzoic acid from synthetic aqueous solutions was tested by emulsion liquid membranes . 
Results are shown in Table 1. Permeation kinetics is very low, suggesting that the behaviour of this 
compound is somewhat different of that of phenolic compounds that have been studied so far. The 
introduction of an amine extractant or a modifier typically used in liquid-liquid extraction in the 
membrane phase enables the increase of the permeation kinetics and an effective removal of 4-
hydroxybenzoic acid from an aqueous solution as shown. However care must be taken with external 
phase pH, because sulphuric acid co-transport may occur and internal phase may be neutralised, 
aborting the process . This deleterious pH effect can be overcome by the use of a membrane phase with 
the modifier only. This was the composition used for the rest of the studies. 

Internal phase NaOH 0.2 mol dm-3 
Membrane Phase: 

SheiiSol T 98% (p/p) 94% (p/p) 96% (p/p) 
Isodecanol - 2% (p/p) 2% (p/p) 

Hostarex A327 - 2% (p/p) -
ECA4360J 2% ( /p) 2% Q/}J) 2% (p/p) 

External phase 

[C7H603lm.o 200 mg/L 200 mg/L 200 mg/L 200 mg/L 200 mg/L 

(pH) (pH=3.7) (pH=2.3•) (pH=3.7) (pH=2.3•) (pH=2.3•) 

[C7H603]TII,aftcr penneat. 180 mg/1 90 mg/1 7mg/l 150 mg/1 1.4 mg/1 

(E) (£=0.10) (£=0.55) (£=0.965) (£=0.25) (£=0.993) 

[C7~03]Lafter demulsif. 182 mg/1 825 mg/1 1500 mg/1 626 mg/1 1200 mg/1 
. . . . 

External phase actdificatton was done by H2S04 additiOn . 

Table 1 Results of preliminary studies to choose membrane phase composition 
(Operating conditions: VnN1 = 1; emulsification stirring rate: 7000 rpm; emulsification time: 
15 min; VmN 1 = 10; permeation temperature: 298 K; permeation time: 20 min; 
permeation stirring rate: 300 rpm) 

For modelling permeation results both advancing front5
'
7 and reversible reaction9 models were 

tried out, but both failed to describe experimental data as shown in Figure 2. On the other hand, Yan et 
a!. model11 proved to describe quite well the experimental data with the proper choice of this model's 
adjustable parameter - the Damkohler number (Da) . Good fitting has been found with Da=30 at 
external phase pH=2.3. As referred by Yan et all \ this value of Da means that permeation process is 
controlled by diffusion and reaction jointly. If external phase pH changes to 3.7 best fitting occurs at 
Da=60 (Figure 3). One could argue about Da real physical meaning in this case, but one interesting 
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thing is that the value of Da=60 chosen has shown to describe (despite the presence of some non
idealities) permeation stirring rate effect (shown in Figure 4). 

12 

Figure 2. Application of several models to batch permeation data: 1. Bunge et al . modd; 
2. Advancing front modee; 3. Fales and Stroeve model7

; 4. Yan et al. model11
; 

x - Experimental data. (Operating conditions: V11N 1 = 1; emulsification stirring rate: 
7000 rpm; emulsification time: 15 min; V111N 1 = 20; permeation temperature: 298 K; 
permeation time: 10 min; phases composition: the same listed in last column of Table 1). 

10 12 

Figure 3. External phase pH effect: pH=2 (line 1- Yan et al. model 11
; x - experimental data) and 

pH=3.7 (line 2- Yan et al. model1
\ o- experimental data) (Operating conditions: the same 

of Figure 2, except external phase pH variations; permeation stirring rate: 400 rpm). 

10 12 

Figure 4. Permeation stirring rate effect: x- 300 rpm; o- 400 rpm;*- 500 rpm; Solid lines- Yan et al. 
model11 (Operating conditions: the same of Figure 2, except external phase was not acidified 
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Permeation temperature effect was also studied and is shown in Figure 5. Y an et al. 11 model 
description of permeation experimental data was also possible with good fitting using Da values shown 
in Table 2. From these values stripping rate constants assuming pseudo-first order kinetics were 
obtained. From an Arrhenius regression (with a correlation coefficient of 0.98) the expression In k1 = 

(1 3i:2) - (4.3 xl03 :t6xlrY)IT, a value of (36±5) kJimol was obtained for the activation energy. Further 
studies are needed however in order to check either physical meaning of this kinetic treatment (through 
kinetic studies in a stirred cell) or the possible role of isodecanol as a carrier (as in metals permeation), 
which has been neglected so far. 

g0.6 

~ 0.5 
u 

0.4 

03 

0.2 

0.1 

00 12 

Figure 5. Batch permeation temperature effect: x 278K; o 285K; * 298K; + - 308 K; Solid lines -
Yan eta!. model11 . (Operating conditions: VnN1 = 1; emulsification stirring rate: 7000 
rpm; emulsification time: 15 min; VmNr = 20; permeation time: 10 min; permeation 
stirring rate: 300 rpm; phases composition: the same listed in last column of Table 1, 
except external phase was not acidified (pH=3.7)). 

(Relevant operating parameter: rA = 0.5 (VnNr = 1)) 
T(K) a DeJJ(m21s) R(m) Da = rA k1 R2 I (aDell) kr (s-1

) 

0.524 1.87xl0-10 1.96x 10-4 20 0.102 
0.519 1.96xl0-10 2.03x 10-4 40 0.197 
0.516 2.43x 10·10 2.07x 10-4 60 0.350 
0.514 2.88xl0-10 2.00x 10-4 65 0.482 

Table 2 Results of permeation temperature effect analysrs by Y an et al .11 model 

As a final conclusion of these preliminary studies, one should be cautious considering phenolic 
effiuents treatment, because, as proved, there are some phenolic compounds with different behaviour 
from the most common ones and treatment conditions extrapolation without considering the effiuent 
composition could be a huge risk. 

ADDITIONAL NOT A TION 

Da Damkohler number (-) rh [= Vw I (Vw + Vno)] ( -) 

Deff Effective diffusivity in emulsion globules (m21s) 
R Radius of emulsion globule (m) Subscripts: 
v Volume (m3

) 0 Initial 

c 4-Hydroxybenzoic acid concentration (mol/m3
) 1 Pseudo-first order 

a Distribution coefficient for the solute between I Internal phase 
external phase and emulsion at equilibrium II Membrane phase 
[= (Vw + D Vno) I (Vw + Vno)] (-) III External phase 
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ABSTRACT 

PURIFICATION AND CONCENTRATION OF LACTIC 

ACID BY EMULSION LIQUID MEMBRANE 

EXTRACTION 
T Berrama, D Pareau, M Stambouli and G Durand 
Laboratoire de Chimie et Genie des Procedes, Ecole Centrale 
Paris, Grande Voie des Vignes, 92295 Chatenay-Malabry Cedex 
France 

Lactic acid extraction by emulsion liquid membranes (ELM) was studied and optimal conditions were found in batch 
experiments by studying the influence of different parameters: concentrations of extractant, surfactant, contact time, etc. 
These conditions were then adapted to the actual effluent and tested in continuous experiments with one and two stages of 
mixer- settler; the feasibility of the process was then demonstrated. 

Keywords: lactic acid, emulsion liquid membrane, tri-dodecylamine, surfactant ECA 4360, Span 80 

INTRODUCTION 

The milk industry leads to the formation of a by-product, lactoserum. Many works are 
performed in Europe to valorise this effluent by producing lactic acid by fermentation; this lactic acid 
must however be purified before being recycled. The most expensive step of the process is this 
purification; several techniques are competing in terms of efficiency and cost. Membrane techniques 
have been evaluated since the 1980's: systems combining immobilization of growing cells and 
electrodialysis have proven their efficacy.! More recently, the continuous isolation of lactic acid by 
facilitated membrane extraction has been studied.2 Adsorption on polyvinylpyridine and activated 
carbon3 and ion exchange, cation exchange for production and purification of lactic acid4 and anion 
exchange for lactate recovery5 have been successfully investigated. Solvent extraction was the most 
studied technique using mainly tertiary amines. 6-8 The main result of these works is the feasibility 
of lactic acid extraction at an intermediate pH between the optimum extraction pH about 3 and the 
optimum fermentation pH of 5-6. In membrane based solvent extraction using a tertiary amine,9 the 
three liquid phases (aqueous feed, organic carrier and stripping phase) are separated by 
membranes and its feasibility has been demonstrated. 

A few studies have been devoted to emulsion liquid membrane extraction (ELM) of lactic 
acid, the extractant being mainly a secondary amine.l0,11 The feasibility of the process was 
demonstrated also with a tertiary amine.l2,13 A mathematical model was proposed for lactic acid 
permeation in such systems. It seemed interesting to follow up such a study with a continuous 
process proposal and its bench scale test. 

EXPERIMENTAL 

Synthetic aqueous solutions were prepared by dissolving lactic acid Merck (90%) in water. 
The extractant is a tertiary amine: tri-dodecylamine (Merck). The other compounds are: sodium 
hydroxide (Merck), SPAN 80 (Fluka), ECA 4360 (EXXON), dodecane (Prolabo), octanol-1 (Prolabo) 
and 2- ethylhexane-1 ,3-diol (Merck). 

Lactic acid and lactate concentrations were measured in aqueous solution by acid-base 
titration (Methrom Herisau E 536 Dosimat 655). Sodium concentrations were measured by atomic 
absorption spectroscopy (VARIAN A 300). 

An agitated vessel of 200 cm3capacity was used to contact aqueous solutions of lactic acid 
with the emulsion. Stirring was performed by a turbine impeller. Emulsification was performed using 
an Ultraturrax emulsifier (Janke & KunkeliKA). 
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Solvent extraction preliminary experiments 

A tertiary amine, trilaurylamine or tri-dodecylamine (TLA) was selected as the extractant. A 
solution of lactic acid was contacted with different organic solutions containing 0.15 moVdrn3 TLA in 
various diluents (dodecane, dodecane/octanol, ethylhexanediol (EHD)/octanol). In the case of dodecane, 
extraction of lactic acid leads to third phase formation; extraction efficiency was good in the presence of 
octanol and/or EHD, leading to the quantitative formation of ammonium lactate. The extraction is 
favoured in acidic media where HLa is preponderant. Quantitative stripping was achieved by 
contacting the loaded organic phase with sodium hydroxide, leading to sodium lactate recovery. 

The extraction mechanism is the following: 

HLa + R3N ~ R3NH+La

where HLa and La· are lactic acid and lactate, and R3N is TLA. 
These extraction systems were then tested in ELM. 

ELM Experiments 

Experiments with SPAN 80 

The experimental conditions are shown in table I : 

Extraction phase (I) 

Composition lactic acid 0.56 
moVdm3 

Volume cm3 100 

Table 1: Experimental conditions 

Organic phase (2) 
TLA 5%(w/w) 

EHD 
SPAN 80 
Dodecane 

10 

Stripping phase (3) 

NaOH 3.7 moVdrn3 

10 

EHD was varied between 0 and 5% (w/w) and SPAN between 1 and 5 % (w/w). In all cases 
emulsion breaking was important and always > 50%. As a consequence the extraction yield is reduced 
to < 5%. Several operating parameters were tested: emulsification time, rotating speed of the emulsifier, 
volume ratios, contacting time, etc, without any improvement of emulsion stability. This surfactant was 
consequently not retained. 

Experiments with ECA 4360 

Preliminary experiments with ECA 4360 showed that emulsion breaking is more limited in this 
case being < 10%. Under the same conditions as above with EHD 1% and ECA 5% (w/w), extraction 
yield is still relatively low, about 20% in 10 minutes contact time. In addition a considerable swelling of 
the emulsion was observed, about 100% in the same time, due to the ionic strength difference between 
both the aqueous phases. The first concern was then to find optimal conditions to extract lactic acid and 
reduce swelling. 

To obtain quantitative extraction, it is necessary to introduce an excess of sodium hydroxide in 
the stripping phase. But it is not possible to increase NaOH concentration because of swelling, so it is 
necessary to increase the relative volume of the emulsion phase. The volume ratios were then altered to: 
V1NjV3 = 4/1/1. Several parameters were studied: ECA, EHD and TLA concentrations 

ECA concentration 

The extraction kinetics of lactic acid were studied for EHD 1%, TLA 5% (w/w) and different 
concentrations of ECA. Extraction and swelling ratios are represented in figures 1 and 2. ECA has little 
influence on swelling which is still considerable. On the other hand the extraction yield decreases with 
increasing ECA concentration. So 2% ECA was the chosen concentration. 
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Figure 1: Extraction kinetics of lactic acid Figure 2: Swelling kinetics 

In all cases emulsion breaking is limited to < 3%. ECA concentration has the same influence on both 
extraction and swelling. Due to the increasing membrane viscosity with increasing ECA 
concentration, lactic acid is extracted more slowly. 

EHD concentration 

Experiments with 1% and 0% EHD were compared with ECA 2%; extraction is better in 
the presence ofEHD with 95% extraction against 80% without EHD after 12 minutes contact time. 
Swelling is more important too in the presence ofEHD, showing that water can be transported by it. 
I% EHD was the selected concentration because of the better lactic acid transfer. 

TLA concentration 

TLA was varied from 2 to 5%, all other parameters being constant. The results are reported 
in figure 3. As expected the extraction yield increases with increasing TLA concentration. 5% TLA 
was then adopted. 

100 

c 80 
0 

:;:::; 
60 CJ 

1.!! ... 40 )( 
Ql 

<fl. 20 

0 

0 5 10 15 

Time (min) 

Figure 3: Influence ofTLA concentration on lactic acid extraction 

Conclusion 

Under the following conditions: TLA 5%, ECA 2%, EHD 1%, V1N.JV3 = 4/111 , the 
extraction ( > 90%) is satisfactory after 10 minutes contact time, but swelling is important due to 
osmosis. The concentration factor is reduced to about 2 and a solution of about 1 mol/dm3 lactic 
acid can be obtained. The initial aqueous solution had a pH lower than lactic acid pKA ( 3.9), so the 
extraction was favoured . This is not the case for the actual effluent. 

Extraction in the actual effluent conditions 

The actual effluent has a pH of 4.5 so the major species is the lactate ion so the extraction is 
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then reduced with an extraction yield of 17% and the fmal pH 5. 5. 
Sulphuric acid was added to the extraction phase to maintain the pH around 4.5 which then 

favours lactic acid extraction. The extraction kinetics are limited due to the low 1-ll.,a concentration 
compared to lactate ion (figure 4). It was confirmed that sulphuric acid was not co-extracted at this 
pH as no sulphate was found in the internal phase. By lowering the pH, lactic acid extraction is 
favoured but then sulphuric acid begins to be co-extracted, competing with lactic acid extraction 
and stripping. So the limiting pH value of 4.5 was adopted. 

100 
c 

80 0 
;:; 
u 60 
I! ... 40 >< 
Ql 

20 
~ 0 

Contact time ( min) 

Figure 4: pH influence on lactic acid extraction 

The extraction is however possible and this process was then tested in continuous 
experiments as can be seen below. 

It should be noticed that under these pH conditions, a quaternary ammonium salt like 
Aliquat 336 could have be advantageously chosen; it is however then necessary to consider the 
stripping step which carmot performed by any mineral anions without polluting the recovered 
product. The only possible stripping solution is an hydroxide solution whose concentration might 
need to be very high, because of the exchange difficulties between lactate and hydroxide ions. 

Continuous experiments 

These were performed in one or two stages of mixer- settlers in the following conditions: 
- organic phase: 5% TLA, 2% ECA, 1% EHD, dodecane 
- stripping phase: NaOH 2 mol/dm3 

-extraction phase: lactic acid 0.3 mol/dm3 pH 4.5 
-emulsion volume ratio: 111 
- contact time in each mixer: 1 0.4 min 

The results are shown in figures 5 and 6. 

Extraction phase 
1,01/h 
La 0 .30 mol/L 

Coalescence pH 4.5 ----~ 

Stripping phase 
0.29 Llh 
lactate 0.51 mol/L 

Loaded emulsion 
0.491/h 

Organic phase 
0.2 Llh 

H,so. 
O,D3 Llh 
1,15 mol/L 

Transfer 

Raftinate 
0.91 Llh 
La0 .18 mol/L 
pH4.5 

Fresh emulsion 
0.4 Llh 

Figure 5: Continuous experiment with one stage of mixer- settler 
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Coalescence 

Extraction phase 
1,0 Llh 

u,so. 
0,03 Llh 
1,3 mol/L 

u,so. 
0,03 Llh 
1,3 mol/L 

La 0.30 mol/L .-----L--, La 0.17 mol/L .---~-..., 
pH 4.:....5 -----.t I---"=-::H...:.4.:.:..5 __ +1 

Transfer 

Raffmate 

Stripping phase 
0.31 Llh 

Loaded emulsion 
0.51 L!h 

Emulsion 
0.44 Llh 

1......--...JFresh emulsion 
0.4 Llh 

La0.76 mol!L 

Organic phase 
0 .2 Llh 

Figure 6: Countercurrent continuous experiments with two stages 

The results are compared in table 2: 

% extraction %swelling %emulsion Concentration S04in stripping phase 
breaking factor (moVdm3

) 

One stage 45.4 45 7 1.7 -2 x w-3 

Two stages 88.1 55 10 2.5 -3 x w-3 

Table 2: Companson of contmuous expenments 

The extraction yield is directly related to contact time; but swelling is much more reduced 
with two stages, than with one with 20 minutes of contact in which swelling would be around 80%. 
The emulsion breaking is quite satisfactory, it was performed by electrocoalescence by the addition 
of a continuous field of 3.2 kV and an alternative of 0.5 kV (2kHz). With a residence time of 4 
minutes, the coalescence efficiency is greater than 90%. 

CONCLUSION 

The feasibility of this process has been demonstrated. Further optimisation could be performed on 
operating parameters to increase the extraction yield. Moreover experiments must be done on actual 
effiuents to investigate possible interferences of lactoserum compounds, especially other organic 
acids like citric and pyruvic acids. Further work is then necessary before validating this process for 
lactoserum treatment. 
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ABSTRACT 

PREPARATION OF METAL-SILICATE 

MICROBALLOONS WITH LIQUID SURFACTANT 

MEMBRANE 
T Hano1

, M Hirata1
, H Takanashi1 andY Nakahara1 

1Department of Applied Chemistry, Oita University, Oita 870-
1192, Japan 
2Research Institute of Innovative Technology for the Earth, 
Kyoto 619-02, Japan 

An interfacial reaction method, which is close to liquid surfactant membrane technology, was applied to prepare inorganic 
microballoons made of a variety of metal silicates. The extent of spherical balloon formation and the smoothness of the 
surface were controlled by the emulsifying conditions, especially by the concentrations of surfactant in oil phase and 
inorganic metal salts in both internal and external aqueous phases. The rate of balloon formation was accelerated by adding a 
metal cation carrier in oil phase. Micro balloons made of multiple metal silicates were prepared by changing the metal species 
in external aqueous phase during the secondary emulsification. 

Keywords:silicate microballoons, surfactant liquid membrane, silicates, calcium, D2EHPA, Span 80, 

INTRODUCTION 

Microballoons made of hard inorganic shell have become of interest as a new material due to 
their attractive properties such as strong resistance against high temperature and organic solvents. 
These characteristics are not expected with conventional organic microballoons made of organic high 
polymers. Several methods have been proposed so far to prepare inorganic microballoons, but the 
interfacial reaction method developed by Nakahara1

'
4 is considered to be most favourable in that a 

wide variety of inorganic precipitation reactions can be applied to form insoluble shell. In this 
method, ion exchange occurs through an oil membrane between internal and external aqueous phases 
of (y//0)/W emulsion and the insoluble shell is formed inside the internal aqueous phase. Therefore, 
the reaction mechanism is quite similar to the transportation process in a liquid surfactant membrane. 
In the past study, the acceleration of balloons formation by applying the carrier-mediated penetration 
of ions has been reported, where two kinds of ion-carrier, cation and anion exchangers, were evaluated 
for their effects on ion exchange rates?·3 Together with the increase of formation rate, it is important 
to prepare the spherical balloons with as smooth a surface as possible. The extent of spherical balloons 
formation is influenced substantially with preparing conditions ofW/0 and (y//0)/W emulsions. 

The present study focused on the effects of the conditions of emulsion preparation on the 
surface state of inorganic microballoons made of various metal silicates to clarify the reaction 
mechanism of shell formation. The technique to prepare the microballoons made of multiple metal 
silicates shell was developed. 

EXPERIMENTAL 

Figure 1 shows the experimental procedure to prepare calcium silicate microballoons as an 
example. An internal aqueous solution, prepared by dissolving sodium silicate (Na20.nSi02) in 
deionised water, and an organic solution, prepared by dissolving Span 80 as a surfactant and D2EHPA 
(di-2-ethylhexylphosphoric acid) as a cation carrier in kerosene, were mixed in a homogenizer at 2500 
to 5000 rpm. The W/0 emulsion thus prepared was then added to an external aqueous solution 
containing CaCh and stirred gently at 200 to 300 rpm in a tank. The salt concentrations in both 
aqueous solutions were made equal to prevent the swelling of emulsion. Microballoons formed were 
washed with methanol and dried for scanning electron microscopy observations. A wide variety of 
metal chlorides or nitrates were used to prepare the metal silicate microballoons. 
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Figure 1 Preparation procedure of calcium 
silicate microballoons 

RESULTS AND DISCUSSION 

Figure 2 calcium silicate 
microballoons 

Figure 3 SEM of broken microballoons 

Effects of Operating Conditions on the Formation of Spherical Microballoons 

The SEM picture of calcium silicate microballoons is shown in figure 2 where almost 
completely spherical balloons with smooth surface were prepared at high yield. It was also observed 
that several microballoons were broken as shown in figure 3, which clearly demonstrates the 
formation of hollow spheres with thin shell. The size of microballoons was dependent on the agitation 
speed of a homogenizer, oil phase viscosity and surfactant concentration. Figure 4 shows the 
relationship between the size of sodium silicate microballoons and the drop diameter of internal 
aqueous solution in the initial W/0 emulsion. The size of microballoons increased linearly with drop 
size of internal aqueous solution with the shrinkage ratio of 75%. The shell thickness of capsules 
increased with the increase in the initial salt concentration. The effects of operating conditions on the 
extent of spherical balloon formation were examined based on the SEM observations as follows, 

+++ (Almost all balloons are spherical.), 
++ (The fraction of spherical balloons is high.), 

+(The fraction of spherical balloons is low.), 
- (Spherical balloons are scarce.). 

Homogenizer speed 

As stated above, the size of balloons is well correlated with that of inner water drops which is 
principally determined by homogenizer speed, but the extent of spherical balloons formation was not 
influenced so much. 
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Sodium silicate concentration in inner aqueous solution 

Table 1 predicts the effects of sodium silicate concentration as Na20. The increase in Na20 
concentration contributed to raising the fraction of spherical balloons probably due to the increase of 
shell thickness. 

Carrier concentration 

Table 2 predicts the effects of concentration of a cation carrier, D2EHP A, added to increase 
the penetration rate of metal cation through oil membrane. With the increase in D2EHP A 
concentration, the fraction of spherical balloons also increased although the W/0 emulsion became 
very unstable beyond 0.5 wt% concentration. The effects on the size of balloons were not observed 
clearly. 

Na20 Span80 D2EHPA Homogenizer Dw DMB DMB/Dw 
Evaluation 

[M] [wt%] [wt%] [rpm] [J.Lm] [J.Lm] [ -] 

0.38 1.0 0.1 5,000 2.65 1.73 0.65 
0.75 1.0 0.1 5,000 2.23 1.92 0.86 
1.12 1.0 0.1 5,000 3.01 2.41 0.80 + 
1.43 1.0 0.1 5,000 5.46 3.91 0.72 ++ 
2.24 1.0 0.1 5,000 22.7 3.74 0.17 + 

Dw : Diameter of water drop in W /0 emulsion. DMB: Diameter of microballoons. 

Table 1 Effects of sodium silicate concentration on the state of microballoon 

Na20 Span80 D2EHPA Homogenizer Dw DMB DMSIDw 

[M] [wt%] [wt%] [rpm] [J.Lm] [J.Lm] [-] 

1.45 1.0 0.1 4,000 6.60 4.46 0.64 
1.43 1.0 0.1 5,000 5.46 3.91 0.72 
1.56 1.0 0.1 6,000 4.82 3.22 0.67 
1.45 1.0 0.2 4,000 5.13 5.49 1.07 
1.44 1.0 0.2 5,000 4.99 4.45 0.89 
1.42 1.0 0.2 6,000 3.48 2.89 0.83 
1.44 1.0 0.3 5,000 4.32 2.76 0.64 
1.42 1.0 0.3 6,000 2.69 3.00 1.12 
1.45 1.0 0.4 5,000 4.66 3.66 0.79 

Table 2 Effects of cation carrier concentration on the state ofmicroballoon 

Na20 Span80 D2EHPA Homogenizer Dw DMB 

[M] [wt%] [wt%] [rpm] [J.Lm] [J.Lm] 

1.44 1.0 0.3 5,000 4.32 2.76 
1.56 2.0 0.3 5,000 3.79 3.64 
1.56 3.0 0.3 5,000 4.16 3.49 
1.52 4.0 0.3 5,000 3.75 2.90 

Table 3 Effects of surfactant concentration on the state of microballoon 

Surfactant concentration 

DMB/Dw 

[ -] 

0.64 
0.96 
0.84 
0.77 

Evaluation 

++ 
++ 
+ 
++ 
++ 

+++ 
+++ 
+++ 
+++ 

Evaluation 

+++ 
++ 
+++ 
+++ 

Table 3 predicts the effects of Span 80 concentration. The increase of surfactant concentration 
was most effective in raising the formation of spherical microballoons, especially when it was difficult 
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to get beautiful balloons under usual conditions. This was true for transition-metal silicate 
microballoons. The smooth and clear surface was obtained by increasing a surfactant concentration, 
but the rate of balloon formation was retarded due to the increase of oil-phase viscosity. 

Viscosity of internal aqueous phase 

The effects of aqueous phases viscosity were examined by adding glycerol to internal 
aqueous solution, but a clear effect of viscosity increase was not observed. When the concentration of 
sodium silicate was as low as 0.34 moUdm3

, the formation of spherical microballoons was made 
possible by increasing the viscosity. 

Viscosity of oil phase 

Since the diffusion-controlled penetration of a metal cation through oil phase may affect the 
formation of inorganic shell, the effect of oil phase viscosity was examined by adding liquid paraffin 
to kerosene. However, the drastic change of spherical balloon formation was not observed under the 
present conditions . 

Effects of Operating Conditions on the Formation Rate of Microballoons 

The formation of inorganic microballoons proceeds by the ion exchange between internal and 
external aqueous solutions through oil membrane. Therefore, the formation rate of microballoons may 
be controlled by the operating factors that influence the rate of ion penetration. In this study, the rate 
of ion exchange was regarded as the formation rate of microballoons, and the effects of operating 
conditions were examined for calcium silicate microballoons. 

Figure 5 shows the change of calcium ion concentration after pouring the W/0 emulsion into 
aqueous calcium chloride solution. With the increase in stirring speed, the formation rate of 
microballoons also increased, probably due to the decrease in the size of dispersed W/0 emulsion 
drops and the resultant increase in the specific surface area. In the separate runs, the increase of oil
phase viscosity clearly retarded the balloon formation because of low penetration rates. Figure 6 
shows the change of average balloons size during the ion exchange. The increase in salt concentration 
clearly caused the increase in balloon size. As clearly shown, the formation of microballoons 
proceeded just after putting the emulsion into external aqueous solution and it took fairly long time to 
reach the steady state when the salt concentration was low. These findings demonstrate that the 
transfer of ions controls the overall process . 

Preparation of Micro balloons Composed of Multiple Metal Silicates 

Microballoons made of various metal silicates other than Ca were prepared with the same 
procedure described in figure I. The metals tested were Mg, AI, Cu, Mn, Co, Ni, Pb, Zn, Fe(II), Fe(III) 
and Ba. Although some metals could not give beautiful microballoons under usual preparing 
conditions, it was improved by increasing the surfactant and inorganic salt concentrations. The 
microballoons made of multiple metal silicates were prepared as follows . The W/0 emulsion was 
mixed with the aqueous solution of the first metal salt for a while, then it was separated from aqueous 
solution quickly. Next, the recovered W/0 emulsion was poured into the aqueous solution of the 
second metal salt and stirred to complete the ion-exchange reaction. Figure 7 shows the SEM 
observations of broken microballoons that were prepared by reacting with Mn2

+ at first followed with 
Ca2

+. We can ascertain that the double layer of metal silicates was formed by this method. The surface 
of such a multiple metal-silicates microballoons was analyzed by EDX. Only the metal element used 
at the second-stage exchange was observed at the surface, which means the complete coverage of the 
external shell composed of the first metal silicate with the second metal silicate. 
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Figure 7 Broken surface of multiple metal 
silicates microballoons 

In the preparation of inorganic microballoons based on the interfacial reaction method 
proposed by Nakahara, the extent of spherical balloon formation was substantially affected by the 
emulsion-preparing conditions, especially the concentration of surfactant and inorganic salts . The 
microballoons made of a wide variety of metal silicates could be prepared satisfactorily by increasing 
the concentration of surfactants . The microballoons made of multiple metal silicates were obtained by 
changing the inorganic salt solutions during the operation. 
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ABSTRACT 

SELECTIVE RECUPERATION OF COPPER BY 

SUPPORTED LIQUID MEMBRANE (SLM) 

EXTRACTION 
RF De Ketelaere and J Vander Linden 
Chemical and Biochemical Research Centre CBOK, Dept. Kll:IO, 
KaHo Sint-Lieven, Gebroeders Desmetstraat, 1 - 9000 Gent 
Belgium 

Initially a comparison of described and commercialised copper extractants and diluents was made by means of conventional 
extractions. The investigated criteria were: the distribution ratio, the kinetics and the selectivity of copper extraction and 
stripping. A salicylaldoxime dissolved in kerosene, LIX 860, gave the best distribution ratio, with a fast extraction and very 
fast and complete stripping with 300 giL sulphuric acid. Below pH 2,5, the selectivity for copper is high (only Fe3+ was 
partially co-extracted). However Acorga M 5640 provided the highest selectivity. In the second stage, experimental studies 
on the lifetime of several supporting membranes as well as on the stability of the supported liquid membrane showed that 
Celgard~ XJ0-240 has the smallest pore size and provide the highest stability. Finally, the working parameters, investigated 
in a pilot scale continuous SLM extraction, showed a permeability coefficient, varying between I and 7.10-2 rn.h-1 . It is not 
influenced by the flow velocity and is dependent, not only on LIX-860 concentration and pH, but also on the copper feed 
concentration. Moreover, these three parameters are interacting. 

Keywords: copper; LIX 860; Acorga M5640; supported liquid membrane 

INTRODUCTION 

In metal recovery, extraction by liquid ion exchangers is of growing concern. I The use of 
supported liquid membrane (SLM) can improve this technique and extend its application field to the 
recovery of metal ions from waste water.2 Therefore the mass transfer for the SLM extraction of 
copper ions was studied. 3 

Moreover, much research has been done in the field of preparation of selective metal 
extractants and in the development of membranes with well controlled pore diameters.4,5 However, 
between a principle and an operating process, a large gap has to be filled up with concrete and 
specialised know-how. Trying to contribute to this goal, this paper presents a comparison of copper 
extractants and diluents useful in SLM and the selection of supporting membranes and defines the 
working parameters of an SLM pilot plant. 

EXPERIMENTAL 

Selection of the extractant and the diluent 

To perform an uphill extraction of copper, the extractant has to be a acidic (HL) giving the 
reaction: 

Cua 2+ +2HL. ~CuL2• +2Ha+· 

In this case, the pH difference between feed and stripping liquid can be the driving force for the extraction. 
Most of the copper extractants are 8-hydroxyquinoline derivatives (Figure l.A) or salicylaldo- or keto
oximes (Figure l.B).6,7 Five different commercial copper extractants were selected, available in the form 
of concentrated kerosene solutions . 
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R~ 
OH 

(A) (B) 
Figure 1 : Copper extractants : (A) 8-hydroxyquinoline derivative, (B) salicylaldo- or keto-oximes 

Distribution ratio as a function of time 

A total of 35 extraction experiments were carried out with samples of the aqueous phase 
taken after a shaking time of respectively 30, 120, 300, 600, 1800 seconds for each of the 5 selected 
extractants in kerosene and for Kelex 100 and Acorga M 5640 in 1-decanol. The results are shown in 
Figure 2. 
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Figure 2: Distribution ratio as a function of time 

Selectivity against other metal ions and influence of brighteners and wetting agents 

The metals studied were: Fe2 +, Fe3 +, Cr3 +, zn2 +, Pb2 +, ca2 + and Ni2 + and the galvanic 
commercial brighteners GM and the wetting agents W A and polyethyleneglycol. 

The distribution ratios of copper were never affected. Settling was slower under the influence 
of wetting agents. Co-extraction of other metals increased with higher pH but below pH 3, only 
Fe3+, co-extraction was measurable. Thus at pH 2, this was 42% for LIX860, 39% for LIX984, 26% 
for Kelex 100 and 12% for ACORGA M5640. However, stripping of Fe3 + was negligible . This could 
explain that in continuous SLM, selectivity, even against iron, was already observed.? 

Distribution ratio as function of time and concentration of sulphuric acid and copper in the 
stripping phase 

With 200g/L sulphuric acid, the stripping reaction was very fast and after a stripping time of 30 
seconds the final equilibrium rates were reached for all extractants. This is in contradiction with 
earlier assertions . 8 Above C(H2S04) = 200 g/L, D was zero for all extractants, except for LIX 860, 
where D = 0 was only reached above 300 g/L. This was hardly affected by an increasing copper 
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concentration in the stripping phase and below 5 g/L of copper in the stripping phase, no measurable 
change in the distribution rate was observed. 

Measurement of SLM stability 4 

An organic (apolar) phase filling the pores of a hydrophobic membrane cannot be displaced 
by water due to the surface tension of water against the membrane material and against the organic 
phase. It prevents the surface deformation of the water caused by penetration into the pores. This can 
be quantified by P c. 

Pc was measured directly by applying an increasing pressure on a water circuit closed with a 
test membrane. This was soaked in a transparent glass containing the organic phase. The pressure 
producing the first appearance of turbidity near the membrane, due to water droplets in the organic 
phase, was noted by visual observation. 

The critical displacement pressure was calculated from the pore size given by the membrane 
supplier . 

Experimental Theoretical 
membrane type measured calculated pores mentioned pores calculated 

pressure pressure 
(kPa) ( x 10 .. m) ( x 10 .. m) (kPa) 

1E-PP 320,0 0,45 0,29 498 ,6 
TF 450 140,0 1,03 0,45 321,3 
HVHP 140,0 1,03 0,45 321,3 

Celgard 2500 560,0 0,26 0,075 1928 ,0 
Celgard 2400 > 600,0 < 0,24 0,05 2892,0 

TF 200 330,0 0,44 0,2 723,0 
Zefluor I 150,0 0,96 1 144,6 
Zefluor 2 40,0 3,61 2 723 ,0 

Verasapor 3000 20 ,0 7,32 3 48,20 
TE 36 220,0 0,66 0,45 321 ,3 

Durapore 0,22 190,0 0,76 0,22 657,2 
Fluoropore 0,2 280,0 0,52 0,22 657,3 

SciMAT 400,0 0,36 0,17 850,6 

Table 1: Comparison table between the experimental pore size and the given mean size of 
membranes 

Table I shows that Celgardi!:> Xl0-240 has the smallest pore size and the highest critical displacement 
pressure. 

Used membranes with a decreased displacement pressure 9,10 can be regenerated to their 
initial value after purification with hexane. 

This is an indication that the most common factor of ageing is not the altering of the 
membrane surface, but the increasing polarity of the organic phase, by extraction of polar organic 
compounds, which act as tensides from the feeding water . 

Permeation measurements on SLM 

After measurement of ageing and selectivity on a lab scale, a pilot plant was started up . 
Previously , once-through flow experiments were studied. Thereafter, in an experimental design the 
effects of four parameters were tested: the feed copper concentration, the pH, the flow velocity and 
the LIX 860 concentration. 
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Ageing 

A two litre feed solution (500 ppm Cu) was circulated at a flow rate of 12 L.h-1 
(corresponding to a flow velocity of 136 m.h-1), through the "Celgardc X-10" polypropylene hollow 
fibers of a "Liqui-cel" Membrane Contactor SPCM -106 from Hoechst Celanese Co. 

The feed concentration was measured twice daily, allowing a speed correction for the copper 
addition, and allowing calculation of the flux. So the flux was measured in a continuous run of over 
500 hours . The flux dropped to half its start value after 250 hours and decreased slowly to 40 % after 
500 hours . 

Once-through flow experiments 

Instead of circulating the feed solution over the membrane module, a feed tank of 200 litre 
was emptied at various flow rates over a "Liqui-cel" Pilot Membrane Contactor 5PCM-105. It 
provided an effective surface area of 3.7 m2 of "Celgardc X-10" polypropylene hollow fiber, which 
was impregnated with 25 vol % LIX 860. The copper concentration was controlled at its outlet. 

Starting with a feed concentration of 47.6 ppm Cu at pH 4.4, the outlet concentration could be 
held below 0.5 ppm Cu at pH 3 with a flow rate of 12 L.h-1 corresponding to a velocity of 31.8 m.h-1 
over the membranes. The results are important as they show the possibilities of an SLM operation in 
a once-through flow. 

A same flow rate could be obtained with two classic mixer-settler pilot units QVF DN 80 from 
Corning, showing the following advantages of SLM: 

a reduction of installation volume and costs; 
a much simpler working control; 
a more than 30-fold reduction of the extractant volume; 
a much lower risk for emulsifying and foam formation . 

Investigation of the working parameters 

Proceeding 
The feed solution was circulated from a 30 litre tank through the hollow fibers of the pilot 

membrane contactor. A flow meter was incorporated in the feed circuit. 
The stripping solution, containing 200 g.L-1 sulphuric acid, in a tank of 60 litre was allowed 

to circulate around the fibers . A copper ion sensitive electrode was dipped in the feed tank and, to 
maintain a constant copper concentration, a concentrated copper sulphate solution, containing 6,4 g.L-
1 Cu, was added with a controlled peristaltic pump. The pH of the feed was continuously measured 
by a combined glass electrode and a constant pH was achieved by controlled addition of a 0,5 mole .L-
1 sodium hydroxide solution. 

The level settings of both controllers were checked twice daily with AAS for copper and with 
pH 4 and 7 buffers. 

The apparatus was started at the level settings of the starting experiment for two hours to 
reach a steady state. Then the volume of added copper was measured hourly, over 5 hours, and gave 
five times the copper flux (expressed in mole/ h). 

Checking the four parameters at three levels gives a total number of 34 = 81 experiments. 
This was reduced to a third = 27, which corresponds with an experimental design of 3 parameters at 3 
levels . 

As the preliminary experiments, on a 0,230 m2 laboratory module, proved that the flow velocity does 
not influence the permeability, this parameter was left out but reintroduced by confounding its 3 
levels with the 3 blocs of combinations from which interactions 11 would be calculated. 
So the loss of information was minimal as the linear and quadratic influence of each parameter was 
saved and only information about interactions could be lost if a statistically significant influence of 
the confounded fourth parameter would appear. 
The actual values for each of the 4 parameters are given in Table 2: 

998 



Liquid Membranes 

Factor Levels 0 2 
A LIX concentration 20 Vol % 25 Vol% 30 Vol% 
B pH 2,0 3,0 4 ,0 
c Cu concentration 10 ppm 100 ppm 500 ppm 
D Flow rate 40 Llh 110 Llh 180 Llh 

Corresponding Velocity 106 m/h 292 m/h 477 m/h 

Table 2: Setted values for three levels of the four investigated parameters 

DISCUSSION OF RESULTS 

It is demonstrated with a greater than 99 % confidence that all parameters except flow velocity 
have a linear influence on the permeability. As the influence of the flow velocity does not exceed the 
spreading of measurements , it cannot be seen as significant within the installed levels. 

This is in perfect agreement with the findings of Ching-Yeh Shiau and Pai-Zon Chen.6 This 
proves that the rate determining step is situated in the organic phase and although the opposite is 
mostly claimed, the need of a high flow velocity to avoid concentration polarisation or to reduce the 
stationary layer, is out of question . 

This is very important because flow velocity is the main cause of bleeding of the supported 
liquid , by successive small and local displacements due to local pressure differences caused by 
turbulence and wall unevenness.8 

Since in the case of no main effect, the opportunity of interaction with other parameters is 
very low, it can be accepted that the earlier mentioned confounding is not cause of information loss of 
the other parameters . Concerning the square influences, they are unremarkable for all parameters 
except for concentration that shows an influence but with a low confidence of about 80% . 

The most important conclusion, on the other hand, is the fact that a linear interaction of the 
three parameters is demonstrated with a confidence above 99% . This is shown in figure 3, a 3-D 
graph giving the permeability results for each combination of the three parameter levels: LIX 
concentration, pH and Cu concentration. 

P(O.Olm/h) 

Cu2 1(ppm) 

500 

100 

~------------------------------------------------------~ D 

Figure 3: Permeation as a function of [LIX], pH and [Cu] in the feed solution 
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Figure 3 shows that in general the permeability increases with lower copper concentrations and with 
higher pH . But the best LIX concentration depends on the other parameters: at pH 2 the permeability 
increases with higher LIX concentrations even over 30 vol %. 
However, at higher pH values, the highest LIX concentration gives only the best permeability for 
copper concentrations above 500 ppm; for lower copper concentrations the best LIX concentration 
seems to be far below the lowest measured level of 20 vol %. This explains the contradictions found 
in earlier publications. 
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In the present paper, some important aspects of binary extractants as carriers in liquid membrane pertraction of metal ions have 
been outlined. As a case study, uphill transport of Ag(l) from nitric acid solutions across supported liquid membrane by Cyanex 
30 I in Solvesso-1 00 and its binary mixtures with Aliquat 336 has been investigated as a function of chemical parameters. The 
permeability of Ag(I) with pure Cyanex 301 was very high but stripping from membrane to receiving phase was very poor owing 
to a highly stable silver complex at the membrane interface. The stripping of Ag(I) with pure Cyanex 301 was never exceeded 
I 0%, in contrast with the binary carrier Cyanex 30 I + Aliquat 336, stripping ranged between 95-98%. The highest 
concentration factor around 88 was obtained with a binary carrier concentration 0.25 M Cyanex 301 + Aliquat 336 and source 
and receiving phases consisting of I M HN03 and I M thiourea + 0.1 M HN03 respectively. 

Keywords: silver(I), Cyanex 301, Aliquat-336, supported liquid membranes, binary extractants 

INTRODUCTION 

Silver being the precious metal, gains paramount importance in view of its recovery from diverse 
matrices. The solvent extraction of silver by various thiosubstituted organa-phosphorous reagents has 
been previously investigated, with particular regard to potential analytical applications. 1

'
2 Recently, two 

sulfur-containing organophosphorous extractants have been introduced by American Cyanamid Co.3 A 
recent study by Sole et al. investigated the extraction of silver{l) from nitric acid media. The stability of 
the Ag-Cyanex 301 complex was reported to be so great that quantitative extraction occurs even with 
concentrated nitric acid. Hence, non-destructive stripping of used extractant was observed to be 
extremely difficult.4 Therefore, this extractant needs modification to be suitable for solvent extraction 
applications. To improve the performance of extractants especially stripping behaviour, some attempts 
have been made to evaluate metal extraction by binary extractants for metal extraction. 5-

8 The objectives 
of testing the usefulness of binary extractants are: i) they are less sensitive to acidity in the aqueous phase 
than cation exchangers, ii) they have relatively high efficiency in extraction, iii) provide easy regeneration 
of stripped extractants, and iv) fast separation of metal ion across supported liquid membranes (SLM}. 
Liquid membrane (LM) studies of Ag(l} using other carriers such as Cyanex 471X, Cyanex 302, di-(2-
ethylhexyl)-dithiophosphoric acid and crown ethers were reported but stripping results were not 
promising specially with carriers such as Cyanex 471X and Cyanex 302.9-

12 

Cyanex 301 is an organic acid, (bis(2,4,4-trimethylpentyl)dithio-phosphinic acid), and 
consequently will react with an organic base, such as Aliquat 336, to form an organic salt, a so called 
binary extractant. In our previous studies, the concept of binary extractant was adopted for Ag{l) 
extraction and showed promising results with Cyanex 30l+Aliquat336.13 In view of the several 
advantages ofliquid membranes described elsewhere, 14 binary extractants were tested as liquid membrane 
carriers across supported liquid membranes. Surprisingly, no study has been carried out to evaluate the 
effectiveness of binary extractants as liquid membrane carrier for metal separation across a supported 
liquid membrane. 
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This paper deals with the liquid membrane permeation of Ag(l) with Cyanex 301 and its binary 
salts with trialkylmethyl ammonium chloride, commercially marketed as Aliquat 336, from nitric acid 
solutions. 

EXPERIMENTAL 

Cyanex 301 (75-80% pure) was kindly supplied by American Cyanamid (now Cytec 
Industries, Inc.) and Aliquat 336 were obtained from Henkel Corpn. USA. The extractants were used 
without further purification. Reagent grade diluent Solvesso-100 (Shell Co., Australia) was used as 
received. The binary extractants were prepared according to the method described elsewhere.13 

Consequently, all solutions with a low acid concentration were made up in 1.0 M sodium nitrate to 
provide a constant ionic medium and nitrate ions to promote extraction by mass action. 

Silver-110m tracer, obtained in the Ag(I) state from the Isotope Division, Bhabha Atomic 
Research Centre, India, was used throughout the present study. Its radiochemical purity was ascertained 
by gamma ray spectrometry. Ag-110 was assayed by a well-type Nai(Tl) scintillation detector coupled 
to a single channel analyser. Solvent extraction studies of Ag(l) with Cyanex 301 and its binary mixture 
are presented elsewhere.13 Details of SLM cells and permeation measurements are also published 
elsewhere. 15 The permeation coefficient (P) was computed by the following equation: 

ln(C/C0) =- (A/V)P x t (1) 

where Vis the volume of the source phase solution (em\ A the effective membrane area (cm2
) , Co and 

C concentrations of metal ion in source phase at time zero and at a given time, t, respectively (mol cm.3), 
and t the elapsed time (s). 

Membrane Support 

Enka Accurel PP thin flat-sheet type hydrophobic microporous polymeric membranes, coded as 
2E HF -PP used were about 130-180 f.t.II1 thick, and had a nominal porosity of about 70% with an average 
pore diameter of the order of 0.2 f.t.Ill. Filling the pores of these dry supports with the carrier was 
accomplished by immersing the membrane in the organic phase for at least 6-7 hours before use for the 
sake of uniformity. 

RESULTS AND DISCUSSION 

Cyanex 301 and its binary mixtures form 1: 1 silver extractant complexes.13 

Ag+ +HA = AgA +W (Cyanex 301) 
~A+ Ag+ + N03-= AgA + ~03 (Cyanex 301 +Ali-336) 

where HA is the extractant representing Cyanex 301 and ~A the Aliquat-336 salt of Cyanex 301. 
Results on the extraction of Ag(l) from pure Cyanex 301 and Cyanex 301 + Ali-336 and stripping 
behaviour of Ag(l) from loaded extractant phase are given in Table 1. This indicates that the performance 
of Cyan ex 301 + Ali-336 was superior to that of pure Cyan ex 30 l. In addition, stripping of Ag(l) with 
various complexing agents gave poor recovery around <15% with pure Cyanex 301 while the binary 
extractants afforded >95% silver recovery proving better control over back extraction. Based on the 
liquid-liquid extraction results, the binary extractant was employed as the carrier. To maintain stability of 
Cyanex 301 and its binary extractants, the concentration of nitric acid used was not greater than 3M as 
Sole et al., observed decomposition of Cyanex 301 at higher concentrations of nitric acid.16 Table 2 
presents average permeation coefficients as a function of nitric acid concentration. Results indicate that P 
values increased up to 1M HN03 and further decreased with increase in HN03 concentration in the source 
phase. On the other hand, the recovery of silver in the receiving phase was <8% even though its 
permeation across the membrane phase was quantitative with a measured average permeation coefficient 
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18.2 10'3 rn!s with pure Cyanex 301. 

Aqueous LogD Stripping of Ag(l) 
PhaseHN03 
Cone. (M) 

I II Strip pant" I 
0.01 2.2 3.0 HN03 (8) 4.0 
0.1 2.3 3.2 HCl (8) 6.0 
0.5 2.3 3.1 Oxalic acid (0.51 6.0 
1.0 2.4 3.0 EDTA (0.5) 4.0 
1.5 2.5 2.8 Thiourea (0 .05)" 13.2 
2.0 2.2 2.6 Thiourea (0.5)" 15.2 
3.0 2.2 2.5 Thiourea (1.0)" 13 .2 

a, values shown m brackets mdicate stnppant concentration (mol/L) 
b, thiourea in 0 .I M HN03 

(%) 

II 
10.3 
8.5 
8.2 
5.7 

95.3 
98.3 
95 .3 

Table 1 Extraction of Ag(I) into Solvesso-100 by pure Cyanex 301 and its binary Cyanex 301 + Ali-336 
and stripping behaviour of Ag(I) from loaded organic phase 

Extractant : 0.25 M Cyanex 301/Solvesso 100 (I) 
Binary extractant : 0.25 M Cyanex 301 + Ali-336 in Solvesso-100 (II) 
Volume ratio, org/aq : 1 

120 
C) 
c: 

1 ·:;;: 
·a; 100 • • • t u • • e • • 2 
·= 80 • • - • Cyanex 301 :::;..G) 
C) I/) ... • <( IU 60 • Cyanex 301 + Ali-336 
~.c: 
0 c.. • • • Cyanex 301 + Ali-336 

~ 40 Q) • • > 
0 • 3 u 20 Q) • a:: • 
~ • • • • • • 0 

0 ... • • • 
0 100 200 300 400 

Time (minutes) 

Figure 1. Recovery of Ag(I) with pure and binary liquid membrane carrier into receiving phase. 
1) 1.0 M thiourea +O.lM HN03; 2) 0.5 M thiourea +O.lM HN03; 3) 1.0 M thiourea 

+O. lMHN03 

On the other hand, silver (I) permeation was 99.8% with a measured average permeation 
coefficient 12.2 ± 0.21 rn!s with the binary carrier (Cyanex 301 + Ali-336) with 1M HN03. As shown in 
Figure 1, more than 60% of silver permeated within the initial two hours using the binary carrier. On the 
other hand, recovery of silver was less than 6% when Cyanex 301 was used alone as the liquid membrane 
carrier. This is probably due to the stability of the metal complex with the binary extractant differs from 
that with pure Cyanex 301 (less stable complex) which attributes to the greater stripping of Ag(I) in 
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similar experimental conditions. Permeation coefficients of Ag(I) as a function of binary carrier 
concentration are presented in Table 3. The P values were observed to increase with binary extractant 
concentration. The recovery of Ag(I) was more than 95% at extractant concentration 0.15M and 
furthermore remained in same range with increase in binary extractant concentration. The highest 
concentration factor of 88 was obtained using 0.25M Cyanex 301 + 0.25M Ali-336 maintaining the 
source phase acidity at 1 M HN03. When experiments were conducted in presence of actinides such as 
Am(III) and Pu(IV), promising results were obtained indicating more than 97% recovery of Ag(l) from 
electrolytic waste across the SLM using 0.25M Cyanex 301 + 0.25M Ali-336 maintaining the source 
phase acidity at 1 M HN03 (Table 3). 

Source Average permeation Recovery in receiving Concentration 
PhaseHN03 coefficient (P) 10-3 m/s ghase after 6h (%} factor after 6h 
Cone. (M) 

I II I II I II 

0.01 21.5 ± 0.01 3.7±0.31 7.5 82.5 3.1 7.0 
0.1 ---- 6.4± 0.31 --- 99.6 --- 16.5 
0.5 ---- 7.4+0.70 --- 98.5 --- 28.2 
1.0 18.2±0.08 12.2± 0.20 5.7 99.8 2.3 87.6 
2.0 7.7± 0.40 ---- 94.7 ---- 19.6 ----
3.0 13 .2± 0.06 4.9± 0.31 5.2 74.1 1.8 7.7 

Table 2 Permeation Coefficient of Ag(I) using pure Cyanex 301 and Binary Extractants as carriers 
across SLM 

Canierconcentration 
Binary extractant 
Receiving phase 

: 0.25 M Cyanex 30 1/Solvesso 100 (I) 
: 0.25 M Cyanex 301 + Ali-336 in Solvesso-100 (II) 
: 1 M thiourea + 0 .1M HN03 

Binary carrier Permeation Concentration Permeation 
cone. Coefficient factor after 6h after 6h (%) 
(M) after 1h, (P) 

10"3 m/s 

0.01 4.0 ± 0.31 0.1 9.1 

0.05 11.6 ± 0.28 2.3 55 .2 

0.10 14.1 ± 0.35 9.1 76.0 

0.15 15.7 ± 0.58 26.6 96.8 

0.20 16.4 ± 0.71 29.6 98.3 

0.25 12.2 ± 0.20 87.6 99.8 

0.208 15 .6± 0.43 84.6 97.4 

a, Expenments were conducted m presence of Am(III) and Pu(IV) from waste (see text) 

Table 3 Permeation Coefficient of Ag(I) as a function of binary carrier concentration across SLM 
Source phase acidity : 1 M HN03 
Binary extractant : Cyanex 301 + Ali-336 in Solvesso-100 
Receiving phase : 1M thiourea+ O.lM HN03 

1004 



Liquid Membranes 

ACKNOWLEDGEMENTS 

The authors wish to thank Shri. K. Balu, Director, Fuel Reprocessing and Waste 
Management, Shri. D .D . Bajpai, Head PREFRE, BARC, India and Dr. S.B. Manoher, Head, 
Radiochemistry Division, BARC for their keen interest in this work. Dr. Ani! Kumar gratefully 
acknowledges the support of the Spanish Ministry of Education and Culture (CICYT), for awarding 
the Visiting Scientist fellowship . 

REFERENCES 

l. Handley TII, Anal. Chern., 35, 991, (1963). 
2. Sevic S, Proc. Int. Solvent Extr. Conf !SEC 74, Society of Chemical Industry, London, 3, 2733, (1974). 
3. American Cyanamid Co., Cyanex 272, Cyanex 302, Cyanex 301, Technical Brochures, Wayne, NJ. 
4. Sole KC, Hiskey JB and Furgusan TL, Solv. Extr. Ion Exch., 12, 1033, (1994). 
5. Kholkin AI, Pashkov GL eta!., Hydrornetallurgy, 36, 109 (1994). 
6. Belova BB and Kholkin AI, Solv. Extr. Ion Exch., 16, 1233, (1998). 
7. Eyal AM, Eyal Bressler, Bloch Rand Hazan B, Ind Eng. Chern. Res. , 33, 1067, (1994). 
8. Eyal AM, Kogan Land Eyal Bressler, Ind. Eng. Chern. Res., 33, 1076, (1994). 
9. Bromberg L, Isaak Levin, Warshawsky A, J Mernbr. Sci., 70, 31, (1992). 
10. Singh RK, Venugopalan AK, Ani! Kumar, Gautam PK, Bajpai DD, Shukla JP, XIV National Symposium on 

Membranes in Chemical and Biochemical Industries, Indian Institute of Technology, New Delhi, India. Feb. 
16, (1996) 

ll. Izatt RM, Clark GA and Christensen JJ, J Mernbr. Sci., 24, 1, (1985). 
12. Munoz M, Palet C and Valiente M,Anal. Lett., 23, 1591, (1990). 
13. Ani! Kumar, Gautam PK, Shukla JP, Singh RK and Sastre AM, Proc ISEC'99, Barcelona, Spain, (1999). 
14. Sastre AM, Anil Kumar, Shukla JP, Singh RK, Sep. Purif Meth., 27(2), (1998). 
15. Shukla JP, Ani! Kumar and Singh RK, Radiochirnica Acta, 57, 185, (1992). 
16. Sole KC, Hiskey JB and Furgusan TL, Solv. Extr. Ion Exch. , 11, 783 , (1993) 

1005 



Proceedings ISEC'99 

1006 



Liquid Membranes 

ABSTRACT 
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Two types of liquid membranes for separation of Cr(VI) and Cr(III) ions, i.e. supported liquid membranes (SLM), and 
polymeric inclusion membranes (PIM) are utilized. PIMs were composed of polymeric support (cellulose triacetate ), 
membrane plasticiser (o-nitrophenyl pentyl ether), and metal ions carrier. Both SLM and PIM consist of the same types of 
carrier: i.e. tri-n-octylamine or tri-n-octylphosphine oxide. Source phase was equimolar mixture of Cr(III) and Cr(Vl) ions in 
sulfuric acid solutions. The influence of several factors on chromium transport selectivity and effectiveness has been 
explored. These factors included the effect of acidity and concentration of metal ions in the source solution, and 
concentration of ion carrier and plasticiser (PIM) in membrane material. The comparison of metal ion transport across SLM 
and PIM has been carried out. The selectivity of competitive transport was higher in the case of PIM. The kinetic studies of 
SLM and PIM processes are also presented. 

Keywords: supported liquid membranes, polymeric inclusion membranes, Cr(VI), Cr(III), tri-n-octylamine, Cyanex 921 

INTRODUCTION 

To obtain metals in hydrometallurgical processing frequently requires the separation of metal 
ions from technological or waste aqueous solutions. Application of liquid membranes is an alternative 
method of separation to liquid-liquid extraction process. The liquid membrane process involves the 
selective transport of the ionic species from a source phase across the liquid membrane (bulk, 
emulsion or supported) into a receiving phase. The membrane contains an ionic carrier such as an 
organophosphorus compound or amine.1'

2 Instability of the emulsion and supported liquid membranes 
is the main problem in application of these methods in industrial practice. 

In the last few years the attempts have been made to increase the stability of the liquid 
membranes through inclusion of the ionic carriers inside the structure of the polymer transparent 
membrane. Sugiura and coworkers3

-6 reported the use of the plasticised cellulose triacetate (CTA) 
membranes for the transport of zinc{ll) and lanthanide ions. By applying as plasticisers o-nitrophenyl 
octyl ether and ethyl benzoate they obtained tough, transparent membranes with good metal ion 
transport ability. More recently, Lamb et al.7 studied the transport of alkali metal cations across CTA 
membranes by a crown ether carrier, dicyclohexano-18-crown-6. In another paper, Lamb with co
authors8 studied the silver(!) ion-selective transport across the polymer inclusion membranes 
containing new pyridino- and bipyridino-podands. Bartsch with co-authors9 reported the alkali metal 
cations selective transport across polymer inclusion membranes using as the ionic carrier proton
ionisable lariat ethers, i.e. sym-( decyl)dibenzo-16-crown-5-oxyacetic acid. 

In this study the application of supported liquid membranes for separation of chromium (VI) 
and chromium {Ill) ions from acidic sulfate aqueous solutions is shown. As the ionic carrier 
organophosphorus compound, i.e. Cyanex 921 and tertiary amine, i.e. tri-n-octylamine were applied. 
Comparison of the transport kinetics of Cr(VI) and Cr{III) ions from equimolar aqueous solutions is 
presented. 
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EXPERIMENTAL 

Chemicals 

The aqueous solutions (source and receiving phases) were prepared using deionised water. 
The source phase an equimolar mixture of chromium (VI) and chromium (III) ions was used, which 
was obtianed by dissolving appropriate amounts of potassium dichromate, chromium (III) sulphate 
and sulphuric acid. The receiving phase was an 0.01 moUdm3 aqueous solution of potassium 
hydroxide. All inorganic chemicals were reagent grade and were obtained from POCh (Gliwice, 
Poland). 

Two types of the ionic carriers were used: 
Cyanex 921 , which contain 93 w.% oftri-n-octylphosphine oxide (TOPO), manufactured 
by Cyanamid Co. , 
tri-n-octylamine (TOA), manufactured by Serva. 

Supported Liquid Membranes <SLM) 

The competitive transport of equimolar mixture of Cr(VI) and Cr(III) ions through the 
supported liquid membranes from sulfuric acid aqueous solutions was studied applying two
compartment cells with a flat-sheet membrane with an effective area of 3.14 cm2 Microporous 
polypropylene membrane Celgard® 2500 (Hoechst Celanese Co.) was used as the solid support. The 
membrane has a porosity of 0.45, a thickness of 0.025 mm, and 0.04 llil1 effective pore size. The 
membrane was soaked for 12 hours in 0.0058 to 0.10 moUdm3 organic solution ofCyanex 921 or TOA 
in kerosene. The volumes of both aqueous phases were 50 cm3

. Both aqueous phases were pumped 
using peristaltic pumps at such flow rate to allow for exchange of whole volume of aqueous phases 
within 10 minutes . 

0.10 cm3 samples of aqueous phases were periodically removed for determination of 
chromium (VI) and chromium (III) concentrations. The total chromium concentration was measured 
by atomic absorption spectroscopy (SOLAAR 939, ATI Unicam, G.B.), and the chromium (III) 
concentration was determined spectrophotometrically (UV-VIS SOLAAR UV2 spectrometer, ATI 
Unicam, G.B.). 

Polymeric Inclusion Membranes (PIM) 

The transport across PIM was performed using the same two compartment cells as for the 
SLM process To make the transparent polymer film the following organic solutions were prepared: 

a solution of 1 g cellulose triacetate (CT A) from Aldrich in 100 cm3 dichloro-methane 
(POCh, Gliwice, Poland), 
a solution of 10 g plasticiser, o-nitrophenyl octyl ether (NPPE) (Aldrich) in 100 cm3 of 
dichloromethane, 
a solution of ionic carrier, 0.001 moUdm3 ofCyanex 921 or TOA in dichloro-methane. 

Aliquots of the solutions: CTA (5 cm3
), NPPE (2 cm3

) and an ionic carrier (0.5 - 8.6 cm3
) 

were poured into a membrane mold comprised of 9-cm glass ring attached to a glass plate with CT A
dichloromethane glues. The solvent (dichloromethane) was allowed to evaporate for 24 hours and the 
resulting membrane was separated from the glass plate by immersion in cold water. · The membrane 
was soaked overnight in water. The resulting membrane was transparent and tough and its thickness 
was from 30 to 40 lli11· 

To compare both liquid membranes, i.e. SLM and PIM, it was necessary to introduce similar 
amounts of ionic carrier into membranes. For this reason, the amount of a carrier introduced into the 
Celgard® 2500 membrane, was determined by weighing the membrane before and after soaking in 
kerosene solution of ionic carrier, i.e. Cyanex 921 or TO A. It was found that depending on the carrier 
concentration in kerosene solution, i.e. from 0.058 to 0.1 moUdm3

, the amount of the carrier 
introduced into Celgard® 2500 membrane was equal to from 7.5 x 10'9 to 1.3 x 10·7 moles/cm2 of the 
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membrane surface. To achieve of similar amount ofthe carrier introduced into the PIM membranes the 
volumes ofO.OOl moVdm3 solution of carrier in dichloromethane required used to prepare membranes 
ranged from 0.5 to 8.6 cm3

. 

RESULTS AND DISCUSSION 

Changes of chromium (VI) and chromium (III) concentrations in the source phase as a 
function of time for both processes, i.e. SLM and PIM, show the transport process may be described as 
a first-order reaction in metal concentration: 1 

In~= -let (1) 
Cj 

where: c -chromium (VI) or chromium (III) concentration in the source phase, moVdm3 

Ci -initial Cr(VI) and Cr(III) concentration in the source phase, moVdm3 

t - process time, s 
k - rate constant, s·1 

An example of such plot is shown in figure 1. 
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Transport kinetics of Cr(VI) (solid symbols) and Cr(III) (open symbols) through SLM 
and PIM. The used carriers: a) Cyanex 921 , b) TOA. Source phase 0.01 moVdm3 Cr(VI) 
and 0.01 moVdm3 Cr(III) in 0.5 moVdm3 H2S04. PIM: the amounts ofCTA and NPPE
see Experimental, the volume of carrier solution was equal to 8.6 cm3 

The relationship of 1n c/ci versus transport time is linear, which results from the high 
values of determination coefficients, i.e. from 0.9522 to 0.9985 . The initial flux, i.e. flux at t = 0 can 
be calculated knowing the values of the rate constant: 

where: Ji 
v 
A 

v 
Ji = -kCj (2) 

A 
- initial flux, moles m·2 s·1 

- volume of source phase, m3 

-interfacial area, m2
• 

Determined values of initial fluxes are shown in Figs . 2-4. 
From figure 1 it can be seen that the transport rate for both ionic carriers, i.e. for Cyanex 921 

and TOA, is much faster for chromium (VI) when compared with chromium (III) . Practically no 
transport occurs in case of chromium (III) ions. Comparing initial fluxes of chromium (VI) it can be 
noticed that TOA, (fig. 1b) as an ionic carrier allows for faster transport in comparison with Cyanex 
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921 (fig. 1a). For both ionic carriers initial fluxes of chromium (VI) are higher for the SLM process in 
comparison with the PIM process. 

An important factor influencing the transport of chromium (III) and chromium (VI) ions is 
acidity of source phase (figure 2) . Increasing sulphuric acid concentration in the source phase the 
transport rate of chromium (VI) increases very strongly for both ionic carriers and in both liquid 
membrane processes. Also here are observed lower initial fluxes for PIM's process in comparison with 
SLM's. Since increase of the initial fluxes for chromium (III) is much smaller, the separation ratio for 
both PIM's and SLM's increases as a function of the source phase pH. 
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Figure 2 Initial fluxes of chromium (VI) (solid symbols) and chromium (III) (open symbols) ions 
vs . hydrogen ion concentration in source phase by SLM and PIM: a) Cyanex 921, and b) 
TOA. Other conditions see figure 1. 

Also the concentration of chromium (VI) and chromium (III) in the source phase influences 
strongly the initial fluxes of both forms of chromium transported across PIM and SLM membranes 
(figure 3). 
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Figure 3 Initial fluxes of chromium (VI) (solid symbols) and chromium (III) (open symbols) ions vs. 
initial concentration of chromium in source phase by SLM and PIM: a) Cyanex 921 , and b) 
TOA. Concentration of H2S04 in source phase: 0.5 moVdm3

. Other conditions see figure I. 
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But this increase is much slower in comparison with pH increase in the source phase. For 
I 000-fold increase of chromium concentration the initial fluxes of Cr (VI) with Cyanex 921 as ionic 
carrier in SLM process increases only 20 times. For TOA as ionic carrier this increase is even lower. 
Since Cr(III) initial flux is also increasing with increase of metal concentration the separation of 
Cr(VI) and Cr(IID decreases as a function of chromium concentration in the source phase. 

The last studied factor, which influences on the transport rate of chromium, was the amount of 
the ionic carrier in membrane (figure 4) . The amount of the ionic carrier only significantly influences 
the transport rate of chromium (VI) and for this reason in figure 4 only shows the influence on 
chromium (VI) . 
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Figure 4 The influence of the amount of the carriers (11c.mer) in membrane on transport rate of Cr (VI) 
ions through SLM (solid symbols), and PIM (open symbols) . Other conditions of the 
experiments see figure 1. 

When the amount of the carrier increases the initial flux also increases but for TOA these 
fluxes are higher in comparison with Cyanex 921 . This occurs for both liquid membranes but for the 
SLM process the initial fluxes are higher in comparison with the PIM process. 

CONCLUSIONS 

The studies presented show the possibility of effective separation of chromium (VI) from 
chromium (III) ions from aqueous sulphuric acid solutions using as the ionic carriers Cyanex 921 and 
tri-n-octylamine in both liquid membrane processes i.e. supported liquid membrane and polymeric 
inclusion membranes. In all experiments chromium (VI) was transported much more effectively in 
comparison with chromium (III). The initial fluxes of Cr(VI) ranged from 3 X I 0"8 to 9x 1 0"5 moles m· 
2 s·1 and were more than 800-times higher in comparison with Cr(III) fluxes . The highest fluxes for 
Cr(VI) were obtained for an SLM with TOA as an ionic carrier. The fluxes of chromium (VI) are 
higher in the supported liquid membrane process, which can be explained by higher mobility of ionic 
carriers in this type of liquid membranes. 

Studying such parameters as acidity and concentration of chromium ions in the source phase 
as well as the amount of the ionic carrier per unit of interfacial area it was found that with increase of 
these parameters values of the Cr(VI) fluxes also increase. The highest values of Cr(VI)/Cr(III) 
separation ratio (which is a fraction of the initial fluxes of Cr(VI) and Cr(III)) were about 815 and 
were obtained for a polymeric inclusion membrane with TOA as the ionic carrier at the concentration 
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of chromium (VI) and chromium (III) in the source phase equal to 0.1 mol/dm3 and at the 
concentration of sulphuric acid in the same phase equal to 1.0 mol/dm3

• 

Polymeric inclusion membranes appear to be more stable and give higher selectivity for 
chromium (VI) over chromium (III) than supported liquid membranes. On the other hand, the transport 
of chromium ions across SLM was taster than transport through PIM. 
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ABSTRACT 

DISPERSION-FREE MEMBRANE BASED EXTRACTION 

AND STRIPPING OF Pb(II) AND Cd(II) WITH KELEX 

100 AS CARRIER 
J de Gyves, JC Aguilar and E Rodriguez de San Miguel 
Dpto. Quimica Analitica. D.E.Pg. Facultad de Quimica. UNAM. 
Ciudad Universitaria. 04510 Mexico, D.F. Mexico 

Pb(II) and Cd(Il) are recovered from aqueous media using laminar supported liquid membranes (LSLM) and a two module 
hollow fiber supported liquid membrane (HFSLM) with Kelex I 00 dissolved in heptane as carrier. Experimental parameters 
such as aqueous phase composition, flow rates of feed and strip solutions, extractant concentration, contact area, geometry 
and pressure differences (HFSLM) are evaluated. 

Keyword: supported liquid membrane, cadmium, lead, Kelex 100 

INTRODUCTION 

Lead and cadmium have many uses in industrial and consumer products such as batteries, 
metal coatings and plastics. Both metals are recognized as toxic elements and can be found in at least 
388 of the I ,300 National Priorities List sites identified by the Environmental Protection Agency 
(EPA). EPA allows only 0.01 ppm of cadmium and 0.05 ppm of lead in drinking water. These levels 
are under review and are expected to be further reduced. The EPA also limits how much of these 
metals can be put into lakes, river dumps and arable land, and does not allow cadmium in pesticides. 
Some of the methods suggested to reduce discharges of cadmium and lead from industrial sources 
are: a) recycling of metal-containing wastewater, or otherwise limitation of the use of water in 
processes where they are handled, b) strict separation of cadmium and lead-containing wastewater 
from all other effluents, and c) effective treatment of wastewater containing lead and cadmium by the 
use of common (i.e. precipitation, ion exchange) or other advanced technologies (membrane 
separations) so that the concentrations and quantities of lead and cadmium in effluents from various 
industrial sources are reduced to the allowed limits. 

Separation techniques based on supported liquid membranes (SLM) allow simultaneous 
extraction and back-extraction operations with several advantages, i.e. high selectivities, high fluxes, 
high feed/strip ratios, ease of operation, and low capital and operating costs. In contrast, degradation 
of the membranes is identified as the main disadvantage. Common configurations available 
commercially include flat-sheets (FS) and hollow fibres (HF). Extraction of cadmium from chloride 
and nitrate media with SLM's using amines1-3 and organophosphorus4 extractant reagents and of 
lead with amines3 has been reported. Recently, Ashrafizadeh et a1.5 studied the permeation of Cd (II) 
and Pb (II) as impurities in the permeation of Ir (IV) with Kelex 100 in concentrated chloride 
solutions. 

In this work Pb (II) and Cd (II) are separated from aqueous chloride and nitrate media using a 
laminar supported liquid (LSLM) and a two module hollow fibre supported liquid membrane 
(HFSLM) with Kelex 100 dissolved inn-heptane as carrier. Experimental parameters such as aqueous 
phase composition, extractant concentration, flow rates of feed and strip solutions, contact area, 
geometry and pressure differences (HFSLM) are evaluated. Performance of both configurations under 
optimal conditions are compared and analysed with proposed theoretical models. 

EXPERIMENTAL 

Reagents and equipment 

Cd(N03)2, CdClz, Pb(N03)2 and PbClz A.R. (Merck) were used to prepare 0.01mM feed 
solutions of the metal ions. Ionic strength was fixed at 0.01 with NaN03 and NaCl respectively. MES 
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and TRIS A.R. (Aldrich) buffers were used, adjusting the appropriate pH working values with HN03 or 
NaOH. The commercially available extractant Kelex I 00 (Sherex) was kindly supplied by the 
producers. As organic solvent n-heptane (Baker) was chosen because of the good affinity between the 
polymeric support and this diluent. 

In the LSLM experiments Millipore GVHP04700 flat-sheet membranes (polyvinilydene 
difluoride) of 125J.Ull thickness, 75% porosity and effective pore size of 0.22f.1Ill were used as 
hydrophobic supports to immobilize the organic phase within the pores . A two-compartment cell was 
used where the feed and the strip solutions were contained and stirred with mechanical motors located in 
the top of each compartment. The stirring rate was controlled with the use of an optical tachometer. 

For the HFSLM experiments hollow fibre cartridges XAMPLER UFP-5-E3A and UFP-10-
E3A (polysulfone, 5000 and 10000 NMWC, respectively, lrnrn I.D.) from A/G Technology 
Corporation served as supports to perform the dispersion free solvent extraction experiments. 
Masterflex 7520-10 pumps with Viton tubes (114" I.D., 5116" E.D. Cole Palmer) conducted the 
solutions through the system. Air pressure was supplied with a diaphragm type Gast pump. 

The metal concentrations in the feed and strip solutions were measured using flame AAS with a 
Perkin Elmer 31 00 spectrometer. The pH of aqueous phases was controlled with the use of a Metrohm 
620 pH meter and a combined glass electrode Cole Palmer 62014. 

Procedure 

Preliminary solvent extraction experiments were performed in a conventional way to establish 
appropriate conditions for the dispersion-free experiments and characterize the extraction reactions. 
Once these conditions were selected, metal extraction was performed in the LSLM. 

Figure 1. Experimental two-module hollow fibre setup for the dispersion-free solvent extraction 
experiments . 

For the experiments, equal volumes of 200 cm3 of the feed and strip solutions were 
used. Subsequently, the extraction system was tested in the HFSLM module, using the setup 
shown in figure 1. In this case, 200 cm3 of the aqueous phases and 100 cm3 of the organic 
phase were used. Experiments were carried out in each module in a continuous recirculating 
mode for both phases in counter-current operation. 

RESULTS AND DISCUSSION 

Liquid-Liquid Extraction 
The solvent extraction of O.OlmM of Pb(II) and 0.01 mM Cd(II) from chloride and nitrate 

media at constant ionic strength ofO.Ol using NaCI and NaN03, respectively, with KelexlOO dissolved 
in n-heptane was studied over the pH range of 5-9. The results obtained are shown in figure 2. 
Preliminary experiments showed that Pb(II) and Cd(II) are extracted quantitatively in less than 5 
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minutes. Plots of log D (distribution constant) as a function of pH and of the total extractant 
concentration indicated that the extracted species for Pb(II) is PbL in both media; however, for Cd(II) 
the extraction is explained by the formation of C~X (where X = Cr , N03 ') and CdL2. 
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Figure 2 Percentage extraction ofCd(II) and Pb(II) with 5% vlv KELEX 100 as a function of pH in 
two different ionic media. 

Carrier concentration 

The effects of the carrier concentration were studied using an aqueous solution containing 
0.01mM Cd(N03)2 + O.OlM TRIS + 0.01 M NaN03, pH= 8.0 . 

Constant permeability coefficients of0.13 em min-1 and 0.09 em min-1 in the feed solution (Pr) 
and strip solutions (P,), respectively, were measured in the 1-5% vlv range of Kelex 100. Pr was 
evaluated from the slope of the log [M]r I [M]o.r vs time plot, while P, from the log {[M]o.r - [M]r} I 
[M]o,r vs time plot. 

The different values obtained for Pr and P, indicate the presence of some accumulation of the 
metal ion within the membrane phase. The same permeability coefficients were measured using 
unpurified Kelex 100 (5%). 

Influence of pH 

As observe in figure 3, Prvalues increase with the increase in pH according to the value of the 
distribution coefficients in liquid-liquid extraction experiments. In comparison, the P, values reach a 
maximum at pH= 8.0. This behaviour seems to indicate that a polarization phenomenon is taking place, 
possibly because the increasing amount of Cd(II) extracted in the feed phase as the pH increases is not 
properly (quantitatively) back-extracted in the strip phase, due to the constant rate at which the back
extraction is occurring. In this form, the concentration gradient within the membrane should be 
decreasing as the pH increases, suggesting that the diffusion of the metal complex in the aqueous phase 
plays a major role in the permeation rate. 
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Figure 3. Permeability values of Cd(ll) in the feed and strip solutions as a function of pH for two 
different ionic media. 

Influence ofCd(ll) total concentration 

The dependence of the permeability with respect to Cd(II) concentration in the feed and strip 
solutions at fixed pH value of 8 and in nitrate aqueous media is shown in figure 4. The results obtained 
indicate that as the initial total metal ion concentration decreases the permeability in the feed aqueous 
phase increases, however it decreases in the strip solution. Apparently, as the initial concentration of 
Cd(II) decreases a strong retention of the metal within the membrane occurs making more difficult its 
release to the strip solution. This behaviour has also been observed by Hayashita,3 who suggested that 
the retention of cadmium is a function of the cadmium concentration in the membrane phase. 
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Figure 4. Influence of Cd(II) concentration on the permeabilities measured in the feed and strip 
solutions. 
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Membrane selectivity 

The permeabilities ofCd(Il) and Pb(II) in a solution containing 0.01mM of each metal ion in an 
aqueous chloride solution (1=0.01) and using l%v/v ofKelex 100 were determined at pH values of6.0, 
7.0 and 8.0. Separation factors calculated as: 

S Cd - [ Cd],(Pb ]o.r 
Ph - [Cd]

0
.r(Pb]. 

were 0, 0.47 and 3.14, respectively, after 160 minutes . Consequently, a good separation between Cd(Il) 
and Pb(Il) is obtained at pH 6.0. 

HFSLM 

According to the results obtained in the LSLM experiments two different total concentrations of 
Cd(Il) were tested in the two-module HFSLM setup described above. The phases were circulated at 20 
cm3min-1

, LiP in the extraction module was 0.3 psi, LiP in the back-extraction module was 3 psi, and 
1% v/v of Kelex 100. At pH = 8.0 in a chloride aqueous media, 0.01mM Cd(II) was quantitatively 
extracted but not back-extracted. However, when 1 mM Cd(Il) was introduced in an aqueous nitrate 
feed solution (I= 0.01) at pH= 6.8, 50% ofCd(II) was extracted from the feed solution and 24% was 
back-extracted in the strip solution in 80 min. 

Using the double-film model a good description of the performance of the system is possible. 
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ABSTRACT 

MEMBRANE-BASED SOLVENT EXTRACTION FOR 

INDIUM(III)-IRON{III) SEPARATION USING A 

HOLLOW FIBRE CONTACTOR 
E Rodriguez de San Miguel and J de Gyves 
Dpto. Quimica Analitica. D.E.Pg. Facultad de Quimica. UNAM. 
Ciudad Universitaria. 04510 Mexico, D.F. Mexico. 

Indium (III) is kinetically separated from iron (III) from nitrate media by a non-dispersive solvent extraction technique using 
a hollow fibre contactor with Cyanex 272 dissolved in n-heptane as extractant reagent. The influence of several variables 
such as pressure difference, flow rates of the aqueous and organic phases, extractant concentration and pH are evaluated. 

Keywords. supported liquid membrane; hollow fibre contactor; indium; iron; Cyanex 272 

INTRODUCTION 

Separation techniques based on membranes have received considerable attention in the past 
30 years. From a practical point of view, the two most commonly employed types are emulsion and 
supported liquid membranes. The latter are available in two main configurations: flat-sheets (FS) and 
hollow fibres (HF). The non-dispersive extraction techniques solve many of the problems 
traditionally encountered with liquid-liquid extraction, such as: emulsion formation, density 
differences between phases and swelling limitations. Furthermore, non-dispersive contactors present 
other advantages: a) no mechanical mobile parts are present in the extractor, b) significant interfacial 
area without mixing the phases, c) great versatility since they can be connected in series or in parallel 
and the number, length and diameter of the fibres can be modified in order to provide the required 
interfacial area , d) the flow rates can be varied in a wide range without flooding or loading as long as 
the correct relative phase pressure conditions are maintained, e) lower solvent loss, f) the HF extractor 
can have a very high membrane surface area per unit equipment volume leading to very high 
extraction rates/volume and g) scaling-up is easier.l.3,5 

The dispersion-free solvent extraction technique has been widely used for the extraction of 
pharmaceuticals, organic reagents, proteins and metal ions for many years.l-4 Some 
organophosphorus compounds (Cyanex 272, HEHEHP, PC88A and D2EHPA) have been employed 
in HF modules for the extraction of Mo(VI), Cu(II), Zn(II), Cd(II), and Ni(II). 6-12 Due to the low 
extraction kinetics of iron, the kinetic separations of U(VI) from Fe(III), 13 and Y(III) from Fe(III) 14 
with this type of compound have been reported using flat sheet SLM's. However, concerning the 
separation In(III)/Fe(III) special types of contactor have been used for this purposel5,16 but no 
information on with the use ofHF in this separation is available. 

In this work In(III) is kinetically separated from Fe(III) in aqueous nitrate media using a HF 
contactor with Cyanex 272 dissolved in n-heptane as extractant reagent. The influence of variables 
such as pressure difference, flow rate of the aqueous and organic phases, extractant concentration and 
iron concentration are evaluated. Optimal conditions for the In(III)/Fe(III) separation are given and 
discussed. 

EXPERIMENTAL 

Reagents and Equipment 

Fe(N03)3.9H20 A.R. (Merck) and 1010 ppm atomic absorption solution of In(III) (Aldrich) 
were used to prepare the feed solutions. As the organic diluent n-heptane (Mallinckrodt) was chosen 
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because of the good affinity with the polymeric support. The commercial available extractant Cyanex 
272 was kindly supplied by CYTEC. Nitric acid was A.R. grade. 

An ultrafiltration hollow fibre cartridge XAMPLER UFP-5-E3A (polysulfone, 5000 NMWC, 
lrnm J.D. (d), 33 .7 em length (I)) from A/G Technology Corporation served as support to perform the 
dispersion free solvent extraction experiments. MASTERFLEX 7520-10 pumps with VITON tubes 
(114" J.D., 5/16" E.D. Cole Palmer) fed the solutions through the system. Air pressure was supplied 
with a diaphragm type GAST pump. 

Metal content in the aqueous phases was determined by F-AAS (Perkin Elmer 3100 
Spectrophotometer); pH was controlled with the use of a Metrohm 620 pHmeter and a combined glass 
electrode Cole Palmer 62014. 

Procedure 

Preliminary solvent extraction experiments were performed in a conventional way to establish 
appropriate conditions for the dispersion free experiments and characterise the extraction reactions . 
Once these conditions were selected metal extraction was performed using the membrane module. The 
volumes ofthe phases (Vorg ,Vac) were 200 cm3 and the total membrane area of the module was 70 cm2

. 

Experiments were carried out in a continuous recirculating mode for both phases in counter-current 
operation. The influence of the variables: pressure difference (t.p = 0-3 psi), total extractant 
concentration (Ctot = 0.1, 0.2, 0.4 molldm\ flow rate of the aqueous phase (Qac = 20-80 cm3min.1) , flow 
rate of the organic phase (Qorg = 4-50 cm3min"\ in the indium and iron extractions were studied at pH 
1.8 to find conditions for selective separation. A 1 to 100 fold excess of Fe(III) respect to In(III) was 
present in the aqueous solution. The uncertainty in the percent of extraction values reported is ± 2%. 

RESULTS AND DISCUSSION 

Pressure Influence 

The effect of pressure differences between phases was studied at constant flow rates (Qors = 4 
and Qac = 60 cm3min-1

) and total extractant concentration (CcYANEX = 0.2 mol/dm3
) . Since the membrane 

used is hydrophobic in nature, it will be preferentially wetted by the organic solution. Consequently, in 
the absence of pressure a turbidity is observed in the aqueous phase. As the pressure of the aqueous 
phase increases (t.p > 15 psi) this turbidity disappears indicating the irnrnobilisation of the interface 
between the pores of the membrane. Further experiments were performed using t.p = 2 psi. 

Extractant Concentration 

Once the appropriate pressure value for the irnrnobilisation of the interface was established, the 
influence of the extractant concentration was studied under constant flow rate conditions. From figure I 
it is possible to observe that percent of extraction (E%) of In(III) increases as the extractant 
concentration increases. 

Aqueous Volumetric Flux Rate 

Figure 2 shows the variation on E% of 0.1 mM ln(III) and 0.1 mM Fe(III), respectively, as a 
function of time and the aqueous flow rate at constant pressure, total extractant concentration and 
organic flow rate. For In(III), it is observed that an increase of the flow rate above 20 cm3min"1 favours 
the extraction until a maximum value is obtained at approximately 60 cm3min-1; above this value the 
residence time in the interface of the metal ion is insufficient for a complete reaction with the extractant 
and the E% of metal extracted into the organic phase decreases. In the case of Fe(III), the kinetics of 
extraction is much slower. Consequently it is possible to predict a kinetic separation of these two 
metals. In fact, for a flow rate of60 cm3 min-1 and a period of time of30 min, 80% ofln(III) and 5% of 
Fe(III) are extracted, making this separation feasible. 
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Figure 1. Variation of the percent of extraction of 0.1 mM In(III) as a function of time and total 
extractant concentration. Qorg = 4 cm3min' 1

, Qac = 20 cm3min' 1
, t.p = 2 psi. 
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Figure 2. Influence of the aqueous flow rate in In(III) and Fe(III) extractions. CcvANEX = 0.2 moUdm3
, 

Qorg = 4 cm3min'1, t.p = 2 psi. 

Organic Volumetric Flow Rate 

The variation of this parameter gives rise to similar conclusions as above: a maximum in E% 
vs. time plot is obtained. Indium extraction is more sensitive to the variation in the flow rate than iron 
extraction. For O.OimoUdm3 Fe(III), 20% of In (III) and 3% of Fe(III) are extracted in 15 minutes in 
aqueous/organic flow rate ratio of 3. 

Iron Concentration 

The content of Fe(III) after acid leaching of zinc-based minerals is 10-100 times greater than 
that of indium. The study of the influence of the concentration of this element in the separation is very 
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important due to the fact that it has been observed that as the Fe(III) concentration increases Y(III) 14 

and In(III)17 transport diminish when using FS-SLM. Figure 3 shows the separation factor defined by: 

[In (III) IFe(III) ]0 

F:': (In(III) lo[Fe(III)) 

as a function of time and three different aqueous/organic flow rate ratios. The separation is 
accomplished better for small contact-times and it depends on the ratio of the phase flow rates. 
Moreover, this optimal ratio depends on the iron concentration. For an aqueous/organic flow rate ratio 

of 15, FF~ = 52 when the iron and indium concentrations are 0.1mM, and FF~ =4 .2 when a 100-fold 

excess of iron exists in the aqueous phase, both factors taken for a 20 minute contact-time. 
To enhance the ln/Fe separation it is suggested that the operation of the system is explored in 

the once-through mode with a greater membrane area with small contact-times. 
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Figure 3. Separation factor as a function of time and three different aqueous/organic flow rate ratios in 
the presence of a 1 00-fold excess of Fe(III) respect to In(III). 
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ABSTRACT 

PERTRACTION OF NEODYMIUM AND HOLMIUM IN A 

HOLLOW FIBRE CONTACTOR 
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E- 08193 Bellaterra, Spain 
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Pertraction ofNd and Ho through liquid membranes (LM) with DEHPA as a carrier has been studied. Reaction kinetics of 
the metal/carrier complex decomposition influences greatly Nd and Ho transport through layered LM while this influence is 
relatively small in the transport through LM in a hollow fibre (HF) contactor. HF contactors can be effectively used for the 
recovery of Nd and Ho from diluted solutions. The overall mass-transfer coefficients and flux densities have been estimated 
fo r these systems. 

Keywords: pertraction, liquid membranes, hollow fibre contactor, lanthanides, neodymium, holmium, D2EHPA 

INTRODUCTION 

Pertraction of metals through liquid membranes could be an alternative way of their recovery 
or removal from different solutions. Hollow fibre (HF) contactors for contacting three phases in 
pertraction, as discussed, 1,2 could be used effectively. New types of HF pertractors have been 
presented.3-5 The pertraction of Nd through supported liquid membranes (LM) has been studied,6 
the transport of neodymium through a well-mixed bulk liquid membranes has been presented by Cara 
et al.7 and the solvent extraction of holmium in a HF contactor (two phase) has been studied by 
Yoshizuka et al. 8,9 

The aim of this work was the experimental study and mass-transfer characteristics of 
a HF pertractor with two bundles of hydrophobic microporous HF in pertraction of neodymium and 
holmium with di-(2-ethylhexyl)phosphoric acid (DEHPA) as a carrier. 

THEORETICAL 

The overall stoichiometry of the extraction equilibrium of neodymium with DEHP A can be 
written as:8-10 

Nd3++3(AH)z NdA 3·3AH+3H+ (1) 

where bars denote species dissolved in the membrane (solvent) phase and the same reaction can be 
proposed for holmium. 

The flux density ofNd in pertraction in a HF contactor for an effective interfacial area (Apc) 
can be defined by equation 2: 

Kp.r¥&( ) 
J =~ cF. - cFRm Is (2) 

where CFRm is the concentration of metal in the feed at the surface of the fibre corresponding to its 
concentration in the stripping solution CfRm = CRm DrRIDrF· where Dr is the distribution coefficient 
on the strip and the extraction interfaces, R and F, respectively. When using a stoichiometric excess 
of a strong acid in the stripping solution, the metal complex on the strip interface is effectively 
destroyed and the value of DrR= CMR_ICRM is very low, and accordingly the value of CfRm is 
practically zero especially when the value of the distribution coefficient on the feed interface is high. 
From equation 2 it follows that: 
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Kprp& 
]=~c F1s (3) 

From the overall material balance of the feed and stripping solution streams in the steady-state 
conditions follows : 

(4) 

Combining equations 3 and 4 and assuming a fresh stripping solution, when cRo = 0, the overall mass
transfer coefficient in the pertractor can be calculated as: 

VRcR K =----'~-

P 4-&cF1s 
(5) 

where the logarithmic mean concentration of phenol in the feed stream is 

(6) 

EXPERIMENTAL 

Materials 

The feed solution consisted of an aqueous solution of Nd(N03) 3 or Ho(N03)3 in 0 .1 mol/dm3 

(Na,H)N03 at a pHFo = 2.1 unless otherwise stated. 
The membrane phase was a 0.2 mol/dm3 solution of di-(2-ethylhexyl)phosphoric acid (DEHPA) 

in the dodecane fraction of n-alkanes. 
1 mol/dm3 HN03 was used as the strip phase unless otherwise stated. 

HF contactor 

A new pertractor PV -10 with two distributed bundles of hollow fibres (HF), one for the feed 
and the second one for the stripping solution, has been built, figure 1.4•

5 These two U-shaped bundles 
with 20 HF each, whose fibres were mixed, were inserted through the bottom ends of two vertical glass 
tubes. The same microporous polypropylene hollow-fibres Celgard X-10 (Hoechst-Celanese, USA) 
were used in both bundles. Porosity of the fibre walls was 30%. The inner and outer diameters of HF 
were 0.20 and 0.264 mm respectively. The basic parameters of the pertractor PVlO are: effective length 
of fibres 491.5 mm, inner geometrical surface area of one bundle about 61.76 cm2

. The membrane 
phase was pulsed by a moving piston, with adjustable amplitude, h, and frequency of stroke, lllM, which 
was connected to the pertractor. The pulsation velocity was set in the presented experiments to llJM.h = 
6.6 mm.s-1

, a value found to be an optimum in previous works .3.4 Pertraction ofNd and Ho was studied 
at 25°C. A steady-state was achieved after about 7 hours of operation. 

Two compartment contactor 

This has been described in papers, 1 1
'
12 with a layered liquid membrane and was used for more 

detailed study of transport of rare earth through the liquid membrane. 

1024 



Liquid Membranes 

Analytical method 

Figure 1. Diagram of the hollow-fibre pertractor PV-10 with two 
distributed bundles of hollow fibers (HF).4•

5 

F - feed, M - liquid membrane phase, R - stripping solution, 
l - microporous HF for strip, 2 - microporous HF for feed, 3 -
glass tube, 4 - glass thermostat jacket. 

The concentration of Nd and Ho in the aqueous phases was determined using a FIA 
spectrophotometric method. A multichannel peristaltic pump equipped with Tygon tubing was used to 
arrange the flow of the buffer, reagent and sample solution. The set-up consisted of a six-port sample 
injection valve 5041 (Rheodyne, USA) with 30 J.!l sample loop. Absorbance was measured at 660 nm by 
a Unicam 8625 spectrophotometer in a 80 J.!l flow-cell with 10 mm path length. pH was measured with 
the Ion Analyser model 3040 (Jenway, UK). For the determination of the concentration of metal, a 
buffer consisting of 0.2 moUdm3 formic acid/sodium formate solution at pH = 3.15 and a solution of 
reagent with 8.10-5 moUdm3 Arsenazo III (Fiuka Chemie AG, Switzerland) in the mentioned buffer 
solution were used 

RESULTS AND DISCUSSION 

Results of transport experiments through layered LM in two compartment contactor are 
presented in paper.7 From these results follows that with increasing nitric acid concentration the 
maximum flux through LM, JRmax, increases and approaches a steady value at acid concentration of 
about 1 moUdm3

, as shown in figure 2a. In the pH interval from 1.3- 3.5 fluxes through extraction and 
stripping interfaces are practically constant, as seen in figure 2b. 
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Figure 2 Influence of the stripping acid concentration (a) and initial pH of the feed (b) on the initial 
flux density through the extraction interface, JFo, and on the maximum flux density into 
stripping solution, JRm.,. in pertraction of Nd through the layered LM in a two compartment 
contactor. c Fo was around 115 g.m-3

. 
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This is different from results in paper6 and should be examined. In this work a membrane phase 
is used with more than ten times lower carrier concentration. At pH around 2. 7, precipitation at the feed 
interface was observed, as it was reported earlier6 As shown in figure 2, the flux density through the 
extraction interface is substantially higher than through the stripping interface. This could be interpreted 

0,0 0 
400 

t, min 

F 
R 
M 

800 

Figure 3 Time dependence of metal 
concentrations in the three phases of the two 
chamber contactor in pertraction of neodymium 
and holmium. 

by slower kinetics of the complex decomposition on 
the stripping interface which influences the overall 
flux through the membrane. 

The flux of holmium through LM is much 
lower, less than one third, comparing with 
neodymium, figure 3 . A much higher build up of Ho 
in the membrane phase is a consequence of slower 
decomposition of the Ho/DEHPA complex than 
decomposition of the Nd!DEHPA complex. 

Neodymium is effectively recovered in the HF 
pertractor PVlO with high yield (99 to 82 %) even in 
short fibres of the contactor or for a short residence 
time used, figure 4. With increasing velocity of the 
feed in the fibre lumen, uF, the yield ofNd decreases 
due to the lower residence time (figure 4a), but the 
overall mass transfer coefficient and flux density 
increase, figure 5 . This suggests that the resistance 
in the feed phase plays some role. It can be assumed 
that the value of the overall mass-transfer 

coefficient, as well as flux, will approach a steady value at the linear velocity of the feed of about 6 
cm.s·1

, figure 5, as it was observed in other systems such as Zn, phenol and butyric acid 
pertraction.4•

12
•
13 With increasing feed concentration the value of the overall mass-transfer coefficient 

decreases while the flux into the stripping solution increases, figure 6 . As presented by Cara et al./ the 
extraction rate constant of Nd through the well mixed layered bulk liquid membrane is practically 
independent of feed concentration. This indicates that the mass-transfer resistance in a HF bundle is 
probably responsible for the decrease of Kp. Experimental values of the steady state mean concentration 
of Nd in the membrane phase are much lower than the equilibrium concentration when considering 
distribution coefficient of around I 00 for actual experimental conditions. Yield of Nd in the stripping 
solution only slightly decreases with the feed concentration in the concentration interval studied, figure 
4b. 
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Figure 4.Yield ofNd, Ho in the stripping solution vs. linear velocity of the feed in the fiber lumen of 
PVlO (a) and initial concentration ofNd in the feed (b). 
a) cFo = 89.3 g.m-3, b) uF= 3.5 cm.s·1 
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The overall mass-transfer coefficient and flux of holmium are a little lower than for 
neodymium, as shown in figure 6, but their differences are much lower than in the pertraction through 
layered LM, figure 3. This can be explained by a relatively great influence of the rate of complex 
decomposition on the transfer rate through the layered LM. In the bulk LM in a HF contactor is the 
main mass-transfer resistance membrane phase in the wall pores and the relative contribution of 
resistance due to the reaction kinetics is small. 
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NOTATION 

A surface area, m2 

c mass concentration, g.m·3 

D, distribution coefficient, -
h amplitude of the membrane phase pulsation, m 
J flux density, g.m·2.s-l 
Kp overall mass-transfer coefficient in HF pertractor, 

· I m.s 
M molar weight, g.mor' 

V volumetric flowrate, m3.s·' 
u linear velocity in the fiber lumen, m.s·' 
t time, s 
li tortuosity of pores, -
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ABSTRACT 

CHARACTERISATION OF THE STABILITY AND 

EFFICIENCY OF A HOLLOW FIBRE SUPPORTED 

LIQUID MEMBRANE CONTAINING ALI QUAT 336 AS 

CARRIER FOR RHODIUM(III) TRANSPORT 
Claudia Fontas, Cristina Palet, Victoria Salvado and 
Manuela Hidalgo 
Dept. de Quimica, Universitat de Girona, 17071 Girona, Spain 

A hollow fibre supported liquid membrane system (HFSLM) for the transport of rhodium (III) from aqueous feed chloride 
solutions containing SCN- has been developed and characterised by using Aliquat 336 as carrier. Under these chemical 
conditions different experiments have been run to obtain practical information concerning the lifetime of both the supported 
liquid membrane and the polypropylene hollow fibre. Results demonstrated the feasibility of the SLM system during 6 non
stop days' operation, and also the resistance of the fibres used, which provided the same rate of rhodium (III) transport after 
15 washes of the fibre with ethanol. The influence of the hydrodynamic conditions, as well as the configuration of the 
HFSLM system, have also been studied. 

Keywords: rhodium(III), supported liquid membrane, hollow fibre module, Aliquat 336 

INTRODUCTION 

Supported liquid membranes (SLM) have been widely studied for the separation and 
concentration of a variety of compounds.! ,2 One of the major problems concerning SLM, especially 
with laminar SLM, is their low stability due to the easy loss of the liquid membrane from the 
support.3.4 In this sense, the configuration of SLM by using tubular hollow fibres (HFSLM) has been 
found to improve lifetime of the liquid membrane system, due to the hydrodynamic characteristics.5 

The extraction of rhodium (III) is a very difficult task because of the extremely inert character 
of its complexes. It is well known that Rh(III) in chloride media forms a large number of aquachloro 
complexes of the type RhC16-n(H2o)(3-n)- (where O<n<6) which are highly hydrophilic.6 To 
minimise this hydrophilicity, thiocyanate (SCN-) had been used as a complexing reagent to form the 
extractable anion complex Rh(SCN)63-_7 Taking advantage of this, in previous work the transport of 
rhodium (III) through a flat SLM containing Aliquat 336 as a carrier was achieved.8 

To improve the lifetime of this laminar liquid membrane system, a new design of a hollow 
fibre supported liquid membrane module is proposed, and the lifetime, stability and efficiency of the 
liquid membrane system are characterised. The influence of operating conditions, such as 
hydrodynamics and the configuration of the HFSLM system have also been evaluated. 

EXPERIMENTAL 

Reagents and solutions 

The organic phase was prepared by dissolving tricaprylylmethylammonium chloride (Aliquat 
336; Fluka Chemie), in dodecane (analytical reagent grade, Merck) modified with 1-dodecanol. A 
stock solution (500 mg dm-3) of Rh(III) pH = 1 was prepared from RhCl3 (Johnson Matthey) 
dissolved in concentrated HCI. The feed solution containing 10 mg dm-3 ofRh(III) and lQ-3 mol dm-
3 thiocyanate was prepared as described previously.8 The stripping solution consisted of a 0.8 mol 
dm-3 NaSCN solution with NaHS031Na2S03 to achieve pH= 5 and 1.0 mol dm-3 ionic strength.9 

Hydrophobic polypropylene hollow fibres from AZKO (Enka E.G., Germany), 75% porosity 
with o.d. 1.0 mm and i.d. 0.6 mm were used as solid tubular support for the liquid membrane. The 
effective pore size was 0.2 ~J.m. 

© 2000 Society of Chemical Industry 1029 



Proceedings ISEC'99 

Apparatus and Procedure 

The hollow fibre supported liquid membrane module proposed is shown in Figure 1. As seen, 
the module contains one spiral hollow fibre 57 em long. The impregnation of the fibre was performed as 
described elsewhere. 5 In most experiments, the initial feed solution flowed through the hollow fibre 
(lumen) while the shell-side contained the final receiving solution (stripping solution). Both aqueous 
phases were continuously recirculated at a flow-rate of 0.35 cm3 min-1 by means of a Gilson peristaltic 
pump. The pH measurements were carried out by using a pH-meter mode micro pH 2000, Crison 
Instruments S.A. (Spain). 

Figure 1: The hollow fibre supported liquid membrane module 

A Varian SpectrAA-300 atomic absorption spectrometer (Varian Australia, Mulgrave, Victoria, 
Australia) was used to determine rhodium (III) concentrations in both aqueous solutions, at A.=343 .5 
nm. 

RESULTS AND DISCUSSION 

The permeability data for hollow fibre SLM module operating in a recycling mode were 
expressed in terms of Rh(III) coefficient permeability, P*, defined by Danesi as: 10 

Ln (C/Co) = -A P* f(<l>+ l)] 
v <I> 

where A is the total effective area of the hollow fibre module, V is the total volume of the feed solution 
and C0 is the concentration of the metal species in the feed solution at time zero. The parameter <1>, for a 
membrane containing N fibres, is <I>= Qr/ PLNRTI, being Qr the total flow rate of the feed solution, P* 
is the modified permeability coefficient, L the length of the fibre, N the number of the fibres and R its 
internal radius. 

Reproducibility of the HFSLM rhodium (III) transport system was checked in different 
experiments under the same chemical and hydrodynamic conditions, using a new fibre in each 
experiment. Figure 2 shows the results of four consecutive experiments. As observed, a good 
reproducibility is obtained. 
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Figure 2: Reproducibility of the HFSLM system for Rh(III) transport 

The stability of the liquid membrane system for long-term operation was verified by using a 
hollow fibre support (Figure I) impregnated with the liquid membrane at the beginning of the 
experiment during subsequent cycles of 24 hours. At the end of each cycle feed and stripping solutions 
were substituted by fresh ones. As can be seen in Figure 3, the HFSLM does not show any appreciable 
decline in P during a period of 6 days of continuous operation. When a decrease of the efficiency was 
observed, the fibre was washed and reimpregnated with a fresh liquid membrane solution. After that, the 
membrane permeability coefficient was restored to its initial value. It is believed that the failure of the 
HFLMS is due to a loss of organic liquid membrane solution from the support pores, as found 
previously with laminar supports.5 
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Figure 3: Stability of the liquid membrane system for consecutive impregnations 
applied to Rh(III) transport 

The lifetime of the hydrophobic polypropylene hollow fibre was studied by using a HFSLM 
module in 24 hour cycles. In this case, at the end of each cycle the fibre was washed with ethanol, dried 
and reimpregnated with a fresh liquid membrane solution for reuse. The corresponding permeability 
results (Figure 4) demonstrated that it is possible to use the same fibre under these conditions for 15 
cycles. After this period, the permeability of the metal through the membrane slightly decrease probably 
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due to the damage of the pores of the support, that leads to an increase of pore size which also implies 
the loss of the LM solution. 
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Figure 4: Lifetime of the hydrophobic polypropylene hollow fibre support 

Some experiments were carried out with a different configuration of the system, i.e., operating 
with the feed solution on the shell-side and the stripping through the lumen, both also continuously 
recirculated. Under these conditions, a 10% decrease in the metal extraction from the feed solution was 
observed, and, therefore, the permeability value for Rh(III) transport also decreased. This result 
revealed the extraction as the slowest step of the system. Hence, to favour it, recirculation of the feed 
though the lumen of the HF where allows a better contact of the solution with the LM due to the 
hydrodynamic conditions in the spiral fibre . 

Another possibility to operate with the described HFSLM module could be as a column system. 
In this way, corresponding experiments were carried out by recirculating the feed solution through the 
lumen of the fibre for 24 hours, while the shell-side contained a solution of 1.0 mol dm-3 NaCI to keep 
the ionic strength balanced. After this period of time, the feed solution was replaced by the stripping 
solution, which was also recirculated for 24 hours. The comparison between results obtained working 
with the HFSLM module as a column system and in the continuous mode is presented in Figure 5. It can 
be seen that when the HFSLM module works as a column system it is not possible to recover all the 
metal extracted, and therefore the efficiency of the system decreased. 
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Figure 5: Comparison of two operation configurations of the HFSLM module 
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Taking into account these results, the flow rate of the aqueous solutions was varied to determine 
its influence on the rhodium transport and preconcentration. The results obtained are plotted in Figure 6 
as P vs . flow rate (cm3 min-1

) . The permeability increases with the flow rate, eventually reaching a 
plateau at over 0.8 cm3 min-1

. The initial increase in transport rate may be attributed to a corresponding 
decrease in the diffusion layer thickness at the membrane/source solution interface, 11 which reaches a 
constant minimum value at higher flow rates. 
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Figure 6: Influence of the flow rate of both aqueous solutions on the Rh(III) transport 
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ABSTRACT 

SEPARATION OF AMINE AND AMINO ACID 

ENANTIOMERS USING SUPPORTED LIQUID 

MEMBRANES WITH CHIRAL PHOSPHORIC AND 

PHOSPHONIC ACID ESTERS 
P Wieczorek, P Dzygiel and P Kafarski 
University ofOpole, Institute of Chemistry, Oleska 48, 
45-052 Opole, Poland 

The results of the application of phosphoric and phosphonic acids esters with chiral alcohols namely nopol and menthol as 
carriers in supported liquid membrane (SLM) system for enantioselective transport of 13-phenylethylamine (PEA) and 
tryptophan (Trp) enantiomers are presented. The dependence of the acceptor phase pH and the carrier concentration on the 13-
phenylethylamine enantiomers transport is shown. Moreover, the influence of the carrier structure on the chiral 
discrimination of the PEA and Trp enantiomers has been investigated. 

Keywords:supported liquid membrane, amino acids, amines, 13-phenylethylamine, chiral separation, phosphoric acid esters, 
phosphonic acids esters 

INTRODUCTION 

Chirality of biomolecules plays a very important role in the great number of biochemical 
processes, where specific and selective interactions take place. Thus, obtaining and identification of 
the enantiopure compounds is a very important and often difficult requirement to accomplish. To 
achieve this aim a group of methods known as chiral separations have been widely applied. One of 
those methods by which chiral separation can be performed is supported liquid membrane (SLM) 
technology. SLM offers some advantages• as a separation method but the most important feature, 
from chiral separation point of view, is that only minute amounts of the expensive chiral carriers is 
needed. 

Supported liquid membranes have been used for the enantiomeric separation of amines and 
amino acids. For this reason such carriers as chiral crown ethers,2

•
7 chiral complexes of transition 

metals,8'
9 carriers based on the structure of the sapphyrin ring10 or macrocyclic peptides11 have been 

used. However although these carriers turned out more or less effective chiral selectors, their further 
application seems to be limited due to their moderate solubility in organic solvents. This disadvantage 
enables their use in higher concentrations, where it might give the possibility of the simultaneous 
enrichment of compounds of interest. 

From the other side, SLMs have been successfully applied as a sample pre-concentration 
technique for biomedical and environmental analysis.• In this case the most important effect is to 
obtain as high as possible enrichment of the sample. Various types of the biologically active 
compounds including amines and amino acids have been prepared in this way followed by analysis.12

• 
14 One of the possibilities for amino acids pre-treatment is using di-(2-ethylhexyl)phosphoric acid 
(DEHP A) as a carrier in SLM.12 In this case the enrichment is achieved by simple adjustment of the 
pH of the donor and acceptor phases. 14 If the transport and chiral separation of the amine enantiomers 
is required simultaneously, a chiral environment must be created. 

Taking into account these considerations, the possibility of the amine and amino acid 
enantiomers separation by employing carriers developed from phosphorus acid derivatives has been 
studied. The carriers were synthesised in our laboratory and applied in an SLM system for transport of 
!3-phenylethylamine (PEA) and tryptophan (Trp) enantiomers as model compounds. In case of Trp, 
only the influence of the carrier structure on its enantiomers transport has been investigated as the 
conditions for amino acid transport through SLM with anionic carriers have been presented 
elsewhere! 2 For PEA the influence of acceptor phase pH and carrier concentration have been 
additionally examined to find the optimal condition for its transport. 
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EXPERIMENTAL 

The carriers used for PEA and Trp transport were synthesised in our laboratory. D,L
tryptophan, (R)- and (S)-13-phenylethylamine were obtained from Sigma. Dihexylether (DHE) used as 
a liquid membrane phase was obtained from Aldrich. Structures of the organophosphorus esters are 
shown in figure 1. All water used was purified with Millipore Q system. The membrane unit used for 
separation experiments has been described.12

·
15 

The solution of D,L-Trp hydrochloride was prepared by dissolving equimolar quantities of 
amino acid enantiomers mixture and HCl, yielding a total 1 mM concentration. The solutions of (R)
and (S)-13-phenylethylamine were prepared by dissolving the appropriate amount of R or S enantiomer 
in water yielding the required concentrations. After that the solutions were adjusted to pH = 7 and 
were pumped through the donor phase channel with flow rate 0.1 cm3/min. After which, the acceptor 
phase (0 .1 mol/dm3 HCl) containing the amino acids was transferred with a pump into a 2cm3 flask . 

(1) 
(2) 

(3) (4) 

Figure 1. Carrier structures 

n, 
-i0c.p~ OH 

Q 

The collected sample was analysed by capillary electrophoresis (CE) using a Beckman 2100 
system with a-cyclodextrin as a chiral selector according to the procedure described elsewhere.16 In 
case of the amine, analysis was performed by CE in a O.lmol/dm3 phosphate buffer, pH = 7 as a 
background buffer with application of 12.5 kV voltage and UV detection at 214 nm. The donor and 
acceptor channels were washed with 20 cm3 of water before the membrane unit was used for the next 
experiment. The flux was calculated from the equation J = dc/dt x V/A where A is an effective 
membrane area and V is a volume of the collected sample. The chiral discrimination factor, a was 
calculated as a ratio of fluxes JdJL for Trp and or Jslh for PEA. Each experiment was repeated 2 - 3 
times. 

RESULTS AND DISCUSSION 

A mechanism for the amino acid transport with a phosphoric acid diester has been described 
by Wieczorek at al. 12 Thus here it is only important to mention that this transport is proton-driven and 
the If'" gradient is built over the membrane from acceptor (pH= 1) to donor phase (pH= 3.3). It was 
assumed that the amine transport mechanism is akin to that for the amino acid, if the similar conditions 
were applied. In figure 2 the dependence of the pH of acceptor phase on the transport of P
phenylethylamine enantiomers is presented. The pH of the acceptor phase is lowered the transport of 
amine increases. This confirms that the transport mechanism is the same and that the low pH in the 
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acceptor is required to achieve effective PEA transport. When there is no driving force present in the 
SLM system (high acceptor pH) transport is insignificant. 
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Figure 2. The influence of the acceptor phase pH on the (R)- and (S)-PEA flux J x 10-8 [moVm2s] and 
discrimination factor, a . Conditions: donor phase: 1 mM (R)- and (S)-PEA, pH= 7, flow 
rate= 0.1 cm3/min; membrane phase: 150 mM carrier 2 in DHE, acceptor 0.1 moVdrn3 HCI; 
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Figure 3. The influence of the carrier concentration on the (R)- and (S)-PEA flux J x 10-6 [moVm2s] 
and discrimination factor, a . Conditions: donor phase: 10 mM (R)- and (S)-PEA, pH = 7, 
flow rate= 0.1 cm3/min; membrane phase: carrier 2 solutions in DHE, acceptor: 0.1 moVdrn3 

HCI; 

In figure 3 the influence of the carrier concentration on the PEA enantiomers transport and 
discrimination factor is shown. With an increase of the carrier concentration, the possibility of the 
creating amine-carrier complex arises. Thus, more amine molecules can be transported, which results 
in an increase of the mass transfer over the liquid membrane. In tum, the PEA enantiomers fluxes 
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grow. It can be also seen at the figure 3 that at given conditions, the discrimination factor diminishes 
with the increase of carrier concentration. It might suggested that the source of enantioselctivitr has a 
thermodynamic origin (the two diasteroisomeric complexes have different formation constants). 

Carrier R-PEA S-PEA a. 
1* 0.42 0.49 1.16 
2 0.36 0.37 1.01 
3 0.16 0.20 1.25 
4 0.16 0.19 1.19 

Table 1. The influence of the type of carrier on the (R)- and (S)-PEA flux J x 10-6 [moVm2s] and 
discrimination factor, a. Conditions: donor phase: 10 mM (R)- and (S)-PEA, pH= 7, flow 
rate = 0.1 cm3/min; membrane phase: 300 mM of carrier in DHE, acceptor: 0.1 moVdm3 

HCl; (*) saturated solution 

Carrier L-Trp D-Trp a. 
1* 8.20 8.00 1.04 
2 0.86 1.11 1.30 
3 0.16 0.17 1.06 
4 0.31 0.35 1.13 

Table 2. The influence of type of carrier on the D- and L-Trp flux J x 10 -Jo [moVm2s] and 
discrimination factor: a. Conditions: donor phase: 1 mM D,L-TrpHCl, pH= 3.3, flow rate-
0.1 cm3/min; membrane phase: 50 mM of carrier DHE; acceptor phase: 0.1 moVdm3 HCl; (*) 
saturated solution 

In tables 1 and 2 the effect of the changes in the carrier structure on the transport of PEA and 
Trp enantiomers and a value is shown. Generally, it can be seen that 13-phenylethylamine is 
transported better through the SLM due to the hydrophobic character of PEA and shows a higher 
affinity to organic phase. The effect of the carrier structure on the PEA and Trp enantiomers 
separation is insignificant. In those cases the complexes are created by ion-pair interactions between 
protonated amino group of PEA or Trp and negatively charged phosphate stabilised by hydrogen 
bonds. Thus, it might be assumed that the alcohol moieties of the diester are responsible for chiral 
discrimination. As can be seen from tables 1 and 2 there is little contribution of the ester part of 
carrier molecule to the enantiomer differentiation. It could be related to weak steric (repulsive) 
interactions of those substitutents with amine or amino acid molecules caused by too long a distance 
between them. However, the introduction of a phenyl moiety to the carrier molecule instead of one 
alcohol group generally increases the a value with simultaneous decrease in the magnitude of the flux. 
This could be attributed to the changes in the geometry of the complex . These alterations produce a 
decrease of the complex stability, and in turn smaller fluxes. From the other side, the interactions 
between the ester moiety of the carrier and PEA or Trp molecule are stronger and thus, the 
discrimination of enantiomers is more significant. 

These preliminary studies have shown that chiral phosphate and phosphonate esters may be 
considered as a promising group of new carriers for chiralliquid membrane separation. 
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ABSTRACT 

PERTRACTION AND MEMBRANE BASED 

EXTRACTION OF CARBOXYLIC ACIDS IN HOLLOW 

FIBRE CONTACTORS 
~tefan Schlosser, Erika Sabolova and Jan Martak 
Slovak University of Technology, Department of Chemical and 
Biochemical Engineering, SK-812 37 Bratislava, Slovakia 

Pertraction of butyric acid (BA) and dimethyl( cyclopropane )carboxylic acid (DMCCA) through bulk liquid membranes in 
the hollow fibre (HF) contactors with flowing head has been studied. In both systems tertiary amines were used as carriers. 
The mode of operation of the HF contactors as a result of hydrodynamic conditions (membrane pulsation, feed velocity), 
formulation of the membrane (distribution coefficient, diffusivity), and feed composition (pH, concentration) can 
substantially influence performance of the contactors. The main resistance for transport of BA in HF pertractors is in the 
stagnant layers of the liquid membrane in the wall pores. Preliminary analysis shows that kinetics of the complex 
decomposition play a role in the overall resistance. The overall mass-transfer coefficient in the pertractor was about 24% 
higher than in the two-phase HF contactor in membrane based solvent extraction ofDMCCA. 

Keywords: bulk liquid membranes, hollow fibre contactors, carboxylic acids, trioctylamine 

INTRODUCTION 

Pertraction through liquid membranes (LM) or membrane-based solvent extraction (MBSE) 
of organic acids could be an alternative way of their recovery from fermentation broth or from waste 
solutions.l-3 Integration of pertraction or MBSE with fermentation can enhance the fermenter 
performance by decreasing product inhibition. 

The aim of the presented work was to study the pertraction of butyric acid (BA) and 
dimethyl(cyclopropane)carboxylic acid (DMCCA) through bulk liquid membranes and to compare 
mass-transfer characteristics ofHF contactors for the pertraction and MBSE ofDMCCA. 

EXPERIMENTAL 

Components of the membrane phase 

Trioctylamine (TOA, Fluka) or Hostare~ A327 (trialkylamine with Cg and ClQ alkyl groups, 
Hoechst) were used as carriers alone or with the addition of iso-decanol or iso-tridecanol (Unipar) as 
modifiers, inn-alkanes (dodecane fraction, Slovnaft) as diluent. Composition of the membrane phases 
and their characteristics are listed in table 1. 

The feed solution consisted of an aqueous solution of BA with Cfo = 0.45 kmol.m-3 and 
pHp0 = 2.6 or an aqueous solution of DMCCA with Cfo = 0.12 kmol.m-3 and pHp0 = 2.1 if not 
otherwise stated. The pH of the solutions was in some measurements adjusted by the addition of 
NH40H or H2S04 solutions. 

An aqueous solution of NaOH with a concentration of 1.5 kmol.m-3 was used for stripping. 
The experiments were conducted at temperatures of 30°C and 25°C for experiments with BA and 
DMCCA, respectively. 

Analytical Procedure 

The concentrations of BA and DMCCA in the aqueous phases were determined with the 
isotachophoretic analyser EA 100 (Villa, SK). The concentration of acids in the solvent phase was 
determined after stripping acids with aqueous solution ofNaOH. 
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Contactors 

Two types of three-phase HF contactors of own construction, with distributed bundles of hollow 
fibres and a flowing head, were used for the pertraction.4 Both pertractors PVlO and PV20 have two 
bundles of hollow fibres, one for the feed and the second one for the stripping solution, with the bulk 
liquid membrane between them (outside the fibres) and the liquid membrane in their pores. Microporous 
polypropylene hollow fibres were used in both bundles. Basic characteristics of the pertractors and 
fibres are presented in table 2 and the diagram of the contactor PV20 is shown in figure 1. More details 
are presented elsewhere.4-6 The membrane was pulsed by a piston pulsator with an adjustable frequency 
and amplitude. 

The flowsheet of the two-phase HF contactors used in MBSE experiments is shown in figure 2 
and described elsewhere in more detail. 7 LiquiCel Extra Flow 2.5 x 8" contactors (Celgard, USA) with 
10000 fibres 15 em in length and cross flow of phases were used. The feed in MBSE and the solvent in 
stripping flowed in the fibre lumen. 

Kinetics of transport through well mixed layered liquid membranes have been studied in a 
double Lewis cell described in papersY 

D, ,JS.l03 ,do. lOJ D.l010
, m2.s-1 

Membrane phase for (HAh or (HAhP 
or solvent BA+ DMCCAb Pa.s Pa.s BA DMCCA 

Ml : n-alkanes 0.56 8c 1.285 1.183 10.238 8.58b 

M2: 0.4 M TOA inn-alkanes 3.40 26.72 1.665 1.523 3.81 8 3.30b 

M3 : 0.4 M Hostarex A327 and 3.26 3.125 1.888 

1.2 M isotridecanol in n-alkanes 
M4: 0.4 M Hostarex A327 and 1.5M 31.92 3.411 1.72b 

(30 wt.%) isodecanol inn-alkanes 
+ cat cF= 0.08 kmol.m 3 at 30°C and cF= 0.5 kmol.m 3 

Table 1 Dynamic viscosity of the membrane phases, distribution coefficient of acids (D,) and diffusion 
coefficient (D) of acid dimers (HAh and their complexes with carrier P in the membrane phases 
or solvents 

Fig.l. Scheme of the hollow fibre pertractor PV20 
with two mixed bundles of fibres with flowing 
bottom head [ 4]. 
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PVlO PV20 
Number ofHF in the feed bundle 20 22 
Number ofHF in the stripping solution bundle 20 22 
Effective length of fibres (wetted with M), ern 49.2 51.2 
Effective pore size of the fibre wall (data of supplier), J.lll1 0.03 
Porosity of the fibre wall+,% 30 
hmer and outer diameter of HF mm 0.20, and 0.264 

Table 2 Basic parameters of the contactors PV10 and PV20 with hollow fibres Celgard X-10 (Celgard, 
USA) 

Feed 

: ~ 

EXTRACTION : ·~ 

.I 

Solvent circuit 

Loaded stripping solution 
(Concentrnte) 

~l,c•Rl 
Stripping solution 

Figure 2. Flowsheet of the MBSE combined with regeneration ofthe solvent by stripping, both in HF 
contactor. 

RESULTS AND DISCUSSION 

Axial pulsation of the membrane phase in hollow fibre pertractor increases the transport rate by 
60 to 22% and approaches a plateau value at the pulsation velocity (product of the pulsation frequency 
and amplitude) of about 6 mm.s-1. 

6
'
8 With increasing axial velocity of the feed in the fibre lumen the 

mass-transfer coefficient increases and approaches a steady value at a relatively low velocity of about 5 
cm.s-1, as can be seen in figure 3. 
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Figure 3. Influence of the linear velocity of the feed in the fibre lumen on the overall mass-transfer 
coefficient in pertraction ofBA and DMCCA in the contactor PVlO or PV20. uR = 1.04 cm.s· 
1
, Membrane: M2 
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The introduction of carrier and modifier into the membrane increases the distribution coefficient 
for acids as shown in table 1 and figure 5. This is not accordingly reflected in a proportionally higher 
mass-transfer coefficient, as is evident from figure 4 . In the first approximation, the permeability of the 
bulk liquid membrane is a product of the distribution coefficient and the diffusivity of the acid dimer or 
of the acid complex. For membranes with a carrier the mass-transfer coefficient at medium 
concentrations is more or less independent of concentration. For pure n-alkanes the Kp concentration is 
dependent reflecting the dependence of D, on concentration, as follows from comparison of figure 4 and 
5. In formulation of the membrane phase for biotechnological applications also toxicity of the solvent 
for biomass has to be considered. 9 
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Figure 4. The overall mass-transfer coefficient in pertraction of BA and DMCCA in the HF 
contactors, vs. mean concentration of acid in the feed. 
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The analysis of individual resistances in pertraction, based on the diffusional model and 
presented in papers,5

•
6

'
10 suggests that the main resistance for transport ofBA is in the stagnant layers of 

the liquid membrane in the wall pores, figure 6. The resistances ofLM in the wall and in the bulk liquid 
membrane outside the pores in pertraction of DMCCA are comparable8 The overall resistance of the 
membrane for DMCCA is much lower than for BA because of higher distribution coefficient of the C6 

acid, as shown in figure 6. 
Increasing the pH of the feed with BA decreases the value of the mass-transfer coefficient and 

above pH 4 this decrease is sharpY Acidification of the feed with mineral acids below pH = 2.6 
decreases the BA flux due to their competitive transport. Sulphuric and hydrochloric acids decrease the 
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BA flux by 8 and 36 %, respectively.11 The values of the mass-transfer coefficient in pertraction of BA 
and DMCCA in the contactor PV20 using membrane phase M2 are about 4.5.10'6 m.s·1 and 13.5.10'6 

m.s-1
, respectively, which are promising values. 
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The proposed diffusional mass-transfer model of pertraction through the well mixed LM in a 
two cell contactor describes experimental data well 11

'
12 Preliminary analysis of the transport data for 

BA with this model extended by the equation for reaction kinetics and distribution coefficient variation 
suggests that diffusional resistances are dominant but also slower kinetics of complex decomposition on 
the strip interface play a role, figure 7. This is manifested by a non-zero value of acid concentration in 
the membrane at the stripping interface. The resistance connected with slower kinetics of the stripping 
reaction contributes about 40% to the overall resistance. In this case it is proved that a new analysis of 
resistances in the HF contactors is required, but no great changes are assumed because the diffusional 
resistance of the LM in the wall (not present in the layered LM) is mostly dominant. 

The value of the overall mass-transfer coefficient in MBSE of DMCCA with the solvent M4 is 
about 8.5.10-6 m.s-1 which is one order of magnitude greater than in the membrane based stripping from 
the loaded solvent into an alkaline solution in the same contactor where the value 0.8.10-6 m.s-1 was 
found, figure 8. 
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The mass-transfer rate in pertraction ofDMCCA in the HF contactor PV20 with the membrane 
M4, integrating extraction and stripping in one equipment, was found to be 24% higher than in MBSE 
(not optimised conditions) in the HF contactor with cross flow of phases. 
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Figure 8. Overall mass-transfer coefficient in extraction and stripping of DMCCA in the HF contactors 
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NOTATION 

c molar concentration , kmol.m-3 

D diffusion coefficient, m2·s·1 

D, distribution coefficient, -
K overall mass-transfer coefficient, m.s·' 
R mass-transfer resistance, s.m·' 
u linear velocity, m.s-1 

11 dynamic viscosity, m2·s·1 

Indices : 
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F feed phase 
M membrane phase 
e extraction 
0 initial value 
p pertraction 
s stripping 
R stripping solution 
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ABSTRACT 

TRANSPORT PROPERTIES OF ACTIVATED 

COMPOSITE MEMBRANES CONTAINING 

DI-(2-ETHYLHEXYL)DITIDOPHOSPHORIC ACID AS A 

CARRIER TOWARDS POLYVALENT METAL IONS 
Maria Oleinikova, Jordi Macanas, Maria Munoz and Manuel 
Valiente 
Unidad de Quimica Analitica, Universidad Autonoma de 
Barcelona, E-08193 Bellaterra Barcelona, Spain 

The paper reports the results on the further development of activated composite membranes (ACM) containing di-(2· 
ethylhexyl)dithiophosphoric acid (DTPA) as a carrier. The ACM membranes prepared by means of interfacial polymerisation 
technique demonstrate sufficiently stable transport properties within several weeks of their use, while the corresponding 
supported liquid membrane (SLM) show no metal ions transport under identical conditions after one day working 
experiment. The selectivity ofDTPA based ACM towards different metal ions is presented and discussed. Such selectivity is 
based on the dominating role of both equilibrium (complex stability) and non-equilibrium (stripping kinetics) factors. 

Keywords: activated composite membranes, di(2-ethylhexyl)dithiophosphoric acid, aluminium, calcium, copper, indium, 
magnesium, manganese, tin, zinc 

INTRODUCTION 

Application of extraction techniques for removal and recovery of heavy metals is of 
immensely growing importance from the viewpoint of environmental protection problems.1 Supported 
liquid membranes (SLM) have attracted much interest for separation and concentration of toxic and/or 
valuable solutes due to the possibility to combine the extraction and stripping processes in one step 
and because of their high interfacial area.2 The SLM's have important advantages such as a high 
selectivity and diffusion rate as compared with solid membranes. At the same time, their main 
drawback is the lack of stability, which is caused by different factors including the leakage of the 
organic extractant from the pores of support, the formation of emulsions in these pores, and the loss of 
the organic solvent.3.s 

Different approaches have been suggested to stabilize SLM's such as, for example, gel 
formation in pores of the support.6 Thus, Neplenbroek et ae reported the use of SLM systems 
consisting of a poly(vinyl chloride) gelled membrane containing quaternary ammonium salts as 
carriers for removal of nitrate ions from water. Recently, Kemperman et al.8 investigated and 
optimized the application of a thin polyamide layer covering the impregnated support, which partially 
avoided the loss of the carrier reagent from the membrane phase. In the previous communication of 
this series we have shown and characterized a set of new Activated Composite Membrane (ACM) 
suggested as an alternative to Supported Liquid Membrane (SLM).9 

To extract polyvalent metals from hydrometallurgical effluents, an extractant should posses an 
extremely high selectivity for the formation of complexes with these metals. For this purpose a 
number of dialkyldithiophosphoric acids were tested10 including di-(2-ethylhexyl)dithiophosphoric 
acid {DTPA), which demonstrates high chemical stability and in the majority of instances does not 
form any stable emulsion.u'12 It has been shown that DTPA is a highly selective extractant for a 
number of metals. 10 Nevertheless, the information about the use of DTP A as a carrier in SLM or 
ACM is still very limited. 

In the present study several ACM systems containing DTP A and their transport properties 
towards polyvalent metal ions are described. The mechanisms of: 1) interaction of DTP A with 
different metal ions, and 2) interference of different metal ions in the course of their transport through 
the membrane phase are proposed and discussed. 
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EXPERIMENTAL 

Materials and membranes 

Di-(2-ethylhexyl)dithiophosphoric acid (DTPA) was synthesized and purified by following the 
procedures described elsewhere.13 Solutions of DTPA in hexane (95%, Aldrich, Germany) with 
concentration from 0.2 to 1.0 mol/dm3 were used to prepare ACM samples with different carrier 
content. The other chemicals were all of analytical reagent grade and were used as received. Doubly 
distilled water was used for preparation of metal containing feed and HCl stripping solutions. 

The preparation of ACM containing DTP A as a carrier was carried out by using the procedure 
recently published elsewhere9 Porous thin polysulfone film (PS) (Udel P-3500, Union Carbide) 
obtained by the phase inversion technique on the surface of a non-woven fabric (3329 Holytex, 
France) was used as a solid support for ACM. Thin top layers of polyamide containing DTPA of 
different concentrations (from 200 to 1000 mM) were prepared by interfacial polymerization, thus, an 
aqueous amine solution (1,3-phenylenediamine 99%) (Merck, Germany) was mixed with water 
immiscible organic solution (hexane solutions of DTPA). The excess of solution was carefully washed 
off the surface ofthe membrane. Finally, the membranes, thus prepared were dried in an oven at 60'C 
for 10 minutes . 

Procedure 

The measurements of ion transport were carried out at zo'c ± 0.2 in an air-conditioned room 
using a two compartments membrane cell of 200 cm3 each We), 14 the ACM was placed on the circular 
window separating the two compartments. The membrane working area, Sm, was 12 cm2 The feed and 
stripping solutions were placed in each compartment of the cell and vigorously agitated by mechanical 
stirrers. The pH values in the feed solution were monitored by using a Crison pH meter 507 
(Barcelona, Spain) supplied with a combined glass electrode. The stripping phase consisted of 2.2 
mol/dm3 HCI in all experiments carried out. NaCI solution was added to the stock (feed) solution of a 
mixture of metal ions to equilibrate the ionic strength with that of stripping solution. The concentration 
of metal ions in both feed and stripping solutions was determined periodically on samples withdrawn 
from the cell by atomic emission spectrometry (ICP-AES technique) using an ARL Model 3410 
spectrometer (Fisons, Beverly, MA) provided with Minitorch. An average uncertainty of metal ions 
determination was in all cases < 1.5%. The results of the analysis were used for plotting the extraction
and re-extraction-time histories (for the feed and stripping phases, respectively) . The stability of ACM 
was evaluated by carrying out several sequential metal ion transport cycles with the same membrane 
sample. The efficiency of ion transfer through the membrane was evaluated by determining the 
permeability values from the slope of respective metal concentration in stripping solution versus time 
curve. The rate of ion transfer through the membrane (J, mol/cm2·sec) was evaluated from the initial 
slope of the concentration vs time plot. The rate can be calculated by using a linear regression 
technique: 

(l) 

RESULTS AND DISCUSSION 

The experimental data on metal transport were expressed in terms of the degrees their 
extraction and stripping (%) versus contact time in order to follow up the shape of the metal 
permeation curves under different experimental conditions. 

Monocomponent systems 

The typical extraction-re-extraction-time histories obtained in experiments with different 
metal ions are shown in figures I, 2 and 3. The concentration of metal ions in the feed solution (Zn2+, 
Cu2+and Cd2+) was constant and equalled 0.75 mM. The results presented in figures 1-3 were obtained 
by using ACM samples prepared with 500 mM DTPA casting solutions. As seen in figure I , the 
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maximum rate of metal transport is observed for zinc, which concentration in the stripping solution 
increases up to 30% of the initial concentration in the feed phase after 2 hours . The transfer rates for 
Cu2+ and Cd2+ measured under the same conditions appeared to be far lower (figures 2 and 3, 
respectively). The results presented in figures I, 2 and 3 can be interpreted in terms of the selectivity 
parameters of DTP A towards metal ions under consideration. The extraction sequence of DTP A for 
polyvalent metal ions11

• 
15 can be written as follows : 

Ag > Cu > In > Pb > Fe(III) > Cd > Sn > Ni := Zn » Ca (2) 
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Figure 1. Extraction-reextraction 
time histories for Zn2+ obtained 
ACM containing 0.5 M 

Figure 2. Extraction -reextraction 
time histories for Cu2+ obtained 
using ACM containing 0.5 M 
DTPA 

Figure 3. Extraction reextraction 
time histories for Cd2+ obtained using 
using ACM containing 0.5 M 

DTPA DTPA 

The extraction constants, Ka, of DTPA for Cu2+, Cd2
+ and Zn2+ reported by Levin et. al. 11 were 

determined by using following equation: 

M"+ aq + n(HR)org = (MR,)ors + nH'" aq (3) 

and equal log Kex = 12.3, 7.01 and 2.25, respectively. As follows from the qualitative comparison of 
extraction constant values with the results shown in figures 1-3, the lower the Kex value the higher is 
the rate of metal transfer through the ACM. To quantify this conclusion, the Cu2

\ Cd2+ and Zn2+ ion 
fluxes through ACM (calculated by using equation 1) are collected in table 1 along with respective 
extraction constant values. As seen in table I, a direct proportionality between respective Kex values 
and metal fluxes is observed for all metal ions studied in the first series of experiments. 

Metal ion Logl<a J, mol!cm<·s 
Zn2+ 2.25 5.12 e-10 
Sn<+ 5.45 3.55 e-10 
Cd2+ 7.01 2.07 e-10 
Inj+ 10.22 6.74e-ll 
cu<+ 12.31 1.53 e-ll 

Table 1. Extraction constants and metal ion fluxes through ACM 

This result indicates that under given experimental conditions the formation ofDTPA complex 
in the ACM phase can be suggested as the rate-determining step of the metal transfer process. To 
confirm this hypothesis it was decided to evaluate the rate of transfer of other metal ions through 
ACM containing DTP A. The second series of experiments was carried out with ln3+ and Sn2

\ whose 
extraction constants with DTPA have been reported to equallogKe. = 10.22 and 5.45, respectively.11 

The flux values calculated for In3+ and Sn2+ from the respective experimental data on transport of these 
metal ions through the ACM are also given in table 1. As seen, the direct proportionality between flux 
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and extraction constant values is observed for metal ions studied in the second series of experiments. 
This testifies to the validity of the above hypothesis. 

Selective transport of Zn2
+ versus Ae+, Cal+. Mg2

+ and Mnl+. 

The experiments on separation of Zn2+ from non-extractable by DTPA10
• 

12 metal ions like 
Ae+, Ca2+, Mg2+ and Mn2+ using DTPA-ACM were carried out on membrane sample prepared with 
500 mM DTP A casting solution. The concentration of each metal ion in the mixture in the feed was l 
mM (in presence of 2.2 mol/dm3 NaCI at pH= 2.0). One of the typical extraction-re-extraction-time 
histories obtained in this series of experiments is shown in figure 4 . As seen, highly selective 
transport of Zn2

+ is observed within the whole experiment (3 hours) that allows for recovering high 
purity (-100%) zinc from the stripping solution. The efficiency of separation process can be easily 
improved by using more effective membrane unit, such as, for example, hollow fibre modulus. 
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Figure 4. Extraction-reextraction time histories 
for Zn2
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Figure 5. Zinc flux as a function of cycle number for 
ACMcontaining0.5 MDTPA 

Finally, figure 5 shows the results on the experimental evaluation of the stability of ACM 
sample used in this study. The results shown here were obtained with 7 sequential experiments on zn+ 
transport from feed solution containing l mM of Zn2+ through the ACM sample prepared with 500 
mM DTP A casting solution. As seen, the flux through the ACM under study remains practically 
constant within all transport cycles carried out that testifies to the high stability of DTPA-ACM and 
indicates their applicability in the long-term separation experiments. 
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ABSTRACT 

THE USE OF A PVC-BASED ALIQUAT 336 
MEMBRANE TO EXTRACT Cd(II) AND Cu(II) FROM 

CHLORIDE SOLUTIONS 
Lijuan Wang\ Rohani Paimin\ Robert W Cattrall2 and Spas D 
Kole~ 
1Chemical Sciences, School of Life Sciences and Technology, 
Victoria University of Technology, P.O. Box 14428, MCMC, 
Melbourne, 8001, Australia 
2Centre for Scientific Instrumentation, LaTrobe University, 
Bundoora, Melbourne, 3083, Australia 

Aliquat336 (R3CH~Cr) extracting agent has been used to prepare PVC-based Polymer Membranes (PLMs). These 
membranes were used in the extraction of Cd(II) and Cu(II) from hydrochloric acid solutions. The membrane showed a 
higher extraction capacity for Cd(II) than for Cu(II). The extraction of Cd(II) was found to be greater for thicker 
membranes and for membranes of higher Aliquat336 content. The diffusion coefficients, Ds, for the Cd(II) complex 
(R3CH~CdCh") for 30%, 40% and 50% (rnlm) Aliquat336/PVC compositions, were 0.8 x 10·13

, 4.0 x 10·13
, and 8.0 x 10· 

13 m2s·1 respectively. Due to the extremely small extraction of Cu(II), the diffusion coefficient of the corresponding complex 
could not be reliably calculated. 

Keywords: Aliquat 336, polymer inclusion membrane, copper, cadmium 

INTRODUCTION 

Liquid membrane separation techniques have become increasingly important in the separation 
of metals. Liquid membrane systems consist of a liquid barrier between a feed and a strip phase. The 
main types of liquid membrane systems are; bulk liquid membranes (BLM), emulsion liquid membranes 
(ELM), supported liquid membranes (SLM), gelled supported liquid membranes (GSLM), and polymer 
liquid membranes (PLM). 

The work reported here made use of the PLM. These membranes are self-supporting 
membranes containing a commercial extractant, Aliquat 336, immobilised in a polymer matrix, 
poly( vinyl chloride) (PVC). This type of membrane has been used successfully in the extraction of gold 
(III) from hydrochloric acid solutions in the presence of a 500-fold higher concentration of copper (II).1 

It has also been shown previously that the rate of loss of the liquid membrane phase components from 
the PLM was minimal and the membrane exhibited sufficient mechanical strength to enable it to be self
supporting I A PLM extraction system is a 'solvent-less' extraction system, thus giving it an added 
advantage as disposal of any solvent is eliminated. The membranes also require a small amount of the 
extractant or reagent, thus, are economically sound. 

In this work PVC/Aiiquat336 membranes were used to extract Cd(II) and Cu(II) from 
hydrochloric acid solutions. The extraction capacity of the membrane towards these metals was studied. 
The effects of extractant compositions in the membrane and membrane thickness were also investigated. 

EXPERIMENTAL 

Reagents 

Aliquat 336 (Fluka), R3MeN'Cr, was obtained as a mixture of quaternary ammonium chlorides 
and was used as received. High molecular weight poly(vinyl chloride) (Fiuka, Selectophore) was used 
for membrane preparation. Tetrahydrofuran (THF), HPLC grade from BDH, was further purified 
by passing through an activated alumina column to remove stabilisers and peroxides before use. 
Hydrochloric acid (HCI), cadmium chloride (CdCiz.H20) and cupric chloride (CuCiz.2H20) were 
analytical reagents from BDH. Cd(II) solutions of various concentrations were prepared in 2.0 mol/drn3 
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HCl and Cu(II) solutions of various concentrations were prepared in 3.0 molldm3 HCI. Cd(II) and 
Cu(II) standard solutions for atomic absorption spectrometry measurements were prepared from I 000 
mg/dm3 spectroscopic standards (BDH Spectrosol). 

Membrane Preparation 

The membranes used in this study were prepared by dissolving a mixture of known amounts of 
Aliquat 336 and PVC in 5 - 10 cm3 ofTIIF. The homogeneous solution obtained was then poured into 
a glass ring on a flat glass plate. The 1HF was allowed to evaporate slowly over 12 hours to yield a 
colourless, flexible, transparent and mechanically strong membrane. The composition of the membrane 
was expressed in mass percentage of Aliquat 336 in the membrane (%m/m). The membrane was then 
removed from the glass plate and used for the membrane extraction study. Membranes containing 30%, 
40% and 50% Aliquat 336/PVC (m/m) were prepared. Membranes of Aliquat 336 content higher than 
50% were soft and sticky and mechanically too weak to be used for the extraction experiments .1 

Measurement of Membrane Thickness 

The measurement of the membrane thickness was carried out using a microscope (ISSCO 
SZM-4). The membrane was cut as a square piece (54 mm2

} and then vertically mounted on a glass 
slide for the microscope measurement. 

Membrane Extraction Procedure 

Membrane extraction studies were carried out in a two-compartment1 cell that was 
therrnostatted at 25°C in a water bath. Each compartment had a volume capacity of 60 cm3

. The 
membrane was sandwiched between the two compartments. The stirring rate of each compartment was 
kept constant throughout the experiment. An aqueous solution of the same composition was placed in 
each compartment for the Cd(II) and Cu(II) extraction studies. The extraction of the metal was 
monitored by taking 1 cm3 aliquots from each compartment at regular time intervals and the metal 
concentration was analysed by AAS using a GBC Model 902 spectrometer. The solution removed was 
replaced with an equal volume of fresh metal solution. 

RESULTS AND DISCUSSION 

The Effect of Membrane Compositions on the Extraction of CdQI) and Cu(II) 

The results for the extraction of Cd(II) and Cu(II) using membranes of various compositions 
are shown in figures 1 and 2 respectively. The extraction of the metals was followed by monitoring the 
decrease of the averaged metal concentration in both compartments of the cell . 
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Figure 1. Aqueous Cd(II) concentration vs. 
extraction time for various membrane 
compositions ((..i.) 30, (e) 40, c•> 50% 
Aliquat 336/PVCmembranes). 
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In the extraction of Cd(TI) (figure 1), for all the membranes used, it was found that the higher 
the concentration of Aliquat 336 in the membrane, the better was the extraction. In the case of the 50% 
Aliquat 336/PVC membrane, more than 50% of the metal was extracted by the membrane after 20 
hours of contact. 

A decrease in the concentration of Cu(II) with time was also observed for the Cu(II) extraction 
system, although the decrease was extremely small. Figure 2 shows that only about 10% of Cu(II) was 
extracted into the membrane after 20 hours of contact time. It was also found that the extraction 
capacity of the membrane for the Cu(II) metal was independent of the Aliquat 336/PVC composition. 
This is shown by a similar extent of extraction for both 30% and 40% Aliquat 336/PVC membranes 
(figure 2). 

The effect of membrane thickness 

Membranes of the same chemical composition but different in the thickness were studied for the 
extraction of Cd(II) system. Figure 3 shows the greater decrease of the Cd(II) concentration for the 
thicker membrane (279~) which is indicative of a better extraction of the metal by this membrane 
than by the thinner membrane (82~) . Similar results were also observed for the extraction of Au(III) 
from chloride solutions using various Aliquat 336/PVC compositions. 1 
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• • 

... 
• 

... 
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Permeation of Cd(II) and Cu(II) Through the PLMs 

Figure 3. The effect of membrane thickness on the 
extraction of Cd(Il). (30%(rnlm) Aliquat 336/PVC 
membrane, initial Cd(Il) concentration was 100 
mg/L, membrane thickness: (A) 82Jlm and (e) 

279Jlm). 

The ability of the Aliquat336/PVC membranes to transport Cd(II) and Cu(II) was measured by 
conducting experiments in which the feed solutions contained the metal of interest and the strip phase 
contained a low concentration ofHCl solution. For the Cd(II) system, the feed solution contained 114 
mg/dm3 ofCd(II) in 2.0moVdm3 HCl and the strip phase contained 0.05 moVdm3 HCI. Figures 4 and 5 
show the permeation results for the Cd(II) and Cu(II) systems, respectively. 

uor--------------------, 
~100 \. 
8 so 
a ••• 
'" 60 
§40 

•• 
"0 
~20 • • 

• • 
• 

• • 
0--*-~··~·~+-~~-+-+-+--1-~+-+--+--+-+-4 
oro20~40~60mso~~muo~~~~~ 

1lme(hour) 

Figure4 Permeation experiment 
result for the Cd(II) system. 
(membrane composition: 40% 
(rnlm) Aliquat 336/PVC; Initial 
Cd(Il) concentration was 114 
mg/dm3 in 2.0moVdm3 HCI in 
the feed phase; 0.05moVdrn3 

HCI in the strip phase; (A) 
Cd(II) concentration in the feed 
phase, ( •) Cd(II) concentration 
in the strip phase. 

The effectiveness of the transport of Cd(II) through the membrane was characterised by the flux (Jed, 
equation 1) 

Jed = (V,trpi'S)(~CcJ~t) (1) 
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where V strp is the volume of the strip solution, S is the membrane surface and ~Ced is the concentration 
difference for the time interval ~t. 
The Jed was calculated as 5.77 x 104 g.cm·2 s·1 at time of20 hours. 

The Cu(II) permeation results are presented in figure 5. The leu at 20 hours was calculated by 
equation l as 2.93 x 104 g.cm·2 s·1 which is similar in value to JCd. This result shows that the factor 
responsible for the much lower extraction of Cu(II) into Aliquat336/PVC membranes compared to 
Cd(II) is the small extraction constant rather than a slow diffusion of the corresponding Cu(II)
Aliquat336 complex. 

100~-----------------------------------. 

.... .. 
"SIJ 80 •• 
E 
~ 60 • • • .. 
§ 40 

• • • • • • • 
§.. 20 •• 

o~·~·~~-+--~~-+--~~-+--~~-+--~~ 

• • • 

0 50 100 150 200 250 300 350 400 450 500 550 600 650 700 

Time (hour) 

Figure 5 Permeation experiment 
result for the Cu(II) system. 
(membrane composition: 40% 
(rnlm) Aliquat 336/PVC; Initial 
Cu(II) concentration was 100 
mg/dm3 in 3.0moVdm3 HCl in the 
feed solution; 0.10 moVdm3 HCl 
in the strip solution; (.a.) Cu(II) 
concentration in the feed solution, 
(e) Cu(II) concentration in the 
strip solution. 

Mechanism for the Extraction of Cd(IIl Using Aliguat 336/PVC Membrane. 

In a previous study of the solvent extraction of Cd(II) and Cu(II) from hydrochloric acid 
solutions using Aliquat336 in Shellsol AB/ it was proposed that the extraction involved an interfacial 
mechanism. It consists of a fast ion-exchange reaction between the Aliquat336 at the aqueous/organic 
interface and the anionic chloro species, CdCh- or CuCh-, to form extractable ion-pairs which then 
diffused into the bulk organic phase and were replaced at the interface by fresh Aliquat336. A similar 
mechanism was also proposed for the solvent extraction of Cd(II) and Cu(II) using Aliquat336 
dissolved in chloroform.3 By analogy, the same mechanism has been assumed for the Aliquat336/PVC 
membrane extraction system. In this case, both the chemical kinetics and diffusion processes were taken 
into account. 

Mathematical model for the extraction of gold (III) into Aliquat336/PVC membranes based on 
the mechanism mentioned above was developed previously and experimentally verified. 1 The same 
model was used in this study. Figure 6 shows the best fit between the experimental data and the model. 

120 -~ 100 

E 80 
'-' ........, 

60 -.... .... 40 ---"0 
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0 
0 20 40 60 
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80 100 

Figure 6. Experimental (•) 
and theoretically calculated(-) 
aqueous Cd(II) concentration vs. 
extraction time for various 
membrane compositions (Initial 
aqueous Cd(II) concentration 
was 120 mg/dm3 for 30%(m/m) 
Aliquat 336/PVC and 100 
mg/dm3 for 40% and 50% 
(rnlm). 

The values of the model parameters (D: the diffusion coefficient, kr : the forward kinetic rate 
constant, kb: the backward kinetic rate constant and Kex: the extraction equilibrium constant) which 
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correspond to the best fit (figure 6) are presented in table I. These values show that the extraction 
mechanism was governed by both the chemical kinetics and the diffusion within the membrane. 

Membrane composition in D8 x 1013 kr x 109 k\ X 109 Kex 
% Aliguat336/PVC {rnlm~ (m2s-I} (m4mol"1s-1

) {m s"1
) (m3 mol"1

} 

30 0.8 1.5 3.7 0.41 
40 4.0 1.5 3.3 0.45 
50 8.0 1.7 1.7 1.00 

Table 1. Values of D, kr, kb and Kex obtained by fitting the model to the experimental Cd(II) data shown 
in figure 6 

The result shows that D8 increases with increasing Aliquat 336 concentration as a result of decreasing 
membrane viscosity4 The values ofl<ex obtained for membranes containing less than 50% Aliquat 336 
were close to each other, but the value for the highest Aliquat 336 concentration (50%) was almost 
double. This indicates that the properties of the membrane alter considerably at Aliquat336 
concentrations higher than 40%.4 

CONCLUSION 

From this study, the Aliquat 336/PVC membrane showed a higher extraction capacity to Cd(II) 
compare to Cu(II). The extraction capacity of the membrane for Cd(II) was found to be dependent 
upon the thickness and the Aliquat 336 content of the membrane. The extraction equilibrium constant 
values were similar for membranes containing Aliquat 336 less than 50% but almost double for the 
membrane of 50%. 
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ABSTRACT 

SEPARATION OF ESTERS OF POLYUNSATURATED 

FATTY ACIDS BY BULK LIQUID MEMBRANE WITH 

A POROUS PARTITION 
Susumu Nil, Ri-e Yokosawa and Katsuroku Takahashi 
Department of Chemical Engineering, 
Nagoya University, Chikusa-ku, Nagoya, 464-8603, Japan 

The 'bulk liquid membrane with porous partition (BLM)' was applied to the separation of esters of such polyunsaturated 
fatty acids (PUF A) as eicosapentanoic acid (EPA) and docosahexanoic acid (DHA) from a mixture of esters of fatty acids. 
By using 2 moVdm3 AgN03 aqueous solution as a membrane liquid, dodecane as a diluent and m-xylene as a recovery 
solution, esters ofPUFA's were successfully separated from the mixture. The transfer experiments of ethyl ester ofDHA 
were performed under various operating conditions. In comparison with the ordinary supported liquid membrane, the BLM 
has realized a stable operation, a high recovery ratio and a high throughput. The comparison of the recovery fractions for the 
porous and the nonporous partitions demonstrated the enhancement effect of 'bulk motion' of the membrane liquid on the 
solute transfer. The effect was quantitatively evaluated from the membrane transfer coefficient. 

Keywords: polyunsaturated fatty acid, bulk liquid membrane, silver nitrate 

INTRODUCTION 

Use of the supported liquid membrane (SLM) suffers from the membrane instability and the 
low transfer rate. The authors have developed a novel operation mode of liquid membrane, which 
enables them a fast and very stable operation.1 That is the 'bulk liquid membrane with porous 
partition (BLM)' . On both sides of the porous partition membrane, two-phase mixtures, consisting of 
a large amount of membrane liquid and the feed or the recovery solution, were placed. The partition 
avoids mixing of the feed and the recovery solution, while the membrane liquid moves across the 
partition. Such a 'bulk motion' of membrane liquid passing through the pore of the partition was 
promoted by the flow of a large amount of membrane liquid. The bulk motion of the membrane liquid 
enhances the solute transfer from the feed side to the recovery side. Another advantage of BLM is 
simplicity in scale-up because the operation is performed with a module. As shown in the previous 
study/ the BLM is effective for the separation of unstable solutes of large molecular weight such as 
Penicillin G. A high recovery fraction for Penicillin G was attained in a short residence time. 

After the report that esters of polyunsaturated fatty acids (PUF A) were extracted with a silver 
nitrate solution by Yazawa and Kageyarna,3 separation of esters of PUFA from a fish oil has been 
attempted by many workers. Teramoto et a/. 4 have shown the extraction equilibria for various 
solution systems and found that silver nitrate acts as a carrier for the uphill transport of ethyl ester of 
EPA in liquid membranes. 5'

6 The emulsion liquid membrane was applied for the separation of esters 
of PUF As by Nakano et a/. 7 and they pointed out the low stability of the membrane. Similarly to 
Penicillin G, PUFA's have large molecular weights and need a rapid separation. Thus the application 
ofBLM is possibly advantageous for effective separation for PUFA's. In the present study, the BLM 
was used for the separation of esters of PUF A's and transfer characteristics of esters of PUF A in BLM 
were investigated. The enhancement effect of the bulk motion of the membrane liquid on the solute 
transfer was also discussed. 

EXPERIMENTAL 

Esters of unsaturated fatty acids used in the present study are ethyl esters of docosahexysanoic 
acid (DHA-Et), eicosapentanoic acid (EPA-Et), a palmitic acid and oleic acid. DHA-Et and EPA-Et 
are kindly supplied from Harirna Chemicals, Inc. and Q.P. Corporation, respectively. The feed 
solution was prepared by dissolving the ethyl esters in dodecane. The membrane liquid was 2 
moVdm3 AgN03 aqueous solution. The recovery solution was m-xylene. The hydrophilic porous 
partition is a cellulose acetate membrane whose pore size is 3J.Lm, the porosity being 0.78. On both 
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sides of the partition, spacer plates having a flow channel pattern shown in (figure 1) were mounted. 
Within the channel, a mesh coated with PTFE was set to enhance the mixing. Experimental setup is 
shown in (figure 2). The organic feed solution was pumped from a reservoir and mixed with the 
membrane liquid just before the inlet of the module, then the two-phase mixture was sent to the 
channel on the feed side. Another two-phase mixture of the recovery solution with the membrane 
liquid was fed to the channel on the recovery side and flowed in parallel with the feed side flow. The 
solute extracted to the membrane liquid in the feed side channel is transferred from the feed to the 
recovery solution across the porous partition, then was stripped into the recovery solution. 

After leaving the module, the two-phase mixture was separated to aqueous and organic 

channellenglh : 580 

Fig. I Detail of flow channel 

l ~---~----;orous memb. 

: : sample 
L--Q 

p P L: leveler 

org. feed so ln. P: pump org. recovery soln. 

Fig.2 Schematic diagram of experimental apparatus 

phases. Then the membrane liquid separated at each side was sent to the opposite side. A small 
amount of feed and recovery solutions was sampled and the concentration of esters was measured. 
When the supply of membrane liquid is stopped, the membrane liquid in both side channels flows out 
with a feed or recovery solution, while in the pore the partition, the membrane liquid stays 
quiescently. Thus the module works as a SLM contactor. The concentration of esters of fatty acids 
was determined by a gas chromatograph with a FID detector. 

RESULTS AND DISCUSSION 

To examine whether the aqueous solution of AgN03 acts as a liquid membrane and the porous 
partition inhibits the mixing of the feed and the recovery organic solutions, the experiment was carried 
out for the separation of PUF A-esters from the mixture of fatty acid esters. Table I shows the 
concentration of fatty acid esters at the feed inlet and that at the recovery outlet. The feed solution 
was prepared as a model fish oil. Esters of oleic and palmitic acids were not observed at the recovery 
outlet, which demonstrated that AgN03 solution works as a selective membrane separation system for 
PUF A-esters. The analysis of feed or recovery outlet solutions demonstrated that either dodecane or 
m-xylene was not observed in the opposite side, which indicates that no leak of the organic solutions 
across the partition occurs. 

DHA-Et 
EPA-Et 
Oleic acid-Et 
Parmitic acid-Et 

CF in [kmol/m ] 
0.032 
0.017 
0.02 
0.02 

CR.out [kmol/m ] 
0.019 
0.004 

undetected 
undetected 

Table 1 Composition offatty acid esters in feed and recovery solutions for separation of 
PUFA-Et in BLM 
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The transfer characteristics of PUF A-esters in BLM were studied for one component system. 
The dodecane solution ofDHA-Et was used as the feed. The recovery fraction of the solute, which is 
given by the equation, was measured under various operating conditions . 

R = (CF.in - CF,out)/CF,in 

0.8 

0:: 0.6 
s::::' 
0 
'8 
<tl 0.4 
~ 

c 
Q) 
::. 0.2 
§ 
0:: 

UF (=UR) 

[m/s] 

<> 0.01 
0 0.016 

83 1:!. 0.021 
83 0.035 

0.01 0.02 0.03 0.04 0.05 0.06 

UM (m/s] 

Fig.3 Effect ofuM on recovery fraction 

(1) 

Figure 3 shows an effect of the velocity of the liquid membrane, UM, on the recovery fraction. 
When the membrane liquid is not pumped, the apparatus works as a SLM contactor. The fraction 
significantly increases with increasing UM, as a result of the increase of the transfer coefficient of the 
membrane liquid, which will be discussed later, and the increase of overall capacity coefficients on 
both sides. High recovery fraction of 0.7 is achieved at U~0.045mls which is about three times 
larger than the organic phase velocity (UF=UR=O.Ol6m/s), wherein the residence time of the organic 
feed solution is only 36 seconds . As was shown in R for Ur UR=O.Olm/s, more effective separation is 
possible by changing the ratio of velocity of the aqueous and organic phases . No emulsification or 
degradation of the membrane liquid was observed during the operation. 

Figure 4 shows the effect of organic phases velocity on the recovery fraction for BLM and 
SLM. The recovery fraction for BLM decreased with the organic phase velocity owing to a decrease 
of the residence time for the extraction in the feed side. Significant difference was observed between 
the SLM and the BLM. In the SLM, where U~O, the solute transfer rate is controlled by the rate of 
molecular diffusion driven by the concentration difference between the both sides. In the BLM, three 
modes contribute to the solute transfer from the feed to the recovery side. One is the transfer by the 
bulk motion of the membrane liquid. The second is a molecular diffusion in the membrane liquid. 
The third is the circulation of the membrane liquid containing the solute from the feed side to the 
recovery side. In this way, for the solute of large molecular weight, the transfer rate is significantly 
enhanced in the BLM. 

Replacement of the porous membrane by a non-porous film limits the solute transfer to the 
circulation of the membrane liquid. In the figure, the closed key shows the recovery fraction for the 
nonporous partition. The values are smaller than the BLM operation with a porous partition, which 
clearly shows the effect of the bulk motion of the membrane liquid on the solute transfer. 

The effect of the bulk motion of the membrane solution on the solute transfer is evaluated 
from the membrane transfer coefficient, k8 . When a mass balance for the solute transfer from the feed 
to the recovery side is written in the differential section of the module, 1 we have: 

- h d(U84FCaqF) I dl = ka (C84F- CaqR) + v CaqF (2) 

where h is a channel depth and v the apparent velocity of the membrane liquid across the pore of the 
partition. Since dUF is equal to -v dllh, equation 2 reduced to : 
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- h UaqFdCaqF / dl = ka (CaqF- CaqR) 

By solving the equation, ka is obtained as follows. 

kB = v In [UaqRin UaqFin ! {(UaqFin + UaqRin )CaqFout- UaqFin CaqFin }] 

In { UaqRout UaqFin ! (UaqFout UaqRin}} 

:c 

0:: 

0.7 
D BLM 

0.6 e nonporous 
partnion 

0.5 0 SLM (uM=O) 
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0.1 
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Fig.4 Effect ofUR (= UF) onR 

(3) 

(4) 

The contribution of the bulk motion of the membrane liquid on the solute transfer rate 
depends on the pore properties of the partition such as porosity and the pore structure. The partition 
having larger pore size and porosity, and also lower tortousity should be effective to enhance the bulk 
motion of the membrane liquid. The strength of the bulk motion can be evaluated with the value of 
ka. For the partition used in the present study, the value of ka was measured by the apparatus shown 
in (figure 5) in which the same module was used but the membrane liquid flows in a one path. To 
examine the transfer of solute in the membrane liquid from the feed to the recovery side, the copper 
ion was used as a solute in place of the complex of PUF A-Et. Two-phase mixture of an aqueous 
solution of copper chloride and dodecane flows in the feed side. While in the recovery side, a mixture 
of deionised water and m-xylene was supplied. The outlet concentration of copper ion in the aqueous 
phase was analyzed by atomic absorption spectroscopy, and the amount of solute transferred by a bulk 
motion of a membrane liquid and a molecular diffusion was given. The value of ka was derived from 
Equation (4). From the plot of ka vs. U M2.v shown in (figure 6), the following correlation for k8 was 
obtained. 

(5) 

where U Mav is average velocity of the membrane liquid comes out from feed and recovery side. The 
dashed line shows a correlation obtained in the previous study for the hydrophobic porous 
polypropylene, whose porosity is 0.45 and 0.4x0.04,urn being pore size. From the SEM observation, 
the pore structure is quite different between the present partition and the previous one. It seems the 
pore of the present partition is straighter than that of the previous partition. The value of ka for the 
present partition is higher than that for the previous one. Furthermore the dependence of UM.av on ka 
for the present partition is stronger than that for the previous one. The fact clearly shows that the pore 
properties have a significant effect on the membrane transfer coefficient which indicates the strength 
of the bulk motion of membrane liquid. 
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Fig.5 Apparatus for mesurement of k8 

NOMENCLATURE 

v 

concentration 
channel depth 
membrane transfer coefficient defined by Equation(4) 
channel length 
recovery fraction defined by Equation( l) 
liquid velocity 
average velocity of membrane liquids comes out from 
feed and recovery side 
apparent velocity of membrane liquid across partition 

Subscripts 
aq aqueous phase 
in inlet 
org organic phase 
out outlet 
F feed side 
M membrane liquid 
R recovery side 
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ABSTRACT 
Pertraction of phenol through a layered bulk liquid membrane (BLM) and through BLM in a hollow fibre (HF) contactor has 
been studied. Three liquid membranes with dialkylamine, trioctylamine and trialkylphosphine oxide (Cyanex 923) carriers 
and pure n-alkanes have been tested. The membrane with Cyanex 923 was found to give the highest fluxes in phenol 
pertraction through the layered BLM. The proposed model of pertraction through layered BLM describes experimental data 
well and permits a better understanding of the behaviour of the systems studied. Kinetics of the stripping reaction have to be 
studied closer. The overall mass-transfer coefficient in the HF contactor with trioctylamine carrier is independent of the feed 
concentration and increases with increasing pulsation velocity of the membrane and the feed velocity in the fibre lumen 
approaching a steady value at 7.5 mm.s-1 and 6 cm.s-1, respectively. 

Keywords: bulk liquid membranes, pertraction, hollow fibre contactor, phenol, trioctylamine, Amberlite LA-2, Cyanex 923 

INTRODUCTION 

Phenol is a toxic compound present in waste-waters and process solutions formed in various 
industries, e.g. processing of coal tar, manufacture of phenol and its processing to resins. Solvent 
extraction with various solvating and basic reagents is usually considered as a suitable method of 
phenol recovery. 1

•
2 

Membrane processes can be now considered as an alternative route of phenol recovery or 
removal, especially from dilute solutions, both by pertraction through liquid membranes3-<~ and 
membrane based solvent extraction.7

•
10 These methods are also suitable to recover other organic 

pollutants and various biochemicals.3
•
8

•
9 

The aim of this work was to evaluate carriers for pertraction of phenol and the study of mass 
transfer of phenol through layered bulk liquid membrane and BLM in a hollow fibre contactor. The 
former can be considered as the first step before more comprehensive studies in the hollow fibre 
modules. 

THEORETICAL 

The following assumptions were taken into account in the development of a mass-transfer 
model in the two compartment cell with a layered bulk liquid membrane: 11 

(i) fast chemical reactions of formation and decomposition of the complex phenol-carrier on 
interfaces, which means that the diffusional mass-transfer in boundary layers is decisive; 

(ii) all three phases are well mixed and hydrodynamic conditions at both interfaces in the 
membrane are identical so kMF = kMR = kM ; 

(iii) equilibrium at both interfaces; 
(iv) constant volume of the feed, membrane and the stripping phases; 
(v) concentration of undissociated phenol in the stripping solution at the interface RIM is 

practically zero, what means that the concentration of the complex in the membrane at the 
strip interface is close to zero, as well. 

The resulting model equations are as follows: 

dcF - kFkM~(DrFcF- eM) 

dt - ~(kF + kMDrF) 
(1) 
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(2) 

(3) 

(4) 

Mass-transfer in the HF module is discussed in papers4
•
12 and in this proceedings.6 

EXPERIMENTAL 

Components of the membrane phases 

Trioctylamine (TOA, Fluka), dialkylamines (Amberlite LA-2, with C12 and C 13 alkyl groups, 
Fluka) and trialkylphosphine oxides (Cyanex 923, with C6 and C8 alkyl groups, Cytec) were used as 
carriers in n-alkanes (dodecane fraction Cw- Cn, Slovnaft, SK) as a diluent. Composition of the 
membranes and their characteristics are shown in table 1. 

Membrane phase D, J.M. l 06 D.IOIO D,.D. l010 

m2·s·l mz·s-J mz·s·J 

M1- 0.4 M TOA 1.2 2.03 3 .8 4.56 
M3 - 0.4 M Cyanex 923 42 2.30 4 .7 197.4 
M4 - 0.4 M LA-2 2.2 2.22 
M5 - n-alkanes 0.12 1.60 14.2 1.7 

Table 1 Distribution coefficient of phenol, D" (at cr 0,8 g/dm3 and pHF = 4), kinematic viscosity 
and diffusion coefficient of the carrier-phenol complex (1:1) or phenol (inn-alkanes), D, 
for the membrane phases at 25°C. Diluent used was an n-dodecane fraction ofn-alkanes 

The feed was an aqueous solution with 1 g/dm3 of phenol, if not otherwise stated, and 0.1 
moVdm3 Na2S04 with pH = 1.2 to 6.0 adjusted with the addition of H2S04 or NaOH. A solution of 
0.05-2 moVdm3 NaOH in water was used for stripping. 

1 

Figure 1. Scheme of a two-compartment 
pertraction cell . 
F - feed, M - membrane phase, R - stripping 
solution, 
1 - sampling ports, 2 - disc mixers, 
3- magnetic Teflon rod mixers . 

A two-cell contactor with a well mixed layered BLM (double Lewis cell) was used to study the 
transport through liquid membranes, as designed earlier, 13 figure 1. The membrane phase was mixed 
with Teflon disc mixers (29 mm in diameter, distance between the centre of disc and the interface was 
12 mm, frequency of mixers around 120 min-1). The aqueous feed and stripping phases were mixed by 
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magnetic stirrers with a frequency of 95 min-1• The measurements were carried out at a temperature of 
25°C. Volumes of phases: feed VF= 310 cm3

, membrane VM= 90 cm3
, stripping solution VR = 130 cm3 

Interfacial areas: AF = 21.53 cm2
, AR= 20.19 cm2 

A hollow fibre contactor of own construction PV20 for pertraction has been used.12 A more 
detailed description of this contactor is given elsewhere.6 

RESULTS AND DISCUSSION 

The distribution of phenol between the membrane and aqueous phase depends on the extractant, 
the acidity of the aqueous phase and the phenol concentration in the feed. For 
n-alkanes (M5), and solvents Ml or M4 the distribution coefficient does not depend on the 
concentration of phenol in the aqueous phase, as shown in paper14 for the concentration interval from 
about 0.15 to 0 .9 g/dm3 A strong effect of concentration was observed for Cyanex 923 (M3), figure 
2b. The distribution coefficient does not depend on pH for Cyanex 923, 
( figure 2b), and for Amberlite LA-2 at pH<8, which is well below the value ofpK. for phenol i.e. about 
10. The effect of pH is observed for a solvent containing TOA (Ml) when the distribution coefficient 
sharply increases with decreasing pH values below 4 following the addition of H2S04, figure 2a, 
probably as a result of formation of a mixed complex TOA with H2S04, as previously observed.15 For 
all solvents tested, the value of the distribution coefficient decreases sharply at pH > 9 because of the 
dissociation of phenol, when the phenolate anions do not form complexes with extractants and the 
phenolate anion is not soluble in pure n-alkanes . 
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Figure 2. Distribution coefficient of phenol for solvents: 
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Typical time dependences of phenol concentrations in three phases during pertraction of phenol in a 
two-cell contactor are presented in figure 3. As can be seen from this figure the suggested model 
describes experimental data well. In the case of a solvent with Cyanex 923 an empirical equation for 
the concentration dependence of D, is included in the model. Model parameters, kF and kM, for different 
membranes are shown in figure 4a. 
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Figure 4. Influence of composition of the membrane phases on individual mass transfer coefficients in 
the feed and membrane phases and on the flux density of phenol in pertraction in a two 
compartment contactor. pHFo= 4.0, R: 0.05 moVdm3 NaOH 

The initial flux through the feed interface, JFo , and the maximum flux through the stripping 
interface (at time corresponding to a maximum on the eM dependence), JR, has been estimated from the 
slopes of cF and cR dependences and are presented in figure 4b. The highest overall flux through the 
liquid membrane, represented by JR in figure 4b, was achieved with the carrier Cyanex 923 (membrane 
M3) which exhibits also the highest distribution coefficient, as shown in table I . The permeability of the 
liquid membrane could be in the first approximation represented by the product of distribution and 
diffusion coefficients, D,.D, included in table 1. 

The value of this product for the membrane M3 is one and two orders of magnitude higher 
compared with the membranes Ml and M5, respectively. But this is not completely reflected in 
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differences between flux of the phenol for the membrane M3, which is only 3 and 6 times higher, 
compared with fluxes for membranes Ml and M5, respectively. Moreover the difference between JR and 
JFo increases with increasing value of JR, as can be seen in figure 4b. The mass-transfer coefficient in 
the membrane phase, kM, decreases with increasing flux through the membrane, as shown in figure 4a. 
These facts may suggest the explanation that kinetics of the stripping reaction are responsible for these 
differences, which should be further evaluated. Spontaneous emulsification on the stripping side of the 
membrane with Cyanex 923 has to be considered in the evaluation of this membrane. 

The flux density of phenol through BLM in the HF contactor PV20 proportionally increases with 
the concentration of phenol in the feed. The value of the overall mass-transfer coefficient is independent 
of the concentration in the feed, figure 5. 
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Figure 5. Flux of phenol and overall mass transfer coefficient vs. initial concentration of phenol in 
pertraction in HF contactor with TOA in membrane phase (Ml) . 
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Figure 6. Influence of the velocity of membrane pulsation and of the feed linear velocity in the fibre 
lumen on the overall mass transfer coefficient of phenol in pertraction in a HF contactor with 
TOA as carrier (Ml). a) uF = 6.2 cm.s-1 b) OJw,h = 7.5 mm.s-1 

Pulsation of the membrane phase increases the transport rate which approaches a plateau value at 
the pulsation velocity (product of pulsation frequency and amplitude, OJw,h) of about 7.5 mm.s-1

, as 
shown in figure 6a, with a value of the overall mass-transfer coefficient of about 3. 7.10-6 m.s-1 With 
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increasing linear velocity of the feed in the fibre lumen the overall mass-transfer coefficient increases 
and at about a relatively low velocity of 6 em s·1 a steady value is approached, (figure 6b) . 

NOTATION 

A interfacial area, m2 

c mass concentration, kg.m-3 

D diffusion coefficient, m2·s·1 

D, distribution coefficient, -
J flux density, mol.m-2.s-1 

k individual mass-transfer coefficient, m.s-1 

K overall mass-transfer coefficient, m.s·1 

V volume, m3 

u linear velocity in fibre lumen, m.s-1 

time, h 
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v kinematic viscosity, m2·s·1 

Indices 

F feed phase, interface on the feed 
side F/M 

M membrane phase 
o initial value 
R 

* 

stripping solution, interface on 
the strip side MIR 
equilibrium value 
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ABSTRACT 

RECOVERY OF SILVER TRACES FROM ELECTRONIC 

WASTES 
G Durand, D Pareau and K Ennassef 1 

Laboratoire de Chimie et Genie des Procedes, Ecole Centrale Paris, 
92295 Chatenay-Malabry Cedex, France 
1Present address: Faculte des Sciences, Universite Moulay Ismail, 
Meknes, Maroc 

A process for recovering silver from wastes of silvered copper wires has been studied. The difficulty is to separate minor 
amounts of silver (I%) from large amounts of copper (99%). Selective extraction of silver by Cyanex 471X has been 
studied. A continuous process has been devised to separate silver (stripping solution) from copper (raffinate) using a 
surfactant liquid membranes to produce a highly concentrated solution of silver. 

Keywords : surfactant liquid membrane, silver, copper, Cyanex 471X, surfactant ECA 4360, Span 80, silvered copper wires 

INTRODUCTION 

The aeronautic industry uses silvered copper wires. These copper conductors are silvered for 
two purposes: first to protect wires from corrosion, secondly for conduction of high frequency 
currents. Wastes generated during coated-wire preparation and wastes from end of life materials may 
be collected to recover silver which is the most valuable product. The difficulty is that the silver 
concentration is about 1% (w/w) of the copper; so recovery of silver needs a very selective process to 
produce a concentrated solution for electrochemical recovery. 

EXPERIMENTAL 

Reagents: 

Cyanex 471X (TffiPS > 95 %) from Cyanamid and D2EHPA (from Sigma) were used as 
extractants. Span 80 (2% rn/m) from Fluka or ECA 4360 (4% w/w) from Exxon were used as 
surfactants. Technical grade dodecane mixed with small amounts (5% v/v) is used as diluent for 
solvent extraction, and without octanol for surfactant liquid membrane extraction. All other chemicals 
are of analytical grade. 

Procedure and aoparatus: 

Experiments were performed at 25°C. Cyanex 471X was purified according to Rikelton and 
a!. 1 Emulsification was carried out by an Ultraturrax T25 ( 13500 r/min, 5 min). The electrocoalescer 
was supplied by Micronics System and the corresponding cell was built in the laboratory. A 
laboratory pulse column (h = lm, dv = 2.5 em, 40 plates, disks and crowns, 25% free area) was used 
for SLM extraction. Determination of silver and copper were carried out with an atomic absorption 
spectrometer (Varian SpectrAA 300P). 

RESULTS AND DISCUSSION 

Solvent Extraction 

Selective silver extraction 

Solid silvered wires are leached by concentrated nitric acid so that silver and copper are 
oxidized to their cations Cu2+ and Ag+. This solution is then diluted to a HN03 concentration of0.5 
mol!dm3. The amount of wire leached is calculated so that copper and silver concentrations in diluted 
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solution were respectively 5g/dm3 and 50 mg/dm3
. As the extraction is performed in acidic media 

Cyanex 471X (triisobutylphosphine sulfide, TIBPS) was selected because of its strong affinity for 
silver. Indeed, preliminary experiments showed that Cyanex 471X extracts silver from a Cu 5g/dm3 and 
Ag 50mg/dm3 solution with a separation ratio [Ag]/[Cu]~49.5 . The distribution isotherm [Agj vs [Ag] 

shows that the organic phase is saturated at a [Ag]/[TIBPS] ratio around 0.5 . So AgN03 is extracted as 

AgN03(TIBPS)z similarly to AgCI from chloride media as shown by Abe and al. 2 So the extraction 

reaction is : 

with 
K1 = 0.63 (dm3/mol) (according to Kotrly and ae) 

(AgN03 (TIBPS)z] 
andDAg = [ l 

Ag + + (AgN03] 

Plot of logD vs log[ TIBPS] confirms the stoichiometry of extracted species and gives the value of 

extraction constant, KE = (5.4 ± 0.4) x 107 (moVdm\2
. 

Whatever the concentration between 50mg/dm3 and 10 g/dm3
, copper is not extracted by 

[TIBPS] 5.10-3 moVdm3
. Copper concentration in the organic phase < 0.1 mg/dm3

. (Dcu~ 8.10-5) . 

Silver stripping 

The stripping of silver from the organic phase was examined with different reagents (NH3, 

HN03, P20 74-, S20 /- and SC(NH2h). The most efficient reagent is thiosulfate, but in acidic media it is 
not stable and leads to a precipitate. So we have chosen thiourea (Tu) 0.01 moVdm3 in HN03 0.1 
mol/dm3 Gaspar and al4 have already demonstrated the ability of thiourea to strip silver in acidic media. 
A systematic study of silver stripping with acidified thiourea (Tu) led to the determination of AgTu 
complex stoichiometry (1:1 in the aqueous stripping phase) and to the estimation of the formation 

constant K + = (6.4 ± 0.8)xl06 (mol/dm3
)'

1
. 

AgTu 

So the stripping reaction is : 

AgN0 3 (TIBPS)z + Tu <=> AgTu + +NO) + 2TIBPS 

' [-) ' (Ag] 
Plot of logD Ag + 2log TIBPS vs log[Tu], where D Ag = [Ag] is the stripping coefficient 

confims the stoichiometry 1: 1 of silver-thiourea complex and allows the determination of stripping 
constant Ks = (0.19 ± 0.02) (mol/dm3

)
2 

Small concentrations of copper extracted with silver are also entirely stripped by thiourea. 

Flow-sheet for silver-copper separation 

Because of the very good separation of silver from copper, a flow-sheet comprising 
only two steps, extraction and stripping, without scrubbing, has been calculated (figure 1) 

S (O,O) S(Y ,, Y .,) S(Zm,Z.m) 

~~n i __;,__! I l, • ~--'-----1 ----'----'. m L: 
• 

1 

Extracti on . I t • S tripp in g •- I 
A(X",X '") L(O,O) 

Figure 1. Flow-sheet for silver-copper separation 
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The parameters are : 
S : organic phase flow (dm3/h) 
A: feed aqueous phase flow (dm3/h) 
L : stripping aqueous phase flow (dm3/h) 
X0,X'0 : silver and copper concentrations in the feed solution 
Xn,X'n : silver and copper concentrations in the outflow of extraction 
Y~,Y' 1 : silver and copper concentrations in the outflow ofthe extraction organic phase 
Zm,z'm : silver and copper concentrations in the outflow of the stripping organic phase 
X1,X'1 : silver and copper concentrations in the outflow of the stripping aqueous phase 

The initial conditions are : 
feed solution : 

organic phase : X0 = 50 mg/dm3 

(4 .63xl04 moVdm3) 
X'o = 5 g/dm3 

(7 .87xl0-2 moVdm3) 

[TIBPS] = 5xl0·3 moVdm3 

dodecane-octanol (95 :5) 
stripping solution : 
[HN03] = 0.1 moVdm3 

[Tu] = 10-2 moVdm3 

For silver concentrations we impose that Xn and Zm < 0.1 mg/dm3. 

Extraction step 
Considering the global silver balance [Y1 = NS(Xo - Xn)] and the operating balance for 

a.Y. 
stage i [Yi+l = yl + NS(Xi - Xo)], the equilibria equation is xi = I 2 

KE([S]o- 2Yi) 

witha.=l+ [ -] 
K1 N03 

5.233 

To determine the minimum flow of solvent, the maximum NS ratio is calculated according 
to the previous equations. This lead toNS~ 4.68. 
For copper, owing to the fact that its distribution coefficient varies from one stage to another, we 
must calculate y 'i stage by stage. 
The results obtained are collected in Table 1 

XI yl x2 y 2 x3 y 3 ~ y4 stage 
NS x·~ y'l x ·2 y'2 x·3 y'3 x·4 y'4 required 

1 0.294 49.99 0.0011 0.293 2 
5.000 0.398 5.000 0.598 

2 0 .985 99.98 0.0077 1.954 2 
5.000 0.237 5.000 0.589 

3 2.958 149.89 0.0365 8.764 2 
5.000 0.118 5.000 0.562 

4 11.61 199.98 0.2645 46.436 0.0041 1.041 3 
5.000 0.040 5.000 0.411 5.000 0.595 

4.68 40.88 229.98 7.976 188.07 0 .192 36.67 0.0034 0.866 4 
5 .000 0.0137 5.000 0.0549 5 .000 0.521 5 .000 0.596 

Table 1 Profile of extraction concentrations (mg/dm3) 

It appears that a small number of stages is sufficient, even for NS = 4.68, which allows a highly 
concentrated silver solution. 
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Stripping step 
Considering the global silver balance [X1 = SIL(Y1 - Zm)] and the operating balance for 

stage j [Yi+l = S/L(Zi - Zm)], the equilibria equation is : 

Supposing that [S]o -2Zi ~ [S]0 (credible for L/S>0.25), we have : 

X · 
Z· =l3 J 

J [Tu]0 - Xj 
with 

[s16[N03 ]
0 

13 = Ko = 2.63mol I L 

Values of parameters and number of stages have been calculated in order that silver concentration in 
the organic phase flowing out of the stripping step be< 0.1 mg/dm3

. 

Copper concentration is very low in the extraction outflow(:::; 0.596 mg/dm3 i.e. 5.52xl0"6 

moUdm3
) . So the whole copper is stripped at the first stage and the organic phase outflow does not 

contain copper. Results are collected in Table 2 

(NS,SIL) (1,3) (2,3) (3,3) (4,3) (4.7,3) (1,4) (2,4) (3,4) (4,4) (4.7,4) 

x1 151.5 302.9 454.2 605 .9 696.9 199.98 399.9 59905 799.8 919.7 
x· ~ 1.194 0.819 0.354 0.12 0.04 1.59 1.092 0.472 0.16 0.052 

x2 0.700 1.67 3.003 5.483 7.802 1.285 3.325 7.055 16.14 32.45 

z1 0.232 0.554 1.031 1.817 2.585 0.323 0.836 1.77 4.06 8.156 

z2 0.0009 0.002 0.0004 0.007 0.01 0.0017 0.004 0.009 0.02 0.044 

nl 2 2 2 3 4 2 2 2 3 4 

n2 2 2 2 2 2 2 2 2 2 2 
where n1, n2,number of respectively extraction and stnppmg stages. 

Table 2 Profile of stripping concentrations (mg/dm3
) 

From table 2 it can be seen that silver may be concentrated from 5 mg/dm3 to about 0.5-1 
g/dm3

. The efficiency of separation may be expressed by the global separation factor (SF) : 

([ Ag] I [ Cu ]) outlet 
SF = [ ] [ ] and by the purity percentage of each metal (silver in the outlet of 

( Ag I Cu )inlet 

stripping aqueous phase, copper in the raffinate of extraction). Results are collected in Table 3. 

(NS,SIL) (1,3) (2,3) (3,3) (4,3) (4.7,3) (1,4) (2,4) (3,4) (4,4) (4.7,4) 

SF (x104
) 1.3 3.7 13 .1 51.1 171 1.3 3.7 1.3 50 181 

%Ag 99.22 99.73 99.92 99.99 99.99 99.21 99.73 99.92 99.98 99.98 
%Cu 99.99 99.99 99.99 99.99 99.99 99.99 99.99 99.99 99.99 99.99 

[ Ag]stripping 151 303 454 606 697 200 400 600 800 920 
(mg/dm3

) 

Table 3 Performance of mixer-settler separation 
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It can be observed that silver and copper are efficiently separated and that according to the 
experimental conditions (flow ratio A/0 at extraction and 0/A at stripping), it is possible to recover 
silver in the strip solution between 150 and 920 mg/drn3 These concentrations are slightly too small 
for an efficient electrodeposition of metal with plane cathodes. So we have studied the selective 
extraction of silver by surfactant liquid membranes. 

Surfactant Liquid Membrane Extraction 

As it is planned to recover silver metal by electrowinning, silver/copper separation by 
surfactant liquid membrane has been studied. It is expected to achieve a higher concentration factor 
than in solvent extraction. Many works have been published about liquid membrane extraction of 
cations. s-s 

The physicochemical results of liquid-liquid distribution have been used to determine the 
composition of liquid membrane. So the organic phase was a solution of Cyanex 4 71X in dodecane 
and thiourea was the ligand used for stripping. Span 80 or ECA 4360 were used as surfactant. 
Several values of the volumetric ratios A= Vorgl\'aqand B = Ve>O.Nemui , of the three phases have been 
studied. 

Silver extraction 
The experimental conditions chosen were first : external phase : Ag+ 50 mg/drn3 + HN03 

0.25 mol/drn3
, membrane: TIBPS 1.5xl0-3 molldrn3 + Span 80, 2% (in weight) + dodecane; inner 

aqueous phase: thiourea 0.5 mol/drn3 + HN03 0.5 molldrn3 Kinetics of extraction shows that after 5 
min the equilibria is obtained, but the extraction is not complete (90%). An increase of TIBPS 
concentration increases the amount of extracted silver. With [TIBPS] ;:.: 10 [Ag], the remaining silver 
in the raffinate is negligible. 

Copper/silver extraction 
Selective extraction of silver from a mixture Cu 5 g/drn3 + Ag 50 mg/drn3 has been studied 

under the following conditions : TIBPS 5xl0-3 molldrn3
, inner phase HN03 0.25 molldrn3 +thiourea 

concentration varying from 0 to 1 mol/drn3
. The balance of soluble silver is not 100%, because it 

appears that AgN03(TIBPS) is not very soluble in dodecane. So a part of silver is precipitated on the 
wall of reactor. To avoid this precipitation octanol has been added to dodecane (0-4%). But addition 
of octanol diminishes the emulsion stability. So the extraction of silver is not so good. For this reason 
di-(2-ethylhexyl)phosphoric acid (D2EHP A) was added to replace octanol. In acidic media D2EHP A 
is not an extractant, but only a solvating species (hydrogen bonding) which increases the solubility of 
AgN03(TIBPS). The effect ofD2EHPA was studied in the range of concentration 0-10%. Span 80 
causes large emulsion swelling and a bad decantation. To avoid these phenomena ECA 4360 (4%) 
was used instead of Span 80. Finally we operated under the following conditions: 

outer phase: Ag+ 50 mg/drn3
; Cu2+ 5 g/drn3 in HN03 0.25 mol/drn3 

membrane: TIBPS 2.5 10-2 molldrn3
; D2EHPA 10%; ECA 4%; dodecane 

inner phase: Thiourea 0.75 molldrn3 in H2S04 0.5 molldrn3 + LiN03 0.1 molldm3 

A = 2; B = 11.25. Time transfer: 5 min. Stirring: 300 r/min. 
With these conditions 95% of silver is extracted from the external phase, and 94% is 

stripped. Silver in internal phase is highly concentrated (985 mg/drn3
) with only traces of copper (70 

mg/drn3
) 

CONCLUSION 

This work shows that traces of silver (1 %) may be separated from copper (99%) either by liquid
liquid extraction or by surfactant liquid membrane. Very efficient separation of silver (99 .98%) from 
copper (99.99%) may be achieved by solvent extraction (separation factor "" 180). Silver is 
recovered at high concentration (concentration factor 18.4), allowing a direct electrowinning step. In 
order to increase concentration of silver recovered, surfactant liquid membrane extraction was tested. 
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Its performances are similar to those of solvent extraction, but the process is simpler, then cheaper, 
because only one contactor is necessary to separate traces of silver from copper. 
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ABSTRACT 

RARE EARTHS SEPARATION STUDY 
Deqian Li 
Laboratory of Rare Earth Chemistry and Physics, Changchun 
Institute of Applied Chemistry, Chinese Academy of Sciences, 
Changchun 130022, China 

A review on some new extraction systems of rare earth separation in the Laboratory of Rare Earth Chemistry and Physics, 
Changchun Institute of Applied Chemistry, Chinese Academy of Sciences, is given with I 7 references. The systems 
considered are: (I) new extraction systems for RE separation: Cyanex 272 and Cyanex 302; (II) new extraction systems for 
Sc separation: (1) Cyanex 272 (HBTMPP), (2) Cyanex 302 and Cyanex 301, (3) Stripping of Sc, (4) Role of the different 
components of Cyan ex 302 in Sc extraction and (5) Cyanex 923. 

Keywords: rare earths, Cyanex 301, Cyanex 302, Cyanex 923, Cyanex 272 

INTRODUCTION 

At present the rare earth separation process demonstrated by our laboratory using HEHIEHP 
(marketed as PS07 in China) and naphthenic acid (denote as HA) solvent extraction combined with 
P507 extraction resin and ion exchange chromatography, etc. has been applied widely in China. This 
process provides industrial production of all the individual RE (except Pm) up to 4N or even greater 
purity. 1

-
6 However, the industrial practice indicates that the shortcoming ofPS07 extraction process is 

the high acidities required to strip heavy RE, especially Sc, small separation factors (1.4 - 1.8 ) for 
some RE pairs such as Pr-Nd, Eu-Gd, Y-Er, Yb-Lu, slower extraction rates for heavy RE in HCl 
system, etc. Consequently, to explore some new extractants that possess extracting, stripping, 
separation selectivity and mass transfer properties superior to P507 has been an interesting subject for 
many researchers.7 

This paper introduces briefly what we have been studying on some new extraction systems of RE 
separation in recent years. 

NEW EXTRACTION SYSTEMS FOR RARE EARTH SEPARATION 

Cyanex 272 systems,9 

Bis(2,4,4-trimethylpentyl)phosphinic acid (HBTMPP), the active component of commercial 
extractant Cyanex 272, has a similar structure to di(2-ethylhexyl)phosphinic acid (H[DEHP]). With 
two alkyl groups attached to the phosphorus atom, the pK. of extractants increase in the order HDEHP 
< HEHIEHP < HBTMPP or H[DEHP], which is consistent with the decreasing order of extraction and 
stripping acidity HDEHP > HEHIEHP > HBTMPP or H[DEHP]. Extractants with more highly 
branched alkyl chains attached to the P atom than those of H[DEHP], HBTMPP will probably show 
higher selectivity for separating RE including Sc. 

Figure 1 shows that the extractability for RE with HBTMPP increases with the increase in 
atomic number, and the slopes of the Jog D plot against pH for all RE are about 3, which indicates 3 
moles of hydrogen ions are released as one mole of RE(III) is extracted at lower aqueous acidity. The 
separation factors of adjacent RE(III) are given in Table 1, and the average separation factors (13z Z+I) is 
3.24, which is superior to P507 extraction system. The average separation factors of extracting mixed 
RE with Cyanex 272-Kerosene from HCl or HN03 solutions are consistent with those in Table 1. The 
stripping properties of Cyanex 272 loaded mixed heavy RE are shown in Figure 2, and the stripping 
curves mean that there are two extraction mechanisms of RE(III). The stripping coefficients of 
RE(III) in a single stage are about 87% and 92% by 1.5 mol!dm3 HCI or HN03 solutions respectively, 
it indicates that the stripping efficiency ofCyanex272 is considerably superior to P507 system. 
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Figure 1 Effect of equilibrium pH in aqueous phase on the extraction ofRE(III) with HBTMPP 
RE(III) = 4.0 x 104 mol/dm3

; [HL](ol =2.0 x 10·2 mol/dm3
, t= 25°C 

Ce Pr Nd Sm Eu Gd 1b Dy Ho y 
La 11.7 39.7 51.4 679 910 1052 3389 6515 14525 23388 

Ce 3.39 4.39 58.0 77.8 89.9 290 557 1241 1998 

Pr 1.30 17.1 23.0 26.5 85.4 164 366 590 

Nd 13.2 17.7 20.5 66.0 127 283 455 

Sm 1.34 1.55 4.99 9.59 21.4 34.4 

Eu 1.16 3.72 7.16 16.0 25.7 

Gd 3.22 6.19 13.8 22.2 

1b 1.92 4.29 6.9 

Dy 2.23 3.59 

Ho 1.61 
y 
Er 
Tm 
Yb 
Lu 

Table 1. Separation factors ofRE(III) in the system ofHB1MPP-HCI 

- . 80 • 

70 

o.s \ .II I.S 1. .0 ·1.0 

rdiL 

Er Tm 
28056 74655 
2397 6379 
707 1882 
546 1453 
41.3 110 
30.8 82.0 
26.7 71.0 
8.28 22.0 
4.31 11.4 
1.93 5.14 
1.20 3.19 

2.66 

Figure 2 Stripping curves for heavy rare earths (III): I. HCI; 2. HN03 
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Yb Lu 
179077 236073 
15301 20171 
4515 5952 
3486 4596 
264 347 
197 259 
170 224 
52.8 69.7 
27.5 36.2 
12.3 16.2 
7.66 10.1 

6.38 8.41 
2.40 3.16 
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Cyanex 302 system10
-

11 

Thiosubstituted organophosphorus compounds have been studied widely for analytical 
applications and hydrometallurgical processes. According to Pearson's Hard-Soft Acid-Base (HSAB) 
principle, sulfur substitution of organophosphorus reagents is generally considered to have high 
efficiency on the extraction of most soft and borderline metals such as Pd(II), Pt(II), Cd(II), Ag(I), 
Co(II), Ni(II), Cu(II), Zn(II), etc. However, less work has been conducted on the extraction of "hard 
acid" metals such as lanthanides, Sc(III), Zr(IV), Th(IV), etc. More recently, the extractants Cyanex 
302 and Cyanex 301, which are the respective the monothio- and dithio- analogues of Cyanex 272, 
have been commercially available from Cyanamid (CYTEC) Canada Co. A series of papers 
concerning the extraction of Zn(ll), Co(II), Ni(II), Cu(II),Fe(III), etc. with these reagents have been 
published. Here theRE extraction with raw and purified Cyanex 302 (denote HBTMPTP, HL) from 
mineral acid solutions is discussed systematically. 

2 

1- S js,,...~l 
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c 
.!!! 
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rlf 

Figure 3 Effect of pH values on the extraction ofRE(lll) from nitrate solutions with Cyanex 302 at 
25°C 

Ce Pr Nd Sm Eu Gd Tb D:z: Ho y Er Tm Yb Lu 
La 7 .. 32 10.5 14.8 71.0 115 201 1382 3635 8822 13325 30966 1227032 319404 65636 

Ce 1.44 2.02 9.70 15.7 27.4 189 496 1205 1820 4229 16757 43621 89636 

Pr 1.40 6.74 10.9 19.5 131 345 837 1265 2939 11646 30314 62293 

Nd 4.80 7.79 13.6 93.4 246 596 901 2094 8296 21594 44373 

Sm 1.62 2.82 19.5 51.2 124 188 436 1727 4496 9239 

Eu 1.74 12.0 31.6 76.6 116 269 1065 2773 5697 

Gd 6.89 18.1 44.0 66.4 154 611 1592 3271 

Tb 2.63 6.38 9.64 22.4 88.8 231 475 

Dy 2.43 3.67 8.52 33.8 87.9 181 

Ho 1.51 3.51 13.9 36.2 74.4 

y 2.32 9.21 24.0 49.3 

Er 3.96 10.3 21.2 

Tm 2.60 5.35 

Yb 2.05 

Lu 

Table 2. Separation factors ofRE(lll) from HN03 medium with Cyanex 302 at 25°C 

Figure 3 shows that the extraction efficiency for RE(III) with HBTMPTP from HN03 

solutions is in the order of La3+ < Ce3+ < Pr3
+ < Nd3

+ < Sm3
+ <Eu3

+ < Gd3
+ < Th3

+ < DyJ+ < Ho3
+ <Y3

+ 

< Er3
+ <rm3

+ <Yb3+ < Lu3
+ , which rises with the increase of atomic number or the decrease of atomic 
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radius. The slopes oflog D vs pH from Lu3+ to Th3+ are almost 3 whereas the slopes from Gd3+ to LaJ+ 
decrease from 3 to 1 gradually. This means that the extractions of these metal ions proceed by other 
reaction stoichiometries, which may attribute to the presence of intermediate water-soluble complexes 
at the higher aqueous pH values. The extraction mechanisms of RE(Ill) in the H2S04 system are more 
complex. The average separation factors of Gd-Lu are 4.2 (H2S04), >3.4 (HCl or HN03), which is 
superior to HEHIEHP extraction system. Table 2 shows that the separation factors of RE(III) in the 
HBTMPTP-HN03 system. The average separation factor (13zz+1

) is 3.26, which is smaller than that of 
HBTMPP-octane-chloride system (13zz+1=3.69), but the average separation factor of adjacent heavy 
RE(III)(Gd-Lu) is 3.44, which is greater than that ofHBTMPP (13zz+1=2.24). In contrast, it seems that 
HBTMPTP is more useful for the separation of heavy RE(III). 

NEW EXTRACTION SYSTEMS OF Sc(lll) SEPARATION 

Cyanex 272 (IIBTMPPl system13
•
14 

The log D plots against log [H2S04] for Sc(III), Zr(IV), Ti(IV), Th(IV), Fe(III) and Lu(III) are 
shown in Figure 4 and the results indicate that in ranges 0.1-0.5 mol/dm3 H2S04, significant extraction 
of Sc(III) is possible with little or no extraction of Th(IV), Fe(III), and Lu(III) with HBTMPP by 
controlling the aqueous sulphuric acid concentration. The separation of Sc(III) from Ti(IV) can be 
achieved using selective stripping, but it is difficult to separate Zr(IV) from Sc(III). However, 
HBTMPP is superior to HDEHP or HEHIEHP for separation of Sc(III) from Th(IV), RE(III), Fe(III), 
etc. 

2.4 

1. 2 

Figure 4 The extraction of metal ions from sulphuric acid solutions with HBTMPP 

Cyanex 302 systems15 

The effect of equilibrium aqueous acidity on the extraction of Sc(III), Zr(IV), Th(IV), Fe(III) 
and Lu(III) with Cyanex 302 from sulphuric acid solutions in Figure 5. It was found that the 
extractabilities of the metals decrease in the order: Zr(IV) > Sc(III) > Th(IV) > Fe(III) >Lu(III) and 
Ti(IV). The results indicate that it is possible to separate Th(IV), Fe(III) and Lu(III) from Sc(III) with 
Cyanex 302 by controlling the aqueous acidity. For instance, in the 0.4 mol/dm3 H2S04 solution, the 
extraction percentage of Sc(III) is close to 96%, while those of Th(IV), Fe(III) and Lu(III) are 40% 
15% and 50%, respectively. lt is difficult to separate Zr(IV) from Sc(III) due to the stronger affinity of 
the extractant toward Zr(IV), which will be more readily extracted into the organic phase than Sc(III). 
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Figure 5 The extraction of metal ions from sulphuric acid solutions with Cyanex 302 

Stripping of ScaD) from Cyanex 272, Cyanex 302 and Cyanex 301 15 

To investigate the stripping of Sc(Ill) from Cyanex 272, Cyanex 302 and Cyanex 301 , the 
loaded organic phases were stripped by sulphuric acid solutions of different concentrations. From the 
experimental results it has been demonstrated that Cyanex 272, Cyanex 302 and Cyanex 301 become 
stronger extractants for Sc(lll) in the order shown. Consequently, it might be expected that stripping 
Sc(lll) would become progressively more difficult in the same order. This is in fact the case as shown 
by the stripping percentage for Cyanex 272, Cyanex 302 and Cyanex 301 plotted in Figure 6. 

Figure 6 

(Ht''iOt) . moVL 
0 . 0 2.0 4.0 6.0 U.CJ 10.0 
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Stripping ofSc3
+ from H2S04 media with Cyanex 272, Cyanex 302 and Cyanex 301 

1. [Cyanex 272]=4.81 x 10'2 moVdm3
, [Sc(III))=5.46 x 10-4 moVdm3 

2. [Cyanex 302)=4.83 x 10'2 moVdm3
, [Sc(III))=5.12 x 10-4 moVdm3 

3. [Cyanex 301]=4.82 x 10·2 moVdm3
, [Sc(III)]=5.10 x 10-4 moVdm3 

The results indicate that Sc(III)can be stripped readily by sulphuric acid solutions of certain 
concentrations even though the stripping acidity increases gradually according to the order shown. In 
fact, the stripping percentages of Sc(Ill) in a single stage for Cyan ex 272, Cyan ex 302 and Cyan ex 301 
are near 82%, 78% and 75% by 1.5 moVdm3

, 3.5 moVdm3 and 5.8 moVdm3 H2S04 solution, 
respectively. In contrast with the Cyanex extractants, the stripping percentages of Sc(III) for HDEHP 
and HEHIEHP are only 5% and 20% by 5 mol/dm3 H2S04 solution, respectively. Therefore, Cyanex 
272 and Cyanex 302 show a better stripping performance with respect to Sc(III) than HDEHP and 
HEHIEHP. 
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Role of the different comoonents of Cyanex 302 in the Sc(lll) extraction15
•
16 

It has been found that the extraction ability of the purified Cyanex 302 (HBTMPTP) is 
significantly lower than that of the as-received Cyanex 302. According to the composition of 
Cyanex302, n-hexane solutions oftri-n-octylphosphine oxide (TOPO), HBTMPTP and HBTMPP, or 
mixed solutions of TOPO with either HBTMPTP or HBTMPP, were prepared. The extractability of 
Sc(lll) increases when TOPO is added to either of the HBTMPTP or HBTMPP solutions, especially at 
the lower aqueous acidity, but is still considerably lower than that by the raw Cyanex 302. This result 
indicates that there may be a synergistic effect in the extraction when TOPO is present together with 
HBTMPTP or HBTMPP, particularly at the lower aqueous acidity. The reason why the raw Cyanex 
302 can extract Sc(lll) more efficiently than the purified Cyanex 302 is still not clear, but at least is 
not attributed to the presence of HBTMPP. It is interesting to study the roles of the branched 
trialkylphosphine oxide and pure dialkyldithiophosphinic acid in the Sc(lll) extraction. Recently, it has 
been found that the extractability of Sc(lll) increases considerably when the branched 
trialkylphosphine oxide (Cyanex 925, B) is added to HBTMPTP solution, and this result indicates that 
there is a significant synergistic effect in the HBTMPTP-Cyanex 925-Sc(lll) system. From results of 
IR, NMR and FAB-MS spectra for Sc(lll) extracted complex, it can be suggested that the 
stoichiometry of Sc(lll) extracted complex is Sc(S04)0.5(H~)2•3B. 

Cyanex 923 system17 

The extraction equilibria of Sc(Ill), Zr(IV), Ti(IV), Th(IV), Fe(Ill) and Lu(lll) from sulphuric 
or hydrochloric acid media by Cyanex 923 (mixture of straight chain alkylated phosphine oxides) were 
studied at various aqueous acidities. The results obtained are shown in Figures 7 and 8 respectively. 
The metals are extracted as a function of aqueous acidity in the order: Zr(IV) > Sc(lll) > Ti(IV) -
Lu(lll) > Fe(lll) {H2S04 medium) or Sc(lll) > Th(IV) > Lu(lll) (HCl medium). The separation of 
Sc(lll) from Ti(IV), Fe(lll) and Lu(lll) can possibly be achieved by controlling the aqueous acidity. 
For example, the extraction percentage of Sc(lll) is 96% at an acidity of 2.0 moVdm3 H2S04, while 
those ofTi(IV), Lu(lll) and Fe(lll) are 48%, 50% and 10% respectively. 

8 

[H 2so,J. M 

Figure 7. The extraction of metal ions by 
Cyanex 923 from H2S04 medium 

Organic phase: 5% v/v Cyanex 923 
Aqueous phase: [Sc3j=5.49E-4 moVdm3

, 

[Zr4+]=3.07E-4 moVdm3
, [Ti4j=4.89E-4 moVdm3

, 

[Fe3j=6.00E-4 moVdm3
, [Lu3j=2.66E-4 moVdm3 
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Figure 8. The extraction of metal ions by 
Cyanex 923 from HCl medium 

Organic phase: 5% v/v Cyanex 923 
Aqueous phase: [Sc3j=6.34E-4 moVdm\ 
[Th4j=l.85E-4 moVdm3

, [Lu3+]=2.38E-4 moVdm3 

Thus the separation factors(J3) of Sc(lll) toward Ti(IV), Lu(lll) and Fe(Ill) are 26, 24 and 218 
respectively. A new technology, which is superior to those using TBP or HDEHP, was developed with 
the advantage of a high Sc(lll) yield and a good selectivity for impurity metal ions. The purity of the 
final scandium product is above 95% with a yield > 94%. 

CONCLUSION 

Superior extraction behavior of rare earths separation with some new excellent extractants including 
extracting, stripping, separation selectivity were discussed in the paper. It is apparent that for trivalent 
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rare earths separation, especially for heavy RE(ID) separation Cyanex 272 and Cyanex 302 are two 
potential extractants which could be applied in industrial processes with high average separation 
factors and high stripping efficiency. For the same reason Cyanex 272, Cyanex 302 and Cyanex 923 
may be used to separate Sc(ID) from RE(III) instead ofHEHIEHP and HDEHP in the future. 
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ABSTRACT 

SOL VENT EXTRACTION SEPARATIONS OF 

TRivALENT LANTHANIDE AND ACTINIDE IONS 

USING AN AQUEOUS AMINOMETHANE

DIPHOSPHONIC ACID 
Mark P Jensen and Kenneth L Nash 
Chemistry Division Argonne National Laboratory Argonne, 
Illinois 60439-4831, USA 

The possibility of separating the trivalent lanthanides, represented by Eu3+, and actinides, represented by Cf3+, using bis-(2-
ethylhexyl)phosphoric acid (HDEHP) in toluene and an aqueous phase containing N-piperidinomethane-1, 1-diphosphonic 
acid (PMDPA), has been investigated. This modified aqueous phase offers potential advantages over the 
diethylenetriaminepentaacetic acid based TALSPEAK process because of the improved complexation properties of PMDPA 
in acidic solutions, and the ability to decompose PMDPA before disposal. Extraction experiments were conducted at 2s•c in 
2 M NaCl04 between -log [H+] I and 2. The studies enabled us to derive the aqueous phase speciation, the stability 
constants of the aqueous complexes, and the Cf/Eu separation factors. Despite the presence of an amino group in PMDPA 
that should favor the retention of the actinides in the aqueous phase, the Cf/Eu separation factors are near unity under the 
conditions studied. 

Keywords: lanthanide, actinide, bis-(2-ethylhexyl)phosphoric acid, N-piperidinomethane-1, 1-diphosphonic acid, 
TALSPEAK 

INTRODUCTION 

Given the similar ionic radii of the trivalent lanthanide (Ln3+) and actinide (An3+) cations, 
practical intergroup separation of these elements remains a challenge for separation science. One key 
to achieving this separation is to exploit the small differences in the chemical hardness of the two 
groups. Experimentally the An3+ cations appear to be slightly softer Lewis acids, interacting more 
strongly with softer donors than the Ln3+ cations. Recently, the objective of incorporating nitrogen 
and sulfur donors into extractant molecules has made progress toward useful extractants capable of 
effecting this separation.! ,2 Historically, however, most Ln/ An group separation schemes have 
incorporated modified aqueous phases.3 The most thoroughly studied of these schemes, the 
T ALSPEAK process, involves the preferential extraction of Ln3+ cations by bis-(2-
ethylhexyl)phosphoric acid (HDEHP) from pH 2-3 aqueous phases containing 1 M lactic acid and 
0.05 M diethylenetriaminepentaacetic acid (DTPA).4 The separation is based on the extraction of the 
1: I metal :lactate complexes and the stronger interaction of the An3+ with the nitrogen donors of 
DTPA. 

While the TALSPEAK process has been shown effective for separating Ln3+ from An3+, the 
concentrations of lactic acid and the moderate pH require substantial adjustment to the nitric acid feed 
solutions usually encountered in nuclear processing. An alternative to the original TALSPEAK 
aqueous phase that could function in more acidic solutions, such as 1 M.HN03, would be desirable. 
Methanediphosphonic acid ligands are powerful Ln/An complexants, even in 1 M acid,S-8 that have 
been studied as stripping agents for the TRUEX process.9 They are members of a class of ligands 
known as thermally unstable complexants or TUC's, so called because they can be degraded by gentle 
heating in the presence of mild oxidizing agents. A ligand that combines the powerful complexing 
properties of the methanediphosphonate group with the softer nitrogen donor might favor An3+ 
complexation in the aqueous phase and allow selective extraction of Ln3+ ions. N
piperidinomethane-1,1-diphosphonic acid (PMDPA), Figure 1, is one such ligand whose Eu3+ 
extraction has been studied previously.8 To explore the possibility of a PMDPA based Ln/An 
separation, we have studied the HDEHP/toluene extraction of an An3+ cation, Cf3+, from aqueous 
solutions of 2 M H/NaCl04 between -log [H+] 1 and 2. This actinide was chosen because it has a 
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similar crystal radius to Eu3+ (109 pm vs. 108.7 pm CN=6).10 An observation of stronger Cf3+ 
complexation by PMDPA could thus be attributed to a greater covalent character in the Cf-ligand 
bonds since the electrostatic component ofM-L bonding for Eu3+ and Cf3+ are the same. 

pKa5= 11.5 
p~=7.76 
pKa3= 4.62 
p~=2.02 
pKa1= 0.3 

Figure 1. N-piperidinomethane-1, 1-diphosphonic acid, I4(PMDP A) 

EXPERIMENTAL 

The 249cf tracer (t112 = 351 yr.) was obtained as the daughter of 249Bk supplied by Oak 
Ridge National Laboratory. A 0.13 M HN03 solution of249Cfwas evaporated to dryness and taken 
up in 0.01 M HN03 . A high resolution y-ray spectrum showed only 249cf emissions. The initial 
aqueous phase concentration of249cfwas ca. 3 x 10·8 M (3 x 104 cpm). 

Other reagents, procedures, equipment, and data analysis have been previously described, 8 
except that the distribution ratio of Cf3+, D, was determined radiometrically by y-counting between 
300 and 450 keY with aNal detector. Each combination of aqueous and organic phase was run in 
duplicate. All uncertainties are expressed at the ±2cr level. 

RESULTS AND DISCUSSION 

Characterization of Cf3+ extraction by HDEHP/toluene in the absence of PMDPA was the 
ftrst step. Slope analysis of the extractant and acid dependencies gave 2.98 ± 0.05 and 3.16 ± 0.08 
respectively, confirming the expected extraction equilibrium, 

Cf3+ aq + 3 (HDEHP)2, org ~ Cf(DEHP)3(HDEHP)3,org + 3 H+ aq (I) 

in agreement with the Eu3+ results. The extraction constant for Cf3+, Kex. was determined to be 
0.493 ± 0.048. 

-log [H+]aq [(HDEHP)2]0 rg• M [PMDPA]aq• M 
0.981 0.0250 - 0.250 0 

0.981 - 1.998 0.0250 0 
0.981 0.250 0-0.020 
1.266 0.125 0- 0.016 
1.656 0.050 0- 0.012 
1.998 0.025 0-0.008 

Table 1. Solution Compositions for Extraction Studies 

Number of 
Concentrations 

8 
8 
10 
10 
10 
10 

The effect of PMDP A on the Cf3+ extraction equilibrium was measured by varying the 
concentration of PMDPA at four different sets of -log [H+] and HDEHP concentrations, as 
summarized in Table 1. The normalized extraction data are shown in Figure 2. Slope analysis of the 
extraction data indicate that Cf complexes containing 1, 2, and 3 molecules of PMDP A form in the 
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aqueous phase under these experimental conditions. If we assume that only mononuclear complexes 
are formed and that Cf-PMDPA complexes are not extracted, the stability constant, l3n *, of the 
hypothetical equilibrium, 

Cf3+ + n PMDPA4- = Cf(PMDPA)n3-4n (2) 

can be calculated at each -log [H+] for n = 1, 2, and 3 according to the standard solvent extraction 
equation 

(3) 

where D0 is the distribution coefficient of Cf3+ in the absence of PMDP A. D0 is calculated from 
Kex. [(HEDHP)2], [H+], and the slopes of the extractant and acid dependencies. Slope analysis of the 
dependence of log 131 *, log 132 *, and log 133 * on log [H+] gives three lines representing the average 
H+ stoichiometry of the 1:1, 1:2, and 1:3 Cf:PMDPA complexes respectively.S Next, the full set of 
distribution ratios were systematically fit to the expression 

(4) 

by weighted non-linear least squares regression to obtain the stoichiometries and stability constants, 
l3hn. of the CfHhCH2PMDPA)n3+h-2n complexes. The parameters giving the best fit and the 
uncertainties are summarized in Table 2. 

103 

10 1 

-log [H+] 
• 0 .981 
• 1 .266 
A 1.656 
... 1 .998 

10·7 

[H/MDPA2·], M 

Figure 2. HDEHP/toluene extraction ofCf3+ from 2M H/NaCl04 at 25°C fit to Equation 4. 
Lines are the fit of the data to the model of Table 2. 

The stoichiometries of the Cf-PMDPA complexes derived from the extraction experiments (Table 2) 
are the same as those previously observed for the Eu-PMDPA complexes in the same range of acidity 
and ligand concentration. The stability constants of the Cf-PMDPA complexes are comparable to 
those of Eu3+, and are the same within experimental error for the 11, 21, and 42 complexes. The 
stability constants are slightly higher for Cf3+ in the case of Cf(H3PMDPA)2+ and 
CfH2(H3PMDPA)32+, which may also be written as Cf(H3PMDPA)CH4PMDPA)22+. 
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Stoichiometry, cf3+ Eu3+ 
Species hn Log l3hn Log l3hn 

Cf(H3PMDPA)2+ 1 1 8.42 ± 0.16 8.56 
Cf (H4PMDP A)3+ 2 1 10.22 ± 0.11 9.92 
Cf(H3PMDPA)2+ 22 16.62 ± 0.06 16.21 

Cf (H4PMDP A)23+ 42 19.56 ± 0.12 19.47 
CfH2(H3PMDPA)32+ 53 27.47 ± 0.06 27.13 

Table 2. Measured Cf3+_H+-H2PMDPA2- stability constants compared with Eu3+ stability 
constants& 

These differences in the stability of the aqueous phase complexes are not sufficient, 
however, to 
separate Eu3+ from Cf3+ by HDEHP extraction. Using the constants measured for Eu3+ and Cf3+, 
the distribution of these metal ions into HDEHP/toluene may be calculated for comparison. Between
log [H+] 0 and 3 and in the presence of 0.01 M PMDPA, the separation factor Eu!Cf = 1.0 ± 0.1 for 
HDEHP/toluene extraction. This is comparable to the value 0.9 reported by Stary in the absence of 
PMDP A.11 There is no significant separation between the trivalent lanthanides and actinides, unlike 
the original TALSPEAK process, which gives a Eu!Cfseparation factor of 16.4 

The lack of Ln/ An separation by PMDP A indicates that the piperidino nitrogen does not bind 
the metal center under the conditions studied. The affmity of the piperidino nitrogen for H+ is 
substantial, as indicated by pKa=11.5. However, the basicity of this amino group can be compared to 
the amino groups of 1 ,2-dimethylethylenedinitrilotetraacetic acid (PKa = 11.53, 1=0.1 M), 
nitrilotriacetic acid (pKa=9.34, 1=1.0 M), and iminodiacetic acid (pKa=9.26, 1=1.0 M).12 In each of 
these ligand systems the amino nitrogen is coordinated to Ln or An cations in the respective 1:1 
complexes. Therefore, the H+ affinity ofPMDPA's nitrogen probably is not an intrinsic limitation on 
metal binding and does not account for the absence of an interaction with Eu3+ or Cf3+. With this in 
mind, it is likely that the ligand geometry is responsible for the absence of direct complexation of the 
metal cations by the PMDP A nitrogen. These results suggest that a ligand incorporating aliphatic 
amines and phosphonate groups not bound to the same methylene group might be a more promising 
reagent for Ln/ An separations. 

CONCLUSIONS 

Despite the simplifications in aqueous phase feed adjustment and waste disposal that would 
be realized if an aminomethanediphosphonic acid could be substituted for lactic acid and DTP A in a 
T ALSPEAK flowsheet, PMDP A shows no significant preference for trivalent actinides over trivalent 
lanthanides in 2 M H/NaCl04 between -log [H+] 1 and 2. The lack of differentiation between the Eu 
and Cf cations, implies that the piperidino nitrogen of PMDP A, which would bind Cf3+ more 
strongly, does not bind either metal ion under the conditions studied due to the geometric constraints 
of the ligand. 
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ABSTRACT 

EXTRACTION AND SEPARATION OF LANTHANIDES 

AND ACTINIDES IN AQUEOUS NITRIC ACID BY 

'CMPO-LIKE' CALIXARENES 
A Garda-Carrera, H Rouquette, JF Dozol, V Bohmerl and 
AM Sastre2 
C.E.A./ D.C.C./ D.E.S.D./ S.E.P./ L.P.T.E. Atomique Energy 
Commissariat, C.E.A. Cadarache, 13108 Saint Paul lez Durance, 
France 
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J.J.BecherWeg 34, SBI, D-5509 Mainz, Germany 
2 Department of Chemical Engineering, E.T.S.E.I.B., Universitat 
Politecnica de Catalunya, Diagona1647, E-08028 Barcelona, Spain 

Calix[4]arenes substituted by acetoarnidophosphine oxide groups (CMPO moieties) at their wider (upper) and narrower 
(lower) rim are exceptionally powerful extractants towards trivalent lanthanides and actinides from aqueous nitric acid 
media, allowing a separation of actinides from the most of the lanthanides, except the lightest ones. These separative 
properties determined by solvent extraction measurements are kept when supported liquid membrane (SLM's) transport 
experiments are performed. 

Keywords: Extraction, separation, lanthanide, actinide, calixarene, acetoarnidophosphine oxide groups (CMPO) 

INTRODUCTION 

High and medium level activity liquid wastes are produced during the reprocessing of spent 
nuclear fuel by the PUREX process, used to recover Plutonium and Uranium. Acid nitric liquid 
wastes contain important concentrations of transplutonium elements, the most harmful long lived 
radionuclides, and fission products, like trivalent lanthanides. 

Separation of the trivalent actinides (transplutonium elements) from lanthanides is one of the 
problems in separation science, being a strategy for the clean-up, to enable their destruction by 
incineration, and reducing the volume of high radioactive liquid wastes from reprocessing of nuclear 
reactor fuels (PUREX raffinate). 

Separation of these elements by solvent extraction has been carried using different 
extractants, most of them are not efficient in acidic medium. CMPO (octyl(phenyl)-N,N-di-isobutyl
carbamoylmethylphosphine oxide) (figure 1), used in TRUEX process, has been extensively studied 
for the extraction of lanthanides (Ln) and actinides (An), but displays a low discrimination of An 
from Ln.l 

Figure 1. Structure of the CMPO molecule 

On the contrary, calix[4]arenes 2 bearing CMPO moieties are stronger extractants than CMPO and 
they are able to separate light lanthanides from heavy ones and the smallest transplutonium (III) 
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elements from lanthanides (III) in aqueous mtnc acid media. These liquid-liquid extraction 
measurements are confirmed by transport experiments through supported liquid membranes (SLM). 

EXPERIMENTAL 

The calixarenes bearing CMPO moieties, used in this study, were synthesised by Bohmer 
(University of Mainz). This new class of extractants combines the extracting ability of 
carbamoylmethylphosphine oxide groups with the preorganization of calixarenes (Figure 2). 

(1 )(1 ') (2) 
(l)(R't=R' 2=Ph) 
MNl :R,=R2=R,=R.,=C5H,, 
MN49:R,=R2=R3=R.,=CH3 

MNSO:R,=R2=R3=R.,=C3H7 

MN23:R,=R3=C5H11 ; R2=R.,=CH3 

MN37:R,=R2=C3H7;R3=R4=CH3 

MN5l:R,=R3=CH3 ; R2=R.,=C3H7 

MN52:R,= R2=R3=CH3 ; R.,=C3H7 

MN53:R,= R2=R3=C3H7 ; R.,=CH3 

MN36:R,=R2=R3=R.,=C5H11 (linear tetramer) 

(2) 
MN47:R,=R2=0C2H5 

MN48:R,=Ph; R2=0C2H5 MN45:n=3 

{l')(R,=R2=R3=R4=C5H11 ) 

MN38: R',=OC2H5; R' 2=Ph 
MN39: R',= R' 2=0C2H5 

MN46: n=4 

Figure 2. Structure of the CMPO-like calix[ 4 ]arenes 

Solvent Extraction 

An aqueous phase was prepared varying concentrations of nitric acid (0.01 - 4 molldm3). 
Inactive lanthanides were included at concentrations of lQ-5 mol/dm3. Americium, as the 
radioisotope 241Am, and 244cm, were used at a concentration of -10-9 mol/dm3 to give an activity 
of approximately 1000-1500 kBq/dm3. An aliquot of aqueous phase was then shaken at room 
temperature for one hour with an aliquot of the organic phase (CL = lQ-3 molldm3 in 1,2-
nitrophenylhexyl ether (NPHE)). After centrifugation the concentration of the lanthanides and 241Am 
was determined by ICP-MSS in the aqueous phase. Alfa activity of Curium-244 was determined by 
liquid scintillation in the aqueous and organic phase. Distribution Coefficient D was calculated from: 

D = [MLg 
[MJaq 
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Supported liquid membranes 

The thin flat sheet supported liquid membrane (SLM) device, described by Stolwijk et az3, 
was used. Equal volumes of feed and stripping solutions, varying from 45 to 50 cm3 were used with 
membrane areas between 15 to 16 cm2 (Figure 3). The support used was a Celgard 2500 membrane 
possessing the following characteristics : thickness: 25 )liD, porosity: 45%, average pore diameter: 
0.04 Jlm. The SLM was prepared by soaking the Celgard membrane in the organic phase containing 
the calixarene (CL = IQ-3 mol/dm3) diluted in NPHE . 

. : 
[!) : Organic phue 

3 : Screw 

rlill : Screw oupport 

13): lnlemal magnet 

19: E.:temalma.gnet 

7 : Thennosteted jacket 

Figure 3 Supported liquid membrane set-up 

The transport of the cations from the feed solution, spiked with radionuclides was followed 
by regular measurement of the decrease of radioactivity in the feed solution or its increase in the 
stripping solution. This allows graphical determination of the constant permeabilities Pf and Ps (em 
h-1) of M, respectively from feed and stripping solutions, by plotting the logarithm of the ratio C/C0 

(or 1-C'/C0
) versus time, as described in the model proposed by Danesi:4 

where: 

eS 
=- -Prt v ( C') ES Ln 1-- = --Pt 

Co V s 

C, C' : concentration of the cation respectively in the feed or stripping solution at time t. 
C : initial concentration of the cation in the feed solution. 
E : volumetric porosity of the S.L.M. (%). 
S : membrane surface area (cm2). 
V : volume of feed or stripping solution ( cm3) 
t : time (h) 

RESULTS AND DISCUSSION 

The CMPO molecule and different calix[4]arenes bearing CMPO moieties on the large rim 
(upper rim) and on the narrow rim (lower rim) have been studied, extraction measurements of some 
lanthanides and the two main trivalent transuranium elements present in spent nuclear fuel were 
carried out. 

CMPO, although used at a concentration 250 higher than calixarenes (0.25 mol/dm3), is less 
efficient than most of the calix[4]arenes-CMP0,5,6 moreover like the tetramer it displays a low 
selectivity towards the lanthanides or the two actinides. These results show the role of the calixarene 
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platform, as lanthanide distribution coefficients are enhanced and a discrimination of lanthanides, not 
easily discernible for CMPO and linear tetramer, is important for most of the calixarenes bearing 
CMPO moieties (Figure 4). 

1,00E-HI3 

1,00E-HI2 

11 OOE-H11 
e' .. 
e 

~ 1,00E+OO 
:8 = &> 
·c 1,00E-01 

~ 
1,00E-02 

Distribution Coefficient Vs Ionic Radius of the Trivalent Cation 

Am 

t • • • • Ce 

La Nd 

• • • 

[MNIJ=[MN36]= Hr' M in NPHE 
[I..n'•]= Hr' M; [Ce'1= I o-' M 
[ An31 = I 0-9 M 
[HN03]= 1.5 M 
RoomT~. 

• • 

• 

Cm 

c • • Sm 
Eu • • 

"' • Dy 
• Ho 

1,00E-03 +--- ---- t---- -----1f------- --+--------l 

1,05 0,95 0,9 

Ionic Radius (A) 

Figure 4. Plots of the distribution coefficients vs. ionic radius of the trivalent cation for CMPO, 
MN36 (linear tetramer) and MNl. 

The conformational mobile wide rim CMPO-calix[4]arenes, which bear shorter alkoxy chains 
than pentoxy on the lower rim, (MN23, MN37, MN49, MN50, MN51 , MN52, MN53) display a 
similar behaviour to MN1, however americium distribution coefficients are higher and otherwise, the 
separation factor americium/lanthanides (Figure 5). This fact could be explained since the 
conformational flexibility of the compounds can favour the interaction of the americium (softer cation 
than trivalent lanthanides) with the 1t-electron cloud of the arene rings. This effect has been 
described? for the interactions between caesium cation and the calix[4]arenecrowns in 1,3-altemate 
conformation. 
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Extraction of Am, Cm, La, Nd, Sm, Eu by Mobile wide rim CMf>O.calix(4]arenes 

Figure 5. Plots of the distribution coefficients of Am, Cm, La, Nd, Sm and Eu vs. extractant 
(mobile calix[4]arenes). 

Narrow rim CMPO-calixarenes are less efficient extractants for all the cations examined than 
MNl although extraction efficiency increases at higher acidities, this can be explained by a cavity too 
small to accept cations. However MN46 and MN45 have different selectivity profiles to that seen for 
the upper rim molecules. With upper rim calixarenes the light lanthanides (larger cationic radius) are 
extracted more efficiently than the heavy lanthanides (smaller cationic radius). In contrast a reverse 
order is seen for compounds MN45 and MN46, where the lightest lanthanides (La, Nd) are less 
extracted than heavier ones (Eu). Thus D AmiDEu for MN46 in 3 moVdm3 HN03 is 1.3 and for MNl 
is 4.9 whereas I) AmiDLa is 2.0 for MN46 and 1.0 for MNl. It is interesting to observe a maximum 
extraction for curium from 3 moVdm3 HN03 concentration, a smaller cation than Am(III), using 
MN45 as extractant (Figure 6). 

Extraction of Am, Cm, La, Nd, Eu by narrow rim CMPO-callx[4]arenes 

MN46 MN45 MN54 MNl 

Figure 6. Distribution coefficients of Am, Cm, La, Nd and Eu vs extractant (narrow rim calixarenes). 

Horwitz et al.8 showed that the extraction efficiency was improved when phenyl groups were 
attached to the phosphoryl group. Replacing the phenyl units attached to phosphoryl group of CMPO 
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mOieties by ethoxy chains (MN38, MN39), caused the actinidenanthanide extraction to decrease 
strongly when compared to MN I . 

UIOE+OJ 

1.00X+(t2 

;; 

~ l .OOE+Ol 

e 
8 
~ l .OC>It+OO 

i5 

1.00&-01 

Extraction of Am and Eu Vs nitric acid concentration (MN38/MN48) 

'·' ... J.> 
HNO, cone (M) 

Figure 7. Distribution coefficients and separation factors Am/Eu vs extractant. Influence of the 
structure rigidity. 

In addition, the rigid calixarene MN48, presenting the same phosphoryl substituents as those of 
MN38 but having crown-3 bridges on the lower rim between adjacent phenyl units of the calixarene 
skeleton, gives a significant improvement in the extraction efficiency in comparison with MN38, but 
selectivity Am/Eu remains similar (Figure 7). 

MN39, bearing two ethoxy chains attached to the phosphoryl groups of the CMPO moieties, 
shows a different extraction behaviour. The basicity of the phosphoryl group is affected (lower basicity 
than MN38 or MN1) and consequently selectivity is changed. Extraction of americium decreases and 
becomes lower than that of the lightest lanthanides (La-Nd). 

To assess the actinidenanthanide ability separation of the extractants, CMPO (0 .25 moVdm3
) 

and CMP0-1ike calix[4]arenes, competitive transport experiments have been carried out using aqueous 
feed solutions containing 241 Am and different mixtures of lanthanides in the nitric acid medium which 
gives the best extraction/separation results (2 moVdm3 HN03) and narrow rim CMPO-calixarenes. 
MDP lmoVdm3 was used as stripping solution to allow back extraction of the cation from the SLM. 
Under these conditions, transports follow Danesi's model, allowing the determination of permeability 
coefficients (Table 1). 

1s2Eu 241Am 

Ps (em/h) PF(cmlh) Tr2h (OAJ) Ps(cmlh) PF(cmlh) Tr2h(%) 
CMPO 8.80 9.49 87 11.06 11.73 81 
MNl 12.22 10.35 90 22.84 18.41 99 
MN23 7.68 8.43 77 19.35 20.10 91 
MN37 16.03 11.20 93 14.36 13 .88 93 
MN54 0.21 1.31 3 0.61 5.91 8 
MN45 0.71 1.22 15 1.18 3.52 24 
MN46 1.25 1.18 25 1.63 2.54 33 

Tr2h ("A>): % transported to the stnppmg solutiOn after 2 hours 

Table 1. Experimental Americium and Europium Permeabilities. 
Organic Phase: 10'3 moVdm3 of extractant- 0.25 moVdm3 CMPO- in NPHE. 
Aqueous Feed Solution (900 rpm): HN03 2 moVdm3 + 241 Am+ 152Eu (10'9 moVdm3

) 

Aqueous Stripping Solution (900 rpm): MDP lrnol/dm3 

1100 

PsAm!PsEu 
1.26 
1.87 
2.52 
0.89 
2.90 
1.66 
1.30 
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Table 1. Experimental Americium and Europium Permeabilities. 
Organic Phase: 1 o·3 moVdrn3 of extractant- 0.25 moVdrn3 CMPO- in NPHE. 
Aqueous Feed Solution (900 rpm): HN03 2 moVdrn3 + 241Am + 152Eu (10-9 moVdrn3

) 

Aqueous Stripping Solution (900 rpm): MDP 1moVdrn3 

Just like the solvent extraction results for the upper rim calixarenes, MN23 (mobile 
conformation), provides the best separation factor Am/Eu, but due to the excellent ligand extraction 
and MDP stripping, it is so difficult to appreciate the differences of performance of the extractants. 

Due to the relative "discrimination" Americium/lanthanides of MDP like stripping reagent, 
experiments using different concentration (0.5 and lmolldm3) have been made. Results show the 
influence of MDP on the separation actinide/lanthanide, when MDP 0.5 mol/dm3 has been used like 
stripping solution permeability coefficients decrease as compared to MDP 1M, but, on the contrary, 
ratio PsAm!PsEu increase (Figure 8). This strong difference of permeability when the MDP 
concentration is divided by a factor 2 seems to indicate that the limiting step in the transfer is the 
back-extraction. 

Transport of Am/Eu Vs stripping agent concentration 

PAm!PEu 

[MN23J- IO"' M NPHE 

[u1Am)=[mEu]zJ0-9M 

[HN03}- 2 M 

Agitation: 900 rpm 
Stripping: MOP 0,5-1 M 
Room Temp 

(%transported in 2h) 

Cooc MOP (M) 

Figure 8. Plots of permeability coefficients of Am/Eu vs stripping agent concentration for the 
calixarene MN23. 
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ABSTRACT 

SOLVENT EXTRACTION OF RARE EARTH 

ELEMENTS(III) WITH A BIFUNCTIONAL 

PHOSPIDNIC ACID 
Yoshito Wakui, Toshirou Yokoyama and Kenichi Akibal 
Tohoku National Industrial Research Institute, 4-2-1, Nigatake, 

Miyagino, Sendai 983-8551, Japan 
1 Institute for Advanced Materials Processing, Tohoku 
University, Katahira 2-1-1, Aoba, Sendai 980-8577, Japan 

A novel bifunctional compound, 1,3-benzenedimethylbis(phenylphosphinic acid) (m-xylenebis(phenylphosphinic acid); 
XPP A) was synthesized as a model of a dimer of monofunctional phosphorus extractants. Distribution ratios (D) of rare earth 
elements(III) were obtained between a chloroform solution of XPPA and an acidic aqueous solution. Extractability of XPP A 
was very high compared with those of conventional monoacidic extractants. Difference in log D value between La(III) and 
Lu(III) was about 5. An extracted species was estimated to be [M(HR)3(H2R)xl (x = I, 2), and then XPPA molecule seems 
to behave as a bidentate ligand, and to successfully simulate the properties of a dimer of monofunctional extractants. 

Keywords: rare earths, bifunctional extractant, I ,3-benzenedimethylbis(phenylphosphinic acid),La, Lu. 

INTRODUCTION 

Solvent extraction by organophosphorus compounds have been extensively applied for the 
separation of rare earth (RE) elements, in experimental and industrial solvent extraction. I ,2 Acidic 
organophosphorus extractants have been commonly employed owing to large separation factors 
between RE elements(ill), in spite of their simple molecular structures. For example, bis(2-
ethylhexyl)hydrogen phosphate (D2EHP A), 2-ethylhexylhydrogen 2-ethylhexyl-phosphonate 
(EHEHP A) and bis(2,4,4-trimethylpentyl)phosphinic acid (DTMPP A) are well known to have high 
separation efficiencies for a series ofRE(ill) elements.3-6 These extractants ordinarily exist as dimers 
in nonpolar solvents, and the dimer behaves like a chelating ligand having two coordinating groups to 
a metal ion. 7 However, the information on functions of such a dimeric structure is still insufficient. 

In this paper, we aimed at developing an extractant having double acidic organophosphorus 
groups as a model of the dimer of monofunctional extractants. A novel compound, 1,3-
benzenedimethylbis(phenylphosphinic acid) (XPP A), was synthesized. It was expected to have a 
fairly rigid structure to keep an appropriate distance between two functional groups. The distribution 
ratio ofRE(ill) elements was obtained between a chloroform solution ofXPPA and an acidic aqueous 
solution, and extracted species in the organic phase are also estimated. 

EXPERIMENTAL 

Equipment 

The concentrations of metals were measured with a ICP atomic emission spectrophotometer 
(ICP-AES, SEIKO SPS-1200A). A digital pH meter (TOA AUT-301) was used for the pH 
measurement. Osmometric concentration of the product in chloroform was determined with a vapor 
pressure osmometer (UIC Inc. 070B). 
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Reagents 

The extractant, I ,3-dimethylbenzene-bis(phenylphosphinic acid) (m-xylene-bis(phenylphosphinic 
acid); XPPA; Fig. I), was synthesized by the method of Boyd eta/. 8 

The product was purified by solvent extraction between dichloromethane and water, and by 

A o-P-OH O=P__/\ 

II I~ 
0 HO 

Fig. 1 
1,3 - Benzenedimethyl bis(phenylphosphinic acid) 

(XPPA) 

reprecipitation. A white powder was obtained; yield: 98%; mp I94 - I99°C; calcd. for C20fho04P2: C, 
62.2; H, 5.2; P, 16.0%; found: C, 60.7; H, 5.1; P, 15 .5%; molar absorption coefficient (e I dm3mor1cm· 
1
) in chloroform: 1200 at 259 nm, 1600 at 265 nm and 1400 at 272 nm. The compound was identified 

by 1H NMR, 13C NMR and infrared spectrometry. Solubility was approximately 2 X I 0'3 M (M = mol 
dm'3) in chloroform saturated with water. 

RE(III) solutions were prepared by dissolving the corresponding oxides (99.9%) into hydrochloric 
acid. Chloroform (Dojindo Laboratories) was of analytical grade and was contacted with water prior to 
use. Benzil (zone refined, Tokyo Kasei Kogyo Co.,Ltd.) was employed as a reference material for 
calibration of the osmometer. Hydrochloric acid was of analytical grade, and the other chemicals were 
of guaranteed grade. 

Solvent extraction 

An aqueous solution contammg RE(III) and a chloroform solution contammg XPPA were 
equilibrated by a shaker (Yamato KC-30) for 30 min in a room thermostated at 25°C . After 
centrifuging, an aliquot of the aqueous phase was taken out for ICP measurement. The distribution ratio 
(D) was obtained as the ratio of the concentration of metal in the organic phase to that in the aqueous 
phase. 

RESULTS AND DISCUSSION 

To elucidate the aggregation phenomenon of the extractant, we measured the osmometric 
concentration of 1 x 10'3 M XPPA in chloroform at 25°C. The observed concentration was found to be 
about half of that calculated for monomeric molecules, indicating that XPPA exists as a dimer in 
chloroform. 

The effect of metal concentration on the distribution ratio was examined in order to check the 
possibility whether polynuclear complexes9 are formed or not with XPPA having two ion exchangeable 
groups. In a concentration region of La(III) from 2 x 10-6 to 3 x I o-s M, the D value with I o·3 M 
[XPPA]o at pH 1.1 was observed to be almost constant, log D = 0.39 ± 0.12, implying that no 
polynuclear species were formed in the extraction. 

In subsequent experiments, the initial concentration of metal in the aqueous phase was fixed at I o· 

The equilibrium for the extraction of RE(III) ions (M3+) with XPPA (H2R) was assumed to be as 
follows: 

(I) 
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Subscript o refers the species in the organic solution. The extraction constant (Kex) and the D value 
are given by Eqs. (2) and (3), respectively. 

[MHnR2mlo[H+J(4m-n) 

[M3+][(H2R)2]om (2) 

D = (3) 

From Eqs. (2) and (3), following relationship is obtained: 

log D =log Kex + m log [(H2R)z]0 + (4m-n) pH. (4) 

3 

2 

0 
C> 

..Q 

0 
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pH 

Fig . 2 Distribution ratio of rare earth elements(lll) as 
a function of pH. 
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Fig. 3 Relationship between log D value and an 
atomic number of rare earth elements(lll). 

1 x 10-3M XPPA in CHCI3 ; 30 min; 25 °C; 
-5 3 

1 x 10 M each RE(III); Yo, V.: 10 em . 

1 x 10.-s M XPPA in CHCI3; 1 x 10-s M each RE(III); 

V8 , V0 : 10 cm
3

; 30 min; 25 °C; 0.1 M (H, Na)CI 
when [HCI] < 0.1 M. 

Figure 2 shows log D vs. pH profiles for RE(III). For each element, linear plots have slopes of 
around 3, which indicate that three protons are released on extracting the metal ion: i.e., 4m- n = 3. 

Figure 3 shows relationship between log D at pH 0.5 and atomic number of RE(lll). Tetrad 
effectlO composed of divided curves is clearly observed on the plot. The difference in distribution 
ratios between La(lll) and Lu(lll) was fairly large; i.e. , about 5 in log units, which was comparable to 
those of traditional extractants3,4 such as D2EHPA. The D value of Y(lll) was located between 
Ho(III) and Er(III) similarly to the cases with D2EHPA etc.3,10 These facts indicate some similarity 
in the extracted species with XPPA and monofunctional reagents having high separation efficiency. 
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The extractability of XPP A was found to 
be very high compared with those of 
conventional monofunctional extractants.ll 
For example, log D of Ce(III) was 0.58 with 
IQ-3 M XPPA in CHCI3 at pH I, while the 
value was estimated to be -5.4 for 
diphenylphosphinic acid under comparable 
conditions. This suggest that XPP A has higher 
extractability than that of monofunctional 
ones, which corresponds to the fact that a 
bidentate ligand forms a more stable complex 
than monodentate ones in various 
combinations of metal ions and reagents.l2, 13 
XPP A seems to have the potentiality as a 
strong extractant for RE(III) ions in low pH 
region. 

Plots of log D against the concentration 
of XPP A dimer gave straight lines, as typically 
shown in Fig. 4. Slopes of the plots for RE(III) 
examined were illustrated in Fig. 5, in which 
the slope of nearly 2 was obtained for heavy 
lanthanides(III) and Y(III) while larger slopes 
for light lanthanides(III). According to Eq. (4), 
the extraction proceeds by the reaction in 
which 2 - 2.5 XPP A dimers participate, that is, 
about 5 molecules of XPP A monomer with 
respect to La(III), and 4 molecules with heavy 
lanthanides(III) and Y(III). Extraction constants 
(log Kex) were estimated from Eq. (2) as shown 
in Table 1. 

Since three protons are released upon 
complex formation, the extracted species would Q) 

consequently contain three anionic extractants c. 
0 

and one or two neutral ones: i.e., M(HR)3(H2R) en 
or M(HR)3(H2R)2. 

This difference in composition 
corresponds to a decrease in a coordination 
number of lanthanide series, i.e., from 9 or 10 

3 

2 

3 

2 
Slo/ 

Cl 
0> 

_Q 
1 

0 Lu 

Gd 

-1~----~----~----~ 
-4.5 -4.0 -3.5 -3.0 

log ([(XPPAh1o I M) 
Fig. 4 Distribution ratio of rare earth elements( Ill) as 

a function of a concentration of XPPA dimer in 
chloroform. 
pH: 1.6 for La(lll), 1.2 for Nd(lll), 0.8 for Gd(ll l), 

0.1 for Lu(lll); 1 x 10.
5 

M each RE(lll); v •. V
0

: 

10 cm
3

; 30 min; 25°C; 0.1 M (H, Na)CI when 
[HCI) < 0.1 M. 

La 

~--~ 

IJ 

y 

-. ., A V + 
·---- -a ·o -·o --V- -- ----- • --• · -- --• -

Gd Lu 

Atomic number 

for light lanthanides(III) to 8 for heavy 
ones.l4,15 XPPA molecules form RE(III) 
complexes filling the coordination number of the 
ion, implying that each ligand has two 
coordination bonds. 

The 31 P NMR spectrum of Lu(III) 
complex extracted to an organic phase (Lu(III) : 

Fig. 5 Variation of slope of log D vs. log ((XPPA)2) 0 

graphs, with atomic number of rare earth 
elements(lll). 

XPP A = 1 : 4) showed 8 peaks which shifted 
from the original signal of XPP A free acid. This 
finding suggests that XPP A acts like a chelating 
ligand. 

A XPP A molecule acting as a bidentate 
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ligand can successfully simulate the 
separation properties of a dimer of 
conventional monofunctional extractants. 
A coordinating structure including 
neighboring acidic phosphorus groups is 
essential for the excellent separation 
efficiency, and that such function can be 
produced by a bifunctional reagent 
without using dimers of monofunctional 
extractant. In addition, very high 
extractability enables quantitative 
extraction at low pH region by a diluted 
extractant. Further development of 
extractants having an analogous structure 
will contribute to improve the separation 
techniques of RE(III) ions both in 
analytical and industrial fields. 

Table I Extraction constant of RE(III) 
with XPPA. 

Element m value* log Kex 
in Eq . (I) 

y 2.0 7.3 ± O.I 
La 2.5 5.2 ± O.I 
Ce 2.3 5 .5 ± 0.3 
Pr 2.3 5 .7 ± 0 .2 
Nd 2 .I 5 .0 ± O.I 
Sm 2.0 5.5 ± O. I 
Eu 2.0 5 .8±0.1 
Gd 2 .0 5.9 ± 0 .1 
Tb 2 .0 6.5 ± 0.1 
Dy 2 .0 6.8 ± 0 . 1 
Ho 2 .0 7 . I ± O.I 
Er 2.0 7.4 ± O.I 
Tm 2.0 7.8 ± 0 . 1 
Yb 2.0 8.2 ± 0.1 
Lu 2.0 8.5 ± 0.1 NOMENCLATURE 

CHCl3, Ya, V 0 : IO cm3; 25 °C; O.I M 

H2R: XPPA in the neutral form. (H, Na)Cl when [HCI] < O.I M . 

M: trivalent rare earth element. *: Estimated value to calculate Kex. 

o: species in organic phase. 
XPP A: 1 ,3-benzenedimethylbis(phenylphosphinic acid); extractant. 
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ABSTRACT 

SOL VENT EXTRACTION OF LANTHANIDES AND 

YTTRIUM FROM NITRATE SOLUTIONS WITH 

CYANEX923 
Deqing Chu, Genxiang Ma and Deqian Li 
Lab of Rare Earth Chemistry and Physics, Changchun Institute of 
Applied Chemistry, Chinese Academy of Sciences, Changchun, 
130022 China 

The extraction of lanthanides (La - Lu except Pro) and yttrium from nitrate solutions with Cyanex 923 in heptane has been 
systematically investigated. The extraction equilibrium constants and mechanism have been determined. The separation 
factors of lanthanides and yttrium from nitrate solutions have been evaluated and it has been found that their separation 
factors with purified Cyanex 923 are different from those with non-purified Cyanex 923. Also the dependence of 
temperatures on the extraction of lanthanides and yttrium has been studied with purified and non-purified Cyan ex 923 and the 
thermodynamic parameters such as free energy (t.G), enthalpy (t.H) and entropy (t.S) have been calculated. The results show 
that temperature significantly affects the separation of lanthanum and yttrium from rare earths. The well-regulated changes of 
these parameters with increasing atomic number of rare earth elements take place. The results of the separations with Cyan ex 
923 of lanthanum from light rare earths and yttrium from heavy rare earths have demonstrated their practicality. 

Keywords: Cyanex 923, lanthanides, yttrium, mechanism of extraction, thermodynamics 

INTRODUCTION 

It is well-known that the P=O group of the neutral organophosphorus extractants plays an 
important role in the process of solvent extraction of metal ions. The extraction ability of metal ions 
increases with increasing oxygen electronic density in the P=O group, that is, (R0)3P=O < 
(R0)

2
RP=O < (RO)R2P=O < R3P=O. Accordingly, extractants such as (RO)R2P, R3P=O with higher 

extraction ability have become more and more important in the extraction of metal ions. Cyanex 923 
is a mixture of four trialkylphosphine oxides (R3PO), which has been recently produced by American 
Cyanamid Company, U.S.A. 1 

This extractant has the advantage of being liquid, completely miscible with all hydrocarbons, 
low solubility in the water, low extraction acidity and high extraction capacity_2.3 It has been 
suggested as a potential extractant for the separation of zirconium and hafuium.4 In spite of the 
reported extraction of several lanthanides and yttrium from thiocyanate and nitrate solutions with 
Cyanex 923,5

'
6 the effects of temperature, the use of purified and non-purified extractants, and the 

effect different proportions of metal ions on the extraction and separation of all lanthanides and 
yttrium, provide still challenges. In the present study, the extraction of all lanthanides (except Pm) and 
yttrium from nitrate solutions with Cyanex 923 in heptane has been systematically investigated. 

EXPERIMENTAL 

Reagents and Solutions 

Cyanex 923, supplied by Cyanamid Canada Inc., was used both as received without further 
purification, and with purification as described.7 The contents of the extractant are similar to those 
pub1ished.5 Heptane, analytical reagent quality, was used as a diluent in the present work. 

Stock solutions of all lanthanide and yttrium ions were prepared by dissolving their 
corresponding oxides (>99.9%) with nitric acid. The concentrations of rare earth ions were determined 
either by EDT A titration or spectrophotometrically using Arsenazo III as an indicator. The initial 
concentration of Cyanex 923 was determined by the method of acid saturation.7 The pH values in 
aqueous phase were measured by a pHS-3 model meter. All other reagents used were of analytical 
grade. 

Distribution ratios were determined by shaking equal volumes of aqueous and organic phases 
for 30 minutes in a glass stopped vial placed in a thermostat box with help of a mechanical shaker at 
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298 ± 1°K except in the experiments with varying temperature. The initial concentration of 
lanthanides and yttrium was 2.0-4.0x104 moVdm3 The concentration of metal ions in equilibrium 
aqueous phase was determined by spectrophotometer using Arsenazo III as an indicator and the 
concentration of metal ions in equilibrium organic phase was obtained by difference. These 
concentration values were used to obtain the distribution ratio, D. 

RESULTS AND DISCUSSION 

Extraction of lanthanides and yttrium with purified and non-purified Cyanex 923 

At constant concentration of sodium nitrate (0.5 moVdm3
) and Cyanex 923 (0 .023 moVdm3

) and 
constant pH (2.2), the extraction of lanthanides and yttrium from nitrate solutions with purified and 
non-purified Cyanex 923 has been studied. The relationship of logarithm of distribution ratio (log D) 
vs atomic number of lanthanides and yttrium are plotted in Figure 1. It is clearly seen that the D 
values increase with increasing atomic number of light rare earths with both purified and non-purified 
Cyanex 923, while D values decrease with increasing atomic number of heavy rare earths with 
purified Cyanex 923 but still increase with non-purified Cyanex 923. The position of yttrium is 
between Ce and Pr for non-purified Cyanex 923 but either between Ce and Pr or between Er and Tm 
for purified Cyanex 923, which demonstrates the significant possibility of complete separation of 
yttrium from heavy rare earths with non-purified Cyanex 923. It is also apparent that the extractability 
of rare earths(III) with purified Cyanex 923 was lower than that with non-purified Cyanex 923, this 
have been calculated under the present conditions, which provides important data for the analysis and 
selection of separation of rare earths. The results showed the acidic impurity in non-purified Cyanex 
923 may increase the extractability. The separation factors of lanthanides and yttrium are given in 
Tables I and 2. 

0.6 

0.4 

~ 0.2 0 
~ 

0 

-0.2 

57 59 61 63 65 67 69 71 

z 

Figure 1. Relationship of Log D vs atomic number of rare earths (Z) 
0 purified Cyanex 923; ll non-purified Cyanex 923; •-Yttrium 
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sYillb Ce Er Nd Sm Eu em Ib Ih: Ha Er Tm Yb I.u y 
La 1.98 2.72 3.38 4.52 4.84 3.95 4.91 4.76 4.24 4.22 4.73 4.90 4.36 2.78 
Ce 1.37 1.71 2.28 2.44 2.00 2.48 2.40 2.14 2.13 2.39 2.47 2.20 1.40 
Pr 1.25 1.66 1.78 1.46 1.81 1.75 1.56 1.55 1.74 1.80 1.60 1.02 
Nd 1.34 1.43 1.17 1.45 1.41 1.25 1.25 1.40 1.45 1.29 0.82 
Sm 1.07 0.88 1.09 1.05 0.94 0.93 1.05 1.08 0.96 0.62 
Eu 0.82 1.01 0.98 0.88 0.87 0.98 1.01 0.90 0.57 
Gd 1.24 1.21 1.07 1.07 1.20 1.24 1.10 0.70 
Th 0.97 0.86 0.86 0.96 1.00 0.89 0.57 
Dv 0.89 0.89 0.99 1.03 0.91 0.58 
Ho 1.04 1.17 1.21 1.08 0.69 
Er 1.12 1.16 1.03 0.66 
Tm 1.04 0.92 0.59 
Yb 0.89 0.57 
Lu 0.64 

Table 1 . Separation factors of rare earths with non-purified Cyanex 923 

symb Ce EI Nd Sm En G:d Th DY Ha Er Im Yb ldl y 
La 1.89 2.40 3.08 4.19 4.65 3.13 3.61 3.10 2.53 2.00 1.80 1.49 1.23 1.96 
Ce 1.27 1.63 2.21 2.46 1.64 1.91 1.64 1.34 1.06 0.95 0.79 0.65 1.04 
Pr 1.28 1.75 1.94 1.31 1.50 1.29 1.05 0.83 0.75 0.62 0.51 0.82 
Nd 1.36 1.51 1.02 1.17 1.01 0.82 0.65 0.58 0.48 0.40 0.64 
Sm 1.11 0.75 0.86 0.74 0.60 0.48 0.43 0.36 0.29 0.47 
Eu 0.68 0.78 0.67 0.55 0.43 0.39 0.32 0.27 0.42 
Gd 1.15 0.99 0.81 0.64 0.57 0.48 0.39 0.63 
Th 0.86 0.70 0.56 0.50 0.41 0.34 0.55 
Dv 0.82 0.65 0.58 0.48 0.40 0.63 
Ho 0.79 0.71 0.59 0.49 0.78 
Er 0.90 0.75 0.62 0.98 
Tm 0.83 0.69 1.09 
Yb 0.83 1.32 
Lu 1.59 

Table 2. Separation factors of rare earths with purified Cyanex 923 

Effect of La/Ce ratio in the mixture on the separation of La and Ce 

Usually a change of separation factor of adjacent rare earth ions takes place depending on the 
different concentration ratio of rare earths ions . 

For example, as seen from Figure 2, the separation factor of La and Ce is obviously changed 
with different ratios of La and Ce. It is evident from Figure 2 that the separation factors of rare earth 
ions slightly decreases with increasing the concentration of Cyanex 923 but increases largely with 
increasing the ratio of La/Ce. For example, the 13 values of rare earth ions with the line of symbol 'o' 
are largest for the ratio of La/Ce=9 and the 13 values decrease in the order of decreasing ratio of La/Ce. 
However, the !3 values with larger concentration of total rare earth ions are smaller than those with 
lower concentration .. 
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1 

0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 

[Cyanex 923] 

Figure 2. Effect of the concentration of Cyanex 923 and the different ratios of La and Ce on the 
separation factors of La and Ce 

o-[RE 3+]=0.42 mol/dm 3
, Ce/La=1:9 ; t.-[RE3+]=0.50 mol/dm 3

, Ce/La=l :4.6; 
D-[RE 3+]=0.50 mol!dm 3

, Ce/La=1:3 ; • - [RE 3+]=0 .83 mol/dm3
, Ce/La=l :9; 

*-[RE3+]=0 .50 mol/dm 3
, Ce/La=l:l 

Determination of extraction mechanism 

The results ofthe plots of Log D vs Log [Cyanex 923] and Log D vs Log [NaN03] show that 
the extraction reaction of rare earths ions with purified Cyanex 923 is expressed by the following 
equation: 

RE 3+ + 3N03 + 3Cyanex923(o) <::> RE(N03)3 · 3Cyanex923(o) 

[RE(N03 )3 · 3Cyanex923]( 0 ) 
Kex = ----,--------=------'-::'--

[RE3+ ][NO) ]3 [Cyanex923]l o) 

i . 
D(l + Z: l3i [NO) ]1 

1 

[NO) ]
3 

· [Cyanex923]l 
0

) 

Under the present conditions, the species extracted are mainly in the form of [RE(N03) \ and 
RE(N03)

2+. The above reaction has been confirmed by IR spectra of the extracted complexes.6 

Effect of temperature on the extraction of rare earths with Cyanex 923 

This was studied by keeping all other parameters constant and only varying temperature. The 
effect of atomic number of the rare earths on their extraction with both purified and non-purified 
Cyanex 923 is shown in Figures 3a and 3b. It is very interesting that the D values of rare earths 
increase obviously with decrease of temperature and the yttrium position shifts gradually with change 
of temperature. Particularly, the yttrium position can shift outside lanthanides at lower temperatures 
when using purified Cyanex 923, which might provide a significant method for the separation of 
yttrium from lanthanides. 

According to the Gibbs-Helmhotz's equation, the equation of C.(log K)/C.(Iff) = -t.H/2.303R 
can be easily obtained with the help of thermodynamic equations such as C.G0 = -RTinK and f.G 0 = 
c.H - C.S0

, the values of log K (from literature8
), enthalpy, entropy and free energy with purified 

Cyanex 923 have been calculated and are given in Table 3. 
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Figure 3. Effect of atomic number of rare earths on the distribution ratio of 
rare earths at different temperatures with Cyanex 923 

o-T=283K; O-T=293K; D-T=303K; D-T=313K ; -+yttrium position 
a : purified Cyanex 923 ; b : non-purified Cyanex 923 

Table 3. The values of Mi, L'iS0
, L'iG0 and log K with purified Cyanex 923 at 25°C 

La Ce Pr Nd Sm Eu Gd Tb 

LogK 5.98 6.26 6.36 6.47 6.61 6.65 6.48 6.54 

-Mi 83 .9 76.1 72.7 76.5 66.8 65 .2 69.7 66.4 

-L'iGo 34.1 35 .7 36.3 36.9 37.7 37.9 37 37.3 
L'iSo -161.9 -131.1 -103 .0 -86.2 -61.4 -52.9 -74.6 -62.0 

Dy Ho Er Tm Yb Lu y 

LogK 6.47 6.39 6.28 6.24 6.15 6.07 6.28 

-Mi 64.5 64.4 63.4 60.3 58 .2 56.5 47.4 

-L'iGo 36.9 36.4 35 .9 35 .6 35.1 34.7 35 .8 

L'iSo -47.8 -22.7 -11 .2 8.4 15.4 23.3 -2.0 

As seen from Table 3, It is evident that the "tetra effect" of thermodynamic functions as 
function of atomic number of rare earth elements has been observed. The values of Mi and L'iS0 

increase with increase of atomic number of rare earths, but those of L'iG0 and log K decrease with 
increase of atomic number of heavy rare earths. Most of the L'iS 0 values of rare earths are negative, 
which is mainly due to the decease of molecular number in the extraction reaction. However, those for 
heavy rare earths such as Tm, Yb and Lu are positive, which might be explained by the fact that many 
hydrated molecules are released, which result from decrease of atomic radii of rare earths with 
increase of atomic number of rare earths, which compensate for the decrease of molecular numbers in 
extraction reaction when the heavy rare earths are extracted into the organic phase. 

CONCLUSIONS 

The extraction of lanthanides ( La - Lu except Pm) and yttrium from nitrate solutions has been 
systematically investigated using both purified and non-purified Cyanex 923 in heptane. The results 
clearly demonstrate that: 1) the separation factors of rare earths with purified Cyan ex 923 are different 
from those with non-purified Cyanex 923; 2) the separation factors of metal ions are mainly dependent 
on the ratio of metal ions to be separated in the mixture, that is, the larger the ratio of metal ions, the 
larger the separation factors of metal ions; 3) the yttrium position can shift at different temperatures, 
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thus the separation of yttrium from lanthanides with Cyanex 923 can be easily obtained from this 
temperature effect. The well-regulated changes such as ' tetra effect' of thermodynamic functions (MI, 
LlG0

, LlS 0
, and log K) with increasing atomic number of rare earth elements have been observed. 
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ABSTRACT 

SEPARATION OF YTTRIUM AND NEODYMIUM FROM 

NITRATE SOLUTIONS BY DI(2-ETHYLHEXYL)

PHOSPHORIC ACID IMPREGNATED ON AMBERLITE 

XAD-2 RESIN 
M Iglesias, E Antic6 and V Salvad6 
Dept. de Quimica, Universitat de Girona. Campus de Montilivi, 
17071 Girona, Spain. 

Solvent impregnated resins (SIR) containing di(2-ethylhexyl)phosphoric acid (D2EHPA), were prepared by direct adsorption 
of the extractant onto Amberlite XAD-2. Extractant adsorption was studied as a function of both the nature of the organic 
solution and the extractant concentration used. The best conditions for a successful separation of Y(III) and Nd(IJI) have 
been evaluated. Previously the distribution equilibrium of yttrium were determined graphically and numerically as a function 
of both the metal concentration in the aqueous phase and the extractant concentration on the resin phase 

Keywords: yttrium(Ill), di(2-ethylhexyl)phosphoric acid, Amberlite XAD-2, solvent impregnated resin 

INTRODUCTION 

Solvent extraction of rare earths has been studied extensively as a separation and purification 
method of these metals. Among the extractants commonly employed di(2-ethylhexyl)phosphoric acid 
(D2EHP A) has the advantage of its separation efficiency, fast kinetics and low solubility in aqueous 
solution. 

The use of solvent impregnated resins (SIR) in metal extraction, separation and recovery 
offers many advantages over liquid-liquid extraction.' These new materials combine the versatility of 
extractants reagents used in solvent extraction with the properties of the solid phase. In this sense, the 
selectivity and kinetics of both techniques are comparable, increasing the efficiency in SIR. On the 
other hand, the elution process is easier than in the case of chelating resins. 

One of the characteristics of SIR, reported by Warshawsky2 and Muraviev;3 is the low 
solubility in water required for both the extractant and the solvent employed in its preparation. 
Nevertheless, the solvents most usually employed are acetone,4 ethanol or even mixtures of ethanol 
and water.5 The objectives of this work are the comparison of the impregnation process when 
solutions of D2EHPA are prepared using kerosene or Ethanol:H20 2:1 mixtures and the 
thermodynamic characterisation of the yttrium adsorption by the D2EHPA(kerosene)-XAD-2 system. 
The results of these studies have been applied to the separation of yttrium and neodymium from 
aqueous solutions containing different concentrations of these metals. 

EXPERIMENTAL 

Reagents and solutions 

Amberlite XAD-2 (20-60 mesh) was washed several times with different ratios of 
Dioxane:H20, Dioxane:Acetone and Dioxane:Ether. Afterwards, it was purified with a solution of 
50% methanol and 4 moUdm3 hydrochloric acid overnight. 

Di(2-ethylhexyl)phosphoric acid (D2EHPA), 97% Aldrich-Chemie (Germany), was used as 
received. The purity of the reagent was evaluated by titration against a 0.1 moUdm3 NaOH 
standardised solution. 

Aqueous stock solutions of yttrium at H+ concentration of 0.1 moUdm3 and mixtures of 
yttrium and neodymium were prepared from Y(N03)3.SH20, 99.9% Aldrich (USA) and 
Nd(N03)3, analytical 
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grade Fluka (Switzerland). The It concentration was adjusted using standardised HN03 solution. The 
metal concentration of the stock solution was determined after EDT A titration using Arsenazo III as 
indicator.6 Working solutions were prepared by dilution and appropriate volumes ofHN03 and NaN03 

standardised solution were added to adjust the It concentration and the ionic strength to the desired 
value. 

Kerosene "purum", Fluka (Switzerland), was employed as organic diluent after washing with 
H2S04, then several times with distilled water and finally dropped through KOH. Other reagents used 
were Panreac (Spain) of analytical grade. 

Apparatus 

A Labinco rotary mixer was employed to agitate aqueous solution with the resin. The 
concentration of the metal in the aqueous solution was determined by measuring the absorbance of their 
Arsenazo (III) complexes with a Hitachi U-1100 UV-visible spectrophotometer. 7 pH measurements 
were carried out using a pH-meter model micro pH-2000, Crison Instruments S.A. (Spain) and a Crison 
Model 50-02 combined electrode. For solutions containing a mixture of metals, the concentration was 
determined by Inductively Coupled Plasma (ICP) Emission Analysis, ARL model 3410 Minitorch 
(USA). 

Impregnation procedure 

The impregnation of XAD-2 beads was carried out by using the "wet method"2 Appropriated 
amounts of dry XAD-2 (0 .3 g) was placed into organic solutions containing different concentrations of 
D2EHPA in kerosene (0 .06-0.6mg/cm3

) or in ethanol:H20 2:1 (0.02-0. lmg/cm3
) for 6 hours until 

equilibrium was reached. After filtration, the impregnated resin was washed several times with water. 
The amount of adsorbed D2EHP A was evaluated after quantitative stripping with ethanol, and 
subsequent titration with standardised NaOH solution 0.1 moVdmJ 

Yttrium extraction by SIR 

An amount of SIR (0 .3 g) was contacted with 10 cm3 of Y(III) solution for 5 hours until 
equilibrium was reached. After separation of the solid phase, the yttrium remaining in the aqueous 
solution was analysed. The amount of yttrium adsorbed by the SIR was determined by mass balance. In 
some experiments, yttrium concentration in the resin phase was determined after elution with 6 moVdm3 

hydrochloric acid to verify the mass balance. 

Yttrium-Neodymium separations. 

Yttrium-Neodymium mixtures at two different HN03 concentrations, 1.0 and 0.032 moVdm3
, 

were kept in contact for 6 hours with 0.3 g of impregnated D2EHPA-XAD-2. After that, the metal 
adsorbed on the resin phase was stripped with 10 cm3 ofHC16 moVdm3 over two hours. 

All experiments were carried out at a controlled room temperature of 22 ± zoe and their 
reproducibility was verified in duplicate. 

RESULTS AND DISCUSSION 

Evaluation of the impregnation process. 

Data on D2EHPA adsorbed in XAD-2 at different extractant concentrations in the impregnation 
solution using kerosene and Ethanoi:H20 2: I are plotted in Figure 1. From this figure it can be observed 
that the quantity of extractant adsorbed in the polymer increases with the extractant concentration. 
Moreover, it also shows that the extractant retention in the polymer increases with the hydrophilicity of 
the organic solvent, this behaviour, which was also observed by Cortina et al. ,5 can be explained by the 
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formation of a dimer species of D2EHP A in kerosene8 that restricts the diffusion of the extractant into 
the polymer matrix. 

Yttrium extraction 

The kinetic studies of the extraction of Y(III) by D2EHPA impregnated XAD-2 resin in kerosene of 
ethanol :H20 2:1 are summarised in Figure 2. It shows that after 3 hours of contact equilibrium was 
reached and is no difference between the resin impregnated with kerosene than the one impregnated with 
ethanol: H20 2: 1. 
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Data on the amount ofY(III) extracted at different aqueous metal concentrations are plotted in 
Figure 3. It can be seen that, for both kerosene and ethanol: H20 2: 1 organic solvents, a plateau is 
reached. The maximum yttrium adsorbed by the resin was 0.025 moVK.g resin when XAD-2 with 0.66 
mol D2EHPA/Kg impregnated in EtOH:H20 2: I is used, and 0.021mol Y(III)/Kg resin when the XAD-
2 was impregnated with a kerosene organic solution giving a D2EHPA concentration of0.422 moVK.g. 

By analogy with liquid-liquid extraction, the distribution coefficient of the metal between the 
resin and the aqueous phase can be defined as the ratio of the total metal concentration in the resin 
phase and the total metal concentration in the aqueous phase, corrected by taking into account the 
volumes of the organic and aqueous phases. The organic phase volume was calculated taking into 
account the volumetric uptake of Amberlite XAD-2 according to Muraviev for toluene3 as data for 
kerosene are not available. Yttrium distribution data were plotted as log D versus log [(D2EHPAh]rree, 
where (D2EHPAh accounts for the dimer ofD2EHPA (Figure 4) . 

The extraction of yttrium with D2EHPA can be described by the following general reaction: 

y 3+ + n (HAb ~ YAJ.(2n-3)HA, + 3 Ir K.:x. (1) 

where HA symbolises a D2EHP A molecule and the subscript 'r' refers to the resin phase. Under the 
experimental conditions, i.e. 1.0 mol/dm3 HN03, the hydrolysis of yttrium can be neglected, but the 

1117 



Proceedings ISEC'99 

formation of metal complexes with nitrate ions must be taken into account.9 In this way, the 
equilibrium constant associated to reaction (1) in logarithmic form can be written as: 

log D =log~- 3 log (tt] -loga + n log [(HAh) (2) 

where a= 1+ ~~ [N03) + ~2 [N03)2 + ~3 [N03]
3 + ~4 [N03)4 + ~s [N03f + ~6 [N03)6 

Thus, a plot of log D vs log [(HAh] should give a straight line with an intercept equal to log~- 3 
log[tt] - loga and a slope equal to n. From Figure 4 log ~ and n values can be determined. The values 
obtained are collected in Table 1. 

[Y3+]tot (ppm) slope± t .S,Iope intercept ± t . S intercept logl<ex 

15 .6 1.94±0.14 2.87±0.12 2.93 
39.0 2.03±0.35 3.00±0.30 3.07 
54.6 2.19±0.39 2.93±0.33 2.99 
78.0 1.98±0.33 2.94±0.30 3.01 

Table 1. Results of the equilibrium study using graphical treatment. 

The experimental data were analysed numerically with the program LET AGROP-DISTR, 10 which is 
based on minimisation of the error-square sum, U: 

U = LN ( logDca1c- logDexp )2 (3) 

where Dexp are the experimental values of the distribution coefficient and Deale the corresponding values 
from the relevant mass-balance equation for a proposed model. N is the total number of experimental 
points. 

The input of the program includes the data corresponding to the equilibria involved in the 
system.9 For these calculations D2EHPA concentration was introduced as a monomer. In table 2, 
results of some chemical models are presented. The goodness of the fit of any model is evaluated by the 
values of U and standard deviation defined as cr(logD) = (U/N-Nk)112 where Nk is the number of 
constants to be determined. As seen in Table 2, slight differences are observed between the models III, 
IV and V. A special computational procedure was applied by allowing the programme to choose 
statistically from different possible stoichiometries. The calculation rejected all the proposed species 
considered besides YA3.HA with a formation constant log~= 3.35 which has been corrected taking 
into account the dimerisation of D2EHP A in the organic solvent. 11 This value is in good agreement with 
the results obtained in the graphical analysis of the experimental data . 

.................................. .. ~9.!?.~.~ .................................. !~s..P. ..................................... Y. .............................. ?: .............. .. 

I YA3.3HA 19.749±0.087 0.437 0.127 

II YA3.2HA 16.647±0.062 0.240 0.094 

III YA3.HA 13 .553±0.050 0.176 0.081 

IV YA3.2HA 15.629MAX16.632 
YA3.HA 13.509MAX13.806 0.175 0.082 GK 

v YA3.3HA 18.415MAX19.462 
YA3.HA 13 .531±0.232 0.175 0.082 GK 

where ~ stands for the reaction, Y3+ + 2n (HA), B YA3.(2n-3)HA, + 3Ir 

Table 2. Results of the equilibrium study using the LETAGROP-DISTR program. 
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Yttrium-Neodymium separation 

To apply the SIR system to the separation of neodymium and yttrium, solutions with different 
amounts of both metals have been tested. It is very difficult to choose a ratio of concentrations that 
could be similar to the relative abundance of these metals in nature due to the great differences between 
the ratios of light and heavy rare earth metals in the different mineral sources . In Tables 3 and 4 the 
results of separation of neodymium and yttrium using a D2EHP A /XAD-2 impregnated resin are 
presented. The impregnation has been carried out in kerosene (table 3) or in EtOH:H20 2: I (table 4). 

flf'] = l.O molldrn3 flf']=0 .032 molldrn3 

[Y3+] i [Nd3
+] i % Yext %Ndext %Yetu [Y3+] i [Nd3

+]i % Yext %Ndext %Yetu %Ndetu 

12.8 13 .5 48.5 2.0 89.5 10.5 10.4 99.4 87.7 108.3 89.0 

12.8 50.9 50.4 2.6 85.1 11.8 41.8 99.5 81.0 95 .6 83 .2 

50.3 13 .2 46.2 4.8 86.2 40.9 10.7 99.8 80.0 101.5 84.5 

52.6 51.8 47.5 5.8 76.8 42.2 40.9 99.8 67.1 98.0 86.4 

Table 3. Separation of Y(III) and Nd(III) with 0.42 mol D2EHPA/Kg impregnated onto XAD-2 
polymeric matrix with kerosene. 

The experiments have been carried out at different HN03 concentration (l.O and 0.032 
molldrn3

) due to the pH-dependence of the extraction process with D2EHP A. As can be seen in the 
tables, neodymium extraction increases at pH = 1.5 and the metal uptake for both metals is greater 
when kerosene is used as solvent in the SIR preparation. This fact can be explained by the loss of the 
solvent during the rinsing process, when EtOH:H20 2:1 is used to impregnate the resin. 

flf']= l.O molldrn3 1!:1"]=0.032 mol/drn3 

[Y3+] i [Nd3
+] i % Yext %Ndext %Yetu [Y3+] i [Nd3

+] i % Yext %Ndext %Yetu %Ndetu 

11.6 11.6 30.9 2.1 91.8 10.6 10.4 98.6 65.5 109.4 110.6 

11.7 46.3 31.1 2.1 87.5 11.8 41.8 99.0 55.0 92.5 94.6 

45 .1 11.7 26.5 0.0 82.7 40.9 10.7 98.8 53.0 99.7 98.7 

44.8 46.4 26.6 2.6 86.6 42.2 40.9 96.3 34.2 92.8 83 .7 

Table 4. Separation of Y(III) and Nd(III) with 0.42 mol D2EHPA/Kg impregnated onto XAD-2 
polymeric matrix with EtOH:H20 2: I. 

To improve the separation of both metals, another experiment with a higher D2EHPA concentration on 
the SIR has been carried out. The acidity of the aqueous phase was adjusted to l.O mol/drn3 to favour 
only the yttrium adsorption (Table 5). In these conditions, the separation of yttrium and neodymium is 
almost achieved and the elution of yttrium using HCI6 molldrn3 is nearly quantitative. 
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[Y3+l [Nd
3
+li % Y extnlction % Nd.xtnlction % Yelution 

11.6 11.6 79.9 0 86.0 

11.7 46.3 82.7 2.3 90.3 

45 .1 11.7 83.9 1.0 86.4 

44.8 46.4 80.8 1.1 89.3 

Table 5. Separations of Y(III) and Nd(III) with [D2EHPA] =1.34 mol/Kg impregnated onto XAD-2 
polymeric matrix with EtOH:H20 2:1. Aqueous phase [W]=l.O moUdm3 
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ABSTRACT 

DISTRIBUTION OF NEODYMIUM{III) BETWEEN 

ACIDIC AQUEOUS NITRATE SOLUTIONS AND 

ORGANIC SOLUTIONS OF DI-(2-ETHYLHEXYL)

PHOSPHORIC ACID IN KEROSENE AT LOW METAL 

CONCENTRATION 
JM Sanchez', M Hidalgo', M V aliente1 and V Salvad61 

1Dept. Quimica, Universitat de Girona, Facultat de Ciencies, 
Campus Montilivi s/n, 17071-Girona, Spain 
2Dept. Quimica, Universitat Autonorna de Barcelona, Facultat de 
Ciencies Edifici CN, 08193-Bellaterra, Barcelona, Spain 

The solvent extraction of neodymiwn (III) from O.lM nitrate solutions by di-{2-ethylhexyl)phosphoric acid (D2EHPA) in 
kerosene has been characterized at low metal concentration. The influence of the diluent on the speciation of the system has 
been studied by graphical and nwnerical analysis of the metal distribution data and compared to the results obtained in 
hexane. Nd(ill) was extracted by ion-exchange reactions via the species NdAdHA, NdA3·2HA and NdA3 in the organic 
phase, with logarithm of stability constants equal to 15.42, 12 .32 and 4.12 respectively. 

Keywords: neodymiwn, D2EHPA, diluent effect 

INTRODUCTION 

The separation of Rare Earth Elements (REE) by liquid-liquid extraction is one of the most 
extensively used methods to obtain high purity metals. Among the extractants developed for this 
purpose, organophosphorous compounds present a high selectivity and extraction efficiency in the 
separation of these chemically similar elements.1 The extraction constants with these extractants are 
high compared . to solvating reagents due to the complex formation reaction between the acidic 
compound and the metal ion. Among the alkylphosphoric acids, di-(2-ethylhexyl)phosphoric acid 
(D2EHPA) presents the advantages of its chemical stability, good kinetics of extraction, versatility of 
extraction of various metal ions and commercially available. 

The diluent used in the organic phase has a great influence on the extraction process using 
organophosphorous acidic extractants2 because the different polymerization of the extractants depends 
on the diluent. In diluents of low polarity, the formation of dimer species (H2A2) with stable eight
member ring has been reported.1 This cyclic structure is maintained when the complex with the metal 
ion is formed in presence of an excess of extractant in relation to metal concentration. In this situation, 
only one hydrogen ion is displaced and the anion HA2. acts as a ligandY Aliphatic hydrocarbons, such 
hexane, are the diluents most used in the extraction of REE with D2EHP A, but its high volatility 
prevents its use in industrial applications. Thus kerosene is a good low cost alternative to hexane. 

The aim of this work is to carry out a systematic study on the speciation of the organic phase in 
the distribution of neodymium (III) between aqueous nitrate media and D2EHP A/kerosene organic 
solutions. 

EXPERIMENTAL 

Neodymium nitrate, analytical grade, was purchased from Fluka (Switzerland). A stock 
solution of 25 mmol ctm·3 of neodymium in O.lmol dm'3 nitric acid was standardized chelatometrically 
with EDTA in acetate buffer using Xylenol Orange as indicator.5 Working solutions, in the range 1·10'5 

to 1·10·4 mol ctm·3, were prepared by dilution. Appropriate volumes of nitric acid and sodium nitrate 
standardized solutions were added to adjust the proton concentration and the ionic strength to the 
desired value. Ionic strength was kept equal to O.lmol dm'3 in all the experiments. Kerosene used as a 
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diluent was obtained from Fluka (Switzerland) . The composition was 60% of aliphatic hydrocarbons 
and 40% of aromatic, with a major predominance of the molecules with 11 and 12 carbon atoms 
(50%)". It was washed several times with sulfuric acid, potassium hydroxide and water before use. 
Di-(2-ethylhexyl)phosphoric acid (D2EHP A), 97% purity, was obtained from Aldrich (Germany). 
Appropriate concentrations of the acidic extractant were prepared by dilution in kerosene. The 
D2EHPA concentration in the organic solutions ranged from 0.01 to 30 mmol dm-3

. All other reagents 
used were of analytical grade. 

The experimental data were obtained by a two phases titration with NaOH using an automatic 
setup composed of a potentiometric system and a flow injection analysis system, described in a previous 
work.6 A thermostated bath was used to keep the temperature at 25 ± l°C within the extraction cell. The 
concentration of neodymium in the aqueous phase was measured "in situ" by a Flow Injection Analysis 
(FIA) system with Arsenazo III as a colorimetric reagent (r.s.d. 1.5%). 

To verify the equilibrium of the chemical system and the metal mass balance, some stripping 
experiments were carried out with HN03 solutions. The good agreement between potentiometric curves 
corresponding to extraction and stripping experiments indicates that both have been accomplished. 

All constants related to the equilibrium involved in the system are used for the calculations: 
formation of neodymium nitrates and hydroxides in aqueous phase, 7 dimerization of D2EHP A in organic 
phase (K2), its distribution between phases (K0 ) and its acidity in aqueous phase (K.). 8 

RESULTS AND DISCUSSION 

The extraction of neodymium with D2EHP A occurs via an ion exchange mechanism that can be 
expressed by the following reaction: 

Ndt.~l +3(HA) 2<•rgl ~ NdA3·3HA<orgJ +3H(aql (1) 

This equation shows the dependence of the extraction system on the pH and D2EHP A concentration in 
the organic phase. The equilibrium constant, K, associated to the extraction reaction is: 

and in logarithmic form: 

log K =log D + 3loglH+ j- 3log[(HA)2 ] 

where D is the metal distribution coefficient defined by: 

c D = Nd(llll • ., 

C Nd(lll)oq 

(2) 

(3) 

(4) 

The experimental data are represented in Fig. I in terms ofthe logarithm ofD as function of the 
dimer concentration in the organic phase at different pH values (all these points were obtained with 
D2EHPA concentrations higher than 10 mmol dm-3

). According to equation 3, a linear relationship with 
slopes equal to 3 is obtained if log D is plotted against either log[(HA)2] or pH. The slopes calculated 
from Figure 1 are all close to 3. This result verifies the assumption made in equation 1 that three 
molecules of dimer are associated to each metal ion and allows the graphical calculation of the 
extraction constant from equation 3 (log K = 2. 71 ±0. 29). 

• Information supplied by Fluka Chemie AG 

1122 



Metal and Non-metal Extraction 

In Figure 2, the representation of log D vs pH at different D2EHP A concentrations gives more 
information about the extraction system. The slopes found when the concentration of D2EHP A is over 
10 mmol dm-3 are close to 3 according to equation 3; for concentrations lower than 10 mmol dm-3, two 
slopes of approximately 1.0 and 2.5 were obtained. This fact seems to indicate that other species than 
NdA3·3HA are present in the organic phase. 
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Figure 1. Extraction ofNd at fixed pH values and varying D2EHPA concentrations. 
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Figure 2 Extraction ofNd at fixed D2EHPA concentration and varying pH values. 

To elucidate the stoichiometries of the species formed in the organic phase and the values of their 
stability constants, a numerical treatment of the data has been carried out using the LETAGROP
DISTR program.9 The results of the computer analysis are collected in Table l. As can be seen in this 
table, when D2EHP A concentrations are higher than 10 mmol dm'3, the model that best fit the 
experimental data is composed of the species NdA3·3HA and NdA3·2HA. At lower concentrations, a 
new species, NdA3, is also present in the organic phase. 
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Based on this model, the distribution diagram ofNd(III) species was calculated in Figure 3. This 
diagram shows that species NdA3 is predominant in the interval 0.1 to 20 mmol dm"3, while NdA3·3HA 
is the main species for total D2EHPA concentrations above 20 mmol dm-3. Besides these, the 
NdA3·2HA fraction has a maximum value of 30% and is present at D2EHP A concentrations between 1 
and 100 mmol dm-3. 

log (02EHPA] 

Figure 3. Distribution diagram ofNd(III) species calculated from the constant values in Table 1 (pH 
= 3 and 0.1 mmol dm-3 Nd(III)). 

Model log 13 u 
[D2EHPA] > 10 mmol dm·3 

NdA3 5.99±0.25 0.26 5.01 

____________ NdA3· 3~---------- 15 .43±Q.:_!.Z ______ Q.J.1 1.49 
NdA3·2HA 12.29±0.12 0.17 2.03 
NdA3·3HA 15.42±0.18 0.10 1.15 
NdA3·2HA 12.27±0.13 

NdA3 MAX 5.09 
[D2EHPAJ<l0 mmol dm-3 

NdA3 5.94±0.25 0.28 9.16 
NdA3·3HA 15.64±0.22 0.23 6.38 
NdA3·2HA 12.39±0.13 0.15 2.05 
NdA3·3HA 15 .42±0.23 0.19 3.8 

NdA3 4.82 MAX 5.20 

NdA3·3HA 16.01 MAX 0.12 2.3 
NdA3·2HA 16.30 

NdA3 12.37±0.15 
4.12±0.14 

• The goodness of the fit of any model is evaluated by the values of U and standard deviation, defined 
as U =I: (log Deale. - Log Dexi and cr (logD) = (U/N-Nk)05

, where N is the number of experimental 
points and Nk is the number of constants to be determined. 

Table 1. Results obtained by numerical treatment of the experimental data for the extraction ofNd(III) 
by D2EHP A in kerosene using LETAGROP-DISTR computer program. 

The formation ofNdA3 has been previously reported in hexane with a log 13=4.94±0.05, very similar to 
the calculated value in kerosene (Table 1). At this low concentration, the dimerization of D2EHPA is 
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not significant and the extractant mainly exists as a monomer. Moreover, the alkylphosphorous acids 
tend to saturate the interface, 10 and interact with water molecules by hydrogen bonding.11 In these 
conditions, the formation of the complex NdA3 can be written in the form: 

(5) 

When the concentration of the extractant increases, the formation of the species NdA3·2HA and 
NdA3·3HA take place in the organic phase. The influence of the diluent on the speciation of neodymium 
(III)-D2EHPA extraction system became evident from the formation of the species NdA3·2HA when 
kerosene is used as diluent. This species has not been reported in the case ofD2EHPA-hexane solutions. 
On the other hand, the stability constants ofNdA3· 3HA and NdA3 species are slightly different in both 
diluents. 
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ABSTRACT 

SOL VENT EXTRACTION STUDIES OF ERBIUM(III) BY 

2-ETHYLHEXYLPHOSPHONIC ACID MON0-2-

ETHYLHEXYL ESTER (IONQUEST 801) FROM 

HYDROCHLORIC ACID SOLUTIONS 
10 Masson1

, PSM Soares\ M Aguilar2 and JL Cortina2 

1 CETEM, National Council for Cientific and Technological 
Development, Rio de Janeiro, 21941-590, Brazil. 
2 Chemical Engineering Dep, Universitat Politecnica de Catalunya, 
Barcelona, Spain. 

In this work the chemical modelling of Er(lll) extraction from HCI solutions reproducing processing conditions at high 
Er(lll) metal contents (gldm3

) using a phosphonic acid ester (Ionquest 80 I) dissolved in isoparaffin was carried out. Analysis 
of the metal distribution showed that Er(III) extraction could be explained assuming the formation of metal complexes such as 
ErL3(HL)3,o. The extraction constants for different ionic strength are given. 

Keywords: erbium, Ionquest 80 I , modelling. 

INTRODUCTION 

Rare earth (RE) elements have been used in several applications, mainly in chemical, 
materials and electronic industries. To achieve high purity compounds (or elements) suitable for these 
advanced technologies, very complex processes are commonly used. 1 The purification of aqueous 
solutions containing lanthanides aiming to obtain high purity single elements or groups of elements is 
most usually performed by solvent extraction (SX). For the last several years, a systematic 
investigation of the extraction behaviour of selected trivalent lanthanides at equilibrium has been 
undertaken. These studies have been performed using a variety of chelating agent families. Their 
purpose was to know how chelating extractants of improved selectivity towards an individual 
lanthanide could be obtained? The separation of rare earths by SX is usually carried out with acidic 
alkylphosphorous extractants, phosphoric, phosphonic and phosphinic derivatives.3-

7 Although, the 
alkylphosphonic acid derivatives are usually less effective regarding extraction of the rare earth 
cations than the corresponding alkylphosphoric derivatives, they lead to higher separation factors. In 
addition, alkylphosphonic derivatives are more easily stripped and have good hydrodynamic 
behaviour.+7 

Several studies are described in the literature involving rare earth extraction from hydrochloric 
acid media using phosphonic acid derivatives such as Ionquest 801 (2-ethylhexylphosphonic acid, 
mono-2-ethylhexyl ester). Yet different aspects of these systems have been addressed, the studies are 
usually carried at low rare earth metal concentrations (J.Lg/dm3 to mgldm3

).
5
-
7 Interest in these systems 

has recently increased mainly because of their close connections to some hydrometallurgical 
processes. Thus, rare earth chloride hydrometallurgy at high concentrations, seems to demand further 
investigation concerning the behaviour of individual extraction systems over a relatively wide chloride 
concentration range. Such investigations require precise determination of the extent of the influence 
of the different parameters associated with the extraction process, e.g. composition of organic and 
aqueous phases, stoichiometry of extracted products, mass action law, mass-transfer kinetics, etc. 

Therefore the objective of this work is the study of Er(III) SX from solutions reproducing 
processing conditions at high proton and Er(III) contents (gldm3

) using a phosphonic acid derivative 
(lonquest 801) dissolved in isoparaffin. The distribution coefficient (D) was determined as a function of 
acidity, Er(III) concentration and ionic strength. The data were analysed graphically and numerically 
using the program LETAGROP-DIS1R.8 
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EXPERIMENTAL 

Reagents and solutions 

Ionquest 801, 2-ethylhexylphosphonic acid, mono-2-ethylhexyl ester (HL), kindly supplied by 
Albright & Wilson, was conditioned before use by treatment with aqueous hydrochloric acid solutions. 
Stock solutions ofEr(III) (1 g/dm3

) were prepared by dissolving the corresponding oxide (Er20 3) (Aldrich 
a.r.) in the stoichiometric amount of HCl (Merck, a.r.), and were standardised by the usual titrations.9 

Isoparaffin, a mixture of hydrocarbons with a distillation range 170-21 OC was used as received (Unipar 
Quimica, Brazil). 

Erbium (ill) distribution with Ionguest 801-isooaraffin solutions 

The extraction ofEr(III) was carried out with batch experiments at room temperature (25 ± 1C). 
Equal volumes of Ionquest 801 diluted in isoparaffin and aqueous solution were mixed mechanically in 
glass tubes with an aqueous solution (10 cm3

) . Six different ionic strength levels were examined: 0.5, 1, 
1.5, 2, 2.5 and 3 mol/dm3 (Er(III), Ir/CL To standardise the shaking step of the experiment, Er(III) 
concentration was determined as a function of time. Ten minutes were considered enough to achieve 
equilibrium. A high-speed centrifuge was used for phase separation and the equilibrium proton 
concentration was measured by acid-base titration. Er(III) content in both phases was determined by ICP 
and complexometric titrations9 at low and high concentrations respectively. 

[ Er ]0 [if]; [if]. I LogD [ Er ]0 [if]; [if]. I LogD 
(molldm3

) (molldm3
) 

0.044 0.737 0.841 1.0 0.49 0.252 0.726 0.976 2.2 -0.38 
0.043 0.518 0.704 0.8 0.80 0.251 0.516 0.886 2.o -0.25 
0.043 0.306 0.490 0.6 1.18 0.255 0.315 0.641 1.8 -0.16 
0.044 0.104 0.358 0.4 1.00 0.249 0.103 0.539 1.6 -0.04 

0.252 0.012 0.407 1.5 -0.01 

0.084 0.730 0.999 1.2 0.19 0.337 0.003 1.751 2.0 -0.20 
0.084 0.517 0.808 1.0 0.47 0.344 0.739 0.992 2.8 -0.50 
0.084 0.312 0.584 0.8 0.75 0.340 0.513 0.774 2.6 -0.40 
0.084 0.103 0.451 0.6 1.21 0.341 0.307 0.646 2.4 -0.33 
0.085 O.Q15 0.274 0.5 1.38 0.341 0.100 0.482 2.1 -0.23 
0.085 0.002 0.283 0.5 1.52 0.335 0.010 0.411 2.0 -0.23 

0.167 0.729 0.952 1.7 -0.14 0.417 0.723 0.983 3.2 -0.60 
0.168 0.518 0.752 1.5 0.01 0.417 0.517 0.429 3.0 -0.55 
0.168 0.304 0.606 1.3 0.13 0.421 0.314 0.729 2.8 -0.44 
0.168 0.100 0.523 1.1 0.31 0.418 0.102 0.473 2.6 -0.40 
0.167 0.013 0.380 1.0 0.36 0.418 0.011 0.402 2.5 -0.36 
0.169 0.003 1.601 1.0 0.38 0.415 0.003 0.371 2.5 -0.36 

Table 1. Log D values as function of the initial molar concentrations of E?+ ([Er3+]o) and hydrogen 
ion concentration ([II'"];]) for lmol/dm3 [Ionquest] in isoparaffin. 

RESULTS AND DISCUSSION 

Graphical and computer modelling 

The distribution of Er(III) between the organic phase, containing Ionquest 801 (HL), and the aqueous 
phase can be obtained directly as: 
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D [Er(III)] 0 

[Er(III)] 
(1) 

where [Er(Ill)]o and [Er(Ill)] denote the total concentration of Er(Ill) in the organic and in the aqueous 
phase respectively. 
In general, the extraction behaviour ofEr(Ill) ions with Ionquest 801 could be described by the following 
general reaction: 

Er3+ + (p + q- t) HL, + t X<=> MXt LJ-dHL )q,r + (3- t) F (2) 

Determination of stoichiometric coefficients( p,q,t) . 
Data in Table 1 were classified into six different groups according to their total ionic 

strengths: 0.5, 1.0, 1.5, 2.0, 2.5 and 3.0 moVdm3 for their graphical and numerical treatment. The 
number of exchanged protons per mole of extracted metal (p) was calculated from the acidity balance: 

[F]eq=[W]i + p[Er ]0 

p = 3 being the number which better explain the acidity balance and indicating that chloride ions are 
non-extracted to the organic phase i.e. t = 0. 

Finally, and taking into account that all sets of experiments where carried out at 1mol/dm3 

extractant concentration, it was not possible to determine the number of extractant molecules in the 
extracted complex. A literature survey indicated that in all studies published for Er and other rare earth 
metals5

-
7 a total number of six molecules was selected to explain the extraction results. Thus, equation 

(2) can be expressed as: 

(3) 

Following the approach developed10
'
11 in the study of metal extraction reactions the corresponding 

equilibrium constant of the extraction process {K0
) is defined: 

(4) 

where Yi and y i,o denote the activity coefficients of "i" species in the aqueous and the organic phase, 
respectively. Rearranging equation (6), the following expression may obtained: 

(5) 

where K•1 is the stoichiometric equilibrium constant for the extraction reaction for a given ionic strength 
(1): 

* KJ 
[ ErL3(HL })1 0 [ H+ 13 

[ Er3+ 1 [HL 1~ 
(6) 

and " f(I)" is the term containing all the activity coefficients. As a preliminary hypothesis, the term f(I) 
can be expected to remain constant as long as the ionic strength in the aqueous phase is constant and the 
variations in organic phase concentrations are small. 
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Taking into account the extraction reaction and the speciation ofEr(Ill) in the aqueous phase12
: 

[Er (III)]. =[Er 3+ ]+[ErCI + ]=[Er 3+ ](I+~ErCI [CI- ])=[Er 3+ ]a 

a = I3Era[Cl1 
(7) 

where l3oc1 is the stability constant for the formation of the ErC12+ in the aqueous phase. At constant 
ionic strength [Cr] is constant and thus a constant. 

To obtain the extraction constant for the different ionic strengths the stability constant of the 
erbium-chloride complex needs to be known at each ionic strength. Using the Bromley equation13 the 
formation constants can be related to the values can be related to the determined values12 at the ionic 
strength I= 0.1 mol/dm3 in the in the following way: 

logp ErCI(I) = logp ErC/(0.1) + log(y a (I) I y a (0.1)) + 0.51(3 -1) 2[.JQ.i I (1 + 15.JQ.i)- .J/ I (1 + 15F/)] 
(8) 

where l3oc1(1) stability constant for formation of ErCf+ at ionic strength I. From this equation the 
stability constants 13Ere1 and a have been computed at each ionic strength. 

Experimental data obtained were evaluated by the computer program LETAGROP-DIS1R. In 
this program, for a given model, the computer searches for the best set of equilibrium constants K\ that 
would minimise the sum squared error defined by: 

U = I: (log Dexp - log Deale f 9 

where Dexp is the distribution ratio of metal (II) determined experimentally and Dca1 is the value calculated 
by the program solving the mass balance equations, assuming a particular set of species and constants. 
Furthermore the equilibrium constants for the extracted complex were also determined for the different 
ionic strength and . are shown in Table 2. 

The good agreement obtained between experimental and calculated values give as confidence of 
the proposed model as can be seen in Figure 1. 

-1 0 2 

logDaxp 

Figure 1. Comparison between logD experimental and logD predicted for Er(III) extraction for the 
different ionic strength values 

0.5 
1.0 
1.5 

logK (I) 
11.63±0.21 
11.73±0.18 
11.78±0.12 

2.0 
2.5 
3.0 

log K'(I) 
11.85±0.16 
11.95±0.12 
12.07±0.11 

Table 2. Values of the extraction constant K (I) at different ionic strengths. T=298K. 
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Dependence of the extraction constant K•! on the ionic strength m 
The results at different I values indicate as expected that the composition of the extracted 

species is independent on the ionic strength whereas the formation constants varies with I. To 
correlate the values of these constants with the ionic strengths the Guggenheim and V asilev approach 
has been used. 14 According to these authors the dependence of the formation constants on I, is given 
by: 

logK = logK.o - Az
2 

AJ/ + L b(i, k)Ik 
1 + 1.5J/ 

with 

10 

l:::.z
2 

:LnjZ
2
j-:LljZ

2
! 11 

where ni denotes the stoichiometric coefficients of the reacting ionic species of charge Zj (Er+ in 
equation (2)) and r1 are the corresponding coefficient for the ionic species formed in reaction (3). K1 

and K0 represent, formation constants at the ionic strength I and 0 respectively, b is the ionic 
interaction coefficient of the species i and K, A= 0.511 and I is expressed in mol.dm-3

• 

In our case j represents Er3+ and 1 = 0 because the species in the organic phase are associated (non
ionic). Then, Z2 = 9 and equation (10) can be written: 

1 P * 9AJ/ 
og 1 + - _1_+_1 __ '-sJ/-.=I logpo + L bl 12 

so plotting logl3•1 +9A ..JIJ(l + 1.5 ..JI) versus I a straight line is obtained (Figure 2) 

li) 15 
c:i 

~::c¢71 
c 14.5 + in 

=-....: 14 -+ Gl..-
&'iii 13 .5 - c:i 

c 
Ci: 13 
GO 

0 2 3 4 

I(M) 

Figure 2. The function logl3•1 +9A ..JI/(1+ 1.5 ..JI) (equation 12) plotted for different ionic strengths. 

From the intercept and the slope of these lines the formation constant at zero ionic strength 
and the sum of the specific interaction coefficient, ~b. has been determined. In the present case 
~b=e(Er+, en Neglecting the first point, the data extrapolated to log K0 = 13.20 and the interaction 
coefficient= e(Er3+, en was determined as 0.35 estimated from the slope of the straight line in Figure 
2. This value seems to be consistent with the present literature. 15

'
16 For e(Er+, en the value is 0.33 

and for = E(Jn3+, er) it is 0.45, which are consistent since the interaction coefficient is expected to 
increase as the ionic radius rises. 
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ABSTRACT 

SYNERGISTIC AND ANTAGONISTIC BEHAVIOUR IN 

THE STRIPPING OF HEAVY RARE EARTH ELEMENTS 

FROM SOLVENT MixTURES CONTAINING 

PHOSPHONIC AND PHOSPHINIC ACIDS AND 

TRIALKYLPHOSPHINE OXIDES 
Donato Nucciarone, Christina D Pagnucco, Boban Jakovljevic 
and William A Rickelton 
Cytec Canada, Inc., Phosphine Technical Centre, P.O. Box 240, 
Niagara Falls, Ontario L2E 6T4, Canada 

The stripping behaviour of ytterbium loaded organic solvent mixtures containing the mono-(2-ethylhexyl) ester of 2-
ethylhexylphosphonic acid and bis-(2,4,4-trimethylpentyl)phosphinic acid was examined as a function of trialkylphosphine 
oxide concentration. Depending on the acid used, either a synergetic or antagonistic effect was observed. Stripping with HCl 
of varying concentrations showed a synergic effect as trialkylphosphine oxide concentration increased, while stripping with 
HN03 showed an antagonistic effect. 

Keywords: lanthanide (ytterbium) stripping, Cyanex 921 , 2-ethylhexylphosphonic acid mono-(2-ethylhexyl)ester, bis-(2,4,4-
trimethylpentyl)phosphinic acid, Cyanex 272, 

INTRODUCTION 

The recovery of high purity rare earth elements (REE) by solvent extraction has and continues 
to be the subject of much study. 1

'
2
'
3 Organophosphorus acids have been examined extensively and the 

mono-2-ethylhexyl ester of ethylhexylphosphonic acid currently appears to be the reagent of choice 
within the industry. One exception is in the recovery of the heavy rare earths that are very strongly 
extracted by phosphonic and phosphoric acids and require, for example, 6 molldm3 HCl for stripping. 
This leads to high neutralisation costs in the recovery of these elements and in contamination of the 
final product by chlorides. 

Phosphinic acids have not been used commercially for REE separation. While, in some cases, 
they exhibit higher selectivity than their phosphoric and phosphonic acid counterparts, they have, 
disadvantageously, significantly lower loading capacities and distribution coefficients. However, it has 
been found that synergetic mixtures of phosphonic and phosphinic acids can be stripped of heavy REE 
quite readily while, simultaneously, maintaining the selectivity, loading capacity and distribution 
coefficients associated with phosphonic acid derivatives.4

'
5 

However, commercial grade phosphinic acids, particularly CY ANEX<!!l 272• extractant, 
contains significant quantities of a trialkylphosphine oxide impurity. This investigation has 
determined that this impurity can have a significant effect of the stripping characteristics of the 
phosphonic/phosphinic acid mixtures. 

EXPERIMENTAL 

The bulk of the studies were done using Yb3
+ as representative of the heavy REE. A 

0.1mol/drn3 stock solution was prepared by dissolving solid YbCh-6H20 (Alfa-Aesar, 99.9% purity). 
A stock solution ofLu3

+ was prepared in a similar manner. 
The various solvents were prepared by combining the appropriate amount of phosphinic acid, 

phosphonic acid and trialkylphosphine oxide then diluting with EXXSOL <!!l D80 (Exxon Corporation). 
The Cytec extractant CYANEX<!!l 272 contains bis-(2,4,4-trimethylpentyl)phosphinic acid 

(BTMPP A) as the principal component at levels of 85-89% by weight. Also present is tri-(2,4,4-
trimethylpentyl)phosphine oxide (TfMPPO) at levels of 10-12% and mono-(2,4,4-
trimethylpentyl)phosphonic acid at levels of up to 1%. BTMPP A was obtained from CY ANEX<!!l 272 

• Trademark and Registered Trademark 
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by removal ofTfMPPO. This was accomplished using a modification of the procedure reported by Fu 
Xun, et al.6 A I dm3 volume of 20% by volume CY ANEX<!!> 272 in hexane was shaken with a 1 dm3 

solution containing 26 g Na2S04 and 33 g NaOH. The resulting three phases were allowed to separate. 
The upper phase was enriched with TfMPPO. The lower phase contained the sodium salt of mono
(2,4,4-trimethyl-pentyl)phosphonic acid. The middle phase consisted of a microemulsion enriched in 
the sodium salt ofBTMPPA and residual TfMPPO. The middle phase was separated from the upper 
and lower phases. This middle phase was then extracted five times with equal volumes of hexane. 
Each successive wash removed additional TfMPPO. After the final wash the acid form ofBTMPPA 
was obtained by washing with 100 g/dm3 sulphuric acid. Hexane was removed by distilling under 
vacuum using a rotary evaporator. The resultant BTMPPA contained <50 mg/dm3 TfMPPO. 

The phosphonic acid, EHEHPA, obtained from Albright & Wilson (IONQUES~ 801), 
contained 97.4% by weight phosphonic acid and used as received. 

The phosphine oxides used were either TfMPPO present naturally in CY ANEX<!!> 272 or 
trioctylphosphine oxide (TOPO) from Cytec as CYANEX<!!> 921, which contained >93% TOPO. 

Solvents with the compositions listed in Table 1 were prepared. Each solvent mixture was 
washed with an equal volume of 100 g/dm3 HCl, followed by a wash with deionized water. The 

·solvent was then centrifuged (2000 rpm, 30 minutes) to remove any entrained water. 
Loading of the solvents was carried out as follows . To a 2 dm3 baffled flask was added 500 

cm3 of O.lmol/dm3 Yb3
+. With vigorous stirring an equal volume of solvent was added. Using 100 

g/dm3 NaOH the mixture was adjusted to pH= 3.0. The mixture was allowed to stir for an additional 
ten minutes then poured into a separatory funnel and the phases separated. For solvents A-D a 
precipitate was observed settling at the organic/aqueous interface. In all cases the organic phase was 
centrifuged and the resultant clear organic phase collected. 

The following procedure was used to determine solvent loading. A 25 cm3 aliquot of loaded 
solvent was shaken with an equal volume of 3 mol/dm3 HCl on a Burrell wrist action shaker for 25 
minutes. The two phases were separated and centrifuged. The aqueous strip liquor was kept for ICP 
analysis. The stripped organic was mixed with a fresh volume of 3 mol/dm3 HCI. This stripping 
process was repeated three times, each time with a fresh aliquot of 3 mol/m3 HCI. The strip liquors 
were combined, diluted to volume and Yb concentration determined. 

Solvent BTMPPA EHEHPA TfMPPO TOPO Yb 
(mol/dm3

) (mol/dm3
) (mol/dm3

) (mol/dm3
) (mol/dm3

) 

A 0.5 0.5 0 0 0.093 
B 0.5 0.5 O.o7 0 0.090 
c 0.5 0.5 0 0.1 0.093 
D 0.5 0.5 0 0.2 0.093 
E 0.75 0.75 0 0 0.092 
F 0.75 0.75 0.1 0 0.100 
G 0.75 0.75 0 0.2 0.094 

Table 1. Solvent Compositions 

The stripping studies were carried out as follows. Stock solutions of HCI and HN03 were prepared 
having the following concentrations: 0.5, 1.0, 1.5, 2.0, 4.0, 6.0 mol/dm3

• For each test 25 cm3 of acid 
and 25 cm3 of loaded organic were combined in an iodine flask. The flasks were shaken for 25 minutes 
on a Burrell wrist-action shaker at 21 °C. The phases were allowed to separate. The aqueous phase was 
sampled and analysed after dilution. 
Rare earth analyses were by ICP spectroscopy using matrix matched standards. Serial dilutions were 
with 2% HN03• The wavelengths used were 369.419 and 339.707 nm for Yb and Lu, respectively. 
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RESULTS AND DISCUSSION 

Loading of the solvents did not reveal any apparent trends as indicated by the results listed in 
Table 1. Yb concentration in the solvents ranging from 0.09 to 0.10 moVdm3 indicated that the loading 
conditions transferred the bulk of the Yb from the aqueous to the organic phase. 

Loading of the solvents A-D resulted in the formation of precipitates. This was not observed 
for solvents E and F but was seen for solvent G. The precipitates from G however slowly dissolved 
upon standing for several hours. The formation of these precipitates has also been reported by Hino et. 
al. and was thought to be rare earth hydroxides being formed during pH adjustment. 7 This occurred 
only under high loading conditions. They attributed this to steric effects of the bulky terminal 
substituents on the phosphinic acid alkyl chain. This interfered with the formation of bimetallic species 
under high loading conditions. Since, in our studies, the loaded solvents A-D had a higher 
metaVextractant ratio than solvents E-G this behaviour would be expected to be more important for the 
former solvents. 

Presented in Figures 1-4 are the results from the stripping studies. The percent Yb stripped 
versus acid strength was plotted. Data from the 0.5 moVdm3 solutions A-D are represented separately 
from the 0.75 moVdm3 solutions. Data from the Lu studies are presented in Table 2. 
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For the tests using HCl the stripping efficiency improved as the concentration of 
trialkylphosphine oxide increased. This effect was particularly pronounced at lower acid strengths. For 
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example, for 1.0 mol/dm3 HCl in Figure 1, the amount of Yb stripped increased from 42% to 70% 
upon increasing the TOPO concentration from none to 0.2 molldm3

• At higher acid concentrations the 
effect became insignificant as the amount of Yb stripped approached 100%. 

In tests using HN03 stripping efficiency decreased as the amount of trialkylphosphine oxide 
increased. For example, in Figure 2, for 2 mol/dm3 HN03, 80% of the Yb3

+ was stripped in the 
absence of any trialkylphosphine oxide (solvent A) compared to 30% stripped in the presence of 0.2 
mol!dm3 TOPO. 

Stripping studies for Lu loaded solvents were also conducted, but not as extensively as for Yb. 
The results, shown in Table 2, indicated similar trends, i.e. the presence of trialkylphosphine oxide 
improved stripping with HCl but worsened for HN03• 

Figures 3 and 4 show the results using 0.75 molldm3 concentrations each of phosphonic and 
phosphinic acids. While the magnitude ofthe effects was not as large, similar trends were observed. 
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Strip Acid Solvent A (% stripped) SolventD (% stripped) 
HCl (1.0 molldm ) 46 68 

HN03 (1.5 mol/dm') 54 17 

Table 2 Lutetium Stripping 

The deterioration in stripping performance of HN03 with increasing trialkylphosphine oxide 
concentration may in part be due to the formation of REE nitrate complexes that are re-extracted 
during the stripping process: 

This suggests that if stripping with HN03, an extractant free of trialkylphosphine oxide would be most 
effective. 

The enhanced performance observed in stripping with HCl as trialkylphosphine oxide 
concentration increased may be due to several factors including the formation of organic REE 
complexes containing trialkylphosphine oxide as an adduct8

'
9

'
10 or the extraction of HCl into the 

organic phase by trialkylphosphine oxide. 11 

CONCLUSIONS 

An examination of the effect of trialkylphosphine oxide concentration on stripping of heavy 
REE showed that for solvent systems containing mixtures of EHEHP A and BTMPP A as the 
trialkylphosphine oxide concentration increased stripping efficiency increased when using HCl as the 
strip acid and decreased when using HN03• 
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ABSTRACT 

EXTRACTION OF CHLORO COMPLEX ACIDS OF 

PLATINUM GROUP METALS WITH BINARY 

EXTRACT ANTS 
Vera V Belovat, AI Kholkin1 and TI Jidkova2 

1N.S. Kurnak:ov Institute of General and Inorganic Chemistry. 
Russian Academy of Sciences. 31 Leninskii pr., Moscow, 
11 7907, Russia 
2Institute of Chemistry and Chemical Technology. Siberian 
Branch of Russian Academy of Sciences. 42 Marksa, 
Krasnoyarsk, 660049, Russia 

The salts of quaternary ammonium bases and strong organic acids were shown to be of most interest for practical purposes. 
Platinum Group Metals are easily stripped from the organic phase by water, which is practically impossible in the more 
classical systems involving salts of quaternary ammonium bases with mineral anions. 

Keywords: platinum group metals, binary extractants, alkylammonium alkylbenzenesulphonates 

INTRODUCTION 

Salts of quaternary ammonium bases (QAB) and trialkylammonium possess high extraction 
efficiency towards Platinum Group Metals.1-3 Extracted species often have high thermodynamic 
stability. As a result, such systems suffer from the disadvantage of slow stripping of the platinum 
metals from the organic phase. The difficulty in stripping has become a problem in the application of 
these processes. Earlier it was shown4-6 that salts of organic bases and organic acids (binary 
extractants) extract mineral acids and metal salts which can then be stripped from the organic phase 
more easily than for QAB and amine halide extractants. Binary extractants are, therefore, of great 
interest for studying extraction and stripping of platinum metals. 

RESULTS AND DISCUSSION 

The extraction processes of chloro complex acids of Platinum Group Metals, HmMCl. by 
binary extractants ~NA and R3NHA respectively, where A is anion of an organic acid) can be 
described in general form as follows: 

m H+(aq) + MCl.m·<•q) + m ~N"'o> <=> ~N)mMCln<o> + m H"'o> 
m W(aq) + MCl.m·(aq) + m R3NH"'o> <=> (RJNH)mMCln<o> + m ~o> 

(1) 
(2) 

From equations (1) and (2) it follows that the distribution of complex acids of platinum metals in 
binary extractant systems depends on the acidity of the aqueous phase, in contrast to anion-exchange 
extraction. With increasing pH values, the distribution coefficients of metals decrease. Depression of 
extraction is assumed to result from the formation of a stable binary extractant in the organic phase, 
which reduces the amount of free extractant available for metal complex formation. 

In the systems involving salts of trialkylammonium ions co-ordination mechanism can also 
take place7 and as a result slow stripping is observed. Owing to this fact, binary extractants based on 
QAB are preferable, because ionic associates are only formed in these systems. The systems involving 
salts of QAB and strong organic acids, for example, alkylbenzenesulphonic acids appear to be the 
most practical systems, because the stripping processes occur more easily with these reagents. 

For example, the extraction of Pt by trialkylbenzylammonium alkylbenzenesulphonate was 
studied as a function of the concentrations of HCl, the extractant and platinum metal. Table 1 shows 
that platinum is effectively extracted from 1 mol/dm3 HCl solution by a 1 molldm3 solution of the 
binary extractant in toluene and then it is stripped from the organic phase by water in one mixing step. 
With increasing HCl concentration, the extraction of platinum is enhanced accordingly to regularities 
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of binary extraction of mineral acids. The high extent of the extraction and stripping is observed over a 
wide region of platinum concentration (Table 1). 

CHch c., Extraction, Stripping for 1 
mol!dm3 mol/dm3 

CPt(initl' 
g/dm % Step, by Water,% 

0.2 0.10 0.500 52.1 80.6 
0.5 67.7 97.9 
1.3 89.3 - 100 
2.3 96.9 -100 
3.3 -100 -100 
2.0 0.05 0.560 91.8 -100 

0.10 97.9 -100 
0.15 -100 90.6 
0.20 -100 72.8 
0.25 -100 60.4 

2.0 0.10 0.197 -100 -100 
0.394 95.4 -100 
0.780 95.3 90.6 
1.18 92.4 72.8 
1.93 88.6 60.4 

Table 1 Extraction and Stripping ofPt (IV) from Hydrochloric Solutions, 
Extractant - Trialkylbenzylammonium Alkylbenzenesulphonate in Toluene 

Solvent CHch c., cll(init) 1 O', Extraction, Stripping for 1 
mol!dm3 molldm3 mol!dm3 % Step by Water,% 

Benzene 1.8 0.084 1.03 58.6 -100 
2.3 72.2 97.9 
3.1 83.3 95.8 

Toluene 0.8 0.070 1.23 24.9 98.0 
1.4 56.1 -100 
2.0 75.1 97.0 
2.5 78.6 -100 
3.0 85.7 -100 

Table 2 Extraction and Stripping oflr (IV) from Hydrochloric Solutions 
Extractant - Tria1kylbenzylammonium Alkylbenzenesulphonate in Solvents 

When the binary extractant system is used, concentrated stripped solutions of platinum in 
water can be obtained. Thus, using a loaded solution with 1.6 g/dm3 Pt concentration, after four 
stripping steps with water (Vo: Va = 1 : 1), a strip solution of platinum with 6.4 g/dm3 concentration 
was obtained and platinum stripping was 93-100 % for each step (Extractant concentration was 0.1 
mol!dm3

). 

Experimental results showed also the improvement of iridium (IV) extraction from chloride 
solutions by binary extractants with increasing HCl concentration and effective iridium stripping from 
the organic phase by water (Table 2). 

The data for the extraction of palladium from hydrochloric solutions by tetraoctylammonium 
4-hexadecyloxybenzenesulphonate in toluene and palladium stripping from the organic phase by water 
are given in Table 3. The results obtained show the effective extraction of palladium and subsequent 
stripping with water or diluted solutions of ammonia. 
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CHCh CH2S04, c., CPd(init) ·1 0', DPd Stripping for 1 Step, % 
molldm3 mol/dm3 mol/dm3 mol/dm3 

by Water by 1 molldm' 
NH3 soln 

0.5 - O.Ql 17.8 0.837 61.8 -
2.1 0.968 64.5 
3.0 0.948 61.9 
0.5 - 0.10 10.7 35 30.2 

0.05 8.9 38.2 
0.01 0.188 -100 

1.0 - 0.01 6.58 0.600 59.5 87.8 
1.0 0.5 0.720 72.7 76.7 

Table 3 Extraction and Stripping ofPd (II) from Chloride and Sulphate-chloride Solutions 
Extractant- Tetraoctylammonium 4-hexadecyloxybenzenesulphonate in Toluene 

In the extraction of chlorocomplexes of Pt(IV), Pd(II), Ir(IV) by 0.1 molldm3 solutions of 
trialkylbenzylammonium alkylbenzenesulphonate in toluene, the distribution coefficients of metals in 
the region of 0.5 - 4 mol/dm3 HCl were in the range 5 - 150, while DM values for Rh(III), Ru(III) and Ir 
(III) were less than 0.1 (Figure 1), which creates possibilities for the separation of Platinum Group 
Metals. The calculated coefficients of the platinum metal separation are 13Ptllr(IV)- 20; f3uo¥YRu(IU)- 10; 
f3tr(IV)/Rh- 50; I3Pt1Pd- 12; 13Pt /Ir(IV)- 20; 13PttR.u(III)- 2'102

; f3pt/Rh- t ·JQ3
; ~r(lll)- 2103

• 

0 

-1 

-2 

log D M 

2 

~.I>==-~=-=--o:;._-_-_-_-_ -_ o-'11r~ =====~3 
~ 

__,..,__---~~4 
---lE 

~*--~~~~------~~~~-
c HCI• M 

0>--*'"-:.-:;-•• -----_o.::_r-_-:_-:_-:_-:-:-:-:-:-:~-:-<>~>-~=-=-=---=;--6 0 s 

Figure 1. Extraction of Pt(IV) (1), Pd(II) (2), Ir(IV) (3), Ru(III) (4), lr (III) (5), Rh(III) (6) from 
chloride solutions by 0.1 molldm3solution of trialkylbenzylammonium alkylbenzene
sulphonate in toluene. 
CM(init)• giL: 2.0 (Pt); 0.95 (Pd); 1.9 (Ir); 0.55 (Rh); 0.13 (Ru). 

Thus, the results obtained have shown that extracted species resulting from the extraction of 
platinum metals by binary extractants are labile in these systems and can effectively be stripped in 
some cases by water. Platinum metals can be separated at both of the extraction and stripping steps. 
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ABSTRACT 

THERMODYNAMIC AND KINETIC STUDIES OF 

P ALLADIUM(II) EXTRACTION BY LIX 63-ALIQUAT 

336 MixTURES 
C Foulon, S Pareau, M Stambouli and G Durand 
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Grande Voie des Vignes, 92295 Chiitenay-Malabry Cedex, France 

The thermodynamic aspects of palladium extraction by LIX 63-Aliquat 336 mixtures from HCl I mol/dm3 were examined 
showing a synergistic effect, explained by the formation of a mixed complex, in addition to those formed with the individual 
extractants. The values of the three equilibrium constants were calculated. The kinetics of the system was studied for 
different conditions and allowed to propose a complete reaction scheme whose limiting step is interfacial. The kinetic 
enhancement compared to individual LIX 63, is explained by a catalytic effect of Aliquat 336. 

Keywords : palladium, LIX63, Aliquat 336, interfacial kinetics, thermodynamics 

INTRODUCTION 

Since palladium is a precious metal, many investigations of its purification and concentration 
from HCl media by solvent extraction have been performed. It is however quite difficult to find an 
extractant that combines a quantitative, selective and quick extraction of Pd(II), with easy stripping. 
Anionic extractants1

•
2 allow high extraction rates, but sometimes lead to a third phase formation, even 

if a polar solvent is used and stripping is rather difficult. Besides, most of the other extractants exhibit 
a high degree of extraction, but a low extraction rate, such as solvating extractants'·4 and chelating 
extractants.5

•
6 Although 5,8-diethyl-7-hydroxy-6-dodecanone oxime (LIX 63), a commercial a

hydroxyoxime, leads to a very slow extraction, it is particularly interesting because it allows a 
quantitative extraction of Pd(II) and its separation from platinum (IV) in hydrochloric acid solution. 
The addition of amines or ammonium salts to a chelating or solvating extractants often leads to a 
catalytic extraction of Pd(II). 7•

8
•
9 This work is therefore devoted to study the extracting properties of 

LIX 63-Aliquat 336 (quaternary ammonium salt) mixtures. 

EXPERIMENTAL 

The following reagents were used: palladium (II) chloride (Prolabo, 59% Pd), hydrochloric 
acid (Prolabo, analytical grade), dodecane (Prolabo, technical grade: 35 % n-dodecane), octanol-1 
(Prolabo, purity above 98 %), LIX 63 (Henkel, purity above 70 % (V) (anti + syn isomers)) and 
Aliquat 336 (Acros). LIX 63 was purified before use according to Tammi 10 and after purification 
LIX 63 contained 93 % of anti isomer. 

Palladium (II) extraction by LIX 63, Aliquat 336 and their mixture was studied in dodecane
octanol 95/5 (VN). The aqueous phase was prepared by dissolving palladium (II) chloride in 1 
mol/dm3 hydrochloric acid; the resulting palladium concentration was 100 mg/dm3 (9.4 x 10-• 
mol/dm'). The palladium (II) concentration in the aqueous phase was determined after extraction by 
atomic absorption spectroscopy using a Varian SpectrAA 300/400 atomic absorption spectrometer. 
The palladium (II) concentration in the organic phase was calculated by mass balance. 

RESULTS AND DISCUSSION 

Preliminary kinetic study 

LIX 63 exhibits a high percentage extraction, but the extraction rate is slow; thus under these 
conditions, 120 minutes are required to reach equilibrium, as observed by Dhaskali. 11 Aliquat 336 
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extracts Pd(II) poorly but rapidly however, in combination with LIX 63, a rapid extraction ofPd(II) (6 
< tequilibrium < 10 min) is obtained, whereas equilibrium would theoretically be obtained within I 
hour without acceleration. LIX 63-Aliquat 336 is thus a powerful system and has therefore been used 
for the following studies. 

Thermodynamics of Pd@ extraction by LIX 63-Aliguat 336 mixtures 

Distribution curves obtained for Pd(II) extraction by LIX 63 , Aliquat 336 and LIX 63-Aliquat 

336 mixtures are presented in figure 1, where [Pd(II)] and [Pd(II)] denote Pd(II) concentrations in 
aqueous and organic phases respectively; the points represent the experimental results. 

The extracting power of Aliquat 336 is negligible compared to that of LIX 63 . Distribution 
curves relative to LIX 63-Aliquat 336 mixtures indicate that a significant synergism occurs, since: 
Dux 63 + Aliquat 336 > DLIX 63 + DAliquat 336, where Dis Pd (II) distribution ratio. 

The maximum absorption wavelength (395 nm) observed for organic phases containing Pd(II) 
and LIX 63 , is characteristic of a species containing PdCl2 and is consistent with the mechanism 
proposed by Dhaskali 11 in pure dodecane, i.e : 

2 --~ ::-c:--:-:-- -,---,--
PdC14- +2Hz Ox ~ PdC12 (H20x)z + 2 Cl-

The thermodynamic constant relative to this mechanism has been calculated: K1 = (1.5 ± 0.25) x106 

6.0E-4 
"[Pattl}]' ( mol/L) 

S.OE-4 
(4) 

4.0E-4 
(3) 

3.0E-4 (2) 

2.0E-4 

1.0E-4 
(1) 

0 
2.0E-4 4.0E-4 6.0E-4 B.OE-4 1.0E-3 

[Pd(ll)] (mol/L) 

Figure 1:. Distribution isotherms of palladium (II) at 25 ± 1 °C. 

(1) AliCl]o = 5.10-4 moVdm3; (2) H 20x]o = J0-3 moVdm3 

(3) AliCl]o = 2.5.10-4 mol/dm3 + H 20x]o = J0-3 mol/dm3 

(4) AliCl]o = 5.10-4 mol/dm3 + H 20x]o = J0-3 mol!dm3. 

When Pd(II) is extracted by Aliquat 336, the UV-visible spectrum of the organic phase shows a 
maximum absorption band at 475 nm, which is characteristic ofPdCl42-. This result suggests that the 
extraction proceeds according to the following mechanism:2 
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K 

PdCl~- + 2 ALICl ~ PdC14 ( ALI)2 + 2 Cl-

The thermodynamic constant relative to this mechanism has been calculated: K2 = (3.4 ± 0.5) x 104 

Concerning Pd{II) extraction by LIX 63-Aliquat 336 mixtures, the absorbance band 
wavelength of organic phase increases with increasing Aliquat 336 concentration. It is comprised of 
the wavelengths ofPdCl2 (A.= 396 nm) and ofPdCl3- (about 420 nm). These results are explained by 
the presence of different palladium (II) complexes in the organic phase, containing at least PdClz and 

PdCl3-. Synergism is explained by the formation of a mixed complex PdC1 3(Ali)(H20x)n which 

exhibits a higher extractability than the two base complexes (PdC12 (H20x)2 and PdC14 (Alih ). 
Taking Pd{II) co-ordination number into account, n may be equal to 1 or 2. The following equilibrium 
is then involved, simultaneously with both previous equilibria: 

PdCl~- + n H 20x + ALICI B PdC1 3(ALI)(H20x)n + 2 Cl- K 3 

If n = 2, the calculated K 3 value depends on the experimental conditions: this hypothesis is thus not 
valid. On the other hand, ifn = 1, K3 is constant whatever the experimental conditions: K3 = (3.7 ± 
0.7) X 106 

To validate these mechanisms, the experimental distribution curves have been compared to 
the theoretical ones (figure 1, where the solid lines are the calculated isotherms). The theoretical 
curves fit the experimental points. This model is then correct. 

Kinetics of PdOI> extraction by LIX 63-Aiiguat 336 mixtures 

The experiments were performed in a highly stirred cell at 25°C; the dispersed phase 
was the aqueous one and the interfacial area was estimated photographically. 

Modelling 

Consider the three extraction mechanisms; one, i, is limiting: 

Pd(II) ~ Pd(II)i i = 1, 2 or 3 

dX 
-V -=k· X-k'1· Y1· aq dt I 

X= [Pd(II)] = [PdCl4] y; = [Pdcrrn 

The other mechanisms are equilibrated: 

Yk = Kk X k = 1,2,3 k =t. i 
3 

P=L:Yi=Yj+K X 
j;l 

where P is the total Pd concentration in organic phase, and K, ki and k•i are apparent constants, 
including chloride and extractant concentrations. 

Using mass balance one can obtain the following equation, with XQ, initial aqueous 
concentration ofPd (II) and Xeq its equilibrium aqueous concentration: 

dX = [k . + k I . ( vaq + K)l X- _k ·-=-i _v___caq::::!..__X...:._o 
dt I I v v 

org org 

By integration: In( Xo - Xeq) = ~ t 
X-Xeq 

ki and k'i depend on the reaction site. 
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Limiting reaction site 

13 depends on both phase volumes. In its previous expression, only ki and k'i are depending on 
reaction site S: ki = k S and k'i = k' S, with S = Yaq. V org or A (interfacial area). 

Bulk aqueous phase: the limiting reaction takes place in aqueous phase as for individual LIX 63 . 
Aliquat 336 being insoluble in aqueous phase, this reaction then involves only LIX 63 and might have 
the same rate than the reaction with individual LIX 63. The extraction by LIX 63- Aliquat 336 
mixtures being much quicker, the limiting reaction site is not the aqueous bulk. 
Bulk organic phase: In this case the expression for 13 is the following: 

v 
p = (k+K k') ~+k' . 

vaq 
The variation of 13 versus V org I V aq has to lie on a straight line. The experimental points being very 
dispersed, the limiting reaction site might not be the organic bulk. 
Inteifacial reaction: The expression of 13 is now: 

A k' A 
P=(k+K k') -+--. 

vaq vorg 
The variation of 13 V aq I A versus V aq I V org are presented in figure 2. The experimental points 
roughly lie on a straight line, the limiting reaction is therefore probably interfacial. At least one of the 
extractants is involved in an interfacial reaction. 

Inteifacial tension measurements 

Interface tension was measured in various cases: individual LIX 63 or Aliquat 336 and their 
mixtures. LIX interfacial concentration is always negligible; only Aliquat is adsorbed at the interface 
and its interfacial concentration was calculated. The results of these measurements and calculations 
are presented in another paper.12 

1.50&05 

•• • • • • < 1.00&05 • • 
CT 

? 
!! 5.00&06 
1l 

O.OOE+OO +----+--- --+----1 
0 0.5 

Vaq /Vorg 

Figure 2: Determination of the limiting 
reaction site 

Proposed Mechanism 

1.5 

0,008 LIX 0,01 moVL 
ALICI variable 

0,006 

.; 0,004 

.c 

0,002 

0 0,0025 0,005 0,0075 0,01 

[LIX] or [ALICI] moi/L 

Figure 3: Variations of 13 with extractant 
concentration 

As the main result (figure 3), 13 increases with concentrations of both extractant a mechanism 
involving one Aliquat adsorbed molecule and one LIX organic molecule is then proposed: 
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rapid 

PdC14 (ALI).d +H2 0xBPdC13 (ALI)(Hpx)ad +AL!Cl 

PdCl3 (ALI)(H2 0x).d B PdCl3 (ALI)(H 20x) rapid 

PdC13 (ALI)(H 20x) + H 20x B PdC12 (H 20x) 2 + AL!Cl 
The expression for [3 is the following: 

[3 = ko [H20x] + ___ k_,_'o-=--[ AL_I_C---"1 ]==~ 

(1 + 
K1 [H20x]) 

[ALICl]ad 
K3 [ALICl] 

slow 

rapid 

[3 [ALICl] 
By plotting Y = versus X= --------=---~--==~ 

[H20x] [ALICl]ad [H20x] (1 + KI [H20x])' 
K3 [ALICl] 

a straight line must be obtained as represented in figure 4. Several other mechanisms were tested 
without success. The proposed reaction scheme is in good agreement with the experimental results. 

2,5 

2 • 
1,5 

>-

0,5 

0 +----1-----r---~ 
O,OOE+OO 5,00E+09 1,00E+10 1,50E+10 

X 

Figure 4: Confirmation of the proposed mechanism 

CONCLUSION 

This work lead to several significant results: determination of three different mechanisms 
for Pd (II) extraction by LIX 63-Aliquat 336 mixtures and estimation of their equilibrium constants. 
In addition the extraction kinetics were studied, showing that the limiting step is an interfacial 
reaction; a reaction scheme was proposed in good accordance with experimental results. 
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ABSTRACT 

EXTRACTION BEHAVIOUR OF PLA TINUM(IV) IN 

CHLOROFORM WITH A CROWN ETHER FROM 

ACIDIC MEDIA 
Kazi Zakir Hossain and Takaharu Honjo 
Department of Chemistry, Faculty of Science Kanazawa 
University, Kakuma-machi, Kanazawa Ishikawa 920-1192, Japan 

A new method for the extraction of platinum from hydrochloric acid media has been established based on the formation of 
ion-pair complex of platinum hexachloro anion with dicyclohexyl-18-crown-6 (DC 18C6) oxonium cation in chloroform by 
means of liquid-liquid extraction and back-extraction combined with inductively coupled plasma atomic emission 
spectrometry (ICP-AES). The effect of various factors (solvent, crown ether, reagent concentration, acid concentration, 
shaking time, and foreign ions etc.) on the extraction and back-extraction of platinum has been investigated in detail. The 
platinum hexachloro anion in 8 mol/L hydrochloric acid forms a stable ion-association complex with protonated DCI8C6 
(0.05 mol/L DCJ8C6) as [H30 ·DCJ8C6'UPtCitJ , and can be extracted quantitatively (97%) in chloroform within 5 min. 

Stripping of the extracted platinum was achieved with 0.1 mol/L hydrochloric acid. No extraction was observed when 
extracting palladium and rhodium under the same analytical conditions for platinum extraction. The content of platinum in 
palladium chloride and rhodium chloride of guaranteed reagent grade was determined after its separation by DC18C6 
extraction at 8 mol/L hydrochloric acid and it was found to be 16.39 J.Lg/g and 8.94 J.Lg/g, respectively. 

Keywords: crown ether, platinum(IV), hydrochloric acid, !CP-AES. 

INTRODUCTION 

Platinum group metals, such as platinum (IV), palladium (II) and rhodium (III) have been used 
as catalytic converters in automobiles. Platinum- and gold-based medicines have also been used as 
anti-cancer and anti-rheumatic drugs1

• The high values of these metals have prompted investigations of 
their separation, concentration and purification by solvent extraction techniques. Crown ethers along 
with thenoyltrifluoroacetone (TIA) have been used as a versatile synergistic extractant for alkali and 
alkaline earth metals2 and heavy metals3

. Anionic palladium complex of 4-(2-pyridyl-azo)-resorcinol 
(PARt has been readily extracted in 1 ,2-dichloroethane as an ion-pair complex with cationic 
potassium complex of dicyclohexyl-18-crown-6. Palladium complexes of cr, Br·, r, and SCN- have 
been extracted in chloroform-acetonitrile (3: 1) solution as ion-association products with cationic 
potassium complex of dibenzo-18-crown-6 (DB18C6) and its derivatives5

. Complexation6 of the 
hydronium ion (H30 +) with DC18C6 and its uses7

'
8

'
9

'
10 as a counter-cation in the ion-association 

extraction of anionic complexes of various metals, such as PMo120 40
3
-, TaF6 ·, MoO(SCN)s", 

W02(SCN)3-, WO(SCN)s", FeC14-, AuC14-, GaC14·, T1Cl4-, SbC14- and SbC16-, have been reported. 
Platinum mainly exists as anionic hexachloro complex in 8 molldm3 hydrochloric acid. 

Therefore, protonated crown ethers may have excellent promise to extract the platinum hexachloro 
anion in a suitable organic solvent. There has been no report on the ion-association extraction of 
platinum with crown ethers 11

• In preliminary experiments on the extraction of platinum (IV) with 
DC 18C6 in various organic solvents (chloroform, 1-octanol, dichloromethane, o-dichlorobenzene, 
nitrobenzene, toluene etc.) from 8 mol/dm3 hydrochloric acid, it has been found that platinum (IV) can 
be extracted quantitatively and selectively with DC18C6 in chloroform. On the basis of these results, 
the extraction behaviour of platinum (IV) with 0.05 molldm3 DC18C6 in chloroform at 8 molldm3 

hydrochloric acid solution has been investigated in detail, and a new method for the quantitative 
extraction and separation of platinum from palladium and rhodium has been established by means of 
extraction and back-extraction combined with inductively coupled plasma atomic emission 
spectrometry (ICP-AES). 

© 2000 Society of Chemical Industry 1149 



Proceedings ISEC'99 

EXPERIMENTAL 

Anparatus 

A Shimadzu Sequential Type Plasma Emission Spectrometer, model ICPS-1000 ill (Kyoto, 
Japan); a Taiyo Recipro Shaker, model SR-ll; a Tomy Seiko Low Speed Centrifuge, model LC-100 
were used. 

Reagents 

A 1000 f.1g/cm3 of platinum standard stock solution (f= 1.008) in 1 mol!dm3 hydrochloric acid 
(Cica-MERCK, Japan) was used after suitable dilution with distilled-deionized water prepared by 
Nanopure system (Barnstead Ltd., USA). 12-crown-4 (12C4) (TCI Ltd, Japan), 18-crown-6 (18C6) 
(Katayama, Japan), 15-crown-5 (15C5), dibenzo-18-crown-6 (DB 18C6), dicyclohexyl-18-crown-6 
(DC18C6) and dibenzo-24-crown-8 (DB24C8) (Merck-Schuchardt, Germany) were used without 
further purification. All other chemicals were of guaranteed grade and were used without further 
purification. 

Solvent extraction 

An aliquot (10 cm3
) of a sample solution containing platinum (50 f.1g/cm3

) in 8 mol!dm3 

hydrochloric acid was placed into a 30 cm3 glass-stoppered centrifuge tube. A 10 cm3 of chloroform 
solution containing 0.05 moldm3 DC18C6 was added to the centrifuge tube, and the mixtures were 
shaken on a shaking machine for 5 min. The two phases were separated by centrifugation at 2000 rpm 
for 5 min and then taken by pipetting into another tube. 

Back-extraction 

The organic phase (10 cm3
) containing the extracted platinum was shaken with 10 cm3 of0.1 

mol/dm3 hydrochloric acid solution for 5 min. The amount of platinum stripped from the organic phase 
was determined by ICP-AES at 214.423 nm. 

RESULTS AND DISCUSSION 

Effect of solvent 

The effect of organic solvent on the extractability of platinum with DC18C6 from 8 mol!L 
hydrochloric acid solution was investigated by various organic solvents such as benzene, toluene, 
nitrobenzene, a-dichlorobenzene, cyclohexane, dichloromethane, 1-octanol and chloroform. The 
results are summarized in Table 1. 

The extractability of platinum as the ion-pair complex with protonated DC18C6 in chloroform, 
[Hp.DC18C6+]

2
[PtCll-], gave higher values than that of all other solvents investigated. Taking into 

account the low solubility of the organic solvent in water and its high extractability for platinum, 
chloroform was selected as the solvent for subsequent experiments. 
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Solvent Solubility in water Cif../W%} %E 
Benzene 0.18 0 
Toluene 0.05 0 
Nitrobenzene 0.21 96 
o-Dichlorobenzene 0.01 70 
Cyclohexane 0.01 0 
Dichloromethane 0.05 95 
1-0ctanol 0.1 62 
Chloroform 0.01 97 

Pt: 50 Jlg/cm3
, DC18C6: 0.05 mol/dm3

, HCl: 8 mol/dm3
, Shaking time: 5 minutes 

Table 1 Effect of organic solvent on the extraction of platinum with DC18C6 

Effect of hydrochloric acid concentration 

The optimum hydrochloric acid 
concentration for quantitative extraction of 
platinum was ascertained with DC18C6 in 
chloroform by carrying out extraction from 1 to 
10 mol/dm3 hydrochloric acid. The phase volume 
ratio was maintained at 1 : I . The results are shown 
in Fig. I. The quantitative extraction (97%) was 
achieved in an acid concentration range of 8 to 10 
mol/dm3

• From these results; A 8 mol/dm3 

hydrochloric acid was selected as the optimum 
concentration for quantitative extraction of 
platinum. An attempt was made to extract 
palladium and rhodium under the same analytical 
conditions and, it was found that the %E of both 
the metals was zero at 8 mol/dm3 hydrochloric 
acid region (Fig.l). 

Effect of various crown ethers 

Various crown ethers were investigated as extractants for platinum in chloroform at 8 mol/dm3 

hydrochloric acid. The crown ethers used were 12C4, 15C5, 18C6, DB18C6, DC18C6 and DB24C8. 
The results are summarized in Table 2. It was found that DC18C6 was the best extracting agent for 
quantitative extraction of platinum. 

Crown ether %E 

None 3.0 

12C4 3.0 

15C5 3.0 

18C6 4.0 

DB18C6 7.0 

DC18C6 97.0 

DB24C8 4.0 

Pt: 50 Jlg/cm3
, Crown ether: 0.05 mol/dm3

, HCl: 8 mol/dm3
, Shaking time: 5 minutes 

Table 2 Effect of crown ether on the extraction of platinum in chloroform 
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Effect of DC18C6 concentration 

The optimum concentration of DC18C6 for the quantitative extraction of platinum was 
ascertained by extracting it with the various concentration of the crown ether in the concentration 
range of 5.0xl04 to l.Oxl0·1 mol/dm3

• The extraction was quantitative from 5.0xl0"2 mol/dm3 of 
DC18C6. Therefore, 5.0xl0.2 mol/dm3 ofDC18C6 was selected as optimum crown ether concentration 
for the present method. 

Effect of shaking time 

The optimum shaking time required to reach the extraction equilibrium was ascertained by 
measuring the recovery of platinum at various shaking times (0-10 min). It was found that the 
extraction equilibrium is attained rapidly within 5 min. The stripping of platinum contents from 
organic phase by 0.1 mol/dm3 hydrochloric acid solution was fast also, and completed within 2 min. 
From these data; A 5 min was adopted as optimum shaking time for both extraction and back
extraction procedure to ensure the complete extraction. 

Composition of the extracted species 

The composition of the extracted species on the 
extraction of platinum with DC 18C6 in chloroform was 
ascertained by plotting log D vs. log [DC18C6]org at a 

fixed hydrochloric acid concentration of 6 mol/dm3 

(Fig.2). The plot gives a straight line having a slope of 2. 
As DC18C6 forms stable oxonium cation in the presence 
of high acid concentration6

, anionic platinum hexachloro 
complex may be extracted as an ion-association product 
of [Hp.DC18C6+]

2
[PtCl/"], the metal to crown ether 

ratio being 1 :2. 

Effect of foreign ions 

The effect of foreign ions which may cause interference in the extraction of platinum was 
studied by using a series of synthetic samples containing platinum (50 ~-tg/cm3) and various amounts of 
foreign ions. The recoveries obtained for binary mixtures are summarized in Table 3. It was noted that 
the procedure is free from the interferences by foreign ions at a concentration of several hundred times 
that of platinum, except for iron(rrn at 10 times. Iron(rrn, which co-extracted along with platinum can 
be pre-removed12 completely by extracting it with 0.05 mol/dm3 DC18C6 in chloroform at 
hydrochloric acid range of 3-4 mol/dm3

. 

Foreign ion Concentration Recovery of 

Lt 
(times that of platinum) platinum(%) 

200 
Na+ 
K+ 
Rb+ 
Ml+ 
Ca2+ 

Fe2+ 

200 
200 
100 
200 
200 

10 

300 
300 

98 
96 
95 
96 
97 
96 
88 
98 
96 

Pt: 50 !lg/cm3
, DC18C6: 0.05 molldm3

, HCI: 8 molldm3
, Solvent: Chloroform, Shaking time: 5 min 

Table 3 Effect of foreign ions on the extraction of platinum 
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Determination of olatinum in chemical reagents 

The extraction method was applied to the separation and determination of platinum traces in 
chemical reagents ofPdCl4 and RhCh. A linear calibration curve (i=0.9999) of0-50 Jlg/cm3 platinum 
in 0.1 molldm3 hydrochloric acid was prepared by measuring its intensity with ICP-AES. A weighed 
amount of reagent sample (21.7 mg) was dissolved in 10 mL of hydrochloric acid (8 mol/dm3

) solution 
and 1 Jlg/cm3 and 5 Jlg/cm3 platinum standard was spiked to it. The platinum content was analyzed by 
the proposed method in Fig.3 . In this analysis, the recovery of platinum was 66% for 1 Jlg/cm3 

platinum and 97% for 5 Jlg/cm3 platinum. The content of platinum in palladium chloride and rhodium 
chloride of guaranteed reagent grade dissolved in 8 mol/dm3 hydrochloric acid was found to be 16.39 
Jlg/g and 8.94 Jlg/g, respectively. 

Sample solution 

Aqueous phase 

Platinum (1-50 J..Lg/cm3
) 

8 mol/L Hydrochloric acid, 10 cm3 

0.05 mol/L DC18C6 in Chloroform, 10 cm3 

Shake for 5 min 

Centrifuge (2000 rpm for 5 min) 

Separate with pipette 

Org.phase 
[H,O +DC 18C6]\ [PtCl.]", 

DC18C6, 10 cm3 

0.1 mol/L Hydrochloric acid, 10 cm3 

Shake for 5 min 

Centrifuge (2000 rpm for 5 min) 

Separate with pipette 

Aqueous phase 

Platinum 

Determine platinum 

by ICP-AES 

Org.phase 

DC18C6 

Figure 3 Analytical scheme for the determination of platinum traces in hydrochloric acid media 
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ABSTRACT 

COMPARATIVE STUDIES OF SOL VENT 

EXTRACTION AND LIQUID MEMBRANE 

PERMEATION OF GOLD(III) FROM CHLORIDE 

MEDIA 
Reda Haddad', Anil Kumar•, FJ Alguacil2 and AM Sastre1 

1 Department of Chemical Engineering, Universitat Politecnica 
de Catalunya E.T.S.E.I.B., Diagonal647, E-8028 Barcelona, 
Spain 
2 Centro Nacional de Investigaciones Metalurgicas, Avda. 
Gregorio del Amo 8, Ciudad Universitaria, 28040 Madrid, Spain 

Selective solvent extraction and liquid membrane permeation of Au(III) from aqueous chloride media into cumene by pure 
Cyanex 471X, Cyanex 925, Cyanex 301, Cyanex 302 and their binary salts with trioctylmethylammonium chloride 
(TOMAC) i.e. Cyanex 30l+TOMAC, Cyanex 302 + TOMAC has been investigated to compare the performance of these 
extractants or as liquid membrane carrier under similar experimental conditions. Cyan ex 30 I, Cyanex 302 and their binary 
extractants with TO MAC afforded very high extraction of Au(III) but stripping of metal from loaded organic phase was 
found to be extremely difficult. Among all these extractants, Cyanex 925 was found to be the best extractant and liquid 
membrane carrier with respect to Au(III) recovery and its easy regeneration. Optimum conditions were established for 
extraction separation of Au(III) with Cyanex 925 in solvent extraction as well as liquid membrane studies. For all the 
extractants studied, experimental data has been treated graphically and numerically by means of the computer programme 
LETAGROP-DISTR to calculate Kex values except Cyanex 925 and Cyanex 471X (taken from published literature). The 
metal species formed with extractants are also proposed. The permeability coefficients of Au(III) were determined with all 
liquid membrane carriers under the similar experimental conditions to compare their performance. 

Keywords: gold(III), supported liquid membrane, Cyanex 301 , Cyanex 302, Cyanex 925, binary extractants, 
trioctylmethylammonium chloride 

INTRODUCTION 

Gold is one of the most useful and precious noble metals, due to its excellent physcochemical 
properties. A great interest in the recovery of gold from primary and secondary resources still 
continues to meet the high metal demand. Mostly, processes dealing with these types of resource use 
acid leaching for gold recovery. Therefore, studies on recovery of gold from chloride media are of 
great importance. In previous studies the selective extraction-separation of gold (III) from base 
metals using thiourea derivatives as extractants have been reported.1 In the present study, 
commercially available extractants introduced by Cytec Industries i.e. Cyanex 301 [bis (2,4,4-
trimethylpentyl) dithiophosphinic acid], Cyanex 302 ([bis (2,4,4-trimethyl)monohiophosphinic 
acid],), Cyanex 471X (tri-isobutylphosphine sulphide), Cyanex 925 (2,4,4-trimethylpentyl-n-octyl 
phosphine oxide) have been chosen.2 In addition Cyanex 301 and Cyanex 302 were also used in the 
form of binary extractants with TOMAC (Trioctyl methyl ammonium chloride). This has been done 
to ease the regeneration of the extractant as proposed by Eyal et alY The binary extractants behave 
like neutral extractants in solvent extraction. Earlier work performed by Kakoi et aP and Sole6 have 
indicated that stripping of metal was extremely difficult with Cyanex 301 and Cyanex 302. More 
details of binary extractants and their advantages are published elsewhere.7 The solvent extraction 
and liquid membrane studies of gold from chloride media with Cyanex 471X have been reported by 
Hidalgo et al,B·9 In previous publications, solvent extraction of Au(III) from chloride media using 
Cyanex 925 has been reported. 10 This paper presents the comparative studies of liquid-liquid 
extraction of Au(III) and liquid membrane permeation studies from chloride media using Cyanex 
471X, Cyanex 925, Cyanex 301, Cyanex 302 and their binary salts with TOMAC i.e. Cyanex 301 + 
TOMAC, Cyanex 302 + TOMAC. 
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EXPERIMENTAL 

All the chemicals used were of A.R or G.R grade unless stated otherwise. Analytical grade diluent 
namely cumene (A.R.Fluka), was obtained and used as such. Extractants Cyanex 301, Cyanex 302, 
Cyanex 925 and Cyanex 471X, were kindly supplied by Cyanamid (now Cytec Inc.) and TOMAC 
was obtained from Merck. The extractants were used without further purification. A stock solution of 
Au(III) (lg!dm3) was prepared from 48.92% pure solid HAuCl4, Johnson Mathey, by dilution with 
HCI. 

Distribution Ratio measurements 

Equal volumes (10 cm3) of Au(lll) in desired acid molarity and the organic extractant 
dissolved in an organic diluent, were pipetted into a 20 cm3 glass stoppered equilibration vial and 
stirred mechanically for one hour at room temperature (25 ±!C). Equilibrium was established rapidly, 
although a contact time of 15 minutes was used in the case of Cyanex 301 and Cyanex 302; and in the 
case of binary Cyanex 301 + TOMC and Cyanex 302 + TOMAC the contact time was 10 minutes. The 
binary extractants were prepared by mixing equimolar quantities of Cyanex 301 and Cyanex 302 with 
TOMAC. The formation of the acid-base couple is an exothermic reaction, and can be expressed as 

HA., /H2A2,0 + R4NCJo ~ R4NAj ~NHA2,o + HC10 

where HAo and H2A2 denotes Cyanex 301, Cyanex 302 respectively and R4NCl denotes TOMAC. 
Vapour pressure osmometry measurements have shown that Cyanex 302 exist predominantly as dimeric 
species (H2A2), while Cyanex 301 is monomeric.ll The formation of the binary extractant, R4NA, 
results in the generation of hydrochloric acid in the organic phase. This inorganic acid was removed by 
washing with water. The extractants were dissolved in cumene to the required concentration. After 
phase separation, the equilibrium pH was measured, and the metal concentration was determined by 
atomic absorption spectrometry using a 2380 Perkin Elmer Absorption Spectrometer. The gold 
content of the organic phase was measured after stripping of the metal ion into 0.5 moVdm3 NaSCN 
in 0.5 moVdm3 NaCJ. All the measurements were performed at least in duplicate and the agreement 
of the D values obtained was within ± 2% with good material balance (>95%). For studying the back 
extraction, 10 cm3 of loaded organic was withdrawn into a equilibration tube and back extracted for 
about 30 minutes with the same volume of the strippant. 

PILM Preparation and Measurements 

Single stage PILM measurements were carried out with a simple two compartments 
permeation cell which consisted of a source phase (generally 180 cm3 ) separated from the receiving 
phase chamber (180 cm3) by a liquid membrane having an effective membrane area 11.33 cm2. The 
source and receiving phases were mechanically stirred at about 1400 rpm at room temperature (25 ± 
1 C) to avoid concentration polarisation conditions at the membrane interfaces and in the bulk of the 
solutions. Membrane permeabilities were determined by monitoring Au(III) concentration by atomic 
absorption spectrometer (2380 Perkin Elmer Absorption Spectrometer) in the source phase as a 
function of time. The Au(lll) concentration in the various phases was found to be reproducible within 
±10%. Permeation coefficient (Pau) was computed by the following equation: 

Ln( (Au(III))) =_A p t 
[Au(III)Jo V 

where Vis the volume of the source phase solution (cm3 ), A the effective membrane area (cm2) , 
[Au(III)]o and [Au(IInJ are concentrations of metal ion in source phase at time zero and at a given 
timet, respectively (moVdm3), and t the elapsed time (s). 
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Membrane Support 

The organic membrane phase was prepared by dissolving a weighed quantity of extractants in 
organic diluent to obtain a carrier solution of various concentrations. The polymeric support, 
Durapore (polyvinylldenedifluoride) used was about 125 J.lm thick, and had a nominal porosity of 
about 75% and pore diameter of the order of0.22 J.lm and tortuosity 1.67. The polymeric support was 
impregnated with the carrier solutions containing the extractant in cumene by immersion for 24 
hours, then leaving it to drip for a few seconds before being placed in the PILM cell. 

RESULTS AND DISCUSSION 

The extractability of Au(III) with extractants Cyanex 301, Cyanex 302, Cyanex 
30l+TOMAC, Cyanex 302+TOMAC, followed the order: Cyanex 301 + TOMAC > Cyanex 302 
+TOMAC > Cyanex 301 > Cyanex 471X > Cyanex 302 > Cyanex 925. Figure 1 shows log D values 
plotted against extractant concentrations. Cyanex 301, Cyanex 302 and their binary salts with 
TOMAC afforded very high extraction. On the other hand log D values varies 0 to 2.5 for Cyanex 
471X and -1 to 0 for Cyanex 925. Table 1 presents log Kex values for the extraction at different HCl 
concentrations with the model of extracted species. The Kex values for Cyanex 471X and Cyanex 
925 were taken from published literature. 8,11 
The complex formation with various extractants from chloride media is given below: 

3 

2 

1 

-1 

-2 

AuCl4- + HL ~ AuCl3HL +Cl
AuC14- + HL ~ AuCl3HL +Cl-

H+ + AuCl4- + R4NA ~ AuCl4R3NH+ +Cl
H+ + AuCl4- + R4NA ~ AuCl4R3NH+ +Cl

H+ + AuCl4- + 2L ~ HAuCl4L2 
Au+3 + 3Cl- + L ~ AuCl3L 

Au+3 + 3Cl- + 2L ~ AuCl3L2 

• 

• 

[Cyanex301] 
[Cyanex302] 
[Cyanex30 1 +TO MAC] 
[Cyanex302+TOMAC] 
[Cyanex925] 
[Cyanex471X] 
[Cyanex471X] 

0 [Cyanex301) 

• [Cyanex302) 

11 [Cyanex301+TOMAC) 

• [Cyanex302+TOMAC) 

x [Cyanex925) 

x [Cyanex925) * 
• [Cyanex471X) 

-3 +---1----+---+--+---1-----------1 
-6 -5 -4 -3 -2 -1 0 

Log[Extractant] 

Figure 1 :Variation of Log D as a function of extractants concentrations dissolved in cumene for 
the extraction of Au(III) from a 1 mol/1 HCl medium. 
(*) Variation of Log D as a function of Cyan ex 925 dissolved in xylene for the extraction of 
Au(III) from a 5 mol/1 HCl medium (10). 

1157 



Proceedings ISEC'99 

Extractants [HCl] = 1 mol/dm3 Model extracted Reference 
soecies 

log Kext 
Cyanex 301 4.169 AuCl3HL this work 
Cyanex 302 3.082 AuCl3HL this work 
Cyanex 301+TOMAC 3.812 AuCl4R3NH+ this work 
Cyanex 302+TOMAC 2.243 AuCl4R3NH+ this work 
Cyanex 925 7.870 HAuCl4L2 (11) 
Cyanex 471X 34.840 AuCl3L (8) 

42.040 AuCl3L2 (8) 

Table 1 Log Kex for the extraction of Au(III) with different extractants . 

The stripping behaviour of Au(III) with all the extractants using 0.5 mol!dm3 NaSCN + 
0.5molldm3 NaCl is depicted in Figure 2. Binary extractants afforded gold stripping between 
25-30% whereas from pure Cyanex 301 and Cyanex 302 loaded organic phase, stripping was 
around 26% for both the extractants. For the other neutral extractants such as Cyanex 471X 
and Cyanex 925, stripping was almost 30 and 90% respectively. The findings are contrary to 
the results of Eyal3,4 and Tait, 12 with respect to the performance of binary extractant metal 
stripping from loaded organic phase. The reason for this behaviour may be the strong 
complexation of Au(III) with TOMAC alone in binary phase which overall affects the metal 
stripping from loaded organic phase. 

90 
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60 
tl.C = 50 ·a 
c. 40 ·c .... 

00 30 
::::!: 0 
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0 

liC 

• 
" 
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Time (min) 

20 

0 [Cyanex301] 

• [Cyanex302] 

1 t. [Cyanex301+10MAC] 

• [Cyanex302+10MAC] 

x [Cyanex925] 

• (Cyanex471X] 

30 

Figure 2 Stripping behaviour of Au(III) from loaded organic phase of different extractants 
dissolved in cumene 
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Carriers P (crn/s) Au(III) recovery 
(after 60 mmutes) m rece1vmg phaSe(%) 

Cyanex 301 0.012 55 
Cyanex 302 0.010 67 
Cyanex 30l+TOMAC 0.010 47 
Cyanex 302+ TO MAC 0.013 59 
Cyanex 925 0017 94 

Cyanex 471X 0.019 81 

Table 2 Values of the permeability coefficient P and percentage of stripping S for different 
carriers.[Au(III)]=10mg/drn3

; [Carrier]=O.lmol/drn3 

Based on the solvent extraction data, all these extractants were tested as liquid membrane 
carriers to evaluate their performance. Table 2 summarises the values of permeability coefficient 
(P) with carriers studied and % recovery of Au(III) in receiving phase. As indicated by the 
results, P values range between l.Ox10-2 to 1.3xl0-2 crn/s for Cyanex 301, Cyanex 302 and their 
binary carriers but stripping from membrane in receiving phase was only between 45 to 65%. 

[Cyanex925] (mol/dm3
) 0.025 0.05 0.075 0.1 0.2 

P (crn/s) (after 60 min) 0.008 0.011 0.015 0.017 0.027 

Table 3 Values of the permeability coefficient Pat different concentrations ofCyanex 925 in 
cumene .[Au(III)]=10mg/dm3

; [HCl]reed=1mol/dm3
; [NaSCN]strip=0.5mol/dm3

; 

[NaCI]=0.5mol/drn3 

[HCl] (mol/dm3
) P (crn/s) Au(III) recovery 

(after 60 min) in receiving I!hase(%) 

0.1 0.019 89 
1 0.017 94 
3 0.012 100 
5 0.008 100 

Table 4 Values ofthe permeability coefficient Pat different concentrations ofHCI. [Au(III)]reed 
= 10mg/drn3

; [Cyanex 925] = 0.1mol/drn3 
; [NaSCN]strip = 0.5mol/dm3 

; [NaCl] = 
0.5mol/dm3 

On the other hand, Cyanex 471X and Cyanex 925 respectively could attain around 81 
and 94% stripping of Au(III) using 0.5 mol/drn3 NaSCN + 0.5 mol/dm3 NaCI. Hence, based on 
overall performance, Cyanex 925 seems to be the most efficient carrier in LM studies. Tables 3 
and 4 present the permeability coefficient values as a function of HCl concentration and 
extractant concentration (Cyanex 925) respectively. The permeability was found to increase with 
decrease in HCl concentration. This behaviour was in contrast to solvent extractionn This was 
probably due to the co-transport ofHCl which starts competing with metal ion (10 mg/dm3

) and 
affects the permeability at higher concentration of HCI. On the other hand P values increased 
with increase in concentration of liquid membrane carrier i.e. Cyanex 925/cumene. The 
maximum permeability was found to be 2.7xl0-2 crn/s at 0.2 mol/drn3 Cyanex 925 maintaining 
feed acidity at 1mol/drn3 HCI. 
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ABSTRACT 

EXTRACTION OF PENTACHLOROAQUAOSMATE(IV) 

ION FROM SULPHURIC ACID SOLUTIONS 
AB Maiboroda, ID Troshkina and AM Chekmarev 
D.I. Mendeleyev University of Chemical Technology, 9, 
Miusskaya Sq., Moscow 125047, Russia 

The possibility of effective recovery of [OsCI5(H20)]" ion by means of solvent extraction with aliphatic amines and tri-n
butylphosphate (TBP) has been established. The values of the equilibrium constants of osmium extractions with amines have 
been measured. The behaviour of osmium in the organic phases is discussed. 

Keywords: osmium(IV), amines, di-n-octylamine, dodecylamine, tri-n-octylamine, tributylphosphate 

INTRODUCTION 

The pentachloroaquaosmate (IV) ion was obtained in aqueous solution for the first time as a 
product of the hydrolysis of a hexachloroosmate (IV) ion. 3 The presence of this ion in some sulphuric 
acid solutions of copper production plants has recently been proved.4 At the same time, the extraction 
behaviour of this osmium complex has not been studied up until now. The purpose of the present work 
was to study extraction of pentachloroaquaosmate (IV) ion with some of common extractants. 

EXPERIMENTAL 

Pure osmium tetroxide (Merck) has been used as starting material for the synthesis of 
[OsC15(H20)r. Trioctylamine, diocty1amine, dodecylamine and tri-n-butylphosphate of "rein zur 
Synthese" grade (Merck) were used as extractants. Osmium was determined by a photometric method 
with thiourea following osmium tetroxide distillation.1 UV-VIS spectra were recorded on a Perkin 
Elmer Lambda 40 spectrophotometer, the same device was used for the photometric determination of 
osmium. The concentration of chloride in solutions was determined according to Volhard's method.2 

The solutions of tri-n-octylamine (TOA), di-n-octylamine (DOA), and dodecylamine in 
decane were used for the recovery of [OsCl5(H20)r ions from aqueous solutions. The solutions of the 
extractant contained 2-ethy1hexanol (10% v/v in the case of TOA and 20% in the case of DOA and 
DA) as modifier, which prevented the formation of a third phase after the conversion of the amine into 
the salt form. The experiments on extraction were carried out at a temperature 20°C using a contact 
time of 5 minutes. The concentration of osmium in initial aqueous solutions was in the range of 1 x 1 o-
4- 2 x 10-4 mole/dm3

. 

RESULTS AND DISCUSSION 

The [OsC15(H20)r ion was synthesised by the reduction of osmium tetroxide with sodium 
sulphite in a solution of 3 mole/dm3 H2S04 in the presence of 0.5 mole/dm3 NaCl. The process was 
carried out at a temperature of 100°C. Equilibrium was reached under these conditions within 15 
minutes. The increase of chloride ion concentration in the solution resulted in an increase in 
absorption in the wavelength range 345-350 nm. It was proved through electrodialysis, that anionic 
species of osmium prevail in this solution. 

The osmium complex with a maximum absorption at 345 nm was separated from the other 
products by means of ion-exchange chromatography by using a strong base resin. The ratio Os:Cl in 
the complex was equal to 1:5, which confirms the assumption of the formation of the [OsC15(H20)r 
ion in solution. The value of the extinction coefficient e = 7 x 103 dm3 mole-1·cm agrees with data 
presented3

•
5 for the extinction coefficient of this complex at Am.x =345 nm. 
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The Os04 reduction in sulphuric acid solutions results in the formation of osmium species 
with low distribution coefficients in addition to [OsC15(H20)r. Therefore, the extraction of 
[OsC15(H20)r ion occurs in the presence of poorly extractable impurities. The spectrum of the 
raffinate given in Figure 1 is considerably different from the spectrum of the feed solution. The 
absorption maximum of the raffmate was observed at ')..=375 nm. Comparison of the obtained spectra 
with the published data5 confirms the presence of the osmium complex [Os(H20)(0H)Cl5r with 
A.n.x =376 nm in the raffinate. 
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Figure 1. Extraction of [OsH20Clsr ion with trioctylamine: UV-VIS spectra of the feed aqueous 
phase (1), the organic extract (2) and the raffmate (3). 

Calculation of the distribution coefficient was carried out by taking into account the presence 
of poorly extractable impurities in the solution, as described earlier.6 The osmium solution was 
contacted sequentially with a few portions of freshly made solvent. The fraction of poorly extractable 
impurities was determined. Then, the distribution coefficient of extractable species was calculated. 
The data presented in Table 1 indicates an increase in osmium distribution coefficient with increasing 
amine basicity. 

Amine 
Do. 

Conditions: 

Trioctylamine Dioctylamine Dodecylamine 
56.6 7.1 

aqueous phase: 3 mole/dm3 H2S04, 0.5 mole/dm3 NaCl; 
organic phase: 0.1 mole/dm3 extractant in decane 

5.0 

Table 1 Effect of amine nature on distribution coefficient of osmium. 
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Figure 2. The effect of extractant concentration on distribution coefficient of osmium: 
1: trioctylamine, 2: dioctylamine, 3: dodecylamine, 4: tributylphosphate, 
[ S] - extractant concentration . 

Slope analysis7 was used to determine the composition of the extracted species. Figure 2 
illustrates the effect of amine concentration on the distribution coefficient of osmium. The slope of 
function logD- f(log[Am]) is equal to 1.30 for TOA, 1.10 for DOA and 0.93 for DA. This data allows 
the assumption of the formation of compounds containing one amine molecule. Since the amine exists 
in the organic phase in two forms, as chloride and as bisulphate, the equations of extraction can be 
written in following form: 

H[OsH20Cl5] + AmHCl = AmH[OsH20Cl5] + W + cr (1) 

(2) 

Each of the given reactions can be characterised by the concentration equilibrium constants given in 
equations (3) and (4). 

{AmH{OsH 20Cl5 ]} • [H+] · [Cl- ] 

{H[OsH 20Cl5 ]} • [AmHCl] 
If the distribution coefficient of osmium is equal to: 

{AmH{OsH 20Cl5 ]} ·[H+] ·[HS04 -] 

K2=~--~==============~~ 
D~[,S>~~J~}SO 4 ] 

{H[OsH 2 0Cl5 ]} 

·· then equations for calculation of the equilibrium constant will be as follows: 
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[H+] ·[HS04 -] 
K2=Do,· -====-

[AmH2S04] 
(7) 

Stripping with ammonium hydroxide causes complete deprotonation of the amine. The chloride 
content in ammoniacal stripping solutions was determined, and the concentration of the chloride form 
of the amine in organic phase was calculated. The bisulphate amine concentration was found by means 
of subtraction of the amine chloride salt concentration from the total amine concentration in organic 
solution. The values of extraction constants for the three amines studied are presented in Table 2. 

Amine Trioctylamine Dioctylamine Dodecylamine 
[AmHCl], mole/1 0.030 0.029 0.028 

Kr 10·' 27.9 3.66 2.67 
K2·10·' 71.6 8.95 6.21 

Table 2. The concentration equilibrium constants of extraction of [OsC15(H20)r ion with amines 
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Figure 3. The function of the stripping degree with time of holding of extract at 60°C: 
1: trioctylamine (0.1 mole!drn\ 2: dioctylamine (0.1 mole/drn3

), 

3: trialkylamine (10% v/v), 4: dodecylamine (0.05 mole/drn3
). 

The commercially pure trialkylamine is widely used in hydrometallurgy in former USSR as an 
extraction agent. This product contains 70% weight tertiary amines (alkyl radical C7-C9}, 25 % 
secondary amines and 5 % primary amines.8 The analogues of trialkylamine are Adogen 364 and 
Alamin 336 containing 95-96% weight of tertiary amines.9 Experiments on the extraction of 
[OsCl5(H20)r ion with trialkylamine showed that the osmium distribution coefficient is close to the 
value of D0 , in extraction with trioctylamine. At the same time, incomplete stripping of osmium by an 
ammonium hydroxide solution was observed. To explain this phenomenon the assumption was made 
that part of the osmium remaining in the organic phase is in the form of amino-complexes, which are 
poorly soluble in water. It is known, that under amine extraction of some platinum group metals, such 
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as iridium and palladium, the implantation of amine molecule in the interior sphere of the complex can 
take place.10 The ability of amines to form complexes with platinum metals decreases in the following 
order: primary>secondary>tertiary. Heating and exposure to light of extracts promote the process of 
amino-complex formation.'' 

The behaviour of osmium in trialkylamine organic extractant was studied. The organic phase 
contained [OsCl5(H20)r ion extracted from an aqueous solution. After extraction, the organic solution 
was washed with water (0/A = 1:1) and thermostated at 60°C. Figure 3 shows that the degree of 
osmium stripping decreases in the first 15 minutes and after approximately 30 minutes of heating, 80 
% osmium turns into unstrippable species. 

In order to ascertain a cause for this phenomenon, similar experiments using trioctylamine, 
dioctylamine and dodecylamine as extractants were carried out. The plot of the percentage stripping 
against time of holding of extract at 60°C indicates that almost complete stripping occurs in the case of 
tri- and dioctyl-amine, and that the formation of amino complexes does not take place. In the case of 
dodecylamine, the stripping decreases during first 5 minutes of heating and then becomes settled at 
a value of 5-7%. 

The UV-VIS spectra of the extracts provide information about the reorganisation of the 
interior co-ordination sphere of the osmium complex. As the spectra of the TOA and DOA extracts are 
almost identical to the spectrum of [OsCl5(H20)r ion in aqueous solutions, the appearance of new 
light absorption maximum under "-m.x=Sl 0 nrn in the spectrum of extract containing dodecylamine was 
observed. It should be noted that as a result of stripping from dodecylamine extracts, osmium formed a 
deep violet precipitate at the phase boundary. Both the organic solvent and the aqueous phase 
contained only traces of osmium. 

Tri-n-butyl phosphate was used as a neutral extraction agent for the recovery of osmium. The 
quantity of osmium extracted from sulphuric acid solutions increased with an increase of chloride ion 
concentration up to 0.5 mole/dm3

• Further increase of chloride ion concentration in the aqueous phase 
had little effect on the quantity of osmium extraction. The organic extracts obtained by osmium 
extraction with TBP have a similar spectra to that of the aqueous solutions, that contain [OsC15(H20)r 
ion. It was established by means of a slope analysis, that the solvate formed by osmium extraction 
with TBP contains one amine molecule. The slope coefficient of the logarithmic distribution curve 
given in figure 1 is 1.17. 

CONCLUSIONS 

The study of the extraction of pentachloroaquaosmate (IV) ion with aliphatic amines and 
tributylphosphate from sulphuric acid solutions has been carried out. It was established that extracted 
compound contains one molecule of extractant. The increase in amine basicity resulted in increase in 
osmium extraction. The reason for incomplete stripping of osmium from commercial trialkylamine 
solutions is the interaction of osmium complex with primary amine impurities. 
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ABSTRACT 

SOL VENT EXTRACTION OF RUTHENIUM (III) 
AS A TIDOCYANATE COMPLEX 
B Tamhina, V Vojkovic and N Brajenovic 
Laboratory of Analytical Chemistry, Faculty of Science, 
University of Zagreb, Strossmayerov trg 14, 10000 Zagreb, 
Croatia 

The extraction ofruthenium(III) as a thiocyanate ·complex from hydrochloric acid solution with tetraphenylarsonium (TPA), 
tetraphenylphosphonium (TPP) and cetylpyridinium (CP) chloride and cetyltrimethylarnmonium (CTMA) bromide dissolved 
in chloroform was investigated. The optimum conditions for quantitative extraction (over 99%) by all extractants were 
determined. The extraction described can be used as a very simple method for ruthenium separation and also for the 
spectrophotometric determination of ruthenium (III) in the organic phase, which is more sensitive than in the aqueous 
phase. The extraction behaviour of CTMA and CP was found to be more efficacious than that of TPA and TPP, because 
lower excess of extractant and less shaking time of the aqueous and organic phases were required. Distribution and 
spectrophotometric methods showed that the mechanism of extraction was based on the formation of ion-associated 
compounds between two onium cations and one ruthenium (III) thiocyanate anion bearing two negative charges. 

Keywords: ruthenium, thiocyanate, spectrophotometry, tetraphenylarsonium, tetraphenylphosphonium, cetylpyridinium, 
cetyltrimethylarnmonium ions 

INTRODUCTION 

Ruthenium (III) forms a deep-blue complex with thiocyanate which can be used for the 
spectrophotometric determination of ruthenium in the aqueous phase or in the organic phase after 
extraction with some organic solvents, or by polyurethane foam. 1

-4 The selective separation of 
ruthenium from other platinum group elements by extraction as thiocyanate complexes has also been 
described. 3-6 

The present experiments were undertaken to study the extraction of ruthenium (III) as a 
thiocyanate complex with tetraphenylarsonium (TP A) and tetraphenylphosphonium (TPP) chlorides, 
which are ion-pair extractants. The presence of surfactants can influence complex formation. 7

•
9 

Therefore, extraction of the ruthenium (III) thiocyanate complex was carried out also with 
cetyltrimethylammonium (CTMA) bromide and cetylpyridine (CP) chloride as cationic surfactants and 
as ion-pair extractants. 

The results show that CTMA and CP are better extractants for ruthenium (III) thiocyanate 
than TPA and TPP. A more efficacious extraction behaviour of CTMA and CP in comparison with 
that of TP A and TPP is discussed. The extraction described can serve as a potential method for 
ruthenium separation and also for the spectrophotometric determination of ruthenium (III) in the 
organic phase, a determination that is more sensitive than the one in the aqueous phase. 

EXPERIMENTAL 

Reagents 

Standard ruthenium (III) solution (8xi0-3 moiJdm3) was prepared by dissolving 
(NH4)2RuCisX H20 (analytical grade, Johnson Matthey) in 1mol/dm3 HCI. The solution was 
standardized spectrophotometrically with thiourea 10 and checked with ruthenium atomic absorption 
standard solution (Johnson Matthey). Solutions of lower concentrations were made by dilution with 
deionized water. TPA and TPP chloride (analytical grade, Fluka), CTMA bromide (cryst. pure, Serva) and 
CP chloride-monohydrate (analytical grade, Merck) were dissolved in reagent grade chloroform. All 
chemicals used were of p.a. purity grade. 

© 2000 Society of Chemical Industry 1167 
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Extraction Procedures 

The aqueous phases of a given composition were heated at 85C for 45 min. After cooling to 
room temperature an aliquot was used for absorbance measurement using a Varian Cary 3 
spectrometer. Another aliquot (5 cm3) was shaken with an equal volume of the organic phase of a 
given composition in a 50 cm3 conical flask with a mechanical shaker for 25 minutes {CTMA and 
CP) or 70 minutes {TP A and TPP). After the phases were separated by gravity for each experimental 
point, aliquots of the organic and aqueous phases were used for absorbance measurements. 

Distribution Ratio 

Ruthenium distribution was determined by absorbance measurements in the aqueous phase at 
585 nm before and after extraction. Ruthenium concentrations in the organic phase were calculated 
from the difference in ruthenium concentrations in the aqueous phase before and after extraction. 
Ruthenium distribution was also determined by absorbance measurements in the organic phase at 575 
nm {TPA and TPP) or at 568 nm {CTMA and CP). Ruthenium concentrations in the aqueous phase 
were calculated from the difference between the maximum and constant absorbance of the organic 
phase at optimum conditions for extraction and the measured absorbance value of a given 
composition. 

RESULTS AND DISCUSSION 

The extraction of ruthenium {III) as a thiocyanate complex from hydrochloric acid solution 
with TP A, TPP and CP chloride and CTMA bromide dissolved in chloroform was investigated. 
Ruthenium (III) could be extracted only after the formation of a thiocyanate complex in the aqueous 
phase. As ruthenium {III) formed a thiocyanate complex quantitatively only by heating, the effect of 
temperature and the heating time on the formation of the thiocyanate complex in the aqueous phase 
and on its extraction with all investigated extractants dissolved in chloroform was determined by 
heating the aqueous phase before extraction. The optimum heating time was 45 minutes at 85C. 
Without heating complex formation and its extraction were about 50%, independent of the time of 
standing of the aqueous phase at room temperature before extraction. 
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Figure 1 Dependence of absorbance (a) and per cent extraction (b) on initial pH 

The absorption spectrum of the ruthenium (III) thiocyanate complex in the aqueous phase 
showed a maximum absorbance at 585 nm (E = 5.0 x 103 L moi-l cm-1), in the organic phase extracted 
with TPA or TPP at 575 nm and with CTMA or CP at 568 nm (E = 8.4 x 103 L moi-l cm-1). The 
maximum and constant absorbances of the organic phase were in the same thiocyanate and extractants 
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concentration range and pH range as for quantitative extraction. This showed that the formation of the 
extractable ruthenium (TID thiocyanate complex with all investigated extractants could be determined 
spectrophotometically by measuring the absorbance of the organic phase at 575 nm for TPA or TPP 
and at 568 run for C1MA or CP as extractants. The absorbances of the organic phase were stable for 
at least 5 hours regardless of the extractant used and the determination of ruthenium (lll) in the 
organic phase was more sensitive than in the aqueous phase. 
The optimum pH of the aqueous phase before heating was 2.0-4.5 . In this pH range the absorbance 
values of the aqueous phase were constant. From this solution the ruthenium(lll) thiocyanate complex 
was quantitatively extracted (over 99%) in the pH range 2-3 (TPA or TPP) and 2-4 (C1MA or CP). 
At higher or lower acidity complex formation and its extraction decreased (Fig. 1). At pH < 1 no 
complex was formed and the absorption spectra of the aqueous and organic phases showed no 
absorption maximum in the 400-700 run wavelength range. 

The effect of thiocyanate concentration on the formation and extraction of the ruthenium (III) 
thiocyanate complex was examined by varying the thiocyanate concentration in the aqueous phase. 
The extraction started from solutions containing an initial ruthenium (lll) concentration of 6.1 x 1 o-5 
mol/dm3 at optimum acidity (pH = 2.5) using an excess of extractants in chloroform (Figure 2). For 
complete formation of the complex in the aqueous phase and its extraction with all investigated 
extractants in chloroform a thiocyanate concentration ;::0.05 mol/dm3 was required; the minimum 
molar ratio of thiocyanate to ruthenium was 800:1. A thiocyanate concentration >0.05 mol/dm3 
produced no influence on the formation of the thiocyanate complex in the aqueous phase and 
absorbances of the aqueous phase had constant values. All the extractants used extracted the 
ruthenium (III) thiocyanate complex quantitatively in the thiocyanate concentration range 0.05-0.16 
mol/dm3. At a higher thiocyanate concentration the extraction with TP A and TPP very strongly 
decreased and at a thiocyanate concentration ;::0.3 mol!dm3 the extraction was about 50%. In contrast, 
if thiocyanate concentration increased above 0.16 mo1Jdm3, the extraction with C1MA and CP very 
slowly decreased. This may have been due to the excess of thiocyanate which formed with extractants 
ion-pairs that were also extractable in chloroformll,l2 and therefore coextracted a thiocyanate 
complex with ruthenium (lll) decreasing ruthenium (III) extraction. Thiocyanate ion-pairs with TP A 
and TPP were probably more extractable in chloroform than with CTMA and CP and consequently 
strongly decreased ruthenium extraction. 
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Figure 2. Dependence of absorbance (a) and per cent extraction (b) on initial thiocyanate 
concentration 
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The influence of extractant concentration in the organic phase on the extraction of ruthenium 
(III) from the aqueous phase at optimum acidity (pH = 2.5) and thiocyanate concentration (0.1 
molldm3) was also studied (Figure 3). For the quantitative extraction of ruthenium as a thiocyanate 
complex the molar ratio ofTPA or TPP to Ru(lll) had to be at least 160:1, ofCP to Ru(III) 12:1 and 
of CTMA to Ru(III) 6: 1. 

At optimum conditions for extraction the distribution equilibrium was attained after 5 minutes 
with CTMA or CP but only after 60 minutes with TPA or TPP (Table 1). The shaking time of the 
aqueous and organic phases sufficient to achieve reproducible results by measuring the absorbances of 
the organic phase was 15 minutes with CTMA or CP as extractants and 70 minutes with TPA or TPP. 

c(Extractant I c(Ru) 
0 40 80 120 100 200 240 280 320 300 

0.5 100 

ag. phase (a) and (b) ~ 
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0.4 • CIMA 0 n>A 80 ........ 

0.3 60 J aq. phase after ext. (a) and (b) 
o CIMA e TI'A 40 

0.1 20 

0.0 0 

0 2 4 6 10 12 14 16 18 20 22 

c(Extractant) x 103 I M 
Figure 3. Dependence of absorbance (a) and per cent extraction (b) on initial TP A and C1MA 

concentrations 

Shaking Extraction I% 

time/min TPA TPP CTMA CP 

2 81.8 79.8 97.9 97.3 

4 83.3 80.7 98.2 98.5 

5 85 .8 81.6 99.9 99.9 

15 94.8 91.3 100.0 99.9 

50 97.7 97.3 99.9 99.9 

60 100.0 99.8 99.9 99.9 

70 99.9 99.9 99.9 99.8 

Table 1 Effect of shaking time on per cent extraction depending on extractant 

All these results showed that for the quantitative extraction of the ruthenium (III) thiocyanate 
complex with C1MA or CP a lower excess of extractant and less shaking time of the aqueous and 
organic phases were required than with TP A or TPP. A different, more efficacious extraction 
behaviour of CTMA and CP in comparison to TP A and TPP was due to the fact that CTMA and CP 
are not only ion-pair extractants, but also cationic surfactants. It is known that the presence at a 
surfactant can influence complex formation.?-9 CTMA and CP as surfactants were more soluble in 
water than TP A and TPP, and therefore accelerated the formation of the ion-associated compounds 
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between the onium cation and the ruthenium (III) thiocyanate anion and their transfer into the organic 
phase. 

The composition of the extracted ruthenium {III) complex was determined by distribution 
(slope analysis) and spectrophotometric, Job's method of continuous variation, methods (Figure 4). The 
molar ratio of ruthenium(III) to onium ion in the extracted complex with all the extractants 
investigated was 1 :2. This indicates that the mechanism of extraction was based on the formation of 
ion-associated compounds between two onium cations and one ruthenium (III) thiocyanate anion 
bearing two negative charges, probably having the formula lR4X]z[RuO(SCN)3] <R4X+ = TPA, 
TPP, CTMA or CP). 

1.2 
12 a) b) • (Ru) + c(CIMA) = 6x1(}4 M 

1.0 0 (Ru) + c(IPA) = 1.7 x1Q-3 M 

0.8 

j 
0.8 

0.4 
Q 

~ 0.6 
0.0 

-0.4 

-0.8 

-12 0.2 0.4 0.6 0.8 1.0 

4 .8 4.4 4 .0 -3.6 -32 -28 -24 -20 -1.6 c(Ru) 

1~ c(Fxtroctmt) c(Ru) + c(Extractant) 

Figure 4. Determination of complex composition by (a) slope analysis, b) Job's method 
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ABSTRACT 

EXTRACTION OF IRON(III) FROM HYDROCHLORIC 

ACID SOLUTIONS BY AN a-HYDROXYOXIME 
Taichi Sato,1

•
2 Masahiko lto1 and Masuyuki Hotta1 

1Faculty of Engineering, Shizuoka University, Hamamutsu, 
432 Japan 
2Metallurgical Engineering Department, 
Queen's University, Kingston, Ontario K7L 3N6, Canada 

The extraction of iron(IJI) from hydrochloric acid solutions was investigated using LIX 63 (5,8-diethyl-7-hydroxy-6-
dodecanone oxime, H20x) in kerosene under various conditions. The organic extracts were examined by infrared and 
ultraviolet spectroscopies. In consequence, the following equilibrium equations have been proposed: at 2 > pH > 1, 
Fe(OH)2+(aq) + 2H20x(org) Fe(OH)(HOx)2(org) + 2H+(aq); at [HCI) = 1-10 mol dm-3 , FeCI3(aq) + HCI(aq) + 
H20x(org) HFeCI4.H20x(org). 

Keywords: iron(III), LIX 63 {5,8-diethyl-7-hydroxy-6-dodecanone oxime), hydrochloric acid 

INTRODUCTION 

The extraction of metal ions from aqueous solutions by a-hydroxyoximes, such as 5,8-diethyl-7-
hydroxy-6-dodecanone oxime (HzOx), the active component of LIX 63) and its equivalent, has been 
reported previously.! The current studies were also conducted on the complexes formed in the 
extraction of copper from hydrochloric acid solutions by an a-hydroxyoxime, as well as the 
extraction of divalent cobalt, nickel and copper and trivlent gallium, indium an thallium.2-4 In this 
study, the work was extended to include the extraction of iron(III) from hydrochloric acid solutions 
by a-hydroxyoxime. 

EXPERIMENTAL 

Reagents 

LIX 63 (Henkel Corp.), used as an a-hydroxyoxime, was purified by the method reported in 
an earlier paperS and diluted with purified kerosene. Aqueous solutions of iron were prepared by 
dissolving ferric chloride (FeCl3·6HzO) in hydrochloric acid of the required concentration. In 
general, the aqueous metal concentration was I g dm-3 ferric chloride except for the loading test. 
Other chemicals were of analytical reagent grade. 

Extraction and analytical procedures 

Equal volumes (15 cm3 each) of the aqueous and organic phases were shaken for 20 min in a 
50 cm3 stoppered conical flask at 20°C. Preliminary experiments showed that equilibration was 
complete in 20 min. The mixture was centrifuged and separated, and then the aliquots of both phases 
were pipetted out to determine the distribution coefficient (E: the ratio of the equilibrated 
concentration of metal in the organic phase to that in the aqueous phase). Iron was stripped from the 
organic phase with I mol dm-3 hydrochloric acid solution. The concentration of iron in aqueous 
solution was determined by EDT A titration using xylenol orange (XO) as the indicator. The chloride 
concentration and the water content of the organic phase were determined by the use of Volhard's 
method in the presence of nitrobenzene and by Karl Fisher titration, respectively. 
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Figure 1. Extraction of iron(III) from aqueous solutions as a function of pH with LIX 63 in 
kerosene (pHeq aq denotes equilibrated aqueous pH; numerals on lines are LIX 63 
cones., mol dm-3). 
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Figure 2. Extraction of iron(III) from hydrochloric acid solutions with LIX 63 in kerosene (numerals 
on lines are LIX 63 cones., mol dm-3). 

IR and UV soectral measurements. 

The infrared (IR) spectra of the organic extracts were determined on JASCO models IRA-1 
( 4000-650 cm-1) and IR-F (700-200 cm-1) using a capillary film between thallium halides or 
polyethylene films. The ultraviolet (UV) absorption spectra were recorded on a Hitachi model 340 
spectrophotometer using 1.0 x 1.0 em fused silica cells. 

RESULTS AND DISCUSSION 

Extraction isotherms. 

The extraction of iron(III) from aqueous solutions of low acidity at 1 < pH < 2 showed a 
gradual decrease in the distribution coefficient when lowering the pH value as indicated in Figure I . 
At higher acidities in [HCl} = 1-10 mol dm-3, the distribution coefficient rose with increasing 
aqueous acidity (Figure 2). From these results it was deduced that there are two different regions in 
which the extraction occurs through different mechanisms. 

In the weak acid region, the variation of the distribution coefficient was attributed to a 
chelation mechanism similar to the cation-exchange mechanism. It was thus assumed that the 
extraction of metal from aqueous solutions in the pH region by LIX 63 can be expressed by the 
equation: 

(1) 

where (a) and (c) denote aqueous and organic phases, respectively, and M represents the metal 
species. If the extraction of iron (Ill) follows Equation (1), the distribution coefficients are 
proportional to [H+]m. The plots ofE vs pHeq aq at [H20xlinit = 0.064-0.64 mol dm-3 showed that 
the distribution coefficients are proportional to the second-power hydrogen ion concentration in the 
region of 1 ~pH~2, meaning m = 2 (Figure 1). Also the plots of log E vs log [H20xleq revealed 
straight lines with a slope of -2. This corresponded to the result obtained for the continuous variation 
of [Fe]0 rg as a function [Fe]init aqi([Fe]init aq + [H20X]iniV at pH 1.6, giving the maximum at 0.33. 
In addition, as the hydroxo species such as [Fe(OH)(Hz0)6]2+ exists in aqueous solutions at the pH 
region, it was inferred that the extraction of iron(III) from aqueous solutions at 2~pH~ I by LIX 63 
can be expressed by the equilibrium equation: 

Fe(OH)2+(a) + 2Hz0x(o) 4 ., Fe(OH)(HOx)z(o) + 2H+(a)(2). 

In the extraction of iron (III) from aqueous solutions with 0.032 mol dm-3 LIX 63, when the 
concentration of iron in aqueous solutions was increased at the constant pH = 1.6, it was found that 
the metal-loaded organic phases do not contain either water molecules or chloride ions. This 
suggested that the species formed in the organic phase has the stoichiometric composition of 
Fe(OH)(HOx)z. 

At hydrochloric acid concentrations above 1 mol dm-3, the distribution behavior was similar 
to that for the extraction using the neutral organophosphorus compounds such as TBP (tri-n-butyl 
phosphate) and TOPO (trioctylphosphine oxide). When hydrochloric acid in the aqueous phase was 
replaced by lithium chloride, the extraction behavior of iron (Ill) resembled that from hydrochloric 
acid solutions alone. The plots of logE vs log [HzOx]eq gave straight lines with a slope of -1, 
showing the first-power dependency on LIX 63 concentration. This was in accordance with the 
results for the continuous variation method. [Fe lorg• plotted as a function of mole fraction of [Fe Jinit 
aci([Fe)init aq + [H20xJiniV at a fixed concentration of [Fe)init aq + [HzOx)init = 0.05 mol dm-3 at 
5 mol dm-3 HCl, revealed a maximum at 0.5. The loading test of iron in the organic phase indicated 
the stoichiometry of the extracted species: when increasing the iron concentration in the aqueous 
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phase at 5 mol dm-3 HCl, the molar ratio [Fe]/[Cl]IH20x]/H20] in the organic phase approached 1 : 
1 : 4 : 2, indicating the composition HFeCI4·H20x.2H20. 

Hence it was deduced that the extraction of iron (III) from hydrochloric acid solutions by LIX 
63 should be written as: 

(3) 

IR and UV soectral studies. 

Organic extracts with 0.032 mol dm-3 LIX 63 inn-hexane, from aqueous solutions containing 
ferric chloride at 1, 10 and 20 g dm-3 at pH 1.6 and with 1, 10 and 100 g dm-3 HCl, were examined 
by IR spectroscopy. These extracts exhibited an OH stretching vibration at 3300 cm-1 and an OH 
bending band at 1640 cm-1 for free extractant shifts to higher and lower frequencies, respectively. 
Simultaneously, the bands due to the N-0 stretching vibration at 1270 cm-1 and the C=N-0 skeletal 
vibration at 830 cm-1 shifted to lower frequencies in the extraction of iron (III) from aqueous 
solutions in the pH region, while the N-0 stretching vibration at 940 cm-1 and the C-H-0 out-of
plane vibration at 760 cm-1 shifted to higher frequencies in the extraction from hydrochloric acid 
solutions at higher acidities. From these results, it was deduced that the species forming organic 
phases possess the structure in which the oxime group coordinates to iron through the oxygen and 
nitrogen atoms. 

The absorption spectra of the organic extracts were examined in the extraction with 0.032 mol 
dm-3 LIX 63 in cyclohexane from aqueous solutions containing iron(III) chloride of 1 g dm-3 in pH 
1.6 and in 3, 5 and 7 mol dm-3 HCI. The spectra revealed the absorption at 334 nm due to the species 
Fe200H)24+ in the extraction from aqueous solution in the pH region,6 and absorptions at 316 and 
364 nm due to the species FeCl4- in the extraction from hydrochloric acid solutions at higher 
acidities.? Therefore, theIR and UV spectral results confirmed the relevance of Equations (2) and (3) 
for the extraction of iron (III) from hydrochloric acid solutions by LIX 63 . 

CONCLUSION 

The extraction of iron (III) from hydrochloric acid solutions by LIX 63 was examined under 
various conditions. From the results, it can be seen that the extraction of iron (III) from aqueous 
solutions in the pH region involved the chelating reaction expressed in Equation (2); and the solvating 
reactions according to Equation (3) were the result of hydrochloric acid solutions at higher acidities. 
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ABSTRACT 

THIRD PHASE APPEARANCE IN COBAL T(II) AND 

NICKEL{II) EXTRACTION WITH MON0-(2-ETHYL

HEXYL)PHOSPHONIC ACID-2-ETHYLHEXYL ESTER 

(MOOP) 
Da Maljkovic, Z Lenhard and Du Maljkovic 
Faculty of Metallurgy, University of Zagreb, Aleja narodnih heroja 
3, 44000, Sisak, Croatia 

During investigation of cobalt(II) and nickel(II) extraction with mono-(2-ethylhexyl)phosphonic acid 2-ethylhexyl ester 
(MOOP) in kerosene a third phase was observed under certain conditions. Systems containing cobalt(ll) and nickel(ll) or 
both metals were investigated at different initial pH values and initial phase volume ratios under conditions of the third phase 
formation. Partial distribution ratios and separation factors were calculated. 

Keywords: nickel, cobalt, mono-(2-ethylhexyl)phosphonic acid 2-ethylhexyl ester, (MOOP), third phase 

INTRODUCTION 

Coexistence of three liquid phases was observed in a number of extraction systems. The third 
liquid phase appears as a result of splitting of the organic phase into the light and heavy ones. In the 
case of metal extraction the heavy organic phase, known as the third phase, usually contains a much 
higher metal concentration than the light organic phase. The approach to the third phase appearance in 
extraction systems can be twofold. Namely, in systems containing ethers (e.g. diisopropyl ether) the 
appearance of the third phase should be stimulated, because it can serve to improve separation 
efficiency due to a very high metal content. In contrast to that, there are numerous extraction systems 
(such as the ones containing long-chain amines) in which the third phase formation should be avoided 
because of unfavourable distribution. 

When the partial distribution ratio of the heavy organic phase to the light organic phase, Dhl, 
is small, two organic phases can be treated as integral organic phase and can be separated from the 
extraction system together using an average distribution ratio, Dav• to express metal distribution. 

To stimulate as well as to prevent the third phase formation, it is necessary to examine the 
factors influencing the behaviour of systems where, under certain conditions, three liquid phases can 
be present simultaneously. However, there are large differences in the behaviour of specific extraction 
systems even when they belong to the same group of systems according to the extraction mechanism, 
for instance different properties of the third phase which appears during the extraction of iron(III) and 
gold(III) with di-isopropyl ether or solvents containing di-isopropyl ether.l,2 This indicates that the 
phenomenon of the third phase formation is by no means simple and that apparently, it involves 
simultaneous operation of a number of factors. Hence, there is no general rule for the third phase 
formation and the literature on the subject is confmed to data concerning conditions of its appearance 
in specific systems. 

There are no data in literature related to the third liquid phase appearance in extraction 
systems containing mono-(2-ethylhexyl) phosphonic acid 2-ethylhexyl ester. However the use of the 
third phase modifiers can be an indication that the third phase was observed under certain 
circumstances) During our examination of cobalt(II) and nickel(II) extraction with MOOP the third 
phase was observed and results concerning that phenomenon are discussed in this paper. 
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EXPERIMENTAL 

Materials 

Mono-octyloctanphosphonate, MOOP, kindly supplied by Bayer AG was used without 
further purification. The reagent contains 97.5% of pure compound mono-(2-ethylhexyl)phosphonic 
acid (2-ethylhexyl)ester and has a density (20°C) of 0.950 g.cm-3. 

Procedure 

The experiments were carried out in graduated cuvettes (15 cm3). Samples prepared by 
dissolution of metal sulphates in sulphuric acid were adjusted to appropriate pH using a concentrated 
solution of ammonium hydroxide and mixed in a chosen ratio with a 10% solution of MOOP in 
kerosene. The initial volume ratios of the aqueous to the organic phase, ri, were 1 and 2. Systems 
were thermostatted for 15 minutes at 25 oc and after that vigorously shaken four times for 30 seconds 
at three-minute intervals. In between shaking the systems were thermostatted. 

Methods of Analysis 

Determination of equilibrated phase volumes was carried out in graduated cuvettes before 
sampling with the accuracy of ± 0.05 cm3 . Concentration of cobalt (IT) (using nitroso-R salt) and 
nickel (II) (using dimethylglyoxime and K2S208) were determined by absorbance measurements. 

RESULTS AND DISCUSSION 

In the investigation of cobalt (II) and nickel (II) extraction by MOOP in kerosene the 
presence of the third phase was observed at higher pH values. 

The relationship between the initial pH value (pHI = 8-10) and the number of coexisting 
liquid phases in systems containing nickel (II) (1.8 x IQ-1 molJdm3), cobalt (II) (1.2 x 10-2 
molJdm3) and a mixture of the two metals (with identical metal content) is shown in Table 1. 

Ni 2 
Co+Ni 2 

Co 2 2 2 2 3 3 
2 Ni 2 3 3 3 3 3 

Co+Ni 2 3 3 3 3 3 

Table 1 The number of co-existing liquid phases at different initial pH values, pHi, and initial 
volume ratios, ri, in the extraction of cobalt (II} and nickel (II} by MOOP in kerosene. Initial 
metal concentrations: cico = 1.2 x 10-2 molldm3 and c iNi = 1.8 x 10-l molldm3 

The system containing cobalt (II) consisted of two phases at pHi = 6.0 - 9.5 and pHi = 6.0 -
9.0 for initial phase volume ratios, ri = 1 and 2 respectively. The systems containing nickel (II) were 
not prepared in the same pHi range, because the solution of a given nickel (II) sulphate concentration 
was unstable at pH values lower than 8.0. In these systems the third phase appeared at a lower initial 
pH value than in those containing cobalt (II). Its appearance was also noted at a lower initial pH value 
for a higher initial phase volume ratio (ri = 2). 

So, in the system containing nickel (II} for ri = 2 the third phase appeared at pHi = 8.5 but 
in the system containing cobalt(II) for same ri, it appeared at pHi= 9.5. In system containing a 
mixture of the metals a third phase appears at same initial pH as in system containing the single 
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nickel (II) species. This leads to the conclusion that nickel contributes to the appearance of the third 
phase at lower initial pH values in systems containing both metals. 

Determination of metal concentration in the co-existing organic phases showed that the heavy 
organic phase (the third phase) contained a much higher metal concentration than the light one, as in 
the extraction of cobalt and nickel with Cyanex 272.4 
For all the systems investigated the partial distribution ratio between organic phases nhl for both 
metals increased with increase in initial pH values and was mostly higher at ri = 2. The highest values 
were obtained at pHi= 10.0 {Table 2). 

1 44.2 42.3 51.1 45.0 
2 55.9 43.2 54.3 31.4 

Table 2 Partial distribution ratio of the heavy organic phase to the light organic phase, DhJ, of 
cobalt (II) and nickel (IT) for different initial phase volume ratios, ri , in extraction systems 
containing single or both metals. Experimental conditions: MOOP (10%) in kerosene, 
initial pH, pHi =10, initial metal concentrations: cico = 1.2 x 10-2 mol/dm3 and ciNi = 1.8 
X 10-1 mol/dm3. 

Although the values of the partial distribution ratio of the heavy organic phase to the light organic 
phase, nhl, were higher than those obtained in cobalt {II) and nickel {II) extraction with Cyanex 272,4 
the partial distribution ratio of the heavy organic phase to the aqueous phase, Dha, were much lower. 
Namely, the high partial distribution ratio between the organic phases is here more the result of a very 
low metal content in the light organic phase than of the metal content in the heavy organic phase. 
In other words, it is the result of the low partial distribution ratio of the light organic phase to the 
aqueous phase {Table 3). 

Co * * 
Co(Co+Ni) 7.6 0.69 
Ni(Co+Ni) 0.8 0.06 

Ni 1.0 0.02 0.4 O.o! 
2 Co * * 1.2 0.02 

Co(Co+Ni) 4.7 0.30 1.3 O.Q3 
Ni(Co+Ni) 0.6 O.Q3 0.3 0.01 

Table 3 Partial distribution ratios of the heavy organic phase to the aqueous phase, Dha, and of the 
light organic phase to the aqueous phase, Dla, of cobalt(II) and nickel(II) for different 
initial pH values, pHi, and initial phase volume ratios, ri. 
Experimental conditions: MOOP (10%) in kerosene, initial metal concentrations: cico = 
1.2 x J0-2 mol!dm3 and ciNi = 1.8 x J0-1 mol!dm3. 

Two-phase system 
Partial distribution ratios Dha and Dla were much higher at lower initial pH. Also, the partial 
distribution ratio Dha was different in systems containing single metals and a mixture of metals, 
indicating a mutual influence of metals on their distribution. For cobalt (II), partial distribution ratio 
Dha in the system containing a single metal was lower than in the system containing a mixture of 
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metals, contrary to the partial distribution ratio Dha for nickel (II) which was higher for systems 
containing a single metal. 
Maximum D value of cobalt (II) was found at pHi = 9.0. It was 86.9 and 31.8 for both initial phase 
volume ratios, ri = 1 and 2 respectively. However, in the system containing both metals at pHi= 9.0, 
the third phase appeared and distribution of cobalt (II) was determined by partial distribution ratio 
Dha = 7.6 and 4.7 for the initial phase volume ratios, ri = 1 and 2 respectively (Table 3). 

The separation factor of cobalt (II) over nickel (II), aC~i in extraction with MOOP under 
conditions of the third phase was calculated from the partial distribution ratio Dha· The separation 
factor of cobalt (II) over nickel (II), aC~i obtained at pHi = 9.0 was higher than at pHi = 10.0 
(Table 4). 

Table 4 Separation factor aC~i obtained by MOOP in kerosene and calculated from the partial 
distribution ratio Dha of cobalt(II) and nickel(II) at different initial pH, pHi and initial 
phase volume ratios, ri. Initial metal concentrations: cic0 = 1.2 x 10-2 molJdm3 and ciNi 
= 1.8 x IQ-1 molldm3. 

The distribution and separation of metals with MOOP under conditions of the third phase 
formation are not as efficient as e.g. in systems containing di-isopropyl ether.l,2 However, when the 
choice of initial pH is stipulated by the presence of other metals in solution results of extraction of 
cobalt (II) and nickel (II) by MOOP in a three-phase system can also be satisfactory. 
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NOMENCLATURE 

nhl - partial distribution ratio of the heavy organic phase to the light phase 
Dha - partial distribution ratio of the heavy organic phase to the aqueous phase 
Dla - partial distribution ratio of the light organic phase to the aqueous phase 
Dav - average distribution ratio in three phase systems 
r - volume ratios of the aqueous to the organic phase 
a - separation factor 

Subscripts and superscripts 
Co - cobalt 
Ni - nickel 

- initial 
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ABSTRACT 

EXTRACTION EQUILIBRIA OF NICKEL WITH LIX860 
ANDDEHPA 
Takashi Sana\ Koichiro Shiomod, Yoshinobu Kawano1 and 
Koji Nagayoshe 
1Dept. Materials Science, Miyazaki Univ. , Miyazaki 889-21, Japan 
ZVoshitama Surface Finishing Co.,Ltd, Nobeoka, Japan 

The extraction equilibria of nickel in aqueous anunonium sulphate with LIX860 and DEHPA in kerosene were investigated 
at 303K. For LIX860, the fractional extraction of nickel increased with pH in the aqueous solution and with concentration 
of the extractant. For DEHPA, the fractional extraction increased to the maximum value at pH = 7, and decreased 
drastically with increasing pH. The maximum fractional extraction increased with the concentration of the extractant. The 
extraction reactions for each extractant were established by slope analysis method and their formation constants were 
estimated as: 

and 
K={[(NiR2]'[H"]}/([Njl+]'[RH]2 }= 5.2 x 10'4 drn3/mol for LIX860, 

K=([NiR2RH]·[H"]}/([Ni2+l[(RH)2] 15
} = 2.3 x 10'3 (drn3/mol)05 for DEHPA. 

Keywords: nickel, LIX860, DEHPA 

INTRODUCTION 

Usually, wastewaters involving base metals have been treated by multi-stage precipitation 
operations. The treatments are effective, because the operations are quite simple and can be widely 
applied for various metals in the wastewater. The precipitates formed in this method are a mixed solid 
of various metals and the aggregating agent. Separation and recovery of the metals from this process is 
difficult. To obtain fundamental information of solvent extraction operations, the separation and 
recovery of nickel from sulphate solution using solvent extraction with 5-dodecylsalicylaldoxime 
(LIX860) and di-(2-ethylhexyl)phosphoric acid ( DEHPA) as extractants was investigated. 

EXPERIMENTAL 

LIX860 (65% pure, Henkel Hakusui Co.) and DEHPA (95% pure, Tokyo Chemicals Co.) were 
used without further purification. Ni2S04, ~OH and HzS04 were guaranteed grade regents from 
Wako Chemicals Co. The organic solutions were prepared by dissolving the extractants in kerosene at 
the desired concentration. The aqueous solution was prepared by dissolving NiS04 in 0.50 molldm3 

~)zS04 aqueous solution. The pH values of the aqueous solution were adjusted by addition of H2S04 
or ~)OH. Initial concentration of nickel in the aqueous solution was 230 ppm (4.0x 10-3mol/dm3

) . 

Nickel concentrations were measured using atomic absorption spectrophotometer. 
Equal volumes of the aqueous and the organic solution were put into a sample vial with stopper. 

The sample vials were mechanically shaken for 12 hours in a water bath at 303K. After both phases 
were separated, pH values and the concentrations of nickel in the aqueous solutions were measured. The 
concentrations of nickel in the organic solution after equilibration were determined from mass-balance 
for nickel in the aqueous solution. 

RESULTS AND DISCUSSION 

The extraction of nickel with LIX860 

The fractional equilibrium of nickel, E, was plotted against pH in figure 1. The extraction of nickel was 
affected by the concentration of the extractant and pH with E increasing with pH. The reaction is 
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assumed to follow the simple model of chelate extraction.1 
•
2 

Ne+ + mRH ~ NiR.n + ZW (1) 

The equilibrium constant, K for eq. (1) is written as follows : 

(2) 

Substituting the distribution coefficient, D(=[Ni]oJ[Ni]aq), 
into eq.(2) and rearranging gives: 

D = K(RH]m I [Irf (3) 

Taking logarithms of eq.(3), the following equation is 
obtained: 

logD = mlog[RH] + zpH + logK (4) 

LogD is plotted against log[RH] in figure 2. The 
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• 11.7 

" Ill 
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Equilibrium pH [-] 

experimental results are plotted on the straight lines having a Figure 1 Effect of pH on the extraction of 
slope of 2.0 at each pH. Hence, the value of m were nickel with LIX860 

determined as 2.0. Substituting m value into eq.(4) 
and rearranging gives: 

log(D/([RHf) = zpH + logK (5) 

log(DI[RH]2
) is plotted against pH in figure 3. All of the experimental values were scattered on a 

straight line having a slope of 1. 0. Therefore the value of z was determined as I . 0. 

3 n---~----~--------~ 
Key pH[-) 

2 

,.....1 
...!... 

-1 

-2 -1.5 -1 
logRH [mol/l) 

Figure 2 Effect of logRH on the logO at 
various pH 

Figure 3 Plot of log(DIRH2
) against pH at 

various LIX860 concentrations 

Substituting m and z values into eq.(4) and rearranging gives: 

logD = log(RH2 I W) + logK (6) 

logD values are plotted against log(RH2 I W) in figure 4. The experimental points all converge on a 
straight line having a slope of I. 0. Using the intercept of the line, the apparent equilibrium constant, K is 
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determined as 5.2x 104 mol/dm3. 
Substituting the values ofm and z into eq.(1), the overall reaction is written as follows : 

Ne+ + 2RH <=> NiR2 + W 

Disagreement of the charge above the results is due to very high concentration of sulphate and 
ammonium ion in aqueous solution. The solid line calculated using the value of K, m and z in figure 1 
agrees well with the experimental results . 

3 Key 
LIX860 
(mmol/1( 80 

1!1 65.1 

2 0 59.1 
A 54.2 
II 43.3 60 ..... 

..!... • 32.5 

• 11.7 

" 10.9 
Iii 5.9 

-1 
20 

-2 

-3 '---.1..--I.L--.1..-----'._____. 0 

-5 -2.5 0 2.5 5 7.5 0.0 2.0 4.0 6.0 8.0 10.0 12.0 

log(RH 2 /H+) [mol/1] Equilibrioum pH (-] 

Figure 4 Plot of logD against log(Rlf!H'") Figure 5 Effect of pH on the extraction of 
nickel with DEHPA 

Extraction of nickel with DEHPA 

Values of E are plotted against pH in figure 5. E increases to a maximum value at pH= 7 and then 
decreases with increasing pH. The Ne+ was assumed to react with dimer of DEHP A as the most simple 
model.3.4,s 

Ne+ + m(RH)2 <=> NiR.,lRH + zW 

The equilibrium constant, K for eq.(7) is written as: 

K = [NiR)RH]- [H+ J 
[NP+JFRH)2f 

Substituting D = ([Ni]0J[Ni2+]aq)into eq.(8) , 

D = K{(RH)lt I [H'']z 

Taking logarithms eq.(9), the following equation is obtained: 

(m = n+l) 

logD = mlog[ (RH)2] + zpH + logK 

Taking into account the following reactions and mass balance equations. 

[Ni(NH3)Ci-I )]2+ + NH3 <=> [Ni(NH3);]2+ (i = 1- 6) 

[Ni]O=[Ni]aq+[Ni]org 

NH/ <=> NH3+W 

[NHJ]o = [NH/] + [NH3] + L {i·[ [Ni(NHJ);]2+]o} 

D is given by: 
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D 
[Ni]orx 

(15) 6 

(Ni1q(1 + LfJi(Ka/(Ka+ [F }Y> 
I 

where Ka is acid dissociation constant of ammonium ion, i is the co-ordination number of ammonia to 
nickel and fJ i are overall formation constants of each nickel-ammine complex. 
logD are plotted against log[(RH)2] in figure 6. 
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Figure 6 Effect of log[(RH)2] on logD at 
various pH values 

Figure 7 Plot oflog[D/(RHh15
] against pH 

The experimental results are plotted on the straight lines having of a slope of 1. 5 at each pH. Hence the 
value ofm is determined as 1.5 . 
Substituting m value into eq.(10) and rearranging gives: 

6 

Key 
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"' 
0 
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~ 

~ Ill 
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-2 

DEHPA 
(mmolll) 

86.3 

63.3 

31.7 

15.8 

8.6 

4.7 

log(D/([(RH)2]
15

) = zpH + logK (16) 

log(D/([(RH)2]
15

) were plotted against pH in figure 7. All 
of the experimental values were plotted on a straight line 
having a slope of 1.0. Thus the value of z was determined 
as 1.0. 
Substituting m and z values into eq.(10) and rearranging 
gives: 

logD = log((RH)/5 I If)+ logK 

logD values are plotted against the log((RH)/5 /It) in 
figure 8. The points at all concentrations converge on a 
straight line having a slope of 1.0. The apparent equilibrium 
constant, K is determined by the intercept of the line as 2.3 
X 10·3 

( dm3 /molt5 

-4 1.--L..-'--IL..-.......JL..----1---t Substituting the values of m and z into eq.(7), the overall 
-5 -2.5 o 2.5 5 7.5 reaction is written as follows: 
log((RH) 2t.5/H+) [(molll) o.s] Ni2+ + 1.5(RHh <=> NiR2RH +It 

Figure 8 Plot of logD 
log[(RHh15fHl 

against The solid line calculated using the value of K, m and z in 
figure 5 agrees well with experimental results. 
The charges involved in the reaction is not satisfactory. The 
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reason for this is not clear and will be considered that further analysis in necessary in future work. 

CONCLUSION 

Extraction equilibria of nickel from aqueous nickel sulphate with LIX860 and DEHPA in 
kerosene were examined at various pH values in aqueous solution and various concentrations of the 
extractants in the organic solution. The overall extraction reactions and their constants were estimated 
as follows ; 

(1) for LIX860, nickel reacts with LIX860 to form nickel/LIX860 complexes NiR2 having 
following equilibrium constant; 

K={[(NiR2]·[lt]}/{[Ni2+)·[RH)2 }= 5.2 x 104 dm3/mol 

(2) for DEHPA, nickel reacts as Ne+ alone with DEHPA to form the nickel/DEHPA complex 
NiR2RH having a equilibrium constant; 

K={[NiR2RH]·[lt]}/{[Ne+]·[(RH)2]15 
} = 2.3 x 10·3 (dm3/mol)05 
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ABSTRACT 

STOICIDOMETRY OF THE EXTRACTION OF NICKEL 

Wim ORGANOPHOSPHORUS ACIDS 
C C Bourget, M Cox and D S Flett 
Department of Physical Sciences, University of Hertfordshire, 
Hatfield, Hertfordshire AL10 9AB, UK 

A systematic study of nickel extraction has been carried out with a range of commercial organophosphoric, phosphonic and 
phosphinic acid extractants and the stoichiometry of the extracted nickel species determined graphically (slope analysis) and 
numerically by using the LETAGROP procedure. The co-extraction of water has also been studied. Consistent results were 
obtained from both methods leading to the general conclusion that the extracted nickel complexes have the general form 
NiR2(RH)x(H20)y where x + y = 4. The amount of water present in the complexes depends on the nature of the extractant and, 
although there is an equilibrium between several species, in general it is found that y = 2 with alkylphosphoric acids, y = I for 
phosphonic acids and y = 0 for phosphinic acids. 

Keywords: nickel, Cyanex 272, PC-88A, lonquest 80 I, PIA-8, water content of extracted complexes 

INTRODUCTION 

In the course of an investigation of the recovery of nickel from leach liquors arising from the 
Greek laterite ores1

•
2 it became apparent that, unlike cobalt, there was lack of agreement in the literature 

regarding the stoichiometry of the extracted nickel complexes with organophosphorus acids. No 
resolution of these discrepancies regarding the nickel extracted species has as yet been made and so it 
was decided to study in more detail the stoichiometry of the nickel complexes with organophosphorus 
acids by means of graphical (slope analysis) and numerical (LETAGROP) techniques. At the same time 
the amount of water associated with the extracted nickel species was also determined. 

EXPERIMENTAL 

The acids used in this study were DEHPA (di-(2-ethylhexyl)phosphoric acid, Albright & Wilson 
(A&W)), 2-ethylhexylphosphonic acid mono-2-ethylhexyl ester, (PC-88A Daihachi Chemical Industry 
Co. Ltd (DCI) and (Ionquest 801 A&W)), CYANEX 272 (bis-(2,4,4-trimethylpentyl)phosphinic acid, 
Cytec Inc.) and PIA-8 (di-(2-ethylhexyl)phosphinic acid, DCI). These were used without further 
purification. Their purity and pKa values have been reported earlier. 1 The diluent used in this study was 
Phillips Orform SX7. All other chemicals were of reagent grade purity. 

The equilibrium distribution of nickel with these alkylphosphorus acids was determined as a 
function of pH and reagent concentration by contacting equal volumes (300 ml) of the aqueous and 
organic phases by rapid mechanical stirring for 60 minutes at room temperature. Adjustment of the pH 
was made by additions of HzS04 (3 M) or ~OH (6 M) and the pH measured using a combined 
electrode. The initial aqueous phase contained nickel sulphate (10-3 M) and NazS04 (1 M) to maintain 
ionic strength. For all experiments the metal contents of both the aqueous and organic (after stripping 
with H2S04) phases were analysed by ICP. The mass balances for each organic and aqueous phase 
measurement agreed to within± 5%. 

The water content of the organic phases in the presence and absence of extracted nickel were 
measured by Karl Fischer analysis using an Aquapal 11-02 Moisture Meter. 

RESULTS AND DISCUSSION 

At low nickel concentrations it is assumed that the extracted nickel complexes are monomeric. Thus the 
extraction can be represented by the following equation: 
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Ni2+ + (2+q)/2 R2H2 = NiR2(HR)q + 2p H+ (1) 

where R2H2 is the organophosphorus acid dimer and bars denote organic phase species. 
Defining the reaction equilibrium constant, K2q and the nickel distribution coefficient, DNi, in the usual 
way, substituting, rearranging and taking logs results in the following equations: 

log<DNi) = log K2q + (2+q)/2 log(R2H2) + 2p H+ 

log(DNi[H+]2) = log(K2q) + (2+q)/2 log(R2H2) 

(2) 

(3) 

Thus a plot of log(DNi[H+]2) against log(R2H2) at constant pH gives a straight line with an intercept 
equal to log(K2q) and a slope equal to (2+q)/2. These plots are shown in Figure 1. The values of q 
determined from the slopes are: DEHPA, 2.0; PC-88A, 3.6; Ionquest 801 , 3.2; PIA-8, 3.8 and CYANEX 
272, 3.2. 
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Figure I Effect ofreagent concentration on extraction of nickel 

-0 .0 

For DEHPA the extracted species is therefore concluded to be NiR2.R2H2. For the other acids the q 
values are between 3 and 4 indicating the formation of the species NiR2(RH)3 and NiR2(R2H2)2 
respectively. Similar equations to those above can be derived for the formation of these complexes. The 
appropriate formation constants can be determined from a plot of DNi(H+)2(R2H2)-3 against (R2H2)-
0.5 which gives a straight line of slope K23 and an intercept equal to K24· These data are shown in 
Table 1. 

The extraction stoichiometries and formation constants were reconfirmed by analysis of the 
experimental equilibrium data by the LETAGROP-DISTR program) For the calculation literature 
values 4,5,6 were taken for the required dimerisation, distribution and dissociation constants of the acids 
themselves as well as the complexation constants for the interactions between Ni2+ and the sulphate 
anion. Calculation showed that the best fit was obtained when the species were the same as those 
inferred from the graphical treatment. 

Graphically and numerically determined constants are compared in Table 1 from which it can be 
seen that the equilibrium constants for nickel using the five organophosphorus acids determined 
graphically and numerically agree reasonably well (less than one unit difference) considering that the 
equilibrium constants used from the literature to run LETAGROP differ slightly from the ones which 
would have matched the conditions of the present work. 
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Extractant Graphical Numerical 

logK22 logK23 logK24 logK22 logK23 logK24 

DEHPA -7.01 - - -6.74 - -
PC-88A - -8.95 -8.73 - -9.44 -8.03 

Ionquest - -8.78 -8.95 - -8.64 -8.50 
801 

PIA-8 - -11.41 -10.26 - -10.56 -10.62 

CYANEX - -10.89 -10.86 - -10.72 -9.80 
272 

Table 1 Comparison of Graphically and Computer Generated Equilibrium Constants 

For DEHPA the extracted nickel species found in this study agrees with a number of other 
workers 7,8,9 from both sulphate and nitrate media. However different stoichiometries are reported by 
other workers 6,10,11,12 who conclude that three dimer molecules of DEHPA are involved in the 
complex viz. either NiR2ARH or NiR2.2(RH)2. For the phosphonic and phosphinic acids the present 
work has shown that both NiR2(RH)3 and NiR2(RH)4 complexes are formed in the organic phase. 
However the formation of a single species, Ni(R2Hh(R2H2), has been reported 11 for PC-88A from 
perchlorate solution. Other workers 13,14 have found the same species from nitrate media with PC-88A 
while Komasawa et al15 concluded that the extracted species was NiR2.2(RH)2. For PIA-8, Nagaosa 
and Binghua, 5 using both graphical and numeric methods, found contradictions between the 
stoichiometries determined by both methods with slope analysis agreeing with the current work but the 
best fit from LETAGROP gave NiR2(RH)3 and NiR2(RH)6. Danesi et aJ.14,16 found their data was 
best represented by a single species Ni(R2Hh(R2H2) and found the same species for CY ANEX 272 
which was later confirmed by Sole and Hiskey 17 and Tait 18 for sulphate media. Different 
experimental conditions between the current work and that of other workers may explain many of these 
discrepancies in the stoichiometries of the nickel complexes. 

Nickel is known to exist in the organic phase as an octahedral complex. Thus some at least of 
the reported complexes including the NiR2.R2H2 and NiR2(RH)3 species found in this study are not co
ordinately saturated. It is logical therefore to assume that co-ordination saturation is achieved through 
addition of water molecules. The uptake of water by the five extractants was therefore determined over a 
range of nickel contents in the organic phase. The results are shown in Figure 2 which, in agreement 
with Nakano et al (19), shows that the amount of water associated with the extracted species decreases in 
the order phosphoric>phosphonic>phosphinic which follows the same order of polarity of the 
organophosphorus compounds.11 From the water to metal concentration ratios, Figure 3, it is clear that 
the number of water molecules associated with the metal-extractant complex is related to the nickel 
complex concentration in the organic phase as also observed by Nakano et aJ.18 However the number 
of water molecules involved in the nickel-extractant complex is far too high to come only from the co
ordination of water to the nickel. An examination of the water to metal concentration ratio (R) in the 
organic phase for each nickel-extractant system indicates that the water content for the nickel complex 
with the phosphoric acid DEHPA (O<R<40.9) is about twice as high as for the phosphonic acids PC-88A 
and lonquest 801 (O<R<17.5) which in turn is about twice as high or more as that for the phosphinic 
acids, CY ANEX 272 and PIA-8 (O<R<8.0). This suggests that the number of water molecules present in 
the nickel complex to be in the ratio of 2:1:0 for the series phosphoric, phosphonic and phosphinic acids. 
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This is supported by Nakano eta! (19) who also found the water content ofDEHPA to be twice as high 
as for PC-88A. Thus the following stoichiometries are proposed for the nickel complexes: DEHP A: 
NiRz(RH)z(HzO)z; and NiRz(RH)3(HzO) and NiRz(RH)4 for the other systems. From the suggested 
variation in the water:nickel ratio of 2:1:0 it may be inferred that the species NiRz(RH)3(HzO) is more 
predominant for the phosphonic acids and NiRz(RH)4 for the phosphinic acids. It is therefore believed 
that the stoichiometry of the nickel complexes with organophosphorus acids can be represented by an 
equilibrium wherein the molecules of water are progressively replaced by molecules of extractant 
through the series phosphoric, phosphonic and phosphinic acids as follows: 
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Figure 2 Water content of nickel complexes 
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In accordance with this work Sato and Nakamura 20 and Nakano et at19 found two molecules 
of water associated with the nicke1-DEHPA complex from sulphate and nitrate media respectively. 
Preston and Du Preez 21 ,22 and Preston 13 have surveyed the extraction of nickel with many 
organophosphorus acids and concluded that the nickel complexes were best represented by the general 
formula Ni(R2H)2(R2H2)x(H20)z.x where x = 0, 1 or 2 depending on the extractant concentration. At 
low extractant concentration (0.2 M) the nickel species were found to be Ni(R2H)z(H20)z which was 
later confirmed by Yuan et at23 who reported the presence of the same species on extraction from 
sulphate media. 

CONCLUSIONS 

In this study both graphical and numerical analyses have given a consistent general 
stoichiometry ofNiR2(RH)x(H20)y for the extracted nickel species with organophosphoric, phosphonic 
and phosphinic acids where x + y = 4. The amount of water present in the complexes is shown to depend 
on the nature of the extractant and, although there is an equilibrium between several species, in general it 
is found that y = 2 with alkylphosphoric acids, y = 1 for phosphonic acids andy = 0 for phosphinic acids. 
Different working conditions between the current work and that of other workers may explain the many 
discrepancies in the stoichiometries of the nickel complexes with organophosphorus acids. 
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ABSTRACT 

COPPER EXTRACTION FROM AMMONIACAL 

SOLUTIONS WITH COMMERCIAL CHELATING 

EXTRACT ANTS AND THEIR MIXTURES 
George Kyuchoukov1

, Mariusz B Bogacki2 and Jan 
Szymanowski2 

1 Institute of Chemical Engineering of Bulgarian Academy of 
Science, Sofia, Bulgaria, 
2 Institute of Chemical Technology and Engineering, Poznan 
University of Technology, Pl. M. Sklodowskiej- Curie 2, 60-965 
Poznan, Poland 

Extraction of copper from ammoniacal solutions with LIX 84 and LIX 54 used alone and as a mixture was studied and a 
chemical model was proposed and verified. The equilibrium extraction constant was correlated with the ionic strength. The 
effect is weak for the strong extractant LIX 84 and its mixture but very strong for the weak extractant LIX 54. 

Keywords: copper, ammoniacal solution, LIX 84, LIX 54 

INTRODUCTION 

LIX 84 and LIX 54 manufactured by HENKEL differ significantly in their extraction ability. 1 

LIX 84 is a strong hydroxyoxime extractant and extracts copper from highly acidic sulphuric 
solutions. LIX 54 is a weak 13-diketone extractane·3 and is used to recover copper from various 
ammoniacal solutions. Both reagents are able to associate and co-associate via intermolecular 
hydrogen bonds forming the 2 : l co-associate (2 molecules of hydroxyoxime and l molecule of 13-
diketone) . As a result, LIX 54 can be considered as a modifier ofLIX 84.4-7 

LIX 84 LIX54 

The aim of the work was to model the extraction of copper from ammoniacal chloride 
solutions with individual LIX 84 and LIX 54 and their mixtures. Such a system is important from a 
technological point of view. The recovery of copper from ammoniacal solutions obtained from printed 
circuit board manufacture may be considered as the most important application. 1'

8 

EXPERIMENTAL 

LIX 84 and LIX 54 were used as kindly delivered by HENKEL. The initial feed used for 
extraction contained 134 ± 2 g/dm3 Cu2

+, - 4.8 moUdm3 cr and 8 ± 0.3 moUdm3 NH3. The raffinate 
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obtained in the first extraction was used as a feed in the second extraction step. LIX 84, LIX 54 and 
their 1: I v/v mixture without any added diluent were used for extraction, which was carried out at 
room temperature. 

RESULTS AND DISCUSSION 

Extraction isotherms shown in Figure 1 confirm the different extraction strengths of the 
reagents. The isotherm obtained for the 1: 1 v/v mixture of LIX 54 and LIX 84 lies approximately in 
the middle of the isotherms determined for the individual extractants. As a result, a synergistic effect is 
not observed and the concentration of copper in the organic phase can be predicted from the results 
obtained for the individual extractants (Table 1). 

Copper in raffinate, Copper in extract, g/dm3 

g/dm3 Found Calculated 

92.38 43 .6 40.33 

59.71 34.7 36.19 

31 .29 26.57 30.42 

7.19 19.04 17.33 

0.52 7.66 3.00 

0.33 0.44 2.28 

Table 1. Observed and calculated equilibrium concentrations of copper in the organic phase 
after extraction with the mixture of extractants (initial concentration in the feed : 4. 7 
molldm3 cr, 136.15 g/dm3 Cu2

+, 7.81 mol/dm3 NH3). 
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Figure 1. Extraction isotherms for copper extraction with LIX 84 and LIX 54 and their 1:1 
v/v mixture. 

The extraction from ammoniacal solutions is complex because several different equilibria must be 
considered. They include: 

• extraction of Cu(II) 

K _ [cuLJjH+ j. 
1

- [cu 2+ l[HL]~ 
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• formation of ammonia complexes 

cu;+ +iNH3a = Cu(NH3t a ' 

• formation of ammonium cation 

The mass balance of copper is as follows : 

and the extraction equilibrium constant can be expressed in the following form: 

The equation can be simplified for higher ammonium concentration to equation: 

where Ku: = K 1 . K/. /34 - J 

The extraction equilibrium depends on the ionic strength I and the equilibrium constant 
increases as the ionic strength rises. As a result, the additional equation was considered: 

ln(Ku:) == a + b.J 

where a and b are the regression coefficients. 

(2) 

(3) 

(4) 

(5) 

(6) 

(7) 

Such a model (solid lines in Figure 1) agrees well with the experimental data. The extraction 
constants given in Table 2 and calculated according to the model indicate that the linear approximation 
of Ka with I is fully justified. 

Extractant ln(K.,:) == a + b.l [RHh, mol MSE 

a b exp. calc. 

LIX 54 -6.088 1.970 0.596 0.854 0.0005 

LIX 84 8.159 0.111 0.768 0.862 0.015 

LIX 54 + LIX84 4.611 0.374 1.372 1.524 0.014 
1:1 v/v 

Table 2. Effect of ion strength on the extraction equilibrium constant. ([RH]r denotes the total 
molar concentration of extractants calculated from the model (calc.) and estimated 
from the maximum loading given in Figure 1. (exp.) and MSE stands for model 
variance). 
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CONCLUSIONS 

Copper extraction from ammoniacal solutions changes in the following order of extractants 
LIX 84 > LIX 84 + LIX 54 > LIX 54. These differences are important for low copper concentrations 
in the feed. The extraction can be well described by a chemical model that takes into account the 
positive effect of the ionic strength. This effect is strong for LIX 54 and small for LIX 84 and LIX 84 
+ LIX 54 (1 :1 v/v) mixture. 

ACKNOWLEDGMENT 

M. B. Bogacki and J. Szymanowski thank for the grant No. 3T09B05114 from the Polish Research 
Committee KBN 
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~ extraction equilibrium constant, 
K1 extraction equilibrium constant, 
K3 ammonia complex equilibrium constant, 
J3; ammonia complex formation constants, 
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ABSTRACT 

EXTRACTION OF COPPER FROM CHLORIDE MEDIA 

WITH NEW ALKYL DERIVATIVES OF PYRIDINE-3,5-

DICARBOXAMIDE 
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Model individual N,N ' -dialkyl- and N,N,N' ,N' -tetraalkylpyridine-3,5-dicarboxamides were used to recover copper(II) from 
chloride solutions at constant water activity and constant total concentration of dissolved species in aqueous solution. It was 
found, that N,N ' -di(2-ethylhexyl)pyridine-3,5-dicarboxamide is a stronger extractant than N,N,N' ,N' -tetraalkyldiamides. 
N,N,N' ,N' -tetraalkylpyridine-3,5-dicaboxamides, and N,N' -dialkylpyridine-3,5-dicarboxamides with branched chains and 
their copper complexes are well soluble in hydrocarbon diluents. N,N,N' ,N' -tetraalkyldiamides form with copper 
complexes CuCh(Ext)2. However, Cu(N03)2(Ext)2 and CuClN03(Ext)2 are also formed in significant amounts at low 
chloride concentration(~ 0.5 M) and high concentration of nitrate (3 .5- 4 M). 

Keywords: copper, pyridine-3,5-dicarboxamides, chloride media. 

INTRODUCTION 

The success of the hydrometallurgical technique for extraction of copper in the processing of 
oxide ores and various wastes has induced interest in applying this technology to copper recovery from 
other raw materials, including sulphidic ores, constituting the principal raw material for copper 
production. 

Esters and amides of pyridinecarboxylic and pyridinedicarboxylic acids have been proposed by 
ICI (now ZENECA) for copper extraction from concentrated chloride solutions 1 

• In the 1980's ICI 
patented extractant DS5443 (now known as ACORGA CLX-50), which contains a diester of pyridine-
3,5-dicarboxylic acid. The extraction-stripping process can be described by the following equation: 

Cu2+w + 2 Crw + 2 Ex~ <=> [CuCb(Exth]o (1) 
The extraction properties of pyridinecarboxylic and pyridinedicarboxylic acid esters were 

previously studied2
. Equilibrium studies of extraction for selected alkyl derivatives of 

pyridinecarboxamides were also described in our previous work3
.4 

The aim ofthis work is the synthesis of model N,N'-dialkyl- and N,N,N',N'-tetraalkylpyridine-
3,5-dicarboxamides and studies of equilibrium extraction at constant water activity. Such extractants 
with dialkyl substituents at amide nitrogen should perform a better extraction performance in 
comparison to ami des studied previously. 

EXPERIMENTAL 

N,N' -di(2-ethylhexyl)pyridine-3,5-dicarboxamide Q), N,N,N' ,N' -tetrabutyl-pyridine-3,5-
dicarboxamide (2) and N,N,N' ,N' -tetrahexylpyridine-3,5-dicarboxamide Q) were synthesized with yield 
of 30 %in the following two-stage process: 
1) the synthesis of pyridine-3,5-dicarboxyl dichloride from pyridine-3,5-dicarboxylic acid and thionyl 

chloride in presence of pyridine, 
2) the acylation reaction of the appropriate amine by raw pyridine-3,5-dicarboxyl dichloride. 
Reaction conditions were the same as in synthesis ofN,N-dihexylpyridine-3-carboxamide3

. 
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or 
R=C4H9 • ~ 

R=C6H13 -~ 

1 

A purity of 98-99 %was demonstrated by GC/MS for all amides. UV, IR, PMR and MS 
spectra prove the structure of the obtained compounds. 

Extraction was carried out at constant water activity aw = 0.8352 and constant total 
concentration of ions and molecules dissolved in aqueous solution cr = 8.0 molldm3

. As exposed 
previously, the fact of keeping constant aw and cr permits to maintain constant the activity coefficients. 
CuCh, LiN03, NaNOJ, and NaCl of analytical grade were used2

. 

The chloride concentration was changed from 0.02 to 3.0 mol/dm3
. In all experiments the pH of 

the aqueous phase was close to 3.5. The studies were carried out at constant copper(ll) concentration 
equal to 0.01 mol/dm3

. The concentration ofextractants in the organic phase was changed from 8 x 10· 
2 to 3.5 x 10·1 mol/dm3

• Toluene was used as a diluent. The phase volume ratio was 1. 
Extraction was carried out in a typical manner at room temperature3

. Copper(II) was 
completely stripped from the organic phase after extraction by pure water. Copper concentration was 
determined by titration with EDT A, in the aqueous feed and raffinate solutions and in the aqueous 
solution obtained after stripping. 

Acid transfer to the organic phase by the extractants was determined in the same way as 
described previously4

. 

RESULTS AND DISCUSSION 

N,N,N' ,N' -tetrabutyl(and tetrahexyl)pyridine-3,5-d.icarboxamides G. and J) and N,N' -d.i(2-
ethylhexyl)pyridine-3,5-d.icarboxamide Q), and their copper complexes are well soluble in hydrocarbon 
diluents. Analogs of 1 containing normal alkyl groups, e.g. dodecyl group, exhibit low solubilities in 
hydrocarbon diluents and cannot be used for extraction. 

The extraction of copper from aqueous solutions does not depend on the concentration of 
hydrogen ions above pH 3. 

Acid transfer to organic phase by tetraalkylpyridine-3,5-d.icarboxamides G. and J) is small 
(Table 1). Proton concentration in toluene solution of these amides (camide = 0.2 mol/dm3

) increases from 
(2-8) x 104 mol/dm3 at 0.1 mol/dm3 HCl to 8 x 10·3 molldm3 at 4 molldm3 HCl in aqueous solution, 
which corresponds to (1-4) x 10·3 

- 4 x 10·2 molecules of HCl per 1 molecule of the amide. Acid 
transfer to the toluene phase by N,N' -d.ialkylpyridine-3,5-d.icarboxamide Q) is higher than by amides 2 
and J and strongly depends on the concentration of hydrogen ions. The hydrochloric acid concentration 
in the organic phase increases with an increase of aqueous HCl concentration between 0 and 1 molldm3

. 

Above I M HCl, the organic proton concentration is constant and amounts about 2.5 x 10·1 mol/dm3
. 
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This value corresponds to 1.25 molecules of HCI per molecule of amide. As the basicity of pyridine 
nitrogen is higher than that of amide nitrogen, the preceding results indicates that the pyridine nitrogen 
is completely protonated (Npyridine *HCI). The excess of hydrogen ions extracted may be as a result of 
partial protonation of amide nitrogen (Namide *HCI) or of the fonnation of (Npyridin.*HCI*HCI) species, as 
in the case of alkyl derivatives of 8-hydroxyquinoline5

·
6

. 

HCI in feed Organic phase 
1 2 3 

moVdm3 moUdm3 moUdm3 moUdm3 

0.01 4.8*10'3 

0.1 4.9*10'2 1.95*104 7.95*104 

0.2 8.8* 10'2 

1.0 2.3*10'1 6.8*104 2.1 •w-3 

2.0 1.9*10'3 3.9*10'3 

3.0 2.4*10'1 

4.0 2.5*10'1 8.0*10'3 8.2*10'3 

Table 1 Acid transfer to the organic phase by diamides (camide = 0.2 moVdm3
; ionic strength 

was adjusted in each case to 4 moVdm3 with NaCl) 
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Figure 1. Influence of reagent concentration (a, extractant-corrected; b, chloride) on copper 

distribution ratio (0, amide .f; ll, amide J.; Ccu = 10-2 moVdm3
; a, chloride 

concentration= 1 moVdm3
; b, amide concentration= 0.2 moVdm\ 

Examination of the plots lg D = f(lg[Ext]) (Figure la) shows that extraction data obtained with 
tetraalkyldiamides are rather consistent with Equation (I), i.e. with the formation of extracted species 
exhibiting a 1 : 2 metal : extractant molar ratio. The slopes of lines are equal to 2.30 (r2 = 0.992) and 
2.44 (r = 0.997) for extractants .f and J., respectively. It appears that amide .f is slightly more efficient 
than amide J.. 

The logarithmic plots of the copper distribution ratio versus chloride concentration at constant 
extractant concentration are shown in Figure lb for N,N,N',N ' -tetraalkyl-pyridine-3,5-dicarboxamides. 
These plots can be roughly simulated by straight lines the slopes of which are equal to 0.82 (r2 = 0.988) 
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and 0.80 (r2 = 0.992) for extractants ~and J_, respectively. Thus, the results deviate from the value of2 
expected from Equation ( 1 ), but the slopes are similar to those obtained previously for copper 
extraction with decylpyridinecarboxylates (0 .70)2 The formation of chlorocomplexes in the aqueous 
phase according to Equation (2) generates such large deviations2

• 

Cu2+ + i cr ~ CuCI?-i withi= 1 to4 (2) 

It is of interest that a weak extraction occurs in the systems which do not contain chloride ions ([Cr] = 
0, copper nitrate was used to prepare the feed), but a high nitrate concentration (i.e., [N03-] = 4 
moVdm3). Indeed, copper forms a very weak CuN03+ complex with nitrate ion (~ 1 = 0.07 ± 0.02 at 
25°C in the region of nitrate concentration similar to that considered in the present work)7 and it is 
likely that the weak extraction observed at [Cr] = 0 arises from the competing formation of species such 
as Cu(NOJ)z(Exth and/or CuCIN03(Exth A similar feature was observed by Cote et al. 8 in the system 
containing perchlorate ions. As a result, the three following additional equilibria were taken into 
account for further modelling: 

Cu2+w + 2 No3·w + 2 Exta ~ [Cu(NOJ)z(Exth]o 

Cu2
\ + N03-w + Crw + 2 Exta ~ [CuCIN03(Exth]o 

Cu2
\ + N03-w ~ Cu(N03)\ 

(3) 

(4) 

(5) 

The TOT program9 was used for the modelling of extraction equilibrium. In the first step, the 
formation ofCuCh(Exth and ofthe two first copper chlorocomplexes was considered (the formation of 
upper copper chlorocomplexes can be legitimately neglected at the considered ionic strength and water 
activity) . The formation constants of copper chlorocomplexes estimated in the work of Cote et al.2 for 
the same water activity (aw = 0.835) and the same total concentration of ionic species (cr = 8 moVdm3) 
were used for computing. The following values of the extraction constant were obtained by a trial and 
error method: lg Kex = 2.70 and 2.40, for ~ and J_, respectively. The agreement of the model 
represented by Equations (I) and (2) with the experimental data can be considered as satisfactory, 
except for the low chloride concentrations (i.e., [cr] < 0.5 moVdm3) (Table 2). 

[Cr] [Cu2+]org *I 03 [Cu2+]org *I 03 [Cu2+]org *I 03 Molar fraction of 
CuCh(Ext)2 

Experimental Theoretical from Theoretical from From Eq (I)+ Eq (2) 
Eq (1) + Eq (2) Eq (1) + Eq (2) + Eq + Eq (3) + Eq (4) + 

(3) + Eq (4) + Eq (5) Eq (5) 

moVdm3 moVdm3 moVdm3 moVdm3 

0.0 0.66 0 0.67 0 
0.02 1.51 0.07 l.l5 0.04 
0.12 3.20 1.55 3.14 0.33 
0.52 6.82 6.20 6.74 0.74 
1.0 8.17 7.94 8.13 0.87 
1.5 8.67 8.66 8.75 0.92 
2.0 9.05 9.05 9.09 0.95 
2.5 9.29 9.28 9.30 0.97 

Table 2 Modelling of extraction data for N,N,N' ,N' -tetrabutyl pyridine-3,5-dicarboxamide (aw = 
0.835, cr = 8.0 moVdm3

, see experimental) [Cu2+] = 1.05*10-2 moVdm3
, [Ext]= 0.2 moVdm3. 

Modelling conditions: lg~(CuCl) = 0.60; lg~(CuCh) = -0.40; lg~(CuN03) = -l.l5 (see Table 3). 
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Extraction equation 
Eq. 1 
Eq. 3 
Eq. 4 

2 
2.70 
-0.86 
1.40 

J 
2.40 
-0.70 
1.35 

Table 3 Logarithmic values of selected constants (lg K.x) 

On the other hand in a second step, Equations (3), (4) and (5) were also taken into account and it was 
found that the full model represented by Equations (1) to (5) is satisfactory in the whole range of 
chloride concentration investigated (i.e., from 0 to 2.5 moVdm3) (Table 2). The selected constants are 
given in Table 3. The extraction ability of copper decreases in the following order: CuCh(Exth > 
CuClN03(Ext)2 » Cu(N03h(Ext)2. Examination of the data given in Table 2 suggests that the 
formation of CuClN03(Ext)2 significantly competes with that of CuCh(Ext)2 only up to about 0.5 
moVdm3 cr. 

Camide [Cu2
+] org * 103 D lgD 

M M - -
0.06 10.1 16.4 1.21 
0.07 10.1 16.4 1.21 
0.08 10.3 28.3 1.45 
0.09 10.2 20.4 1.31 
0.10 10.3 25.7 1.41 
0 .11 10.3 24.8 1.39 
0.18 10.4 34.7 1.54 

Table 4 Extraction data for N,N' -di(2-ethylhexyl)pyridine-3,5-dicarboxamide 
(aw = 0.835, cr = 8 moVdm3

, [Cu2+] = 1.07*10"2 moVdm3
, [Cr] = 1 moVdm3

) 

From all the preceding results it appears that 2 and J behave very similarly as far as the 
extraction of copper from chloride media is concerned. On the opposite, examination of Table 4 shows 
that N,N'-di(2-ethylhexyl)pyridine-3,5-dicarboxamide extracts copper(ll) from chloride media much 
more efficiently than the two preceding model extractants . As compared to previously studied analogs 
with the normal alkyl group3 l is well soluble in the organic phase and can be considered as a strong 
perspective extractant. It is probable that a chelate with copper is formed instead of the considered 
solvate as in the case ofnicotinamidoxime10

• 
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ABSTRACT 

EXTRACTION OF COPPER AND ZINC FROM 

CHLORIDE SOLUTIONS BY AN HYDROPHOBIC 

ALKYL DERIVATIVE OF 8-HYDROXYQUINOLINE 

G Kyuchoukovl, A Jakubiak2 and J Szymanowski2 
1 Institute of Chemical Engineering, Bulgarian Academy of 
Sciences, 1113 Sofia, Acad. Bonchev str. Bl.103, Bulgaria 
2poznan University of Technology, Institute of Chemical 
Technology and Engineering, Pl. Sklodowskiej-Curie 2, 60-965 
Poznan, Poland 

The extraction of copper and zinc with the Kelex I 00 was studied in a broad range of acidities and chloride concentrations. 
Depending on acidity and chloride concentration in the aqueous phase as well as on extractant pre-treatment (conditioning or 
deprotonation), at pH < I copper was extracted simultaneously by cation and anion exchange mechanism whereas zinc was 
extracted only by the anion exchange mechanism: 

Keywords: Kelex I 00, copper(II), zinc(II), chloride media 

INTRODUCTION 

In the last ten years a lot of work has been done to develop processes for copper and zinc 
extraction from chloride solutions.l-3 For this approach a new technology for electrowinning from 
chloride electrolytes and reprocessing of metal granules formed during this operation must be used. 
To avoid electrowinning from chloride media the extraction with the transfer of extracted metal ions 
into sulphate solutions was proposed.4-6. Mixtures of basic and chelating extractants, e.g. ALAMINE 
336 and LIX 54 was used. 
The purpose of this work is to study the extraction of copper(II) and zinc(II) with KELEX 100 at 
broad range of acidity and chloride concentration, up to 8 mol/dm3 chloride. 

EXPERIMENTAL 

Aqueous solutions containing ZnC12 or CuCl2 and adjusted with LiCl and HCl were used. The 
organic phase contained 65 v/v% kerosene, 15 v/v% decanol and 20 v/v% of KELEX 100®. The 
experiments were performed at room temperature for 5 minutes. Prior to extraction, the extractant 
was fixed in the hydrochloride or deprotonated form. Deprotonation was performed by repeated 
scrubbing with water until the pH of the scrub solution reached about 4.6. To convert the extractant 
from the hydrosulphate form (obtained during stripping of the metal ions with sulphuric acid), back to 
the hydrochloride form, conditioning was performed with an aqueous solution of NaCl ([NaCl] > 4.5 
mol/dm3). 

The concentration of metal ions, chloride ions and hydrogen cations in the aqueous phase was 
determined by titration with aqueous solutions of EDT A, AgN03 and NaOH, respectively. 

RESULTS AND DISCUSSION 

Under conditions providing protonation of the tertiary nitrogen atom in the quinoline nucleus, 
the chloride or complex metal chloride anions present in the solution are extracted according to: 

HORN +H+ +Cl- ~HORN*HCl 

2HORN + 2H+ + MeCl!- ~ (HORNH+ )2 MeCl!
where the bar denotes a species in the organic phase. 
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The ratio between reagent-metal complex and free reagent is related to the extraction 
constants and to the composition of the aqueous phase ( [MeCl42-], [CI-], [H+]). 

When an extractant conditioned as the hydrochloride is used and its deprotonation can be 
neglected the processes taking place can be described by: 

2HORN*HO+MeCI!- ~ (HORNH+ )
2
MeC14

2
- +2Cr 

(3) 
with extraction constant: 

[(HoRNH+ )2 MeCJ/- (1 + tpi[cl- r) 
KMect;-ICI- = [MeT )3 

4 
[CI- Y [HORN* HCI Y 

(4) 

where l3i is the overall stability constant of the i-th complex, and MeT is the total concentration of 
metal ions. 
It follows from eqn (4) that [Mer] ,.,[M2+] for Ll3i[CJ-]i << I. An increase in the chloride content 
favours the extraction of metal chloride complex. And vice versa, [MeT] "'[MeCJ42-] for Ll3i[CJ-]i = 
l34[CJ-]4"' (3

4
[CJ-]4 and the metal extraction falls when the chloride concentration further rises. The 

effect depend on the value of: 

compared to the other terms in eqn (4) which after taking logarithms becomes: 

log[(HORNH+ )2 MeC1 4 

2
- ]= logKMeet,'_ICI_ + log(Mer ]+ 2log(HORN * HCl) 

134 [c1~ Y (5) 
+log 

4 

1 + L)JctJ 
i=l 

Chloride ions have a stronger effect on copper extraction (Fig.l, curve 1), than on zinc extraction 
(Fig.l, curve 2), since copper forms weaker complexes than zinc. 7 The amount of copper extracted as 
(HORNH+)2CuCI42- increases several times over the range examined, whereas the corresponding 
increase in zinc extraction is about 30%. 

I.OlM 
Figure 1. Effect of chloride anion concentration on 
extraction of copper (curve I) and zinc (curve 2) 
for [H+] = 1.8 ± 0.1 mol/dm3, [M2+] = 40 ± 2 
g/dm3 and solvent composition: 20 v/v% KELEX 
100, 15 v/v% decanol and 65 v/v% kerosene. 
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Figure 2. Dependence of the extraction of 
copper (curve 1) and zinc (curve 2) on the 
acidity of the aqueous phase for [CI-] -
7.5 molldm3, [M2+] = 40 ± 2 g!dm3 and 
solvent composition as given in Fig. I. 
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According to eqn (4) no effect of acidity on the concentration of the extracted metal complex 
is to be expected for chloride anion concentrations providing complete performance of reactions (I) 
and (2). This is the case for zinc extraction (Fig. 2, curve 2). The mass balance of extracted and 
stripped zinc ions points to the compound (HORNH+)2ZnCI42-. A different picture is observed in 
copper extraction; the concentration of copper in the extractant sharply increases at the low acidities 
(Fig. 2, curve 1). Since the concentration of chloride anions in the extractant corresponds to the 
CuCI2 species and there is no acidity change between initial solution and raffinate, a solvation 
mechanism of copper extractionS was previously assumed. 

The identification of the extracted zinc species in the present work as 
(HORNH+)zZnCI42- and not as (HORN)2ZnCI2 prompted the detailed studies on copper and zinc 
extraction at low acidities of the initial aqueous solution. Parallel experiments were performed with 
conditioned (HORN*HCI) and deprotonated (HORN) extractant. The concentration of zinc in the 
initial aqueous solution was .., 0.48 ± 0.01 mol/dm3 and that of hydrogen cations 0.15 ± 0.01 
mol/dm3. Theoretically, competition of reactions 1 and 2 could be expected. The shape of the 
obtained curves (Fig. 3) reveals that KELEX 100 protonation has proceeded mainly by ZnCJ42-
addition according to eqn (2). A noticeable contribution of reaction (1) would yield higher values of 
curve 2 and lower values of curve 3. The maximum value of extracted zinc corresponds to the 
equivalent concentration of hydrogen cations present in the initial solution, i.e. to 0.15 mol/dm3. The 
overlap between curves 1 and 2 and the higher with a factor 2 values of curve 3 reveal that zinc(II) is 
extracted with the deprotonated reagent according to eqn (2). The contribution of reaction 1 is 
negligible. Thus, the tertiary nitrogen atom in the quinoline nucleus has a higher affinity for ZnCJ42-
than for CI-. The changes observed in the two-phase system using conditioned extractant HORN*HCI 
are shown in Fig. 4. Curve 1 corresponds to zinc extraction, curve 2, to the increase in acidity of the 
aqueous phase and curve 3, to the extraction of chloride anions. The latter is a result of extractant 
deprotonation caused by the change in the chloride anion content in the raffinate. There is a 
significant difference between curve 1 in Fig. 3 and curve 1 in Fig. 4. 

o.s,-------------------------, 

"' D,5 

Figure 3. Dependence of [Zn2+] (curve 1), 
[H+] (curve 2) and [CI-] (curve 3) in the 
organic phase on the chloride content in the 
aqueous phase for [Zn2+] = 0.48 ± 0.01 
mol/dm3, [H+] = 0.15 ± 0.01 mol/dm3 and 
solvent composition as given in Fig. 1. 

Figure 4. Effect of chloride content in the 
aqueous phase on the extraction of zn2+ (curve 
1), the acidity of the aqueous phase - (curve 2) 
and [CI-] (curve 3) with the conditioned 
extractant for [Zn2+] = 0.48 ± 0.01 mol/dm3, 
[H+] = 0.15 ± O.Ql mol/dm3 and solvent 
composition as given in Fig. 1. 

The extraction takes place according to eqn (6). At low acidity of the feed the extraction is not 
limited by low hydrogen concentration because the hydrogen ion is already present in the extractant 
molecule. As a result, significantly higher amounts of zinc(II) can be extracted in comparison to the 
deprotonated reagent. Simultaneously, at the low chloride and hydrogen ion concentrations in the 
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initial aqueous solution a significant part of the extractant is deprotonated according to eqn (1 ). As a 
result, the concentration of HORN*HCl decreases, whereas the concentration of hydrogen cations in 
the aqueous phase rises (curve 2). Different from Fig. 3, the lower transfer of chloride anions into the 
organic phase (curve 3) is not equivalent to the extracted zinc chloride complex since during 
extraction the aqueous phase is also enriched with chloride anions according to eqns (1) and (3). The 
increase in chloride concentration shifts the equilibrium of eqn (1) to the right and favours the 
extraction of the zinc chloride complex. As is 
shown in eqn (5) the complex concentration 
depends on the equilibrium extraction constant, 
metal and chloride ions and extractant 
hydrochloride concentrations. The effect of the 
changes in the term containing chlorocomplex 
formation constants is relatively low for zinc 
extraction and the effect of extractant 
hydrochloride concentration is then clearly 
observed. 

There is no extractant deprotonation 
{ll[H+]=O) at the high chloride content ([Cl-]~4) 

~r---------------------~ 

Q3 

[Ol(M) 

(curve 2) and the acidity of the raffinate becomes equal to that of the initial solution. At such high 
chloride concentration zinc is almost totally present 
as ZnCl42- and the effect of chloride concentration 
on zinc extraction is small. The transfer of chloride 
ions to the organic phase is approximately 
equivalent to the zinc(II) extraction, i.e. two Cl- for 
one zn2+. 

By taking into account that KELEX 100 
extracts copper by the cation exchange mechanism 
at low acidities9 (Fig.5): 

Figure 5. Effect of chloride content in the 
aqueous phase on the extraction of copper 
with deprotonated (curve 1) and conditioned 
(curve 2) extractant for [Cu2+] = 0.52 ± 0.02 
mo1Jdm3, pH - 2.5 and solvent composition 
as given in Fig. 1 

(6) 

The shape of the copper curves is fundamentally different from that of the zinc curves (curve 
1 in Figs 3 and 4). The concentration of extracted copper with the deprotonated extractant is limited 
by the extractant capacity, whereas the concentration of extracted zinc is limited by the equivalent 
concentration of hydrogen cations present in the two-phase system. The effect of chloride anion 
concentration is particularly expressed in the range > 4 mol/dm3. The low concentration of hydrogen 
cations in the initial solution favours reaction (6) yielding hydrogen cations which increase the acidity 
of the aqueous solution. The increased acidity, together with the increased chloride anion 
concentration favours on its turn reactions (1) and (2). 

By describing the processes taking place with reactions (1), (2) and (6) it may be assumed 
that the increase in chloride anion concentration and hence in extracted copper would affect the ratio 
between copper extracted as a cation (Cu2+) and that extracted as a complex anion (CuCI42-). This 
ratio cannot be, however, precisely determined. For the case of deprotonated extractant these 
reactions may be expressed as: 

(x + 2y + 2z )HORN+ XCI- + yCuCl!- + zCu 2+ B xHORN.HCl + y(HORNH + )2 MeC1 4 
2

-

+ z(NRO )2 Cu + (2z- x- 2y)H+ (7) 

The increase in the concentration of chloride anions leads to a decrease in the concentration 
of the copper chelate. This may be related to the effect of two factors: (i) the shift of the equilibrium 
of reactions (1) and (2) to the right; and (ii) the decrease in the concentration of copper cations. The 
latter may be expressed with the following dependence: 
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[cu2+]= !CuT] . 

1+ ~)Jet-J 
(8) 

i=l 

At low chloride concentration one may assume that the organic phase contains mainly 
(NR0)2Cu with only small amounts of (HORNH+)2CuCl42-. Such statements finds its support in the 
chloride ion content in the organic phase. The estimation gives the complex ratio 
[(NR0)2Cu]/[(HORNH+)2CuCl42-] about 12. This conclusion is supported by a high concentration 
of hydrogen ions in the raffinate (0.372 molfdm3) and small amounts of copper (0.0035 mol/dm3) 
and hydrogen ions (0.042 molldm3) liberated in the scrubbing. 

At the high chloride concentration a high extraction of copper is observed. The concentration 
of hydrogen ions in the raffinate is small (the difference between the raffinate and the feed amounts to 
0.006 molfdm3) and large amounts of hydrogen ions are liberated in the scrubbing. Simultaneously, 
copper and chloride ions are scrubbed. 

The negligible change in acidity between the feed and the raffinate suggests that the hydrogen 
ions liberated in eqn (6) are consumed in eqn (2) and the complex ratio 
[(NR0)2Cu]/[(HORNH+)2CuCl42-] is near 1 with the concentrations of each component about 0.18 
M. Scrubbing shifts reaction (2) to the left liberating copper{II) (0.115 mol!dm3), chloride ions (0.635 
molldm3) and hydrogen ions (0.407 mol!dm3). The amounts of liberated copper and chloride ions are 
lower and higher, respectively, from those estimated as present in (HORNH+)2CuCl42- because the 
part of the liberated copper (32.7%) is complexed by the liberated extractant forming the stable 
chelate. 
The processes taking place with the conditioned extractant may be expressed with the overall 
reaction: 

(x+2y+2z)HORN*HCl+yCuCl!- +zCu 2+ B y{HoRNH+ )2CuC14 
2- +z(NR0)2 Cu+ 

+(x+4z)H+ +(x+2y+2z)Cl- +xHORN (9) 

The use of the conditioned extractant yields a higher concentration of hydrogen ions in both 
raffinate and scrubbings since significant deprotonation according to eqn (1) takes place at the lower 
concentrations of chloride ions. Moreover, extractant deprotonation is a precondition for reaction (6) 
to take place. 

At low chloride concentration large amounts of hydrogen ions are liberated in extraction. 
Simultaneously, the concentration of chloride ions increases. Both these changes can be explained by 
a significant extractant deprotonation (eqn (1)) and subsequent chelate formation (eqn (6)). However, 
some important amounts of ions are liberated in scrubbing which proves the coexistence of two 
different complexes. The mass balance analysis gives the complex ratio 
[(NR0)2Cu]/[(HORNH+)2CuCl42-] about 2; thus, close to that obtained with the deprotonated 
extractant at the high chloride content. 

At high chloride concentration a raffinate of low acidity is obtained which is an evidence for 
copper extraction as (HORNH+)2CuCl42- and for the lack of deprotonation of the extractant. 
Scrubbing liberates copper ions and extractant molecules according to eqns (2) and (1) with their 
subsequent chelation (65.7% of liberated copper). As a result, high amounts of hydrogen and chloride 
ions are observed in the scrubbing solution. 
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ABSTRACT 

LIQUID-LIQUID EXTRACTION OF ZINC(II) BY 

SOLVATING EXTRACT ANTS FROM HCI/H2S04 

MIXED MEDIA 
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1Instituto de Investigaciones Cientificas, Universidad de 
Guanajuato, L. de Retana No. 5, Guanajuato, Gto., Mexico 
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de Catalunya, ETSEIB, Barcelona, Spain 

The extraction of Zn(IT) by l-(dodecyloxy)-3-methyl-oxo-ll3-phospholene (DMPL) and 1-(2, 6-dimethylhept-4-yloxy)-3 
methyl-l-oxo-ll3-phospholene (NMPL) from concentrated HCI/ H2S04 mixed media, has been studied and compared to the 
extraction when the extractant is tri-butyl phosphate (TBP). The extraction of water and mineral acids (HCl and H2S04) by 
these compounds has also been considered. The results obtained show that the extraction of water and mineral acids plays 
an important role in the efficiency of extraction of zinc(ll) nsing all these compounds. The evaluated percentage of 
extraction (E%) of mineral acids and water, is higher in the case of phospholene derivatives than in the case of the TBP. 
The extraction of Zn(ll) by the compounds thus studied, follows the order NMPL > DMPL > TBP. Finally, a 
thermodynamic model, which considers the nature of the hydrated solvates extracted into the organic phase, is proposed to 
explain the experimental results. 

Keywords: zinc, acid extraction, tri-butylphosphate, 1-( dodecyloxy)-3-methyl-oxo-ll3-phospholene, J-(2,6-dimethyl-hept-4-
yloxy)-3-methyl-l-oxo-ll3 -phospholene 

INTRODUCTION 

The extraction of metal ions from concentrated media by liquid-liquid extraction is very 
important in the metallurgical industry. Different kinds of solvating extractants have been used for this 
purpose, such as tri-n-butylphosphate (TBP), 1"

3 tri-n-octylphosphine oxide (TOP0),4-5 etc. Recently, 
phospholene derivatives have been used in the recovery of precious metals such as gold (II1).6 However, 
the influence of the presence of concentrated mineral acids in the efficiency of extraction has not been 
sufficiently considered. In this paper, the extraction of Zn(II) by 1-(dodecyloxy)-3-methyl-oxo-~3-
phospholen (DMPL) and 1-(2, 6-dimethylhept-4-yloxy)-3 methyl-1-oxo-~3-phospho1en (NMPL) from 
HCI/I-hS04 concentrated media is studied and compared to the extraction when the extractant is tri
butyl phosphate (TBP), considering the extraction of water and mineral acids (HCI and H2S04) by these 
compounds. In the first part of this work, the distribution curves of Zn(II) with phospholene derivatives, 
as a function ofHCI concentration in the presence and absence of H2S04 are obtained and the influence 
of the extraction of acid and water is pointed out. In the second one, a thermodynamic model 
considering the activities of different species involved in the process of extraction is proposed. 

EXPERIMENTAL 

All the reagents used were analytical grade. The extractants, 1-(dodecyloxy)-3-methyl-oxo-~3-
phospholene (DMPL) and 1-(2,6-dimethylhept-4-yloxy)-3-methyl-1-oxo-~3-phospholene (NMPL) were 
kindly supplied by Bayer Leverkussen. Tri-n-butyl phosphate (TBP) was kindly donated by the 
Daihachi Chemical Industry Co, Ltd. The organic phase consisted of concentrated phospholene 
derivatives or TBP. The aqueous phase consisted of Zn(II) and HCl and H2S04. Given that solvating 
extractants are capable of extracting water, it is necessary to equilibrate them previously with an 
aqueous phase, which contains HCI and H2S04 only, for 20 minutes. The phases are separated and the 
organic phase treated in this way is used to obtain the distribution curves of Zn(II), under the same 
acidic conditions. The ratio of volumes of the organic phase (V oJ and aqueous phase (V aq) was in every 
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case equal to one {Vaq = V018 = 10 mL). The solutions (aqueous phase /organic phase) are shaken with a 
(Cole Palmer 51502) ping-pong shaker at 150 rpm at 25°C for 20 minutes, which is eJnJgb time to 
reach equilibrium. Once equilibrium is attained, the phases are separated and the concentration of 
Zn(II) in the aqueous phase is determined with a (Perkin-Elmer 3110) atomic absorption spectrometer. 
The concentrations of Zn(II) in the organic phase are calculated by mass balance. The concentrations of 
HCl and H2S04 extracted by the TBP were obtained by potentiometric titration of W ions in the 
organic phase (Titrino 716 Metrohm) with NaOH 0.1 M, and as a function of n concentration, 
obtained by the Mohr's method.7 The water extracted in the organic phase was determined by a Karl
Fisher titration. 

RESULTS AND DISCUSSION 

Extraction of Zn(II) by TBP. DMPL and NMPL from the HCIIH1S04 mixed media. 

The results obtained in the study of the extraction of Zn(II) by the different 
organophosphorated extractants (TBP, NMPL and DMPL) are shown in figure 1, where the variation 
of the zinc distribution coefficient (DZn(n)) is presented as a function of HCl concentration at 
equilibrium, in the absence (figure lA) and presence (figure lB) of H2S04 (initial concentration = 1 
mol/L) . 

It can be observed that the distribution curves of Zn(II) show a similar behavior with each one 
of the studied extractants. That is, the value of the distribution coefficient increases with HCl 
concentration, reaching a maximum (DZn(IIJ = 25 for TBP, DZn(nJ = 80 for NMPL and D Zn(IIJ = 38 for 
DMPL) and then decreases. The forms of the distribution curves can be explained if, on one hand, one 
considers a salting out effect, and on the other hand, the extraction of acid (HCl and H2S04) by the 
extractants . When the aqueous phase has a high concentration of electrolytes, the water activity 
decreases and causes a variation in the activity coefficient of the species present in solution. Thus, there 
is a better association between the ions (anions and cations) to form neutral molecules or ion pairs. The 
net result is an increase in the extraction yields of zinc. 

The decrease in the value of the Zn(II) distribution coefficient at high concentrations of HCl 
can be explained on one hand, if a strong competition is assumed between the acid and the zinc (II) for 
the active extractant contained in the organic phase. On the other hand, the zinc extraction mechanism 
by those specific extractants is through solvation. By this mechanism, Zn(II) is preferably extracted as 
a neutral complex, ZnCh. When the chloride ion concentration in the medium is increased, the tendency 
to form higher complexes Znq<2·i l increases, which makes the transfer of this metallic ion to the 
organic phase more difficult. 

80 A 80 
2 B 

60 60 

g g 

~ 40 ~ 40 

20 20 

0 0 

0 2 4 6 8 10 0 2 4 6 8 10 
JHCI) (mol/L) JHCI) (mol/L) 

Figure 1. Variation of DZn(nJ as a function of [HCl], in the absence (A) and presence of H2S04 (B) of 
initial concentration= 1M. Vor/V"- = l.[Zn(II)]in = 1 x 10-3M. 1) TBP; 2) NMPL; 3) DMPL . 
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The presence of H2S04 in the medium provides in general an increase in the extraction of Zn(II) 
by the extractants studied. This is noted by an increase in the value of DZn(IIJ (for DMPL see curves 3A 
and 3B in figure 1), or else by shifting the distribution curve of Zn(II) towards lower HCl concentration 
values (for TBP, see curves lA and lB, in figure 1), or as in the case ofNMPL (curves 2A and 2B in 
figure 1) where a widening of the zone where it is possible to perform the extraction of Zn(II) is 
observed. 

The increase of the transfer of Zn(II) to the organic phase resulting from the presence of H2S04 
in aqueous phase can be explained by taking into account that the dissociation of H2S04 causes a 
decrease in water activity, favoring the extraction ofZn(II). 

The order of affinity for Zn(II) by the three extractants studied (NMPL > DMPL > TBP), can 
be explained if one considers that the extraction capacity of the organophosphorated compounds 
increases with the basicity of the donor phosphoryl group, following the order: (RO)JPO < (R0)2RPO < 
(RO)R2PO < R3PO. On the other hand, the extraction capacity of neutral organophosphorated 
compounds increases with the branching of the alkyl chain. Such an effect is more pronounced if the 
branching is close to the alkoxy oxygen. This is related to the basicity of the compound, which 
increases with chain branching. According to this, one would expect that the extraction of Zn(II) by the 
extractants studied earlier would follow the order: NMPL > DMPL > TBP, which agrees well with the 
experimental results obtained in the present work. 

Extraction of HCI. H,S04 and H,O by TBP. DMPL and NMPL from HC1/H,S04 mixed media. 

The extraction study of HCl by concentrated TBP, DMPL and NMPL shows that in the three 
cases the concentration of HCl in the organic phase increases with HCl concentration in the aqueous 
phase. A higher extraction capacity for HCl was observed in the case of the phospholene derivatives 
than in the extraction by TBP. When the HCl concentration in the aqueous phase is 6 molJL the 
concentration ofHCl extracted by TBP is 1.64 molJL, while in the case ofNMPL and DMPL, the HCl 
concentration in the organic phase is close to 3 mol/L. This behavior is also observed in the presence of 
H2S04 (initial concentration = 1 molJL). The increase in HCl concentration in the organic phase can be 
explained by considering, on one hand, a mass action effect, and on the other, a salting out effect. 

In the case of the H2S04 extraction, the phospholene derivatives have a higher affinity for this 
acid than TBP. The yield of extraction of H2S04 in concentrated TBP is of the order of 11% in HCl 
solution (7 molJL), while at the same concentration ofHCl in the aqueous phase, NMPL and DMPL are 
capable of extracting almost 30% of the H2S04. 

The water extraction into the organic phase increases with HCl concentration, while the 
presence of H2S04 results in a decrease in water concentration in the organic phase, compared with the 
amount extracted in its absence, the magnitude of this effect being different for each extractant. The 
extraction of water by these extractants follows the order: DMPL > NMPL > TBP. This order is 
similar to that observed in the extraction of HCl, which indicates that most of the water that is 
transferred to the organic phase goes through by forming part of the hydration sphere of theW ions .8 

Thermodynamic considerations. 

The general extraction reaction ofZn(II) from an HCl medium can be written as follows : 

where: X represents the extractant (TBP, NMPL or DMPL), and the barred species are 
those found in the organic phase. 

The thermodynamic reaction constant K~t.i for each of the extracted species is: 
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K~J W 
aZnci a~c~a~ oa~x 2 2 

Introducing the concentration of Zn(ll) and its activity coefficient, both in aqueous phase and in organic 
phase, equation (2) becomes: 

(3) 

It is possible to obtain an apparent extraction K ext,i constant if the variation of the activity coefficients 

of the metallic species in the organic phase and the aqueous phase is considered as similar. Such a 
constant can be written as follows: 

(4) 

Equation (4) shows an apparent constant ~i that depends on the activities of HCl and H20 in the 
aqueous phase, and on the activity of the extractant. This permits consideration of the extraction ofHCl 
and H20 because the activities in both phases are functions of the equilibrium concentration and of the 
activity coefficient of each of the species. This is important because, as discussed earlier, the Zn(II) 
distribution curves are strongly influenced by the extraction of acids and water by the three extractants 
studied. In addition, due to its dependence on the activities, the apparent extraction constant also 
considers the interactions with the medium resulting from the high electrolyte concentration (salting out 
effect). 
The distribution coefficient is defined as: 

D - [ :Zn(ll)] 
Zn - [Zn(ll)] 

(5) 

where: [Zn(II)] and [Zn(II)] represent the concentration of Zn(II) in all its forms in the organic phase 

and in the aqueous phase, respectively. 
In the extraction systems with solvating extractants the metallic ions can be extracted as 

solvates of different composition.3 Then, the concentration of Zn(II) in the organic phase can be 
represented as follows: 

[Zn(ll)] = III[ZnCl 2 .(HCl)n .(H20)m.Xp] = IIIKcxdZnCl 2 ]* a~c1 a~20a~ (6) 
nmp nmp 

In the case of the aqueous phase: 

[Zn(II)]=[Zn 2+ ]+ I[ZnCI j2-il ]+. ...... (7) 
J 

The presence of the different complex species of Zn(II) and Cl' in the aqueous phase has an effect on the 
equilibrium of the extraction of the ZnCh, for which it is necessary to introduce the complexation 
coefficient defined as follows: 
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a 
ZnCI2 

(8) 

where: l3j is the overall formation constant of the Znq complex. 
Introducing the complexation coefficient and considering the possible formation of more than 

one solvate of Zn(II) in the organic phase, the distribution coefficient takes the form: 

L L L K ext,i a ~CI a ~,o a ~ 
D 

n m p Zn( ll) = __ .:..__ _____ _ 

a Znct, 
(9) 

From equation (9), the value of DZn.calc was calculated for the case of the extraction of Zn(ll) by TBP. 
The activity values of TBP were taken from reference 9. The values of aHct were obtained from the 
activities of the ions II" and cr, as reported by Sella and Bauer,10 and the values of aH2o are those 
reported by Hamer and Wu11

. The calculation of the latter was done using the values of global 

formation constants log 13t = 0.43; log l32 = 0.61 ; log l33 = 0.53; log l34 = 0.2 at zero ionic strength. 12 

The solvates ZnCh.(TBPh, ZnCh.(TBP)J, HZnCb.(TBPh and HZnCb.(TBPh reported by Kolarik,3 

were used as the base for the calculations of DZn.calc· In addition, the water molecules that are part of the 
complex were considered, as well as the water molecules that are part of the solvation sphere of the II" 
ion. In this way, the solvates have the following form: ZnCh.(H20)2.(TBPh, ZnCh.(H20).(TBP)3, 
ZnCh.(HCl).(HzO)s. (TBPh and ZnCh.(HCl).(H20)4.(TBP)J. The best set of constants were calculated 
by minimization of the sum of the error squares (U) defined by: 

(10) 

A good correlation (U = 0.3209) between the experimental data and the model developed in the present 
paper is obtained upon consideration of the formation of the solvate ZnCh(H20)s(TBPh, with an 
apparent extraction constant value Kext = 33 .8. Consideration of other solvates in the extraction model 
does not improve the correlation obtained with the solvate ZnCh(H20)5(TBPh, which indicates that this 
is the predominant species under the extraction conditions studied. The results obtained are shown in 
figure 4, where the variation of log DZn as a function of HCl concentration is plotted. 

The application of the model in the case of Zn(II) extraction by NMPL and DMPL requires 
knowledge of the activities of these extractants . Such activities are not available in the literature, and 
thus the application of the model developed here to these extraction systems is not possible at present. 

05 

d 0 

E.o.s 
-1 

-15 

-2 

-25 -+--+--t--i~-t--+---t--+--+--+---l 
0 6 8 10 

Figure 4 Variation of log Dzn, as a function of [HCl] . The continuous line represents the log DZn.calc, 
whereas the symbol 11 represents the experimental values. Solvate: ZnCh(H20)5(TBPh U = 

0.3209, Kext = 33.8. 
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CONCLUSIONS 

The extraction of Zn by the extractants TBP, NMPL and DMPL from concentrated 
HCI/l-hS04 mixed media, has been studied. The results show that the order of affinity of these 
extractants for Zn(II) is NMPL > DMPL > TBP. The extraction of acid and water plays an important 
role in the Zn(II) extraction process. This influence is confirmed with the aid of the thermodynamic 
model developed for the extraction of Zn(II) by TBP from an HCl medium. Such a model is a function 
of the activities of HCl, H20 and TBP, and of the complexation coefficient. The results obtained with 
the model indicate that the solvate ZnCh(H20)s(TBPh adequately represents the extraction process of 
Zn(II) by concentrated TBP in HCl medium. 
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ABSTRACT 

SOL VENT EXTRACTION OF DIVALENT ZINC AND 

CADMIUM FROM HYDROCHLORIC ACID 

SOLUTIONS BY DIHEXYLSULPHOXIDE 
Taichi Sato,1,2 Izumi Ishikawal and Keiichi Satol 
1 Faculty of Engineering, Shizuoka University, Hamamutsu, 432 
Japan 
2Metallurgical Engineering Department, Queen's University, 
Kingston, Ontario K7L 3N6, Canada 

The extraction of divalent zinc and cadmium from aqueous solutions containing hydrochloric acid and/or lithium chloride 
was carried out using dihexylsulphoxide (DHSO, RzSO) in benzene. The distribution coefficient increases with increasing 
chloride concentration of aqueous solutions. The extraction efficiency of DHSO for zinc (II) is higher than that for cadmium 
(II) at [HCI)init aq ~ 4 mol dm-3, while the extraction order reverses above this acidity. As a consequence, it was found that 
the extraction of zinc II) and cadmium (II) from hydrochloric acid solutions can be expressed by the equilibrium equations: 
MClz(aq) + 2RzSO(org) = MClz·2RzSO(org), MC1-3(aq) + H+(aq) + 3RzSO(org) = HMC13 ·3RzSO(org) and MC12-4(aq) + 
2H+(aq) + 2RzSO(org) = HzMC14·2RzSO(org), where M = Zn or Cd. 

Keywords: zinc(II), cadmium(II), dihexylsulphoxide, hydrochloric acid 

INTRODUCTION 

It is known that the presence of sulphur atom facilitates the combination of ligands with class 
B metal ions. Accordingly, sulphur-containing compounds such as dihexylsulphide (DHS, R2S) and 
dihexylsulphoxide (DHSO, R2SO) have been studied as solvent extractants for mercury(II).l-3 
However, since DHSO also contains an oxygen atom in addition to a sulphur atom, the extractability 
of metals by DHSO is generally higher than that by DHS. The present study extended the work to 
obtain further information on the extraction of divalent zinc and cadmium belonging to the liB group 
from hydrochloric acid solutions by DHSO. 

EXPERIMENTAL 

Reagents 
DHSO was synthesized by oxidation ofDHS (Daihachi Chern. Ind. Co., Ltd.).3as follows: 1) 

35 cm3 each of acetic acid and acetic anhydride and 20 cm3 of a 30% aqueous solution of hydrogen 
peroxide were added to 50 cm3 of DHS dropwise during 2 hr; the mixture was cooled with ice, and 
then strirred for 3 h at 0°C. 2) After the reaction was confirmed by TLC, DHSO was extracted into 
chloroform, and the extract then washed first with water followed with 10% sodium carbonate, and 
finally with water again. 3) The white crystals obtained upon removal of chloroform by evaporation 
were purified by recrystallization. The DHSO was dissolved in benzene. 

Aqueous solutions of zinc and cadmium were prepared by dissolving their chlorides, ZnCI2 
and CdCl2·2.5H20, respectively, in hydrochloric acid of selected concentrations; in general the 
concentration of the metal salts was 1 g dm-3 except for the loading test. All chemicals were of 
analytical reagent grade. 

Extraction and analytical procedures. 

Equal volumes (15 cm3 each) of organic and aqueous phases were placed in 50 cm3 stoppered 
conical flasks and shaken for a selected time in a water bath thermostated at 20°C, with the exception 
of the experiments on the effect of temperature. Preliminary experiments showed that equilibrium 
was complete in 10 min for both metals. The mixture was readily separated by centrifuge, and then 
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both phases were assayed to determine the distribution coefficient (E, the ratio of the equilibrium 
concentration of metal in the organic phase to that in the aqueous phase). Metals in the organic 
phases were stripped with 1 mol dm-3 hydrochloric acid. The concentration of metal in the aqueous 
solution was determined by EDTA titration using as indicators, Eriochrome Black T (BT) for 
cadmium and Xylenol Orange (XO) for zinc. The concentration of chloride and the water content in 
the organic phase were determined by Volhard's method with nitrobenzene and by Karl Fischer 
titration, respectively. 

Raman and NMR spectral measurements. 

The Raman spectra of the organic extracts were measured on a JASCO laser Raman 
spectrometer model R-300. Nuclear magnetic resonance (NMR) spectra were obtained for the 
organic extracts dissolved in carbon tetrachloride using a JEOL model JNM-PMX 60SO NMR 
spectrometer with tetramethylsilane as an internal reference. 

RESULTS AND DISCUSSION 

Extraction isotherms. 

The extraction of zinc (II) from hydrochloric acid solutions by DHSO was carried out in 
solutions of different aqueous acidity. The distribution coefficient of zinc (II) rose when the initial 
concentration of hydrochloric acid was increased (Figure 1). When hydrochloric acid in the aqueous 
phase was replaced by lithium chloride, the extraction behavior of zinc (II) resembled that of 
hydrochloric acid solutions alone (Figure 1). The log - log plots of E vs [R2SOlaq = [R2SO]init -
2[Zn]org at constant hydrochloric acid concentration gave straight lines with slopes of 2.6, 2.5 and 
2.6 at 2, 4 and 6 mol dm-3 HCI, and, in addition, 2.6 and 2.2 at 0.5 mol dm-3 HCl + LiCl (8 and 10 
mol dm-3), respectively. These results indicated that the dependencies of the distribution coefficient 
on the DHSO concentration were of second- and third- and/or second-powers at low ([HCl]init ~ 2 
mol dm-3) and higher ([HCllinit ~ 2 mol dm-3) aqueous acidities, respectively. 

In the extraction of zinc (II) from hydrochloric acid solutions by DHSO, continuous variation 
plots of [Zn]org as a function of the zinc mole fraction [Znlinit aqi([Zn]init ac + [R2SOliniU· at a 
fixed total concentration of [Zn]init aq + [R2SO]init = 0.1 or 0.2 mol dm-3, and at initial aqueous 
hydrochloric acid concentrations of 2, 4 and 7 mol dm-3, gave maxima at 0.33, 0.25, and 0.25 , 
respectively, indicating that the combination of DHSO with zinc is in the molar ratio of 2 : 1 and 3 : 
I , depending on aqueous acidities. However, because the distribution coefficient from acid alone was 
higher than that from a mixture of hydrochloric acid and lithium chloride, the effect of proton 
concentration on the distribution coefficient was examined. 

When the initial hydrochloric acid concentration was varied at a constant total chloride 
concentration in the aqueous phase ([Cllinit aq = [HCl]init aq + [LiCl]init aq), the distribution 
coefficient increased linearly when increasing the proton concentration in the aqueous phase. These 
results lead to the presumption that in analogy with the distribution of aqueous chloro species of zinc 
(II),4 the dependencies of the distribution coefficient on the proton concentration in the aqueous 
phase were of first- and/or second-powers. Accordingly, the stoichiometric species ZnCl2·2R2SO, 
ZnCI2·HCl·3R2SO (as HZnC1·3R2SO) and ZnC12·2HC1·2R2SO (as H2ZnCl2·2R2SO) are formed 
gradually when increasing the initial aqueous hydrochloric acid concentration. For these reasons, the 
following equilibrium equations have been proposed for the extraction of zinc (II) from hydrochloric 
acid solutions by DHSO, as the aqueous species of zinc (II) depends on the aqueous chloride 
concentration4: 

ZnCl2(a) + 2R2SO(o) <:::> 

ZnCl3-(a) + H+(a) + 3R3SO(o) <:::> 
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and 

where (a) and (o) denote aqueous and organic phases, respectively. Based on these equations, it can 
be seen that the variation of the distribution coefficient with the aqueous acid concentration (Figure 1) 
corresponds to the distribution of the aqueous zinc chloro species ZnCl2, ZnCl3- and ZnCl42-. 

10 

10 
-3 

Tota~ [C~]init aq' mol dm 

Figure 1. Extraction of zinc (II) from HCl solutions with DHSO in benzene (continuous and broken 
lines represent the extraction from HCl solutions and mixed 0.5 mol dm-3 HCl!LiCl solns., 
respectively; numerals on curves are DHSO concns., mol dm-3). 

Extraction isotherms of cadmium@. 

The extraction of cadmium (II) from hydrochloric acid solutions by DHSO indicated an 
extraction behavior resembling that of zinc on. The distribution coefficient rose when increasing the 
aqueous acidity (Figure 2). The extraction efficiency of DHSO for zinc (II} was higher than that of 
cadmium (II} at [HCl]init aq :::; 4 mol dm-3, but this order was reversed above this acidity. Thus, log
log plots of E vs [R2SO]aq• and continuous variation plots of [Cd]aq as a function of mole fraction of 
[Cdlinit aqi([Cdlinit aq + [R2SOliniV at a fixed total concentration of [Cdlinit ac + [R2SO]init , were 
carried out. The results allowed the conclusion that the extraction of cadmium (II) from hydrochloric 
acid solutions by DHSO can be expressed by equilibrium equations similar to Equations. (1)- (3). 

Spectral studies. 

The Raman spectra of the organic extracts of zinc (II) from aqueous solutions containing 200 
g dm-3 ZnCl2 in 2, 3, 5 and 7 mol dm-3 HCl with 2 mol dm-3 DHSO in benzene gave absorption 
bands at 298, 298 (shoulder)+ 283, 280 and 278 + 265 cm-1, assigned to the species ZnCl2, ZnCl2 + 
ZnCl3-, ZnCl3- and ZnCl3- + ZnCl42-, respectively, corresponding to the equilibrium equations (1)
(3). In similar experiments for the organic extracts of cadmium (II}, the Raman spectra exhibited 
respective absorptions at 262, 262, 262 and 260 cm-1, assigned to the species CdCl3-. 

1217 



Proceedings ISEC'99 

The organic phases after the extraction of zinc (II) and cadmium (II) from aqueous solutions 
containing 10 and 50 g dm-3 ZnCl2 or CdCl2 in 5 mol dm-3 HCl with 0.5 mol dm-3 DHSO in carbon 
tetrachloride were examined by NMR spectroscopy. The NMR spectrum for DHSO revealed a sharp 
peak at t = 9.14 in a doublet due to the methyl protons, a multiplet at 8.66, which arises from most of 
the methylenic protons, and a triplet at 7.52, from the methylenic protons attached to the carbon 
atoms immediately adjacent to the oxygen atom; in addition, the water proton resonance at 7.81 
indicated the formation of the compound R2SO.H205. In the extraction from 3 and 5 mol dm-3 
hydrochloric acid solutions only, the water proton signal shifted to 7.24 and 3.88, respectively, 
confirming the formation of a hydrogen bond in the compound HCl·R2SO·H20. The spectra of the 
organic solutions from the extraction of aqueous solutions containing 10 and 50 g dm-3 ZnCl2 or 
CdCl2 showed a water proton resonance at 2.20 and 1.56, respectively, or 2.32 and 1.56, respectively. 
It was interpreted that the shift of the water proton to a higher field caused by the extraction of zinc 
(II) or cadmium (II) into the organic phase probably arose from the displacement of the compound 
HCl·R2SO·H20 by the complexes HZnCl3·3R2SO and/or H2ZnCl4·2R2SO or HCdCl3·3R2SO 
and/or H2CdCl4·2R2SO. Similar phenomena were also observed in other extraction systems 
involving TBP and TOPQ.6,7 
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Figure 2. Extraction of cadmium (II) from HCl solutions with DHSO in benzene (continuous and 
broken lines represent the extraction from HCI solutions and mixed 0.5 mol dm-3 
HCl!LiCl solns., respectively; numerals on curves are DHSO concns., mol dm-3). 

Temperature effect. 

The extraction of zinc (II) and cadmium (II) from 6 mol dm-3 hydrochloric acid solution with 
0.1 mol dm-3 DHSO in benzene was carried out at temperatures between 10 and 50°C. The results 
showed that the distribution coefficients decreased with rising temperature. The values of the heat of 
reaction (change of enthalpy, -MI) for zinc (II) and cadmium (II) were estimated as 36.9 and 38.4 kJ 
moJ-1, respectively, that is, close to those expected for the energy ofhydrogen bonds. 
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CONCLUSION 

The extraction of zinc (II) and cadmium (II) from aqueous solutions containing hydrochloric 
acid and/or lithium chloride was carried out using DHSO in benzene. It was found that the 
distribution coefficient rose when increasing the chloride concentration of aqueous solutions, and the 
extraction behavior of zinc (II) was analogous to that of cadmium (II). In consequence, it was 
determined that the extraction of divalent zinc and cadmium from hydrochloric acid solutions by 
DHSO can be expressed by the equilibrium equations: 

MCl2(a) + 2R2SO(o) <=> MC12·2R2SO(o) (4) 

MC1-3(a) + H+(a) + 3R2SO(o) <=> HMCl3 ·3R2SO(o) (5) 

and 

MC12-4(a) + 2H+(a) + 2R2SO(o) <=> 

where M = Zn or Cd. 
When the results obtained in the extraction of zinc (II) and cadmium (II) were compared with 

those for the extraction of mercury (II)3, it was seen that the extraction behavior of all these metal 
species is similar. The extraction efficiency of metals by DHSO was in the order of Hg > Zn > Cd at 
[HCI] :::; 4 mol dm-3 and Hg > Cd > Zn at higher acidities. 

REFERENCES 

1. Sato T, Ishikawa T and Nakamura T, Solv. Extr. Ion Exchg., 1, 541, (1983). 
2. Sato Y, Ishikawa I and Sato K, Proc ISEC'86, 3, 156, (1986); Proc ISEC '90, Part A, 913, (1992). 
3. Sato T, Ishikawa I and Sato K, J. Min. Mater. Process. lnst. Jpn ., 114, 33, (1998). 
4. Sato T and Kato T, J. lnorg. Nucl. Chern., 39, 1205, (1977). 
5. Sato T, Anal. Chim. Acta, 52,489, (1965). 
6. Sato T, Sato K, Noguchi Y and Ishikawa I, J. Min. Mater. Process. lnst. Jpn., 113, 185, (1997). 
7. Sato T, J. Min . Mater. Process.lnst. Jpn., 112, 123, (1996). 

1219 



Proceedings ISEC'99 

1220 



Metal and Non-metal Extraction 

ABSTRACT 

SOL VENT EXTRACTION OF DIVALENT ZINC AND 

LEAD FROM SODIUM HYDROXIDE SOLUTIONS BY 

AN ALKYLATED HYDROXYQUINOLINE 
Taichi Sato/.z Keiichi Sato1 and Fran~oise Tahiani2 

1 Faculty of Engineering, Shizuoka University, Hamamatsu, 432 
Japan 
2 Alcan International, Kingston Laboratories, P .O. Box 8400, 
Kingston, Ontario K7L 5L9, Canada 

The extraction of zinc (II) and lead (II) from sodium hydroxide solutions by Kelex 100 (7-(5,5,7,7-tetramethyl-1-octen-3-yl)-
8-hydroxyquinoline) in kerosene has been investigated under different conditions with the addition of alcohol. It was found 
that when alcohol is added to the organic phase, the extraction of zinc(II) and lead( II) is enhanced with the limited amounts 
of alcohol added at low alkali concentration, although the extraction efficiency for zinc (II) is higher than that for lead (II). 
In contrast, the extraction is supressed on addition of alcohol at higher alkali concentrations. 

Keywords: zinc (II), lead (II), hydroxide media, Kelex 100, alcohol 

INTRODUCTION 

Some metals contained in bauxite accompany the aluminate ion in Bayer liquor. Therefore the 
removal of these metals from alkaline solutions is investigated using solvent extraction.1 It has been 
reported that alkylated hydroxyquinolines such as 7-(5,5,7,7-tetramethyl-1-octen-3-yl)-8-
hydroxyquinoline (Kelex 100, HQ) has an excellent ability to extract zinc (II) , lead (II) and gallium 
(III) from concentrated sodium hydroxide solutions.24 In these extraction systems, since the 
extractant forms an insoluble salt in the organic and aqueous phases in the process of back-extraction 
with acid, an aliphatic alcohol is often added to exclude the formation of an insoluble salt. Therefore 
the effect of the addition of alcohol on the extraction of gallium (III) has been examined previousll. 
The present study extends the work to obtain further information for the effect of the presence of 
alcohol (for 2-ethylhexyl) an the extraction of zinc (II) and lead (II) from alkaline solutions by Kelex 
100. 

As the extraction of gallium (III) from sodium hydroxide solutions by alkylalkylated 
hydroxyquinoline is related to the Bayer process, several researchers have investigated its extraction 
system from both thermodynamic and kinetic points of view.U-7 The extraction rate of gallium (III) 
from alkaline solutions by Kelex 100 is very slow in comparison with those of zinc (II) and lead (II), 2 

and the use of some surfactants has been shown to increase the extraction rate of gallium (III). A 
mixture of an alcohol and the sodium salt of long chain carboxylic acid was added to the organic 
phase.8 It has been reported that the organic phase of such extraction system is a water-in-oil 
microemulsion/ which is an optically transparent and thermodynamically stable water-in-oil (or oil
in-water) dispersion formed by adding a surfactant and alcohol. 10 

In these cases, water-in-oil microemulsions should be described as micro-droplets of water, 
surrounded by surfactant and alcohol molecules and dispersed in a continuous organic phase. 
Accordingly the presence of alcohol is regarded as the addition of modifier to the solvent. However, 
since the results for the effect of the addition of alcohol as a modifier on the extraction efficiency of 
metal are limited, its effect on the extraction of zinc (II) and lead (II) is surveyed in this paper. 

EXPERIMENTAL 

Reagents 

Kelex 100 (Schering AG) was distilled twice under a reduced pressure of 33.33 Pa at 147-
159C to remove 8-hydroxyquinoline. The purified Kelex 100, a pale yellow liquid, was diluted with 
kerosene or hexane. Aqueous alkaline solutions of zinc (II) and lead (II) were prepared by dissolving 
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their oxides in sodium hydroxide solution of selected concentration. In general the aqueous metal 
concentrations were adjusted to respective 0.01 mol dm-3

. 2-Ethylhexyl alcohol was used as an alcohol 
added to the organic phase. Chemicals were of analytical reagent grade. 

Extraction and analytical procedures 

Equal volumes (15 cm3 each) of organic and aqueous phases placed in 50 cm3 stoppered 
centrifugal glass tube were shaken for 20 min at 20C except for the examination of the temperature 
effect. Preliminary experiments showed that equilibration was complete in 20 minutes. The mixture 
was centrifuged and separated, and then the portions of both phases were removed by pipette to 

determine the distribution coefficient ( E~ the ratio of the equilibrium concentration of metal in the 
organic phase to that in the aqueous phase). Zinc was stripped from the organic phases with 2 mol dm-
3 hydrochloric acid with the addition of 2-ethylhexyl alcohol for better phase separation, and lead with 
2 mol dm-3 nitric acid and 2-ethyl alcohol. The concentration of metal in the aqueous solution was 
determined by EDTA titration using xylenol orange (XO) as indicator. 

RESULTS AND DISCUSSION 

Extraction isotherms of zinc (II) 

In the extraction of zinc(II) from aqueous sodium hydroxide solutions, the distribution 
coefficient decreases with increasing concentration of sodium hydroxide below -4 mol dm-3

; above 
this concentration there is an anomalous change in distribution coefficient which has a maximum at 6 
mol dm-3 (Figure 1).2 It has been previously suggested that the extraction of zinc (II) from sodium 
hydroxide solutions by Kelex I 00 is expressed by the equilibrium equations: 

Zn(OH)!- (a)+ 2HQ(o) B ZnQ 2 (o) + 20W (a)+ 2H20(a) {I) 

where (a) and (o) denote aqueous and organic phases, respectively, and at higher alkali concentrations 

Zn(OH)!-(a) + 2Na• (a)+ 2HQ(o) B ZnQ 2 - 2Na0H(o) + 2H20(a) (2) 

When alcohol was added to the organic phase, the extraction of zinc (II) was enhanced at low alkali 
concentration ([NaOH] <2 mol dm-3

) and supressed at higher alkali concentrations ([NaOH] >2 mol 
dm-3

) as shown in Figure I. 
The distribution coefficient of zinc (II) followed different behaviour depending on the 

concentration of the aqueous alkaline solutions. At [NaOH] < 0.4 mol dm-3 the distribution coefficient 
increased and attained almost a constant value with increasing amounts of added alcohol. At [NaOH] 
= 0.6 - 4 mol dm-3 the distribution coefficient also increased with the limited amounts of alcohol added 
(50, 20 and 10 % (v/v) at [NaOH] = 0. 6 - 2, 3 and 4 mol dm-3

, respectively), and decreased beyond 
these amounts. Finally at [NaOH] > 6 mol dm-3 the distribution coefficient decreased on addition of 
alcohol. Thus the increase in distribution coefficient at higher concentrations of alkaline solutions 
disappeared in the presence of alcohol. 

In a previous paper, 2 it was shown that drastic extraction of sodium occurs at the concentration 
of aqueous sodium hydroxide above 5 mol dm-3 owing to the formation of the species NaQ, and that 
the increase in the distribution coefficient at concentrations of sodium hydroxide above 4 mol dm-3 is 
due to the up-take of zinc (II) accompanied by sodium ions as represented in Equation (2). However, 
since the distribution coefficient decreased on addition of alcohol at higher alkaline concentrations, the 
distribution behaviour of sodium hydroxide to the organic phase was examined under the different 
amounts of alcohol added for the sodium hydroxide solution at 4 mol dm-3 in the absence of metal. As 
a result, it was observed that the concentration of sodium in the organic phase increases with 
increasing the amount of alcohol added up to 50 % (v/v) and then attains an almost constant value on 
addition of above 50 % (v/v) of alcohol. From this it is deduced that the increase in the distribution 
coefficient of zinc (II) at higher alkaline concentrations may be attributed to the decrease of effective 
extractant concentration due to the extraction of sodium in the organic phase caused by addition of 
alcohol. 
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Figure 1. Extraction ofzinc (II) from sodium hydroxide solutions with O.Oi mol dm'3 Kelex 100 in 
kerosene in the presence of alcohol (triangles and circles denote the extraction with Kelex 
100 in kerosene and kerosene/alcohol, respectively; numerals on curves are the amount of 
alcohol added,% (v/v». 

Extraction isotherms of lead (II) 

The shape of the extraction curve of lead (II) resembles that of zinc (II), although the 
extraction efficiency of former is lower than the latter? On addition of alcohol to the organic phase, 
the extraction oflead (II) is enhanced at low alkali concentration ([NaOH] <3 mol dm'3) and supressed 
at higher alkali concentrations ([NaOH] >3 mol dm'3) as indicated in Figure 2. The distribution 
coefficient of lead (II) followed a similar effect to that of zinc (II), depending on the concentration of 
the aqueous sodium hydroxide solutions. At [NaOH] <I mol dm'3 the distribution coefficient was 
increased and attained almost a constant value with increasing amount of alcohol added. At [NaOH] = 
2- 6 mol dm-3 the distribution coefficient increased under the limited amounts of alcohol added (50, 
20 and 5 % (v/v) at (NaOH] = 2, 3 - 4 and 6 mol ctm·3, respectively), and decreased beyond these 
amounts. Finally at (NaOH] >8 mol dm·3 the distribution coefficient increased on addition of alcohol. 

Temperature effect 

The extraction of zinc (II) or lead (II) from aqueous solution containing 0.4 or 0.8 mol ctm·3 

sodium hydroxide, respectively, with 0.02 mol dm'3 Kelex 100 in kerosene in the presence of 2-
ethylhexyl alcohol was carried out at temperatures between 10 and 40C. The results indicated that the 
distribution coefficients decrease with increasing temperature, and that the values of heat of reactions 
(change of enthalpy, -MI) in Equations (1) and (2) were estimated to be 138, 166, 181 and 205 kJ mol
for zinc (II) and 132, 142, 156 and 158 kJ mor1 for the addition of alcohol at 0, 5, 10 and 20% (v/v), 
respectively. From these it is inferred that as the values of heat of reactions are not much different on 
addition of alcohol, the metal extraction mechanism may not be much influenced by the presence of 
alcohol added as a modifier. 
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Figure 2. Extraction of lead (II) from sodium hydroxide solutions with 0.02 mol dm-3 Kelex 100 in 
kerosene in the presence of alcohol (triangles and cycles denote the extraction with Kelex 
100 in kerosene and kerosene/alcohol, respectively; numerals on curves are the amount of 
alcohol added, % (v/v». 

CONCLUSIONS 

The effect of the presence of alcohol on the extraction of zinc (II) and lead (II) from sodium 
hydroxide solutions by Kelex 100 in kerosene has been examined under different conditions. It was 
seen that when alcohol is added to the organic phase, the extraction of zinc (II) and lead (II) is 
enhanced when limited amounts of alcohol are added at low alkali concentration, although the 
extraction efficiency for zinc (II) is higher than that for lead (II). But these extraction systems are 
supressed on the addition of alcohol at higher alkali concentrations. It is therefore seen that the effect 
of alcohol addition on the extraction of zinc (II) and lead (II) does not depend on the kind of metal. 

In addition, as an alcohol alone does not extract the metal, it is expected that the extraction 
mechanism of zinc (II) and lead (II) by Kelex l 00 in the presence of alcohol follows Equations ( 1) and 
(2). Accordingly it is presumed that the interactions of the mixed solutions containing extractant and 
alcohol and/or the extracted metal complexes and such mixed solutions influence the extractability of 
metal in the present extraction system. Besides, when the relation between the distribution coefficient 
of zinc (II) or lead (II) and the physical properties of solvent (e.g. solubility parameter, refractive 
index, specific gravity, viscosity and dielectric constant) were checked by varying the concentration of 
alcohol added, no special observations were seen except for the refractive index. 
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ABSTRACT 

EXTRACTION OF LEAD{II) BY CYANEX 302 AND 

CYANEX 301 FROM 2.19 MOL/DM3 PHOSPHORIC 

AciD MEDIUM 
B Menoyo and MP Elizalde 
Dpto. Quimica Analitica, Universidad del Pais Vasco, Bilbao, 
Spain 

The extraction of Pb(II) from 2.19 mol/dm3 phosphoric acid medium by the commercial extractants Cyan ex 302 and Cyan ex 
30 I dissolved in toluene has been studied. Numerical treatment was carried out to establish the extraction stoichiometry as 
well as the conditional equilibrium constants of the extraction processes, at this phosphoric acid concentration. The effect of 
aqueous acidity on the extraction of Pb(II) by Cyanex 302 from phosphoric acid solutions has also been investigated. 

Keywords: lead, phosphoric acid, Cyanex 302, Cyanex 301 

INTRODUCTION 

Industrial phosphoric acid, used in the manufacturing of phosphated fertilizers, contains 
among other impurities, Pb(II), whose recovery from these acidic media can be of interest. Studies 
have been made on the solvent extraction of lead from chloride solutions1,2 with the 
organothiophosphinic acids Cyanex 302 and Cyanex 301, that have proved able to extract Pb(II) at 
very low pH values. Also Cd(II) extraction from H3P04 acid solutions by Cyanex 302 has been 
studied,3 and high metal extraction recoveries reported. So, the new organothiophosphinic acids seem 
to be promising reagents to remove the impurities present in the industrial formulation. 

The present report, deals with the extraction ofPb(II) from 2.19 M H3P04 medium by Cyanex 
302 and Cyanex 301, and is a part of a study covering an extensive range of phosphorus acid 
concentrations where the variation of the ionic strength and its influence on the extraction equilibrium 
constants is being considered. Since the variation of the phosphoric acid concentration also involves a 
change in the free hydrogen ion concentration, this magnitude must be estimated so as to calculate the 
extracti<f equilibrium constants. In this sense, following the phosphoric acid model proposed by 
Elmore, data of [H+] concentration at 2.19 moVdm3 H3P04 acid concentration has been taken from 
Stenstrom.5 

EXPERIMENTAL 

Reagents and solutions 

Samples of Cyanex 302 and Cyanex 301 were kindly supplied by Cytec Canada Inc. and used 
without further purification. Cyanex 302 and Cyanex 301 were considered to be 85.0% bis(2,4,4-
trimethylpentyl)monothiophosphinic acid (HR.) and 77.2% bis(2,4,4-tri
methylpenty1)dithiophosphinic acid (HL) respectively, according to the purity percentage given in the 
Cytec brochure. The percentage of (HL) present in Cyanex 302 was determined by GC using an NPD 
detector and the mean value of 0.47% was taken. The extractants were dissolved in toluene (Riedel 
and Haen, p.a.) . Aqueous solutions were prepared by dissolving Pb(N03)z (Merck, p.a.) in H3P04 
(Scharlau, p.a.) acid solutions. 

Experimental technique 

The extraction experiments were carried out by shaking equal volumes (1 0 cm3) of aqueous 
and organic solutions in special stoppered tubes for 30 minutes. The aqueous lead concentration was 
0.5 mmoVdm3 in all the experiments. Phosphoric acid concentration was 2.19 moVdm3, except in the 
study of the acid dependency where it was varied betwen 0.36 and 5.83 molfdm3 . The organic phases 
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contained either Cyanex 302 in the concentration range from 10.2 to 212.5 mmol/dm3 (HR) in 
toluene or Cyanex 301 in a concentration ranging from 0.2 to 1.2 mmol/dm3 (HL) in toluene. Organic 
solutions were prepared daily. 

The analysis of lead in both phases was carried out by atomic absorption spectroscopy (Perkin
Elmer 560). The lead content of the organic phase was measured by stripping the metal into 5.0 
mol/dm3 nitric acid. All the data which did not fulfill the mass balance for lead within 3% were 
rejected. 

RESULTS AND DISCUSSION 

Pb(II) extraction by Cyanex 301 

To fully understand the extraction ofPb(II) by Cyanex 302, it is necessary to consider that this 
reagent has bis(2,4,4-trimethylpentyl)dithiophosphinic acid (HL) as a minor component that is able to 
extract Pb(II) very efficiently at very low pH values as reported in a previous paper.2 For this reason, 
the extraction ofPb(II) by Cyanex 301 was studied in the range of concentration between 0.2 and 1.2 
mmolldm3 HL, which would approximately correspond to the amounts present in Cyanex 302 in the 
range of concentrations used in the present work. 

The results obtained on the extraction ofPb(II) by Cyanex 301 are shown in Figure 1 where it 
can be appreciated that small amounts of Cyanex 301 can extract Pb(II) very efficiently under these 
experimental conditions. So, it is probable that its active component plays an important role on the 
extraction ofPb(II) by Cyanex 302. 

2 ~~~--------------------------------~ logD 
1.5 

0.5 

0 

-0.5 

-1 

-3.8 

log C HL,org 

-3.6 -3.4 -3.2 -3 

Figure 1. Variation of the distribution coefficient as a function of total HL concentration for the 
extraction of Pb(II) by Cyanex 301. The continuous line represents the theoretical curve 
calculated with the proposed model. 

Data on Pb(II) extraction by Cyanex 301 were treated using the computer program LETAGROP
DISTR.6 In this program the function to be minimized is the error square sum (U). For each 
combination of species the program calculates both Umin and the mean standard deviation, (log D). 
The best fit to the data corresponded to either the formation of the species Pb2L4 or PbL2 as shown in 
Table l(a). The formation of polynuclear metallic species, such as Pb2L4 in the organic phase is 
favoured when the metal concentration is high compared with the ligand concentration, as in this 
study. However, this species cannot be proposed as responsible for the extraction process, due to the 
lack of additional experiments varying the metal concentration to confirm the extraction of this 
polynuclear species. Thus, the species PbL2 can be proposed as responsible for the extraction of 
Pb(II) by Cyanex 301 under the experimental conditions of this study, the conditional extraction 
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constant being log k'ex =8.69 ± 0.064. The good fit to the data obtained with this species is illustrated 
in Figure 1 where the experimental behaviour is compared with the theoretical one obtained with the 
proposed model (continuous line). 

Pb(II) extraction by Cyanex 302 

2 --~~-----------------------------------, logD 

0 

-1 

log [HR]0 rg 

-2 +-------------.-------------.-----------~ 
-2.2 -1.8 -1.4 -1 

Figure 2. Variation of the distribution coefficient as a function of the free HR concentration for the 
extraction of Pb(II) by Cyanex 302. The continuous line represents the theoretical curve 
calculated with the proposed model. 

Figure 2 shows the variation of log D as a function of the free HR concentration (log 
[HR]org). The free HR concentration has been calculated taking into account the mass balance 
equation for the extractant and considering its dimerization constant in toluene.? 
The extraction of Pb(II) by Cyanex 302, by analogy with the extraction from KCl media, can be 
expressed by the general equation: 

Pb2+ + (2+m) HRorg + n HL0 rg <=> [PbR2(HR)m(HL)nlorg + 2 H+ (1) 

In the above equation, the formation of general mixed species has been considered, although these 
species could be formulated in a different way, L being directly bound to the metal ion and HR 
solvating the complex. 
The distribution coefficient can be expressed as: 

D =" k' (H+) -l (HR) Cl+ml (HL) n L.... ex org org (2) 
2rnn 

k'ex being the conditional extraction constant which takes into account the effect of the ionic strength 
as well as the formation of Pb(II) complexes with phosphoric acid. According to equation (2) the 
variation of the distribution coefficient with the free HR concentration should give a straight line if 
only R containing species were extracted. However, examination of Figure 2 shows clearly that the 
plot has more the shape of a curve rather than straight lines. So, it is again clear that the contribution 
ofHL to the extraction process has to be considered. However, as it can not be assumed the constancy 
of the free HL concentration, no graphical treatment considering the participation of this minor 
component can be applied. 

Data on Pb(II) extraction by Cyanex 302 were treated using the computer program 
LETAGROP-DISTR.6 It was considered, as a first step, that HR, the major component of Cyanex 
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302 was the only responsible for the extraction process. As it can be seen from Table 1 (b), high 
values of both (log D) and Umin were obtained. 

Model of species 
a) PbL2 

PbL2(HL) 
PbL2, PbL2(HL)* 
Pb2L4 

b) PbR2*, PbR2(HR) 
PbR2, PbR2(HR)2 
PbR2(HR), PbR2(HR)2 
PbR2(HR), PbR2(HR)3 
PbR2(HR), PbL2 
PbR2(HR)2, PbL2 
PbR2(HR), PbL2(HR) 
PbR2(HR), PbR2(HL) 
PbR2(HR), PbR2(HR)2 
PbR2(HR), PbR2(HR)3 
PbR2(HR)2, PbL2(HR) 
PbR2(HR)2, PbR2(HR) 
PbR2(HR)2, PbR2(HL)2 
PbR2(HR)2, PbR2(HR)3 
PbR2(HR)2, PbR2(HL)2, PbR2 
PbR2(HR)2, PbR2(HL)2, PbR2(HR) 

Umin 
0.010 
6.436 
0.010 
0.008 
0.828 
0.225 
0.309 
0.160 
0.655 
0.184 
0.392 
0.754 
0.126 
0.305 
0.058 
0.175 
0.017 
0.020 
0.012 
0.014 

(log D) 10.l 
3.01 (+) 

76.19 
3.01 
2.66 
25.24 
13.68 
16.06 
11.56 
23 .37 
12.37 
18.08 
25.06 
10.27 
15.94 
6.94 
12.08 

3.73 (+) 
4.08 
3.27 
3.56 

(+)proposed model 
(*) rejected species 

Table 1 Results of the numerical calculations in the system (a) Pb(II)-2.19 molfdm3 H3P04/Cyanex 
301-toluene and (b) Pb(II)-2.19 molfdm3 H3P04/Cyanex 302-toluene 

The presence of HL in Cyanex 302 was considered by introducing in the input its 
concentration according to the percentage value of 0.47%. Firstly, the possibility of the formation of 
one species with HR together with either a PbL2 species or a mixed species was checked. An 
essential improvement of the fit was obtained when a mixed species of stoichiometry PbR2(HL)2 was 
supposed to be formed together with the species PbR2(HR)2. A slightly better improvement of the fit 
was achieved when a third species was included in this model. The little importance of this third 
species is corroborated by the fact that variation of its composition caused minimal changes of both 
(log D) and Umin· So, to confirm the formation of this third species, more experimental data at 
different phosphoric acid concentrations would be necessary. On the other hand, the set of species 
PbR2(HR)2 and PbR2(HL)2 seems to explain by itself the experimental data obtained at 2.19 
mol/dm3 H3P04 concentration, as can be seen from Figure 2, where the experimental behaviour is 
compared with the theoretical obtained with the proposed model (continuous line). The values of the 

conditional equilibrium constants obtained by this treatment, are log k'ex (PbR2(HR)2) = 4.79 ± 0.07 

and logk'ex (PbR2(HL)2) = 10.27 ± 0.14. 
The contribution of the different extracted species as a function of the reagent concentration is 
illustrated in Figure 3, where it can be seen that the mixed species PbR2(HL)2 is the most important 
extracted species whereas the importance of PbR2(HR)2 decreases with increasing extractant 
concentration. 

Phosphoric Acid Dependency 

Finally, additional experiments at different H 3P04 acid concentrations were carried out and 
are presented in Figure 4. As can be seen from this figure, the distribution coefficient depend on the 
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initial concentration of phosphoric acid in the aqueous phase. Thus, the extraction curves show that 
the extraction of Pb(II) decreases with increasing phosphoric acid concentration. However, even at 
the more acidic conditions, an extraction efficiency around 40% can be achieved by increasing the 
extractant concentration to approximately 125 mmolJdm3 HR. An accurate treatment of this series of 
data would need more experimental points since the variation of H3P04 concentration involves 
variation of the ionic strength and data at each phosphoric acid concentration have to be treated 
separately. 

Pb,aq 
0.8 

.s ... 0.6 <:.1 cu .:: 
~ 0.4 = e 

0.2 

0 

0 50 100 150 200 
C HR,org {mM) 

Figure 3. Pb{II) distribution diagram as a function of total HR concentration. 
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Figure 4. Variation of the distribution coefficient as a function of aqueous phase phosphoric 
acid concentration at different HR concentrations. 

CONCLUSIONS 

The results obtained on the extraction of Pb(II) from 2.19 mol/dm3 phosphoric acid by Cyanex 
302 and Cyanex 301 confirm the superior behaviour of Cyanex 301 towards the extraction of this 
metal ion. Concerning the extraction stoichiometry, Cyanex 301 was found to extract the metal ion as 
PbL2 while in the case of the extraction by Cyanex 302 the fact that HL, present at small amounts in 
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this extractant, is able to extract Pb{II) very efficiently has to be taken into consideration. This is 
confirmed by the numerical treatment where the formation of species having only HR as participant 
in the extraction process cannot explain the experimental data. Thus the species PbR2(HR)z and 
PbR2(HL)2, which could also be formulated as PbLz(HR)z, can be proposed as the main extracted 
species by Cyanex 302. 
Finally, it should be pointed out that in order to confirm the proposed extraction model further 
experiments covering a wide range ofH3P04 acid concentrations are needed. Such investigations are 
in progress, which also consider the thermodynamics of the variation of the stoichiometric extraction 
constants with the phosphoric acid concentration. 
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ABSTRACT 

SOLVENT EXTRACTION OF SCANDIUM(III) WITH 

CYANEX 302 AND H[BTMPTP] 
Deqian Li I, Chon Wang 2 and Zhengui Wei 1 
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Institute of Applied Chemistry, Chinese Academy of Sciences, 
Changchun 130022, China 
2 Department of Metallurgy, Beijing General Research Institute of 
Mining & Metallurgy, Beijing 100044, China 

The solvent extraction of Sc(III) from acidic sulphate media with as-received Cyanex 302 and purified Cyanex 302 (hereafter 
abbreviated as H[BTMPTP], HA) was studied. H[BTMPTP] has a weaker extracting ability for Sc(III) than the as-received 
Cyan ex 302. The results ofF AB-MS spectra of the extractants indicate that the content of R3PO decreases sharply and those 
of R2PS(OH) and R2PO(OH) increase significantly in H[BTMPTP] (where R represents 2,4,4-trimethylpentyl). According to 
the composition of Cyanex 302, the extraction of Sc(III) with H[BTMPTP], purified Cyanex 272 (H[BTMPP]), Cyanex 925 
(branched chain alkylated phosphine oxide mixture), and their mixed solutions were carried out. It was found that there was a 
synergistic effect in the extraction when Cyanex 925 was present together with H[BTMPTP] at the lower aqueous acidities, 
and the extraction ability is relatively close to that of the as-received Cyanex 302. This means that the stronger extraction 
ability of Cyanex 302 may be primarily ascribed to the synergistic extraction effect of its components R2PS(OH), R3PO and 
R2PO(OH). The results of FAB-MS spectra of Sc(III) complexes with Cyanex 302 and H[BTMPTP] confirmed the 
conjecture proposed. A synergistic effect was observed between H[BTMPTP] and Cyanex 925 on the Sc(III) extraction at the 
lower aqueous acidity less than 0.25 M H2S04• The stoichiometry of the synergistic extraction reaction was postulated based 
on slope analysis. The composition of the extracted complex was determined to be Sc(HA2) 2C3(S0/)112 • 

Keywords: scandium, sulphate, Cyanex 302, bis(2,4,4-trimethylpentyl)mono-thiophosphinic acid, FAB-MS 
spectra 

INTRODUCTION 

Thiosubstituted organophosphorus compounds have been widely studied for the extraction of 
most soft and borderline metals such as Pd(II), Pt(II), Ag(I), Cd(II) and Zn(II), etc.1

•
2 More recently, 

the extractant Cyanex 302 (bis(2,4,4-trimethylpentyl)-mono-thiophosphinic acid), which is the 
monothio analogue of Cyanex 272, has been introduced by Cytec Industries Inc.3 It has been reported 
that this reagent is significantly more resistant toward decomposition by hydrolysis than its phosphoro 
analogues.4 Many papers have been published concerning the general characteristics and extraction 
performance of first transition metals such as Zn(Il), Co(II), and Cu(II) etc. with this reagent. 5

•
6
.7 

However, less work has been conducted on the extraction of rare earths with Cyanex 302. 
The extraction distribution of lanthanides and scandium by as-received Cyanex 302 and 

purified Cyanex 302 (H[BTMPTP]) was studied in earlier works.8
•
9 It was found that Cyanex 302 has 

a higher affinity toward these metals than H[BTMPTP]. This is believed to be ascribed to the presence 
of impurity components such as organophosphine oxide in Cyanex 302. 

In this paper, FAB-MS spectra of Cyanex 302, H[BTMPTP] and their scandium complexes 
were measured to study the role ofthe different components in Cyanex 302. Cyanex 925 (a branched 
chain alkylated phosphine oxide mixture), commercially available solvating reagent from Cytec 
Industries Inc., was added to H[BTMPTP] solution as an alkylphosphine oxide to simulate the 
extraction ability difference. The synergistic extraction of Sc(III) with H[BTMPTP] and Cyanex 925 
was also studied. 

EXPERIMENTAL 

Reagents 

The extractants Cyanex 302 and Cyanex 925 was kindly supplied by Cytec Canada Inc. 
Cyanex 302 was used as received or purified by precipitation of the cobalt salt. Cyanex 925 was used 
without further purification. The diluent was n-hexane of analytical grade. 
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The stock solution of scandium was prepared by dissolved its oxide into the sulphuric acid solution of 
appropriate concentration. All other reagents were analytical grade. 

Extraction and Analytical Procedures 

Equal volumes of aqueous and organic phases were placed into equilibrium tubes and shaken 
for 30 min at room temperature (25±1°C). After equilibration both phases were separated by 
centrifuging. Metal contents of the aqueous phases were determined by spectrophotometry using a 
Shimadzu model UV -365 instrument. Metal contents of the organic phases were determined by 
difference. The aqueous acidity was determined by titration with standard sodium hydroxide solution 
using phenolphthalein as indicator. The concentrations of Cyanex 302 and H[B1MPTP] were 
determined by titration with standard NaOH solution in ethanol-water mixture. 

Mass spectra of the extractants and scandium complexes were determined using a fast-atom 
(caesium) bombardment excitation source (FAB-MS) on a VG Quattro instrument. The samples were 
dissolved in nitrobenzylalcohol. Fragments having a mass-to-charge ratio from 100 to 2000 were 
detected. 

RESULTS AND DISCUSSION 

Extraction Equilibria of Scam with Cyanex 302 and H!BTMPTPJ 

The extraction equilibrium data of Sc(ill) with as-received Cyanex 302 and purified Cyanex 
302 (H[BTMPTP) from sulphuric acid solutions were obtained. The result is shown in Figure 1. The 
distribution ratio (D) of Sc(lll) decreases with increasing aqueous acidity, up to 3.0 mol/dm3 H2S04, 

and increases with increasing aqueous acidity at higher acidity than 3.5 mol/dm3 H2S04• This means 
that the extraction of Sc(ill) proceeds by a cation exchange reaction in the range of lower aqueous 
acidity and a solvation reaction in the range of higher aqueous acidity. It was found that the extraction 
ability ofH[BTMPTP] is significantly lower than that of the as-received Cyanex 302 . 

u 
en 
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0.8 
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~lMPlP) 

"""--Cyanex 925 
--4illMPrFj<Cyanox 925 

....o.-<iBT!.f'Fj<Cyanex 1115 
lMPlP]'tiBT!.PFj<Cyanex 925 

~ 0.0 

-0.8 

-1 .6 1...-L...-L...-L...-L...-L...-L-L--L-L......I 

-2.4 -1.6 -0.8 0.0 0.8 1.6 

log[H2SO.J 

Figure 1. Extraction of Sc(ill) with Cyanex 302, H[BTMPTP], Cyanex 925, H[BTMPP] and their 
mixture solutions. (•) 4.83xl0·2 mol!dm3 Cyanex 302; (0) 4.83x 10·2 molldm3 

H[BTMPTP]; (0) 4.83xl0"3 mol/dm3 Cyanex 925; (•) 4.83xl0·2 mol/dm3 

H[BTMPTP]+1.20x10·2 mol/dm3 Cyanex 925; (il) 4.83x1Q-2 molldm3 H[BTMPP] + 
4.83xl0·3 mol!dm3 Cyanex 925; (x) 4.83x10"2 mol/dm3 H[BTMPTP] + 1.50x10-3 mol/dm3 

H[BTMPP] + 4.83xl0·3 mol/dm3 Cyanex 925. 

According to the composition of Cyanex 302 reported by Sole et al.,5 Cyanex 302 consists of 
78-80% bis(2,4,4-trimethylpentyl)monothiophosphinic acid (R2PS(OH)), 10-12% tris(2,4,4-tri
methylpentyl)phosphine oxide (R3PO), 2-3% bis(2,4,4-trimethylpentyl)-phosphinic acid (R2PO(OH)), 
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2% bis(2,4,4-trimethylpentyl)dithiophosphinic acid (R2PS(SH)), and 8% unknown components. Based 
on this analysis, n-hexane solutions of H[BTMPTP], Cyanex 925, H[BTMPP] (denoting the purified 
Cyanex 272) and their binary or ternary mixture were used to simulate the difference in extractability 
of Sc(III) by Cyanex 302 and H[BTMPTP). The result is also shown in Figure 1. 

The results show that the extraction of Sc(III) with Cyanex 925 proceeds by a solvation 
reaction, the distribution ratio of Sc(III) increases with increasing aqueous acidity, especially at the 
higher aqueous acidity. The extractability of Sc(III) increases when Cyanex 925 is added to either of 
H[BTMPTP] or H[BTMPP] solutions, especially at the lower aqueous acidity. The extractability by 
binary mixture of H[BTMPTP] and Cyanex 925 is relatively close to that of the as-received Cyanex 
302. Although the ternary mixture of H[BTMPTP], H[BTMPP] and Cyanex 925 cannot extract 
Sc(III) as well as the as-received Cyanex 302, it can be inferred that there may be a synergistic effect 
in the extraction of Sc(III) with H[BTMPTP], H[BTMPP] and the trialkylphosphine oxide components 
in Cyanex 302. 

FAB-MS Soectra ofCyanex 302 and H!BTMPTPJ 

The F AB mass spectra of Cyanex 302 and H[BTMPTP] are shown in Figure 2 (where A = 
R2Pso·, L = R2Poo·, B = R3PO). In the mass spectrum ofCyanex 302, HA (+ Ir: M/e = 307), (HA)2 
(+ Ir: M/e = 613), HL (+ Ir: M/e = 291), (HL)2 (+ Ir: M/e = 581), and B (+ Ir: M/e = 387) were 
observed. 

100 

• 
3&7 
~ 

mass/charge ratio 

A:R2PSO

L:R~

B: R,PO 

B: R,PO 

Figure 2. FAB-MS Spectra ofCyanex 302 and H[BTMPTP]. (a) Cyanex 302; (b) H[BTMPTP] 

The spectrum illustrates the presence of monomer and dimer of bis-(2,4,4-
trimethylpentyl)monothiophosphinic acid, monomer and dimer of bis-(2,4,4-
trimethylpentyl)phosphinic acid, and trialkylphosphine oxide (R3PO) in Cyanex 302. In the mass 
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spectrum ofH[BTMPTP], the relative intensities of species HA, HL and (HL)2 increase, while that of 
species B decreases. The comparison of these mass spectra indicates that the content of 
dialkylmonothiophosphinic acid and dialkylphosphinic acid increases, while that of trialkylphosphine 
oxide impurity decreases significantly in H[BTMPTP]. 

FAB-MS Spectra of ScffiD Complexes with Cyanex 302 and HrBTMPTPJ 

The F AB mass spectra of the Sc(lll) complexes with Cyanex 302 and H[BTMPTP] are shown in 
Figure 3. 

~ 
• 

mass/charge ratio 
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mass/charge ratio 

A: RiPSO

L:~POO

B: R3PO 

A: R2PSO
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11J91t 

Figure 3. F AB-MS Spectra of Sc(III) complexes with Cyanex 302 (a) and H[BTMPTP] (b). 
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This fragmentation pattern illustrates the formation of multinuclear species and association of 
complexes. In the mass spectrum of Sc(ID) complex with Cyanex 302 (Figure 3(a)), the species ScA2, 
ScA3, Sc2A2L, and Sc2A2B2 were detected (charges on fragments not shown). The observation of 
species of Sc2A2L, and Sc2A2B2 provides further evidence that Sc(ID) is co-ordinated to both the 
R3PO, R2Poo· impurities and R2Pso· in Cyanex 302. Therefore, these impurity components in 
Cyanex 302 contribute to the extraction of Sc(III). In the mass spectrum of Sc(III) complex with 
H[BTMPTP] (Figure 3(b)), the species ScA2, ScA3, ScA2L, ScA5, and Sc2A3L2 were detected. It is 
interesting to notice that there is no species, which consists of A and B, appears in the spectrum. The 
comparison of these spectra indicates that the lower extractability of Sc(III) with H[BTMPTP] can be 
ascribed primarily to the removal of the trialkylphosphine oxide impurity from Cyanex 302. 

To study the synergistic effect of R2PS(OH) and R3PO in Cyanex 302, H[BTMPTP] and 
Cyanex 925 were adopted as the dialkylmonothiophosphinic acid and trialkylphosphine oxide, 
respectively. A synergistic effect was observed on the Sc(ID) extraction with H[BTMPTP] and 
Cyanex 925 at the aqueous acidity less than 0.25 mol!dm3 H2S04 • The synergistic extraction reaction 
has been studied systematically in a previous paper. 10 The stoichiometry, based on slope analysis, was 
postulated as the following equation: 10 

Sc3+ + 2(HA)2(oJ+ 3C<oJ + 1/2 SO~ Sc(HA2)2C3(S0/)112 <oJ + 2H+ (1) 

Where HA and C denote H[BTMPTP] and Cyanex 923, respectively. The composition of the extracted 
complex was determined to be Sc(HA2) 2C3(S0/)112 • 

CONCLUSIONS 

Cyanex 302 can extract more Sc(III) than H[BTMPTP]. The comparison of the results of 
F AB-MS spectra indicates that the stronger extraction ability of Cyanex 302 is primarily attributed to 
the synergistic extraction effect of its components R2PS(OH), R3PO and R2PO(OH), especially that of 
R2PS(OH) and R3PO. The study on the synergistic extraction of Sc(III) with H[BTMPTP] and 
Cyanex 925 provides further evidence on explanation of the extraction ability difference between 
Cyanex 302 and H[BTMPTP]. 
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ABSTRACT 
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1 Department of Metallurgy, Beijing General Research Institute 
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The extraction equilibrium data of scandium from sulphuric acid media by as-received Cyanex 272 (bis(2,4,4-
trimethylpentyl) phosphinic acid) and purified Cyanex 272 (hereafter abbreviated as H[BTMPP)) were obtained. It was 
found that the extraction ability of Cyanex 272 toward scandium is slightly greater than that of H[BTMPP]. The 
stoichiometry of extraction reaction and the geometry of the extracted complexes are postulated. Cyanex 272 behaves as a 
bidentate ligand and combines in a I :3 stoichiometric ratio with scandium. The FAB-MS spectra of Cyanex 272 and 
H[BTMPP] indicate that the content of R3PO in H[BTMPP] decreases and the content of R2POOH increases in contrast 
with those in Cyanex 272 (where R represents 2,4,4-trimethylpentyl). In the FAB-MS fragmentation spectrum of scandium 
complex with Cyanex 272, the fragments ScL2, ScL3, Sc2L2B, ScL4, Sc2L3B and Sc2L5 (L=R2POO-, B=R3PO) are 
observed. These results provide the evidence that scandium is coordinated to the R 3PO species in Cyan ex 272. The greater 
Sc(III) extraction ability of Cyanex 272 can be attributed to the presence ofR3PO in Cyanex 272. 

Keywords: scandium(III), sulphate, Cyanex 272, bis(2,4,4-trimethylpentyl)phosphinic acid, FAB-MS Spectra 

INTRODUCTION 

The organophosphorus extractant Cyanex 272, which was originally developed for the 
separation of cobalt and nickel from weakly acidic sulfuric media, has been commercially available 
from American Cyanamid Company (now Cytec Industries Inc.) for about a decade.l,2 To date, a 
number of fundamental studies of cobalt and nickel extraction by Cyanex 272 has been published.3,4 
Recently, the solvent extraction of trivalent lanthanides and scandium by Cyanex 272 from various 
acidic media has been investigated.5,6,7 The potential application of Cyanex 272 in the separation 
of rare earths, especially the heavy rare earths, was evaluated. 6 

Cyanex 272 contains bis(2,4,4-trimethylpentyl)phosphinic acid (H[BTMPP]) as the main 
component and tri(2,4,4-trimethylpentyl)phosphine oxide as an impurity. The amount of 
alkylphosphine oxides in the Cyanex 272 was analyzed to be about 10%.8 
Although solvent extraction of first-row transition metals and rare earths by Cyanex 272 have been 
widely studied, less work has been conducted on the role of the components of Cyanex 272 in the 
extraction.9,10 E. Paatero et al. studied the extraction of copper by as-received Cyanex 272 and 
purified Cyanex 272 (H[BTMPP]) from perchloride acid media, and observed that the as-received 
Cyanex 272 could extracts more copper than H[BTMPP]. The difference was ascribed to the presence 
of alkylphosphine oxide in Cyanex 272. 10 

The extraction of scandium by H[BTMPP] from acidic sulfate or chloride media has been 
previously reported.6,7 In this work the extraction of scandium by Cyanex 272 and H[BTMPP] from 
sulphuric acid media are compared to study the role the alkylphosphine oxide in Cyanex 272. The 
stoichiometry of extraction reaction and the geometry of the extracted complexes are postulated. 
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EXPERIMENTAL 

Reagents 

Cyanex 272 was kindly supplied by Cytec Canada Inc. The extractant was used as received or 
purified by precipitation of the copper salt. The mono acid contents of Cyanex 272 and H[BTMPP] 
were 87% and 98%, respectively. The diluent was n-hexane of analytical grade. 
The stock solution of scandium was prepared by dissolved its oxide into the sulphuric acid solution of 
appropriate concentration. All other reagents were analytical grade. 

Extraction and Analytical Procedures 

Equal volumes of aqueous and organic phases were placed into equilibrium tubes and shaken 
for 30 min at room temperature (25±1 °C). Both phases were separated by centrifuging after 
equilibrium was reached. Metal contents of the aqueous phases were determined by 
spectrophotometry using a Shimadzu model UV-365 instrument. Metal contents of the organic phases 
were determined by difference. The aqueous acidity was determined by titration with standard sodium 
hydroxide solution using phenolphthalein as indicator. The concentrations of Cyanex 272 and 
H[BTMPP] were determined by titration with standard NaOH solution in ethanol-water mixture. 

Mass spectra of the extractant and scandium complex were determined using a fast-atom 
(cesium) bombardment excitation source (FAB-MS) on a VG Quattro instrument. The samples were 
dissolved in nitrobenzylalcohol. Fragments having a mass-to-charge ratio from 100 to 2000 were 
detected. Infrared spectroscopy (IR) spectra of extractant and scandium complex were measured 
across the wavenumber range 4000-500 cm-1, using a Brucker model IFS-113V instrument. 

RESULTS AND DISCUSSION 

Extraction of Scandium by Cyanex 272 and H!BTMPPJ 
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Figure 1. Extraction of Scandium by Cyan ex 272 and H[BTMPP]. Aqueous phase: 5 .04x 1 o-4 M Sc 
as sulfate. Organic phase: (.) 4.81 X 1 o-2 M Cyan ex 272; ( .& ) 4.80x 1 o-2 M H[BTMPP]. 

The extraction equilibria of scandium by as-received Cyanex 272 and purified Cyanex 272 
(H[BTMPP]) from sulfuric acid media were studied under different aqueous acidities. Cyanex 272 
was used at an equivalent H[BTMPP] concentration for comparison. The results are shown in Figure 
1. 

The distribution ratio of scandium by either Cyanex 272 or H[BTMPP] decreases with 
increasing aqueous acidity, up to 1.5 M H2S04, and increases with increasing acidity at higher 
acidity than 2.0 M H2S04. This means that solvent extraction of scandium by Cyanex 272 and 
H[BTMPP] occurs via a cation exchange reaction in the range of lower aqueous acidity and a 
solvation reaction in the range of higher aqueous acidity. It is interesting to notice that Cyanex 272 
extracts more scandium than H[BTMPP] under the aqueous acidities studied. This difference in 
extractability of scandium may be attributed to the presence of the trialkylphosphine oxide in Cyanex 
272. 

Stoichiometry of the Extracted Scandium Complex 

Equal volumes of organic phase (0.06 M Cyanex 272 in hexane) and aqueous phase (0.045 M 
Sc2(S04)3) were contacted at aqueous acidity of 0.05 M H2S04 in an separatory funnel. After 
equilibrium, the raffinate was measured to determine scandium concentration and the loaded organic 
phase was re-contacted with fresh aqueous phase until the scandium concentration in the raffinate was 
the same as the initial concentration. The scandium concentration in the saturated loaded organic 
phase was determined by mass balance. The result is shown in Table 1, where subscript (o) represents 
organic phase, and HL, Cyanex 272. The ratio of scandium to Cyanex 272 in the organic phase is 
1:2.92, closes to 1:3. The concentration of sulfate ion in the organic phase could be neglected in 
comparison with that of scandium. The saturated scandium complex formed with Cyanex 272, thus, is 
postulated to be ScL3. The scandium extraction by Cyanex 272 can be expressed as follow: 11 

Sc3+ + - 1.5(HL)z(o) ScL3(o) + 3H+ 
(1) 

[Sc(III)](o) (M) [S042-](o) [HLJ(o) (M) [Sc(III)]/[HL] [S042-]/[Sc(III)] 
(M) 

0.027 6.77x10"!j 0.062 1:2.92 3.25xiOn 

Table 1 Composition of the Saturated Scandium Complex with Cyanex 272 

IR Spectra of Cyan ex 272 and Scandium Complex with Cyanex 272 

The extracted scandium complex was examined by IR spectrophotometry. IR spectrum of 
Cyanex 272 shows P-0-H stretching and bending bands at 2500-1700 cm-1, P=O stretching band at 
1172 cm-1, P-0-H stretching band at 960 cm-1. In the spectrum of scandium complex, the intensities 
of P-0-H stretching and bending bands at 2500-1700 cm-1 decrease significantly, P=O absorption 
band at 11 72 cm-1 shifts to lower frequency 1142 cm-1, symmetrical and asymmetrical stretching 
bands of POO- appear at 1144-1061 cm-1. P-OH stretching band at 960 cm-1 becomes weaker 
remarkably. The IR result provides evidence that the hydroxy proton of P-OH is substituted by 
scandium in the extracted complex and confirms that the extraction proceeds by a cation exchange 
reaction. 

1241 



Proceedings ISEC'99 

FAB-MS Spectra ofCyanex 272 and H!BTMPPJ 

The F AB mass spectra of Cyanex 272 and H[BTMPP] are shown in Figure 2 (where 
L=R2Poo-, B=R3PO). In the mass spectrum of Cyanex 272, HL (+ H+: M/e=291), (HL)2 (+ H+: 
M/e=581) and B (+ H+: M/e=387) were observed. The spectrum illustrates the presence of monomer 
and dimer of bis(2,4,4-trimethylpentyl)phosphinic acid, and trialkylphosphine oxide (R3PO) in 
Cyanex 272. In the mass spectrum of H[BTMPP], the relative intensity of species (HL)2 increases, 
while that of species B decreases. The comparison of these mass spectra indicates that the content 
dialkylphosphinic acid increases and trialkylphosphine oxide impurity decreases significantly in 
H[BTMPP]. 

FAB-MS Spectrum of Scandium Complex with Cyanex 272 

The FAB mass spectrum of the scandium complex with Cyanex 272 is shown in Figure 3. This 
fragmentation pattern illustrates the formation of multinuclear species. The species ScL2, ScL3, 
Sc2L2B, 

• 
118 ... .. 

Figure 3. F AB-MS Spectrum of Scandium Complex with Cyanex 272 

(a) 

ScL4, Sc2L3B and Sc2L5 were detected in the mass spectrum (charges on fragments not shown). The 
observation of species of ScL3 provides further evidence that Cyanex 272 combines in a 1:3 
stoichiometric ratio with scandium. The species Sc2L2B and Sc2L3B occur in the mass spectrum 
indicate that scandium coordinates with the R3PO component of Cyanex 272. This result confirms 
that the greater extractability of scandium by Cyanex 272 can be ascribed to solvation of the 
trialkylphosphine oxide impurity. The proposed oligomeric structure of species Sc2L3B is shown in 
Figure 4. 
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Figure 4. Postulated Oligomeric Structure of Species Sc2L3B 
CONCLUSIONS 

Comparison of the solvent extraction of scandium by as-received Cyanex 272 and purified 
Cyanex 272 (H[BTMPP]) shows that Cyanex 272 extracts more scandium than H[BTMPP]. The 
FAB-MS spectra of Cyanex 272, H[BTMPP] and scandium complex with Cyanex 272 demonstrate 
that oligomeric multinuclear scandium complex is formed. Scandium is coordinated primarily to the 
R2POO- species and also to R3PO impurity in Cyanex 272. Therefore, the greater extractability of 
scandium by Cyanex 272 can be ascribed to the solvation of the trialkylphosphine oxide impurity. 
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ABSTRACT 
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The extraction of tin(IV) from hydrochloric acid solutions by trioctylamine (TOA) and trioctylmethylammonium chloride 
(TOMAC) in benzene was investigated under various conditions. The organic extracts were also examined by infrared and 
nuclear magnetic resonance spectroscopies. On the basis of the results obtained, the equilibrium expressions for the 
extraction by TOA and TOMAC are proposed as follows: for TOA, SnCI,(aq) + 2RJNHCI(org) ... (RJNl!}lSnCI6(org); for 
TOMAC, Sncf·(aq) + 2RJR'NCI(org) .. . (RJR'-N)2SnCI6(org) + 2CI"(aq), in which the extraction efficiency for tin(IV)3 is in 
the order TOMAC > TOA. 

Keywords: tin(IV), chloride, trioctylamine, trioctylmethylammonium chloride 

INTRODUCTION 

In a previous study, 1 the extraction of tin (IV) from hydrochloric acid solutions was investigated 
using di-(2-ethylhexyl)phosphoric acid (DEHPA). In addition, studies have been made of the extraction 
of some metals from aqueous solutions by trioctylamine (TOA) or trioctylmethylarnmonium chloride 
(TOMAC). The present paper extends this work to include the extraction oftin(IV) from hydrochloric 
acid solutions by TOA and TOMAC. 

EXPERIMENTAL 

Reagents. 

TOA and TOMAC (Koei Chern. Co., Ltd.) of high purity were used without further 
purification and diluted with benzene. Aqueous solutions containing tin were prepared by dissolving 
stannic chloride (SnCL;.xH20) in hydrochloric acid of the required concentration. In general, the 
aqueous metal concentration was lg dm-3 stannic chloride except for the loading test. Other chemicals 
were of analytical reagent grade. 

Extraction and analytical procedures. 

Equal volumes (15 cm3 each) of organic and aqueous phases placed in 50 cm3 stoppered conical 
flasks were shaken for I 0 minutes in a thermostatic water bath at 20°C except for the examination of 
temperature effect. Preliminary experiments showed that equilibration was complete in 10 minutes. 
The mixture was centrifuged and separated, and then both phases were assayed to determine the 
distribution coefficient (E, the ratio of the equilibrium concentration of tin in the organic phase to that in 
the aqueous phase). Tin was stripped from the organic phase with 0. I mol dm-3 hydrochloric acid 
solution. The tin concentration in the aqueous solution was determined by titration with EDT A using 
xylenol orange (XO) as the indicator. The concentration of chloride and the water content in the organic 
phase were examined by Volhard's method with nitrobenzene and by Karl Fisher titration, respectively. 

IR and NMR spectroscopies. 

Infrared (IR) spectra of the samples prepared by evaporation of the organic diluent were 
measured on JASCO models IRA-1 (4000-650 em·') and IR-F (700-200 em·') using capillary film 
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between thallium halide plates or polyethylene films . Nuclear magnetic resonance (NMR) spectra of the 
organic solutions from the extraction with carbon tetrachloride as diluent were obtained on a JEOL 
model JNM-PMX60SI NMR spectrometer by using tetramethylsilane as an internal reference. 

RESULTS AND DISCUSSION 

Extraction isotherms. 

The extraction of tin(IV) from hydrochloric acid solutions by TOA gave the results shown in 
Figure 1. This indicated that the distribution coefficient rose with increasing aqueous acidity to the 
maximum, which occurred at initial hydrochloric acid concentration of7 mol dm'3, and then fell . When 
hydrochloric acid in the aqueous phase was partly replaced by lithium chloride, it was observed that the 
distribution coefficient from the mixed aqueous phase, 0.2 mol dm-3 hydrochloric acid-lithium chloride 
solutions, by TOA increased continuously with chloride ion concentration. In the extraction of tin(IV) 
by TO MAC, as indicated in Figure 2, the shape of the extraction curve was similar to that by TOA, 
although the extraction efficiency for tin(IV) was in the order TOMAC>TOA: the distribution 
coefficient from hydrochloric acid solutions passed through the maximum at 5 - 7 mol dm-3 hydrochloric 
acid concentration; while the distribution coefficient from aqueous mixed solutions of 1 mol dm-3 

hydrochloric acid and lithium chloride increased gradually with aqueous chloride concentration. 
The log-log plots ofE vs. [TOA] or [TOMAC] -n[Sn]org, where n is the solvation number, at 

constant hydrochloric acid concentration gave straight lines with slopes of -2 for TOA and - 2 for 
TOMAC in the cases ofn = 2 and 2, respectively; 2.0, 2.0, 2.4, 2.4 and 2.1 for TOA and 1.8, 1.9, 1.9, 
2.0 and 2.0 for TOMAC at I , 3, 5, 7 and 10 mol dm-3 hydrochloric acid, respectively. These results 
revealed the second- and second-power dependencies on TOA and TOMAC concentrations, 
respectively. In addition, the stoichiometry of the extracted species was examined by a loading test of 
tin to the organic phase: with increasing tin concentration in the aqueous phase, the molar ratios 
[Sn]/[Cl]/[TOA]/[H20] and [Sn]/[Cl]/[TOMAC]/[fhO] approached 1 : 6 : 2 : 9, in the extraction of 
tin(IV) from 7 mol dm-3 hydrochloric acid solution with 0.02 mol dm-3 TOA and TOMAC in benzene. 
Hence, it was considered that the extraction of tin(IV) from hydrochloric acid solutions by TOA and 
TO MAC can be expressed by the following equilibrium equations: 

for the extraction by TOA 

SnC4(a) + 2R3NHCI(o) B (R3NH)2SnCI6(o), 

and for the extraction by TO MAC 

Snce-6(a) + 2R3R'NCI(o) B (R3R'NhSnCI6(o) + 2cr(a) 

in which (a) and (o) denote aqueous and organic phases, respectively. 

IR and NMR spectra. 

(!) 

(2) 

The organic extracts of tin(IV) from hydrochloric acid solutions by TOA and TOMAC in 
benzene were examined by IR spectrophotometry. With increasing the tin concentration in the organic 
phase, the OH stretching band at 3400 cm-1 and the OH bending band at 1640 cm-1 decreased in 
intensity, and the bands almost disappeared completely in the metal-saturated organic extracts . These 
results suggested that the extracted species have no water molecules, corresponding to the results for the 
measurement of water content in the organic phase. Further, the organic extracts exhibited the 
following absorptions in addition to the absorption bands of alkyl groups due to TOA and TOMAC:2•

3 

for the extracts by TOA, the NW stretching band which appeared at 2430 cm-1 for the TOA HCI salt 
shifted to 3060 cm-1 and the Sn-Cl stretching vibration appeared as the band centred at 300 cm-1; for the 
extracts by TO MAC, the absorption around 29 cm-1 was the result of the Sn-CI stretching frequency. 
Accordingly, the IR spectra indicated the formation of a species which co-ordinates the chloride ion to 
tin; this was supported by the results obtained in the organic phase. 
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Figure 1. Extraction oftin(IV) from HCI solutions with TOA in benzene (continuous and broken lines 
represent the extraction from HCI solutions and mixed 0.2 mol dm3 HCI!LiCI solutions, 
respectively; numerals on curves are TOA concentrations, mol dm"3). 

Further, the organic phases from the extraction of aqueous solutions containing stannic chloride 
in hydrochloric acid by TOA and TOMAC in carbon tetrachloride were examined by NMR 
spectroscopy. The organic extracts showed shifts of the methylene protons (and/or methyl proton for 
TO MAC), attached immediately adjacent to the nitrogen, to a lower field and the disappearance of the 
water proton signal in addition to the peaks due to the methyl and methylene protons of TOA and 
TO MAC, while increasing the concentration of tin in the organic phase.4 These results correspond to 
those obtained by IR spectra. 

It was thus inferred that the extracted species of tin(IV) according to Equations I and 2 consist 
of the complexes (R3NHCihSnCI6 and (R3R'N)2SnCI6, respectively, displaying a co-ordination number 
of six. 

Temperature effect. 

The extraction oftin(IV) from aqueous solutions containing I g dm-3 stannic chloride in I and 5 
mol dm"3 hydrochloric acid with O.OI mol dm-3 TOA and TOMAC in benzene was carried out at 
temperatures between 10 and 50°C. The results indicated that the distribution coefficients decreased 
when temperatures increased, and the values of heat of reaction (change of enthalpy, -Ml) in Equations 
I and 2 were estimated to be 22.4 and 23 .6 kJ mor1 for TOA and 79.I and 87.5 kJ mor1 for TOMAC, 
respectively. 
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Figure 2. Extraction of tin(IV) from HCI solutions with TO MAC in benzene (continuous and broken 
lines represent the extraction from HCI solutions and mixed 1 mol dm-3 HCVLiCI solutions, 
respectively; numerals on curves are TO MAC concentrations, mol dm-3

) . 

CONCLUSION 

The extraction of tin(IV) from hydrochloric acid solutions containing stannic chloride was 
examined under various conditions. In consequence, it was seen that although the extraction efficiency 
for tin(IV) is in the order TOMAC > TOA, the shape of the extraction curve is similar in both 
extraction systems. Further, it was determined that these extractions can be expressed by the 
equilibrium equations: 

and 
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Both Sr+ and Cs+ have been recognised as toxic components of high level radioactive wastes. To separate Sr+ and Cs+ 
from other s-block metal ions, all metal ions were separated into two groups, namely alkali metal and alkaline earth metal 
groups by solvent extraction using thenoyltritluoroacetone (TTA) as the chelating ligand and trioctylphosphine oxide 
(TOPO) as the auxiliary ligand. The large ion exchangeability of Cs + over other alkali metal ions was used to separate it by 
ion-exchange using dihydrogen tetratitanate hydrate fibers (DTHF) which has the selectivity Cs+ > Rb+ > K+ > Na+ > Li'. 
The separation of Sr+ from other alkaline earth metal ions by solvent-extraction and ion-exchange is not simple as Sr+ lies 
in the middle of the order of selectivity, namely Mg2+ > Ca2+ > Sr+ > Ba2+ in the former using TT A and TOPO and Ba2+ > 
Sr+ > Ca2+ > Mg2+ in the latter using DTHF. The complete separation of Sr+ and Ca2+ has been achieved by a combination 
(IX-SX) of ion-exchange with DTHF and solvent extraction with TTA and TOPO by adding the organic phase containing 
TT A and TOPO to the DTHF ion-exchange system. 

Keywords: alkali metals, alkaline earth metals, thenoyltritluoroacetone, double and triple phase separation (IX-SX), 
dihydrogen tetratitanate hydrate 

INTRODUCTION 

The separation of alkali and alkaline earth metal ions has been investigated by solvent
extraction and ion exchange methods. The ligands such as thenoyltrifluoroacetone (ITA), 1'

2 tributyl 
phosphate (TBP)3 and isopropyl tropolone (1PT),4 have been used to extract alkaline earth metal ions 
by solvent extraction. Inorganic ion-exchange materials such as antimonate,5 zirconium phosphate,6 

and dihydrogen tetratitanate hydrate fibres (D1HFf·8 have also been used to separate these metal ions. 
The complete separation of Sr2+ from other alkaline earth metal ions is extremely difficult to 
accomplish by solvent extraction or ion exchange. This is mainly due to the fact that Sr+ lies in the 
middle of the order of selectivity for the alkaline earth metals by either solvent extraction or ion 
exchange. In the present study, the complete separation of Sr+ from Mg2+, Ca2+, and Ba2+ has been 
investigated by employing a triple phase approach which combines solvent extraction with ion 
exchange methods. This new approach is called IX-SX whereby an organic solvent containing a 
suitable ligand is added to an aqueous phase - ion-exchange phase pair to obtain the triple phase 
separation system. The feasibility of IX-SX for difficult separations has been demonstrated by 
employing it for the separation of Sr2+ and Ca2+ from a mixture of alkaline earth metal ions. This 
approach resulted in the separation of Ca2+ and s(!+ by the former being extracted into the organic 
phase and the latter being retained on the ion exchange material. These studies are described. 

EXPERIMENTAL 

Chemicals 

ITA and TOPO were obtained from Dojindo Laboratories. Titanium dioxide used was 99.9% 
pure. All the other reagents were of analytical grade. Distilled and deionized water was used 
throughout the experiments. The aqueous standard solutions of alkali metal ions (Cs+, Rb+, K+, Na+ 
and Lt) and alkaline earth metal ions (Ba2+, Sr2+, Ca2+ and Mg2+) were prepared by dissolving 
corresponding chloride salts in water. Layered potassium tetratitanate fibres, K2 Ti40 9 were first 
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synthesized9 by slow cooling of a K2Mo04 flux melt containing K2C03 and Ti02 (1:3 molar ratio). 
The K2 Ti40 9 was converted into an H form according to the following reaction. 

K2Ti409 + nH20 = H2T409nH20 + 2K+ (1) 

The fibres were washed with water at a rate of 1 dm3/day until the pH of the effluent was> 5.5 after 
the potassium ion concentration in the effluent became less than 1 x 10-5 mol dm-3 as determined by 
atomic absorption spectrophotometry. The solid product was kept in a constant humidity box 
controlled by a saturated NaCl solution (relative humidity 70%) to keep the original amount of the 
interlayer water in the fibres. The fibres on the average were 1 mm in length and 0.01 mm in 
diameter. 

Solvent extraction separation of metal ions 

Stoppered glass tubes of 23 cm3 were used to contact 10 cm3 of an aqueous solution and 10 
cm3 of benzene containing TTA and TOPO. The aqueous solution contained the alkaline earth metal 
ion in the form of chloride with the concentration of 1x10-4 mol dm-3 and acetate buffer of 5xl0-3 mol 
dm-3

• The pH of the aqueous solution was adjusted with perchloric acid or sodium hydroxide solution. 
The tubes were shaken by a mechanical shaker that was placed in the thermostated room at 298 K. 
The ionic strength of the aqueous solution was controlled at 0.1 mol dm-3 with sodium perchlorate. 
The time required to attain extraction equilibrium for the alkaline earth metal ions was determined by 
agitating for various times. The pH of the aqueous solution was measured after equilibration by a pH 
meter (TOA model, HM 60s). The metal content in the aqueous solution was determined by an atomic 
absorption spectrophotometer (Hitachi Zeeman Spectrophotometer, model 180-80) or an inductively 
coupled plasma spectrophotometer (Seiko Denshi, model SPS 11 00). From the analytical data, the 
distribution equilibria of the alkaline earth metal ions were determined at 298 K. 

Ion exchange separation of metal ions 

The solid (0.1 g ofDTHF) and the aqueous solution (10 cm3
) were used to equilibrate the ion 

exchange reaction of alkali and alkaline earth metal ions. The initial metal chloride concentration in 
the aqueous solution was 1 x 10-3 mol dm-3 for alkali metal ions and 1 x 10-4 mol dm-3 for alkaline 
earth metal ions and the pH was adjusted with HCl solution. The content of the tubes was agitated 100 
times a day by hand for 3 days for alkali metal ions and 15 days for alkaline earth metal ions. The ion 
exchange equilibrium for alkaline earth metal ions was attained within this period. The materials were 
separated by centrifugation for 20 minutes at 4000 rpm after standing the tubes for one day. The metal 
content in the supernatant liquor and its pH were measured by the same methods as the solvent 
extraction experiment. The metal content in the solid phase was calculated from the initial and 
equilibrium concentration in the aqueous solution. 

Triple phase separation of metal ions 

As the ion exchange reaction takes long time to reach equilibrium, the aqueous solution 
containing alkaline earth metal ions was first contacted with dihydrogen tetratitanate hydrate fibres . 
The organic solution containing TTA and TOPO was added to the solid-liquid system after 10 days. 
The triple phase mixture, organic-aqueous-solid was slowly agitated for 5 days to achieve the 
equilibrium. Other experimental procedures were the same as those described above. 

RESULTS 

DTHF was used to separate alkali metal ions by ion exchange method. The X-ray diffraction 
pattern of potassium tetra titanate fibres is shown in Figure 1. The (200) peak of ca.1 0 denotes the 
layered structure of the potassium tetratitanate fibres. After potassium ion in the layer of the fibres 
was replaced with hydrogen ion, the potassium tetratitanate was converted to DTHF. The hydrogen 
ion in the layer is exchangeable with metal ions. 
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Figure 1. X-ray diffraction pattern of the potassium tetratitanate 

The solvent extraction of alkaline earth metal ions is expressed in terms of the distribution ratio, D: 

D = CM(o) I eM (2) 

where C represents the total concentration and the subscript "o" denotes the organic solution. 

2 
Ba ~ Ca 

eBa 

g • Sr • 0 • 
0 

Q ~ .· & 
0 • 0.0 0 0 

jo<>,• Mg l"" ..9 c#o • -1 0 11<> a.• 
11<> 8 & 
<> Ca • -2 
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pH 

Figure 2. Solvent extraction of alkaline earth metal ions into benzene with TI A (0.1 mol dm"3
) and 

TOPO (0.1 mol dm"3
) (closed symbols). Ion exchange of alkaline earth metal ions in the 

aqueous solution (10 cm3
) onto dihydrogen tetratitanate hydrate fibres (0.1 g) (open 

symbols). 

Figure 2 gives the log D values as a function of pH in the aqueous phase. The log Dis proportional to 
the pH of the aqueous solution since the organic phase contains a large excess of the ligand compared 
to the concentration of metal ions in the aqueous phase. The slopes of the plots in Figure 2 are +2 and 
previous studies have shown that two TOPO molecules are complexed with a metal ion. This indicates 
that the solvent extraction reaction of alkaline earth metal ions can be written as follows. 

M2
+ + 2~a> + 2TOPO<a> = MA2(TOPOh<a> + 2W (3) 

where HA denotes TIA and the subscript "o" represents the chemical species in the organic phase. 
The ion exchange of alkaline earth metal ions is expressed in terms of the distribution ratio, D, 

similar to equation 2. 
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(4) 

where C represents the total concentration and the subscript "s" denotes the solid phase. Figure 2 also 
shows the log D values as a function of pH in the aqueous solution for ion exchange with DTHF. The 
slope + 2 indicates that the ion exchange of alkaline earth metal ions can be represented by equation 5. 

(5) 

where the subscript "s" represents the chemical species in the solid phase. 
To separate Ca2• and Sr+, the triple phase separation system was used to partition Ca2+ into 

the organic phase and Sr+ onto the ion exchange material. Figure 3 gives the ratio of extracted Ca2• 
and Sr2+ by triple phase separation and solvent extraction system. 
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Figure 3. The triple phase separation of Ca2+ (circles)and Sr\triangles). Organic phase: 10 cm3 of 
benzene containing 0.2 mol dm'3 ITA and 0.2 mol dm.3 OPO. Solid phase: 0.1 g of 
DTHF. Aqueous solution: 10cm3 containing 10-4 mol dm·3 Ca2+ and Sr+. 

DISCUSSION 

As is shown in Figure 2, the order of extraction in the solvent extraction system is Mg2• > Ca2+ 
> Sr2+ > Ba2+ which can be rationalised by solvation, charge density, and steric effect in forming the 
chelate ring. The order for ion exchange reaction Ba2• > Sr2• > Ca2+ > Mg2+ as seen from Figure 2 is 
the opposite of that observed by solvent extraction. This order of selectivity can be rationalised by the 
hydration energy of the alkaline earth metal ions in the aqueous solution. The pH112 values defined as 
pH at 50% solvent extraction or ion exchange of alkaline earth metal ions and the separation factors Sf 
defined in equation 6 are listed in Table 1. 

log Sf = pH112 (Ml)- pH112 (M2) (6) 

It is evident from Table 1 that the separation factors of Ba - Sr and Ca - Mg are also large 
enough for separation by ion exchange. However, the separation factors for Ca and Sr by solvent 
extraction and ion exchange are not large enough for complete separation. 
From the data in Figure 3, Ca2+ can extract even in the condition including DTHF, while sr• does not 
extract in the presence of DTHF. The separation between Ca2• and Sr2• is large enough to separate 
each other by this triple phase separation method. 
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pH112 values 
Solvent extraction 

Ba 5.50 
Sr 4.80 
Ca 3.80 
Mg 3.35 

Ion exchange 
2.02 
3.14 
3.50 
4.62 

Separation factors of alkali and alkaline earth metal ions 
Solvent extraction Ion exchange 

Ba -Sr 25.1 174 
Sr-Ca 100 5.25 
Ca -Mg 795 913 

Table 1 pH 112 values and the calculated separation factors for alkaline earth metal ions 
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ABSTRACT 

THE STOICHIOMETRIC MODELLING OF THE 
EXCHANGE EXTRACTION OF Mg, Ca AND Na WITH 
POTASSIUM DI-2-ETHYLHEXYLPHOSPHATE FROM 
CONCENTRATED BRINES 
NM Rice and MA Tomlinson1 

Department of Mining and Mineral Engineering, University of Leeds, 
Leeds LS2 9JT, West Yorkshire, U.K. 
1Present address: Fluor Daniel Wright, Vancouver, BC, Canada 

An organic phase comprising potassium di-2-ethylhexylphosphate (KD) with some free acid (HD) in xylene diluent was used to 
extract calcium, magnesium and sodium from chloride brine containing each of the elements. The stoichiometry of two possible 
extraction reactions was studied by testing the agreement between the experimental data and the respective equilibrium models. For 
calcium and magnesium the reactions tested were: 

M2
•, + 2KD"'B ~ MD2"'B + 2K\ 

and 

Whilst the former reaction gave good agreement only at higher concentrations of potassium, the latter equation involving the free 
acid, gave an excellent fit. The equilibrium constant was K.x = 1.82 x 1 o-J Extraction of sodium from a synthetic brine containing 
0.1 molldm3 NaCl in 2.0 mol/dm3 KC1 provided evidence that the extracted complex is polymerised to a variable extent and 
contains excess extractant of formula, NamD.n+t with m = 4 to 12 including one extra HD or KD unit. 

Keywords: Exchange extraction, magnesium, calcium, sodium, potassium, di-2-ethylhexylphosphate salts, chloride, brine. 

INTRODUCTION 

"Potash", the potassium content of potassium chloride, is of great importance as a raw material in the 
fertiliser and pharmaceutical industries. In Britain potash is recovered at Boulby mine, County Cleveland, by 
Cleveland Potash Ltd (CPL) as sylvite (K.Cl) from a Triassic evaporate ore, using flotation from a brine 
saturated with respect to KCl and NaCl of approximate composition, 4.1 moVdm3 NaCl, 1.7 moVdm3 KCl, 
0.06 moVdm

3 
MgCh and 0.05 moVdm

3 
CaCh, whose exact concentration depends on ore feed composition 

and ambient process temperature. The production of brine enriched in KCl or a pure saturated KCl brine 
would be useful for upgrading the coarse flotation concentrate by leaching. The replacement of fractional 
crystallisation for recovering pure high grade KCl from the fine concentrate might also permit an overall 
reduction in energy consumption and process costs. Solvent extraction is potentially useful for both these 
applications and also in the processing of ores containing carnallite (KCI.MgCh.6ILO). Previous publications 
have described possible solvents and process routes using a mixed solvent system, 1' 2 and the potassium salt 
(KD) of di-2-ethylhexylphosphoric acid (HD).

3
'
4 The present work is concerned with the stoichiometry of the 

extraction reactions in the latter system. Although much has been published on the extraction of alkaline earth 
metals 4' 

5 very little of this work refers to extraction from concentrated brine media. 

THEORY 

The direct use of ' slope analysis' to determine the stoichiometry is difficult to apply in the present 
system owing to its complexity. The system includes two extractants, KD and HD, as well as three metallic 
species, Ca, Mg and Na. Whilst it would be easy to isolate the individual metals, the possibility exists that 
their mutual presence could influence the stoichiometry. Furthermore, the method of preparing the organic 
phase precluded the separate study of the individual extractant species. In addition the transfer of water from 
this organic phase 4 must be taken into account. Therefore the approach adopted was to derive an equilibrium 
model based upon an assumed stoichiometry for the extraction reaction and then to observe the agreement 
between the slope of an experimental data plot for the variation of log D with some function of the extractant 

concentration and the behaviour predicted by the model for that particular stoichiometry. 
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Calcium and Magnesium 

Since the object of the extraction process was the removal of the metals from the brine rather than 
their mutual separation and also to simplify the model, the two alkaline earth metals were treated as a single 
entity. This was also the approach used previously to the plot McCabe-Thiele diagrams.3 The experimental 
test-work reported below did include analysis for both metals individually and although Ca is extracted 
slightly more strongly than Mg,4 their overall extraction behaviour is very similar. Ritcey and Ashbrook6 have 
indicated, at high metal loading the extracted species for divalent metals with HD is Mih so that each will 
consume the same amount of extractant in molar terms. 
The initial assumption was made that because of its superior extraction power4 only KD was active as the 
extractant, i.e. the extraction equilibrium may be written as: 

M2
\ + 2KDag B MDzag + 2K\ (1) 

where M represents Ca and Mg. The extraction equilibrium constant is given by: 

K = [MDzl org[K + ] ~ 
ex [M 2+ ]. [KD] ~rg 

(2) 

and the distribution ratio of metal M, (Ca + Mg), DM = [M]<XW"[M]a , whence for a concentrated brine of 
constant potassium ion activity: 

log DM = 2 log [KD] + log C (3) 

where C is a constant including Kex as well as the potassium concentration of the brine and any activity 
coefficients which were assumed to remain unchanged as other conditions vary due to the high ionic strength 
of the brine. Hence a plot of log DM v log [KD] should have a constant slope = 2 if equation 1 is a correct 
representation of the extraction equilibrium. 
Alternatively if the acid component of the solvent takes part in the extraction as well the potassium salt, the 
extraction reaction may be written as: 

M2
\ + KDag + HDag B KDzag + K•. + W. (4) 

with equilibrium constant: 

[MD 2 Lrg [K + ]. [H+ ]. K = ___ ::.__ _ __ _ 

ex [Mz. ].[KD]org [HDlorg 
(5) 

An organic phase containing I molldm3 D2EHP A in xylene was pre-equilibrated with 1.33 mol/dm3 KzC03 to 
give a solvent containing 66.25% KD : 33.25% HD with a water content of20% by weight of which 90% 
was found to transfer back to the aqueous phase on contact with the brine.

4 
The extractant concentration was 

varied by dilution of this solvent with xylene. From this information the 'initial' concentrations ofKD and HD 
(allowing for the transfer of water) were calculated prior to transfer of the Ca and Mg as [KD]iw and [HD]iw 
respectively.4 The equilibrium concentrations ofKD and HD, [KD]e and [HD]e, could then be calculated from 
the equilibrium aqueous total metal (Ca+Mg) concentration, [M]e, and the hydrogen ion concentration, [1(] 
respectively where the [H'"] value was estimated from the measured pH corrected for the varying chloride 
concentration using the relationship:

4 

-log [H'"] =pH+ p, where p = 0.214 [Cll- 0.085 (6) 

Substitution of these values into equation 5 gives: 

DM[K . ].[H+le K = ----- - ---"'-''--...::..::...: _ _::_:_ _____ _ 
ex ([KDlw - 2[M]org + 2R.[H+ le )([HDlw - R.[H+ le) 

(7) 

Where R: is the equilibrium aqueous:organic phase ratio, and, as [H'"]. is small in comparison with [KD]iw 
and [HD]iw, equation 7 may be approximated to: 
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(8) 
([KDlw - 2[M]org )[IIDlw 

so that, 
Jog DM = log (([KD)iw - 2[M]org)[HD)iw/[l(]e) +log (I<.J[K+]) (9) 

which may be validated by plotting log DM versus the log variable on the RHS of equation 9 to give a slope 
of I or by testing the constancy of Kex. 

Sodium 

hritial loading tests indicated that sodium was loaded with a slight excess of extractant4 so that the 
extraction equilibrium for sodium in the absence of alkaline earth metals, which are preferentially extracted, 
may be written as: 

(10) 

for which: 

K 
__ [NaD"][K+]~ 

-=----"-=--=-=-- so that Kex = DN.I DK" 
ex [KD]~rg[Na+] . 

and the model equation may be written as: 

log DNa = n log DK + log Kex (II) 

which should give a linear plot of slope = n. However equation I 0 is unbalanced with respect to charge so 
that clearly some other species is involved in the reaction and the above theory can only be regarded as a first 
approximation. 

EXPERIMENTAL 

The initial organic phase consisted of a 1.00 mol/dm3 solution of di-2~ylhexylphosphoric acid 
(BDH), used as received, in xylene diluent. This was pre-equilibrated to form the potassium sa1e· 4 

by 
contacting it with 1.33 mol/dm3 K2COJ solution at a phase ratio (A/0) of 4 to give a solvent phase containing 
20% H20 (Karl Fischer) and KD and HD concentrations of0.534 and 0.266 mol/dm3 respectively (KD:HD = 

66.75 %: 33.25 %) as measured by potentiometric titration. This was further diluted with xylene as required. 
The aqueous phase for calcium and magnesium extraction was a slightly diluted plant brine from CPL of 
approximate original composition (in molldm\ NaCI4.10, KCI 1.70, MgCh 0.06, CaCh, 0.05. The actual 
concentrations of K and total alkaline earths were 1.530 and 0.1046 mol/dm3 respectively. For sodium 
extraction synthetic brines containing either 1.996 mol/dm3 NaCI with zero KCI or 0.087 mol/dm3 NaCI with 
1.869 mol/dm3 KCI were used. Neither of these contained any alkaline earth metals as the latter were 
preferentially extracted. 

Phases were contacted at ambient temperature (20 ± 3)°C either manually or in a stirred vessel at a 
phase ratio of either unity or 2: l (A/0) usually for at least 5 minutes, which in most cases was sufficient to 
establish equilibrium. Organic phases were filtered through phase separation paper prior to stripping and 
analysis of the strip solutions. 

Anal~sis of Ca and Mg was performed by EDT A titration using standard methods and 
indicators.7

'
8
'
9

' ° Ca was titrated using 0.004 mol/dm3 EDTA and calcein indicator after pH adjustment and 
buffering with triethanolamine. Very low concentrations were determined by Atomic Absorption (AA)11 using 
an N20/acetylene flame at 422.7 nm on a Varian AA-10 spectrophotometer calibrated with matrix matched 
standards. Mg was calculated by difference after titration of the total Ca + Mg content with 0.004 mol/dm3 

EDT A using a buffered solution and methylthymol blue indicator. 10 Low concentrations of Mg were 
measured by AA using an air/acetylene flame at 202.6 nm and matrix matched standards for calibration. Na 
was measured by AA with an air/ acetylene flame at 330.3 nm (0 - 400 ppm) with the addition of a suitable 
amount of K and also CsCI as an ionisation depressant11 K was determined by AA at 404.4 nm (0 - 800 
ppm) using ionisation suppressants and matrix matching. Chloride in the brine was determined by the Volhard 
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back titration methoce with AgN03 and KSCN using Fe(lll) indicator but omitting nitrobenzene for safety 
reasons. Measurements of organic phase chloride concentration were not reliable owing to the low levels 
present. 

RESULTS AND DISCUSSION 

Calcium and Magnesium 

Figures 1 and 2 show plots of log DM, for Ca + Mg, against the log of the equilibrium concentration 
of KD (in mmoVdm3

) according to equation 3, where DM is the total distribution ratio for Ca and Mg. In 
figure 1 the slope of the regression line through 8 data points with r = 0.965, is 1.34 ± 0.15 (the ± figure 
represents 1 standard deviation). However, if the two lowest concentrations are omitted as in figure 2 the 
linearity improves (r = 0.993) and the slope is 1.91 ± 0.013. This indicates that at the highest extractant tenor 
the extraction mechanism might be as in equation 1 implying that the extracted species are CaDz and Mgl)z. 

2 

1.5 

Rgure 1: Variation a log D for Ca + Mg IMth 
equilibrium extractant concentration 

• 

Figure 2: Variation of lot D for Ca + Mg with equilibrium 
extractant concentration at high metal loading 
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+ R2 =0.9855 
"' ~ ~ 
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0) 0.5 ] 
.Q 

0.5 
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0 

-0.5 0 0.5 1 log [KD~rroi/L) 2 2.5 
log [KD]eqm (mdll) 

Figure 3 shows a plot of log DM, for Ca + Mg, against the model parameter (([KD]iw - 2[M]ag)[HD]iwl[f(]e) 
according to equation 9 taicing into account both the presence of free acid, HD, in the organic phase and the 
back extraction of water. For all 8 data points the plot is linear (r = 0.986) with a slope of 0.930 ± 0.065. 
Thus the slope is equal to l within experimental error as gredicted by equation 9. Furthermore the value of 
K.ot, calculated using equation 8, was (1.82 ± 0.50) xlO- (to one standard deviation) which is effectively 
constant to within the overall error considering the assumptions made in deriving the model. From fipre 3 the 
intercept in equation 9, log (I<.,. /[K+]) = -5.455 ± 0.200 giving a value ofl<.ot = (5.37 ± 3.14)xl0-, which is 
of the same order of magnitude. The statistical agreement between the respective models and the experimental 
data does not lead to a very clear choice between reactions 1 and 4 but as equation 4 fits the experimental 
conditions better and leads to slightly better agreement it is the preferred model for the extraction of Ca and 
Mg. 
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model parameter log X, 

where X= ([KD)iw- 2[M)e) [HD)iw/ [H+)e 

y = 0.9298x- 5.455 

R2 = 0.9715 

5.5 6 6.5 
log X 

7 7.5 8 

Figure 4 shows the variation of log D Na with log DK following equation 11 after extraction from 
a brine containing 1.996 moUdm3 NaCI initially and no potassium using a pre-equilibrated organic 
phase diluted with xylene to give various extractant concentrations. The regression line has a slope of 
0.45 ± 0.028 with r = 0.988 indicating that the extracted species is Na:zD. This is difficult to explain but if 
only the highest concentrations are considered the slope is 1.08 ± 0.065 with r = 0.991. Furthermore, the ratio 
of initial D2EHP A present to the Na stripped from the respective organic phases for each data point averaged 
1. 09 ± 0. 03 indicating that n was probably > 1. Application of activity coefficients to the data did not improve 
the agreement and it was suspected that because of the high sodium tenor in the brine equilibrium had not 
been properly established at the lower extractant concentrations. 

Figure 4: Extraction of sodium from a brine at initial 
concentration of 1 .996 moi/L NaCI and zero KCI 
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A further series of tests using a synthetic brine of lower sodium concentration (NaCl 0 .087 mol/dm
3

, 

KCl 1.869 mol/dm3
) in which the aqueous KCl concentration would be virtually constant was studied. 

The results are shown in figure 5 where a linear plot (r = 0 .991) with a slope = 1.09 ± 0.061 was 
obtained in good agreement with the previous results. The figure of 1.09 appears consistently indicating 
either polymerisation and/or solvation of the extracted sodium complex, i.e . a polymer of formula 
NamDm+l containing also either HD or KD. Using this formula, all values of n between 1.07 and 1.12 
can be reconciled with a polymer with n between 9 and 12. Other data for the counter-current extraction 
and stripping of sodium 4 gave a value of n = 1. 25 corresponding to m = 4 so it appears that, depending 
on conditions such as the concentration of the various components, the chain length of the polymer can 
vary. Further study is necessary to fully characterise this behaviour in detail, however it may be 
concluded that equilibrium 10 with n =about 1.1 gives a fair representation of the exchange extraction 
of Na+ with KD. From figure 5 the intercept of the line is 0.1698 ± 0.0449, which from equation 11 
corresponds to log Kex so that Kex = 1.48 ± 0.16 for the sodium/potassium exchange reaction. 

CONCLUSIONS 

Calcium and magnesium are extracted from concentrated brines by the potassium salt of di-2-
ethylhexyl phosphoric acid (KD) and the free acid (HD) according to the equilibrium: 

M2
+. + KDorg + HDOIJ! ~ ~org + K\ + H'". 

with equilibrium constant Kex = (1.82 ± 0.50) xlO .J 

Sodium is extracted as a polymeric species, NamDm+l with m =9-12 according to the reaction: 

Na\ + nKDorg "=o NaDn org + nK\ 
with equilibrium constant Kex = 1.48 ± 0.16. 
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ABSTRACT 

EXTRACTION OF ARSENIC(III) AND ARSENIC(V) 

FROM SULPHURIC ACID SOLUTIONS WITH 

TRIALKYLPHOSPHINE OXIDES AND HYDROXAMIC 

ACIDS 
M Wisniewski, L Iberhan and J Szymanowski 
Institute of Chemical Technology and Engineering, Poznan 
University of Technology, Poznan, Poland 

The extraction of As(III) and As(V) from sulphuric acid solutions of various concentrations (50-200 g/dm3) with Cyanex 
923, Cyanex 925 and neo-decanohydroxamic acids, was studied. These extractants were dissolved in toluene, and in Exxsol 
0 220/230. Cyanex 923, Cyanex 925 and neo-decanohydroxamic acids can be considered as effective arsenic extractants. 
Sulphuric acid is co-extracted into the organic phase. Extraction of both As(JII) and As(V) occurs rapidly and the 
equilibrium is obtained after 5-15 minutes. The isotherms of As(III) and As(V) extraction at various sulphuric acid 
concentrations were determined. The diluent affects significantly the extraction of As(III) with Cyanex 923 and Cyanex 925. 
Toluene is a better diluent than Exxsol 0 220/230. In the case of neo-decanohydroxamic acids the effect of diluent on 
extraction efficiency is very small. Arsenic (V) is always extracted better with the reagents diluted with toluene. Arsenic can 
be stripped with water. 

Keywords: arsenic(lll), arsenic(V), Cyanex 923, Cyanex 925, neo-decanohydroxamic acid 

INTRODUCTION 

In the electrorefining of copper to produce cathodes of high purity from impure anode copper, 
certain impurity elements such as nickel, arsenic, antimony and bismuth dissolve in the copper 
bearing acidic electrolyte solution. If crude ores rich in these elements are smelted and processed in 
the subsequent refining procedures such contaminating elements are rapidly accumulated, particularly 
in strongly acidic sulphuric acid solutions. Arsenic, however, is the major impurity in such solutions, 
and must be removed. Many methods were described to separate arsenic from copper electrolyte 
bleeds. Solvent extraction is one of the methods developed and used in few installations including 
Hoboken Refinery in Belgium and Copper Refineries in Townsville, Australia. Tributylphosphate 
(TBP) is used as an arsenic extractant.! Various extractants are proposed for the extraction of 
arsenic . They can be used alone or together with various modifiers. They include alcohols and 
polyglycols, hydrophobic polyphenols, hydroxamic acids, trialkylphosphine oxides and full esters of 
phosphoric and phosphinic acids.2-5 

EXPERIMENTAL 

Cyanex 923 and Cyanex 925 were used as delivered by Cyanamid Canada Inc. without 
purification. Cyanex 923 contains four trialkylphosphine oxides: 

(R2)R'P=O (R'2)RP=O R'3P=O R3P=O 
31% 42% 14% 8% 

where: R=C6H 13 R'=C8H 17 and 5% water. 
Cyanex 925 contains bis(2,4,4-trimethylpenthyl)octylphosphine oxide, the structure of which 

is shown below. The composition of the sample used in this work was presented recently by 
Dziwi I ski et al. 6 

Neo-decanohydroxamic acids were synthesised from Versatic acid 9-10 where: 
R1+R2+R3=8. The composition of the Versatic acids was not studied. However, their full conversion 
to hydroxamic acids was proven. 
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Structure of bis(2,4,4-trimethylpenthyl)octylphosphine oxide 

Structure of neo-decanohydroxamic acids 

Cyanex 923 and Cyanex 925 were diluted with Exxsol D 220/230 (kerosene without 
aromatics, Exxon Co., USA) or with toluene, and used as 50% v/v solutions. Neo-decanohydroxamic 
acids were diluted with Exxsol D 220/230 or with toluene, and 0.1 molldm3 solutions were used. 

Synthetic arsenic solutions in sulphuric acid were used. 
Extraction of As(III) and As(V) was carried out using equal volumes of both phases (20 cm3 

each) at 500C under vigorous mixing (1000 min-I) for 5 minutes (Cyanex 923 and Cyanex 925) and 
15 minutes (neo-decanohydroxamic acids). The equilibrium of extraction was achieved in each case. 
The content of arsenic in the sulphuric acid solutions was determined spectrophotometrically by 
arsenomolybdate extraction. 

Arsenic was stripped from the organic phase by mixing with the same volume of distilled 
water at 500c under effective mixing (1000 min-1) for 5 minutes for loaded Cyanex 923 and Cyanex 
925 and 15 minutes for loaded neo-decanohydroxamic acids. The content of arsenic in the aqueous 
phase was determined using the same method and conditions as in the extraction studies. 

Sulphuric acid co-extracted with arsenic was determined in the aqueous phase after its 
extraction into the organic phase, by direct titration with NaOH in the presence of methyl orange. 

RESULTS AND DISCUSSION 

The extraction of arsenic was studied under different concentrations of sulphuric acid. Figures 
1 and 2 show the effect of sulphuric acid concentration on arsenic extraction. Sulphuric acid affects 
the extraction both of As(III) and As(V), which significantly increases when the sulphuric acid 
concentration increases from 50 to 200 g/dm3. 

Figure 3 shows the extraction of As(III) and As(V) with the studied extractants dissolved in 
toluene versus the initial concentration of sulphuric acid. Cyanex 925 and neo-decanohydroxamic 
acids extract As(III) and As(V) with similar efficiency. A significant difference in extraction ability 
for Cyanex 923 towards arsenic is, however, observed. Arsenic (V) is transferred in higher quantity 
into the organic phase. 
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Figure 1. Isotherms for As(V) extraction with Cyanex 923 (50% v/v) in toluene from sulphuric acid 
solutions of various concentrations (from 50 to 200 g/dm3). 
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Figure 2. Isotherms for As(V) extraction with neo-decanohydroxamic acids (0.1 M) in toluene from 
sulphuric acid solutions of various concentrations (from 50 to 200 g/dm3). 
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Figure 3. Extraction of As(III) and As(V) with Cyanex 923 (50% v/v) in toluene, Cyanex 925 (50% 
v/v) in toluene and with neo-decanohydroxamic acids (0.1 M) in toluene, (1.25 g!dm3 
arsenic in the feed). 
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The influence of diluent and oxidation state of arsenic on the extraction is shown in Table l . 
Trialkylphosphine oxides diluted with Exxsol D 220/230 extract As(V) better than As(III). The 
diluent affects significantly As(III) extraction with Cyanex 923 and Cyanex 925. Toluene is a better 
diluent than Exxsol D 220/230. In the case of neo-decanohydroxamic acids the differences are very 
small. As(V) is always better extracted with reagents diluted with toluene. 

Extractant Diluent Extracted Arsenic [%] 
As(III) As(V) 

Cyanex 923 Exxsol D 220/230 35.9 47.9 

Cyanex 923 Toluene 43.0 59.5 

Cyanex 925 Exxsol D 220/230 44.8 62.2 

Cyanex 925 Toluene 95.0 91.0 

N eo-decanohydroxamic acids Exxsol D 220/230 38.8 22.0 

N eo-decanohydroxamic acids Toluene 39.0 36.0 

Table 1. The extraction of arsenic (1.25 g/dm3 As{III) and As(V)) from 150 g/dm3 H2S04 solutions 
with Cyanex 923 (50% v/v), Cyanex 925 (50% v/v) and with neo-decanohydroxamic acids (0.1 
mol/dm3). 

As{III) and As(V) can be stripped with water from the loaded organic phase. The isotherms 
for As{III) stripping are given in Figure 4. Stripping increases when the concentration of the sulphuric 
acid increases in the feed used for extraction. The stripping of As(III) and As(V) with water is better 
from the loaded Cyanex 923 dissolved in Exxsol D 220/230. No difference was observed between the 
stripping of As(III) and As(V) with water. The stripping of As{III) and As(V) with water from the 
loaded Cyanex 925 dissolved in toluene is very low; however 70% of arsenic can be easily stripped 
from the loaded Cyanex 925 in Exxsol D 220/230. As(III) as well as As(V) can be removed from the 
loaded neo-decanohydroxamic acids dissolved in toluene. As(V) is removed better from the loaded 
neo-decanohydroxamic acids dissolved in Exxsol D 220/230. Among all the studied reagents 
dissolved in toluene, the most efficient As(V) stripping is obtained from the loaded Cyanex 923. If 
the reagents are dissolved in Exxsol D 220/230, the most efficient strip is observed when the loaded 
Cyanex 925 is used. 
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Figure 4. Isotherms for As(III) stripping with water (loaded Cyanex 923 (50% v/v) in toluene was 
obtained by As(III) extraction from sulphuric acid solutions of various concentrations from 
50 to 200 g/dm3). 
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These observations cannot be explained only by differences in structures (straight and 
branched chain) of the alkyl substituents in Cyanex 923 and Cyanex 925. Thus, they indirectly 
support our analytical data in which we report the complex composition of the sample of Cyanex 925 
used by us in which the presence of sulphur analogues was found. 6 

Sulphuric acid is also co-extracted and its content in the organic phase increases with 
increasing initial concentration in the feed. Figure 5 shows that the presence of arsenic species 
decreases slightly the extraction of sulphuric acid by Cyan ex 925. A stronger effect is observed in the 
presence of As(III). 

The studies can be summarised as follows. The extraction of both As(III) and As(V) takes 
place rapidly with Cyanex 923 and Cyanex 925, and the equilibrium is established after 5 minutes of 
phase mixing, and in the case ofneo-decanohydroxamic acids after 15 minutes of phase contact. The 
extraction of arsenic increases from feeds containing higher concentrations of sulphuric acid. 
Simultaneously, increased co-extraction of sulphuric acid is observed. Cyanex 923 dissolved in 
toluene extracts better As(V) than As(III). Other extractants transfer similar quantities of As(III} and 
As(V) to the organic phase. Toluene is a better diluent for Cyanex 923 and Cyanex 925 than Exxsol D 
220/230, for the extraction of arsenic. In the case of neo-decanohydroxamic acids the type of diluent 
has no significant effect on extraction of arsenic. Stripping of arsenic with water increases when the 
initial sulphuric acid concentration increases. The highest re-extraction of arsenic with water is 
obtained for the loaded extractants dissolved in Exxsol D 220/230. As(V) is more easily stripped with 
water than As(III). More sulphuric acid is transferred to the organic phase in the case of As(V) 
extraction with Cyanex 925. Cyanex 923, Cyanex 925 and neo-decanohydroxamic acids seem to be 
promising reagents for arsenic recovery from various sulphuric acid solutions, including those 
obtained from copper refining. 
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Figure 5. Extraction of sulphuric acid with Cyanex 925 (50% v/v) in toluene from sulphuric acid 
solutions of various concentration (10-200 g!dm3 H2S04). 
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ABSTRACT 

NEW DEVELOPMENTS IN SOLVENT IMPREGNATED 

RESINS. AN OVERVIEW 
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This paper discusses the trends in the design and development of highly selective and efficient Solvent Impregnated Resins 
(SIR) combining the physico-chemical data of the materials (equilibrium, kinetic and morphological data) with the mass 
transport parameters. The use of both spectroscopic and surface analysis techniques provides complementary information on 
the influence of the solid phase structure and ligand activity on the extraction process. 

Keywords: impregnated resins, extraction chromatography, new supports 

INTRODUCTION 

The concept of Solvent-Impregnated-Resins (SIR) was introduced in the seventies! as a way 
of solving one of the major drawbacks of solvent extraction such as organic solvent losses, by 
substitution of the "Solvent" with a "Solid phase". Taking into account the limitations in the 
preparation of chelating and ion exchange resins, due to the complexity and time-consuming 
procedures needed for covalently linking the functional group to the backbone of the resin added to 
their high cost. All this together with the recent advances in the synthesis of new organic reagents for 
solvent extraction- the development of impregnated resins as a link between solvent extraction 
processes and ion exchange processes was established as an important and developing field in 
separation science. Macroporous polymeric supports with a number of the desired properties (high 
surface area, high porosity, high chemical and mechanical resistance) where selected as the ligand
containing solid phase and since that time the research and applications of Solvent Impregnated 
Resins (SIR) grew steadily as reflected in the large number of scientific contributions during the last 
three decades. Basically, the impetus has been directed to the development of new metal separation 
processes, particularly for liquid wastes and effluents1,2 

This paper will deal with the most recent investigations and developments in the preparation, 
characterisation and application of impregnated resins in extraction, separation and recovery of 
metals. The introduction of reactive polymeric macroporous supports is shown, to be as one of the 
most promising new developments. Recent results on the application of these new type of materials in 
metal extraction, separation and recovery of metal ions in hydrometallurgical, environmental and in 
analytical applications for the separation and/or preconcentration of metal ions will be presented. 

INTRODUCTION OF NEW POLYMERIC SUPPORTS AND IMPREGNATION 
PROCEDURES 

Improvements in SIR preparation were primarily aimed to solve the major problems to the 
implementation of SIR columns which is the leakage of the Ligand into the aqueous phase. This 
leakage can be multiplied by use of the SIR column in several extraction-elution cycles. The problem 
remained how to ensure the highest possible efficiency for removing low levels of metal ions and to 
increase the kinetics of the extraction process by improving the hydrophilic nature of the polymer 
matrix. To solve these problems different approaches were evaluated: 
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New polymeric supports. 

Typical non-reactive macroporous polymeric supports based on polystyrene-divinylbenzene 
were substituted by reactive polymeric supports including polyvinylpiride (PVP) weak or strong ion
exchange resins3-8. All these new types of polymeric supports for SIR are characterised by the 
presence of either acid or base groups. The selection of a suitable reactive polymeric support should 
be controlled by the following rules: 

a) when impregnating an acidic ligand (HL) (organophosphoric (DEHPA)8 and 
organothiophosphoric (DEHPTA)4-7) and neutral (1BP, TOP0)8 derivatives a polymeric support 
containing a basic functionality should be selected (e.g. PVP or weak base ion exchange resins). The 
acid-base interaction could be described as: 

PS-R2N+(RO)zP(O)-OH <=> PS-R2N ...... OH P(O)(RO)z (hydrogen bond) 

e.g. for a tertiary anion-exchange resin and organophosphoric derivative (DEHPA): 
Where PS indicated the polymeric support network 

b) when impregnating a basic extractant (B), amine type extractants as (Alamine 336)9 and 
LIX7910 a polymer containing an acidic functionality is to be selected (e.g. strong and weak_acid ion 
exchange resins). The acid-base interaction could be described as: 

PS-XOOH + B <=> (PSXOOH ...... B) 

e.g. for a sulphonic cation-exchange resin and a tertiary amine derivative (Alamine 336): 

PS-S(O)OH + R3N <:::>PS-S(O)OH ...... NR3 (hydrogen bond) 

The interactions described in the equations above may be detected by FTIR measurements and in 
general, interactions are much stronger than the physical adsorption of the extractant on non
functional (inert) polymeric supports. 

Modifying impregnation procedures. 

Improvements in the kinetic properties of the materials were achieved by modification of the 
impregnation procedures in several different ways. When using the direct adsorption of the extractant 
onto the polymeric a mixture of a solution of the reagent in an aqueous miscible organic solvent is 
imbibed in the polymer. In this case, using a good solvent for the polymer, that means a solvent with 
a high solubility in the polymer phase, it may be possible to increase the distribution of the extractant 
in the polymer phase. Combined with the use of a water containing solvents SIR materials with better 
wetting properties can be reached. Mixtures of methanol, acetone, ethanol with water allowed to 
prepare SIR containing both acidic and basic extractants which show mass transfer data similar to 
those shown typically by hydrophilic ion exchange resins.2,10-11 

Increasing Extractant Loading 

For making SIR competitive as metal removal materials, there is a need to increase the 
extractant loadings. Two different options were evaluated: 1) the use of high surface polymeric 
materials such as gel type polymers and a new type of macroreticular polymeric supports Macronet 
(Purolite) and, 2) the use of reactive supports (ion exchange resins)3-7. The use of gel type and 
Macroreticular polymeric supports with high surface areas (around 1000 m2fg) did not produce 
substantial increase in extractant loading or in subsequent metal loadings10. But the use of ion 
exchange materials as supports for SIR allowed reaching extractant loadings close to 0.8-1.0 mol/Kg 
with metal ion exchange or extraction capacities very similar to capacities of ion exchange resins 
(between 2-5 mol/Kg). However, while these values of capacity are achievable, the activity of the 
reagent adsorbed on the SIR need to be carefully studied considering the fact that the increase of the 
extractant loading is very likely to affect some other important properties of the SIR when applied on 
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a technological scale. Firstly, the increase of loading implies an increase in the extractant losses, in 
some cases when loadings are very high the appearance of third phases was observed. Secondly the 
increase in the loadings also causes increase in the hydrophobic nature of the SIR resin. Hence it is 
very important to define in what is the range of optimum loadings and how they compromise with a 
different number of objectives which need to be accomplished: a) maximum capacity; b) low 
hydrophobic nature (affecting kinetics); c) low extraction losses 

MODELLING METAL EXTRACTION PROCESSES 

When comparing SIR to conventional ion exchange resins the SIR's provide increased 
selectivity for a metal without reduction in the kinetics and capacity shown by chelating ion exchange 
resins. On the other hand comparing SIR's with liquid-liquid extraction systems the SIR systems show 
a more efficient extractant use with minimal use of organic solvents (in the SIR preparation step, but 
no organic solvent is used in the metal extraction step). The early papers did not discern any 
differences in the behaviour of these SIR'sl. However, recently it has been shown in a number of 
cases that the polymer matrix influences not only the extraction kinetics, but also the formation of 
metal complexes in the organic phase and then the extraction reactions. Description of the metal 
extraction reactions and the influence of the solid carrier have been studied4-6. Knowledge and 
understanding of the metal extraction processes was a useful tool for designing new separation and 
preconcentration schemes based on SIR2. Then, extensive efforts to develop a unified approach to 
describe the metal extraction and separation properties of solid supported ligands and compare their 
behaviour with those found when these supported ligands are used in liquid-liquid extraction. We 
have made during the last years, a concerted effort to describe simultaneously the chemical and 
physical processes involved in the preparation and application of SIR in metal extraction coupled 
with definition of their surface and morphological properties. This was brought about by the 
combination of the expertise vested in the three groups writing this paper: the Solvent Extraction 
Chemistry expertise of the group in Barcelona, the SIR and polymer chemistry expertise of the group 
in Rehovot and the Surface studies expertise of the group in Prague. At the starting point the 
thermodynamic approaches developed to describe liquid-liquid and solid ion exchange extraction 
systems were used as models. The thermodynamic evaluation was accomplished by: 

a) description of the support-extractant system, in order to determine the extractant 
distribution between the aqueous and the polymer phases, as well as the aggregation state of the 
extractant in the polymer phase. 

b) description of the extractant-metal reactions, in order to identify exactly the metal 
extraction species responsible for the metal extraction process. 

Typically, different families of acidic organophosphorous extractants (DEHPA2, Cyanex 
2722,11, DEHPTA3-7) and basic ligands (Alamine 336 and LIX79)11-14 in the removal of heavy and 
precious metals have been thermodynamically characterised. As a general trend, behaviour of these 
extractants retained on the solid matrix and the extracted metal-ligand species follow similar trends to 
those found when dissolved in organic solvents. However, in specific cases some changes in the pH 
dependence order were found. This provides great confidence in the use of liquid-liquid distribution 
data as the initial step required in the design of new SIR's and those economise in the characterisation 
of the metal extraction properties of any new SIR's. 

MORPHOLOGICAL CHARACTERISATION 

The differences observed in metal removal by liquid extractant and by SIR's obtained by the 
immobilisation of the same extractant unto a porous polymeric carrier are the result of the influence 
inserted by the polymeric carrier matrix on the state of the extractant. We have only recently observed 
and reported such interactions3-7. The affirmation of this influence is of great significance, and the 

1269 



Proceedings ISEC'99 

elucidation of the mechanism by which the supporting matrix influences metal complex formation 
may enable new and more efficient methods of metal separation and recovery to be devised. 

Determination of the morphology of the original polymers and the SIR's obtained from them 
by impregnation is very helpful in elucidation of the adsorption mechanism of the extractant. The 
results of specific surface area determinations and mercury intrusion porosimetry were used to 
determine the different mechanism involved in extractant retention in the polymer phase as a function 
of the polymer structure and the type of mechanism involved on the retention: a) physical adsorption 
or b) chemical interaction. For comparison, the results of specific surface area measurements on the 
starting reactive macroporous polymeric supports (e.g. PVP, ion exchange resins) and after the 
impregnation with a dithiophosphoric derivative (DEHPTA) only small changes of the specific 
surface area and total Hg intrusion volume of the resin samples with the supported extractant were 
found. However, there is evidently a very great decrease in the surface area when using non-reactive 
macroporous supports (Amberlite XAD2, XAD4) with increase of the ligand loading. These 
observations are consistent with the existence of two different mechanisms of DEHTP A sorption on 

reactive supports as (Reillex ™ and ion weak base ion exchange resins as MP62, MP64 (Bayer AG) 
and Amber lite XAD supports. On reactive resins the impregnation proceeds via a chemical interaction 
of DEHTP A with the pyridine groups of the functional polymeric support. The predominant part of 
the extractant is adsorbed into the polymer phase where it is held by chemical rather then by physical 
interaction, however, a small amount of the extractant, physically adsorbed in the pores may be 

present too. The presence of DEHTPA-Pyridine complexes in the DEHTPA-Reillex™ SIR's was 
further proven by FTIR analysis. In the case of Amberlite XAD based SIR's absorption proceeds via 
creation of a separate extractant phase filling the pore volume. A pioneering Study of the extractant 
state and activity in the porous carriers by means of IR and 31P, lH NMR spectroscopic methods 
supports this conclusion4-7. 

This novel phenomenon may be of general importance. First, if it is needed to find out if the 
migration equilibrium constants are related to some molecular factors, e.g. molecular weight, 
hydrophobic constant, molecular volume. If differences are found, this could be the basis for a new 
separation technique. Second, it was found9 that the metal, DEHDTP A, complex is a hydrophobic 
entity, which can be readily removed from the non-complexed DEHDTPA by extraction with toluene. 
Hence, here is a basis for a new type of process using SIRs. The first step involves removal of a toxic 
metal from an aqueous stream using a solid [(SIR)]. The second step is regeneration of the metal 
complex using an organic solvent. 

DEVELOPMENT OF Sm FOR HYDROMETALLURGICAL APPLICATIONS 

Dilute solution of gold cyanide and other metal cyanide complexes (Ag, Fe, Cu, Ni, Co) are 
currently purified and concentrated by activated carbon. However in the last years the following 
innovations were attempted: substitution of activated carbon by ion-exchange systems and 
implantation of processes combining leaching and adsorption steps. The main objective for the 
implantation of IX was solving existing problems associated with activated carbon for example the 
need to improve the selective recovery of gold cyanide; the need to prepare ion exchange materials 
with high loadings and stripping efficiencies; and developing integrated process of leaching and 
extraction as Resin in Leach and Resin in Pulp processes. In this last case, the ion exchange material 
to be used should fit the experimental conditions of the system, and being able to extract gold from 
the leaching solutions containing Au(CN)2- at about pH 10. The objective might be accomplished if it 
is possible to develop a polymeric support with a functional group (R), which would operate on the 
hydrogen ion cycle shown in the following reaction: 

PS--Rres + H+ <::::> P--RH+res 

Where the equilibrium lies far to the right at pH < 10 and far to the left a pH> 12.5. The functional 
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group in the protonated form, (RH+), at pH<lO would be an active anion extractant, the functional 
group in the neutral form R at pH> 12.5, would not be an anion extractant. Then, gold cyanide 
extraction will be accomplished by the following reaction: 

PS--RH+res + Au(CN)2- ¢::> PS--RH+ Au(CN)2- res 

Available single extractants tested do not meet the above objectives on pH cycle with the exception 
for recently developed family of reagents from Henkel Co containing a guanidine functionality with 
pKa values around 12, or greater, depending on the R groups attached to the various nitrogen atoms. 
This is the case of N,N' -bis(2-ethylhexyl)guanidine which is being nowadays commercialised under 
the name of LIX79. The pH extraction behaviour of LIX79 has been studied in cumene and 
impregnated onto Amberlite XAD2 shown a typical S function shape with a quantitative extraction in 
the range 9-10 and shifting the pH to values of 12 the back reaction proceeds allowing the elution of 
the goldcyanide complex. This guanidine functionality appears to fit the chemistry of gold cyanide 
leaching solution quite nicely, extracting gold well at pH<10.5. Such system will fit the process 
operation when applying in Resin in Pulp and Resin in Leach, in terms of the extraction and stripping 
steps12. 

SIR AS EXTRACTION CHROMATOGRAPIDC MATERIALS IN ANALYTICAL 
APPLICATIONS 

Solvent Impregnated Resins could be used as stationary phases with high efficiency for 
Extraction Chromatographic schemes as an excellent alternative to ion exchange resins. Thus, the use 
of impregnated resins for preconcentration and clean-up in metal ions analysis in complex matrices 
offers the following benefits: a) the active part of the resin (complexing group), can be selected 
depending on the nature of the metal ion, the sample matrix and the analytical procedure which is 
going to be applied; b) the impregnation procedures of the complexing molecules are very simple and 
c) their structure and composition can be designed to be compatible with integrated detection systems, 
when used in solid phase spectroscopic measurements. In the determination of trace metals in surface 
waters by means of fully automated analytical methodologies based on UV-VIS spectrophotometry, 
separation is an important issue. Some non toxic metal ions, such as Fe(III) and Zn(II), can be in 
surface waters at relatively high concentration levels, which may become a serious interference 
problem when the aim of the analysis is the determination of toxic metal ions (e.g. Cu(II), Cd(II), 
Pb(II), Ni(II)) . Under this situation the best approach to solve this problem is a separation process 
based on the use of SIR. Literature search on liquid-liquid extraction systems allowing the separation 
factors needed indicated that the use of a phosphinic derivative Cyanex 272 containing di(2,4,4-tri
methylpentyl) phosphinic acid was the right solution to solve this problem. Evaluation of Cyanex 272 
impregnated resins in on-line analytical schemes for the separation of Zn and Ni from the target toxic 
metal group (Cu, Cd and Pb ), as a pre-treatment step before the spectrophotometric analysis of these 
metal ions was suitable to fit the separation patterns required12-14. 
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ABSTRACT 
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SELECTIVITY OF EXTRACT ANT IN SOL VENT 

IMPREGNATED RESINS 
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The paper reports the results obtained by studying the influence of temperature on selectivity of Solvent Impregnated Resins 
(SIR) prepared by immobilisation of DEHPA in granulated macroporous polymeric matrices of different types. SIR 
represents a convenient model system to study the temperature dependencies of extractant selectivity by using a column 
mode of operation. The same technique can also be applied to evaluate the influence of the polymeric support on the 
properties of immobilised extractant. Capacity and stability of prepared SIR have been determined by sequential conversion 
of the resins to the proton and sodium form. Different SIR samples have been characterised in terms of their capacity and 
selectivity at different temperatures towards Cu2+ and Zn2

•. The comparison of temperature dependencies of SIR selectivity 
with that of DEHPA in different liquid-liquid extraction systems is carried out and discussed. 

Keywords.· zinc, copper, di-2-ethylhexylphosphoric acid, impregnated resins, XAD-2, XAD-4, XAD-7 

INTRODUCTION 

The Solvent Impregnated Resin (SIR) concept is known as one of the routes of conversion of 
a liquid-liquid extraction system into a solid-liquid one1

-
12 Immobilization (impregnation) of the 

organic phase (extractant) of a hi-phase liquid-liquid system on (or in) an appropriate granulated solid, 
mainly polymeric support offers the following advantages in comparison with conventional extraction 
systems: 1) ease of phase separation due to elimination of problems concerned with the formation of 
stable emulsions; 2) the use of a dynamic mode of operation in columns; 3) the ease of designing a 
continuous separation process by using counter-current columns, and some others. In addition SIR 
represent a convenient model system to evaluate a possible influence of the polymeric support on the 
extractant properties, such as temperature dependence of its selectivity. This information is not 
available in the literature although it is of particular importance for both practical applications and 
theoretical interpretation of SIR based separation processes. Another field, where this information can 
be of great practical importance, is the design and tailored synthesis of ion-exchange resins with 
temperature-responsive selectivity 13

'
14 which are not commercially available. Their development must 

dramatically stimulate the development of ecologically-clean ion-exchange separation methods. The 
properties of extractant in a liquid-liquid extraction system ("free" extractant) can differ dramatically 
from those of the same extractant when introduced into a polymeric matrix ("semi-free" extractant).13 

Nevertheless, most of publications dedicated to SIR use an approach, which suggests, a priori, 
identical properties of both "free" and "semi-free" extractant.4

-
6 

EXPERIMENTAL 

All chemicals (of p.a. grade) were purchased from Panreac (Barcelona, Spain). Di-2-
ethylhexylphosphate (DEHPA) ofr.p.e grade was from Carlo Erba (Milano, Italy). Amberlite XAD-2 
and XAD-4 macroporous polymeric supports (both of polysterene-divinylbenzene type, PS-DVB) 
were from Aldrich (Germany), and Amberlite XAD-7 polymer (polyacrylic ester, PAE) from Fluka 
(Germany). The main characteristics of these supports are shown in Table 1. 

Stabilization of resins and determination of their capacity were carried out in 1 em i.d., 20 em 
long glass-columns from BioRad (USA). Before impregnation XAD-2, XAD-4 and XAD-7 non-ionic 
supports were treated with HCl 2 moVdm3 to eliminate possible inorganic impurities, followed by 
rinsing with water and ethanol. Finally all resins were dried at 60C. Overnight impregnation of 2 
grams of each dry polymer with 25 cm3 of a solution of 20% (v/v) DEHP A in DMF was carried out in 
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a vortex mixer (Fisher, USA). SIR samples were filtered and rinsed with a few cubic centimeters of 
ethanol/water (80/20) mixture to remove excess of impregnating solution and then placed in water. 

Resin Matrix Porosity Surface area, mL/g Pore 
volume,% diameter, A 

XAD-2 PS-DVB 42 330 90 
XAD-4 PS-DVB 51 750 50 
XAD-7 PAE 55 450 80 

Table 1 Characteristics of polymeric supports 

Determination of SIR capacities and their stabilization was carried out by sequential 
conversion of SIR samples to Na- and H-form as described elsewhere. 10

'
12

'
13 The Cu2

+- Zn2
+ exchange 

equilibrium at different temperatures was studied using SIR samples with stable capacity as described 
elsewhere.14 The capacity values of SIR samples were found to be 0.125 (XAD-2), 0.46 (XAD-4) 
and 0.087 mmol/g (XAD-7). The concentration of metal ions was determined by the ICP technique 
using ARL Model 3410 spectrometer (USA) provided with Minitorch. The effect of temperature on 
extraction of copper and zinc in the liquid-liquid (L-L) systems using equal volumes (V0 ,8N Aq = 1) of 
0.1 mol/dm3 DEHPA in cumene (isopropylbenzene) and 0.0075 molldm3 solution of copper or zinc 
sulphate at pH = 2.4 was studied using a magnetically agitated thermostated cell provided with a 
refrigerator. The results obtained in both series of experiments were expressed in terms of temperature 
dependencies of metal distribution coefficients, DM, which were calculated as follows: 

D = [M ]o - [M lr (L- L systems\ D = [M ]R (SIR systems) 
M [Mlr l• M [M1 (1) 

where [M]o and [M]r are the initial and the final metal concentration in the aqueous phase, and [M]R is 
the equilibrium concentration of metal ion in the resin (SIR) phase (mols of metal/gram of resin). [M]R 
was determined by the analysis of the stripping solution collected from the outlet of the column. For 
SIR system, DM does not depend on the ratio between amount of resin and volume of aqueous phase 
since the metal solution was passed through the resin until the equilibrium was achieved. 

RESULTS AND DISCUSSION 

The typical DM versus temperature dependencies for Cu2
+ and Zn2

+ ions determined in SIR and 
L-L systems are shown in Figures la and lb, respectively. As seen, the absolute values of both Dcu 
and Dz., when determined in SIR and L-L systems, differ dramatically from each other. At the same 
time, the general trend of temperature dependencies of~ remains essentially unchanged. Indeed, Dz. 
values determined in all systems under study increase (see Figure lb) while those of Dcu do not 
essentially change with temperature. The only exception is the Dcu vs t dependence determined in the 
Cu-DEHPA in kerosene system, where unlike other Cu-DEHPA systems studied a slight increase of 
Dcu values with temperature is observed. 15 The higher DM values obtained in SIR systems, in 
comparison with corresponding L-L ones, can be attributed by both higher concentration of extractant 
in the polymer and the influence of the polymeric environment on its properties13

• Indeed, the order of 
both Dcu and Dzn values for different SIR samples follow the increase of their specific capacities. 
Higher DM values are obtained for the SIR samples with hydrophobic PS-DVB matrix, XAD-2 and 
XAD-4, in particular. The different influence of the polymeric support on the properties of DEHPA 
when incorporated in the polymer can be attributed to different polarity and hydrophilicity, as the 
result, of the PS-DVB (XAD-2 and XAD-4) and PAE matrices. The different nature of the polymeric 
support strongly influences the interaction of the extractant molecules with fragments of the polymeric 
skeleton of the polymer. Thus, in XAD-4 and XAD-2 matrices only hydrophobic interactions between 
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extractant and polymer can occur while in XAD-7 both hydrophobic and hydrophyllic interactions can 
be expected to occur. 
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Figure 1. Temperature dependencies Dcu (a) and Dzn (b) for different DEHPA-SIR samples and 
DEHPA liquid-liquid systems (see text). *Data adapted from Ref. 15 

Figure 2 shows normalised DM vs t dependencies presented in Figure 1. Normalisation was 
carried out by dividing all DM(4) values with respective DM(20°) determined in each system. As seen 
in Figure 1a, the normalised Dcu vs t dependencies obtained in different SIR systems satisfactorily 
coincide with each other and also with that obtained in the DEHPA-cumene L-L system. For 
normalised Dzn vs t dependencies shown in Figure 2b a better correlation between the results obtained 
in SIR and L-L systems is observed for the XAD-2 SIR samples. It is interesting to note that unlike the 
absolute DM vs t dependencies (see Figure 1), after normalisation these dependencies for all SIR 
samples become very similar (cf., for example respective data for XAD-4-DEHPA and XAD-7-
DEHPA systems). The results, shown in Figs. la and lb, can also be interpreted in terms of metal ion 
sorbabilities. 
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Figure 2. Temperature dependencies of normalised distribution coefficients of Cu2

+ (a) and 
Zn2

+ (b) for different DEHPA-SIR samples and DEHPA liquid-liquid systems (see text). 

As follows from equation (1), the increase of Dzn with temperature in the SIR systems under study 
(see Fig. 1b) reflects, in fact, the variation of zinc content in the resin phase as the composition of 
solution phase is identical in all cases. In other words, the variation of the partial capacity of the resin 
towards Zn2

+ appears to be the parameter, which is responsible for the dependence of DZn on 
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temperature. At the same time, the relative constancy of Deu at different temperatures for all SIR 
samples studied (see Fig. la) indicates that the sorbability of this ionic species does not depend on 
temperature. Hence, the characterisation of the variation of SIR sample selectivities with temperature 
can be adequately carried out in terms of the resin capacities towards zinc. To simplify the 
comparison of different SIR samples and to allow comparison of the temperature dependence of 
DEHPA-SIR selectivities with that of the polymeric phosphoric resin KF-7, it seems convenient to 
express the partial capacities of all resins under comparison towards Zn2+ in terms of equivalent 
fractions of this ionic species in the resin phase, Y z.n. Note that KF-7 resin can be considered as a 
polymeric analogue of DEHP A-SIR due to the identity of its polymeric matrix to that of SIR (also of 
PS-DVB type), and the similarity of the functional group of this resin to that of the extractant 
(DEHPA) incorporated in SIR. The properties of KF-7 resin are described elsewhere. 16 The 
normalised equivalent fractions of Zn2

+ in the resin phase (Yn.Zn = Yz.n(Ti)Nz.(20.C), see above) at 
different temperatures for DEHPA-SIR samples and KF-7 resin are shown in Figure 3. 

- XAD-2-DEHPA 
1.4 -o- XAD-4-DEHPA 

---T- XAD-7-DEHPA 

---'V- KF-7 resin 

1.2 

1.0 

20 40 60 
t, °C 

Figure 3. Normalised Yzn values versus 
temperature for different DEHPA-SIR samples and 
phosphoric resin KF-7 (see text). 
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ABSTRACT 

EXTRACTION OF HEAVY METAL IONS USING 

ENCAPSULATED EXTRACT ANT-IMPREGNATED 

RESIN 
Susumu Nii, Masataka Masutani and Hiroshi Takeuchi 
Department of Chemical Engineering, Nagoya University, 
Chikusa-ku, Nagoya 464-8603, Japan 

The pores of the polymeric microporous resin were filled with an organic solution of tri-n-octylamine (TOA) and L!X841, 
and the surface of the resin was covered with Nylon 6-10 film formed by interfacial polymerisation of sebacoyl chloride and 
hexamethylenediamine. The extractant-impregnated resin is successfully encapsulated with a polymer membrane. The 
extraction of Zn2

• or Cu2
• from an aqueous phase was carried out with a stirred vessel using the capsule containing both 

extractants. The capsule is so stable that the extraction capacity remained constant after five operation cycles offorward and 
back extraction. The extraction equilibrium for both types of capsules suggested that extraction mechanisms are the same as 
in liquid-liquid extraction. For the capsule containing TOA, the increase of sebacoyl chloride concentration leads to a 
decrease in Zn2

• transfer rate, which suggests that the rate-controlling step is diffusion in the membrane. For the capsule 
containing L!X841, the initial extraction rate was given by the expression 1.2x I o-"[Cu2+t 5[RH][Hj0 5

. Using a packed bed 
of the capsule containing L!X841, A stable column operation was carried out. 

Keywords: zinc, copper, tri-n-octylamine, L!X841, extractant-impregnated resin 

INTRODUCTION 

The recovery of valuable or toxic metal ions from aqueous solutions is important for recycling 
of resources or wastewater treatment. For this purpose, ion exchange and chelating resins have been 
applied. Although handling and scale-up for these systems, is quite easy, these resins have the 
disadvantages that only the functional groups of the surface are effective and the extraction rate is not 
high enough. By applying solvent extraction, the rate and the capacity can be improved. However, 
the dissolution of extractants or solvents in the aqueous phase is a problem when treating a large 
amount of aqueous solution. For the purpose of developing a novel separation material of easy 
handling, some attempts have been made to encapsulate the extractant1 or to use extractant
impregnated resins.2

'
3

'
4 Although the encapsulation of the extractant successfully prevented the 

dissolution of extractant in aqueous phase, the mechanical strength of the capsules is not enough for a 
packed bed operation. On the other hand, extractant-impregnated resins are enough strong for the 
packed bed operation, but they also have a serious disadvantage concerning their rapid degradation 
due to the dissolution of extractant in the aqueous phase. 

The present study is aimed to develop a highly stable microsphere containing an extractant by 
encapsulating a microporous resin that is impregnated with an extractant solution. The dissolution of 
the extractant is prevented by encapsulation, and the microporous resin likely keeps the mechanical 
strength. When the extractant was encapsulated and fixed in a solid support, the handling is quite 
improved, and the process of phase separation is not required. A column operation was also carried 
out for testing feasibility of continuous operation. 

EXPERIMENTAL 

Capsule preparation. 

Extractants used were tri-n-octylamine (TOA) and LIX841 for zinc and copper extraction, 
respectively. They were diluted with dodecane or Shellsol. For the later step of polymerisation, 
sebacoyl chloride was added to the solution. A polymeric microporous resin, Amberlite XAD-11 was 
soaked in the solution. The porosity of the resin is 0.42, the average pore diameter being 9nm, and the 
average particle diameter 560J.l.m. After removing the remaining solution by filtration, the resin 
impregnated with the corresponding extractant was obtained. 
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An amount of the resin was poured into 100cm3 of water containing gum Arabic at 2 wt%. 
The mixture was stirred at 12.5 s-1 in a vessel for one hour. A given amount ofhexamethy1enediamine 
was dissolved into the 0.1molldm3 NaOH to prepare the solution of 0.45 molldm3 

• The interfacial 
polyrnerisation of sebacoyl chloride and hexamethylenediamine was started by adding 10 cm3 of the 
aqueous solution of hexamethylenediamine to the mixture of the resin and water. The surface of the 
resin was coated with the membrane of Nylon 6-10, and the encapsulated resin was prepared. For 
stabilising the membrane, the mixing was continued more than thirty minutes. The mixture of the 
capsule and the aqueous solution was then filtered. The capsule was washed with the detergent 
several times and rinsed with deionized water. 

Batch operation. 

The separation of Zn and Cu from a dilute aqueous solution was performed in a vessel using 
capsules containing TOA and LIX841, respectively. The zinc solution was prepared by dissolving 
ZnClz into a solution of 1 molldm3 HCI. To prepare the copper solution, known amounts of 
CuCiz•2H20 were mixed with a buffer solution of acetic acid and sodium acetate. I 00 cm3 of the 
metal ion solution were poured into the vessel and stirred at a constant speed. The extraction was 
started by adding a given amount of the capsule into the solution, and the aqueous solution was 
sampled at fixed time intervals. The concentration of the metal ion in the aqueous solution was 
analysed with atomic absorption spectroscopy (AAS). After the extraction, the capsule was 
regenerated and used repeatedly. For regenerating the capsules used for zinc extraction, they were 
washed with 1mol/dm3HC1 and the zinc was stripped with deionized water. Capsules used for copper 
extraction were regenerated with 1mol/dm3 HCI. 

Continuous operation. 

For a continuous column operation of copper recovery from aqueous solution, a packed bed of 
the capsule containing LIX84I was used with a diameter of 9.6 mm and a height of 65 mm. The feed 
solution consisted in an aqueous solution of copper chloride buffered with an acetic acid/sodium 
acetate solution. The feed was supplied to the top of the bed and the flow direction was downward. 
Fractions of the effluent were collected at different time intervals and their copper concentration was 
analysed with AAS. 

RESULTS AND DISCUSSION 

Separation of zinc ion from its dilute solutions was carried out in a batch mode by using a 
capsule containing TOA. Figure 1 shows the typical zinc concentration histories obtained. The initial 
flux was obtained from the initial slope -dC/dt. After the operation for 120 minutes, the concentration 
changed only slightly, which means that about 180 minutes was enough to reach the equilibrium under 
the experimental conditions. The extraction capacity of the capsule was determined from the operation 
for longer than 180 minutes. The curve does not change with the number of operation cycles, which 
implies that there is no 'wash out' ofthe extractant and demonstrates the high stability of the capsule. 
Figure 2 shows the extraction capacity of the capsule containing TO A. The capacity is proportional to 
the TOA concentration. It was reported that zinc and TOA form a 1:2 complex in the liquid-liquid 
extraction5>. By assuming that the extraction mechanism in the capsule is the same as for the liquid
liquid extraction system, the amount of TOA used for extraction corresponds to about 80% of the 
moles of TOA involved. Such a reasonable agreement suggests that the extraction ability of the 
extractant is maintained after encapsulation and that no significant change in extraction mechanism is 
observed. The initial zinc extraction rates were examined under various conditions, wherein the 
interfacial area was taken as the total outer surface area of the capsule calculated on the basis of its 
average diameter of 570J.t.m. There were no significant effects of stirring speed, the amount of capsule 
and the initial zinc concentration on the transfer rate, which suggests that mass transfer resistance in 
the aqueous boundary film is negligibly small. 
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Further experiments were carried out with various concentrations of TOA. The rate was 
constant for the concentration range from 0.3M to 0.9M, which indicates that the mass transfer is not 
controlled by the diffusion within the pore of the resin. Figure 3 shows the effect of sebacoyl chloride 
concentration on the extraction rate. Since the concentration of sebacoyl chloride was smaller than 
that of hexamethylenediamine, the concentration of sebacoyl chloride controls the degree of 
polymerisation, which possibly changes the thickness of the membrane. By assuming the membrane 
thickness is proportional to the concentration of sebacoyl chloride, the transfer rate is reduced when 
thickness of the membrane increases. These results suggest that the rate-controlling step for zinc 
extraction is the diffusion in the coating membrane. 

After the extraction experiments, stripping was performed by mixing the capsule with 
deionized water. Almost all the zinc was removed from the capsule and the rate of back extraction was 
larger than that of the forward extraction. 
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The extraction of copper from a dilute solution was carried out with the capsule containing 
LIX841. The extraction capacity was examined five times, and the capacity remained constant, which 
demonstrates the mechanical stability of the capsule and the reversibility of the extraction reaction. 
Since the LIX84I was used without purification, its effective concentration was determined from the 
maximum loading of copper. Figure 4 shows the effect of LIX84I concentration on the extraction 
capacity. 

The capacity linearly increased with the increase of extractant concentration. The extraction 
mechanism is discussed in terms of the distribution ratio of copper, which is determined by the 
equation. 

(1) 

where, C0 is the initial concentration, Ceq the copper concentration at equilibrium, Vaq the volume of 
aqueous phase, and Varg the volume of organic phase involved in the porous resin. Figure 5 shows the 
dependence of pH on the distribution ratio. In the lower pH region, the slope of the curve approaches 
-2, which suggests that two hydrogen ions are released by the extraction of a copper ion. In the higher 
pH region, the distribution ratio approaches a constant value due to the saturation of the extractant. 
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Fig. 6 Effect of initial concentration of 

copper on extraction rate 

The initial extraction rate was observed under various conditions. The change in stirring 
speed did not affect the extraction rate in the range from 2.8 s·1 to 15 s·1

, which suggests that the mass 
transfer rate is not controlled by the diffusion in the aqueous boundary film. Figure 6 shows the effect 
of initial concentration of copper on the extraction rate. The rate increases with increasing copper 
concentration with a slope 0.5. The effect of LIX84I concentration on the extraction rate is shown in 
Fig. 7. The rate increases with increasing LIX84I concentration with a slope of 1, which indicates that 
the extraction rate is affected by the rate of reaction and/or the diffusion within the capsule. The effect 
of pH on the extraction rate was also examined. The result showed the rate varies with [Ir]-o.s. 
Therefore, the initial extraction rate was expressed by k [CUo2+t.5[RH]/[Ir]0

·
5

• The rate coefficient was 
determined from the plot of NA[wt·5f[RH] versus [CUo2+], and the following equation was obtained. 

(2) 

The predicted values of initial extraction rate were calculated and are plotted as a solid curve in Figs. 
5 and 6. A reasonable agreement is observed between the observed and predicted values. 
After the extraction experiments, the capsule was regenerated by contact with lmol/dm3 HCI. After 
about 10 minutes operation, almost all the copper was removed from the capsule and the rate of back 
extraction was larger than that for the forward extraction rate. 

1282 



Metal and Non-metal Extraction 

5 

Ccu,o=l.3xl0-3M 
,......., Cw=2.2xl o-sM --;;;-

N wcap=1.8g ,§, .._ w-5 -
0 
..§. 

1.0 

::!:: 
0.75 

0.5 
0 

-~'6'-!J~~~ 6 

0 ~~ 
d" 

'iP u (cm/s] 
Ao 

0 0.03 
~ 0 0.061 

>;!: ~ 
0.25 

A 0 ~ 0.12 
~a Cux=O.IM 0 

LJI ~ co Ccu,o=1.5xl04 M 

0~ w-6 
2 w-I 100 

0 
Cw=2.2xlo-sM 

0 200 400 600 800 

Cone. ofUX841 [M] Elluent volume [ cm3] 

Fig.7 Effect ofUX841 concentration on 
extraction rate 

Fig.8 Breakthrough curve for copper extraction 
using packed bed of capsule involving LIX84I 

The mechanical strength of the encapsulated resin is enough for a packed bed operation. The 
continuous stable operation was possible and the bed could be regenerated with lmolldm3 HCI. Figure 
8 shows the breakthrough curve for the packed bed of the capsule containing LIX841. With increasing 
liquid velocity, the absorption band expands, what suggests an effect of diffusional mass transfer in 
the boundary film in the aqueous phase. 
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ABSTRACT 

DESIGN OF A TRULY CONTINUOUS FLUIDIZED BED 

SYSTEM FOR METAL RECOVERY USING 

IMPREGNATED RESINS 
M Rovira, J Herranz, JL Cortina, N Miralles, J Arnaldos and 
AM Sastre 
Department of Chemical Engineering, ETSEIB, Universitat 
Politecnica de Catalunya, Diagonal647, E-08028, Barcelona, Spain 

A continuous fluidized bed system for metal recovery using impregnated resins with high wide versatility has been designed. 
The plant consists of two columns, one for extraction and another for stripping, both of a single stage. The circulation system 
and transport of resin is based on the use of peristaltic pumps. The capacity of treatment of the plant can be enlarged by 
connecting more than a column in series to achieve the required degree of extraction. Also, the hydraulic capacity of the plant 
can be increased putting more than one column in parallel. 

Keywords: copper, LIX84, impregnated resins, XAD-2, continuous fluidized bed design 

INTRODUCTION 

Over the past years the development of impregnated resins as a link between solvent 
extraction and ion-exchange has been an important field of development in separation science.1'

2 

Although the good performance exhibited by impregnated resins for the recovery of different metals, 
their application in industrial processes and commercial scale can present some difficulties such as 
handling solids in terms of continuous operation, process control, number of required units, etc. 
Therefore a suitable combination of impregnated resins and an appropriate technology for their 
optimum use is required. Our research group has been working on the development of impregnated 
resins for recovery and separation of metal ions from dilute solutions and their technological 
implementation by means of fluidized bed technology.2-5 

Model systems to evaluate this concept of metal extraction schemes based on pH dependent 
extraction and stripping steps have been selected. Impregnated resins have been prepared by selecting 
highly selective metal extraction reagents with suitable acidic and basic properties which have been 
thoroughly characterized and studied in impregnated resins. These types of materials work with 
extraction-stripping steps following a pH cycle dependency as follows: 

a) for acidic extractants (HL) (e.g. organophosphorous extractants): 
extraction step: Mn+ + (n+q)HL,., ¢> MLo(HL)q, res+~ 
stripping step: MLn(HL)q, res+~ ¢:> Mn+ + (n+q)HL..s 

b) for basic extractants (B) (e.g. primary, secondary and tertiary alkylamine extractants): 
extraction step: MX; + (BH+Y)res ¢:> (BH+ MX;)res + Y 
stripping step: (BH+ MX;)res +OH" ¢:> Bres + MXn-+H20 

Both systems present suitable properties for application in a continuous fluidized bed system 
because the stripping step using strong acid or base conditioning of resin between runs is easily 
achieved for further use by the addition or strong acid or bases (depending on the type (a,b)). 

Some of the engineering design difficulties of continuous systems may be overcome by using 
fluidized beds of resins. In this work, the design of a truly continuous fluidized bed column device for 
the use of impregnated resins is reported. The system consists of two columns: an absorption or 
extraction column, where impregnated resin is fluidized by the upward flow of liquor from which ions 
are to be removed and an elution column, where the regeneration of the resin takes place. Extraction 
and elution columns operate simultaneously and during operation the resin moves through both 
columns by means of peristaltic pumps. A scheme of the system is shown in Figure 1. 
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PILOT PLANT DESIGN 
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As a starting point, plant design and dimensioning has to operate with the parameters of the 
basic solid-liquid system. The chosen system was water-Amberlite XAD2 recognising that metal 
solutions to be processed are aqueous solutions at ambient temperature. The chosen resin support 
Amberlite XAD-2 is a high surface macroporous polymeric resin widely used when preparing 
impregnated resins, 1'

2 although other resin adsorbents could be used with the designed pilot plant. 
Table 1 shows the characteristics of the chosen solid-liquid system. 

p (kg/mj) Jl (Pa·s) Pw(kg/mJ) PP (kg/mj) dp (mm) <P Ei 

Water 998 1 · 10·J - - - - -
XAD-2 - - 1020 750 0.32-0.8 0.7 0.4 

Table 1. Characteristics of the solid-liquid system. 

The dimensions of the fluidization columns, both for extraction and stripping, was fixed according to 
previous studies described in the literature.7

•
10 The different fluidized plant designs described used 

column diameters between 51 and 600 and in the present design, 150 mm has been chosen as column 
diameters to allow later extrapolation of the results. Then taking into account the solid-liquid 
properties and the column diameters fluidization parameters of both columns have been calculated by 
using the appropriate equations.11 The calming section has the same diameter that the column. 
Fluidization parameters and design parameters are shown in Tables 2 and 3. 
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U~min (mrnls) 
2 

Table 2. Fluidization parameters. 

Diameter of the columns 150mm 
Thickness of the column walls 3mm 
Height of the columns lm 
Maximum operation velocity 10 umr 
Height of the calming section 0.3m 
Distributor free area 2.3% 

Table 3. Design values of the fluidization columns. 

Polymethylmethacrylate (PMM) was selected as the material for both columns due to both its 
resistance to the operation conditions (ambient temperature and pressure < 0.2 bar rei.) and, being 
transparent it allows the observation of any incident during column installation. The liquid distributor 
is a perforated plate built in PMM with 1 mm diameter holes in a centered hexagonal disposition with 
a 6 mm separation between them. 

The recirculation of the resin between the columns is carried out by a peristaltic pump and it 
will be shown later this transport of resin does not generate fines and the resin capacity was constant 
over a number of runs. The characteristics of the peristaltic pumps (Masterflex model 7553-75, with 
bolster Quick Load) used are: 5.5 mm i.d. tubes, with 3 cylinders in the drive bolster, variable rotation 
speed between 6 and 600 rpm, and a range of flow-rates between 10 and 1000 cm3/min 

The resin feed in the two columns is made inside the bed just above the distributor. Generally, 
this type of feeding demands the injection of an auxiliary fluid, however in the different tests carried 
out this was found not to be necessary. Discharge is carried out by means of overflows located in the 
walls of the columns, with heights between 5 em and 60 em from the distributor. This ensures a wide 
versatility of the pilot plant. The resin feed and discharge are located on opposed sides of the columns, 
assuring the resin has the maximum time inside the bed. 

Liquid circulation is carried out by means of centrifugal pumps to ensure a constant flow 
without pulsation that could affect the good operation of the installation. The chosen pumps 
(HEIDOLPH, model KrP 800) had a flow-rate of2.8 dm3/min and a pressure of0.14 bar rei. The parts 
of the pump in contact with the solution were made of polypropylene. 

Auxiliary equipment consisted of three reservoirs of 50 dm3 capacity to feed each of the 
centrifugal pumps. This arrangement allowed one reservoir working, another in reserve and another to 
prepare the solution that feeds the columns. Reservoirs for the reception of the solutions that leave the 
columns were also provided. The connecting pipes of the installation were PVC with a nominal 
diameter of 25 mm and 1.5 mm thick. Different types of valves were used for the control of the 
circulation of liquid and solid. Thus valves with variable opening of the seat were placed in the 
installation to regulate the flow-rate of liquid that the columns receive, as well as ball valves to cut off 
the flow of liquid in a pipe when it is necessary. Also, a check valve was installed so that when the 
centrifugal pump was stopped, the column ofliquid above the pump is retained and does not flow back 
through the pump allowing the liquid to return to the feed reservoir and mix with this solution. Two 
rotameters with Teflon floats with ranges from 2 to 20 dm3/h and of 15 to 150 dm3/h, respectively 
were installed to measuring the flow-rates of the liquids. The plant has a by-pass line so that the spare 
flow returns to the feeding reservoir. For the control of the circulation of the resin clip valves were 
used (flexible tubes). The flow of the resin was controlled by the rotational speed of the peristaltic 
pumps. 

Finally, operation of the installation was studied for different types of impregnated resins and 
ion exchange resins, and it was found that the pilot plant worked in a satisfactory way 
hydrodynamically up to the most unfavorable case (i.e. a resin with pP = 1280 kg/m3

, dp = 0.8 mm and 
Umaxlumr = 1.5), 
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Feasibility of impregnated resin transfer between the columns through a peristaltic pump 

The feasibility of resin movement between the columns by means of a peristaltic pump is 
considered in this separate section since this is one of the key points of the plant design. Impregnated 
resins are based on the idea of adsorbing an organic solvent extraction reagent onto a polymeric 
support. Therefore, when impregnated resins are transported using a peristaltic pump, special attention 
must be taken to prevent damage of the solid due to the strong mechanic action of the pump cylinders. 
If damage of the resins occurs, loss of metal extraction ability and generation of fine particles could be 
expected. 

A simple experiment was performed to ensure the feasibility of resin transfer, as proposed in 
the plant design section. A certain amount of impregnated resin, particle size 0.5-0.9 mm, was 
contacted with water in a vessel and agitated with a magnetic stirrer to simulate a fluidized bed. The 
same solid was transported several times to another vessel by means of the peristaltic pump described 
in the previous section. After each transport the metal extraction capacity was tested. As can be seen in 
figure 2, the impregnated resin extraction capacity was not affected. Moreover, at the end of the 
experience the resin was sieved, and the amount of fines produced was negligible. 
Therefore, these experimental results demonstrate that the peristaltic pump may transport the resin 
efficiently between the columns. 

50 -~ • ~ 40 I • c • • • • 
0 :;: 30 CJ cu ... - 20 >< w 
iU 

10 -G.l 
:!: 

0 
0 3 6 9 12 

Number of Resin Transports 

Figure 2. The influence of the number of impregnated resin transfers through a peristaltic pump on 
metal extraction. 

Experimental conditions: 20 cm3 of solution containing 500 mg/dm3 Cu +z in 0.1 mol/dm3 

Na2SOJH2S04 at pH = 4 were contacted with 0.2g of impregnated resins 
[LIX84(Henkel)/XAD2] . 

CONCLUSIONS 

A continuous fluidized bed system with wide versatility, to process the extraction of heavy and 
precious metals with impregnated resins has been designed and evaluated. The plant consists of two 
columns, one for extraction and another for stripping, both of a single stage. The circulation system 
and transport of resin is made by peristaltic pumps that it has been shown do not cause attrition of the 
solid resin and thus loss of extraction capacity. The capacity of treatment of the plant can be enlarged 
by connecting more than one column in series to make the required degree of extraction. Also, the 
hydraulic capacity of the plant can be increased putting more than one column in parallel. 
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NOMENCLATURE 

dp particle diameter. 
M pressure drop in the bed. 
LlP d pressure drop in the distributor. 
Urn£ minimum fluidization velocity. 
u, terminal velocity. 
Ei internal porosity of the particle. 
Emf bed voidage at incipient fluidization. 
Emax maximum bed voidage. 
p liquid density. 
pP apparent density of the particle. 
Pw density of the wet particle. 
~ liquid viscosity. 
~ shape factor. 
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ABSTRACT 

EXTRACTION OF NON-EXTRACTABLE IONIC 

SPECIES IN AQUA IMPREGNATED RESIN SYSTEMS 
Dmitri Muraviev, Anna Torrado and Manuel Valiente 
Departament de Quimica, Unitad de Quimica Analitica, 
Universitat Autonoma de Barcelona, E-08193 Bellaterra, 
Barcelona, Spain 

The paper reports the results on the further development of the Aqua Impregnate Resin (AIR) concept. The AIR concept 
represents one of two possible routes to convert liquid-liquid (aqueous-organic, Aq-Org) extraction system to a solid-liquid 
one through the immobilisation of the aqueous phase in a polymeric matrix . It has been shown that metal ions, which are not 
extracted in conventional Aq-Org systems (non-extractable ionic species) can be extracted in a corresponding AIR system. 
The results obtained by studying Aq-Org and AIR systems including di-2-ethylhexylphosphoric and di-2-ethyhexyldithio
phosphoric acids, carboxylic, iminodiacetic and phosphoric resins and aqueous solution of Cu2

+ and Zn2
+ mixtures of 

different compositions are reported and discussed. 

Keywords: zinc, copper, di-2-ethylhexylphosphoric acid, di-2-ethyhexyldithiophosphoric acid, aqua impregnated resins, 
carboxylic acid, iminodiacetic acid, phosphoric acid resins 

INTRODUCTION 

Triphase solid-liquid-liquid (S-L-L) systems including a solid resin and two immiscible liquid 
phases (aqueous and organic) are known in the literature mainly as triphase catalytic systemsY 
Phase-transfer catalysis with ion-exchange resins3

'
4 and reactive extraction with ion-exchange 

membranes5
'
6 are comparable mass-transfer process taking place in S-L-L systems. Two versions of 

S-L-L systems including either ion-exchange membranes6 or granulated ion-exchange resins,7•
9 

simultaneously contacting both organic and aqueous phases, have been applied to the effective 
hydrogen-deuterium, H-D, exchange on (trimethylamino)borane dissolved in water-immiscible 
solvents. The H-D exchange reaction has been demonstrated to occur at the interface between the 
water swollen (aqua-impregnated) ion-exchange material and the organic phase. In this case the 
aqueous phase (D20) can be withdrawn from S-L-L systems in such a way that it is substituted by the 
D20 taken up in the swollen polymer.8

•
9 Thus, the triphase S-L-L system is transformed into the 

corresponding biphase one where the aqua-impregnated resins (AIR) phase is in contact with the 
organic solution of the substrate.9 Recently it has been demonstrated that AIR systems can be 
effectively applied to the separation of metal ions. 10 

EXPERIMENTAL 

All chemicals (of p.a. quality) were purchased from Panreac P.A. (Barcelona, Spain). 
Iminodiacetic ion exchanger, Lewatit TP-207, and carboxylic resin, Lewatit S 8528, were kindly 
supplied by Bayer Hispania Industrial, S.A. A phosphoric resin, KF-7, was from IREA (Moscow, 
Russia). All resins were of the polystyrene-divinylbenzene (PS-DVB) type. Di-(2-ethylhexyl
phosphoric acid (DEHPA), 99%, was purchased from Carlo Erba R.S. (Italy). Di-(2-ethylhexyl)
dithiophosphoric acid (DEHDTPA) was synthesized as described elsewhere. 11 The purity of the final 
product appeared to be -85 %. Doubly distilled water was used in all experiments. The pH of metal 
ion solutions was controlled by using a Crison pH meter 507 (Barcelona, Spain), supplied with a 
combined glass electrode. The concentration of metal ions was determined by the ICP technique using 
an ARL Model 3410 spectrometer provided with Minitorch. The relative uncertainty of metal ion 
determination was <1.5 %. All experiments were accomplished at 22 ± O.SC. Experiments on 
extractive stripping of Cu2

+ and Zn2
+ from KF-7 resin in AIR systems were carried out under dynamic 

conditions in columns packed with 0.3 g of the resin pre-equilibrated with a stock solution of 0.02 
moVdm3 (Cu,Zn)S04 of 1:4 Cu:Zn molar ratio at pH= 3.8. After equilibration, the resin was rinsed 
with water followed by a consecutive rinsing with ethanol (from water) and heptane (from ethanol). 
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The stripping solutions (0.2 molldm3 DEHPA or DEHDTPA solutions in heptane) were passed at a 
constant flow rate (-0.2 cm3/min) and collected in portions in pre-weighted vials. The eluate sample 
volumes were determined by dividing the weight of eluate samples by the density of the respective 
stripping solution. The accuracy of volume determination was± 0.005cm3

• The concentration of metal 
ions was determined in all samples. Samples of DEHP A and DEHDTP A eluate were first treated with 
5 cm3 of 0.2 mol/dm3 NaEDTA to strip metal ions from the organic phase. The stripping was carried 
out under vigorous agitation for 15 minutes. Experiments studying the extraction and ion-exchange 
equilibrium in the triphase systems involving solid resin (R), organic solution of extractant (Org) and 
aqueous solution of metal ions (Aq) were carried out in batch mode by following the procedure 
described elsewhere. 10 The volumes of Aq (0.06 mol/dm3 (Cu,Zn)S04 with Cu:Zn ratio of 2.5:1 in 
acetate buffer at pH= 3.8 ± 0.05) and Org (0.2 mol/dm3 DEHPA or DEHDTPA solution in heptane) 
were in all cases 10 and 3 cm3

, respectively. The amount ofR varied from 0.025 to 0.100 g. 

RESULTS AND DISCUSSION 

Typical concentration-volume histories obtained by extractive stripping of Cu2
+ and Zn2

+ from 
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b 

Cu 

2 4 6 8 10 12 14 16 

Volume (ml) 

Figure 1. Concentration-volume histories 
obtained in KF-7-DEHPA (a) and KF-7-
DEHDTPA (b) AIR systems (see text). 

KF-7 resin using either DEHPA or 
DEHDTP A solutions in heptane are 
shown in Figure 1. As seen in Figure 1a, 
the treatment of the resin with DEHP A, 
known to be highly selective towards zinc 
over copper12 leads to the preferential 
extraction of Zn2

+ from the resin phase so 
that the eluate, except first three portions, 
contains essentially pure zinc. At the 
same time, some Cu2

+ is also co-extracted 
in the first eluate portions. Note, that 
practically no extraction of Cu2

+ is 
observed in conventional Aq-Org system 
of similar composition. 10

'
12 A far more 

substantial extraction of "non-extractable" 
ionic species is observed in the KF-7-
DEHDTP A AIR system. Indeed, as seen 
in Figure 1b, elution of metal ions from 
the resin with DEHDTP A, which is highly 
selective towards copper over zinc in 
conventional Aq-Org extraction systems, 11 

results in the preferential stripping of zinc 
from the resin phase. The results 
presented in Figure 1, which are in good 
agreement with the previously reported 

data, 10 can be interpreted in terms of the 
following parameters: 1) selectivity of the 
Org; 2) selectivity of the R; 3) hydration 
of metal ions, and 4) pH in the resin 

phase. The selectivity of the resin and extractant towards the ion couple under study can be 
characterised by the selectivity factor, a, which is defined as follows: 

Cu Ycu Xzn azn = 
Yzn Xcu 

(1) 

where Y and X are the equivalent fractions of metal ions in the resin or extractant and aqueous 

solution phases, respectively. The a~~ values determined in biphase R (KF-7)-Aq and Org 
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(DEHPA)-Aq biphase systems appeared to equal 1.78 and 0.0072 (a~~= 139.3), respectively, that 
indicates a higher selectivity of the resin towards Cu2

+ and a higher selectivity of the extractant for 

Zn2
+. The determination of a~~ value in the Org (DEHDTPA)-Aq system was not possible due to the 

extremely high selectivity of this extractant towards Cu2
+. 

A comparison between the extractants and the resin selectivities reveals that extraction of Cu2
+ 

in KF-7-DEHPA system (see Figure la) proceeds "against" the selectivity of both the resin and the 
extractant. In other words, this ionic species is extracted from copper-selective resin with a copper
non-selective extractant. This effect can be explained by alteration of both Cu2

+ hydration and pH in 
the resin phase. Indeed, immobilisation of the Aq in the R, or impregnation of the R with the Aq, leads 
to the remarkable changes in the chemistry of the metal ions when sorbed by the KF-7 resin. Firstly, 
both Zn2

+ and Cu2
+ appear to be less hydrated in the R than in the respective Aq since water molecules 

can only occupy the co-ordination vacancies of metal ions that are not saturated with the functional 
(ligand) groups of the ion exchanger. Secondly, as a rule, the pH in the R is higher than in the Aq at 
equilibrium. 13 Hence, lower hydration and higher pH enhance the extraction of Cu2

+ from the R. 
Similar reasonings can be used to explain extraction of Zn2

+ in the KF-7-DEHDTPA system. The low 
extraction of Cu2

+ in this system can be attributed, in turn, by the strong binding of this ion by the 
functional groups of the R. 

The results obtained by studying the distribution equilibrium in the triphase Aq-R-Org systems 
are shown in Figures 2, 3 and 4. 
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66 

58 

a 

0 25 50 75 100 

2 

0 +---~-.-------.--.-~ 
0 25 50 75 100 

\\eigt cf resin (rrg) 

Figure 2. Extraction degrees of Zn2
+ (a) 

and Cu2
+ (b) in triphase R-Org-Aq system 

including KF-7 resin and DEHP A. 
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Figure 3. Extraction degrees of Zn2
+ (a) and 

Cu2
+ (b) in triphase R-Org-Aq system 

including Lewatit S 8528 resin and DEHP A. 

The variable parameters in these series of experiments were the type and amount of the R 
introduced in the biphase Aq-Org system after equilibration. The KF -7 resin was pre-equilibrated with 
the initial stock solution of Cu2+ and Zn2+ mixture. In other cases the R was pre-equilibrated with 
solution of metal ions, whose composition corresponded to that of the Aq in the Aq-Org system at 
equilibrium. After achieving the equilibrium in the triphase system, the Aq phase was analysed to 
calculate the extraction degrees of metal ions, E, in presence of the R. 

As seen in Figures 2 and 3, introduction of the resin phase in the Org-Aq system results to the 
remarkable redistribution of metal ions between the R and the Org, despite both of these phases having 
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Figure 4. Extraction degrees of Zn2
+ 

(a) and Cu2
+ (b) in triphase R-Org

Aq system including Lewatit TP-207 
resin and DEHP A. 

R-Aq interface: 

been equilibrated with the Aq of the same composition. 
Indeed, introduction of small amount of the phosphoric 
resin (KF-7) in the Org-Aq system (see Figure 2) leads to a 
substantial increase of Cu2

+ extraction accompanied by the 
decrease of Zn2

+ concentration in the Org phase. The 
further increase of R content in this system results to the 
decrease of copper extraction while that of zinc increases. 
As seen in Figure 3, the influence of carboxylic resin 
(Lewatit S 8528) on the extraction behaviour of Cu2

+ 

differs from that ofKF-7 resin. The increase of the amount 
of resin introduced in the R-Org-Aq system leads to a 

nearly linear rise of Cu2
+ extraction and to a simultaneous 

drop of Zn2
+ content in the Org. A far weaker effect of 

the Ron the extraction of both Cu2
+ and Zn2

+ is observed 
in the R-Org-Aq system involving the iminodiacetic resin 
(Lewatit TP-207) as is clearly seen in Figure 4. 
Introduction of small amounts (25 or 50 mg) of the R in 
the Org-Aq does not essentially affect the distribution 
equilibrium of metal ions. The increase of the amount of 
R to I 00 mg results in a slight decrease of Zn2

+ extraction 
and also slightly increases extraction ofCu2

+. 

The results presented in Figures 2, 3 and 4 can be 
interpreted by viewing all distribution equilibria in the R
Org-Aq systems under study. The triphase systems of 
this type are characterised by three interfaces: Org-Aq, R
Org and R-Aq. Each interface represents a possible 
pathway for the transfer of metal ions and therefore can 
be associated with the respective ion-exchange (or 
extraction) reaction as follows : 

R-Zn + Cu2+ B R-Cu + Zn2+ (2) 
Org-Aq interface: 

Org-Zn + Cu2
+ B Org-Cu + Zn2

+ (3) 
R-Org interface: 

R-Cu + Org-Zn B R-Zn + Org-Cu (4) 

Reactions (2) and (3) are at equilibrium as both the Rand the Org phases have been pre-equilibrated 
with the Aq of the same composition. Therefore, no mass transfer can be expected to proceed through 
the R-Aq and Org-Aq interfaces. At the same time, the R and the Org phases are not at equilibrium. 
Hence, the R-Org interface appears to be responsible for the redistribution of metal ions in the triphase 
systems considered under reaction (4). In other words, this particular interface is responsible for the 
extraction of "non-extractable" ionic species. The equilibrium in reaction (4) can be described by the 
ratio of separation factors characterising the selectivity of the Org (aarJ and the R (aR) (see equation 
1) in respective Org-Aq and R-Aq systems. 10 The a0rg values are nearly identical in all triphase 
systems under study. Therefore, the difference in distribution of metal ions in the R-Org-Aq systems 
(see Figures 2, 3 and 4) can be evidently attributed to the different selectivity of the resins under study 
towards Cu2

+ and Zn2
+ ions. 14

'
15 The mechanism of mass transfer in the R-Org-Aq systems, through 

the R-Org interface, can be considered to be similar to that in the phase-transfer catalytic systems 
involving ion-exchange resins.14 The transfer of ions in this case pro,ceeds through the following 
steps: 1) sorption of ions by the R from the Aq accompanied by their partial dehydration, and 2) 
extraction of metal ions from the R by Org. The last process appears to be enhanced in comparison 
with respective Aq-Org extraction due to the alteration of both ion hydration and the pH in the R 
phase. 10 
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The extraction and stripping of rare earth metals, Sm and Gd, with PC-88A as an extractant were performed simultaneously 
by a novel extractor composed of a membrane module utilizing microporous hydrophobic hollow fibre. It was found that the 
permeation of metals from the aqueous feed solution to the stripping solution was achieved through an organic solution 
containing the extractant. The experimental results were simulated by a diffusion model combined with chemical reaction at 
the aqueous-organic interface at both extraction and stripping sides. The model well explained the permeation behaviour of 
rare earth metals in a hollow-fibre membrane extractor. 

Keywords: gadolinium, samarium, supported liquid membrane, hollow fibre membrane extractor, PC-88A 

INTRODUCTION 

Conventional solvent extraction has been used for the separation and concentration of rare earth 
metals on an industrial scale. However, for preparation of high-purity products, it requires a large 
number of stages, because the separation factors among adjacent elements are very small. 1 Thus, the 
development of more efficient separation techniques is desired. 

A membrane-based solvent extraction method has been recently developed as an efficient 
technology for the separation of various metals and organic compounds.Z-7 In this novel system, phase 
separation stages are unnecessary because the aqueous and organic solutions come into contact through 
a membrane. Several disadvantages such as loading, flooding and emulsification caused by phase 
dispersion in solvent extraction method can be eliminated. Furthermore, the module of hollow fibre 
type provides a very large interfacial area necessary to promote the extraction with a compact device. 

The purpose of this study is to apply this novel membrane extraction system to the separation 
and purification of rare earth metals. The extraction equilibrium of rare earth metals8 and their 
permeation mechanisms through a single hollow-fibre membrane independently for extraction and 
back-extraction have been elucidated.9 In the present work, the extraction and stripping of the middle 
rare earth metals, samarium (Sm) and gadolinium (Gd), with 2-ethylhexylphosphonic acid mono-2-
ethylhexyl ester (commercial name PC-88A, abbreviated as HR) as an extractant was carried out by a 
membrane extractor consisting of a module of microporous hydrophobic hollow fibre. The 
experimental results were simulated to clarify the permeation mechanism necessary for the optimization 
and scale-up of the metal recovery system. 

EXPERIMENTAL 

Reagents 

PC-88A, from Daihachi Chemical Industry Co. Ltd. (Lot No. N10102) was used without further 
purification. The organic solution was prepared by dissolving PC-88A in n-heptane of analytical 
grade. The aqueous feed solution containing Sm and Gd was prepared by dissolving the hexahydrate 
of each metal chloride in a nitric acid solution. The pH of the aqueous solution was adjusted in 
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sequence with 100 mo1Jm3 nitric acid and 100 mo1Jm3 sodium acetate solutions. Aqueous nitric acid 
solution was used as the strip solution. All the other inorganic and organic reagents used were of 
analytical grade. 

Procedure 

Aqueous tiled solution 
2 Stripping solution 
3 Organic solution 
4 Glass tube 
5 Hollow fiber module 
6 Hollow fiber for extraction 
7 Hollow fiber for stripping 
8 Ralflnate 
9 Recovery solution 

10 Magnetic stirrer 
11 Water bath 

Figure 1 Schematic diagram of a membrane extractor 

Figure 1 shows schematically a membrane extractor composed of two sets of microporous 
hydrophobic hollow fibres, made ofpolytetrafluoroethylene (Japan Gore-Tex Inc.). The numbers of 
fibres used for extraction and stripping are nand n', respectively. The specification of the extractor is 
listed in Table 1. Aqueous feed and stripping solutions were fed separately and cocurrently into the 
inner sides of each set of hollow fibres. An organic solution containin~ the extractant PC-88A was 
also fed cocurrently into the outer side of hollow fibres and was recirculated as shown in Figure 1. At 
the steady state, the concentration of rare earth metals in the effluent solutions was measured by an 
ICP-atomic emission spectrometer (SHIMADW ICP-5000). In this study, the total number of hollow 
fibres (n + n') was four. 

Inner diameter of extractor 
Inner diameter of hollow fibre (d1) 

Outer diameter of hollow fibre (do) 
Length of hollow fibre 
Porosity (e) 
Tortuosity (t) 

4.9 X 10"3m 
1.02 X 10"3 m 
1.86 X 10"3 m 
0.25 m 
0.43 
1.14 

Table 1 Specification of the membrane extractor 

RESULTS AND DISCUSSION 

Extraction and stripping behavior of rare earth metals 

Figure 2 shows the schematic illustration for modeling of rare earth metal permeation in a 
hollow-fibre module, where subscripts 1, 2 and 3 represent extraction, organic and stripping sides, 
respectively. Subscript Mi, Ci and B indicate metal species, metal complex (i = Sm and Gd) and 
dimer species of extractant. J and J' are the fluxes (moll(m2•s) for extraction and stripping sides, 
respectively, and vis the volumetric flow rate (m3/s). Figure 3 shows the typical time-course of rare 
earth metal concentrations in the outlet solutions of the extraction and stripping sides expressed by the 
dimensionless terms defined as follows: 

XMi=CMi.l,d CMi,I,O, YMi=CMi,3,.1CMi,I,O (2) 
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Fig.2(a) Schematic diagram of a membrane 
extractor 

{I) II (3) 

hollow Fiber 

Fig.2 (b) Concentration profiles 
of chemical species 

Under the present experimental conditions, the extent of metal remaining in the feed solution, 
XMi, reached a steady value within 20-35 hours and the extent of metal enrichment in the stripping 
solution, Y Mi. within 40-50 hours. Furthermore, these times were influenced neither by the ratio of n to 
n' nor by that of v 1 to v3• The membrane was 
confirmed to be stable for more than 80 hours of 
use because the flux was maintained constant after 
the mass transfer reached the steady state, as shown 
in Figure 3. 

The number of fibres, that is, the contact 
area provided by membranes extremely affected the 
efficiency of metal recovery. When the membrane 
extractor of n = 3 and n' = 1 was used to obtain a 
higher extent of extraction, for example, the 
concentration of metals in the stripping solution 
was very low and the resultant accumulation of 
metals occurred in the membrane phase due to the 
deficiency of the contact area for stripping. Then, 
a subsequent experiment was carried out with the 

2.0 ~ pH1='.2.5 C(HR)2='.23.6 mol/m3 

CH3=2000molfm3 

~ 
~1.0 

X 

• XGd v1=7.8 x1 ()-9 m3Js 
0 vsm V2=1.0x10"7m3Js 
• YGd V3=2. 6 x1 0"9 m3/s 

- .... 
~-~ 

10 20 30 40 50 
time( hr I 

membrane extractor of n = 2 and n' = 2. Figure 4 Figure 3 Time course of rare earth metal 
shows the effect of pH in the feed solution on XMi 

and Y Mi when the hydrogen ion concentration of the stripping solution, CHo, was held constant at 2000 

moJim3 in all runs. It was found that both rare earth metals in the feed solution were extracted well by 
increasing pH and the concentrations of metals in the stripping solution increased concomitantly. 
Figure 5 shows the effect of the inlet concentration of the dimeric extractant in the organic feed 
solution, C(HR)zo, on XMi and YMi· Extraction and stripping of rare earth metals were promoted by 
increasing C~HR>20 • It was found in the separate runs that excessively high concentration of acid such as 
4000 mollm in the stripping solution reduced the degree of metal recovery. The extraction and 
enrichment of metal are expected to improve by increasing the number of hollow fibres for extraction 
and stripping steps in the extractor of same size. 
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~ 
>-
~ 

X 

1·5 
CM=o.s mollm' 
ClHR)>=23.6 mol/m3 

CHl=2000nnVm' 

1.0 

0.5 

vt=7.8 x 1Q·9mlfs 
vrl.O xto·7m3/s 
v:t:-26 x to·9m1/s 
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~ 

X 

1.5 r-------------, 
v1=?. 8 x to·9m 3/s 

1.0 

0.5 

pH•=25 
CM=o.s mollm' 
CHl - 2000nnVm' 

Vl=l.O X to·7m3/s 
vr3.9 x 1Q· 9 m3/s 

o.o'-----~---"------1 
100 101 

C(HR)20 

Figure 4. The effect of pH1 on XM; and Y Mi Figure 5. The effect of C(HR)2o on XM; and Y Mi 

Analysis of oermeation rate 

Rare earth metal is known to be extracted with the dimer ofPC-88A, (HR)2, as follows8
: 

H + 
M aq + 3(HR)2o,org = MR3•3HR,rg + 3H aq : Kex (3) 

where K.,, denotes the extraction equilibrium constant. 
In the present hollow-fibre membrane system, aqueous-organic interfaces are formed at the 

inner surface of hollow fibres for extraction (interface I) and for stripping (interface II), respectively, 
as shown in Figure 2, because the fibres used are hydrophobic. Rare earth metals are extracted at the 
interface I by the forward reaction of Equation (3) and the complex, MR3•3HR, is stripped at the 
interface II to the strip side through the backward reaction. In the previous paper,9 the permeation 
rates of rare earth metals through a single hollow-fibre membrane with PC-88A were examined 
independently for extraction and stripping . Consequently, the interfacial reaction rate for extraction, 
R(I);•1 (moll{m2•s)), was derived as follows: 

•I {CMi,!•I ·(Cs,2•I)3 I (CH,!•Ii- Cc;,; I I Kexi 
R(I); = k fi ·I 1/2 •I V2 ·I 

l+(l+Ka/CH,t ) · KHRKD (Cs,2) +K(HR)2CB,2 
(4) 

where, K., K0 , KHR and ~)2 are the acid dissociation constant, the dimerization constant, the 
interfacial adsorption equilibrium constant of monomer and that of dimer species of PC-88A, 
respectively. The values of the interfacial reaction rate constants, k6, are listed in Table 2 together 
with K.,,;. For stripping, however, the interfacial reaction rate was assumed to be very fast, that is, the 
stripping reaction was considered to be at equilibrium. 

Considering the segment oflength dz in the membrane extractor, where z is the dimensionless 
axial distance(//L), as shown in Figure 2(a), the governing equations for mass transfer at the steady 
state in each region are expressed as follows: 
For extraction side: 

-vt(dCM;,tldz) = kM,t•a1 (CMi,t- CM;,t*1) (5) 

For organic side: 

v2(dCs,2/dz) = ks•au (Cs,2*u- Cs,2)- ks•a1 (Cs,2- Cs,2*1
) (6) 

v2(dCc;,2/dz) = kc;•ai (Cc;,2*1
- Cc;,2)- kc•au (Cci,2- Cc;,2*u) (7) 

For strip side: 
(8) 
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Here, the buffer was used as the feed solution and the hydrogen ion concentration of stripping solution 
was very high, so the hydrogen ion concentration in each aqueous solution was considered to be 
constant through the membrane extractor. kM, kc and ka are the mass transfer coefficients (rn/s) of 
metal in the aqueous solution, complex and extractant in the organic solution, respectively, where the 
same values of~ and kc were used for Sm and Gd. a1 {=mtLd;) and au (=n'7tLd;) are the interfacial 
area (m2) of interfaces I and II. C* 1 and C* 11 indicate the concentration of chemical species at the 
interfaces I and II, respectively, which are derived from the mass balance equations of chemical 
species at each interface. 
At interface I : 

JMi = kM,t(CMi,t- CMi,t*1
) = kc(Cc;,2*1

- Cci,2) = R{I); *1 (9) 

ka (Ca,2- Ca,2*1
) = 3:E R{I); *1 {10) 

where, Equation (4) is employed for the extraction rate at the interface I,R(I);*1
• 

At interface II : 

JM;' = kM.J(CMi,J*u- CMi,J) = kc(Cci,2- Cc;,2* 11
) (11) 

where the concentrations of chemical species satisfy Equation (12) in the equilibrium state according 
to Equation (3). 

K.,; = Cc;,2*11
• (CH,3*1YI CMi,3*11 •(Ca,2*u) 3 (12) 

Ca.2*u- Ca.2 = 3 (CMi,J*u- CMi,J) (13) 

Under the present experimental conditions, the concentrations of chemical species at l = 0 (z = 0) are 
written as follows: 

CMi,t = CMi,t,o, CMi,3 = CMi,J,o (14) 

(15) 

Ca,2 = Ca,2,o= Ca,2(z-t) Cc;,2= Cc;,2,o= Cci,2(z-t) (16) 

The basic equations, Equations (5)-(8), can be solved by tlie Runge-Kutta-Gill method by 
using Equations (9)-(16), according to the procedure described in the previous paper.5 The values of 
kM,t and kM,J were estimated from the values of diffusivity of metals, DM, by taking account of the 
laminar flow. 10 The values of ki (j = B and Ci) were evaluated with the following equation by using 
the values of Di estimated in the previous paper9 (Table 2) and the thickness of a hollow fibre, 8 
(=dJ2-d/2), E and t (Table 1): 

ki= Dix {E/8t) 

The exit (l = L) concentrations of chemical species are estimated by numerical calculatious. 
XMi and YM; obtained are drawn by the solid lines in Figures 4 and 5. The experimental results are 
entirely agreed with those calculated, suggesting that the interfacial chemical reaction played a 
predominant roll in the permeation of rare earth metals in the membrane module. 

CONCLUSION 

K.. (-) 
kr (rn/s) 
tiM (m2/s) 
Da (m2/s) 
De (m2/s) 

Sm Gd 
1.0 3.6 

1.6 x w-5 5.7 x w-5 

7.2 x w-to 
u x w-9 

4.5 x w-to 

Table 2 Constants used for analysis9 

The permeation behaviour of rare earth metals from an aqueous feed solution to the recovery 
solution through an organic liquid membrane containing an extractant was investigated by using a 
novel membrane extractor consisted of microporous hydrophobic hollow fibres. The membrane phase, 
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which was flowing continuously during the operation, was ascertained to be stable even for long term 
use. The permeation behavior of rare earth metals through the module could be explained well by the 
permeation mechanism proposed for each step of the extraction and stripping through a single 
membrane. It was suggested that the extraction and enrichment of metals is promoted by the increase 
in the number of fibres for extraction and stripping. 
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ABSTRACT 

HOLLOW FIBRE NON-DISPERSIVE SOL VENT 

EXTRACTION: A PROMISING APPROACH TO 

ENVIRONMENTAL AND HYDROMETALLURGICAL 

APPLICATIONS 
Anil Kumar 1 and AM Sastre 
Department d'Enginyeria Quimica, ETSEIB, Universitat 
Politecnica de Catalunya, Av. Diagonal 647, E 8028 Barcelona, 
Spain 
10n leave from PREFRE, Bhabha Atomic Research Centre, 
Tarapur, India 

A feasibility study of a non.<Jispersive hollow fibre solvent extraction (HFNDSX) system for the environmental and 
hydrometallurgical applications has been considered. For environmental purposes, non-dispersive solvent extraction studies 
were conducted for the removal of toxic heavy metals such as Cu(Il), Cd{II) and Zn(II) from aqueous waste streams using a 
hydrophobic hollow fibre module (MHF). The organic extractant used for this purpose was 0.1 molldm3 Cyanex 272 [bis 
(2,4,4-trimethylpentyl)phosphinic acid) in n-heptane. Cd (II) and Cu{ll) were extracted together between pH 3.8 - 4.0 and 
Zn(ll) in the pH range of 2.0 - 2.5 from aqueous nitrate solutions. It was possible to achieve extraction of metals in the range 
of 80-90%. For, hydrometallurgical applications, extraction of gold (I) from alkaline cyanide media is considered. A recently 
developed new solvent extraction reagent, LIX79 (Henkel Corporation) has been employed as extractant. It was possible to 
extract Au(I) in presence of other metal cyanide salts such as Fe{ll), Cu(II), Ni(ll), Ag(I) and Zn(ll) (NaCN = 500 ppm) by 
employing this technique. 

Keywords: copper, cadmium, gold, zinc, Cyanex 272, LIX79, non-dispersive solvent extraction 

INTRODUCTION 

Research and developments in membrane separation technologies are rapidly expanding all 
over the world and new membrane separation technologies are overcoming the barrier to 
commercialisation. 1 Among developing techniques, hollow fibre non-dispersive membrane extraction 
has been extensively deployed in the field of environmental and hydrometallurgy for example, metal 
recovery from leaching and waste waters, winning of precious and strategic metals from neutral 
waters, treatment of large volumes of effluents including toxic and hazardous wastes generated by 
industries. 1

·
6 Thus the promising idea is to use non-dispersive hollow fibre solvent extraction 

(HFNDSX) which affords high mass transfer rates of solutes, especially high selectivities by the use of 
extractants. The basic principle of non-dispersive extraction is the immobilisation of the interface in 
the pores of hydrophobic membranes, by impregnation of lumen of the fibre and appropriate applied 
pressure. 

The technique also overcomes other shortcomings of conventional liquid extraction such as 
flooding limitations from independent variation of phase flow rates, requirement of density difference, 
and the inability to handle particulates. This paper presents a feasibility study of a HFNDSX process 
for removal of heavy metals (environmental) from an aqueous stream and recovery of gold (I) from 
alkaline cyanide media in presence of base metals for hydrometallurgical application. 

EXPERIMENTAL 

A stock solution of Au(l) (5 g/dm3
) was prepared from pure solid KAu(CNh, and KAg(CN)2, 

Zn(CN)2, K.Ni(CN)4, and CuCN (Johnson Mathey Chemicals, Karlsruhe, Germany), ~Fe(CN)6.3H20, 
NaCN (Merck, Darmstadt, Germany). Metal cyanide salts were dissoved in NaCN (K.Ni(CN)4, and 
CuCN salts in excess of NaCN) in deionized water. The commercially available organic solvent n
heptane was used as diluent for both the extractants. All chemicals were used as received. LIX 79 
(N,N'-bis(2-ethylhexyl)guanidine) was kindly donated by Henkel Corp. and Cyanex 272 was supplied 
by Cytec Inc. 
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The HFM is manufactured by Hoechst Celanese, Charlotte, NC (Liqui-Cel, 8x28 em 5PCG-259 
contactor and 5 PCS-1 002 Liqui-cellaboratory LLE) and specified as below: 

Type of 
module 
5PCG-259 
( contactor) 

Number of fibres Module diameter Module Active interfacial 
(em) length( em) area (m2

) 

10,000 8 28 1.4 

Hollow fibre Membrane details: 
Fibre i.d. (em) 24.0 x10·3, 

Fibre wall thickness (em) 3.0 x 10·3 

Porosity(%) 30% 
Area per unit volume 29.3 (cm%m3

) 

Partition coefficients 

Fibre o.d. (em) 30.0 X 10-3 

Fibre length (em) 15 
Pore size(J..Lm) 0.03 
Polymeric Material Polypropylene 

Partition coefficients (H) of Au(I) from alkaline cyanide media with LIX 79 7 and of heavy metals 
such as copper, cadmium and zinc with Cyanex 272 8 were previously determined and described 
elsewhere. 

Non-dispersive membrane extraction set-up 

A Schematic view of the membrane based extraction process of Au(l) from Cyanide media or 
heavy metals from nitrate solutions using hollow fibre contactor is shown in Fig. 1. 

a 

Figure 1. A Schematic view of the membrane based extraction process of Au(I) from cyanide media 
and heavy metals from nitrate solutions using hollow fibre contactor (1) hollow fibre 
contactor (2,3) feed and organic extractant (4) feed and organic pump (5,6) Inlet and outlet 
pressure gauge respectively for organic and feed (7) Flow meters for feed and organic. 
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Hydro metallurgical Application. 

Both the aqueous phase, Au(D in alkaline cyanide media at pH 10.3, and organic phase, 8 -12% 
LIX79/n-heptane, were contacted in the hollow fibre module in co-current and recirculating mode. In 
the extraction module, the organic phase flows through the lumen of the fibres, wetting the wall of the 
hydrophobic fibres while the aqueous phase circulates through the shell side. The pressure of the 
aqueous phase was held 0.4 bar higher than the pressure in the organic phase ensuring that no 
displacement of the organic phase from the pores of the hollow fibre occurred. The Au{l) 
concentration in the feed varied between 10-200 mg/dm3

• 

Environmental Application. 

The organic phase, Cyanex 272 in n-heptane (0.05 to 0.2 molldm3
) flowed through lumens 

(20-25 dm3/h) and the aqueous feed of Cd(ll), Cu(II) at pH 4 and Zn{ID at pH 2.5 flowed through the 
shell side (18-23 dm3/h) in co-current mode in the hollow fibre module. The pressure of the aqueous 
phase was held 0.4- 0.6 bar higher than the pressure in the organic phase. The initial concentration of 
metal ion was 100 mg/dm3

• 

The organic phase was a 1000 cm3 solution of 8 and 12% LIX 79 or Cyanex 272 in n-heptane 
(0.05 - 0.2 molldm\ 1.0 litre of aqueous feed solution of desired concentration of Au(D or heavy 
metals was prepared by taking suitable aliquots from the stock solution. Further the desired feed pH 
was adjusted by adding lmolldm3 NaOH or HCl solution. 

Extraction Equilibrium 

The mechanism of gold extraction with LIX79 is by ion pair formation9
'
10 

• The Au(I) ions in 
alkaline cyanide media (present as Au(CN)2') form a complex with the extractant LIX 79 (N,N'-bis(2-
ethylhexyl)guanidine, RH), expressed as: 

R,rg + W aq + Au(CN)2.aq ~ [HAu(CN)zR]o Kex (1) 

The extraction equilibrium can be described by the following reactions and extraction constants: 

K _ [HAu(CN) 2 RLg , 
... - [Au(CN);Jn+ [Rl,g (2) 

where L is the organic extractant. The values of log Kex for Au(D with LIX 79 were found to be 11.34 
±0.15.7 Similarly, extraction of cadmium, copper and zinc from nitrate solutions with Cyanex 272 
(HA) can be described by the following reaction:8 

M2
+ + (p+2) HAors ~ MAz(HA)p,ors + 2 W (3) 

The extraction equilibrium can be described by the following reactions and extraction constants: 

K _ (MA2 (HA)JW j 
ex - [M2+ }HA J'+z (4) 

The log Kex (stoichiometric equilibrium coefficient) value for copper (CuA2(HA)2) was 1.51 ± 0.09. 
For cadmium, Kex values were 0.5 ± 0.1 (CdA2(HA)2) and 2.07 ± 0.1 (CdA2(HA)3) and for zinc values 
were 1.96 ± 0.1 (ZnA2(HA)) and 4.48 ± 0.09 (ZnA2(HA)2) respectively. 

Non-dispersive membrane extraction 

The results of metal concentration measurements allowed the calculation of the overall mass 
transfer coefficient, KA, 11 defined by: 

JM=KA(CA-CeiR/H) (5) 
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[

t+6 m[ C~1R/H-C~) ]= 
_1_ +_1_ (C~1 R -C~)+(VA /HVe 1R)(C~ -CA) 

vA v.1RH 

(6) 

=t[1-exp(-4KA VM /d{IIQ.JRH})] 

where J is the solute flux, Cr is the concentration in the feed solution, Ce~s is the concentration in the 
extract or strip solution, and H is partition coefficient of metal with organic extractant. Thus, KA is 
based on a feed driving force. For co-current flow, the key equation for the calculation of KA is where 
QA and QeJR are the feed and extract/strip flows; VA and V eJR are the feed and extract/strip volumes; 
CA0 and C0eJR are the concentrations of the solute in the feed and in the extract/strip solutions at time 
zero; CA is the concentration of the solute in the feed at time t; V m is the volume of all the hollow 
fibres; and d the diameter of one fibre. 

RESULTS AND DISCUSSION 

Environmental 

The liquid-liquid extraction studies of Cd(II), Cu(II) and Zn(II) were performed earlier with 
Cyanex 272 and described elsewhere.8 The extraction of copper and zinc using MHF ranged between 
90 - 95% in 4-5 hours while Zn(ll) was in the range of 85 - 90%. The extractant concentration has a 
influence on exit concentration of metal ion and 0.1mol!dm3 was found to be suitable for the removal 
of these metal ions. The effect of organic flow rate in the tube side indicated that flow rate greater than 
25 dm3/h will affect the contact time between aqueous and organic phase resulting in poor extraction 
of metal ions. The mass transfer coefficients were calculated from equation 6 and are presented in 
Table 1. 

Cyanex 272 %removal Mass tranfer coeff., KA 
Concentration, Cu(II) Cd(ll) Zn(ll) Cu(II) Cd(ll) Zn(II) 
(mol/dm3

) (10-7 cm/s) 
0.05 65 55 65 0.7 0.5 0.7 

0.10 90 85 90 7.2 6.5 7.0 

0.15 95 90 92 8.2 7.9 8.0 

0.20 95 91 95 8.3 8.0 8.5 

Table 1 Removal ofCu(ll), Cd(II) and Zn(II) using non-dispersive extraction technique as a function 
of extractant concentration 

Feed: Cu(ll), Cd(ll) and Zn(II) =100 ppm in O.lmol/dm3 N03- media, pH 3.8-4.0 
Cu(II), Cd(II)] for Zn(ll) 2.0-2.5; 

Extractant : Cyanex 272 in inn-heptane 
Flow rate (organic) : 23 dm3/h; Flow rate (aqueous): 18 dm3/h 

HydrometaUurgical Application 

Liquid-liquid extraction studies of Au(I) with LIX79 were performed earlier and described 
elsewhere.7 A plot of concentration differences versus time as predicted by equation 6 for extraction 
and stripping of Au(l) into LIX79 were plotted to determine mass transfer coefficients. The results of 
these calculations are given in Table 2. Mass transfer coefficients (KA) for the extraction and stripping 
process are 0.4 x 10-6 cm/s and 0.1 x 10-6 cm/s respectively. The extraction of Au(I) using MHF was 
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ranging between 90 - 95% in 4-5 hours. Therefore, 12% (v/v) LIX 79 was found to be suitable for the 
efficient removal of Au(I) from alkaline cyanide media. The Au(I) could be separated efficiently from 
other base metals except zinc from alkaline cyanide media using 12% LIX79 at pH 10.3 - 10.5 as 
shown in Figure 2 which indicates the potential of this technique to recover gold from 
hydrometallurgical alkaline cyanide leach solutions. Research work is in progress to improve the 
selectivity of gold against zinc and silver by using mixtures of LIX79 with organophosphorous 
extractants such as TOPO and TBP. Several changes in HFNDSX set-up are being carried out in 
addition to checking various chemical parameters to obtain better mass transfer coefficients. 

Run Aqueous LIX79 flow Kr 
Flow rate (cm3/s) Rate (cm3/s) (x 10·6 cm/s) 

Extraction 
1 a 5.55 6.94 0.4 
2b 5.55 6.94 1.0 

Stripping 6.94 
4' 5.55 6.94 0.1 
5 7.75 6.94 0.1 

a, 8% (v/v) LIX79 inn-heptane b, 12% (v/v) LIX79 inn-heptane 

Table 2. Mass transfer coefficients for extraction and stripping of Au(l) from aqueous alkaline 
cyanide media (pH=l0.3) using LIX 79 inn-heptane using HFNDSX technique 

"C 100 
Cl) I I ~ ~ ; ~ - A -
J!! • • 0 0 • • • • . 5 80 • • • • .Au(l) • • 
C) • • • o Ni(ll) • c 

60 • • ·c: 6 Fe(ll) 
·c; • xCu(l) E 
~ 40 • • Ag(l) 

Jg • • Zn(ll) 
20 • Cl) • E • • • • 

~ 0 0 
0 100 200 300 400 

Time (minutes) 

Figure 2 Separation of Au(I) from Fe(II), Cu(II), Ag(I), Ni(II) and Zn(II) with 12 % (v/v) LIX79 
using HFNDSX technique, Au(l): 10.0 mg/dm3

, Fe(II): 30 mg/dm3
, Cu(II): 30 mg/dm3

, 

Ni(II): 10 mg/dm3
, Ag(I): 3 mg/dm3 and Zn(II): 5 mg/dm3 at pH 10.35, NaCN = 500 ppm 
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ABSTRACT 

HYDRATION OF METAL PERCHLORATES 

EXTRACTED WITH TRIOCTYLPHOSPHINE OXIDE 

IN HEXANE 
S Kusakabe 
Department of Chemistry, Science University of Tokyo 
Kagurazaka, Shinjuku, Tokyo 162-8601 Japan 

A series of metal perchlorates were extracted with trioctylphosphine oxide (TOPO) in hexane and the hydration number 
of the extracted species as well as the solvation number of TOPO (n) were determined. From a comparison of these 
numbers with the coordination number of each metal ion, TOPO seems to coordinate in the inner-sphere (n </= 4), in the 
outer-sphere (n >/= 6), and in both spheres. TOPO is a stronger ligand than water. However, the bulkiness of TOPO 
molecule allows up to only four molecules to coordinate directly to the metal ion and the remaining coordination sites are 
available for water of hydration. In some cases the species that retain hydration water show good extraction. 

Keywords: metal perchlorates, alkali metals, alkaline earth metals, lanthanides, transition metals, trioctylphosphine 
oxide, ion hydration, ion solvation 

INTRODUCTION 

In solvent extraction systems the organic phase is saturated with water and the extracted 
species often carry hydration water into the organic phase. Since the perchlorate ion coordinates 
poorly to metal ions, a metal ion should have the highest hydration number when it is extracted as the 
perchlorate. Metal perchlorates can be extracted with solvating extractants such as trioctylphosphine 
oxide (TOPO) into a non-polar solvent. The solvation number of TOPO can be calculated from the 
dependence of the distribution ratio of the metal ion on the TOPO concentration. The hydration 
number of the extracted species can be estimated from the amount ~f water taken into the organic 
phase. In the present study, results for several trivalent metal ions are added to the previous ones14 on 
the extraction equilibria of a series of metal perchlorates with TOPO in hexane. The relationship 
between the solvation and hydration in this extraction system is discussed. 

EXPERIMENTAL 

The ionic strength of aqueous media was adjusted to unity except for the sodium salt solution 
( 4 mol dm-\ The initial concentrations of lithium perchlorate was l mol dm-3 and the divalent metal 
ions was 0.33 mol dm-3 The initial concentrations oftri-valent metal perchlorates were O.lmol dm-3 

in 0.4 mol dm-3 sodium perchlorate containing an amount ofperchloric acid to prevent the hydrolysis 
of the metal ion. Aliquots of the metal salt solutions and hexane solutions containing various amount 
of TOPO were placed in stoppered glass tubes . They were agitated for one or half an hour by a 
mechanical shaker in a room at 25°C. The distribution ratio of the metal ion was measured by atomic 
absorption spectroscopy or colorimetry. The concentration of water in the equilibrated organic phase 
was measured with a Hiranuma AQ-6 type Aquacounter by a coulometric Karl Fischer titration. 

The extraction equilibrium of m-charged metal ion is expressed as: 

D = [Mm+]org,total[Mm+] = [M(Cl04)m(TOPO)n]oJ[Mm+] =SKex.n *[CI04T~ (l) 

where n is the solvation number with TOPO on the extracted metal ion, and x represents the 
equilibrated concentration of unbonded TOPO after the co-extraction of water was taken into 
account2 The extraction constant is defined as: Kex,n *= [M(Cl04)m(TOPO)n]oJ [Mm+][Cl04T~. The 
asterisk indicates that the constant is obtained by using the free TOPO concentration excluding the 
TOPO associated with water. The latter quantity was calculated by a successive approximation from 
the TOPO mass balance: 

© 2000 Society of Chemical Industry 1309 



Proceedings ISEC'99 

[TOPO]org,totat= [TOPO]org + [TOPO ·H20]org+ 2[(TOP0h(H20)3]org +Sn[M(Cl04)m(TOPO)n]org 

=X+ K11CwX + 2K23c.}x2 +SnKex.n *[Mm+)[CI04·]mx" (2) 

The association constants of TOPO with water are Kllew=[TOPO·H20]org I [TOPO]org = 0.8 and 
K23Cw3= [(TOPOMH20)J]oJ[TOPO]org2= 10, respectively. The Cw is concentration of water dissolved 
in pure hexane, 3x10-3mol dm-3. The measured concentration of water is given by Eq. 3: 

[H20]org,totat = [H20lorg + [TO PO ·H20]org + 3[(TOPOh(H20)3]org+Sh[M(Cl04)m(TOPO)n·(H20)h]org 

= Cw + K 11CwX + 3K23CwV + hni<ex_n *[Mm+][Cl04-)mx" (3) 

The average hydration number of the extracted metal salt is calculated by Eq. 4: 

(4) 

The value of x, which was obtained in the process of calculation of extraction constants, is used here. 
When a single metal species is extracted, the hydration number is equal to hav· When, however, two 
species are extracted together, for example n = 4 and 6, the hydration number of each can be 
estimated by curve fitting to the plot of hav against x. The hns are related to hav in this case as shown 
in Eq. 5 and a pair of suitable value of h4and h6 should give a fit to the curve. 

h.v = (h4[M(Cl04)m(TOP0)4(H20)h4]org + h6[M(Cl04)m(TOP0)6(H20)h6]oJ[Mm+]org,totai 

= (h~ex.4*x4 + h~ex.6*x6)/(Kex.4*x4 + Kex.6*x6) (5) 

RESULTS AND DISCUSSION 

The results of the present study are shown in Table 1 together with those reported previously: 

Mm+ h a) 
!!!I 

cJI/'l nc) h3-4 h6-8 LogK~3;· LogK~6-s* 
Li+ 5.2 4 3 1-2 3.34 
Na+ 3.5 6 3 1-2 2.73 
Mg2• 100 6 4, 7 5-6 10-13 5.70 11.76 
Ca2+ 7.2 6 4, 6 2 3 7.09 11.41 
Mn2+ 8.7 6 4,6 5 5 6.79 11.6 
Co2+ 9.6 4-6 4, 7 1 10-11 5.47 12.0 
Ni2+ 10.4 4 4, 7 0 13 4.81 10.3 
Cu2+ 9.9 5 4, 7 1.5 5, 10 6.34 12.4 
Zn2+ 9.6 6 4,6 3 3 6.53 12.0 
Sc3+ 14.4 7 4,6 2.0 4.2 11.56 17.92 
y3+ 12.0 8 4,6 3.2 4.7 8.88 14.24 
La3+ 10.3 9 4, 8 3.9 5.1 9.00 20.05 
Eu3+ 11.4 8-9 4,6 1.9 4.6 8.83 14.28 

Nd3+d) 11.0 9 4, 6 2.1 4.6 8.78 14.19 
SmJ+d) 11.3 8-9 4, 6 1.7 4.7 8.87 14.26 
Dy3+dl 11.9 8 4,6 3.3 4.7 8.91 14.26 
GaJ+d) 17.4 6 4,8 4.9 8< 7.30 17.08 
ln3+d) 13.7 6 4, 6 3.9 4.7 9.41 15.39 
Cr3+e) 17.4 6 6 18.0 10.13 

a) Hydration number in aqueous solution (ref.5). b) Coordination number in aqueous solution 
(ref.6). c) Solvation number with TOPO in extracted species. d) Present work. e) To be submitted. 

Table 1 Hydration numbers and solvation numbers of metal ions and extraction constants of metal 
perchlorates with TOPO in hexane 
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In the table the results are compared with the hydration number (h.,Y and coordination 
number(CN)6 of a metal ion in aqueous solution. Most ofthe metal ions are extracted as two species: 
one is smaller and the other is larger in solvation and hydration numbers . Some of the metal ions are 
extracted with very large hydration number, for example, Ne+, Mg2+, and c~+. As discussed 
previously, metal ions transfer form an aqueous solution into nitrobenzene holding almost the whole 
hydration sphere around them2

•
7 These three metal ions seem to behave in a similar way. Contrary 

to the extraction into nitrobenzene in which the salts are completely dissociated, metal ions should be 
extracted as ion-pairs into hexane. Since the paired anion is located in the outer-sphere, it disturbs the 
outer-sphere hydration layer. Although this effect will reduce the hydration number, the hydration 
molecules at the most outside position are still interacting with bulk water molecules in the aqueous 
solution. In the organic phase, however this interaction should be less than in the aqueous phase, 
which will result in an increase of the hydration number in the organic phase. 

logK • 
ex,n 

2S 

La3+ 

20 0 Sc3+ 

0 Ga3+ 

0 

IS 
ln3+ 0 Eu3+ 

<(~3+Sm3+ 
Y +Nd3+ 2+ 

Sc3+ Ca2+ Cu C 2+ 
,/\ 0 

• 8 0 QOO Mi+ 

10 z 2+ 0 0 Sm3+In3+Ncf+ n 
•• y3-+uyJ~83 + Ni2+ c~+ 

Ca 2+ ztr-+ 2+ 
Cu2+ , ; [J Mn 

s 
Co2+ • [] [j Mi+ 

Ni2+ • nn 
3+ 3+ 

~Li+ In Ga 
··Na+ 

0 
0 s 10 IS 20 2S 

n +hn 

Figure 1 Extraction constants of metal perchlorates with TOPO in hexane vs sum 

of solvation number (n) and hydration number of the extracted species . Symbols 

are n=3(L'.), 4(',~) , 6(0 ,0 ), 7 or 8(",..1...) . Filled squares indicate when all the TOPO 

molecules are solvated in the inner-sphere .Open symbols for n=6, 7, and 8 indicate 

when all of the TOPO molecules lie in the outer-sphere. 

As shown in Table 1, hydration tendencies of metal ions are not simple to rationalise. This 
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may be because the TOPO and water molecules compete with each other for the coordination sites of 
a metal ion with. In order to understand the solvation-hydration relationship, the number of hydration 
and solvation were summed and plotted vs the logarithm of the extraction constants are in Fig. 1: 
TOPO molecules can combine with the metal ion and hydrating water. Water molecules can combine 
with the metal ion and hydration water but not with the solvated TOPO molecule. Consequently, the 
hydration water should preferentially enter into the coordination sites of the metal ion. Strictly 
speaking, a water molecule can bridge over two TOPO molecules, as is proposed in the 2 :3 hydrate of 
TOPO. When the hydration number of an extracted metal ion (hn) is less than its coordination 
number, namely hn < CN, the metal ion should have un-hydrated site(s) which TOPO molecules can 
occupy in the inner coordination sphere. When hn is larger than CN, all the inner coordination sites 
are already filled with water molecules and TOPO should remain in the outer-coordination sphere. 

The uni-charged metal ions are extracted with either three (Lt, Na+, K+, and Tn or four 
(Rb+, Cs+, and Ag+)1 TOPO molecules. Although only two metal ions were examined, both Lt and 
Na+ have one hydration water molecule. Thus, the coordination number four may be common among 
these uni-charged ions. 

Solvation with four TOPO molecules is common for the di- and tri-valent metal ions except 
Cr3+. Some of them show better extraction when the hydration number is larger (closed circles in Fig. 
1). Even when more than four coordination sites are available for TOPO, no more than four TOPO 
molecules enter into the inner-sphere probably because of the bulkiness of this ligand. The remaining 
coordination sites if any occupied with water, which saves the dehydration energy on the transfer from 
water to the organic phase. 

A solvation number of TOPO larger than six is found when the metal ions are fully hydrated 
(open symbols in Fig. 1) or when some of the TOPO molecules enter both into the inner and outer 
coordination sphere (semi-closed symbols in Fig. 1). In the latter case, assuming that all the hydration 
water is regarded as inner-sphere hydration water and that the coordination number of these metal 
ions is as usual (see Table 1 ), the number of remaining coordination site are mostly three ( CN -hn = 
3). The reason for this behavior is not clear. ' 

Concluding, the results of competition of water and TOPO molecules around the coordination 
sites of a metal ion are very complicated. However, complete dehydration is not always necessary for 
the extraction of metal ion. In some cases hydration in the extracted species may improve its 
extractability because it can save the dehydration energy on transfer from water to the organic phase. 
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SOLVENT AND SOLID EXTRACTION OF METAL IONS 

WITH 4-n-DODECYL-6-(2-THIAZOLYLAZO )

RESORCINOL 
Hideyuki Matsunaga 
Tohoku National Industrial Research Institute, 4-2-1 Nigatake, 
Miyagino-ku, Sendai 983-8551 Japan 

ABSTRACT 
The solvent extraction characteristics of several transition metal ions with 4-n-dodecyl-6-(2-thiazolylazo)resorcinol (DTAR) 
in 4-methyl-2-pentanone (MIBK) have been investigated. Copper (II) has been well extracted with DTAR and MIBK. An 
acid-base equilibrium of DTAR has been also checked in the solvent extraction system with MIBK. The second acid 
dissociation constant of DTAR has been measured to be 10-997

. The extraction constant of DTAR has been simultaneously 
obtained to be 105

·
3

, which is a large value compared with other extraction reagents. Solid extraction of the same metal ions 
with DTAR-impregnated polymer beads (DTAR-XAD-7) and DTAR-embedded Langmuir-Blodgett membrane coated on a 
quartz plate (DTAR-LB) has been also studied. It was found that copper (II) can be also successfully extracted with DTAR
LB as well as DTAR-XAD-7. The change in adsorption spectra of the plate to that ofCu(II)-complex from that of the reagent 
itself was observed upon immersing it in a Cu(II) solution. The extraction characteristics of several heavy metal ions with 
DTAR-XAD-7 have been compared with those of DTAR in MIBK. The order of the extractability with DTAR-XAD-7 is 
Cu(ll) > Co(II) > Ni(II), which is similar to that with DTAR in MIBK. It was concluded that DTAR could be widely used as 
an extractant in a solid extraction system as well as in an ordinary solvent extraction. 

Keywords: copper, cobalt, nickel, 4-n-dodecyl-6-(2-thiazolylazo)resorcinol, XAD-7, Langmuir-Blodgett membrane 

INTRODUCTION 

Long alkyl or alkenyl derivatives of common extracting agents are known as excellent 
extractants with specific performances. A derivative of 8-quinolinol or Kelex 100 is one of the most 
famous reagents having a structure which provides a good extractant for gallium from alkaline media. 1 

The author has proposed other example of these types of extractants with some interesting 
characteristics in solvent extraction? Some of the extraction characteristics of 4-dodecyl-6-(2-
thiazolylazo)resorcinol (DTAR, I) toward several heavy metal ions were previously reported briefly.2 

Strong hydrophobicity of DTAR was also observed in the previous study on the solvent extraction 
with 4-methyl-2-pentanone (MIBK). It was also suggested that DTAR may be used as a reagent for a 
reagent-impregnated polymer material (RIPOM) as a solid extractant for metal ions.3 

In this paper, solvent and solid extraction of several metal ions 
with DTAR is reported in more detail. A quartz plate coated with a 
Langmuir-Blodgett (LB) membrane has been investigated as a 
solid material as well as an ordinary RIPOM system using 
Amber lite XAD-7. A typical structure of the LB film is a self
assembly of a kind of surfactant. Thus, it is expected that the LB 
films should have a hydrophobic phase inside against a contacting 
water phase. The extraction characteristics of several heavy metal 
ions with DTAR-embedded LB film (DTAR-LB) and DTAR
impregnated polymer beads (DTAR-XAD-7) has been studied as 
compared with solvent extraction using the same reagent. 

EXPERIMENTAL 

Reagents and Apparatus 

l 

The extractant, DTAR, was prepared as reported by Matsunaga.2 This long alkyl derivative is 
as stable as the original TAR in the redox system. It can be stored at room temperature and in air. 
Amberlite XAD-7 beads (20-60 mesh) were washed with a sodium hydroxide solution, nitric acid 
followed by acetone and water. Poly-n-dodecylacrylamide (PDDA, Mn = 6200) was synthesised and 

© 2000 Society of Chemical Industry 1313 



Proceedings ISEC'99 

kindly donated by Dr. Sen4 and used for the base LB film. All other chemicals used were of 
analytical grade. DTAR was impregnated in XAD-7 as described in the previous paper.5 DTAR was 
embedded into aLB film using a Kyowa Kaimen Kagaku HBM-AP automatic Langmuir trough. 

The concentration of metal ion was determined with a SEIKO SP-1200 ICP Atomic Emission 
Spectrometer. The UV-VIS spectra were measured with a IITTACHI U3410 UV-VIS spectro
photometer. A TOA HM-50V pH-meter with a glass electrode was used for the measurement of pH. 

Extraction Procedure with MIBK 

An aliquot of the stock solution of the metal ion was placed in a 50 cm3 glass bottle. The 
acidity of the solution was adjusted with hydrochloric acid or a suitable buffer solution and diluted to 
the desired volume with distilled water. Into the solution was added the same volume of MIBK 
containing an appropriate amount of DTAR. Then, the mixture was shaken until equilibrium was 
attained. The distribution ratios for solvent extraction (DL) were calculated from the concentrations of 
the metal ion in the solution before and after shaking, based on the following equation: 

The amount of the metal ion extracted into MIBK (mol cm-3
) 

The amount of the metal ion left in the solution (mol cm-3) 

Extraction Procedure with RIPOM 

The fundamental procedure is the almost same as that in the solvent extraction. An aliquot of 
the stock solution of the metal ion was placed in a 50 cm3 glass bottle. The acidity of the solution 
was adjusted with a hydrochloric acid or a suitable buffer solution and diluted to the desired volume 
with distilled water. Into the solution was added a certain amount of RIPOM. The mixture was shaken 
until equilibrium was attained. The distribution ratios (Ds, cm3/g) for solid extraction were calculated 
also from the concentrations of the metal ion in the solution before and after shaking, based on the 
following equation: ' 

The amount of the metal ion in the RIPOM (mol g-1
) 

Ds = 

The amount of the metal ion left in the solution (mol cm-3) 

Extraction Procedure with LB film 

A quartz plate (10 mm x 50 mm x lmm) coated with DTAR embedded PDDA film was 
immersed into a metal ion solution in different pH conditions and left it until equilibrium was attained. 
After drying the plate in the air for a while, a change in UV-VIS spectra after a contact with the metal 
solution was checked to confirm the formation of metal complexes of DTAR. The concentration of 
metal ions in the aqueous phase was also measured to calculate the amount of the metal ions taken up_ 

RESULTS AND DISCUSSION 

Extraction with MIBK 

Distribution ratio of DTAR as a function of pH in water-MIBK system is shown in Figure 1. 
The value of log DL is relatively small at pH 13, whereas it increases with further increase in pH. It is 
suggested that the mono-anionic species HR should be extracted into MIBK as a sodium salt. This is 
supported by the fact that some of the sodium ions were extracted together with DTAR in these 
conditions. The data can be analysed based on the following equilibrium, assuming that the other 
species are not participating in the equilibrium under these conditions. 
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Ka2 Kexl 
HR NaHR 

where Ka2 and Kex1 represent the second acid dissociation constant and the extraction constant for 
mono-anionic species, respectively. 
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Figure 1 Effect of pH on the extraction of DTAR Figure 2 Plots of 1/DL against li[If'] 
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Figure 3 Effect of pH on the extraction of metal ions with DTAR 
[metal]= 2 x 10·5 mol ctm·3, [DTAR] = 2 x 104 mol dm-3• 
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Taking mass balance of the above equilibria using two constants, the following equation is obtained 
with regard to the distribution ratio of the reagent and the concentrations of each species. 

DL = [NaHR]/([HR] + [R2
-]) = Kexl[Na+][HR-]/[HR-]{1 + Ka2/[W]) (1) 

Taking reciprocal ofDL gives the next equation. 

1/DL = 1/Kex1[Na+] + Ka2/Kex1[Na+] [H+] (2) 

According to the equation (2), if [Na+] is constant, plots of 1/ DL against 1/[W] should give a straight 
line with 1/Kex1[Na+] as the interception and Ka2/Kex1[Na+] as the slope. Figure 2 shows the linear 
relationship between 11 DL and 1/[W]. Thus, the second acid dissociation constant of DTAR has been 
calculated to be 10-9

.
97

• The extraction constant ofDTAR has been simultaneously obtained to be 105
·
3

, 

which is a considerably larger value compared with those of other extracting reagents 
Figure 3 shows the effect of pH 

on the extraction of several metal ions 
with DTAR into MffiK. Copper {IT) was 
found to be strongly extracted and the 
order of the extractability was Cu(IT) > 
Co(ll) > Ni(II). The composition of the 
Cu{II)-DTAR complex is 1:1 (Metal : 
Reagent) according to the results on 
both the molar ratio and the continuous 
variation method, in contrast to the Ni 
and Co complexes which are both 1:2. 

Extraction with DTAR-XAD-7 

Figure 4 shows the effect of pH on the 
distribution ratio of several heavy metal 
ions with DTAR-XAD7. It was found 
that copper (IT) was strongly extracted 
as is in the solvent extraction into 
MffiK. Comparing the formation 
constants6

•
7 of TAR complexes with the 

distribution ratios of the metal ions on 
DTAR-XAD7, the order of the 
formation constants of 1:2 TAR 
complexes, Ni{ll) > Co(II) > Cu(II), does 
not agree with that of distribution ratios in 
the RIPOM system with DTAR. It 
matches to that of solvent extraction with 
MffiK. Hence, if the effect of alkyl group 
on the complex formation is small, the 
difference in these orders could be 
attributed to the difference in the 
structures of the complexes in MffiK and 
on XAD-7, where 1: 1 copper {IT) 
complex is the predominant species under 
the experimental conditions. 
Measurement of time dependency of the 
extraction with DTAR-XAD-7 showed 
that copper {II) was extracted within 30 
minutes. As was expected, it took a 
longer time to extract the metal ions with 
RIPOM than into MffiK. The rate of 
extraction, however, is large enough to 

Oll 
0 -

5 

4 

3 

2 

1 

0 

Ni(II) 

2 3 5 6 

Figure 4 Effect of pH on the extraction of metal 
ions with DTAR-XAD-7. 
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Figure 5 Time-course of the change in colour of 
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concentrate the metal ions with the flow system using the column packed with DTAR-XAD-7. 

Extraction with DTAR-LB 

The adsorption spectra of DTAR-LB film phase on a quartz plate along with the plate after 
Cu(II) was measured. The plate turned from orange to purple when it was immersed into a Cu(II) 
solution. The wavelength of maximum adsorption of the DTAR plate was 472 nm and changed to 550 
nm after immersion, which are similar to that of DTAR and of Cu(II) complex in the MffiK phase, 
respectively. It means that DTAR-LB extracts Cu(II) to make a Cu(II) complex on the film. Detailed 
studies indicate that DTAR is a co-component in the LB film with PDDA. Thus, the position of 
species extracted should be also in the same position as that of the monomer unit of PDDA in the LB 
membrane. In contrast, dithizone (DZ) and 8-quinolinol (OX) do not make a LB film themselves. It 
was found, however, that DZ is present also in the membrane phase, while OX is not in it. It is 
suggested that DZ should be dissolved in a hydrophobic part of the film which is formed with dodecyl 
groups of PDDA. 

The rate of uptake of metal ions with DTAR-LB was also checked by monitoring the colour 
change of the plate upon immersing it into a Cu(II) solution at pH 9.2. The result is shown in Figure 5. 
It was found that copper (II) was extracted into the LB film phase within a few minutes. It was 
confirmed that almost all the DTAR in the film can easily reacts with Cu(II) in the aqueous phase with 
which it is in contact. The DTAR-LB film turns yellow again after contacting with a 1 mol dm·3 HCl 
solution. This change in colour was reproducible during at least five cycles of extraction - stripping. 

CONCLUSION 

Solvent and solid extraction of several transition metal ions with three extraction systems 
using DTAR have been studied to explore the application of extracting reagents having long alkyl 
chains. In the ordinary solvent extraction, copper, cobalt and nickel have been well extracted with 
DTAR into MIBK under neutral pH conditions. Solid extraction of the same metal ions with DTAR
impregnated polymer beads (DTAR-XAD-7) and DTAR-embedded Langmuir-Blodgett membrane 
coated on a quartz plate (DTAR-LB) has been also studied. It was found that copper can be also 
successfully extracted with DTAR-LB as well as DTAR-XAD-7. The change in adsorption spectra of 
the plate to that of Cu(II)-complex from that of the reagent itself was observed upon dipping it into a 
Cu(II) solution. The extraction characteristics of several heavy metal ions with DTAR-XAD-7 have 
been compared with those ofDTAR in MmK. The order of the extractability with DTAR-XAD-7 is 
Cu(II) > Co(II) > Ni(II), which is similar to that with DTAR in MmK. 

It was concluded that DTAR could be widely used as an extractant in solid extraction system. 
Extracting reagents having long alkyl chains must have a wide potential in the application including 
sensing systems for ultra trace amount of metal ions. 
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ABSTRACT 

THE SEPARATION OF PHENOL FROM NEUTRAL 

OILS BY LIQUID-LIQUID EXTRACTION 
Denise L Venter and Izak Nieuwoudt 
Department of Chemical Engineering, University of Stellenbosch, 
Banhoekweg, 7600 Stellenbosch, South Africa 

In this study, the separation of phenol from neutral oils by means of liquid-liquid extraction is investigated. Liquid-liquid 
equilibria for the systems phenol + aniline + benzonitrile + 5-ethyl-2-methylpyridine + mesitylene + hexane + water + 
triethylene glycol have been determined at 313.15 K to evaluate the suitability of triethylene glycol as a high-boiling 
sol vent for the separation of phenol from neutral oils. The effect of parameters such as solvent ratios on the desired 
separation is illustrated on the basis of phenol-benzonitrile separation factors and percentage recoveries of phenol. From 
the experimental results it was concluded that triethylene glycol is suitable for the proposed separation. 

Keywords: phenols, glycols, nitriles, nitrogen bases, aromatics, neutral oils 

INTRODUCTION 

The recovery of valuable phenolic compounds from coal pyrolysis liquors has long been of 
interest. The separation of the phenolic compounds from the neutral oils, also present in the pyrolysis 
liquors, is difficult due to low relative volatilities, the formation of azeotropes and eutectics.1 The 
separation of phenol from benzonitrile and aniline is especially difficult. 

Separation of phenolic compounds from neutral oils by solvent extraction with solvents such as: 
aqueous acetamide, 2 sodium xylenesulphonate, isobutyl acetate and aqueous methanol solutions3 and 
sodium phenolate4 have been investigated. Disadvantages of these processes include the high solvent 
ratios required and complex post-purification of the phenolic product. 

A high-boiling solvent, triethylene glycol, was chosen for the separation of phenol from neutral 
oils with the assistance of a computer aided molecular design program. In addition to triethylene glycol, 
a co-solvent, water, and an anti-solvent, hexane, were used in an extraction system with a feed stream 
consisting of a mixture of phenol, benzonitrile, aniline, 5-ethyl-2-methylpyridine and mesitylene. The 
composition of the feed stream was based on the analysis of a typical industrial coal pyrolysis liquor 
fraction. 

SOL VENT SELECTION 

Benzonitrile was identified as the neutral oil potentially most difficult to separate from phenol. 
A computer aided molecular design program based on a genetic algorithm, using the modified Unifac 
method, was therefore used to predict a solvent suitable for the separation of phenol from benzonitrile. 
Favourable phenol-benzonitrile separation factors were predicted for ethylene glycol as well as for 
molecules containing ether, carbonyl and unsaturated hydroxyl functional groups . Triethylene glycol 
was consequently identified as a likely solvent for the proposed separation. Batch extractions with 
triethylene glycol, water, hexane and a feed stream consisting of phenol, aniline, benzonitrile, 5-ethyl-2-
methylpyridine and mesitylene were simulated with PROI~. The results obtained were highly 
satisfactory. 

EXPERIMENTAL 

Batch extraction tests were executed to determine the effect of solvent ratios on the separation 
of phenol from neutral oils. Ratios of high-boiling solvent to feed water to high-boiling solvent and anti
solvent to feed were varied from 0.5 to 3.0, 0.0 to 0.7 and 0.5 to 5.0 respectively. The concentrations of 
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the components in each resulting liquid phase, with the exception of water, were determined by capillary 
gas chromatography with a FID detector. The water concentrations were determined by Karl-Fischer 
titrations . In all extractions the feed stream was defined as a mixture of phenol + benzonitrile + aniline 
+ 5-ethyl-2-methylpyridine + mesitylene in the ratio 10.65: 1 : 1 : 1 : 1.35. 

RESULTS AND DISCUSSION 

The post-purification removal of benzonitrile from the phenolic product is extremely difficult. 
The efficiency of triethylene glycol for the separation of phenol from neutral oils was therefore 
evaluated according to the degree of separation achieved between phenol and benzonitrile and the 
recovery of phenol. 

The phenol-benzonitrile separation factor J3 12 is defined as follows: 

P 12 = (p,'l p,n) I (p21
/ P2n) (1) 

where p1
1 and p 1n are the mass percentages of phenol, and P21 and p2n are the mass percentages of 

benzonitrile in the extract and raffinate phases respectively. 
The compositions of the batch extraction phases, as well as the phenol-benzonitrile separation 

factors and phenol recoveries are shown in Table 1. 
The effect of the water to high-boiling solvent ratio on the phenol-benzonitrile separation 

factors (J3 12) and phenol recoveries are shown in Figures I and 2 respectively. 
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Water to Solvent Ratio hlf=5 .0 

Figure 1. Effect of Water to Solvent Ratio on Phenol-Benzonitrile Separation Factors at Constant 
Solvent to Feed and Hexane to Feed Ratios. 

As can be seen from Table I, the J3 12 values and phenol recoveries achieved are very good. 
With the exception of extractions where a low solvent to feed ratio (0.5) is combined with a high hexane 
to feed ratio (5 .0), phenol recoveries in excess of90% are achieved for a single extraction. 

It can be seen from Figure 1 that an increase in the water to solvent ratio from 0.0 to 0.3 leads 
to a rise in J3 12 for all solvent to feed and hexane to feed ratios. A further increase in the water to 
solvent ratio leads to a decrease in J3 12 where the solvent to feed ratios are greater than 1.5 and the 
hexane to feed ratios greater than 3.0. At lower solvent to feed and hexane to feed ratios an increase in 
the water to solvent ratio leads to an increase in P12· 
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S/f h/f w/s p 1 P2 p, P• p, P• ~" E, 
% 

Phenol (l)+Benzonitrile (2)+Aniline (3)+Mesitylene (4)+5-Ethyl-2-methylpyridine (5)+ Water (6)+Hexane (7)+Triethylene Glycol (8) 

1.0 3.0 0.3 30.64 2.05 2.67 0.18 1.50 15.27 1.11 1.44 0.88 0.33 2.87 1.23 0.04 92.89 9.2 93.9 
1.0 1.0 
1.0 0.5 
1.5 4.9 
1.0 4.9 
1.0 1.0 
1.0 3.0 
0.5 3.0 

0.3 31.16 2.57 
0.3 30.28 2.70 
0.7 19.40 0.93 
0.3 30.45 1.72 
0.7 26.72 2.09 
0. 7 26.60 1.57 
0.7 39.38 2.49 

1.5 3.0 0.7 
3.0 3.0 0.7 
1.5 3.0 0.1 
1.0 5.0 0.1 
0.5 3.1 0.1 
1.0 3.0 0.1 
2.0 3.0 0.1 

19.68 1.23 
11.68 0.76 
26.60 1.88 
34.47 2.05 
47.06 3.05 

34.22 2.40 
22.95 1.50 

2.85 
2.77 
1.72 
2.56 
2.41 
2.24 
3.42 

1.69 
1.06 
2.28 
2.84 
3.74 
3.04 

1.98 

0.53 
0.88 
0.04 
0.12 
0.29 
0.12 
0.22 

0.06 
0.04 
0.28 
0.19 

0.44 
0.36 
0.28 

2.15 14.84 1.48 2.02 1.18 0.40 7.24 1.80 0.05 87.17 7.1 96.9 
2.29 14.57 1.51 2.65 1.45 0.48 11.56 2.38 0.04 81.35 6.1 98.0 
0.58 31.96 0.47 1.25 0.77 0.32 1.65 0.95 O.D2 94.91 12.9 90.6 
1.07 15.71 1.23 1.05 0.60 0.26 1.74 0.86 0.03 95.46 10.1 92.4 
1.64 27.34 0.73 2.64 1.49 0.45 7.68 2.16 0.04 85.53 
1.08 27.07 0.66 1.73 0.95 0.36 2.91 1.32 0.06 92.49 
1.65 20.93 1.06 2.42 0.95 0.39 2.79 1.37 0.05 91.97 

7.2 95.9 
9.3 92.3 
6.2 89.8 

0.75 31.02 0.32 1.51 0.93 0.31 2.73 1.38 O.Q3 93.08 9.8 93 .0 
0.43 35.02 0.33 1.15 1.00 0.27 3.04 1.39 O.Q3 93.09 13.3 95 .3 
1.45 6.72 1.11 1.04 0.68 0.23 2.60 1.02 O.Q3 94.32 9.3 95.4 
1.37 5.80 2.00 1.17 0.60 0.28 1.67 0.77 0.02 95.42 8.7 91.5 

2.34 4.12 3.92 2.16 0.77 0.35 2.50 0.98 O.D2 93.13 5.5 90.4 
1.86 5.72 2.00 1.22 0.70 0.28 2.61 0.97 0.02 94.15 8.2 94.6 
1.23 7.12 1.07 0.98 0.70 0.26 2.62 1.02 0.01 94.34 10.9 95.9 

3.0 3.0 0.1 16.61 1.18 1.49 0.25 1.02 7.90 0.97 0.52 0.52 0.15 2.61 0.84 0.02 95.35 14.2 97.8 
0.5 4.9 0.7 
2.0 5.0 0.7 
0.5 1.0 0.7 
1.5 1.0 0.7 

2.0 1.1 0.7 
3.0 0.8 0.7 
3.0 1.0 0.7 

0.5 3.0 0.3 
1.5 3.0 0.3 
3.0 3.0 0.3 
1.5 1.0 0.3 
0.5 1.0 0.3 
2.0 1.0 0.3 
2.9 1.0 0.3 
1.5 0.5 0.3 
0.5 0.5 0.3 

2.0 0.5 0.3 
3.0 0.5 0.3 
0.5 1.0 0.1 

0.5 5.2 0.3 
1.5 5.0 0.3 
2.0 4.9 0.3 
3.0 5.0 0.3 
0.5 5.0 0.1 
1.5 4.9 0.1 
2.0 5.0 0.1 
3.0 5.0 0.1 
1.5 5.0 0.0 

2.0 5.0 0.0 

1.5 3.0 0.0 

3.0 3.0 0.0 
1.0 3.0 0.0 

38.36 2.15 
15.75 0.74 
38.94 3.03 
20.56 1.54 

15.73 1.17 
11.79 0.96 

11.46 0.91 
43.16 2.98 
23.24 1.57 
14.10 1.00 

23.61 2.04 
42.15 3.70 
18.86 1.57 
14.45 1.17 
23 .79 2.16 
42.53 3.95 

19.22 1.72 
14.39 1.26 

44.56 3.87 
40.44 2.59 
23.57 1.33 

19.23 1.06 
13.79 0.85 
45.12 2.66 
26.59 1.72 
22.33 1.42 
16.35 1.10 
28.11 1.90 
23 .92 1.61 

27.83 2.07 
17.60 1.50 
35 .08 2.33 

3.08 
1.32 
3.53 
1.98 

1.44 
1.15 

1.11 
4.01 
2.19 
1.31 
2.23 
4.12 
1.73 
1.36 
2.31 
4.10 

1.89 
1.37 

4.16 
3.67 
2.05 
1.70 
1.24 
3.68 
2.22 
1.94 
1.49 

2.46 
2.13 

2.54 

1.68 
2.99 

0.15 
0.03 
0.68 
0.19 

0.11 
0.11 

0.08 
0.34 
0.15 
0.09 
0.37 

1.03 
0.27 
0.23 
0.68 
1.72 

0.48 
0.37 
1.25 
0.18 

0.07 

0.07 
0.05 
0.25 
0.17 
0.21 
0.20 
0.49 
0.47 

0.50 

0.48 
0.50 

1.35 21.65 2.15 1.87 0.75 0.38 1.72 0.89 0.02 94.32 7.1 86.1 
0.46 32.62 0.65 1.15 0.73 0.29 1.73 0.93 0.02 95 .13 13.6 91.6 
2.66 20.01 1.96 3.39 1.26 0.50 6.95 1.86 0.07 85.94 4.8 94.5 
1.23 29.53 0.58 2.48 1.42 0.45 7.06 2.39 0.04 86.11 7.7 95.9 

0.89 34.51 0.47 2.22 1.45 0.39 6.99 2.32 0.03 86.55 8.8 96.3 
0.80 34.34 0.54 1.96 1.53 0.34 9.28 2.56 0.03 84.25 9.6 97.5 
0.73 34.84 0.27 1.69 1.37 0.31 7.48 2.33 O.Q3 86.12 10.1 97.3 
2.23 11.38 3.13 2.11 0.82 0.37 2.74 1.05 0.03 92.82 5.6 90.5 

1.16 18.50 0.95 1.18 0.80 0.29 2.87 1.11 0.02 93.70 10.1 94.6 
0.76 20.62 0.84 0.66 0.68 0.19 2.86 1.05 0.01 94.25 14.5 97.1 
1.65 17.92 0.98 1.72 1.18 0.36 7.27 1.82 0.03 87.53 7.9 97.4 
3.40 11.28 2.10 2.93 1.17 0.53 6.91 1.79 0.04 86.50 4.6 95.5 
1.42 18.92 0.93 1.33 1.00 0.27 7.45 1.78 0.02 88.06 9.1 97.9 
1.08 20.26 0.44 1.06 0.95 0.22 8.26 1.70 0.02 87.72 11.1 98.5 
1.98 17.71 1.15 2.02 1.32 0.38 13.49 2.20 0.03 80.52 7.3 98.5 
3.52 10.69 1.56 3.36 1.24 0.53 11.05 1.78 0.05 81.96 4.0 97.4 

1.52 18.81 1.07 1.71 1.28 0.33 12.88 2.07 0.03 81.70 8.3 98.6 
1.16 20.84 0.81 1.39 1.11 0.26 15.48 1.96 0.02 79.71 9.1 99.1 
3.50 4.15 4.75 2.80 1.08 0.49 6.79 1.42 0.03 87.33 4.4 95.8 
1.62 12.44 2.18 1.71 0.70 0.30 1.58 0.76 0.01 94.88 6.3 86.3 

0.92 18.05 1.06 0.87 0.64 0.25 1.69 0.81 0.01 95 .36 13.0 93.5 
0.76 19.22 0.81 0.69 0.58 0.21 1.72 0.76 0.01 95.51 15.2 94.8 
0.62 20.61 0.59 0.51 0.54 0.17 1.69 0.76 0.01 96.21 17.1 96.1 
1.97 4.82 4.10 1.76 0.64 0.34 1.68 0.78 0.02 94.68 6.1 86.8 
1.22 6.63 1.96 0.74 0.57 0.20 1.65 0.76 0.01 95.97 11.8 94.5 
1.04 7.12 1.16 0.58 0.53 0.17 1.67 0.70 0.01 96.24 14.4 95.8 
0.83 7.73 1.05 0.39 0.44 0.13 1.55 0.60 0.01 96.79 17.0 97.2 
1.49 0.00 2.63 0.71 0.50 0.17 1.53 0.69 0.00 96.29 10.4 94.8 
1.31 0.00 2.25 0.57 0.46 0.15 1.49 0.62 0.00 96.64 12.1 96.0 

1.80 0.00 3.45 0.87 0.59 0.18 2.54 0.94 0.00 94.78 9.0 96.1 
1.17 0.00 1.93 0.44 0.46 0.12 2.36 0.76 0.00 95.73 12.3 98.1 
2.06 0.00 4.60 1.44 0.67 0.28 2.60 0.87 0.00 94.04 7.0 93.9 

Table 1. Isothermal Liquid-liquid Equilibrium Data, Solvent Phase Mass Percentages p/, Antisolvent 
Phase Mass Percentages p/1 

, Separation Factors P12, and Recoveries E~, for Phenol (1) + Benzonitrile 
(2) + Aniline (3) + Mesitylene (4) + 5-Ethyl-2-methyl-Pyridine (5) Water (6) + Hexane (7) + 
Triethylene Glycol (8) at 313.15 K and 101.3 kPa. 
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Figure 2. Effect of Water to Solvent Ratio on Percentage Phenol Recovery at Constant 
Solvent to Feed and Hexane to Feed Ratios. 

From Figure 2 it is clear that the phenol recoveries without exception decrease with an increase 
in the water to solvent ratio. 

From Figures 1 and 2 it can also be seen that an increase in the hexane to feed ratio at constant 
water to solvent and solvent to feed ratios leads to significant increases in P12 and decreases in the 
phenol recoveries . Thus for a solvent to feed ratio of 0.5, and a water to solvent of 0.7, P12 increases 
from 4.8 to 6.8 and the phenol recovery decreases from 94.5% to 86.1% as the hexane to feed ratio 
increase from l. 0 to 5. 0. 

The effect of the solvent to feed ratio on P12 and the phenol tecoveries are shown in Figures 3 
and 4 respectively and show respectively that both P12 and the phenol recoveries increase with an 
increase in the solvent to feed ratio. 
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Figure 3. Effect of Solvent to Feed Ratio on Phenol-Benzonitrile Separation Factors at Constant Water 
to Solvent and Hexane to Feed Ratios . 
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Figure 4. Effect of Solvent to Feed Ratio on Percentage Phenol Recovery at Constant Water to Solvent 
and Hexane to Feed Ratios. 

Phenol-analine (13 13), phenol-mesitylene (l314) and phenol-5-ethyl-2-methylpyridine (l315) 

separation factors can be calculated from Table 1, in an analogous manner to the phenol-benzonitrile 
separation factor. The values obtained are 1.6-3.7, 81.4-842.6 and 6.4-33 .1 for l3 13, J3 14 and 13 15 

respectively. 

CONCLUSIONS 

Triethylene glycol is an effective solvent for the separation of phenol from neutral oils. 
Average values obtained for phenol-benzonitrile (13!2}, phenol-analine' (13 13), phenol-mesitylene (13 14) and 
phenol-5-ethyl-2-methylpyridine (J3 15) separation factors are 9.5, 2.5, 340 and 18.3 respectively. Phenol 
recoveries in excess of 90 % can be achieved in a single batch extraction. An increase in the solvent to 
feed ratio leads to a significant increase in both the phenol-benzonitrile separation factors (J312) and the 
phenol recoveries . An increase in the hexane to feed ratio leads to an increase in !3 12 and a decrease in 
phenol recovery. An increase in the water to solvent ratio leads to a decrease in phenol recovery. Water 
to solvent ratios should thus not exceed 0.3. Hexane to feed ratios greater than 3.0 should not be used 
in combination with solvent to feed ratios smaller than I . 0. 

NOMENCLATURE 

p equilibrium mass percentage 
E mass percentage recovery in extract (solvent = triethylene glycol) phase 
w/s Water to solvent (triethylene glycol) mass ratio 
s/f Solvent (triethylene glycol) to feed mass ratio 
h/f Hexane to feed mass ratio 
13 Separation Factor (defined in equation 1) 

Superscripts 
I extract (solvent = triethylene glycol) phase 
II raffinate (anti-solvent= hexane) phase 
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ABSTRACT 

EXTRACTION OF ACETIC AND PROPIONIC ACIDS 

FROM AQUEOUS NaCl SOLUTIONS BY 

TRIOCTYLPHOSPHINE OXIDE 
HF Al-Mudhaf, AI Abu-Shady, SA Amer and MF Hegazi 
College of Technological Studies, Shuwaikh, Kuwait 
P. 0. Box 43886 Hawalli, 32053 Kuwait, State of Kuwait. 

Partition data for transfer of acetic and propionic acids from aqueous (NaCl) solutions to cyclohexane in the absence and in 
the presence of tri-n-octylphosphine oxide (TOPO) were determined at 30°C. The monomer partition constants, the 
dimerization constants, and the association constant for TOPO-acid complexes have been evaluated. Salting out parameters 
were found to increase with increasing (TOPO) level in the organic phase as a result of stabilization of acid by complexing 
with (TOPO). 

Keywords: acetic acid, propionic acid, tri-n-octylphosphine oxide, salting out, association constant. 

INTRODUCTION 

The use of tri-n-octylphosphine oxide (TOPO) as an extractant for removal of fatty acids from 
aqueous solutions is now well documented. 1

-
3 Because of its high hydrogen bonding acceptor 

basisity,3-
6 TOPO forms a stable hydrogen bonded complex with an organic acid, thereby enhancing 

the transfer of an organic acid to the extract phase. In addition TOPO is characterized by its excellent 
stability, high boiling point, and low solubility in water. However, due to the increased cost ofTOPO, 
a search for procedures leading to better extraction results with a minimum used quantities of TOPO is 
highly desirable. Among the procedures to achieve this goal are lowering of temperature, changing the 
diluent, and salting out processes. 

The intent of the present paper is to study the transfer of acetic and propionic acids from 
aqueous (NaCl) solutions to TOPO dissolved in cyclohexane as a diluent. The data obtained from this 
work are crucial in evaluating these systems in various contactors. 

EXPERIMENTAL 

Acetic acid, propionic acid, and sodium chloride (Analytical Univar Reagent), cyclohexane 
(Merk), and tri-n-octylphosphine oxide (Fluka) were used without further purification. Double distilled 
water was used throughout the work. 

Exoerimental Procedure. 

All aqueous acetic and propionic acids solutions containing various concentrations ofNaCl as 
well as TOPO-cyclohexane solutions were prepared by weight and the concentration of the acid in 
these solutions was checked by titration. Appropriate amounts of concentated HCl were added to all 
the aqueous solutions so that the final HCl concentration was always 0.01 M. Partition experiments 
were made by shaking equal volumes of aqueous and organic phases (20.0 cm3 each) in a stoppered 
conical flask in a flask shaker (200 rpm) for two hours. The contents were transferred into a glass
stoppered test tube and incubated in a thermostated water bath at 30°C ± 0.1, for 30 min. A test tube 
was removed from the water bath for few seconds during which it is shaked vigorously on a Vortex 
test tube shaker to reequilibrate at the desired temperature. This was followed by incubation in the 
water bath overnight for complete phase separation. The acid concentration in the organic layer was 
determined by titrating an aliquot with standardized NaOH using phenolphthalein as an indicator. 
Duplicate determinations were made for each organic layer and the organic acid concentration in the 
aqueous phase was determined by difference from initial acetic acid concentration in the aqueous 
phase. A blank partition experiment, in the absence of organic acid was carried out similarly for each 
NaCl concentration used and the volumes of NaOH required in the main partition experiment were 
corrected accordingly. Partition experiments involving TOPO were carried out in a similar way. 
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RESULTS AND DISCUSSION 

The system under study involves the extraction of acetic and propionic acids from aqueous 
solutions ofNaCl by cyclohexane containing TOPO. The use ofNaCl in the aqueous phase generates 
two effects; the first results from the salting out of the acid from aqueous phase and the second arises 
from complexation of acid with TOPO in the organic phase. In order to resolve these effects, it is 
necessary to study the partition of these acids between aqueous solutions containing NaCl and 
cyclohexane in the absence and in the presence ofTOPO. Data of transfer of acetic acid from aqueous 
NaCl solution to cyclohexane in the absence ofTOPO have previously been reported at 30°C.7 

The partition coefficient (D), defined as the ratio of total acid concentration in the organic and 
the aqueous phases, is related to the partition constant of monomer (K!) and the dimerization constant 
(Klirn) by equation (1 ): 8 

D = (Ki + 2K!2 l<.lirn c.) I (1 + K. I [H+]) (1) 

where c. is the concentration of undissociated acid in the aqueous phase. 
The partition data in this study were made under conditions where the pH of the 

aqueous phase is well below the pKa values of the acid studied. The partition coefficients, at 
30°C for propionic acid between aqueous phases containing various concentrations of sodium 
chloride and cyclohexane as a function of concentration of undissociated acid are listed in 
Table 1. 

NaCl] mole dm_, 10" D ([propionic acid]., mole dm-,) 

0.0 1.29 (0.050); 1.99 (0.098); 2.61 (0.147); 3.62 (0.219); 4.78 (0.289); 
5.72 (0.358); 6.32 (0.403); 7.22 (0.470). 

1.0 3.19 (0.097); 5.53 (0.191); 7.69 (0.280); 9.75 (0.366); 11.6 (0.450). 
2.0 4.98 (0.096); 9.08 (0.185); 12.6 (0.268); 16.3 (0.347); 19.4 (0.422). 
3.0 1.16 (0.093); 14.7 (0.175); 20.9 (0.250); 25.9 (0.320); 30.8 (0.385). 

4.0 23.4 (0.163); 31.9 (0.229); 40.2(0.287); 46.8 (0.343). 

Table 1 Partition Coefficients of Propionic Acid between Cyclohexane and Aqueous 
Solutions Containing Various NaCl Concentrations at 30°C. 

The values of (K!) and (l<.lim) in the absence of salt were deduced from the intercept and slope 
of the linear least square (D - Caq) plot of the corresponding data. The values for log I<.! and log l<.!im 
were found to be -2.25 and 3.35, respectively in a close agreement with those reported by Sekine et 
a/.1 The (I<.!) values at various NaCl concentrations were deduced from solving equation (2) 

2l<&rn [HA]0
2 + [HA]a = Co (2) 

where [HA]0 and(c0) are the concentration of acid monomer and the total acid concentration in the 
organic phase, respectively. The Kt values for acetic and propionic acids are included in Table 2. 

Acid [NaCl] mole dm_, WKt Kex LogK 
Acetic Acid 0.0 0.70 ± 0.09 7.24 ± 0.11 4.01 

1.0 0.84 ± 0.11 11.6±0.7 4.14 
2.0 1.05 ± 0.29 16.5 ± 1.3 4_19 
3.0 1.31 ±0.10 19.2 ± 1.2 4_12 

Propionic Acid 0.0 5.6 ±0.6 54.6 ± 2.9 4.07 
1.0 7.4 ± 0.7 74.4 ± 6.7 4 .00 
2.0 9.8 ± 1.1 108.2 ± 4.2 4.04 
3.0 13.0 ± 3.0 151.0 ± 9.0 4.06 

* K.! values for acetic acid were taken from reference 5. 

Table 2 Summary of Equilibrium Constants at 30°C. 
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Extraction of carboxylic acids by TOPO dissolved in an organic diluent involves the formation of a 
carboxylic acid- TOPO complex, (HAE), with an association constant, K: 

K = [HAE]o I [HA]o [E]o (3) 

where [E]o is the concentration of free TOPO in the organic phase which equals [E]total, 0 - [HAE]0 • The 
partition coefficient (D) can be expressed as a function of free (TOPO) concentration by the equation;7 

D = n' + ~X [E]o (4) 

Where (D') represents the partition coefficient in the absence of extractant at the specified salt 
concentration used. In our study its magnitude is insignificant compared to the observed partition 
coefficient for all experiments involving TOPO. The extraction constant~ .. defmed by equation (5): 

~x = [HAE]o I (ca) [E]o (5) 

is related to the association constant K by the equation: 

~x = K.!K (6) 

The dependence of partition coefficients of acetic and propionic acids as a function of both 
TOPO concentration in the organic phase and salt concentration in the aqueous phase at 30°C are 
displayed in Table 3. The concentrations of acetic and propionic acids were kept constant for these 
partition experiments at 0.206 and 0.101 mole dm-3, respectively. The values of ~x and K for both 
acids at various NaCl concentrations are listed in Table 2. 

[NaCl] 10 D 
moledm-3 ([Acid]., mole dm-3

) 

[TOPO]total => 0.02 0.04 0.06 0.08 0.10 
moledm-3 

Acetic Acid 

0.0 0.645 1.31 1.96 2.69 3.46 
(0.198) (0.186) (0.176) (0.166) (0.157) 

1.0 0.789 1.66 2.57 3.51 4.45 
(0.191) (0.177) (0.164) (0.152) (0.142) 

2.0 0.836 1.75 2.67 3.73 5.20 
(0.190) (0.176) (0.163) (0.151) (0.136) 

3.0 0.878 1.88 2.95 4.02 5.53 
(0.189) (0.174) (0.159) (0.147) (0.133) 

Propionic Acid 

0.0 2.34 5.11 9.19 14.0 19.4 
(0.082) (0.067) (0.053) (0.042) (0.034) 

1.0 2.62 5.79 10.20 17.3 23.6 
(0.080) (0.064) (0.050) (0.037) ( 0.030) 

2.0 3.04 6.54 11.90 19.1 30.6 
(0.077) (0.061) (0.046) (0.035) (0.025) 

3.0 3.56 7.46 14.00 22.9 38.5 
(0.074) (0.058) (0.042) (0.031) (0.021) 

Table 3 Partition Coefficients for Acetic and Propionic Acids as a Function of Total Concentration of 
(TOPO) in Cyclohexane and the Concentration of (NaCI) in Aqueous Phase at 30°C. 
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It can be seen that the change of K.x with salt concentration is larger for propionic acid 
compared with acetic acid. This result substantiates the earlier finding that the hydrophobicity of the 
acid controls not only the magnitude of K.x but also the sensitivity of the acid towards salting out.3

•
10

•
1 1 

In addition, the values of K are nearly the same for both acids and also independent on the 
concentration ofsalt in the aqueous phase, as excepted. The association constant reported here is very 
close to that found by Sekine et al1 in hexane at 25°C using 1 mole dm-3 hydrochloric acid in aqueous 
solution. 

The partition coefficient data obtained in the present work using various levels of TOPO in 
cyclohexane at various NaCl concentrations in the aqueous phase have permitted the evaluation of 
salting out parameter (k,) associated with each TOPO level using the well known Sechenov equation:9 

Log(D I Do) = k, [salt] (8) 

where D and Do denote the partition coefficients in the presence and in the absence ofNaCl in 
an aqueous phase, respectively. It is known that k, is a measure of sensitivity of a solute to be salted in 
(salted out) by changing the salt concentration in an aqueous phase. Since in the present study only 
one salt and one solute, either acetic or propionic acid, is being used and the concentration of TOPO in 
cyclohexane is variable. It is not unreasonable, therefore to consider k, as a measure of sensitivity of 
the solvent with a certain TOPO level towards salting out of a given carboxylic acid from an aqueous 
phase. The variation ofk, as a function ofTOPO concentrations are listed in Table 4. 

The magnitude of k, values is, in general, small and their standard errors may lead to 
overlapping of some of determined values. Nevertheless, there is a gradual increase, although not 
uniform, as TOPO level increases. In view of hydrophobicity of both acids, it is not unexpected to see 
that the values obtained for propionic acid are higher than the corresponding values for acetic acid at 
the same TOPO level. The increase in k, with TOPO concentration may reflect the ability of TOPO to 
complex with the extra acid molecules transferred as a result of salting out process. 

[TOPOh,o 
mole dm-3 

Acetic Acid Propionic Acid 

0.02 0.024 ± 0.001 0.067 ± 0.001 
0.04 0.027 ± 0.002 0.105 ± 0.030 
0.06 0.029 ± 0.008 0.069 ± 0.001 
0.08 0.030 ± 0.002 0.062 ± 0.011 
0.10 0.048 ± 0.011 0.107 ± 0.004 

Table 4 Values of the salting out parameter (k,) for Acetic and Propionic Acids at Various TOPO 
Levels. 

The magnitude of k, values is, in general, small and their standard errors may lead to 
overlapping of some of determined values. Nevertheless, there is a gradual increase, although not 
uniform, as TOPO level increases. In view of hydrophobicity of both acids, it is not unexpected to see 
that the values obtained for propionic acid are higher than the corresponding values for acetic acid at 
the same TOPO level. The increase in k, with TOPO concentration may reflect the ability of TOPO to 
complex with the extra acid molecules transferred as a result of salting out process. 

In summary, the present data provide a quantitative evaluation of the effect of addition of 
NaCl to the aqueous solution on the extraction of acetic and propionic acids by TOPO dissolved in 
cyclohexane. The high partition coefficients obtained in this work may be attributed to two effects 
which reinforce each other (i) the stabilization of the carboxylic acid in the organic phase through 
complexing with TOPO, and (ii) the salting out of the acid as a result of addition of NaCl to the 
aqueous phase. Work is being conducted in our laboratory in order to find out the possibility of 
"overloading" of TOPO with two or more molecules of acid particularly at higher concentration levels 
of both salt and acid. 
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ABSTRACT 

EXTRACTION OF LANTHANIDES(III) AND 

ACTINIDES(III) BY N,N' -SUBSTITUTED 

MALONAMIDES: THERMODYNAMIC AND KINETIC 

DATA 
MC Charbonnel\ M Daldon\ C Berthon\ MT Presson\ 
C Madic1 and C Moulin2 

1Cornmissariat a l'Energie Atomique, CEN Valrho, Marcoule, BP 
171, 30207 Bagnols-sur-Ceze Cedex, France 
2Cornmissariat a l'Energie Atomique, CEN Saclay, 91191 Gif
Sur-Yvette Cedex, France 

Flll1damental studies related to the thermodynamics and kinetics of extraction were carried out as part of the development 
of the DIAMEX process. The work presented here focused on extraction of trivalent actinides and lanthanides using the 
extractant DMDBTDMA (N,N'-dimethyl-N,N'-dibutyltetradecylmalonic diamide). The influence of nitric acid and diamide 
concentrations on extraction of lanthanide(ill) nitrates was considered for alkyl and aryl diluents. Spectroscopic 
investigations (uv/visible, Time-Resolved Laser-Induced Fluorescence (TRLIF), Nuclear Magnetic Resonance spectros
copy) were performed with toluene solutions to study the occurrence of M(ill)/N03. ion-pair mechanisms in high acidic 
conditions but no influence of acidity on the organic metal environment was folll1d. A comprehensive study of the extraction 
kinetics of lanthanide (ill), Am(ill) and Cm(ill) nitrates was performed using an optimised Lewis cell. The lighter 
lanthanides exhibit higher extraction rates than the others. This behaviour differs from that observed for M(ill) nitrates 
distribution ratios, which exhibit a tetrad effect. 

Keywords : lanthanides, actinides, malonamides, extraction kinetics, mechanism of extraction, Lewis cell, time resolved 
laser induced fluorescence, NMR, uv-visible spectroscopy 

INTRODUCTION 

This study was carried out under the CEA programme for the separation and transmutation of 
long-lived radionuclides, particularly the minor actinides contained in high-level radioactive liquid waste 
produced by reprocessing nuclear fuel. The first step in the separation strategy is the DIAMEX process, 
designed to co-extract trivalent actinides and lanthanides using a diamide extractant. Preliminary 
counter-current hot tests confirmed the feasibility of the concept. 1

'
2 The malonamide DMDBTDMA 

(N,N'-dimethyl-N,N'-dibutyltetradecylmalonic diamide) is the first reference extractant; extensive data 
were therefore compiled to understand its extraction mechanism(s) and to define a computer model of 
the DIAMEX process. Although some data have been published related to the extraction of trivalent 
lanthanide nitrates (Nd, Eu, Ce) and of some actinide (III) nitrates (Am and Cm),2•

3 these results needed 
to be substantiated by a more comprehensive study, the results of which are briefly presented here. 

EXPERIMENTAL 

Materials 

DMDBTDMA was provided by Panchim, Lisses, 91 , France. The purity as determined by mass 
spectrometry was better than 99%. The diamide was then purified on a silica column to avoid the 
presence of surface-active compounds 2 Lanthanide (III) n-hydrate nitrates or oxides, lithium nitrate and 
toluene were reagent grade with better than 99% purity. 

Procedure and apoaratus 

Organic phases were systematically pre-equilibrated with suitable nitric acid solutions a few 
hours before the tests. The nitric acid distribution was determined by potentiometric titration of aliquots 
of each phase using a Metrohm 670 potentiometer. The water content of the organic phase was 
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determined using a Karl Fisher Metrohm KF737 coulometer. The rare earth concentration in each phase 
was determined by Arsenazo Ill visible spectrometric analysis. UV-visible spectra were recorded on a 
Cary 2315 spectrometer and NMR spectra on a Varian VXR 300 MHz spectrometer. A triple Nd-YAG 
laser (Continuum) operating at 355 nm was used as the excitation source of a Time-Resolved-Induced
Laser-Fluorescence Spectrometer (TRLIFS). The laser beam was focused into the cell of a "FLUO 
2001" (Dilor)4 spectrofluorometer. 

To study An(Ill) and Ln(Ill) extraction kinetics, a new constant interface-area stirred cell 
based on the Armollex-Lewis concept was first built. The main characteristics of our Lewis cells were 
their modular design (3-piece cell with Teflon seals), their small volume (less than 35 cm3 for each 
phase for the smaller cell used) and combined magnetic-mechanical stirring (Figure 1). 

Glass-enclosed 
magnetic stirring bar 

Septum 

Teflon grids 

Figure 1. Modified Lewis cell used for kinetic study 

RESULTS AND DISCUSSION 

Mechanism of lanthanide(III) extraction at thermodynamic equilibrium 

The main goal of the studies presented here was to determine whether or not two mechanisms 
exist, depending on the nitric acid concentration of the aqueous phase . Previous publications indicated 
the formation of a solvate under neutral conditions, Nd(N03):J-x where L is the diamide extractant, and 
an ion-pair complex, LxH" Nd(N03)4-, during Ln(III) extraction under acidic conditions 3

'
5 This was 

based essentially on the analysis of the slopes of the DNct = .f{[HN03]) curves and on the knowledge of 
nitric acid extraction, which led to the presence of protonated diamide at high acidities. 2·

3 

New studies were carried out in an attempt to identify this Ln(III) ion-pair complex. The fi rst 
issue was the selection of a suitable diluent. We first checked that diamide extraction of nitric acid, 
water and Ln(Ill) nitrates proceeds by the same global mechanisms for aromatic or aliphatic diluents. 
The extraction of nitric acid and Nd(III) nitrate was investigated for TPH and toluene (Figures 2, 3, 4). 

The apparent HN03 extraction constants K2 ~, K\\, K12 and K13 relative to the formation of the 
respective complexes 2L-HN03, L·HN03, L-2HN03 and L-3HN03 were determined (Table 1). The close 
values of each pair of constants suggest identical mechanisms for HN03 and H20 extraction in these 
two diluents. 
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Figure 2. Extraction of HN03 Figure 3. Extraction of 
and H20 by DMDBTDMA Nd(III) by DMDBTDMA 
0,50+/-0,02 mol/dm3 in TPH 0,64+/-0,0 I molldm3 versus 
and toluene (Temperature 25C) aqueous nitric acidity 
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Figure 4. Extraction of Nd(III) 
by DMDBTDMA versus total 
extractant concentration 
(Temp. 25C [N03]=3 mol/dm3; 
[H"] = I mol/dm3 and [Lt] 
2 molldm3) 

Table I For neodymium(III) extraction, the 
DNd = j{[H"]) and DNd = j((diamide]) curves were 
compared for both diluents. The calculated slopes 
were similar (2 .7 in TPH and 2.9 in toluene for 
the variation with aqueous acidity, and 2.36 for 
both [ diamide] curves). These results indicate also 
a comparable global mechanism for Nd(III) 
extraction in both diluents and are consistent with 
a 2/l Iigand/Nd(III) stoichiometry even in toluene. 

Extraction constants for species 
2LHN03, LHN03, L·2HN03 andL3HN03 

([diamide ]=0,5 mol!dm3- 25°C) 

Studies aiming to identify the existence of 
an ion-pair mechanism were based on three 
different experimental techniques: UV -visible 

K 21 (moi'2·C) 
K11 (moi'1·L) 

K 12 (mol'2·C) 
K13 (mol'3·L3) 

TPH 
0.3133 

0.1632 

0.00210 
l.O x 10'7 

Toluene 
0.4130 

0.1693 

0.00282 
l.O xl0'5 

absorption, TRLIF and 1H and 13C NMR spectrometries. The following conditions were explored: 
• neutral conditions to obtain the Ln(N03)3Ln solvate complex in the organic phase (high LiN03 

concentration and absence ofH" in aqueous phase), 
• high acidic conditions (in aqueous and organic phases) to obtain the largest possible amount of 

the assumed LH",M(N03)4. ion-pair complex. 
The neodymium(III) environment in these organic phases was investigated by visible absorption 

spectroscopy (hypersensitive transition at 582 nm: Figure 5) and that of europium (III) by TRLIF. 
Figure 6 presents the Eu(III) fluorescence spectra in the presence of DMDBTDMA with different acidic 
conditions. Several comments can be made. The fluorescence spectra were equivalent regardless of the 
chemical conditions, and the inversion of peak intensities was observed at the hypersensitive transition . 
The (618 nm I 593 nm) ratio that reflects complexation was equal to 5 and can be compared with the 
values for Eu(III) aqua ion (0.25) and the europium aqua tricarbonato complex (6) 6 The lifetimes of 
Eu(III) exited states in 'neutral' and 'acidic' conditions were also very similar (700 ± 80 !lS), indicating 
that there is no more than one water molecule remaining in the Eu(III) inner sphere of co-ordination. 
These data indicate a similar coordination polyhedron for lanthanide (Ill) ion in both cases, neutral 
and acidic conditions. 
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Figure 5. UV -visible spectra of two Nd(III) 
solutions in DMDBTDMA 0.5 moVdm3 in 
toluene (CD [LiN03).0 = 5 moVdm3 and 
[Nd)org = 0.048 moVdm3 and ® [HN03]a0 = 8 
moVdm3 and [Nd]org = 0.051 moVdm3) 

Figure 6. Fluorescence spectra of Eu(III) in 
DMDBTDMA 0.51 ± 0.01 moVdm3 in toluene 
(initial [Eu].0 = 2.00 ± 0.02 x 10-2 moVdm3 and 
[LiN03) in aqueous phase in equilibrium= 8.0, 6.0, 
4.0, 2.0 and 0 when [H+) = 0, 2.0, 4.0, 6.0 and 
8.0 moVdm3, respectively) 

An additional study was carried out using NMR spectroscopy, based on the paramagnetic 
properties ofNd(III). The presence ofNd(III) induces chemical shifts and increasing relaxation time on 
each nucleus of an extractant molecule bound or close to the metal ion. The basic assumption was that 
in the assumed Lxlf", Nd(N03)4- ion-pair complex the distance r between metal centre and the extractant 
carbon atoms should be greater than in the case of the Nd(NOJ)~x solvate complex. We focused on 
relaxation times T1 of 13C nuclei 2, 3, 6, 7 and 4 (Figure 7) for solutions described in Table II, because 
T1 decreases very rapidly when r increases7

: (l!f1) 0 (llr6
) . Surprisingly, the results in Table II were 

consistent with a distance r longer in the case of "neutral" conditions (solution C) than for "acidic" 
ones . 

TABLE II 
Samples analysed by NMR and measured relaxation time T1 for 
13C nuclei ([DMDBTDMA] = 0.5 mol /dm3 in toluene) in 
absence or presence ofNd(III) 

Nature of solutions A B c D 
--[L-iNo~]~-(~~~~i:rj-----

---------------- ----------------- ---------------- ---------------
8 0 8 0 

[HN03]aq (moLL-1) 0 8 0 8 
[Nd3+]a0 (mol.L"1) 0 0 0.05 0.05 

--~~!~.<?-~.!1-~~~~!:~!!8 _______ Measured T1 (s) 
4 ----o5i··-- -----o:z6·-------o:2& ____ ----o~i"~r 

3 and 6 (trans) 0.48 0.29 0.29 0.20 
3 and 6 (cis) 0.5 0.32 0.30. 0.20 
2 and 7 (trans) 2.6 1.25 1.14 0.76 
2 and 7 (cis) 2.9 1.5 1.36 0.75 

* average value relative to the different observed signals. 
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These data concerning either the metal or ligand environment suggest that, if a dual extraction 
mechanism does exist, the second mechanism does not seem to be an ion-pair mechanism. We therefore 
propose the following overall extraction equilibrium for Nd(III) extraction by DMDBTDMA in TPH 
and toluene: 

Variation in the lanthanides series (distribution ratios and kinetics extraction rates) 

A systematic investigation of extraction was conducted on a number of lanthanides (La, Ce, Pr, 
Nd, Sm, Eu, Gd, Dy and Lu) . Distribution ratios were found to decrease with increasing Ln(III) Z, but 
the variation was not monotonic for the first lanthanides (Figure 8). This tendency has already been 
observed for other ligands8 and has been described as tetrad effect.9 

Until now kinetics of rare earths and actinides extraction with malonarnides has not been 
described in the literature, except for some preliminary studies.10 The importance of such a study was 
justified by the possible use of centrifugal extractors with short residence time for both phases . 

After a qualification step of our new Lewis cell (where the influence of different hydrodynamic 
parameters was tested), the conditions under which the transfer rate of metallic nitrate kinetics was 
chemically controlled were determined (i .e. diffusional limitations on kinetics could be considered 
negligible). This was achieved through a study of the kinetic rate constant as a function of the Reynolds 
number of the Lewis cell impeller. 

The form ofthe Ln(III) extraction rate law was established: k [Nd(III)][L][N03Y The curve of 
kinetic rate constant k versus Ln atomic number (Figure 9) was different from that observed for Ln(III) 
distribution ratios . Two sets of values were observed: one close to 20 x 10-7 m/s for the first rare earths 
(La, Pr, Ce) of the series, and a second close to 3- 7 x 10-7 rn!s for the other lanthanides. The extraction 
kinetic rate constants appeared to depend on the size (and hence the co-ordination number) of the 
lanthanides . 

The kinetic extraction rates were also measured for Am(III) and Cm(III) and found to be close to 
the value for Eu(III), as previously observed by Toulemonde. 10 

We can now propose and discuss an extraction mechanism based on malonarnide DMDBTDMA 
molecules adsorbed at the solvent/aqueous interface. 
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Figure 8. Ln(III) distribution ratios by 
DMDBTDMA 0.51 moUdm3 in TPH 
([Ln]init = 0.03 moUdm3; Temperature= 25C) 

Figure 9. Kinetic rate constant for Ln(III) 
and An(III) extraction by DMDBTDMA 
0.5 moUdm3 in TPH([Ln]init = 0.06 moUdm3

; 

HN03 = 2 moUdm3
; Temperature = 25C) 

CONCLUSION 

The studies presented here focused on trivalent lanthanide extraction by the malonamide 
DMDBTDMA. The mechanisms of HN03 and Nd(N03)3 extraction are similar in both alkyl and aryl 
diluents . Three different methods were used in an unsuccessful attempt to identify the occurrence of an 
ion-pair mechanism for high acidity conditions. The Ln(III) environment appears to be the same as after 
Ln(III) extraction from neutral conditions. An exhaustive study of extraction and kinetics was 
performed on most of the elements of the Ln(III)series. While a tetrad effect was observed for the 
extraction of Ln(III) nitrates (DLn vs . ZLn) , two sets of extraction rate constants were observed within 
Ln(III) series: 20 x 10-7 m/s for La, Ce, Pr and 3 - 7 x 10-7 m/s for the remaining lanthanides. The 
Am(III) and Cm(III) extraction rate constants were found to be near those of the heavy lanthanides. 
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ABSTRACT 

THE SOL VENT EXTRACTION BEHAVIOUR OF 

TETRAVALENT ACTINIDES IN THE PRESENCE OF 

SIMPLE HYDROXAMIC ACIDS 
RJ Taylorl, I Mayl and NJ Hill2 
1 Research and Technology, BNFL Sellafield, Seascale, Cumbria, 
CA20 lPG, UK 
2Research and Technology, BNFL Risley, WA3 6AS, UK 

Advanced Purex processes based on single cycle flowsheets are currently under development at BNFL. Flowsheet design 
requires the accumulation of fundamental solvent extraction data. To support the development of complexant based 
flowsheets distribution data for tetravalent actinides in the presence of simple hydroxamic acid complexants have been 
obtained and are reported. 

Keywords: tetravalent actinides, hydroxamic acids, Purex process 

INTRODUCTION 

Nuclear fuel reprocessing involves the purification of reusable uranium and plutonium 
products from irradiated fuel. Reprocessed U and Pu can then be recycled as U02 and mixed oxide 
fuels for further electricity generation. BNFL currently operates two commercial reprocessing plants 
for the reprocessing of Magnox and oxide fuels.l Both these reprocessing plants are based on the 
Purex process, which involves the solvent extraction of U and Pu from aqueous nitric acid in to tri-n
butylphosphate diluted in odourless kerosene (TBP/OK). U and Pu can also be separated from each 
other by control of the Pu oxidation state. 

BNFL is currently engaged in research and development programmes to both enhance 
operations of current plants2 and to develop Advanced Purex processes) Previous papers have 
described the development of single cycle flowsheets using centrifugal contactors and enhanced 
control of Np.3,4 In particular, the development of complexant based flowsheets to separate 
tetravalent actinides (Np(IV), Pu(IV)) from hexavalent actinides (U(VI)) using hydroxamic acid 
complexants (XHA) has been a major feature of the Advanced Purex project.5 ,6 Both 
acetohydroxamic acid (AHA) and formohydroxamic acid (FHA) readily complex An(IV) in nitric 
acid rendering the metal ions largely inextractable into TBP/OK. 
A companion paper? reports the results of a counter-current trial of a Np Rejection flowsheet and the 
computer simulation of this trial. This paper discusses the accumulation and manipulation of 
fundamental solvent extraction data that supports counter-current trials and flowsheet modelling. 

EXPERIMENTAL 

Experimental methods have been described in detail elsewhere.5,6,8 Briefly, simple batch 
distribution experiments were used to measure distribution coefficients. Np stock solutions were 
obtained by the dissolution of Np02 in HN03 and then the chemical manipulation of Np oxidation 
state. A pre-existing Pu(IV) stock solution was used and simply diluted to the required concentration. 
U(IV) stock solutions were purified by the solvent extraction of any U(VI) present and stabilised by 
hydrazine. FHA, AHA and uranyl nitrate hexahydrate were obtained from Tokris Cookson, Aldrich 
and Fluka chemical companies respectively. Np and U oxidation states were monitored by uv/vis/nir 
spectrophotometry. Pu was not monitored spectroscopically during the distribution experiments but 
Pu(IV) in HN03, at the acidities used, is adequately stable unlike U(IV) and Np(IV). Np 
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concentration was determined by low energy photon spectroscopy; U by x-ray fluorescence ; Pu was 
analysed radiometrically and acidity by acid-base titration. 

RESULTS AND DISCUSSION 

Neptunium aV) 

Distribution experiments were undertaken to determine DNp(IV) as a function of [XHA] and 
[HN03]. Initially, in order to validate the experimental methods and to provide distribution data for 
the mathematical algorithm (particularly at low acidities) the extraction of Np(IV) in the absence of 
hydroxamic acids was studied. 8 

The results are illustrated in Figure I. Briefly, the data can be split in to four regions: (1) 
Above 1 mol/dm3 HN03 good agreement with the literature data was found . (2) Between 0.4-1 
mol/dm3 HN03 the distribution data has been reliably extended to show that the trend above 1 
mol/dm3 HN03 is continued in this region . (3) Below 0.4 molldm3 HN03 the data becomes very 
scattered due to the difficulties in obtaining Np(IV) distribution data at low acidity (due to hydrolysis, 
oxidation to Np(V) and solvent phase analyses at low [Np]) . However, our data in this region appears 
to reach a plateau rather than a maximum and so higher Np(IV) distribution coefficients than 
expected are predicted. This behaviour can be more easily explained in terms of the Np(IV)-nitrate 
species formed . 

In the presence of hydrophilic hydroxamic acids, increased [XHA] and decreased [HN03] 
cause DNp(IV) to decrease to very low levels , characteristic of inextractable species.5,6 Since the 
development of the Np Rejection flowsheet has been a priority, 3 a substantial body of distribution 
data has been accumulated. This body of data can be mathematically manipulated to (a) evaluate the 
reliability of the data (b) provide information on the effects of complexation on solvent extraction and 
(c) produce the mathematical algorithm that describes the solvent extraction behaviour of Np(IV) in 
HN03/TBP systems in the presence of hydroxamic acids. 

4 3 
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Figure 1. Trends in Np distribution coefficients in nitric acid 

When hydroxamic acid is present, the solvent extraction of Np(IV) is modified and , assuming 
that no complexed Np is extracted, a relationship between the ratio of distribution coefficients in 
nitric acid only (DNp(IV)) and in the presence of XHA (DNp(IV)-XHA) and the concentrations of 
HN03 and XHA is observed. Figure 2 illustrates this relationship for both FHA and AHA, and Figure 
3 shows a clearer correlation is obtained when solely FHA at 22C and in 29.24% TBP/OK is plotted . 
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(Note that U(Vl) is not present in these data and, therefore, the only metal ion present in trace 
quantities is Np(IV)). The linearity of this graph and the good correlation of the data are evidence of 
this mathematical correlation and the self-consistency of the data-set. The data becomes increasingly 
scattered at low acidity and this is due to the difficulties in obtaining accurate distribution data in this 
region (discussed above). The uncertainty in the Np(IV)-XHA algorithm at low acidity was 
emphasized during a flowsheet trial of the Np Rejection flowsheet7 and this is clearly an area which 
requires further work . 

Further mathematical manipulation of the distribution data leads to the definition of the 
extraction algorithm which is a combination of an empirical fitting of the data and functions of all the 
relevant process variables (e.g . [H+], [N03-], [XHA], temp, [U(Vl)], [TBP]free etc .) . This algorithm 
is then used in process modelling.? 

Although it has already been reported that FHA and AHA can selectively strip Np(IV) from 
30% TBP/OK in the presence of U(Vl),5 further distribution data in the presence of U(Vl) were 
needed to allow the mathematical description of Np(IV) in the presence of hydroxamic acids to be 
extended to include the effect of [U(Vl)] . 
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Figure 2 . The complexation of Np(IV) by FHA (closed symbols) and AHA (open symbols) in HN03 
and the effect on extraction in to -30% TBP/OK. Correlation of data. 
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Figure 3. The complexation of Np(IV) by FHA in HN03 and the effect on extraction in to 30% 
TBP/OK 

Several key trends were clearly visible in the U(Vl) loaded distribution data: 
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ii As expected, even in the absence of AHA or FHA, U(VI) inhibits Np(IV) extraction into 30 % 
TBP/OK [e .g. in 0 .68 mol/dm3 HN03 : [U(VI)t0 tall = 0; DNp(IV) = 0 .50 cf. [U(VI)totall 
59.8g/dm3 ; DNp(IV) = 0.21]. 

ii The addition of AHA/FHA leads to increased stripping of Np(IV) leaving the extractability of 
U(VI) unaffected. 

ii Increasing the U(VI) loading and decreasing [HN03], increased Np(IV) stripping in the presence 
and absence of FHA and AHA. 

ii There appears to be a limiting point where lowering the acidity , increasing the ligand 
concentration or the U(VI) loading does not lead to a decrease in DNp(IV) (DNp(IV) -0.01). A 
likely explanation was that low quantities of aqueous entrainment led to the carry over of Np(IV) 
in to the solvent phase in these simple distribution experiments. However , flowsheet trials? have 
suggested that the mathematical correlation over predicts Np rejection in the presence of uranyl 
nitrate and that modifications are needed. Further work is ongoing to clarify this issue. 

Uranium (IVl and Plutonium GVl 

The variation of Du(IV) with hydroxamic acid (XHA) concentration is illustrated in Figure 
4. Both FHA and AHA stripped U(IV) in to HN03 from 30% TBP/OK, with increased stripping at 
higher ligand and lower HN03 concentrations. 

UV /vis spectra of the post-equilibrium phases showed that measurable quantities of U(VI) 
were present in the organic phase. As the organic phase spectra were recorded almost immediately 
after phase contact, it must be assumed that some U(IV)UU(VI) oxidation had occurred during the 
10 minute mixing time. By comparing the distribution coefficients obtained in the absence of FHA 
and AHA with known literature values, it was observed that the experimental values are 
significantly higher. This discrepancy was almost certainly due to the presence of U(VI), which is 
more extractable into 30% TBP/OK than U(IV). As the FHA or AHA concentration was raised , 
more U(IV) was held back in the aqueous phase and thus there was less U(IV) present in the 
organic phase and less oxidation occurred. Therefore, as the ligand concentration was raised the 
distribution value more readily represented solely U(IV) behaviour. Further experiments at lower 
contact times with accurate spectroscopic measurement of U(IV) and U(VI) are planned to reduce 
the effects of U(VI) on the measured distribution coefficient. 

lO r--------------------------. 

Figure 4 . U(IV) distribution data in the presence of FHA and AHA ([XHA]=O (0); 0 .1 (i); 1.0 (?) 

molldm3 respectively; FHA = closed and AHA = open symbols) 

The variation of DPu(IV) with [HN03] is illustrated graphically in Figure 5. The observed trends 
with both [HN03] and [ligand] again follow the expected patterns, i.e . increased [XHA], [U(VI)] and 
decreased [HN03] decrease DPu(IV) · 
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Figure 5. Variation of DPu(IV) with equilibrium aqueous acidity ([XHA]=0.5 molldm3
) 

CONCLUSIONS 

Simple hydroxamic acids are good complexants for tetravalent actinides , particularly Np(IV) 
and Pu(IV), in nitric acid solution. Experimental distribution data have been obtained showing how 
hydroxamic acids inhibit the extraction of tetravalent actinides in to 30% TBP/OK and these 
distribution data have been used to construct extraction algorithms suitable for use in process 
modelling . 

Modelling of a recent counter-current trial? has shown that further work is needed to improve 
the accuracy of the mathematical algorithm at low acidity in the presence of high [U(VI)] and [N03-] 
and to determine the rate of mass transfer of Np(IV) in the presence of hydrophilic hydroxamic acids . 
Furthermore , structural studies of An(IV)-XHA complexes in solution are needed to understand how 
the hydroxamic acid complexes and retards extraction. It is hoped that these structural studies will 
complement inferences made from the solvent extraction data . 
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ABSTRACT 

DEVELOPMENT OF A UNIVERSAL COBALT 

DICARBOLLIDE SOL VENT FOR THE REMOVAL OF 

ACTINIDES, CESIUM AND STRONTIUM FROM 

ACIDIC WASTES 
TA Todd, KN Brewer, JD Law, RS Herbst and DJ Wood 
Lockheed Martin Idaho Technologies Co., Idaho Falls, Idaho, 
USA 
VN Romanovskiy, V Esimantovskiy, IV Smirnov, VA Babain 
and B Zaitsev 
VG Khlopin Radium Institute, St. Petersburg, Russia 

The cobalt dicarbollide solvent extraction process, originally developed in the mid-1970 's by Czechoslovakian researchers, 
and later developed and implemented in Russia, has been demonstrated to be effective at removing cesium from acidic 
solutions. Strontium removal can also be achieved by the addition of polyethylene glycol to the solvent. A collaborative 
development programme has been ongoing for the past five years between the Idaho National Engineering and 
Environmental Laboratory (INEEL) and the VG Khlopin Radium Institute (KRI) in St. Petersburg, Russia. Initial efforts 
centered on development of a non-aromatic diluent which was successfully tested in batch contact and countercurrent 
demonstrations at the INEEL. A universal solvent has been developed, based on the cobalt dicarbollide process, to facilitate 
removal of actinides, cesium and strontium in a single process. The solvent contains chlorinated cobalt dicarbollide, 
polyethylene glycol and an organophosphate complexing agent in a non-aromatic diluent. This solvent was tested at the 
INEEL in a shielded hot cell facility, in a series of batch contacts with actual radioactive waste. Decontamination factors of 
98% for Cs, 99.8% for Sr and >99.99% for actinides were achieved in four successive batch contacts with actual tank waste. 
Testing of the universal extraction process in centrifugal contactor pilot plants using simulated and actual waste has been 
completed. Results indicate the process is viable and can achieve very high levels of decontamination of acidic radioactive 
liquid wastes. 

Keywords: cesium, strontium, actinides, cobalt dicarbollide, centrifugal contactor 

INTRODUCTION 

The cobalt dicarbollide solvent extraction process, originally developed in the mid-1970 's by 
Czechoslovakian researchers, 1'

2 and later developed and implemented in Russia3
'
4 has been 

demonstrated to be effective at removing cesium from acidic solutions. Strontium removal can also be 
achieved by the addition of polyethylene glycol to the solvent. A collaborative development 
programme has been ongoing for the past five years between the Idaho National Engineering and 
Environmental Laboratory and the VG Khlopin Radium Institute in St. Petersburg, Russia. The focus 
of this programme has been the development and demonstration of the cobalt dicarbollide process on 
simulated and actual INEEL acidic waste streamsY 

Recently, a tertiary solvent containing chlorinated cobalt dicarbollide, polyethylene glycol and 
diphenylcarbamoylmethylphosphine oxide (d~-CMPO) was developed for the simultaneous removal 
of cesium, strontium, actinides and rare earth elements from acidic wastesY. The removal of these 
radionuclides from the waste in a single unit operation offers significant potential capital and operating 
cost savings. 

Testing and demonstration of the universal extraction process (UEP) has been completed on 
batch contact studies using simulated and actual tank waste as well as four counter-current pilot plant 
tests in centrifugal contactors; two with simulated waste at the INEEL, one with simulated waste at 
KRI, and one with actual waste at the INEEL. 

EXPERIMENTAL 

Two experimental cross-current flowsheets were used in batch contact tests with actual waste 
using the universal solvent. One test utilized a diluent that was less dense than the aqueous phase. The 
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light solvent flowsheet consisted of four extraction contacts to determine decontamination factors for 
the radionuclides. Solvent from the first contact was further tested after another contact with fresh 
waste to load the solvent more completely with the extractable species. Two sequential strip contacts 
were performed to remove Cs, Sr and other extracted metals (primarily Zr) that could form precipitates 
in the second strip solution. The second strip solution was intended to remove the remaining 
radionuclides from the solvent. 

The second test utilized a diluent that was more dense than the aqueous phase and was 
designed simply to elucidate potential decontamination factors. The heavy solvent flowsheet contained 
four sequential batch contacts with fresh solvent being used in each contact. Both experiments were 
conducted in a hot cell at the Remote Analytical Laboratory (RAL) at the INEEL. 

A counter-current test of the universal extraction process was performed at the VG Khlopin 
Radium Institute (Gatchina), with simulated INEEL tank waste spiked with actual concentrations of 
radionuclides. The test was performed in two extraction cascades of 12 stage centrifugal contactors 
(type MZE 12-30) . The centrifugal contactors are configured in a circle, with one electric motor drive 
for all 12 stages, via a gear mechanism. The radionuclides were extracted from the sodium-bearing 
waste simulant in stages 1-8. The solvent was then washed in stage 9 and the rare earths, Sr , and 
actinides were stripped in stages 10-14. Cesium was stripped in stages 15-20, and the solvent was 
washed in stages 21-24. The solvent used for the test was comprised of chlorinated cobalt 
dicarbollide, polyethylene glycol and df-CMPO in metanitrobenzotrifluoride. 

Flowsheet testing was performed at the INEEL using 3.3-cm diameter centrifugal contactors 
procured from the Research and Development Institute of Construction Technology (NIKIMT) in 
Moscow, Russia. The 3. 3-cm Centrifugal Contactor Pilot Plant consist of 26 stages of 3. 3-cm 
diameter centrifugal contactors, feed and receiving vessels, feed pumps, and an air purge system for 
the feed and product vessels 

Tank waste simulant was prepared to emulate the average composition of the waste currently 
stored in the INEEL tank farm. The components used as surrogates for the fission products (stable Cs 
and Sr) and actinides (Eu) were added to the simulant at higher concentrations than found in the actual 
wastes to facilitate detection limits for analytical chemistry . 

l_----------- -1 ~ :::::: r--------------------------------------------- J 

Figure 1. Universal extraction process flowsheet 

Two tests were performed with the flowsheet, as shown in Figure 1, conststmg of eleven 
stages of extraction at an organic to aqueous phase ratio (0/A) of 1.4, one stage of scrub (0/A = 5.0), 
six stages of Cs/Sr strip (0/A = 2.0), three stages of actinide strip (0/A = 5.0), and five stages of 
solvent wash (0/ A = 1.3). The second flowsheet test included addition of citric acid to the aqueous 
feed, the scrub stream, the Cs/Sr strip solution, and the increase of the Cs/Sr strip flowrate . The 
flowsheet modifications were necessary in order to reduce the quantity of Zr extracted by the solvent 
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and to prevent the formation of a precipitate in the Cs/Sr strip section. 
The countercurrent flowsheet test performed at the INEEL in a shielded hot cell with actual 

radioactive tank waste was performed in a pilot plant utilizing 24-stages of 2-cm centrifugal contactors 
designed and built by Argonne National Laboratory. The flowsheet tested was similar to previous 
tests , but had minor adjustments. The flowsheet consisted of eight stages of extraction (0/ A = 2.0), 
two stages of scrub (0/A=lO), six stages of Cs/Sr strip (0/A = 2.3), three stages of actinide strip 
(0/A=4.1), and five stages of solvent wash (0/A = 2.2). The composition of the actual radioactive 
waste used for this test is shown in Table 1. Compositions of simulants used in earlier testing were 
similar to that shown in Table 1. 

Component Units Concentration 

H molldm 1.7 

AI mol/dm3 0.55 
B mol/dm3 0 .02 
Ca mol/dm3 0.03 
Cd mol/dm3 0.001 
Fe mol/dm3 0.05 
Hg mol/dm3 0.004 
K mol/dm3 0.08 

Na mol/dm3 0.74 
N03 mol/dm3 5.1 
Pb mol/dm3 0.001 
Zr mol/dm3 4.2E-04 

gross a Bq/dm3 2.15E+07 

137Cs Bq/dm3 6.78E+09 

90Sr Bq/dm3 6.62E+09 

Table 1. INEEL tank waste composition 

RESULTS AND DISCUSSION 

KRI Flowsheet Test 

The universal solvent tested at KRI (Gatchina) using simulated INEEL tank waste with actual 
concentrations of radionuclides was completed with no observation of flooding, third phase formation 
or precipitation. The removal efficiencies obtained for the radionuclides were all > 99.8% except for 
Am, which was 99.2%. 

The organic solvent was recycled for about 3 cycles total, with no apparent decrease in 
extraction efficiency over the duration of the test. 

INEEL Batch Contact Tests 

Four sequential contacts between actual tank waste and fresh solvent aliquots were performed . 
Cesium distribution coefficients ranged from 1.4 to 2.1, resulting in a decontamination factor of 89 
(98.9% Cs removed) . 

Extraction coefficients greater than 2 were typically observed for 90Sr. A strontium 
decontamination factor of 600 (99. 8% Sr removed) was achieved in 4 contacts with the universal 
solvent. 
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All of the actinides showed very large extraction distribution coefficients . Gross-a and 
actinide decontamination factors ranged between 9,400 and 160,000. These results are in excess of the 
necessary decontamination factors required to produce a non-TRU waste . 

INEEL Flowsheet Tests 

Three counter-current flowsheet tests were performed at the INEEL, two with simulated waste 
and one with actual highly radioactive tank waste. In the first counter-current flowsheet test using 
simulated waste , flooding was observed in the aqueous solution exiting the Cs strip section. Inspection 
of the Cs strip stages after completion of the test revealed large quantities of rust colored precipitate in 
each of the stages. X-ray diffraction analysis of the precipitate indicate it was an insoluble zirconium 
complex formed when the extracted Zr entered the strip section. Complexing the Zr to prevent its 
extraction is expected to prevent the formation of this precipitate . 

The extraction section of the flowsheet operated without problems and removal efficiencies 
for the radionuclides were determined. The removal efficiencies obtained for Cs, Sr, and Eu (Am 
surrogate) were 99 .7%, > 99.98%, and > 99.92%, respectively . 

The flowsheet utilized for the first test was modified by the addition of citric acid to the waste 
feed and scrub solutions to prevent the extraction, and subsequent precipitation of Zr. A second 
flowsheet test was then performed without flooding or precipitate formation in the contactors; 
however, some precipitate formation was observed in the solvent feed vessel and tubes leading to the 
contactors . This precipitate formed at the bottom of the feed vessel and was pumped through the feed 
lines to the contactors . The quantity of precipitate in the feed container was significant enough to 
cause some plugging in the feed line which was alleviated by pumping out of the top of the solvent 
feed container. Samples of the precipitate were not obtained, or subsequently analyzed, therefore the 
composition of the precipitate cannot be known with certainty. It is suspected that the precipitate was 
the CMPO component of the solvent. The solvent used in the second flowsheet test was the same 
solvent used in the first flowsheet test, but had undergone extensive solvent washing procedures 
between tests. These washing procedures likely altered the composition of the solvent, resulting in 
lower solubility of the CMPO, or the precipitate formed in the first flowsheet test could have also 
changed the composition of the solvent. Removal efficiencies of 99.7%, 99 .97% and 4 .3 % for Cs , Sr 
and Eu, respectively, were obtained. It is important to note that both INEEL flowsheets using 
simulated wastes, were performed with a "light" solvent that provided a much lower CMPO solubility . 
This was a likely cause of the problems encountered in the second flowsheet test. 

Flowsheet Test #1 Flowsheet Test #2 Flowsheet Test #3 
Type of Waste Simulated Waste Simulated Waste Actual Radioactive Waste 
Volume of Waste 
Processed 2.4 dm3 2.5 dm3 1.7 dm3 

Waste Cs Cone. 126 mg/dm3 127 mg/dm3 6.78E+06 Bq/cm3 

Raffinate Cs Cone. 0.321 mg/dm3 0.50 mg/dm3 2.76E+03 Bq/cm3 

Cs Removal Efficiency 99.7% 99.7% 99.95% 
Cs Decon. Factor 393 254 2,457 
Waste Sr Cone. 104.5 mg/dm3 96.8 mg/dm3 6.62E+06 Bq/cm3 

Raffinate Sr Cone. <0.01 mg/dm3 0.021 mg/dm3 800 Bq/cm3 

Sr Removal Efficiency >99.98% 99.97% 99.985% 
Sr Decon. Factor > 10,450 4,610 8,275 
Waste Alpha Cone. 81.7 mg/dm3 (Eu) 74.3 mg/dm3 (Eu) 2.15E+04 Bq/cm3 

Raffinate Alpha Cone. <0.05 mg/dm3 (Eu) 61.4 mg/dm3 (Eu) 821 Bq/cm3 

Alpha Removal >99.92% (Eu) 4.3% (Eu) 95.2% 
Efficiency 
Alpha Decon. Factor > 1,630 (Eu) 1.2 (Eu) 26 

Table 2 . Summary of results from the three flowsheet tests performed 
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Results from the two flowsheet tests with simulated were used to develop a flowsheet for 
demonstration of the universal extraction process with actual tank waste. The flowsheet test using 
actual tank waste and a heavy solvent was successfully demonstrated within a shielded hot cell 
facility. No precipitates or flooding problems were observed during the test. Removal efficiencies of 
99.95 %, 99.985 %, and 95 .2% were obtained for 137Cs, 90Sr, and total alpha activity , respectively . The 
alpha removal efficiency was slightly lower than expected due to loading of the CMPO in the solvent 
with extracted metals such as Fe and Mo. 

Results of the three flowsheet tests are summarized in Table 2 . Removal efficiencies, 
decontamination factors, initial and final waste activities or concentrations, and volumes of waste 
solution processed are presented for each test. Cs and Sr results are consistent for each of the 
flowsheet tests . Alpha removal efficiencies were considerably lower in the second and third flowsheet 
tests. With the second flowsheet test, the CMPO in the universal solvent precipitated resulting in a 
poor removal efficiency for the actinides . In the third flowsheet test, using actual waste, the extraction 
of metals loaded the CMPO in the solvent, reducing the removal efficiency of the actinides. 

CONCLUSIONS 

The universal extraction process, based on cobalt dicarbollide and non-hazardous diluents has been 
successfully demonstrated in centrifugal contactors . The UEP is a viable technology for the separation 
of cesium, strontium and actinides from acidic waste streams. 
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ABSTRACT 

EXTRACTION OF TETRA VALENT URANIUM FROM 

PHOSPHATE MEDIUM BY HDEHP AND OPAP 
JA Daoud, MM Zeid and HF Aly 
Hot Laboratories Centre, Atomic Energy Authority, Cairo 13759, 
Egypt 

The extraction of U(IV) from phosphoric acid by di-(2-ethylhexyl)phosphoric acid (HDEHP) or octylphenyl acid phosphate 
(OPAP) in kerosene was carried out under equilibrium conditions. The effect of anions and cations found in the commercial 
wet-process phosphoric acid on the extraction process of uranium by either extractants was investigated. Experimental results 
indicated that HDEHP is of higher capacity and gives higher distribution of uranium in the presence of interfering ions. The 
effect of the different ion concentrations on the extraction process was separately investigated. Stripping of U(Vl) from 
loaded organic solutions by high concentration phosphoric acid, sulphuric acid, oxalic acid and sodium carbonate were 
tested. The number of stages required for the extraction and stripping of uranium for wet-process phosphoric acid was 
evaluated. 

Keywords: uraniurn(IV), di-(2-ethylhexyl)phosphoric acid, octylphenyl acid phosphate, phosphoric acid 

INTRODUCTION 

Wet-process phosphoric acid contains traces of uranium as U(IV) or U(VI) or their mixture 
together with other metals . Recovery techniques of uranium from phosphoric acid depends mainly on 
its oxidation state and studies on selective extractants and assessment of conditions for its maximum 
recovery is therefore an important research area. Hexavalent uranium is commonly extracted from 
phosphoric acid by a synergistic mixer of HDEHP and trioctylphosphine oxide (TOP0)1

·
2 or di

butylbutylphosphonate (DBBP) in kerosene3 The mixed extraction of U(Vl) from phosphate medium 
by HDEHP and tri-isodecylamine (Alamine 310), tributylphosphate (TBP), tri-n-phenylsulphoxide 
(DPSO) and their mixtures in benzene are also reported4 Octylphenyl acid phosphate (OP AP) is the 
most versatile extractant commonly used for the extraction of tetravalent uranium from phosphate 
medium5

·
6 Tsai and Shuang7 used OPAP in kerosene for the extraction of U(IV) from wet-process 

phosphoric acid and used concentrated phosphoric acid as stripping solution. Arnold et al5 investigated 
the effect of the different components found in phosphoric acid and reported that uranium extraction 
decreased with increase in the concentration of ferric ions, hydrofluoric acid or total phosphate and 
sulphate concentration. 

In a previous publication, 8 studies on the extraction of tetravalent uranium from phosphate 
medium by OP AP or HDEHP in kerosene indicated that HDEHP could be preferred as extractant 
under certain experimental conditions. Detailed studies of the extraction of U(IV) by HDEHP from 
phosphoric acid have also shown that the increase in the extractant and Fe(III) concentration enhances 
the extraction process.9 In this work these studies are extended to explore the effect of the different 
cations and anions which are present in industrial phosphoric acid on the extraction of U(IV) by OP AP 
or HDEHP-kerosene solutions. The results are compared and discussed to select the suitable extractant 
and assess the conditions for the maximum recovery of uranium from wet-process phosphoric acid. 

EXPERIMENTAL 

Chemicals and reagents: 

Di-(2-ethylhexyl)phosphoric acid (HDEHP) was a product of Union Carbide Corporation 
,USA. Octylphenyl acid phosphate was supplied by Mobil Chemical Company and used without 
purification. Kerosene was obtained from Misr Petrol Ltd., Egypt. Uranyl nitrate and copper (II) 
chloride were AR products of Fluka-Garantie Ltd., Switzerland. Phosphoric acid, sulphuric acid 
(source of So/-), and Arzenazo III were supplied from Merck, Germany. Iron(II) sulphate (used for 
the reduction of U(VI) solution), and iron metal (source of iron (III)) were obtained from Aldrich 
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Chemical Co. Ltd., Germany . Aluminium metal, the source of Al(III), was supplied from Veb-Berlin 
Ltd., Germany. Hydrofluoric acid, the source ofF·, was a product of Reachim Ltd., USSR. Zinc 
chloride and cadmium chloride were obtained from S.D.Fine Chern. Ltd., India. 

Determination of Uranium: 

The concentration of uranium in the aqueous phosphoric acid solution was determined 
spectrophotometrically using a Shimadzu UV-Visible recording spectrophotometer type UV-160A. 
Arzenazo III was used as colorimetric reagent with 665nm chosen for the detection of tetravalent 
uranium. 

Procedures: 

Tetravalent uranium was prepared by adding appropriate amount of iron (II) sulphate to uranyl 
nitrate in 5 mol/dm3 phosphoric acid solution. 

In the extraction experiments, the concentrations of HDEHP, H3P04, and U(IV) were fixed at 
2.5 x 10·2 molldm3

, 5 molldm3
, and 100 ppm, respectively, unless otherwise stated. 

The equilibrium for the extraction of uranium was reached after 5 minutes of vigorous shaking 
in a thermostatted shaker at room temperature. After phase separation, the concentration of uranium in 
the aqueous phase was determined spectrophotometrically as described. In the stripping experiments, 
the aqueous and organic phases were equilibrated for 15 minutes, and the uranium concentration was 
determined colorimetrically in the organic phase. 

The simulated solution used in this work was formed by adding some of the anions and cations 
which are present in the industrial acid to a 5 mol/dm3 phosphoric acid solution containing 100 ppm 
uranium as given in Tablel . 

Component Concentration, molJdrn3 
· Colllpollent Concentration , mol/dm3 

Fe( III) 0 .102 Cd(ll) .•• 9.63 x 10·, 
Al(III) 6.767 x 10·3 Cu(II) '••• 2.6 X 104 

Mg(II) 0.178 SO;( , ... 0.594 
Zn(II) 2.79 X lO"j p- ,,, 0.525 

Table 1 Composition of simulated 5 mol/dm3 phosphoric acid containing 100 ppm uranium. 

RESULTS AND DISCUSSION 

The effect ofHDEHP or OPAP concentration on the extraction of tetravalent uranium was 
studied by shaking equal volumes of kerosene solution containing the extractant with 5mol/dm3 

aqueous phosphoric solution containing 100 ppm of U(IV). The results obtained indicate that the 
percentage extraction of U(IV) increases by increasing HDEHP concentration in the range 3.2 x 10·2 

gldm3 to 160 gldm3 and reaches a maximum extraction of 94%, Figure 1. Increase in OPAP 
concentration decreased its solubility in kerosene and a maximum extraction percent of 88% was 
reached at 10gldm3 OPAP solution, Figure!. 

The loading capacity of HDEHP was determined by contacting 5 cm3 of 0.2 mol/dm3 

HDEHP-kerosene solution with fresh volumes of aqueous phase containing 100 ppm U(IV) in 5 
mol/dm3 H3P04 with the organic: aqueous phase ratio is 1: I . The results represented in Figure 2 
indicate that a maximum loading of 15 .708 gldm3 (6.6 x 10"2 mol/dm3

) is reached after 8 extraction 
stages. In a similar experiment carried out with 10gldm3 OP AP solution the maximum loading, after 7 
stages, was 0.674 g/dm3 (2.83 X 1 0"3 molldm\ Figure 2. 
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Fig.(2) Loading Capacity of Extractant in Kerosene 

in the extraction of U(IV) from phosphoric acid 

The loading capacity of the investigated extractants was also tested by contacting 0.2 mol/dm3 

(160g/dm3
) HDEHP or 10g/dm3 OPAP kerosene solutions with aqueous phosphoric acid solutions 

containing 100 ppm U(IV) at different organic:aqueous phase ratios of 1:1 , 1:2, 1:3, 1:4, 1:5 and vice 
versa. The results represented in Figure 3 indicate that maximum loading of 94% and 92% were 
reached at phase ratio of about 1:1 for HDEHP and OPAP systems, respectively. 
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6 

The equilibrium data at organic:aqueous ratio of 1: 1 were used to calculate the number of 
theoretical stages using McCabe-Thiele diagram. It is found that the number of theoretical stages is 
four while that experimentally obtained was three. Therefore, the efficiency of the process is 0.75. 

The extraction of 100 ppm U(IV) from a simulated phosphoric acid solution containing Fe 
(III), A13

+, Cd2
+ ,Cu2

+, Zn2
+, Mg2

+, as well as SOt and F ions by HDEHP and OPAP -solutions was 
then carried out. Increase in HDEHP concentration from 2.5 x 10·2 moUdm3 to 0.2 moUdm3 increased 
the extraction percent of U(IV) from 85 .9% to 87.5% while the increase in OPAP concentration from 
5- 10 g/dm3 has almost no effect on the extraction percent (- 85%). 

The above results indicated that the extraction of U(IV) from simulated phosphoric acid 
solution by HDEHP is slightly higher than OP AP solution. Similar behaviour was previously reported 
by Yun et al. 10 The higher loading capacity of HDEHP (Figures 2, 3) together with the low solubility 
ofOPAP favours the use ofHDEHP for the extraction ofU(IV) from wet-process phosphoric acid. 

Further studies on the extraction of U(IV) were therefore carried out on the HDEHP- kerosene 
system. The individual effect ofthe different ions on the extraction ofU(IV) in 5 moUdm3 H3P04 by 
2.5 x 10·2 moUdm3 HDEHP was carried out at organic:aqueous ratio of 1: I. The increase in the 
concentration of Fe3

\ in the range 3.13 x 10·2 moUdm3 to 0.25 moVdm3
, and Ae+, range 1.96 x 10·2 

moUdm3 to 0.196 moUdm3
, decreased the percentage extraction ofU(IV) while a smaller decrease was 

obtained with increase in Mg2
+, from 2.48 X 10-2 moUdm3 to 0.198 moUdm3

, Cd2
+, from 2. 18 X 10-5 

moUdm3 to 1.74 X 10-4moUdm3
, Cu2

+, from 7.43 X w-5 moUdm3 to 3.71 X 10-4mol/dm3 and Zn2
+ 7.34 X 

10-4 moUdm3 to 3.67 x 10·3 moUdm3 On the other hand, the extraction of U(IV) increased with 
increase in SOt from 0.188 to 1.504 moUdm3 and F ions from 0.113 to 0.9 moUdm3

, Figures 4a and 
4b. 

The back extraction of U(IV) from loaded HDEHP-kerosene solution was tested by using 
different molarities of phosphoric (4- 12 moUdm\ sulphuric (6- 12 moUdm3

) and oxalic (5 x 10·2 

moVdm3 to 0.3 moUdm3
) acids as well as sodium carbonate solution (0 .2 - 1 moUdm\ The results 

obtained indicate that among the above reagents, only phosphoric acid could be used for stripping. 
Increase in phosphoric acid concentration from 4 to 12 moUdm3 increased the stripping percentage to 
71.4%. 
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ABSTRACT 

SYNERGISTIC EXTRACTION OF U (VI) AND 

Th(IV) FROM NITRIC ACID WITH HBMPPT 

AND TOPO IN TOLUENE 
Shao-ning Yu, Li Ma 
Naval Medical Research Institute, Shanghai 200433, China 
Bo-rong Bao 
Institute ofNuclear Research, Shanghai 201800, China 

The synergistic extraction of U(VI) and Th(IV) from nitric acid solution by HBMPPT(4-benzoyl-2,4-dihydro-5-methyl-2-
phenyi-3H-pyrazol-3-thione) and tri-n-octylphosphine oxide (TOPO) in toluene was studied. The extraction ability of 
HBMPPT was not so high as that of its parent (HBMPP), but when a little TOPO was added in, the ability to extract U(VI) 
and Th(IV) was greatly improved. The stoichiometry of the synergistic extracted complexes may be presented as 
U0 2N03·HBMPPTTOPO and U02(HBMPPT),-TOPO for U(VI), and Th(N03)J-HBMPPTTOPO and 
Th(N03),(HBMPPT)2·TOPO for Th(IV) respectively. 

Keywords: uranium, thorium, 2-phenyi-3H-pyrazol-3-thione, tri-n-phosphine oxide, synergistic extraction 

INTRODUCTION 

The extraction of An(III) and Ln(III) from aqueous solution with HBMPPT and TOPO has 
been studied by some authors. 1

-
5 Under certain conditions, the synergistic effect between HBMPPT 

and TOPO is able to make An(III) and Ln(III) reach a high separation coefficient. We here report the 
synergistic extraction ofU(VI) and Th(IV) in nitric acid media with HBMPPT and TOPO in toluene. 

EXPERIMENTAL 

Reagents 

HBMPPT was synthesized from HBMPP(4-benzoyl-2,4-dihydro-5-methyl-2-phenyl-3H
pyrazol-3-one) using a procedure similar to that of Jarvinen.3 TOPO was provided by Fudan 
University. Uranyl nitric solution and thorium nitric solution were obtained by dissolving 
U02(N03)z·6H20 and Th(N03)4-6H20 (AR grade) in nitric acid solution to the desired pH, and 
adjusting the ionic strength (0.1) with 0.1 molldm3 NH4N03• Toluene and other reagents were all of 
AR grade. All aqueous solutions, which contained 0.1 mol/dm3 NH4N03 were made with distilled 
water. The pH of the aqueous solutions was adjusted with 0.1 mol/dm3 NaOH. The aqueous solutions 
were pre-equilibrated with toluene. The organic phases were toluene solutions of HBMPPT and 
synergist TOPO dissolved in it. 

Distribution Determination 

The extraction procedures were as follows: 5 cm3 of the aqueous phase containing a certain 
amount of U(VI) or Th(IV) and HN03 was shaken for 15 minutes with 2 cm3 of the organic phase 
containing a given concentration ofHBMPPT and TOPO. The diluent was toluene. Sample of aqueous 
phase was analyzed immediately after the phase separation by the Arsenazo(III) spectro-photometric 
method, and the concentration ofU(VI) or Th(IV) in organic phase was obtained by calculating [M] •. o
[M]a,e where [M]a,a is the concentration ofU(VI) or Th(IV) at the beginning, and [M]a,e is concentration 
ofU(VI) or Th(IV) after equilibrium. The distribution ratio was calculated.6-

7 The pH of aqueous was 
measured after equilibrium. The experimental temperature was controlled at 25 ± 2C. 

RESULTS AND DISCUSSION 

Synergistic extraction ofU(VI) and Th(IV> with HBMPPT and TOPO 

The relationship of logDu - pH and logDTh - pH are shown in Tables I and 2. The 
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distribution ratio of U(VI) and Th(IV) increases with the increase of pH. 

pH 0.83 1.00 1.16 1.22 1.30 1.39 
Du 11.22 13.80 22.39 25.12 28 .18 34.67 

*[HBMPPT](O)- 0 .10mol/dm3
, [TOPO](O) - 0.005mol/dm3

, [U022+l (a) - 5.48 X w ·•mol/dm3
, [NH4NOJJ(a)

O. lmol/dm3
, 25C. 

Table 1, the relationship of Du-pH 

pH 2.26 2.42 2.46 2.51 2.56 2.59 
DTh 2.04 2.82 3.47 4.47 6.31 7.08 

*[HBMPPT](o)= 0.10mol/dm3
, [TOPO](o) = O.Olmol/dm3

, [Th4+](a) = 5 .68 X w ·•mol/dm3
, [NH4NOJ](a) = 

O.lmol /dm3
, 25C . 

Table 2, the relationship of DTh- pH 

The relationship of logD -log[TOPO]cOl is shown in Figure 1. LogD - log[TOPO]co) is linear 
with the slope of 1.0 and 0. 9 for U(VI) and Th(IV) respectively . It indicates that when HBMPPT 
exists , the extracted complex has just one TOPO . 

2. 5 

I 0 I gil. \.\ pH= !. 22) I 0 2 
0 I gQTh, pH=2. 78) 

1.5 0 
<><> 

0 0 
~ <> 

<> 
0. 5 0 

<> 
0 

0 
<> 

- 0.5 
-3. 2 -2.7 - 2. 2 - 1.7 -I. 2 

l g[ 'TIRl 

( [U02
2+](a) =5.48x10-4mol/dm3

, [Th4+l (a) =5.685x10-4 molldm3
, [HBMPPT](o) = 0. 10 molldm3

, 

[NH4N03] = O. lmol/dm3
, 25C). 

Figure 1 Plots of Du and DTh versus log[TOPO]ro) 

([U02 
2+](a) = 5 .48xl0-4mol/dm3/[TOPO],O) =0.005mol/dm3

; 

[Th4+l(a)=5.68x10-4mol/dm3/[TOPO](o)=O.Olmol/dm3; [NH4N03](a) = 0 . 1 mol/dm3, 25C) 

Figure 2 Plots of logDu and logDTh as a function of [HBMPPT]cal 
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The relationship of logDu - log[HBMPPT] (O) and that of logDTh - log[HBMPPT] (O) are linear with 
the slope of 1.52 and 1.63 ([HBMPPT] (O) = 0.05 - 0.2 mol/dm3

) respectively (shown in Figure 2). From the 
log-log plots the extracted complexes should have the following stiochiometries: U02N03.HBMPPT·TOPO 
and U02(HBMPPTh·TOPO for U(VI), and Th(N03)3-HBMPPT·TOPO and Th(N03)2(HBMPPT)2·TOPO 
for Th(IV) respectively ([HBMPPT] (O) = 0.05 - 0.2 mol/dm\ 

Separation of UfYI) . ThO\') and Euam 
The distribution ratio of U(VI), Th(IV) and Eu(III) under some conditions are shown in 

Table 3. The comparison between Figure 1 and Figure 2 shows that a small amount of TOPO greatly 
increases the ability of HBMPPT to extract U(VI) and Th(IV). At the same HN03 concentration, the 
extraction of U(VI) and Th(IV) with TOPO can be neglected. 

The extraction with HBMPPT alone basically cannot separate U(VI) and Th(IV), but to add a 
little TOPO can make its separation coefficient (bum) reaches 324 (pH= 1.3). The system can also 
easily separate U(VI) from Eu(III). 

Extraction conditions Du (pH) DTh (pH) DEu (pH) bum (pH) bu/Eu (pH) 
0.10 mol/dm3 BMPPT 
0.10 mol/dm3 HBMPPT+ 

0.94 (3.0) 0.67 (3 .0) <0.05 (3.5) 1.4 (3.0) > 10 (3.0) 

0 .01mol/dm3 TOPO 38.9(1.3) 0.12 (1.3) 0.07 (3.5) 324 (1.3) >556 
[UO/,_](a)-5.48xl0 4mol/dm3

, [Thnha>-5.68xl0-4mol/dm3
, [NH4N03](a)-0.1mol/dm3

, 25C 

Table 3, Separation coefficient for U(VI), Th(IV), and Eu(III) 

CONCLUSIONS 

(1.3) 

In this study, we have studied the synergistic effect of U(VI) and Th(IV) with HBMPPT and 
TOPO for the first time. The extraction ability of HBMPPT is not high, but when a small amount of 
TOPO is added to the HBMPPT solution, the extraction increases rapidly. According to the 
experimental results, the synergistic extracted complexes may be represented as 
U02N03·HBMPPT·TOPO and U02(HBMPPT)2·TOPO for U(VI), and Th(N03)J-HBMPPT-TOPO and 
Th(N03h(HBMPPT)2·TOPO for Th(IV) respectively. The separation coefficient of U(VI) and 
Th(IV)(bu!Th) is 324 (pH= 1.3). The extraction system can also easily separate U(VI) from Eu(III). 
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ABSTRACT 

STUDY OF THE SOL VENT EXTRACTION OF 

U(VI) AND Th(IV) FROM NITRIC ACID WITH 

HBMPPT 
Shao-ning Yu, Teng-jia Wang 
Naval Medical Research Institute, Shanghai 200433, China 
Bo-rong Bao 
Institute ofNuclear Research, Shanghai 201800, China 

The extraction agent HBMPPT(4-benzoyl-2,4-dihydro-5-methyl-2-phenyl-3H-pyrazol-3-thione) was synthesized 
from HBMPP with a melting point of 106-108C and elemental analysis in agreement with the theoretical values. 
The solvent extraction of U022+ and Th4+ from nitric acid solution by HBMPPT in benzene has been studied. The 
extraction ability of HBMPPT is not as high as that of its parent (HBMPP). The U022+ and Th4+ distribution ratios 
(Du and DTh) increase with increasing pH of the aqueous phase, and pHQ.5 was 3.0 and 3.2 for U022+ and Th4+ 
respectively. When the pH increases, the distribution ratio of U022+( or Th4+) increases linearly with the slope being 
1.56 and 1.59 respectively. When the concentration of HBMPPT increases, the distribution ratio of U022+( or Th4+) 
increases rapidly. Log Du vs log[HBMPP11 is linear with a slope of 1.43; logDTh vs log[HBMPPT] is linear with a 
slope of 1.42. The extraction mechanism is by cation ion exchange. 

Keywords: uranium, thorium, 4-benzoyl-2,4-dihydro-5-methyl-2-phenyl-3H-pyrazol-3-thione 

INTRODUCTION 

To some extent, HBMPPT is a very useful extraction agent for separation of An(III) and 
Ln(III).l-5 The extraction mechanism of U022+ and Th4+ from aqueous solution with 
HBMPPT has not been studied ever, so we here report the extraction behavior of U022+ and 
Th4+ in nitric acid media with HBMPPT in benzene. 

EXPERIMENTAL 

Synthesis of HBMPPT 

HBMPPT was synthesized from BMPP (4-benzoyl-2,4-dihydro-5-methyl-2-phenyl-3H
pyrazol-3-one). 25 g BMPP and 25 cm3 POCl3 were refluxed for 4 hours at 125C, and then 
100 cm3 H20 was added. The organic phase was extracted by 100 cm3 dichloromethane 
followed by removal of the solvent by vacuum distillation. The product (Cl-BMPP) was re
crystallized from 30 cm3 ether and 30 cm3 light petroleum solution with the yield about 75%, 
and m.p. 79-81 C. HBMPPT was synthesized with a procedure similar to that of Jarvinen5 by 
refluxing (6 hours) 30 g Cl-BMPP with 38 g NaSH.H20 (4 equivalents) in ethanol (350 cm3). 
The nitrogen-purged reaction mixture was cooled and allowed to settle. The product was 
isolated by transferring the supernatant liquid under reduced pressure through a teflon tube and 
subsequently, vacuum reduction of the solvent volume. H20 (400 cm3) was added and the 
solution (pH >11) was extracted with chloroform (60 cm3) to remove neutral materials. The 
aqueous layer was made acidic (pH 5-6) with 120 cm3 of3 molfdm3 HCl, and extracted 3 times 
with chloroform (50 cm3 each). The organic fractions were combined, washed with 120 cm3 
water, and dried over anhydrous Na2S04. The solvent was subsequently removed under 
vacuum and the solid residue dissolved in 60 cm3 hot ethanol and re-crystallized to yield 27 g 
of orange crystals, m.p. 106-1 08C. 

Distribution Ratio Determination 

The extraction procedure was as follows: 2 cm3 of the aqueous phase which contained 
a certain amount of UOz2+ or Th4+ and HN03 was shaken for 15 minutes with 5 cm3 of the 
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organic phase containing a given concentration of HBMPPT, which had been pre-equilibrated 
with a suitable nitric acid solution. The diluent was benzene. The concentration of U022+ or 
Th4+ in aqueous phase was analyzed immediately by the Arsenazo-III spectrophotometric 
method 6-7 after the phase separation, and the distribution ratio was calculated. Lower 
concentrations of U022+ or Th4+ in aqueous phase, and lower phase ratio(V0 :Va=l:5), were 
chosen to reduce the change of pH in aqueous phase. The pH of aqueous solution was measured 
after equilibrium. 

RESULTS AND DISCUSSION 

Appraisal of HBMPPT 

The result of elemental analysis is as follows: C, 67.51%, H, 4.35%, N, 9.16%, S, 11.97 %, 
which agrees with the theoretical values: C, 69.15%, H, 4.76%, N, 9.52%, S, 10.90%. The mass 
spectra shows the molecular weight of HBMPPT is 295 (theory 295), and the strong fragment 
mass of 105 show that the sulfur is not on the -benzoyl group (the mass weight is 105). The 
IR(KBr) is similar to that given by Jarvinen.5 

Effect of diluent on distribution ratio of U022+ + 

The HBMPPT is insoluble in diluents such as light petroleum, kerosene, cyclohexane etc., 
and is slightly soluble in ether and ethyl acetate, but it is easily dissolved in toluene, benzene, 
dichloromethane, chloroform, etc .. There is little difference in distribution ratio of U022+ in 
benzene, toluene, dichloromethane and chloroform. The distribution ratio of U(VI) in some 
diluents at 25C, with [U022+] = 2.10 x 10-4 mol/dm3, [HBMPPT] = 0.10 molldm3, pH = 3.4, 
[NH4N03] = 0.1 mol/dm3 : toluene 2.85; benzene 2.86; dichloromethane 2.75; chloroform 2.85 
In ether solution, the HBMPPT can extract U022+ in quantity under the conditions above . 

Effect of temperature on the distribution ratio 

The effect of temperature on the distribution ratio of U022+ is shown in table 1. The 
results show that temperature has little effect on the distribution ratio of U022+and Th4+ . 

15 
1.50 
1.31 

20 
1.48 
1.28 

25 
1.49 
1.33 

30 
1.47 
1.29 

35 
1.42 
1.32 

40 
1.37 
1.22 

([UOrJ = 2.10 x w-• mol!dm3; [Th4+] = 5.68 x 10 .. mo1/dm3
; pH = 3.40 (for U); pH = 3.1 (for Th); 

[HBMPPT] = 0.10 molldm3
; [NH4N03] = 0.1 mo1/dm3

) 

Table 1, The effect of temperature on the distribution ratio of U022 + and Th4 + 

Effect of concentration of UOz+on the distribution ratio 

The effect of concentration of U022+ on the distribution ratio of U022+ is shown in table 
2. The distribution ratio (D) of U022+ decreases with the increase of concentration of U022+ . 
It probably results from the increase of pH in aqueous after the ion exchange reaction. 

2.74 5.48 8.22 10.96 13.7 

nu 6 .23 6.15 5.43 4.85 4.65 
(t = 25C; pH = 3.11; [HBMPPT]=O.lO molldm3

; [NH4N03] = 0 .1molldm3
) 

Table 2, The effect of U022+ concentration on the distribution ratio 
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Effect of acidity of aqueous nhase on the distribution ratio 

The effect of pH on the distribution ratio of U022+ and Th4+is shown in figure 1. The 
logarithm of distribution ratio of U(VI)( or Th4+) and pH have a linear relationship. The slope 
of log D(U) vs pH is 1.56, and the slope of log D(Th) vs pH is 1.59. 

1,5 .-~---__,.--------., 

o.~ 1 ~:::) I 
Q 0 
..::!> -0,5 

-1 

-1,5 
0 

0 
~+---~----r--~ 

1,5 2,5 3,5 4,5 

pH 

Figure 1 Plots of distribution ratio of U022+ and Th4+ versus pH. 
(t = 25C; [UO}+l = 2.10 X 10 .. mol/dm3

; [Th4+] = 5.68 X 10"4 mol/dm3
; [HBMPPT] = 0.10 

molldm\ [NH4N03] = O.lmolldm3
. ) 

Effect of lliBMPPTJ on the distribution ratio 

The effect of [HBMPPT] on the distribution ratio (D) of U022+ and Th4+is shown in 
figure 2. The equilibrium pH was measured, and all the values of Jog D have been rectified with 
the relationship shown in figure 1. The logarithm of distribution ratio of U022+(or Th4+) and 
log [HBMPPT] are in linear relationship . The slope of log D(U) vs log [HBMPPT] is 1.43, and 
the slope of Jog D(Th) vs Jog [HBMPPT] is 1.42. 

0. 9 

I o l gO: l\ pH=3. 3) 0 0 

0. 5 0 l gQ Th, pH=3. 2) 
0 

0. I 
oo 0 

Cl 0 0 

~ 0 0 
- 0. 3 

0 oo 
- 0. 7 0 

0 

- 1.1 
-2. 7 - 2. 2 -1.7 - 1.2 -0.7 

I g[IMPI] 

Figure 2 Plots of distribution ratio of U022+ and Th4+ versus [HBMPPT] in benzene. 
(t = 25C; [UOrJ = 2.10 X 10 .. mol/dm3

; [Th4+] = 5.68 X 10 .. molldm3
; pH = 3.2 for uor ' pH 

= 2.8 for Th4+; [NH4N03] = O.lmol/dm3
. ) 

From this extraction rule, the extraction reaction between HBMPPT and U022+ (or Th4+) 
is a cation ion exchange reaction, the slopes of log D vs pH and log D vs log [HBMPPT] are not 
whole numbers, the extraction reaction can be described as follows: 

HA ===A-+ H+ 
U022+ + 2A- = = = U02A2 

U022+ + N03- + A- = = = U02N03A 
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CONCLUSION 

The synthetic product is HBMPP and the extraction ability of HBMPPT is not as high as 
that of its parent (BMPP) . The extraction reaction with uranium or thorium is a cation ion 
exchange. The relation of logO vs pH is linear with slopes of 1.56 and 1.59 for U022+ and 
Th4+ respectively and logO vs log[HBMPPT] is also linear with slopes of 1.43 and 1.42 for 
U022+ and Th4+ respectively . 
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This ~aper summarises progress at three collaborating U.S. national laboratories on the extraction of the fission products 99Tc 
and 1 7Cs from alkaline high-level wastes (HLW). Efficient, economical processes for Tc and Cs extraction, SRTALK and 
alkaline-side CSEX respectively, have been developed, and testing has progressed through batch tests on actual wastes and 
continuous countercurrent centrifugal-contactor tests on simulants. 

Keywords: caesium, technetium, crown ether, calixarene, alkaline high level nuclear waste, centrifugal contactor 

INTRODUCTION 

The need has arisen at several U.S. Department of Energy sites for separating the key fission 
products 99Tc, 90Sr, and 137Cs from alkaline defence wastes. 1 At the Hanford site, wastes stored in 
underground tanks will be retrieved and subjected to separations mainly aimed at concentrating 
actinides, Tc, Sr, and Cs in a high-activity fraction that will be vitrified and stored in a geologic 
repository. 1

b Similar goals are being pursued at the Savannah River Site for the removal of actinides, 
Sr, and Cs. 1

c Aqueous wastes that must be treated include tank supernatant liquids, dissolved salt 
cake, and sludge-wash solutions. 

Significant progress has been made toward solvent-extraction methodology for removal of 
137Cs, 90Sr, and 99Tc either individually or simultaneously from nitrate wastes. In particular, crown
type extractants,2

•
5 including the novel class of calix[4]arene mono- and his-crown compounds,4

'
5 

make possible new technologies featuring high selectivity, good stability, and compatibility with 
process conditions. These technologies offer the major advantage of stripping with water or dilute 
acid, in principle yielding a stream concentrated in the target fission products but containing little else. 
This translates to potentially large cost savings by reducing the need for further downstream 
processing and reducing the volume of the final HL W form. Efforts have focused largely on the acid 
side, but recent results3

'
4

e,s have extended applicability to alkaline-side separations as well, obviating 
the need for re-acidification. Indeed, processes have been optimised so that little or no adjustment of 
the wastes (which tend to lie in the range 5-8 mol!dm3 Na) is required at allY 

For appropriately sized neutral crown extractants in low-polarity media, the extraction 
behaviour may often be rationalised in terms of simple 1:1 metal:ligand complexes: 6

• 

Mq+ (aq) + qX (aq) + L (org) ~ MLXq (org) (I) 

where Mq+ is a metal ion of charge q = + 1 or + 2, X is the co-anion, and L is the extractant. Abundant 
anions in the wastes include nitrate, nitrite, hydroxide, chloride, aluminate, and carbonate, where the 
most easily transferred to the solvent phase is nitrate.6b Owing to the high nitrate concentration in the 
waste, the equilibrium in Equation 1 is driven to the right. On stripping with water or dilute salt or 
acid solutions, Equation 1 is driven to the left, decomposing the complexes and releasing the metal 
ions and co-anions. 

Although technetium in its common pertechnetate form Tc04- does not complex directly with 
crown ethers, pertechnetate extraction may be facilitated by crown ethers as the co-anion X for M+ = 
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Na + and K+ in Equation 1. In this case, it is the high concentration of sodium and potassium in the 
waste that drives Equation 1 to the right. Since pertechnetate is at trace levels (of the magnitude 10-4 

mol/dm3 on average) in the waste, selectivity over the highly abundant anions, especially nitrate , 
becomes a critical extraction property. Depending on the solvent environment, pertechnetate anion 
may be more than a thousand-fold more extractable than the smaller nitrate anion in ion-pair 
extraction processes .6 The origin of selectivity in the ion-pair extraction for pertechnetate in Equation 
1 in fact arises effectively from the same solvation principles governing anion exchange.6 Whereas 
quaternary ammonium extractants and resins are difficult to strip, however, the cationic crown ether 
complex is readily decomposed on contact with water. It is this easy regenerability that represents the 
major advantage of crown ethers vs . anion exchange in pertechnetate removal from waste . 

RESULTS AND DISCUSSION 

SRT ALK Process for Tc Extraction. 

The crown ether (Figure 1) used in the SRT ALK process affords a good balance of properties , 
but a modifier is additionally required for adequate extraction and stripping when the diluent is an 
aliphatic hydrocarbon.3 Using a solvent consisting of 0.04 mol/dm3DtBuCH18C6 in 1:1 v:v 
TBP : Isopar~M, 

DtBuCH18C6 
Di-(t -butylcyclohexano )-18-crown-6 

(Mixture of isomers) 

TBP 
Tributyl phosphate 

Figure 1. Crown ether and modifier used in SRT ALK process 

Tc distribution ratios of 9.3 on extraction of actual Hanford Double-Shell Slurry Feed (DSSF) and 0.3 
on stripping with distilled water were obtained in batch tests . These results were similar to those of 
pertechnetate extraction and stripping in tests with waste simulants. 

As shown in Figure 2, a 12-stage SRT ALK flowsheet has been developed using a solvent 
consisting of0.04 mol/dm3 DtBuCH18C6 (CE_Sr in Figure 2) and 1.8 mol/dm3 TBP in Isopar~ L (1 :1 
v:v TBP:Isopar" L).3

c The flowsheet was designed for a test of SRTALK on a simplified Hanford 
DSSF simulant using 2-cm centrifugal contactors. The scrub section employed 0.5 molldm3 NaOH to 
reduce the sodium and potassium nitrate loading of the solvent and to improve the performance of the 
stripping with 0.01 mol/dm3 HN03. The SRTALK centrifugal-contactor test performed as designed , 
demonstrating the clean separation of Tc from the bulk waste constituents, especially sodium. While 
Tc was concentrated by a factor of 9.9 with a DF of 10.7, the sodium concentration was reduced by a 
factor of 5800 to 0.0010 molldm3 in the strip solution. Potassium and aluminium were rejected to an 
even greater degree. Assuming that the entire Hanford tank inventory could be treated with 
comparable performance by the SRT ALK process, the additional amount of sodium that would have 
to be vitrified would be only 1400 kg. Based upon the test results, a plant-scale process utilising 24 
stages of 30 em contactors would treat waste at 100 dm3/min and require a solvent inventory of 
approximately 3000 dm3

, costing $1. 7M at retail price. Thus, the high efficiency of centrifugal 
contactors allows the expensive crown ether to be used at acceptable cost. 
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Simulated Alkaline-Side 
Tank Waste Feed 
5.85M Na 
0 .598MK 
0.519MA1 
2.03M N03 

5.97M_OH 

6.39xl0 -5M Tc(99,99m) 
(DF) 
20.6 mL/min 

Aqueous 
Raffinate 
(DW) 
25.0 mL/min 

Scrub Feed 
0.5MNaOH 
(DS) 
4.4 mL/min 

Strip Effluent 
(EW) 
1.93 mL/min 

SRTALK Solvent (4-1) 
0.04M CE_Sr 
1.8MTBP 

Isopar ® L (rest) 
(DX) 
8.0 mLimin 

Strip Feed 
0.01M HN03 

(EF) 
1.93 mL/min 

Used SRTALK 
Solvent 
(EP) 
8.0 mL/min 

Figure 2 . Twelve-Stage SRTALK flowsheet for 2-cm centrifugal contactor test at ANL. 

Alkaline-Side CSEX Process for Cs. 

The recent advent4 of calix[4]arene-crown-6 compounds having Cs/Na selectivities exceeding 
104 constitutes a breakthrough in the search for Cs-selective extractants. Attributed to significant pi
interactions of the aromatic rings with the guest Cs+ cation,4d this unprecedented selectivity makes it 
practical to employ a crown compound in a solvent-extraction process for Cs removal from alkaline 
nitrate wastes. 5 A calix[4]arene bis-crown-6 compound with enhanced solubility is shown in Figure 3. 
It may be seen that either of two identical cavities, each formed by facing aromatic rings and the 
crown ether, may host the Cs + cation. 

Analogous to SRTALK, use of BoBCalixC6 in an aliphatic diluent requires the addition of a 
polar modifier, both to increase solubility and to raise the Cs distribution ratios (De,) on extraction to a 
useful range at affordable concentrations ( < 0.02 mol/dm3

) of the expensive calixarene. In tests of 
various modifiers in Isopar~ L, lipophilic alcohols proved to be particularly effective, whereas non 
hydrogen-bond donating compounds such as TBP were weak, as expected if anion solvation by the 
modifier is important. 6 Experiments on alcohols having the economical alkylphenoxy group showed 
that phase disengagement and Des depend markedly on the modifier structure. Of the modifiers 
synthesised and evaluated thus far , the modifier "Cs-3" (Figure 3) afforded the best overall 
combination of desirable attributes. These attributes include a strong synergistic effect with the 
calixarene, excellent phase disengagement, and negligible distribution to the aqueous phase. This 
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modifier has also been the most carefully studied in process flowsheet development experiments. 
During these experiments , Cs-3 modifier exhibited good chemical stability when continuously 
contacted with an alkaline waste simulant for one month at 25 °C, but at 53 oc more than half of the 
modifier decomposes. 5

b A new modifier has since been prepared that appears to be stable to alkaline 
solutions at elevated temperatures . 

BoBCalixC6 
Calix[4]arene-bis( t -octylbenzo-crown-6) 

Cs-3 
1-(1, 1 ,2,2-tetrafluoroethoxy), 

-3-f'-(t -octyl)phenoxy ]-2-propanol 

Figure 3. Extractant and modifier recently employed in the alkaline-side CSEX process. 

As shown by the batch results in Table 1, Cs was extracted from two Hanford supernatant tank wastes 
and stripped with 10 mmolldm3 nitric acid . The DSSF waste represents a severe case, since extraction 
of K+ ion (at ca . 1 molldm3 in the waste) competes significantly with Cs+ ion extraction. 5• By 
comparison, excellent extraction was obtained from the CC waste, which contains low levels of K+ ion 
but a high concentration of organic complexants. 

Tank Des Des Total % Des Des Total % 
Extract #1 Extract #2 Extracted Strip #1 Strip #2 Stripped 

DSSF blend" 1.8 2.0 89% 0.7 0 .3 90 % 
CC wastec 18 20 99.7% 0.8 0 .6 85 % 

• Two extractions each with fresh solvent (0.02 mol/dm3 BoBCalixC6 + 0.25 molldm3 Cs-3 in Isopar® L) 
followed by two strips each with fresh 10 mmolldm3 HN03; 5-min contacts at O:A = 1:1 by vortexing. 

b Blend of supernatant liquids from three tanks : 70% AW-101 (DSSF), 20% AP-106, and 10% AP-102. 
c Undiluted complexant concentrate from tank SY-101. 

Table 1 Caesium extraction and stripping from Hanford tank waste by ORNL extractant. • 

Excellent results were achieved in more extensive process development toward adapting 
alkaline-side CSEX to the HLW at the Savannah River Site (SRS) .5b In this waste, the competing K+ 
concentration is only 0.02 mol/dm3

, making low calixarene concentrations effective . It was found that 
good overall performance could be obtained with a solvent containing 0 .01 mol/dm3 BoBCalixC6, 0 .2 
molldm3 Cs-3, and 1 x 10-4 molldm3 trioctylamine (TOA) in Isopar® L (Table 2). Two scrub stages 
employing 0.05 mol/dm3 HN03 sufficed to remove practically all other salts from the solvent to near 
analytical detection limits . Stripping may be effected by dilute HN03 at 0.005 molldm3 or lower. 
Having negligible effect on extraction, the TOA promotes stripping to low organic-phase Cs 
concentrations and to counteract potential deleterious effects of lipophilic anion impurities that may 
accumulate in the solvent. The fact that even low concentrations (e .g., 5 x 10-5 molldm3

) of lipophilic 
anions, such as the common surfactant dodecylsulphonate present in many detergents , interfere with 
effective stripping may be a general vulnerability of crown compounds as applied to waste treatment. 
Fortunately, the use of TOA corrects this problem. The TOA may be omitted if a stripping solution 
containing 5 X 10-4 mol/dm3 HN03 and 1 x 10-4 mol/dm3 CsN03 is employed, but we encountered 
somewhat weaker stripping and difficulties with anionic impurities. 5

b 
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Table 2 Caesium distribution ratios in batch tests using SRS waste simulant. • 
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ABSTRACT 

EXTRACTION OF STRONTIUM AND CESIUM USING 

A SYNERGISTIC SOL VENT MIXTURE 
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A new solvent mixture, based on combining chlorinated cobalt dicarbollide and a macrocyclic polyether extractant, has been 
shown to extract both cesium and strontium. When the two extractants are combined in a single solvent, the distribution 
coefficient for cesium is primarily a function of the concentration of the cobalt dicarbollide extractant, as expected. A 
significant increase, up to five orders of magnitude, in the strontium distribution coefficient is realized in the presence of both 
extractants, over the distribution coefficient that is measured for the macrocyclic polyether alone. This synergistic effect 
allows for lower concentrations of extractant to be used, making the process more economical. Batch extraction contacts 
were performed to determine equilibrium distribution coefficients over a range of solvent compositions and acid 
concentrations. The extraction of cesium, strontium, europium, americium and sodium was studied and the results are 
presented. 

Keywords: americium, cesium, europium, sodium, strontium, synergistic extraction, cobalt dicarbollide, crown ether 

INTRODUCTION 

The cobalt dicarbollide extractant (CoDiC), originally developed in Czechoslovakia and later 
developed and implemented in Russia, has been demonstrated to be an effective extractant for the 
removal of cesium from acidic radioactive wastes.' The Mayak Production Association, Ozersk, 
Russia processed more than 320m3 of highly radioactive waste in 1996, recovering a total of 7.1 MCi 
of cesium and strontium. The concentrated cesium and strontium rich-stream was prepared for 
subsequent vitrification. Strontium extraction was realized by the addition of polyethylene glycol 
(PEG) to the solvent. 

A recent collaborative effort between the Idaho National Engineering and Environmental 
Laboratory (INEEL), Idaho Falls, USA and the VG Khlopin Radium Institute, St. Petersburg, Russia, 
has successfully demonstrated the extraction and recovery of cesium and strontium from actual acidic 
radioactive wastes using chlorinated CoDiC/PEG in a non-nitroaromatic solvent.2

'
3 Actinide and rare 

earth elements are not appreciably extracted by the CoDiC/PEG solvent. Separation of other 
radionuclides, including technetium, actinides and rare earth elements, from INEEL radioactive wastes 
is also of interest. Therefore, the investigation of synergistic effects for the extraction on strontium, 
actinides and rare earth elements from solvents containing cobalt dicarbollide and potentially 
synergistic secondary extractants was initiated. 

Macrocyclic polyethers, commonly known as crown ethers, are widely known to selectively 
extract alkaline and alkaline earth elements. The extraction of strontium from solvents containing 18-
crown-6 molecules has received significant attention over the past 10 years.4'

5 Initial studies of the 
extraction of Am, Cm, Eu and Ce (III) from nitrate media by mixtures of chlorinated CoDiC and 
unsubstituted 18-crown-6 were performed at the Pacific Northwest Laboratory (PNL).6 

This study involved the fundamental investigation of the extraction of cesium, sodium, 
strontium, europium and americium from nitric acid solutions using a mixture of chlorinated CoDiC 
and the polyether extractants 18-crown-6 and di-(tert-butylcyclohexano)-18-crown-6 (DtBuCH18C6). 
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EXPERIMENTAL 

Preparation of the solvent included dissolution of the cesium salt of chlorinated cobalt 
dicarbollide in nitrobenzene (0.34 g/cm3

), followed by 10 successive contacts with equal volumes of 
fresh 8 mol!dm3 HN03, then five successive contacts with deionized water at a volume ratio of 1:5 
(0/A). Contacts were performed by vortex mixing for 5 minutes followed by centrifugation at 3000-
4000 rpm. Cobalt dicarbollide concentration in the stock solvent was determined by X-ray 
Fluorescence Analysis (XRF). Solvent compositions for subsequent experiments were made by 
diluting the stock solution with nitrobenzene and/or addition of crown ether. 

Batch extraction contacts were conducted by vortex mixing equal volumes of solvent and 
nitric acid solutions containing trace concentrations of 241 Am, 137Cs, 90Sr, 22Na and 152·154Eu . Mixing 
times in initial contacts varied from 1 minute up to 6 minutes to determine the kinetics of extraction. 
After establishing that the extraction kinetics were rapid, all subsequent contacts were performed for 3 
minutes . Nitric acid concentrations in the aqueous solutions were varied between 0.3 - 0.7 mol!dm3

, 

while solvent compositions ranged from 0- 0.25 mol/dm3 in CoDiC and 0- 0.12 mol/dm3 in 18-
crown-6. The aqueous phase was simultaneously spiked with all radionuclides mentioned above 
(approximately 1000 - 2000 Bq/cm3 for each radionuclide) prior to contacting the organic phase. The 
phases were separated by centrifugation and analytical measurements of both aqueous and organic 
phases were performed directly by gamma spectroscopy. 

RESULTS AND DISCUSSION 

Results of batch distribution contacts for cesium, strontium, europium and americium in 0.5 
molldm3 HN03 are summarized graphically in Figures 1 and 2. 
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0.05 0.10 0.15 0.20 0.25 

Figure 1. Extraction of Cs, Sr and trivalent Am and Eu tracers by CoDiC/18-crown-6 mixtures in 
nitrobenzene from 0 .5 mol!dm3 HN03, C18·crown·6 = 0.0533 mol!dm3

. 

Cesium distribution coefficients in the presence of 0.053 molldm3 18-crown-6 ranged from 0.2 
with no CoDiC present in the solvent to 164 with 0.213 mol!dm3 CoDiC in the solvent for 0.5 mol!dm3 

HN03 solutions. The cesium distribution coefficient was also determined for solvent compositions 
containing 0.16 mol/dm3 CoDiC with and without 0.053 mol!dm3 18-crown-6. The distribution 
coefficients were nearly identical (134 - 135) for both solvent compositions. When the CoDiC 
concentration was held constant at 0.16 mol/dm3 and the 18-crown-6 composition was varied from 0 -
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0.12 molldm3
, the distribution coefficient decreased to a minimum at 0.08 mol/dm3 18-crown-6, then 

increased four-fold at 0.12 mol/dm3 18-crown-6. Distribution coefficients in this test ranged from 58 -
259 , which is nearly quantitative extraction of cesium for all solvent compositions tested . In general , 
the extraction of cesium is occurring predominately by the cobalt dicarbollide extractant, which is 
expected. 

Strontium is only slightly extracted by cobalt dicarbollide in 0.5 mol/dm3 HN03 as 
demonstrated by a distribution coefficient of 0.59 using 0.16 mol/dm3 CoDiC . The strontium 
distribution increases to over 700 when 0.019 mol/dm3 18-crown-6 is added to the solvent. Addition 
of larger concentrations of 18-crown-6 to the solvent result in quantitative extraction of strontium. 
Strontium distribution coefficients in the presence of 0.053 mol/dm3 18-crown-6 ranged from 0.007 
with no CoDiC present in the solvent to 613 with 0 .107 mol/dm3 CoDiC in the solvent for 0 .5 mol/dm3 

HN03 solutions. There was very little change in the strontium distribution coefficient until CoDiC 
concentration in the solvent exceeded 0.027 molldm3

, resulting in a substantial increase of nearly 5 
orders of magnitude at a CoDiC concentration of 0.107 molldm3

. The sudden and rapid increase in 
strontium distribution coefficients as a function of CoDiC concentration was not expected and appears 
to be the result of a synergistic effect from the presence of both extractants . 

0.00 0.03 0.06 0.09 0. 12 

Clll -<rown-6,M 

Figure 2. Extraction of Cs, Sr and trivalent Am and Eu tracers by CoDiC/18-crown-6 mixtures in 
nitrobenzene from 0.5 molldm3HN03, Ccooic= 0.16 molldm3

. 

Europium and americium distribution coefficients were determined for the same conditions as 
described above . Distribution coefficients for 0 .16 molldm3 CoDiC without 18-crown-6, ranged from 
0.08 - 0 .1, while the distribution coefficients for 0.0533 molldm3 18-crown-6 without CoDiC were 
near zero (no detectable Eu or Am in the organic phase after contact) . These results indicate that Eu 
and Am are not appreciably extracted from either extractant. When small concentrations of 18-crown-
6 (0 .019 to 0.12 molldm3

) are added to solvent containing 0.16 molldm3 CoDiC, distributions ranged 
from 0.34 - 0.64 . Likewise, when CoDiC (0.018 - 0.213 mol/dm3

) was added to solvent containing 
0.0533 mol!dm3 18-crown-6, distributions increased to as much as unity (at 0.213 mol/dm3 CoDiC) . 

Similar results were obtained at 0.3 and 0.7 molldm3 HN03 feed concentrations. Each of the 
radionuclides exhibits similar behavior in various nitric acid concentrations . 

CONCLUSIONS 

The extraction of cesium and sodium from a solvent containing cobalt dicarbollide and 18-crown-6 
derivatives appears to be primarily a function of cobalt dicarbollide concentration. Strontium, 
europium and americium all extract at higher levels in the solvent containing both extractants. The 
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levels of extraction appear to be significantly higher than the expected additive effects of individual 
extractants, suggesting that synergistic effects are present. 
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NOMENCLATURE 

Bq Becquerel 
Ci Curie 
0/A Organic/aqueous phase ratio 
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ABSTRACT 

USE OF BINARY EXTRACT ANTS FOR RECOVERY OF 
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SOL VENT EXTRACTION 
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The solvent extraction of silver(!) from nitric acid solutions by bis(2,4,4-trimethylpentyl)dithiophosphinic acid (Cyanex 
301 ), and bis(2,4,4-trimethylpentyl)monothiophosphinic acid, (Cyanex 302) in Solvesso-100 and their binary mixtures 
with Aliquat-336 was investigated. The stripping behaviour of silver complexes with Cyanex 301, Cyanex 302 and with 
binary extractants were carried out in detail and it was found that Cyanex-301 + Aliquat-336 (I) and Cyanex-302 + 
Aliquat-336 (II) provide better control over stripping and easy regeneration of the extractant than pure Cyanex 301 and 
Cyanex 302 individually. Among the aqueous reagents tested, thiourea+ O. lmol/dm3 HN03 and anunonium thiocyanate + 
0.1 mol/dm3 HN03 proved to be efficient stripping reagents for silver. Application of the developed method was extended 
for the recovery of silver from electrolytic wastes. 

Keywords: silver(!), Cyanex 301 , Cyanex 302, Aliquat 336, binary extractants, electronic waste 

INTRODUCTION 

In solvent extraction, the choice of a suitable extractant for metal selectivity is a key problem, 
therefore many investigations are carried out to develop new extractants. Recently, two sulphur 
containing organophosphorus extractants have been introduced by American Cynamid.1-

3 Cyanex 30 l 
and Cyanex 302 are organic acids and consequently will react with an organic base, such as Aliquat-
336, to form an organic salt, a so-called binary extractant. Binary extractants operate at lower pH 
values than cation-exchangers and at higher temperatures and concentrations than oxygenated 
reagents. Consequently, less time is required to reach equilibrium than with for example hydroximes, 
and relatively few counter-current stages are required. A few attempts have been made to 
evaluate metal extraction by binary extractants by Eyal and co-workers.4

•
5 Binary extractants have 

been proposed for use in many diverse processes, such as the recovery of copper from leaching 
solutions and eluates,6 and the recovery of zinc from electrowinning waste strearns.7 The extraction 
of salts of copper, cobalt, nickel and lanthanides by binary extractants is the basis of several 
patents 8

•
9 This study compares the extraction behaviour of Ag(l) with Cyanex 301 and Cyanex 302 

and their binary mixtures with Aliquat 336 from nitric acid solutions. The parameters studied 
include: nitric acid concentration in aqueous phase, loading capacity, type of metal organic species 
with pure and binary extractants and nature and type of strippant for back extraction of Ag(l) from the 
loaded organic phases. 

EXPERIMENTAL 

Cyanex 301 (75-80% pure) and Cyanex 302 (84% pure) were kindly supplied by American 
Cyanamid (now Cytec Industries, Inc.) and Aliquat 336 (Ali-336) were obtained from General 
Mills Inc, USA. Reagent grade diluent Solvesso-100 (Shell Co., Australia) was used as received. The 
binary extractants were prepared by mixing equimolar quantities of Cyanex 30 I and Cyanex 302 with 
Aliquat-336. The formation of the base couple is an exothermic reaction, and can be expressed as: 

~Clo + HAJH2A2o = ~AJ R4NHAzo + HClo 
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where ~Cl denotes Aliquat-336 and HA and H2A2 denotes Cyanex 301 and Cyanex 302 
respectively . The formation of the binary extractant, ~A, results in the generation of hydrochloric 
acid in the organic phase. The inorganic acid was removed by washing with water. Silver-11Om 
tracer, obtained in the Ag(I) state from the Isotope Division, Bhabha Atomic Research Centre, India, 
was used throughout the present study. Its radiochemical purity was ascertained by gamma ray 
spectrometry. Pu-239, U-233, Ru-106 and Cs-137 were used to study the extraction characteristics of 
the respective metal cations as these nuclides are the main component of electrolytic waste generated 
during solid Pu02 dissolution catalysed by Ag2

+ reactive species.12 All the isotopes were 
radiochemically pure. Uranium and plutonium were assayed by alpha scintillation counting. Ag-11 0 
and Cs-13 7 were assayed by a well type Nal(Tl) scintillation detector coupled to a single channel 
analyser. Ru-106 was assayed by beta scintillation counting. 

Synthetic Electrolytic Waste 

Simulated electrolytic waste containing silver, spiked with plutonium ( l mg dm"3) and 
Am(III) (0 .052 mg dm-3

) and various fission products of the following composition: Ru-106: 57.2 11c 
dm-3

, Cs-137: 2513 .2 !lC dm-3, Ce-144: 46.4 !lC dm-3 was employed for extraction studies . 
Electrolytic waste was spiked with Ag-11 Om to evaluate the estimation of silver by gamma 
spectrometry. Plutonium and americium were assayed by alpha spectrometry. High purity 
germanium detector coupled to 4K PC linked multichannel analyser was used for the estimation of 
fission product nuclides such as Cs-137, Ce-144 and Ru-106. 
Distribution ratio (D) measurements were carried out as described in earlier publication. 10 

RESULTS AND DISCUSSION 

The extraction of Ag(l) is quantitative from nitric acid solutions from pure Cyanex 301 and 
Cyanex 302, Cyanex 301 + Ali-336 (I) and Cyanex 302 + Ali-336 (II). The extraction kinetics were 
better for binary mixtures than for pure extractants. Thus, it appears that combining an acid 
extractant such as Cyanex 301 or Cyanex 302 with an organic base such as Aliquat-336 results in the 
enhancement of the extraction of Ag(I). This has practical applications in reducing the number of 
extraction stages during metal recovery by solvent extraction. In addition, binary extractants afford 
greater control over the back extraction. This is ascribed to the stability of the binary extractants 
which must dissociate to effect extraction. Sole et a!. reported the decomposition of the Cyanex 30 l 
and Cyanex 302 in acidic nitrate media.11 In addition, it has recently been shown that Cyanex 30 l is 
unstable in the presence of high nitric acid concentrations, resulting in oxidation of the extractant. 
So, HN03 concentration did not exceed 4 mol!dm3

, throughout the study. 
To assess the dependence of the extraction capacity on the aqueous phase acidity, the 

extractability of silver from 4 mol/dm3 HN03 down to solutions in the pH range (ca. 0.01 mol!dm3
) 

into Solvesso 100 by Cyanex 301, Cyanex 302, Cyanex 301 + Ali-336 (I) and Cyanex 302 +Ali-
336 (II) from unbuffered aqueous solutions was systematically studied. The data presented in Figure 
1 indicate little acid dependence except for Cyanex 302. On the other hand, binary salts of Cyanex 
301 and Cyanex 302 did not show any HN03 effect in the 2-4 mol/dm3 acid range. The performance 
of Cyanex 301 + Ali-336 was superior to that of Cyanex 301 alone. The extraction of Ag(I) by 
Cyanex 301, Cyanex 302, Cyanex 301 + Ali-336 and Cyanex 302 + Ali-336 with varying extractant 
concentration is presented in Figure 2. The log D values were found to increase with the extractant 
concentration. In addition, the binary salt of Cyanex 30 l resulted in higher log D values than the 
pure reagent. 
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Figure 1 Extraction of Ag(I) with pure Cyanex 301, Cyanex 302 and their binary extractants 
as a function of nitric acid concentration, Extractant concentration (each): 0.25 molldm3 

4,5 

4 . 
3,5 

0 

I 0 6 

3 .. 6 

" +Cyanex 301 
0 2,5 ~ • .. • Cyanex 302 .2 2 • 't. • 

1,5 6 Cyanex 301 +Aii-336 

1 o Cyanex 302+Aii-336 

0,5 

0 
0 0,05 0,1 0,15 0,2 0,25 0,3 

Extractant concentration,M 

Figure 2 Extraction of Ag(I) with pure Cyanex 301, Cyanex 302 and their binary extractants 
from nitric acid as a function of extractant concentration, HN03 =lmol/dm3 

Silver can be quantitatively extracted, if the extractant is contained in the system at 
more than the theoretical equivalent amount. Therefore, the extracted species of silver 
cannot be determined by slope analysis. So the measurement of the silver-loading capacity is 
tested. Figure 3 shows the relationship between the ratio of the initial concentration of 
extractant to the concentration of silver extracted, CHA/CAg,org, and the initial concentration 
of silver in aqueous solutions. From these results, it is found that Cyanex 30I, Cyanex 302 
and their binary mixtures formed I : I silver-extractant complexes. 

Ag+ + H2A2 = Ag(HA2) + 1-t (Cyanex 302) 

Ag+ + HA == AgA + W (Cyanex 301) 

~NA + Ag + + No3· == AgA + ~03 

R4NHA2 + Ag+ + N03. == AgHA2 + ~03 
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where HA or H2A2 is the extractant. These results were confirmed by other experiments in which the 
extractant concentration was changed. 

Quite high values of D were obtained from low to high concentrations of nitric acid and so 
stripping became almost impractical with nitric acid solutions alone. Complexing agents like EDT A 
(0 .2 - 0.5 moVdm3) or sodium carbonate (0.5 moVdm3) fail to recover Ag from the loaded organic 
phases of Cyanex 301, Cyanex 302 and their binary extractants. Stripping behaviour of silver 
extracted by the binary extractant indicated quantitative recovery from Cyanex-301 + Ali-336 using 
0.1 moVdm3 HN03 +thiourea or 0.1 moVdm3 HN03 + ~SCN. Stripping of silver extracted by 
Cyanex 301 seems to be extremely difficult. Stripping from loaded phases of Cyanex 302 and 
Cyanex 302 + Ali-336 also showed quantitative recovery but fewer contacts in case of latter of the 
latter stripping reagent were required. This suggests a reduced number of stages in the stripping 
cycle. Binary mixtures showed improved behaviour proving better control over back extraction than 
pure Cyanex 301 and Cyanex 302. 
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• Cyanex 301 + Ali-336 

o Cyanex 302 + Ali-;336 

Figure 3 Silver(l)-loading capacity of the extractants, 
Extractant concentration (each): 0.005 moVdm3, HN03 = 1 moVdm3 

Silver Recoverv From Electrolvtic Waste Solution 

The extractability of Ag(l) from an electrolytic waste solution generated during recovery of 
plutonium from solid waste12 by employing a silver catalysed electrooxidative process was explored. 
Silver recovery into Solvesso 100 solutions of binary mixtures of Cyanex 301 , Cyanex 302 and Ali-
336 was examined from electrolytic waste. From the data summarized in Table 1, it is quite clear that 
problematic actinides like Pu(IV), Am(III) and fission product contaminants were poorly extracted 
(<5%). More than 90% of Ag(l) could be recovered in single contact (0/A = 1) from I moVdm3 

(HN03) aqueous medium into Solvesso-100 by Cyanex 301 + Ali-336. Finally, Ag could be readily 
back extracted almost completely(> 98%) from the loaded Cyanex 301 + Ali-336 with an aqueous 1 
moVdm3 thiourea+ 0.1 moVdm3 HN03 or 1moVdm3 ~SCN + O.lmoVdm3 HN03 solution. It is 
thus proved that Ag (I) could be efficiently and reversibly extracted from electrolytic waste 
solutions. 
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Fission F .P .activity" F.P. activity in the Recovery(%) 
product in the feed organic phase Cyanex 301 + Ali-336 

(~ci dm-3
) (~ci dm-3) 

Ru-106 57.2 3.4 5.0 
Cs-137 2513 .2 125.1 4.0 
Sb-125 23.3 1.0 4.0 
Ce-144 46 .4 1.2 2.2 
Ag-llOm 1.0" 0.9° 92.6 
Ag(inactive) 5.0c 4.9c 98.0 
Pu(IV) 5.0° 0.2° 3.0 
Am {III) 5.2 X 10-zo 1.0 X 10-:lb 1.5 

a, ActiVIty of fiss10n products was estmmted by multichannel analyser usmg a High 
Purity Germanium detector (HPGe). 

b, Values are expressed in mg/dm3 

c, Values are expressed in g/dm3 

Feed : Electrolytic Waste in 1.0 moVdm3HN03; Extractant concentration: 0.25 moVdm3 

Strippant: 1.0 moVdm3 Thiourea in 0.1 moVdm3 HN03 

Table 1 Recovery of Silver from Acidic Electrolytic Waste Generated during Recovery of 
Plutonium by Silver Catalysed Electroxidative Process 
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ABSTRACT 

NEW REDUCING AGENTS FOR NEPTUNIUM(VI) 

AND PLUTONIUM(IV) 
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GI Zhuravlevaz and OA Savilovaz 
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The management of neptunium and plutonium within a single cycle flowsheet is a key component of BNFL's 
Advanced Purex Project. One option under development is the routing of Np with the Pu product in the U/Pu split. 
Salt-free reducing agents capable of achieving this include hydroxylamine and organic derivatives of hydroxylamine 
and also oximes. A new reductant, ethyl(hydroxy)ethyl hydroxylamine, has been shown to very rapidly reduce both 
Np(VI) and Pu(IV) which makes it particularly suitable for use in centrifugal contactors which have very short 
residence times. 

Keywords: neptunium, plutonium, hydroxylamine derivatives, reducing agents, extraction kinetics, Purex process, 
centrifugal contactor 

INTRODUCTION 

Commercial nuclear fuel reprocessing separates the actinide elements, uranium and 
plutonium, from irradiated nuclear fuel so that they can be recycled as either uranium dioxide or 
mixed oxide fuels for further electricity generation. Commercial reprocessing plants use the well 
established Purex process which separates U and Pu from fission product wastes by solvent 
extraction from nitric acid into diluted tri-n-butylphosphateY 

BNFL is currently engaged in research programmes to both enhance current reprocessing 
operations3 and to develop Advanced Purex processes.4 The development of a single cycle flowsheet 
and the improved control of Np within the single cycle have been identified as important objectives 
of this 'Advanced Purex' project4

'
5 One option for the routing of Np in a single cycle flowsheet is 

with the Pu product (Figure 1). 

Reductant 

HAR 

Pu & Np Product U Product 

__... Aqueousstream 
--.. Solvent stream (30 o/o TBP/ OK) 

Figure 1. A single cycle flowsheet in which Np is routed with the Pu product 

In order to achieve this, Np(VI) must be reduced to inextractable Np(V) without further 
reduction to Np(IV) and Pu(IV) must be reduced to Pu(III).5 Rapid kinetics are needed if the 
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reductant is to be compatible with centrifugal contactors, which are being developed for these 
Advanced Purex processes,4 since they have very low residence times. 

Hydroxylamine derivatives are known to reduce both Np(VI) and Pu(IV)6 and this paper 
reports kinetic studies of a new co-reductant: ethyl(hydroxy)ethyl hydroxylamine (EHEH; 
HOC2~(C2Hs)NOH). 

EXPERIMENTAL METHODS 

The experimental methods used in these studies have been described in detail in previous 
publications.7·

9 Briefly, a Np(VI) stock solution (17 g/dm3 in HC104; >98.5 % Np(VI)) was 
prepared by the dissolution of Np02 followed by ion exchange, acidification, evaporation and 
dilution. Pu(IV) was purified by solvent extraction and stripping, acidification and the addition of 
H20 2 to stabilise Pu as Pu(IV). The stock solution was - 32 g/dm3 and 98 .5 % Pu(IV) . The 
reduction of Np(VI) and Pu(IV) ions was then followed in the standard manner by 
spectrophotometry using the Np(V) absorption band at 980 nm and the Pu(IV) or Pu(III) peaks at 
477 nm or 602 nm. 

RESULTS AND DISCUSSION 

Reduction of Np(VI) ions 

The stoichiometric coefficients of the Np(VI)+EHEH reaction were determined by mixing 
the reagent solutions at different mole ratios with a deficiency of reductant. When the reaction was 
finished completely, the concentration ofNp(V) was determined spectrophotometrically. The results 
in a 0.1 mol/dm3 HC104 solution at 25C are given below: 

[Np(VI)]oi[EHEH]o 

[Np(V)]tf[EHEH]o 

6 

3.5 

9 

4.9 

12 

4.9 

16 

4.6 

20 

4.6 

25 

3.1 

These results indicate that ca. 4 moles ofNp(VI) are consumed per 1 mole of the oxidized reductant. 
Equation (1) corresponds to this stoichiometric coefficient ratio, although confirmation of this 
equation by the identification of the reaction products is needed. 

4Np0/+ +HOC2~(C2H5)NHOW +3H20 = 4Np0/ + 2C2HsOH + HN03 + 5W 
( 1) 

An example of the results of the kinetics experiments is shown in Figure 2 and from the kinetic 
results the rate equation (2) was derived. The mean value of the reaction order relative toW-ions is 
approximately equal to -0.8 and this is explained by a mechanism involving two parallel reactions. 

d[Np(VI)] k [Np(VI)][HOC 2 H 4 (C 2 H 5 )NHOH +] 

dt [H+ ]os 

(2) 

The mean value of the general rate constant is k = 334 ± 12 1°2mol.o 2min.1 at 25 .6C. There was no 
effect of ionic strength observed in this reaction. The temperature dependence of the reaction rate 
was investigated in a 1 mol/dm3 HN03 solution and this led to the calculation of the activation 
energy, E = 42.3 ± 2.7 kJmor\ as well as the enthalpy Mi* = 39.8 ± 2.7 kJmol"1

, the free energy 
~G* = 68.8 ± 0.1 kJmol"1 and the activation entropy ~S* = -97 ± 9 Jmo1"1K 1

• 

Reduction of Pu<IV> ions 

The reaction stoichiometry was investigated in the same manner as for Np(VI) above. In 0.3 
mol/dm3 HC104 solution at room temperature this gave: 
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[Pu(IV)]of[HOC2i4(C2H5)NHOW]o 
[Pu(III)v'[HOC2!4( C2H5)NHOW]o 

8 
6.1 

8 
5.6 

8 
6.3 

12 
5.7 

12 
5.6 

The stoichiometric coefficient ratio of 6:1 corresponds to the following equation, although again 
confirmation by the identification of the reaction products is needed. 

6Pu4
+ + HOC2!4(C2H5)NHOW + 3H20 = 6Pu3

+ + C2H50H + CH3CHO + HN03 + 7tr 
(3) 

An example of the results of the kinetics experiments is given in Figure 3. It was found that the 
reduction of Pu(IV) was second order with respect to Pu(IV) ions and - 1.4 order with respect to 
EHEH. At constant ionic strength, the kinetic equation was found to be described by equation ( 4) 
where k = 12350 ± 410 s-1 at 1l.OC. 

d[Pu(IV)] k [Pu(IV)] 2 [HOC 2 H 4 (C 2 H 5 )NHOH +]14 

dt [H +]z4 

(4) 

When the ionic strength of the solution is varied (Table 1) the rate equation is described by (5) 
where k1 = 58700 ± 10300 mol13r 13s-1 at 11°C. 

_ d[Pu(IV)] = k [Pu(IV)JZ [HOC 2 H 4 (C 2 H 5 )NHOH +( 4 

dt I [HN03] 3.7 

(5) 

The temperature dependence of the reaction was studied at [W] = 2.3 moUdm3 and [EHEH] = 2x 10-
2 moUdm3 This led toE= 127.2 ± 8.4 kJmor1 which is close to the activation energy of the Pu(IV)
N,N-diethylhydroxylamine reaction.10 It can be concluded that the reduction of Pu(IV) by EHEH 
compared to diethylhydroxylarnine is accelerated by introducing the OH-group and this is a 
consequence of the increased activation entropy, ~S*, whilst the activation enthalpy, Mf*, remains 
fairly constant. This conclusion is illustrated by the data of Table 2. 

[HN03] (moUdm3) k" (Imor1s-1) k1' (124mor24s-1) k1 (moi13ri.3s-1)" 

1.06 244 42690 52940 
1.52 78 .0 13650 64260 
2.20 20.0 3500 64750 
2.91 5.8 1015 52830 

Mean 58700 :f: 10300 

Table 1. The effect of variable [HN03] on the rate constants k" and k1' (T = 1l.OC; [EHEH] = 
0.025 molldm3). Note that: k1=k"[HN03]37/[HOC2!4(C2H5)NHOtf]14. 

Oxidan Reductant ~G* m· ~s· 
t (kJmor1) (kJmor1) (Jmor1K 1) 
Pu(IV) diethyl hydroxylarnine10 55 .9 110.5 +54 
Pu(IV) EHEH 44.0 124.7 +270 

Table 2. Pu(IV) thermodynamic activation parameters with diethyl derivatives of hydroxylamine (T 
= 25C) 
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Figure 2. The reduction of Np(VI) by EHEH 
(T=25 .6C;[EHEH]=O.OOlmoVdm3;[HN03)=0.3 ( + ); 
0.50 (•); 0.83 (.A.); 1.22 (X) and 2.00 (D) moVdm3) 

q -1 

0 
"' i ·1 .5 

-2 

time(mln.) 

Comparison of various organic reducing agents 

Figure 3. The reduction of Pu(IV) by EHEH 
(T=llC; [W]=2.3mol/dm3; J-1=3 ; [EHEH]=0.02 
( • ); 0.04 ~); 0.08 (.A.) moVdm3). 
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Many other organic reducing agents have been reported in the literature6
·
11 Table 3 

compares the times taken for 99% of Np(VI) and Pu(IV) ions to be reduced by a selection of 
organic reductants at two different temperatures . It can be seen that under the quoted conditions, 
EHEH reduces Np(VI) within similar time-scales to the other reductants but it is a more rapid 
reductant for Pu(IV) than all these alternatives. This enhanced efficiency for Pu(IV) reduction is due 
to the introduction of the OH group into the di-substituted hydroxylamine (this is also observed for 
substituted hydrazines12). 

It should, however, be noted that, by careful control and optimisation of process conditions, 
partitioning flowsheets using slower reductants can be operated. For instance, hydroxylamine has 
been used to successfully separate U and Pu in a centrifugal contactor trial. The Pu decontamination 
factors (DFPu) obtained were equal to 1200 and 1000.13 

Further investigation of a new class of organic reducing agents, oximes, has shown that 
acetaldoxime in particular is also an effective reductant for Np(VI) and Pu(IV)14 (see data in Table 
3). 

Reductant 20C 35C 
Np(VI) Pu(IV) Np(VI) Pu(IV) 

HOC2~2H3 0.27 160 0.09 18 
CJ-IsN2H3 0.008 0.8 0.0016 -
NH20H 0.28 10500 0.055 240 

CH3NHOH 1.00 3.4 0.29 2.0 
(CH3hNOH 0.29 0.8 0.087 0.2 
(C2HshNOH 2.43 0.2 0.63 0.02 
(C~9)2NOH 4.22 0.5 1.20 0.12 

HOC2~(C2Hs)NOH 0.45 0.064 0.20 0.005 
CH3CH=NOH 0.30 23 0.085 3.1 
C3H1CH=NOH 0.32 240 0.081 12 

Table 3. A comparison of the time needed for the reaction to reach 99% completion for various 
organic reducing agents ([HN03] = 1.0 M; [Reductant]= 0.1 M) 
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CONCLUSION 

The routing of Np with the Pu product in Advanced Purex processes is one option for Np 
control in alternative single cycle flowsheets.s The kinetics of Np(VI) and Pu(IV) reduction 
reactions by the novel reagent EHEH have been investigated and these indicate that EHEH is a very 
rapid reductant for these ions. EHEH may, therefore, be suitable as a new co-reductant for Np and 
Pu in an Advanced Purex process although much further work is necessary. 
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ABSTRACT 

THERMODYNAMICS OF EXTRACTION BEHAVIOR 

OF Eu(III) AND Tm(III) BY THENOYL

TRIFLUOROACETONE AND CROWN ETHERS IN 

ORGANIC SOLVENTS FROM NITRATE MEDIUM 
FA Shehata, N El-Hefny and HF Aly 
Hot Laboratories Centre, Atomic Energy Authority, Cairo 
13759, Egypt 

The behaviour of lanthanide elements, Eu(III) and Tm(III), in synergistic extraction has been investigated in detail by HTT A 
and/or 18C6 or 15C5 in different organic diluents from nitrate medium. The effect of diluents on the extraction was 
investigated and the distribution of TT A and crown ethers between different diluents and 0.2 mol!dm3 NaN03 solution has 
been determined at five different temperatures (5 - 45°C). The thermodynamic parameters for the extraction of both Eu(III) 
and Tm(III) were evaluated and discussed. 

Keywords: lanthanides, Eu, Tm, nitrate medium, diluents, thenoyltrifluoroacetone, crown ethers 

INTRODUCTION 

The effect of solvents on the relative extraction efficiencies of the lanthanides has been 
observed by Masake and Hideyuki1 and Tang and Wai2 in crown ether systems. Krejzler and Fidelis3 

studied the effect of temperature on the selectivity of the extraction of all lanthanides with 
dibutylphosphoric acid from thiocyanate solution in the temperature range of 15 - 20°C. The 
influence of temperature on the separation factors was discussed and compared with that obtained 
during extraction from nitric acid solutions. The results were discussed in the light of the double
double effect within the whole lanthanide series and the investigated temperature range. The extraction 
of Eu(III) by dinonylnaphthalene sulfonic acid (HDNNS) in benzene from nitrate and perchlorate 
solutions has been investigated at different temperatures.4 Stoichiometric formulae were derived as 
Eu[(N03H0 • 1)(DNNS)nh and Eu{H0 • 1)(DNNS)nh for nitrate and perchlorate medium, respectively (n 
being 1, 2 or 3). The extraction behavior of RITA and its mixture with the crown ethers 15C5 or 
18C6 in benzene towards Eu(III) and Gd(III) from nitrate medium were shown to be different from 
perchlorate medium5 and the extracted species were M(N03)(ITA)2HITA and M(N03) (ITA)2.CE 
for the chelates and the adducts respectively. The thermodynamic data show that the positive MI for 
all species indicates the endothermic character for both chelates and adducts. Results obtained by Rais 
et al6 showed that the extraction of Eu(III) by chlorinated cobalt dicarbollide (CCD) was dramatically 
enhanced by changing a diluent from non-polar to polar solvents. Majdan and Kolorik7 studied the 
synergistic action of TBP (B) in the extraction of La3+, Pr3+, Nd3+, Sm3+. Eu3+, Gd3+, Dy3+, Er3+, and 
Y3+ with trioctylmethylammonium nitrate (A) and found the synergistic effect is diluent dependent. 
The composition of synergistic complexes formed are Ln(N03) 4 A+.2B; Ln(N03) 4 A+.3B· and 
Ln(N03) 5.2A2 +.B2-. 

The present work is directed to study the effect of temperature on the extraction behavior of 
both Eu and Tm ions from nitrate medium by HTIA alone and mixed with 15C5 or 18C6 in nine 
different diluents. The thermodynamic parameters associated with the extractions are calculated from 
the constants of the respective reactions. 

EXPERIMENTAL 

Reagents 

The main extractant and the synergistic ligand used are 2-thenoyltrifluoroacetone, RITA, and 
15-crown-5 (15C5) or 18-crown-6 (18C6) respectively. RITA was supplied by Fluka and the crown 
ethers used were supplied by Sigma Chemicals. All the other chemicals used were of analytical 
reagent (AR) and used directly as received. 
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The organic diluents used nitrobenzene (B), a-dichlorobenzene (C), chlorobenzene (D), chloroform 
(E), trichloroethylene (F), toluene (G), benzene (H), carbon tetrachloride (I) and cyclohexane (J) were 
of analytical puri~ grade and used without further purification. 
The radioactive 1 2 +154Eu and 170Tm tracers were obtained by irradiating their oxides in 2MW-RR-l 
reactor at Inshas, and used in concentration less than 10·5 mol/dm3

• 

Procedures 

In all experiments the aqueous phases used were 0.00lmol/dm3 acetate buffer solutions 
containing 0.2 mol/dm3 NaN03 to fix the ionic strength. The pH was set at 3.5 YO.Ol. The organic 
phases contained the extractants of known molar composition diluted with different solvents used. 

The extraction procedures were carried out as previously described .5 

RESULTS AND DISCUSSION 

Previous work8 showed a very large change in the equilibrium behaviour in the extraction of 
Eu(Ill) and Tm(III) by HTTA and its mixture with crown ethers 15C5 or 18C6, in nine different 
diluents from nitrate medium at 25 Yl°C. 

The composition of the extracted species were proposed on the basis of the slope analysis 
method. It was concluded that the stoichiometry of the complexes extracted in nitrobenzene, a
dichlorobenzene, chlorobenzene and chloroform were M(TTAh for the chelates and M(TTA)J.CE for 
the adducts (CE a18C6 or 15C5) for both Eu and Tm. When using benzene, toluene , 
trichloroethylene, carbon tetrachloride and cyclohexane as diluents the extracted species for both Eu 
and Tm chelates were M(N03)(TTA)zHTTA and M(N03)(TTA)z.CE adduct. 

Effect of temperature on the extraction 

The extraction of Eu(III) and Tm(III) by HTTA alone and in a mixture with 15C5 or 18C6 
in nine different diluents was investigated using aqueous nitrate medium with constant 0.2 mol/dm3 

NaN03 and pH = 3.5 at 5, 15, 35 and 45°C. 
The extraction constant values K.x of the extracted species were evaluated in each diluent at the 
respective temperatures for both Eu(Ill) and Tm(III) according to the following equations. 
In case of using nitrobenzene, o-dichlorobenzene, chlorobenzene and chloroform, the extraction can 
be represented by the following equilibrium: 

M3+ + 3HTTA Ill Ill' M(TTAh + 3H+ (1) 

and the Kex for chelates equals: 

M (2) 

For adducts, the extraction can be represented by the following equilibrium: 

M(TTA)3 .CE + 3H+ (3) 

and the K.x equals: 

(4) 

In case of using benzene, toluene, trichloroethylene, carbon ·tetrachloride and cyclohexane the 
extraction equilibrium can be represented by: 

M(N03) (TT A)z HTT A + 2H+ (5) 
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and the Kex for chelates equals: 

(6) 

and for adducts, the extraction equilibrium can be represented by: 

M(N03) (TTAh .CE + 2H + (7) 

With the Kex given by: 

(8) 

Contribution of the acetate anions with the complex formation was considered and the distribution 
ratio values were corrected according to reference (9). It was found that the effect of the acetate 
anions is very small and not exceeds 2% of the experimental data , therefore the contribution of the 
acetate anions was neglected. 
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Fig. (1): Effect of te~rature on the extraction of Eu3+ and Tm'+fran 

0.2M NaNO at pH=3.5 by 0.04M HTTA in differenl diluents. 
3 

• +- G 
-X- H 

-liE- I =!---) 
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The thermodynamics of distribution of Eu and Tm are given by equations: 
DG0 = -RT In Kex 

In Kex = - DH E RT + D S E R 
(9) 

(10) 

where DG0
, DH0

, and DS0 are the partial free energy change, enthalpy and entropy change 
respectively, Rand Tare the universal gas constant (8.314 J mote·' k'1) and absolute temperature 
(K) . Kex is the extraction constant of the chelate or the adduct species . By applying equation (10) to 
the data for the extraction constants obtained over a temperature range of 5 - 45°C, DH0 and DS0 are 
calculated from the slope and the intercept of the plot of logKe, against 1 /T, respectively . 

Figures (1-3) show the Van 't Hoff plots obtained for all data with good linearity between log 
Kex - 1/T . The extraction constants increase with increasing the temperature for all the diluents 
studied. The results obtained and calculated are summarized in Table (1). 
From these thermodynamic data, the following can be elucidated: 

A. the positive DH0 values obtained for the chelate and adduct formation indicate the 
endothermic character of the complex formation process; 

B. the positive enthalpy values (DH0
) obtained for all the extraction systems studied are expected 

as a main result of the deprotonation of the chelate extractants used; 
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C. the negative entropy values (DS0
) obtained can be explained in tenns of the complexation of 

the extracted Eu(III) and Tm(III) and formation of bonds contributing ordering in the extracted 
species with negative entropy contribution; 

D. the positive DS0 obtained for some diluents indicates a net increase in the randomness of the 
system. This can be related to the dehydration of the extracted Eu(III) and Tm(III) with the 
release of water with subsequent increase in the randomness of the systems. 
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Fig. (2): Effect of terrperature on the extraction of Eu3+ arxi Tffi!+ from 0.2M NaNO 

3 

at pH = 3.5 by 0.05M(HITA + 15C5) in different diluents. 
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Fig. (3): Effect of terqx:rature on the extraction of Eu3+ arxi Tffi!+ from 0.2 NaNO 
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at pH =3.5 by 0.05M(HITA + 18C6) in different diluents. 

B = nitrobenzene, C = o-dichlorobenzene, D = chlorobenzene, E = chloroform , F = trichloroethylene , 
G = toluene, H = benzene, I = carbon tetrachloride and J = cyclohexane. 

LJG',L1H' and LJS' values of the synergistic species with the fonnation constants,b ... 
represented by: 

hex = Kex for the adducts / Kex for the chelates 

were calculated by subtracting the values obtained with the chelate species from those 
obtained for the adduct species . The constants obtained are given in Table 2. It is clear that, the 
negative DH0 values obtained for the synergistic reaction with all the diluents indicate an exothennic 
reactions for the formation of these complexes (with deviation for Eu-TTA-CE- o-dichlorobenzene 
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and benzene). The positive LiS" values indicate an increase in the randomness of the system caused by 
the dehydration of the metal ion and restructuring of the secondary hydration sphere. 
On the other hand, it was found that, LIG" values show two trends . The first values of LIG" obtained 
using diluents, nitrobenzene, o-dichlorobenzene, chlorobenzene and chloroform, which are less than -
11.4 KJ mor 1 ranged between -19.87 to -12.95 for all the systems studied. The second trend obtained 
when using trichloroethylene, toluene, benzene, carbon tetrachloride and cyclohexane, the values of 
LIG" are greater than -11,4 KJ mor' (ranged between -8 .03 to -2.82). These results are related to the 
change in the hydration sphere of the species formed. Fig .(4) represents the relation of the formation 
constants, logbex, with the change in free energy (LIG") . A linear relation was obtained with both Eu 
and Tm and all the diluents used. 

Diluents DG0 DH0 DS0 DG0 DH0 DS0 

KJ.mor 1 KJ .mor' J.K 1 mor' KJ.mor' KJ .mor' J .K 1 mor' 

Eu-TTA Tm-TTA 
Nitrobenzene 31.05 24.91 -20.04 29 .75 11.98 -59.97 
o-dichlorobenzene 39.32 4.07 -118.4 28 .96 11.92 -90.8 
Chlorobenzene 44.67 28.21 -55 .28 37.9 11 .12 -89 .9 
Chloroform 44 .01 37.88 -20.91 39.84 28.55 -37 .99 
Trichloroethylene 12.64 1.52 -37.36 12.34 4.7 -25 .58 
Toluene 17 .27 17.45 0.50 12.28 8.21 -13 .61 
Benzene 15.66 17.97 7.64 12.9 23.17 34.37 
Carbontetrachloride 15.77 7.38 -28.3 13.09 8.06 -16.91 
Cyclohexane 11.17 23.86 42 .45 10.25 25 .38 50.3 

Eu-TTA-15C5 Tm-TTA-15C5 
Nitrobenzene 16.06 21.66 18.55 15.42 3.69 -39.4 
o-dichlorobenzene 21.67 5.19 -55 .34 20.11 4.36 -52.88 
Chlorobenzene 24.83 13.75 -37.18 21.8 2.02 -66.36 
Chloroform 27.1 5.87 -71.25 22.35 3.85 -62.02 
Trichloroethylene 8.61 7.06 -5 .15 5.02 1.68 -11.2 
Toluene 9.24 14.62 18.19 5.09 5.23 0.4 
Benzene 7.91 12.59 15.95 5.36 12.43 23.65 
Carbontetrachloride 9.95 17.64 25.66 5.36 4.36 -3.35 
Cyclohexane 6.85 5.54 -4.42 5.66 3.7 -6.53 

Eu-TTA-18C6 Tm-TTA-18C6 
Nitrobenzene 18.1 17.64 -1.72 16.6 4.19 -41.61 
o-dichlorobenzene 23.11 14.29 -29.81 21.39 3.2 -61.14 
Chlorobenzene 25.09 17.63 -25.01 22.25 4.21 -60.64 
Chloroform 27.45 9.42 -60.79 23 .28 5.88 -58.44 
Trichloroethylene 9.82 12.26 7.98 7.05 3.7 -11.32 
Toluene 12.52 16.28 13.0 7.05 4.7 -7 .97 
Benzene 10.09 18.46 27.86 6.17 9.24 10.28 
Carbontetrachloride 10.76 21.14 -35.35 6.89 3.36 -11.87 
Cyclohexane 4.52 2.02 -8.35 3.41 0.51 -9 .75 

Table 1: Thermodynamic values for the extraction constants of Eu(III)and Tm(III) extracted 
by HTTA or HTTA-CE in different diluent from nitrate medium ofm =0.2 mol/dm3

. 
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Fig.(4):Variation of 6-Go with log~ •• for Eu(III) and Tm(lll) species in different diluents. 

d.iluents Iogb., LIG" L11fl LIS' Iogb •• LIG" m LIS' 
K.J.mor1 K.J .mor1 J.K 1 mol"1 

K.J. mor1 K.J.mor1 J.K 1 mor 1 

Eu-TTA-15C5 Tm-TTA-15C5 
nitrobenzene 2.6 -14 .99 -3.11 39 .9 2.5 -14 .33 -8 .25 20.4 
o-dichlorobenzene 3.09 -17 .15 1.23 63.4 3.31 -18.86 -7.84 37.0 
chi oro benzene 3.48 -19 .87 -14.1 19.4 2.82 -16.1 -9.16 23 .3 
chloroform 2.9 -16 .92 -32.3 -51.6 3.05 -17.48 -24.9 -24.9 
trichloroethylene 0.7 -4.03 -5.7 32.7 1.27 -7 .32 -3 .14 14 .0 
toluene 1.4 -8 .03 -2.9 4.4 1.25 -7 .19 -3 .13 13 .6 
benzene 1.3 -7.75 -5.4 -3.4 1.33 -7 .54 -10.9 -11 .3 
carbontetrachloride 1.01 -5 .82 10.2 53 .7 1.36 -7 .73 -3.85 13.0 
cyclohexane 0.76 -4.32 -18.5 -47.4 0.8 -4.58 -21.7 -57 .5 

Iogb •• Eu-TTA-18C6 Iogb •• Tm-TTA-18C6 

nitrobenzene 2.2 -12.95 -7 .11 19.6 2.29 -13.15 -7.9 17.6 
o-dichlorobenzene 2.8 -16.21 10.4 89.4 3.09 -17 .57 -8.96 28.9 
chlorobenzene 3.43 -19.58 -10.6 30.3 2.7 -15.65 -7 .03 28.9 
chloroform 2.88 -16.56 -28.7 -40.8 2.88 -16 .55 -22.83 -21.1 
trichloroethylene 0.5 -2.82 10.9 28.9 0.9 -5 .29 -1.2 13.7 
toluene 0.8 -4.76 -1.4 11.4 0.9 -5.23 -3.64 5.3 
benzene 0.95 -5 .57 0.58 20.6 1.18 -6 .73 -13 .75 -23 .6 
carbontetrachloride 0.88 -5.01 13.5 62.2 1.08 -6.2 -4.87 4.5 
cyclohexane 1.1 -6.65 -22.2 -52.1 1.2 -6.83 -24.88 -60.6 

Table 2 Thermodynamic values for the formation constants of Eu(III) and Tm(III) 
extracted by HTTA or HTTA-CE in different diluents from nitrate medium 
of m =0.2 mol/dm3 
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ABSTRACT 

A DEEP DESULFURIZATION PROCESS FOR LIGHT 

OIL BY PHOTOCHEMICAL REACTION IN AN 

ORGANIC TWO-PHASE LIQUID-LIQUID 

EXTRACTION SYSTEM 
Yasuhiro Shiraishi,1 Takayuki Hirai1 and Isao Komasawa1

'
2 

1Department of Chemical Science and Engineering, Graduate 
School of Engineering Science, Osaka University, Toyonaka, 
Osaka 560-8531, Japan 
2Research Center for Photoenergetics of Organic Materials, Osaka 
University, Toyonaka, Osaka 560-8531, Japan 

A novel deep desulfurization process for light oil, based on uv-irradiation and organic two-phase liquid-liquid extraction, has 
been investigated. The light oil and acetonitrile are contacted and photoirradiated using a high pressure mercury lamp. The 
sulfur-containing compounds in light oil, distributed into the acetonitrile phase due to their large polarities, are photooxidized 
to forrn highly polarized compounds, which do not distribute into the non-polar light oil phase. Thus in this way, successive 
removal of sulfur containing compounds from light oil to acetonitrile is carried out under moderate conditions; the sulfur 
content being reduced from 0.2 to less than 0.05 wt%, meeting with the new regulation in Japan. The overall desulfurization 
process, involving the separation of the co-extracted aromatics from the acetonitrile, was developed. 

Keywords: extraction, photochemical reaction, desulfurization, light oil, dibenzothiophene (DBT), ultraviolet irradiation 

INTRODUCTION 

Air pollution, caused by diesel exhaust gas, is one of the most serious problems in the world, 
and much attention has been focused on the deep desulfurization oflight oil. 1 A novel desulfurization 
process for dibenzothiophenes (DBTs) and several sulfur-containing compounds, contained in light 
oils, by photochemical reaction and liquid-liquid extraction using organic/water two-phase system, 
has been proposed in previous papers.2

'
3 These compounds, when dissolved in tetradecane, were 

found to be photo-decomposed by the use of a high-pressure mercury lamp and were removed into the 
water phase. However, the removal ofDBT's from light oils was depressed markedly by the presence 
of naphthalene, because of the triplet energy transfer from the photo-excited DBT to the ground state 
of naphthalene. The desulfurization was improved by the addition of H20 2 alone into the water 
phase,4

'
5 or by the addition of both a triplet photo-sensitizer and H20 2 in light oil/water two-phases.6 

In these studies, the basic idea for desulfurization was that of the photo-decomposition of sulfur
containing compounds in the light oil phase, followed by the transfer of the resulting compounds into 
the aqueous phase. Thus, deactivation of the photo-excited DBTs by naphthalene appeared to be 
inevitable. 

Here a different extraction and photo-reaction system is employed. The basic idea is to 
transfer the sulfur-containing compounds to another phase, and then to photo-oxidize and decompose 
them there. 7 Polar solvents, immiscible with the feed oil phase,8 can be employed as the extraction 
phase to form an organic two-phase extraction system. 

EXPERIMENTAL 

The commercial light oil, meeting with the former regulation in Japan (sulfur content: 0.2 
wt%) was mixed vigorously using a magnetic stirrer with polar solvent solution in the volume ratio 
from 50 cm3/350 cm3 to 200 cm3/200 cm3 with total solution volume of 400 cm3. The solutions were 
photo-irradiated by the immersion of a high-pressure mercury lamp (300 W, Eikohsha Co., Ltd., 
Osaka), combined with air bubbling (500 cm3/min) at atmospheric pressure. The DBT/solvent 
solution was also employed for photo-reaction studies. The temperature of the solutions was about 
323 K during photo-irradiation. 
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RESULTS AND DISCUSSION 

Liquid-liquid extraction of sulfur-containing compounds. 

The extractability of the sulfur-containing compounds and aromatic hydrocarbons from light 
oil, was studied by contacting the light oil with several polar solvents at room temperature. Table I 
shows a comparison of the sulfur and aromatics content of the feed and treated light oil. In these 
experiments, acetonitrile is shown to be the most effective solvent for the extraction of the sulfur
containing compounds. The acetonitrile has a lower boiling point and a higher dielectric constant than 
other solvents, and thus allows the effective extraction of sulfur-containing compounds, which has a 
relatively large polarity, even at room temperature. 

Before contact After contact with 
DMSO Sulfolane Acetonitrile 

Saturated hydrocarbon ( vol%) 76.2 78.7 79.6 82.0 
One-ring aromatics ( vol%) 19.5 18.2 17.7 15 .5 

.. T':Y.?.~!.i.!l.s ... <~:~<:>~~t.i.9.~ . .. .. tY..<:>.I.~) 4.3 3.1 2.7 2.5 
·················••··•···· 

Total sulfur content ( wt%) 0.1896 0.1644 0.1511 0.1322 

Table 1 Aromatic and sulfur content of light oil before and after contact with polar solvents . 
The volume ratio of light oil/solvents= 1/3 

Photoreaction of DBT in polar solvents. 

Figure I shows the variation with time of the concentration of DBT during photo-irradiation, 
when dissolved in various solvents. In acetonitrile, DBT was effectively photo-decomposed. This is 
because the peroxidic intermediates9 formed by the photo-excitation of DBT are stabilized in the 
aprotic solvents. Therefore, acetonitrile is regarded to be the most suitable solvent for the photo
reaction ofDBT. In acetonitrile, although the decomposition rate for DBT is slightly decreased by the 
presence of naphthalene, DBT was nevertheless still photo-decomposed satisfactorily. Substituted 
DBT's, such as 4-methyl-DBT and 4,6-dimethyl-DBT, which are the most difficult components to be 
desulfurized in the hydrodesulfurization (l-IDS) process,1 were effectively photo-decomposed by UV
irradiation. The order of photo-reactivity was: DBT < 4-methyl-DBT < 4,6-dimethyl-DBT, and this 
tendency was different from the case of HDS. 1 Thus, the present photo-processes are suitable for the 
deep desulfurization ofthese compounds. 
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Figure 1. Variation with time of the 
concentration of DBT dissolved in 
various solvents, during photo
irradiation 
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DBTs were photo-oxygenated and photo-decomposed to form corresponding sulfoxide, 
sulfone and acidic components, such as sulfonic and carboxylic acid, conjugated with aromatic 
nuclei.10 Therefore, DBT is converted to compounds which exist only in the acetonitrile phase. By 
employing electron-transfer type photo-sensitizers, DBT's were easily photo-oxygenated by the 
irradiation of visible wavelength radiation (A. > 400 nm), 11 thus allowing the development of energy
saving desulfurization process. 

Desulfurization of light oil using an organic two-phase liguid-liguid extraction system. 

Liquid-liquid extraction using an organic two-phase system, combined with the photo-reaction 
was employed. Figure 2 shows the variations in the sulfur content of light oil with respect to 
irradiation time, as a function of the oiUsolvent volume ratio. The data at an irradiation time of zero 
are those obtained simply by mixing the two phases, and show the distribution equilibria for the sulfur 
contents in the organic two-phase system. In combination with photo-irradiation, the desulfurization 
yield is shown to be much enhanced. At the higher acetonitrile/light oil phase with a volume ratio of 
7, 2 hours irradiation decreased the sulfur content to 0.02 wt%, and 10 hours irradiation decreased it to 
less than 0.005 wt%, which is the value presently strictly legislated in Sweden. The relatively long 
reaction time required in these studies may be expected to be considerably reduced for industrial use 
with the development of a photo-reactor of an appropriate advanced design. 

The values for the sulfur distribution ratio, D,, defined as the ratio of the total sulfur content in 
the acetonitrile and in light oil, are shown in Figure 3. Although the values of D, for the feed are 
hardly changed by the volume ratio without photo-irradiation, the ratio increased with increasing 
volume ratio, when irradiation was applied. At a volume ratio of 7, the values of D, are increased 11-
fold when compared to no photo-irradiation. This indicates that the photo-reaction of DBT's in 
acetonitrile proceeds more effectively with increasing the volume ratio of acetonitrile. This may 
probably be the result of a decrease in the photo-scattering and light exclusion by the light oil phase, 
since the photo-reaction proceeds in acetonitrile phase. 
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Figure 3. Effect of the photo-irradiation 
on the sulfur distribution ratio, Ds 
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Figure 4. Extractability of aromatic 
hydrocarbons and photo-oxygenated 
compounds of DBT from acetonitrile 

Recovery of aromatics from acetonitrile and effect of addition of water. 

Aromatic hydrocarbons are distributed between the two phases together with the sulfur
containing compounds, as shown in Table l. To recover them from the acetonitrile, a liquid-liquid 
extraction procedure was employed, using n-hexane as stripping solvent. Figure 4 shows the 
extractability of these compounds as a function ofthe n-hexane/acetonitrile volume ratio. At volume 
ratios of up to 10, sulfur-free aromatic recoveries of over 85% were obtained for naphthalene and 
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100% for tetralin. DBT also tends to be extracted, however, it is possible to suppress the transfer to 
the paraffinic phase by further irradiative conversion to highly polarized components, such as 
sulfoxide and sulfone. 

When contacted, a quantity of acetonitrile is actually distributed into the light oil. Some water 
is usually added to the polar solvents such as DMSO, sulfolane and tetraethylene glycol to improve 
the selectivity in the separation and purification of the aromatics 8 Thus, the effect of the addition of 
water on the desulfurization was then investigated. The results were shown in Figure 5. Dissolution 
of the acetonitrile into the light oil was suppressed by the addition of water, especially l 0-20 vol%. 
At this water content region, the desulfurization of light oil by photo-irradiation found to be 
reasonably feasible . 

0.2 
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(/) 0 
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Figure 5. Effect of the water content 
on the desulfurization of light oil in the 
case with and without photoirradiation 
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Figure 6. Effect of the water 
content in acetonitrile on the 
distribution coefficient, K, of each 
compound 

Figure 6 shows the effect of the water content on the distribution coefficient, K, defined as the 
ratio of the concentration of the aromatic hydrocarbons and DBT derivatives in n-hexane to those in 
the acetonitrile-water mixture. With increasing water content, the values of K for the aromatic 
hydrocarbons are increased, because of the increase in the polarity of the acetonitrile phase. Thus, the 
addition of water positively affects the separation of aromatic components from the desulfurized 
sulfur compounds, without decreasing the desulfurization yields. On distilling the resulting mixed 
solvent following re-extraction, an azeotropic mixture (86% acetonitrile and 14% water, 76) 
containing no sulfur compounds was obtained, thus the pure azeotropic mixture can be reused as the 
extraction solvent. 

Organization of the process. 

A basic flow scheme ofthe overall process is given in Figure 7. Feed light oil and azeotropic 
mixture are introduced to the photo-reactor (l) . Then, the acetonitrile phase is introduced into the 
aromatics extractor (2) . The aromatic compounds are extracted by a light paraffinic solvent such as n
hexane, leaving the photo-decomposed sulfur-containing compounds. The n-hexane phase was mixed 
with desulfurized light oil (3) and recovered by light distillation, and therefore, all the sulfur-free 
aromatics from the feed are mixed with the raffinate light oil phase. The water is used to wash the 
raffinate for recovery of dissolved acetonitrile (4), and the water phase is then mixed with the 
remaining acetonitrile phase, which contains sulfur-containing compounds. A pure azeotropic 
mixture is recovered by the distillation (5), and the pure water was recovered by the sequential 
distillation (6), leaving the photo-decomposed sulfur-containing compounds at the bottom. The water 
can be recovered and reused for the washing of raffinate. In this overall process, therefore, the 
extraction phase (acetonitrile-water azeotropic mixture), aromatic recovery solvent (n-paraffin), and 
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water can be recirculated. 
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Figure 7. Flow scheme of the deep desulfurization process for light oil 

CONCLUSION 

A novel deep desulfurization process for light oil by photochemical reaction in an organic two
phase liquid-liquid extraction has been investigated, with the following results. 

1) The photo-conversion ofDBT's was found to proceed effectively in acetonitrile. The products 
were highly polarized and are therefore not distributed into the light oil phase. 

2) The deep desulfurization of light oil was achieved, by employing the present combination 
process . The sulfur contents for light oil was reduced to less than 0.005 wt % and thus 
meeting the new regulation being applied in the near future. 

3) The co-extracted sulfur-free aromatics were easily recovered by extraction from the 
acetonitrile phase using light paraffinic hydrocarbons, leaving the photo-products of DBT in 
the acetonitrile. This separation was performed with greater ease by the addition of 10- 20 % 
water into the acetonitrile. The overall flow scheme of desulfurization process for light oil 
was proposed, in which all the solvents and water can be recirculated. 
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ABSTRACT 

HYDROGEN SULFIDE REMOVAL FROM 

HYDROCARBONS C3-C4 
Stratula Costica, 1 Florin Oprea1 and Florin Enachescu2 

1Universitatea "PETROL-GAZE" Ploiesti, Romania 
2S.C. ARPECHIM S.A. Pitesti, Romania 

The subject of the present work is the study of some theoretical and practical aspects concerning H2S removal from liquid 
fraction of C3-C4. To obtain experimental data concerning H2S extraction from a C6 fraction at 20"C, a large number of 
experiments were made using a column with fme dispersion. Based on the experimental data, the extent of extraction was 
calculated as function of NaOH solution concentration and of the height of NaOH solution layer as well. Using these 
experimental data, a new industrial system for H2S and mercaptans removal was designed. Such a system was successfully 
applied in two refmeries, leading to a reduction of the annual NaOH consumption with more than 50%. 

Keywords: Hydrogen sulphide removal, C3-C4 fraction, spray column, sodium hydroxide 

INTRODUCTION 

The liquid fraction of CrC4 hydrocarbons resulted from the catalytic cracking gases by 
absorption-desorption-distillation is mainly contaminated with hydrogen sulfide (H2S), mercaptans 
(RSH) and also carbonyl sulfide. The concentrations of these compounds in the C3-C4 fraction is 
variable, depending on the sulfur content of the processed oil and on the parameters of the stripping 
column. If the oil is more sulfurous, the sulfur compounds content of the fraction is higher. Also, if the 
temperature in the bottom of the stripping column is higher, the H2S content is lower, but the recovery 
of propylene is lower too. Therefore, the parameters of the stripping column have to be chosen in 
order to obtain the highest propylene recovery, simultaneous with the highest removal of H2S. 

Even in case of optimizing the stripping column, the liquid fraction of C3-C4 hydrocarbons 
still contains H2S in the limits 300- 1800 ppm weight and mercaptan sulfur in the limits 100 - llOO 
ppm weight. 

When the H2S content in C3-C4 liquid fraction is high, there are three steps of removal for the 
sulfur compounds in the industrial flow sheets . (Figure I) 

1. The H2S removal step with aqueous solution of ethanolamine (EA) in regenerative system. 
This step is used when the initial content of sulfur is high (1000 - 1800 ppm) for the reduction of 
the sodium hydroxide (NaOH) consumption in the second step. This step can be missing when the 
initial content of sulfur is low. 

2. The H2S removal step using extraction with aqueous solution of NAOH l0°Be, a pre-wash 
step, having the role to protect the concentration of the NAOH solution in the third step (mercaptan 
sulfur removal). 

3. The mercaptan sulfur removal by extraction with aqueous solution of NAOH 20°Be followed 
by solution regeneration according to MEROX process. 1

•
2·3•

4 

Some theoretical and practical aspects concerning the second step are presented below. 

The study of the H2S removal from C3-C4 liquid fraction by extraction with NaOH solution 
started from the fact that, in some industrial installations, the pre-wash step (the second step) used a 
single bubbling vessel provided at the bottom with a distribution system of the C3-C4 fraction through 
NaOH solution. Our analysis of such a bubbling vessel showed that the H2S could be removed only in 
a small proportion, the most important part of H2S was removed in the third step, with unfavourable 
consequences concerning the concentration of the NaOH solution in this step, the RSH removal and 
the operation costs. 
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Figure 1. The three steps for sulfur compounds removal from the liquid fraction of 
C3-C4 hydrocarbons 

It can be assumed that using one single bubbling vessel for H2S removal is based on the fact that 
reaction (1) between NaOH and H2S is a fast non-reversible reaction and a simple contact is sufficient 
to entirely remove the H2S: 

(I) 

In fact, in the liquid-liquid extraction with chemical reaction, similar to absorption with chemical 
reaction, the literature5

•
6

•
7 shows that mass transfer based on an extremely quick chemical reaction is 

not controlled by the reaction speed, but by the coefficient of the physical mass transfer. Thus the 
overall resistance at mass transfer is controlled by the diffusion through liquid phases and not by the 
reaction rate. Therefore, to entirely remove the H2S from the CrC4 liquid fraction, the vessel must be 
replaced with an extraction column equipped with more contacting trays as in the case of the systems 
with extraction without chemical reaction or with reversible chemical reaction. Similarly, for removal 
of H2S and C02 from pyrolysis gas using extraction in NaOH solution, there are two absorption steps 
with 15 - 20 practical trays each. This number of trays was highlighted by Picciotti8 

EXPERIMENTS ON HYDROGEN SULFIDE REMOVAL 

Most literature data describe only the H2S removal from gaseous hydrocarbons by absorption 
in NaOH solution. The experimental part of the present work proposes to study H2S removal from 
liquid hydrocarbons with the same NaOH solution. It uses an extraction column having at the bottom a 
simple porous plate for distribution of the liquid phase (hydrocarbons) through the stationary phase of 
NaOH solution. The scheme of the experimental set with the involved streams is presented in the 
figure 2. This study tried to determine the influence of two parameters versus the extraction degree of 
H2S, namely: 

• the concentration ofNaOH solution; 
• the height of the liquid layer. 

NaOH solutions were used with the following concentrations: 0.5% weight, 1.0% weight, 
3.0% weight, 5.0% weight, 7.0% weight, 10.0% weight. The height of the liquid layer in the column 
was 0.45 m, 0.90 m, 1.35 m (figure 2). 

The experiment consisted of the following: the extraction column was filled with NaOH 
solution to a certain level. The hydrocarbons liquid fraction (hexane fraction) was saturated with a 
maximum 110 - 120 ppm weight H2S to avoid H2S losses by evaporation during the experiment and 
was fed by a pump. The distribution system at the bottom of the column produces a fine dispersion 
with drop size 0.2 - 0.6 mm diameter. Only 200 cm3 hexane fraction was used each time to avoid 
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significant decrease in the concentration of the NaOH solution. The concentration of H2S in the 
hexane fraction, before and after the column, was analyzed using UOP method.9 

H=1.35 m 

H=0.9m 

H=0.45 m 

Figure 2. Experimental installation 

50 experimental determinations were made and, based on the results, the extent of extraction was 
calculated using the following formula: 

rp = r; -Y, ·I 00 (2) 
e r; 

The calculated data are graphically represented in figures 3 and 4. 
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Figure 3. The extent of removal ofH2S versus the height of the NaOH solution layer for 
different NaOH concentrations 
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Figure 4. The extent of removal ofH2S versus the concentration ofNaOH solution for 
different heights ofNaOH solution layer 

DISCUSSION 

The analysis of these figures lead to the following conclusions: 
1. The H2S extraction degree is a function both of the NaOH solution concentration and of the height 

of the solution layer. 
2. The extent ofH2S extraction increases with the increase of the NaOH solution concentration, but 

this increase diminishes in the range of concentration higher than 7% weight NaOH. As result, for 
pre-washing of C3-C4 liquid fraction it is not recommended to use NaOH solutions with more than 
7% weight concentration. 

3. The H2S removal is important even at low concentration of NaOH solution (0.5 - 1% weight) 
leading to a H2S extraction degree of by 80 - 95%, but only in conditions of a good contacting 
between the disperse liquid phase and the stationary solution i.e a fine dispersion and enough 
height of the solution layer. 

4. The extent of extraction increases rapidly with the increase of the height of the solution level up to 
0.9m, after that, the increase becomes much slower. The explanation is that at the beginning, the 
mass transfer, which takes place at the exterior surface of the drop, is rapid. After that, the mass 
transfer decreases because it is limited by the speed of the physical mass transfer, which takes 
place between the interior of the drop and the exterior surfuce, and then in the entire solution. 
Therefore, to be sure, a second dispersion system of the hexane fraction was introduced after the 
liquid level of 0 .45m; this will lead to an increase of the H2S extraction up to the level of 0. 9m, 
comparative with the case without supplementary dispersion for the same 0.9m height. To 
highlight this, the experiment was simulated on the same column by taking the fraction after 0.45 
m and reintroducing it again at the bottom of the column. Thus the hexane fraction was taken after 
0.9m, but with two distribution systems. In this experiment the H2S concentration decreased from 
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118 ppm to 8 ppm, comparated with the system with one dispersion that decreased only to 16 ppm 
for the same height (0.9 m) . The extraction degrees are: 

for the system with one dispersion: 

= 118-16·100=86% · 
(/). 118 , 

for the system with two dispersions: 
118-8 

m = --·100=93% · 
'f"'e 118 ' 

The conclusion is clear, using a single extraction vessel with a single dispersion system at the bottom 
does not represent an efficient technical solution for high H2S removal. The industrial dispersion 
systems do not generate fine particles like those in the laboratory column. Therefore, to obtain high 
H2S removal from the C3-C4 liquid fraction the use of an extraction column with more distribution 
systems (sieve trays) is recommended, even if the reaction between NaOH and H2S is irreversible and 
proceeds rapidly. Also, the experimental data show that, by using an extraction column with more 
sieve trays, high removal ofH2S can be achieved even at a low concentration ofNaOH solution (0 .5 -
1 %). Therefore it is recommended to use two distinctive extraction steps: the stage with low 
concentration of NaOH must be the first contact with C3-C4 liquid fraction and the stage with high 
concentration (fresh solution) must be the final concentration stage. In this way, the NaOH solution 
can be used until completely exhausted and the NaOH consumption will be reduced by more than 
50%. Also, the exhausted solutions, which represent an ecological problem, are reduced in the same 
proportion. Such a system was applied with success in two refineries. 

NOMENCLATURE: 

Y; - H2S input concentration, ppm weight; 

Y, - H2S output concentration, ppm weight; 

rp e - extraction degree, %. 
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ABSTRACT 

EXTRACTION OF CITRIC ACID IN HOLLOW FIBRE 

MODULES 
Ireneusz Miesiac, Piotr Kirschling and Jan Szymanowski 
Poznan University of Technology, Institute of Chemical 
Technology and Engineering, Poznan, Poland 

Extraction of citric acid was investigated in the batch extraction-stripping system containing two Liqui-Cel 2.5x 8" 
modules from Hoechst Celanese. Kerosene containing 6- 14% trioctylamine or sec-tridecylamine as carrier and 5- 15% of 
iso-tridecanol as a modifier was used as the organic phase. The feed phase consisted of 3% citric acid solution and the strip 
phase was 0.1 - 0.5 moVdm3 sodium hydroxide. Both the aqueous phases were circulated in the tube-side of hollow fibre 
contactors, whereas the organic phase was circulated in the shell-side. The distribution coefficients of citric acid in the 
extraction system varied from 0.4 to 7.5 and increased considerably with the carrier concentration. 
The citric acid flux from the feed to the strip phase was strongly affected by the carrier concentration in the organic phase 
and the NaOH concentration in the strip phase. It attained a maximal value of about 17 mM/m1t when the carrier 
concentration was above 10%, regardless of the kind of carrier, and for NaOH concentration at least 0.25 moVdm3

. The 
flux was practically independent on the flow rate of the organic phase in the range of 20 - 120cm3/min and on the flow rate 
of both aqueous phases of0.2 - 0.8 dm3/min. 

Keywords: citric acid, hollow fibre, extraction, amine 

INTRODUCTION 

Among the fruit acids used in the beverage and food industry citric acid holds a cardinal place; 
it also finds application in the pharmaceutical and in the chemical industry generally. More than 90% of 
citric acid is produced by fermentation of sugar containing raw materials. The process occurs in the 
large volume fermentation tanks for 6 - 10 days and gives a final product at a concentration of 15 -
20%. Conventionally, the fermentation broth is first filtered, then the citric acid is precipitated as the 
calcium salt by adding lime and then liberated as a fairly pure compound by adding sulphuric acid. It 
is further purified by ion exchange and decolourised by active carbon. The final product is obtained 
after evaporation and crystallisation as a monohydrate.1 

The repeated precipitation, filtration, and disposal of unusable calcium sulphate are the main 
drawbacks of the conventional process. Ali alternative route, liquid extraction using reversible chemical 
complexation, could lead to continuous recovery of citric acid and to eliminate the batch process. The 
recovery rate should correspond to fermentation productivity, which is 0.8 -1 kg/m3h (4.2 - 5.2 
mM/dm3h).l 

In several works the use of amines and arnides as complexing agents has been describedY For 
the extraction of citric acid, the use of tertiary alkylamines is preferred and the extraction constants for 
different diluents reported.4 Also various diluents have been proposed using different temperatures for 
extraction and stripping.5'

6 To overcome the problems of emulsion formation during the extraction 
process, especially from natural fermentation broths, novel membrane techniques were introduced to 
separate both the contacting phases. In the so-called supported liquid membrane a carrier solution in an 
organic solvent is placed in a microporous support that separates both feed and strip aqueous phases. 
Nevertheless, such a membrane is not enough stable for a lengthy use due to its partial solubility in 
water, osmotic flow of water and progressive wetting of the support pores.7 For this reason, nowadays 
the most commonly .investigated membrane system for extraction processes consists of two hollow fibre 
modules, where the circulating membrane phase facilitates the transport of extracted species from the 
feed phase to the strip. An important advantage of such a system is the enormous specific area of 
phase contact in the range of 3000 m2/m3. The obtained fluxes of citric acid vary from 8.2 to 109 
mM/m2h, depending on the experimental conditions.3 
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EXPERIMENTAL 

Reagents and Apparatus 

The experimental system consisted of two hollow fibre Liqui-Cel 2.5 x 8" contactors (Hoechst 
Celanese) with crossflow configuration. A double Masterflex peristaltic pump was used to circulate 
both the aqueous phases inside the fibres . The circulation flow rate was in the range of 200 - 800 
cm3/min., and the total volume of each phase, including the associated piping, was 420 cm3 The 
membrane phase was circulating through both the contactors on their shell sides at the flow rate of 20 -
120 cm3/min by using a membrane pump (Prominent Gamma/4W 0408 PP, Germany) . The total 
volume of circulating membrane phase was also 420 cm3

• 

The distribution coefficients were measured for given membrane phase and 3% citric acid 
aqueous solution in volume ratio of 1: 1, after shake time of 30 min. 

The membrane phase consisted of: kerosene (Exsol D 200/240, Esso); Amberlite LA 2, (N
lauryl-trialkylmethylamine, M = 351-393, (Serva), TOA (trioctylamine), (Serva), HOE F 2562 (di
tridecylamine), (Hoechst) were used as carriers at concentrations of 6 - 14%; with modifiers : iso
tridecanol, (Hiils) and n-decanol, (Serva) at 10% concentration. 

The feed phase consisted of citric acid, reagent grade monohydrate (98%, Fluka), as a 3% 
solution (156 mM) in distilled water, while the stripping phase was an alkaline solution of 0.05 - 0.5 
moVdm3 NaOH. 

Analytical methods used to determine the extent of extraction: potentiometric titration of 
aqueous phases using 0.1 moVdm3 NaOH or HCl and measurement of refraction coefficients of both 
aqueous phases using a Jamin interferometer (Zeiss Jena) 

RESULTS AND DISCUSSION 

Transport of citric acid, one of the most hydrophilic compounds, through an organic membrane 
phase requires an appropriate hydrophilicity of the membrane. On the other hand, many of suitable 
organic solvents are not neutral enough in relation to live fermentation media and act as a poison.8 For 
this reason, the solvent of choice in biotechnological systems is kerosene, free of aromatics, 
accompanied with appropriate carriers and modifiers to improve its hydrophilicity. 

Table 1 Distribution coefficients of citric acid between kerosene (with carrier and modifier) and 3 % 
aqueous solution (20C) 

Three different alkyl amines were used as carriers, because of their complexing ability as liquid 
anion exchangers. Surprisingly, the distribution coefficients of citric acid (Table 1) in the system 
containing TOA, the most basic from the carriers investigated, were the lowest and did not exceed l . 
Higher values of the distribution coefficient were obtained for a secondary tridecylamine (HOE F 2562) 
and they increased strongly to about 7.5 with increasing carrier concentration in the organic phase in 
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the range of 6 to 14%. The effect of modifier concentration and its alkyl chain length was weak and 
could be neglected. 

A typical change of citric acid concentration in the feed and strip phase during the extraction 
process is shown in Figure 1. From the linear slope of the strip phase concentrations, the overall fluxes 
of citric acid were calculated. Such values were in an agreement with those obtained from pH change in 
the strip (Figure 2) . The inflection point at pH ca. 5 corresponds to disodium citrate, which means the 
neutralisation of 0.25 moVdm3 NaOH by 0.125 moVdm3 citric acid after a given time, e.g. 110 minutes. 
Then the flux calculated was equal to about 20 mM/m2h. The value obtained from corresponding slope 
of strip concentration was equal to 16.9 mM/m2h. 
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Figure 1. Citric acid concentration in the feed and strip phase for the typical extraction process in the 
hollow fibre system (carrier HOE F 2562, 14%). 
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Figure 2. Change of pH in the feed and strip phase during the extraction of citric acid (carrier HOE F 
2562, 10%; initial citric acid concentration, 3%; initial NaOH concentration in the strip phase, 
0.25 M). 

The flux increases linearly when the carrier concentration rises until ca. 10% and then maintains 
its maximal value of about 17 mM/m2h (Figure 3). The effect ofthe carrier employed can be neglected. 
It means that at the concentration of alkylamines above 10% in the membrane phase, the system 
becomes hydrophilic enough to transport the citric acid efficiently, regardless of the nature of amines 
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used. The formation of a specific microemulsion system containing the hydrated amine-citric acid 
complex and amine in the aprotic form as a co-surfactant cannot be excluded. 

According to the anion exchange mechanism, alkalinity of the stripping solution is necessary 
to make the extraction process reversible and to regenerate the used carrier molecules. A similar effect 
can be also obtained by increasing temperature on the stripping side.6 At normal temperature in the 
absence of NaOH no stripping is observed. The flux of citric acid increases sharply until the 
concentration of NaOH equals 0.1 moUdm3

, then it becomes constant over 0.25 moUdm3 NaOH 
(Figure 4) . It means that the stripping stage behaves as an interfacial chemical reaction with the 
equilibrium depending on the NaOH concentration and such a reaction or wetting process at the 
interface can limit the whole process kinetics being more important than the diffusion resistance in the 
membrane pores. 
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Figure 3. Effect of carrier concentration (HOE F 2562) in the membrane phase on the flux of citric 
acid. 
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Figure 4. Effect of NaOH concentration in the strip phase on the flux of citric acid (TOA, 6% as 
carrier). 

The observed flux of citric acid slightly increases with an increasing flow rate in the range of 20 
-120 cm3/min (Figure 5). With further increase of membrane phase flow rate up to 10 dm3/min one may 
expect considerably greater mass transfer efficiency due to cross flow mechanism.9 
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On the contrary the flow rate of both aqueous phases in the range of 0.2- 0.8 dm3/min did not 
significantly influence the citric acid flux. This supports the assumption that the chemical reaction at 
the interface water-organic phase is the limiting step for the whole extraction process. 

aqueous phase flow rate, dm3/min 
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Figure 5 Effect of flow rates ofthe membrane phase and both the aqueous phases on citric acid flux 
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ABSTRACT 

SOLVENT EXTRACTION OF PHTHALIC ACID WITH 

BASIC EXTRACT ANTS, AND THE STRUCTURE OF 

THE COMPLEXES FORMED 
Subhas Rambocus, Neil Kelly and Bryan G Reuben 
Division of Chemical Engineering, South Bank University, 
London SEl OAA, UK 
Alex Drake 
Department of Pharmacy, King's College, Manresa Road, 
London SW3 6LX, UK 

The extraction of phthalic acid from aqueous solution into dichloromethane containing a range of extractants was studied. At 
low pH, the basic extractants differed little in extraction capability but came in the order: tetraoctylammoniurn chloride > 
Aliquat 336 > Alamine 336 = Alamine 304-1 > tetrabutylphosphoniurn chloride > tetrabutylammonium chloride. All the 
basic extractants were much more effective than the solvating extractant, trioctylphosphine oxide. The extraction level rose 
with rising pH, peaked at about pH 4, and then decreased. Distribution coefficients and free energies of ion exchange were 
calculated. Measurement of extraction at various pH values indicated that the singly charged hydrogen phthalate ion was the 
main species extracted, and a model was developed to predict the variation of extraction with pH. Nonetheless, a small 
amount of phase transfer at high and low pH's indicated extraction of doubly charged phthalate ions and of neutral phthalic 
acid . The structures of the complexes were investigated by a range of spectroscopic techniques notably FTIR and NMR (13C 
and I H) at pH values 1.0, 4.2 and 8.0 corresponding to neutral, singly and doubly charged phthalate ions. Co-extraction of 
water was also measured by Karl Fischer titrations. Phthalate: extractant I : I complexes were formed in the neutral and singly 
charged regions, and I :2 complexes in the doubly charged region. On the other hand, UV and FTIR monitoring of the 
complex of solid phthalic acid with Aliquat 336/dichloromethane in the absence of water indicated a I :2 acid:quatemary 
ammonium complex at pH 1.0, showing that when phthalic acid is extracted from aqueous solutions, water is ultimately 
involved in the complex formed. 

Keywords: phthalic acid, quaternary ammonium salts, tertiary amines, hydrogen phthalate ions, basic extractants. 

INTRODUCTION 

We have reported previously on factors governing the selectivity of liquid-liquid ion 
exchange of anions! and the theory underlying such extractions.2 We have also described the 
extraction of amino acids with cationic extractants,3,4 the point being that that amino acids can exist 
as cations, anions or zwitterions. The singly charged cations are easily extracted with 
dinonylnaphthalenesulphonic acid, and there is some evidence that doubly charged ions of amino 
acids containing two amino groups are extracted by two molecules of extractant. 

The work reported here describes the extraction of phthalic acid (a dicarboxylic acid; pK 1 = 

2.95 and pK2 = 5.41) with anionic extractants. We shall report elsewhere on the extraction of a wider 
range of dibasic acids. 5 King et a/ have published a series of papers on extraction of carboxylic acids 
with tertiary amines and quaternary ammonium salts,6,7 although they admitted that the 
stoichiometry of the complexes that they deduced required further independent evidence, perhaps 
from spectroscopy to confirm their structures. 

THEORY 

Initial inspection of results indicated that overwhelmingly the dominant process is extraction 
of the single charged hydrogen phthalate ion. It is thus possible to write a simple mechanism, made 
up of the dissociation of the acid in the aqueous phase: 

H2A ~ (1) 
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where K1 and K2 are the first and second acid dissociation constants, followed by an extraction stage, 
equilibrium constant D: 

HA-. + QClors ~ QHA-ors + Cr. (2) 

where QClors is the extractant If the volumes of aqueous and organic layers are equal, the initial 
concentrations of acid and extractant are a and b, and the hydrogen ion concentration is H, then the 
fractional extraction E is the solution to the quadratic equation:5 

(aH + K;](J- DHa + aH2/K1)F! + DH(a + b)E - DHb = 0 (3) 

Because the ionic strengths of the solutions remain constant, the activity coefficients cancel out, to a 
first and even a second approximation. The positive sign on the square root term in the solution to the 
quadratic equation is appropriate. 

EXPERIMENTAL 

Henkel kindly donated the extractants Aliquat 336 (tri-n-Cg/C 10-alkylmethylammonium 
chloride; Aliq 336), Alamine 336 (tri-n-C8/C10-alkylamine; Ala 336), and Alamine 304-1 
(trilaurylamine; Ala 304-1). Phthalic acid, tetrabutylammonium chloride (TBACl), tetraoctyl
ammonium bromide (TOABr), tetrabutylphosphonium chloride (TBPCl) and trioctylphosphine oxide 
(TOPO) were obtained from Aldrich, and dichloromethane from BDH. The Alamine 304-1 and TOABr 
were converted to the chloride salt before use. Otherwise the materials were used as received. 

Aqueous phthalic acid concentrations were measured by UV-spectrometry with a Perkin-Elmer 
lambda 2 UVNIS version 3.4 or by ion chromatography. Other spectra were run on a Brucker AMX-
400 NMR spectrometer and a Perkin Elmer 1605 FTIR spectrometer. Chloride concentrations were 
measured with a Dionex 4000i ion chromatograph fitted with an OmniPak PAX-100 column. Extraction 
of water into organic phases was measured with a conventional Karl Fischer apparatus. 

In a typical extraction, 10 cm3 of 50 mM phthalic acid was shaken vigorously for about 10 
minutes with an equal volume of 100 mM extractant in dichloromethane (chosen partly because CD2Cl2 

was suitable as an NMR solvent). The phases were allowed to settle and, if necessary, centrifuged. All 
experiments were performed at room temperature. 

RESULTS 

Variation of extraction with pH 

Figure 1 shows the extraction of 50 mM phthalic acid by 100 mM solutions of four of the 
extractants. Data for the others were similar but crowded the diagram. The percentage of acid extracted 
rose with rising pH, went through a maximum at about pH 4 and then decreased with further increase in 
pH. 

The basic extractants in order of effectiveness about pH 4 were: tetraoctylammonium chloride 
(TOACl) > Aliq 336 > Ala 336 = Ala 304-1 > TBPCl > TBACI. The extraction efficiencies were 
broadly similar to the proportion of singly charged ions in the phthalic acid at the different pH values, 
and this was evidently the species most easily extracted. The basic extractants were all more effective 
than the solvating extractant, TOPO, whose extraction curve did not go through a peak and which 
followed broadly the concentration of undissociated phthalic acid molecules in the system. 

The results were modeled in terms of equation (3), the parameters K2 and D being optimized by 
the non-linear regression programme Microsoft Excel "Solver". As most of the extractions approached 
1 00%, and the experimental measurement was of phthalic acid remaining in aqueous solution, the sum 
of the squared percentage errors in (1 -E) compared with the theoretical model was minimized. The K2 

values were included in the optimization on the advice of M.M . Anwar, who pointed out the 
susceptibility of dissociation constants, especially second dissociation constants, to apparently trivial 
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factors such as dissolved carbon dioxide.8 The regression lines, shown in Figure 1, are an excellent fit. 
The optimized values of D and K2 and the derived free energies of phase transfer for the hydrogen 
phthalate ion are given in Table 1. The TOPO figures and theoretical line refer to the undissociated 
phthalic acid molecule. 

TOPO TBPCl TOACI TBACl Ala 304-1 Ala 336 

K2 X 10.5 28.9 45 .8 3.54 10.5 6.46 

D 1.86 357 2186 87.2 697 657 

L1G, • kJ/mol -1.53 -14.6 -19.1 -11.1 -16.2 -16.1 

Table 1 K2, D and 11Gt0 for the extraction of phthalic acid with basic extractants 
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Figure 1. Extraction of 50 mM phthalic acid by 100 mM basic extractants in CH2Ch 
+ TOACl • Aliq 336 .A. TBACl + TOPO 
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Apart from TOPO, the free energies cluster between -14.6 and -19.1 kJ/mol. The two 
numerically lowest figures (for TBACl and TBPCl) reflect their lower lipophilicity and higher water 
solubility. The highest figure reflects that TOACl is the most lipophilic of all the extractants . Evidently 
the large quaternary ammonium and alkylammonium cations do not bind in a particularly structure
specific way to chloride and hydrogen phthalate ions. This is not a trivial conclusion. One might have 
expected a tertiary ammonium ion, where one side is open and allows access to small ions, to behave 
differently from a spherically symmetrical ion. 

Spectroscopic studies 

In spite of the quality of the fit, experiments at high and low pH with large excess of extractant 
indicated that phthalic acid was being extracted at pH values where it would be expected to exist as 
either undissociated molecules or doubly charged cations. The extracts with Aliquat 336 at different 
pHs were examined by 1~, 13C and 1H NMR. The 1~ spectra showed only one nitrogen peak between 
38 .62 and 38.74 ppm and not the hoped-for bonding to an anion. This may have been due to the low 
abundance and poor receptivity of 1~ . The 13C chemical shifts of the Aliquat 336-phthalic acid 
complex at pH 1, 4.2 and 8 are shown in Table 2. The peaks due to N-CH3, N-CH2, and terminal CH3 

did not alter and have not been listed. A shift of 0.5 ppm is significant in 13C NMR. Caromatic, C-Haromatic 
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and C=O all experienced shifts too large to be pH induced and must be due to complexation at pH 8. 
The fact that only two signals are observed for C-Haromatic indicates that the complex is symmetrical and 
supports the hypothesis of a 2: 1 complex. 

In the 1H spectra, the C-Haromatic peaks appeared at 7.50 and 8.09 ppm at pH 1; 7.487 and 
8.307 at pH 4.2; and 7.28 and 7.80 at pH 8. A shift of0.2 ppm is significant. At pH 8, the peak ofC
Haromatic closer to the carboxyl group has shifted by 0.5 ppm upfield. Like the 13C spectrum, this shift 
supports the formation of a 1 :2 acid: ammonium ion complex. It is probably a straightforward ion pair 
with an ammonium group pairing with each carboxyl. 

Peaks pH 1.0 pH4.2 pH8 

C=O 170.45 170.51 173 .5 

C aromatic 135 .02 135.73 138.66 

C-Haromatic 131.26 & 132.17 131.18 & 133.72 128 .67 & 129.92 

Table 2 13C NMR chemical shifts (ppm) for phthalic acid (50 mM) extracted with Aliquat 336 in 
CD2Ch 

The spectrum at pH 1 also indicates a symmetrical complex. In the unpaired phthalic acid 
molecule, it is likely that weak hydrogen bonding occurs between the C=O group of one carboxyl and 
the C-OH of the other. In the ion-paired complex, one can either envisage the quaternary ion interacting 
with this system, or with the hydrogen bond breaking and the quaternary ion interacting simultaneously 
with the negative charge of the two carboxyls. 

The identity of the 1:1 complex at pH 4.2 is less clear. Experiments with monomethyl phthalate 
show that Aliquat 336 binds strongly to its singly charged ion, so that in this case the quaternary ion 
probably pairs with the singly charged coo·, but only two signals are observed in the 13C spectrum. 
Perhaps the hydrogen atoms in the meta positions are too distant to be affected. 

We hope to elucidate these problems by a comparison with spectra obtained from extraction of 
sulphobenzoic acid. 

The FTIR spectra of phthalic acid extracted from aqueous solutions indicated marked uptake of 
water especially at pH 1, and this might have been involved in the ion pairing. Experiments were 
therefore conducted with solid phthalic acid "dissolved" in Aliquat 336/dichloromethane. Attempts to 
mimic higher pHs by uses of mono- and dipotassium phthalates failed because they were not 
appreciably soluble. 

Solid phthalic acid was treated with Aliquat 336/dichloromethane, in quantities that would have 
given acid:extractant molar ratios of between 1:0.5 to l:l2, and the extracts analyzed. FTIR and UV 
spectra both showed a linear rise ofC=O peak height with Aliquat 336 concentration up to a molar ratio 
of I :2, which then leveled off. This was taken as evidence of a 1:2 complex. 

1H NMR spectra of the phthalic acid extracted from aqueous solution and from solid were not 
identical. The C-Haromatic peaks from the solid extract appeared at 7.50 and 7.81 ppm instead of7.50 and 
8.09. Thus the peak due to the ortho C-H has changed its charge environment, presumably because of 
some interaction with water that reduces the charge intensity around the undissociated carboxyl groups. 

In spite of careful drying of the reagents, a small water peak at -3300 cm·1 was visible in the 
FTIR spectrum of Aliquat 336 and this was partly suppressed when the phthalic acid was added. This 
indicates strong bonding between phthalic acid and water. 

Solutions of Aliquat 336 were shaken with water and with phthalic acid solutions, and the water 
in the organic layers measured. Graphs of water extracted against Aliquat concentrations were linear 
and had slopes of 1.59 in the presence of phthalic acid and I. 79 in its absence. Further experiments with 
Aliquat 336 bromide and Aliquat 336 iodide indicated that the chloride (i .e. Aliquat 336 itself) took up 
two molecules of water per molecule Aliquat. The bromide took up 0.9 and the iodide 0.4 . The 

1420 



Phannaceutical Applications 

implication of the chloride/bromide/iodide results is that the co-extracted water is associated with the 
extractant anion 

Other experiments 

The above hypotheses were tested further by measurement of the variation of percentage 
extraction with excess extractant at pH 1, 4.2 and 8, and by measurement of the concentrations of 
chloride ions in the aqueous layer after extraction, also at various pH values . The results will be 
reported elsewhere. 5 

CONCLUSIONS 

Phthalic acid can be extracted from solution by basic extractants in dichloromethane. The 
hydrogen phthalate ion is most easily extracted, with free energies of ion exchange varying between -
14.6 and -19.1 kJ/mol. The less lipophilic quaternaries TBACl and TBPCl had the lowest (i.e. least 
negative) values, while the most lipophilic- TOACl -had the highest. 

The hydrogen phthalate ion is extracted as a complex with one molecule of extractant, as is the 
uncharged phthalic acid molecule. The doubly charged phthalate ion is extracted as a complex with two 
molecules of extractant. Single, uncharged molecules are also extracted by TOPO. The free energies of 
ion exchange of these last three processes are far lower (i .e. Jess negative) than those of the hydrogen 
phthalate extraction. The identities of the complexes were confirmed by spectroscopic methods . 

Solid phthalic acid was found to form a complex with Aliquat 336 in dichloromethane with a 
2:1 extractant: phthalic acid ratio. Water appears to play an important role, which was not fully 
elucidated. 

Tamada and King6 claimed that dicarboxylic acids that form intramolecular hydrogen bonds 
cannot form complexes with more than one amine per acid but they did not study phthalic acid. Phthalic 
acid is only weakly hydrogen bonded and only forms weak complexes. Nonetheless, we suggest that 
Tamada and King's conclusion does not apply to such a lipophilic acid. 
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ABSTRACT 

SPECIFIC INIDBITORY EFFECTS OF HYBRID 
MEMBRANES ON THE GROWTH OF TUMORS IN 

VITRO AND IN VIVO 
Ryuichi Ueoka, Yoko Matsumoto, Toshihiro Kato, Akihiro 
Kanno, Makoto Tsuchiya, Kenji Tsuzaki and Yukito 
Murakami 
Graduate Course of Applied Chemistry, Kumamoto Institute of 
Technology, Kumamoto 860-0082, Japan 

We have recently produced new type hybrid membranes (liposomes) composed of vesicular and micellar molecules. The 
physical properties of these liposomes can be controlled by changing the composition of hybrid membranes. In this study, the 
high inhibitory effect of the hybrid membranes composed of 90 mol% dimyristoyl-phosphatidylcholine (DMPC) and I 0 
mol% polyoxyethylene-1 0-dodecyl ether (C12(E0)10) on the growth of leukemia cells (HL-60) was obtained. The induction 
of apoptosis with the hybrid membranes was found in HL-60 cells using flow cytometer and DNA agalose gel 
electrophoresis. The uniform and stable structure of hybrid membranes was revealed on the basis of dyoamic light scattering 
measurements. Furthermore, the significantly prolonged survival was obtained in mice inoculated melanoma cells after the 
administration of hybrid membranes. 

Keywords: liposome, antitumor effect, apoptosis, leukemia, melanoma 

INTRODUCTION 

Liquid membranes have recently attracted attention in connection with reducing the toxicity of 
anti-tumour drugs.' We have prepared specific hybrid membranes composed of vesicular and micellar 
molecules and their physical properties, such as size, membrane fluidity, phase transition temperature, 
and hydrophobicity can be controlled by changing the composition of hybrid membranes.2 In the 
course of this study, remarkably high inhibitory effects of hybrid membranes without drugs on 
lymphoma growth in vitro have been obtained. J-6 Furthermore, it was found that the hybrid 
membranes including anti-tumour drugs have a highly inhibitory effect on the growth of glioma in 
vitro and in vivo.7 No toxicity of the hybrid membranes was observed in normal rats in vivo without 
any side effects. 8 

In this study, we report on the specific inhibitory effects of hybrid membranes on the growth 
of tumors in vitro and in vivo. 

EXPERIMENTAL 

Materials 

Commercially available phosphatidylcholine (DMPC, DPPC) and micellar surfactants 
(Cn(EO)., n = 4, 8, 10, 12, 23) were used without purification. 

0 
II 

CH 3 (CH 2) 0 COCH 2 
I 

CH 3(CH 2M;o~H v + 
~ CH 20-p -QCH 2CH 2N(CH 3h 

6- DMPC (n=12) 
DPPC (n=14) 

CH 3(CH 2) 11- 0-(CH 2CH 20) 0 - H 

C 12(EO) 0 (n = 4, 8, 10, 12, 23) 
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Preparation of Hybrid Membranes 

The hybrid membranes were prepared by dissolving both phospholipids and Cn(EO)n in 
phosphate-buffered saline with sonication (BRAN SONIC Model B221 0 apparatus, 90 W) at 45C for 5 
minutes. 

Cell Culture 

The cells were cultured for 4 days in a 5% C02 incubator at 37C after adding the hybrid 
membranes. The inhibitory effects of hybrid membranes on the growth of tumour cells were 
evaluated by 100(N.-Np)IN. , where N. and Np denote the live cell numbers in the absence and 
presence of the hybrid membranes, respectively. 

Flow Cytometry 

The DNA content was determined in a flow cytometer (Epics XL system II, Coulter) with the 
propidium iodide staining method. 

Dynamic Light Scattering 

The dynamic light scattering measurements were performed with a Brookhaven BI-90 particle sizer 
as described previously2 The hydrodynamic diameter (~y) was evaluated by equation (1) 

dhy=kT/37tl]D (I) 

where k is Boltzmann's constant, T is the absolute temperature, 11 is the solvent viscosity and D is the 
diffusion coefficient. 

Animal Test 

Female C57BL/6 mice 5-week-old were purchased from the Charles River Japan Inc. 
Animals were randomly grouped on the basis of the body weight on the day of tumour cells 
inoculation using the stratified randomization method. B-I6 Melanoma cells (5 x I05 cells) were 
intraperitonealy inoculated. Hybrid liposomes were intraperitonealy administered to mice. The 
median life span was calculated according to equation (2) . 

Median Life Span(%) = (Mean survival days of treated group)/(Mean survival days of control group) (2) 

RESULTS AND DISCUSSION 

Specific Inhibitry Effects of Hybrid Membranes on the Growth of Leukemia cells in vitro 

The inhibitory effect of hybrid membranes composed of dimyristoylphosphatidylcholine 
(DMPC) and polyoxyethylenedodecyl ether (C 12(EO)n : n = 4, 8, IO, I2, 23) on the growth of human 
promyelocytic leukemia (HL-60) cells in vitro were examined. 

The results are summarized in Table I and the noteworthy aspects are as follows : 
a. The inhibitory effects ofthe hybrid membranes composed ofDMPC and C!2(EO)n 

are moderately enhanced as compared with those of the membranes ofDMPC. 
b The inhibitory effects of DMPC/ C!2(EO)s and DMPC/ C!2(E0b hybrid 

membranes were fairly enhanced. 
c Almost completely inhibitory effects were attained by employing the hybrid 

membranes ofDMPC/ CdE0)10 and DMPC/ Cn(E0)12. 
It is deduced that the hydrophilic-hydrophobic balance in polyoxyethylenealkyl ethers is 

important for the enhancement of the inhibitory effect on the growth of tumor cells . Relative DNA 
contents in HL-60 cells treated with the hybrid membranes composed of DMPC/10 mol% Cn(E0)10 

are shown in Figure I. The DNA of HL-60 cells was found to be almost completely fragmented after 
the addition of hybrid membranes. On the basis of DNA agarose gel electrophoresis, it was also 
found that exposure ofHL-60 cells to hybrid membranes caused the DNA fragmentation characteristic 
of apoptosis (data not shown). These results suggest that the DMPC/ C!2(EO)w hybrid membranes 
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can induce the apoptosis oflll.,-60 cells. 

Sample Inhibitory effect(%) 
DMPC 25 

DMPC/10 mol% CdE0}4 64 (0) 
DMPC/10 mol% Cn(EO)s 89 (77) 
DMPC/10 mol% C12 (E0) 10 96 (83) 
DMPC/10 mol% C12 (E0)12 99 (75) 
DMPC/10 mol% C12 (EOb 79 ( 3) 

DMPC = 7.5 X 10"5 mol/dm3
; C!2(EO)o = 8.3 X 10"6 molldm3 

Initial cell number = I. 0 x 104 cells/cm3 

Values in parentheses are C!2(EO)n micelles (CI2(EO)n = 8.3 X 10"6 mol/dm3
) 

Inhibitory effects have maximum error of ± 6% 

Table 1 Inhibitory Effects of Hybrid Membranes Composed of90 mol% DMPC and 10 mol% 
C!2(EO)n on the Growth oflll.,-60 Cells 

Control Treatment 

i 

u 1024 1024 

Rerative DNA content 

Figure 1. Rerative DNA contents for HL-60 cells treated with the hybrid membranes 
composed of90mol% DMPC and lOmol% Cu(E0)10 

Therapeutic Effects of hybrid membranes in mice model of carcinoma in vivo 

The inhibitory effects of the hybrid membranes composed of phosphatidylcholine (DMPC, 
DPPC) and C!2(EO)n (n=lO, 23) on the growth of melanoma cells in vitro and in vivo were examined. 

The 50% inhibitory concentration of the hybrid membranes composed ofDMPC and C!2(EO)n 
(0.045mM) was one-twelfth ofthat (0 .55mM) ofDMPC membranes. A clear solution of the hybrid 
membranes having a hydrodynamic diameter of 80 nm with a single and narrow distribution could be 
kept over 30 days, as shown in Figure 2. These results suggest that these hybrid membranes might be 
suitable for clinical chemotherapy. Screening for therapeutic effects is generally carried out in mice or 
rats belonging tumour cells . In the primary screening, tumour cells are intraperitonealy inoculated 
into animals, and the test agents are intraperitonealy administered. So, the effects of hybrid 
membranes on intraperitonealy inoculated melanoma cells were examined using mice model of 
carcinoma. The results are summarized in Table 2 and Figure 3. It is attractive that the markedly 
prolonged survival of mice was obtained for the treatment with DMPC/ lOmol% C!2(E0)10 and 
DMPC/ lOmol% C!2(E0b hybrid membranes. On the other hand, DPPC/ lOmol% C!2(E0b hybrid 
membranes had no life prolonging effects . It is presumed that the fusion between hybrid membranes 
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and the tumor cells membranes may not proceed in vivo in the case of DPPC, since the temperature of 
phase transition of DPPC ( 40C) is higher than the body temperature of mice. 

100 

-~~~----~----_. §o 
r 
o~~~~~~~~ 

0 7 14 21 28 35 

dhy (nm) Time (day) 

Figure 2. Distribution (A) and time course (B) of siz%~Or hybrid membrane~ 
composed of90mol% DMPC and 10molo/OJ~0~0 

Table 2. Median Life Span of Mice Treated with Hybrid Liposomes Composed of 
90mol%Lipid and 1 Omol%C 12(EO)n after the Inoculation ofB16-Melanoma 
Cells 

Median survival ( days ) ( Median life span ) 

Sample Dose Experiment! Experiment2 (mg/kg) 

Control 14.8± 1.3 14.7± 1.9 

DMPC/10mol%C I2(E0)IO 680 23.5± 4.8 ( 162%) 24.0± 5.3 ( 166%) 

DMPC/1 Omolo/nC 12(EO)n 680 25.2± 2.6 ( 170%) 24.7± 5.1 ( 168%) 

DPPC/10moJO/nC I:\E0)23 734 16.3± 2.4 ( llO%) 16.5± 1.9 ( 112%) 

Values rq:resent mean± S.D. of 6 mice. 

[DMPC]=[DPPC]=S.ct J0·2M, [C12(E0)10]=[C12(E0)23]=5.6* J0·3M 

100 

~ 75 
0 . ., 
f! 
~ 50 
·e 
= "' 25 

0 
0 10 

Survival time (day) 

e Control • DMPC/10mol%C 12(E0)23 

.6. DMPC/10mol%C 1iEO)JO • DPPC/10mol%C JiE0)2J 

Figure 3. Survival curves of mice treated with hybrid membranes composec 
of90mol% phospholipid and 10mol% Ci2(E01 (n=l0,23). 
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CONCLUSION 

A summary of noteworthy aspects of this study is as follows : (a) The hybrid membranes (90 
mol% DMPC llOmol% C!2(E0)10) have a highly inhibitory effect on the growth of leukemia cells 
(HL-60). (b) The induction of apoptosis with the hybrid membranes was found in HL-60 cells using 
flow cytometer and DNA agalose gel electrophoresis. (c) The uniform and stable structure of hybrid 
membranes was revealed on the basis of dynamic light scattering measurements. (d) The significantly 
prolonged survival was obtained in mice inoculated melanoma cells after the administration of hybrid 
membranes (90 mol% DMPC llOmol% Cn(E0) 10 and 90 mol% DMPC /lOmol% Cn(EOb). 

ACKNOWLEDGMENT 

This work was supported in part by a Grant-in-Aid for Science Research from the Ministry of 
Education, Science, and Culture of Japan (No.l0145255, 10680811) and the Science Research 
Promotion Fund from the Japan Private School Promotion Foundation. 

REFERENCES 

I. Lasic DD eta/., "Liposomes :from Physics to Application", Elsevier, Netherlands, 261 (1993). 
2. Ueoka R, Matsumoto Y, Moss RA, SwampS, Sugii A, Harada K, Kikuchi J and Murakami Y, J Am. Chern. 

Soc. , 110, 1588 (1988). 
3. Ueoka R, Matsumoto Y, Oyama H, Takekuma Hand Iio M, Chern. Pham. Bull., 36, 4640 (1988). 
4. Matsumoto Y, Yamada E, Hirano J, Oshige M, Iio M, Iwahara M and Ueoka R, Bioi. Pham. Bull., 16, 213 

(1993). 
5. Matsumoto Y, Imamura C, Ito T, Taniguchi C and Ueoka R, Bioi. Pham. Bull., 18, 1456, (1995). 
6. Imamura C, Kemura Y, Matsumoto Y and Ueoka R, Bioi. Pham. Bull., 20, 1119, (1997). 
7. Kitamura I, Kochi M, Matsumoto Y, Ueoka R, Kuratsu J and Ushio Y, Cancer Res.,56, 3986 (1996). 
8. Imamura C, Kanno A, Mitsuoka C, Kitajima S, Inoue H, Iwahara M, Matsumoto Y and Ueoka R, Yakugaku 

Zasshi, 116, 992 (1996). 

1427 



Proceedings ISEC'99 

1428 



Plant Experience 





Plant Experience 

ABSTRACT 

THE THERMAL OXIDE REPROCESSING PLANT AT 

SELLAFIELD: FOUR YEARS OF ACTIVE OPERATION 

OF THE SOLVENT EXTRACTION PLANT 
C Phillips 
British Nuclear Fuels Plc, Thorp Group, Sellafield, Cumbria, CA20 
lPG,UK 

The Thermal Oxide Reprocessing Plant (Thorp) at British Nuclear Fuels' Sellafield site is designed to treat irradiated fuel 
from UK Advanced Gas-Cooled Reactors and European and Japanese Light Water Reactors. It started operating in March 
1984 with the shearing and dissolution of irradiated fuel in the Head End Plant, and in January 1995 the Chemical 
Separation Plant commenced processing this dissolved fuel. By late 1998 over 1700te of irradiated fuel had been 
reprocessed in Thorp. The performance of the Thorp Chemical Separation Plant Purex process has been excellent. 
Decontamination of the uranium and plutonium products from fission products, and uranium-plutonium separation have in 
general been better than flowsheet requirements. The solvent extraction equipment has operated stably under the automatic 
controls developed during the R&D programme. Losses of uranium and plutonium to waste streams have been in line with, 
or better than, expectation. 

Keywords: irradiated fuel, Purex, Thorp, uranium-plutonium separation, technetium 

INTRODUCTION 

The Thermal Oxide Reprocessing Plant (Thorp) at the Sellafield, UK site of British Nuclear 
Fuels Plc reprocesses irradiated oxide nuclear fuel from British, Japanese and European Light Water 
and Gas Cooled Reactors. In the Head End Plant irradiated fuel is received, stored under water, 
sheared into 50mm lengths, dissolved in nitric acid and residual solids removed by centrifuge 
(Figure!). 

Head End 

Figure 1. Thorp Unit Processes 

Chemical Plants 

Uranium 
Product 

Plutonium 
Product 

In the Chemical Plant the Purex solvent extraction process with tri-n-butylphosphate in 
kerosene as solvent is used in a three-cycle process to separate uranium, plutonium and fission 
products. There are further facilities for the conversion of plutonium nitrate to plutonium dioxide by 
oxalate precipitation and uranyl nitrate to uranium trioxide by thermal denitration. These products are 
then suitable for recycle into fresh reactor fuel. 
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The Head End processes generate mainly solid wastes and these are encapsulated in cement for 
long term storage. The Chemical Plants generate High Level and Intermediate Level liquid wastes which 
are vitrified, and a small amount of Low Level liquid waste which is floc-treated to remove residual 
activity before discharge to sea. The floc so formed is encapsulated in cement. The Head End and 
Chemical Plants are integrated, with all process stages and services in one building. 

During the first I 0 years of operation of Thorp there is a committed throughput of 7, 000 tonnes 
based on irradiations up to 40 GW days per tonne and out-of-reactor cooling time of 5 years . 
Subsequently, the reprocessing of more highly irradiated fuels is planned. A full account of the 
development, design and construction of Thorp is given elsewhere.1

• 
2

• 
3 

Construction of Thorp was completed to programme and budget in 1992, and commissioning 
with water, acid and uranium was finished during 1994. Irradiated fuel was introduced into the Head 
End in early 1994 and into the Chemical Plants a year later. By late 1998, Thorp had processed a total 
of over 1733t of UK Advanced Gas-Cooled (AGR) fuel, Boiling Water Reactor (BWR) fuel and 
Pressurised Water Reactor (PWR) fuel from UK, European and Japanese customers. 

CHEMICAL PLANT DESIGN PRINCIPLES 

Five principles underpinned the design of Chemical Plants and the Purex solvent extraction 
processes: 
a) In order to minimise the amount of activity discharged in liquid wastes, the chemical reagents fed to 

the process to adjust valency states are "salt-free" so that they do not restrict the ability to 
concentrate and encapsulate waste streams. 

b) It was required to minimise the extent, size and complexity of the process equipment in contact with 
radioactive material, so as to minimise operator radiation dose, reduce capital and operating costs, 
and reduce the number of waste streams. This was achieved by using an "early-split" flowsheet with 
U-Pu separation in the first solvent extraction cycle. Careful flowsheet design, development and 
proving also allowed single cycles only to be used for the subsequent uranium and plutonium 
purification stages. In particular the chemistry of neptunium was paid close attention4 so as to direct 
it into the appropriate waste streams. This allowed a three-cycle flowsheet to be used rather than the 
previous typical five-cycle one, thus reducing at source the number of waste streams produced. 

c) Pulsed, perforated plate columns are used as the solvent extraction contactors in the Highly Active 
(HA) and Plutonium Purification (PP) cycles to allow critically safe operation with the higher 
plutonium concentrations of oxide fuel. Their relatively short aqueous-solvent contact time also 
minimises solvent degradation from the increased amounts of fission products in oxide fuel. 

d) All equipment in contact with radioactive material is designed for minimum or no maintenance 
throughout the life of the plant. In the highly active parts of the Chemical Plant, no moving 
mechanical parts are used, and fluidic and compressed air devices are employed for liquid pumping 
and instrumentation 

e) Thorp is built on an existing nuclear site which contains a uranium metal fuel reprocessing plant, 
and its associated upstream and downstream plants. A major design target for Thorp was that it 
should contribute no more than 10% of the activity discharge limit for liquid wastes from the site as 
a whole. 

Development Work 

The realisation of these design principles necessitated a comprehensive research and 
development programme that was carried out during the period from the late 1970's to the late 1980's. 
A large number of pilot plants were designed, built and operated during this period, ranging from full 
size inactive replicas of major sections of Thorp, through intermediate scale plutonium-containing pilot 
plants operated in glove boxes, to small scale fully active replicas of most of Thorp using actual 
irradiated fuel. 1

' 
3 To underpin this pilot plant work and the extensive safety assessments that were 
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required for Thorp, a range of fundamental studies was also done of the process chemistry and 
mechanical engineering of the Thorp processes. 

CHEMICAL PLANT FLOWSHEET 

The three-cycle Purex flowsheet is shown in Figure 2. The HA and HS pulsed columns in the 
HA cycle primary separation section extract the uranium and plutonium from the nitric acid solution of 
the fuel into the 30% TBP in kerosene solvent, leaving almost all the fission products in the acid 
aqueous phase, which flows to the Vitrification Plant. The uranium and plutonium are then separated in 
the IBX and IBS pulsed columns and lBXX mixer-settler by chemically reducing the plutonium using 
salt-free uranium IV produced on site from uranium VI. The presence of significant technetium, which 
is completely extracted in HAIHS, adversely affects the chemistry of plutonium reduction. Extensive 
development work5

• 
6 allowed this problem to be overcome by careful control of residence times, 

temperatures and the dispersed phase hold-up in the lBX and 1BS pulsed columns. 

UP Cycle 

HACycle 
.... ..... .... .... . ~;:·.•. 

·· ..... PP Cycle 

Figure 2. Thorp Chemical Plant Flowsheet 

The plutonium stream passes to the single plutonium purification (PP) cycle where pulsed 
columns and 30% TBP/kerosene are again used to purify the plutonium product from the principal 
contaminant technetium and residual uranium, ruthenium, caesium and cerium. The single uranium 
purification (UP) cycle uses 20% TBP/kerosene and mixer-settlers to remove neptunium, plutonium, 
ruthenium, caesium and cerium from the uranium product. Careful valency conditioning of the 
neptunium and plutonium prior to solvent extraction, and the use of hydroxylamine nitrate reductant, 
achieves high simultaneous neptunium and plutonium decontamination in a single solvent extraction 
cycle.4 Single Intermediate Level waste streams are produced by the UP and PP cycles, and because 
they are salt free, these streams can be routed to vitrification along with the High Level waste. 

PERFORMANCE OF THE SOL VENT EXTRACTION PROCESSES 

Irradiated Fuels Processed 

A comparison of the irradiated fuels reprocessed in Thorp up to late 1998 with the design 
reference fuel is given in Table 1. 

It can be seen that, with the exception of ruthenium-106, caesium-134 and cerium-144, fuel 
characteristic of the design reference has been reprocessed. The exceptions arise because, thus far, the 
higher bum-up fuel processed has been the longer cooled, allowing these relatively short half-life species 
to decay significantly. 
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Irradiation GWD/t 
Cooling Time Years 
Plutonium Content % 
Neptunium 237 Content% 
Technetium 99 Content % 
Ruthenium 106 Content % 
Caesium 134 Content % 
Caesium 13 7 Content % 
Cerium 144 Content % 

40 
5 

100 
IOO 
IOO 
100 
IOO 
100 
IOO 

Table 1. Comparison of Fuel Processed with Design Reference 

Chemical Plant Separation Efficiency 

10 to 39 
5 to I9 

28 to 96 
23 to 95 
23 to 85 
I to I7 
I to 22 

I9 to 98 
I to I4 

The performance of the Chemical Plant was studied by looking at fission product separation 
efficiency, uranium and plutonium product qualities, losses of uranium and plutonium to waste streams 
and uranium-plutonium separation efficiency. Table 2 illustrates typical fission product 
decontamination factors (DF's) across the HA and HS pulsed columns for technetium, ruthenium, 
caesium and cerium, compared with the THORP reference flowsheet. 

Technetium 99 
Ruthenium 106 
Caesium I34+ 137 
Cerium 144 

1.0 e 3 
4.5 e 3 
3.3 e 3 

1.2 e 3 to 7.0 e 3 
6.9 e 4 to 1.9 e 5 
l.le4 to l.7e5 

Where DF = Amount ofFP in Feed per g of Uronium 
Amount ofFP in Product per g Uranium 

Table 2. Comparison of Observed Fission Product DF's with Flowsheet (HA&HS) 

Tables 3 and 4 show the overall OF's for fission products, neptunium, uranium and plutonium 
through to the uranium and plutonium products. These tables demonstrate the excellent performance of 
the solvent extraction plant. Fission product decontamination factors (OF's) in the HA cycle have been 
consistently better than the flowsheet expectation. Across the whole plant to the U03 and Pu02 products 
the achieved DF's for fission products and other radioactive contaminants have also been higher than 
design expectation, resulting in products well within International Specifications and thus fully suitable 
for recycle into new reactor fuel. 

Technetium 99 
Ruthenium 106 
Caesium 134+ 137 
Cerium 144 
Neptunium 237 

Where DF 

4.0 e 3 8.I7 e 3 to 1.16 e 4 
8.7 e 5 4.32 e 6 to 1.33 e 7 
6.5 e 8 5.66 e 9 to 1.38 e 10 
3.3 e 7 9.36 e 5 to 4.96 e 6 
I.5 e 4 3.3I e4 to 6.76e4 
5 e7 

Amount of Contaminant in Feed per g ofVronium 
Amount of Contaminant in Product per g Uronium 

Table 3. Comparison of Observed Contaminant OF's with Flowsheet (Whole Plant to U03 Product) 
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All fission products 
Technetium 99 
Ruthenium 1 06 
Caesium 134+ 137 
Cerium 144 
Neptunium 237 
Uranium (to nitrate) 
Uranium 

2.8 e 8 
1.0 e 2 
3.2 e 5 
5.0 e 6 
3.7 e 6 
4.5 e 1 
4.2 e 3 
2.1 e 5 

3.37 e 8 to 7.06 e 8 
1.00 e 2 
1.04 e 6 
1.3le8 
2.10e7 
6.60 e 1 
4.62 e 4 

5.80 e 6 to 5.55 e 8 

Where DF Amount of Contaminant in Feed per g o(Plutonium 
Amount of Contaminant in Product per g of Plutonium 

Table 4. Comparison of Observed Contaminant DF's with Flowsheet (Whole Plant to Plutonium 
Nitrate and Pu02 Products) 

It will be noted that the cerium-144 DF to the U03 product is apparently lower than design 
expectation. However, the cerium content in the fuel feed to the plant has, up to present, been much 
lower than the reference flowsheet, leading to analytical limit-of-detection restrictions for the low levels 
that are therefore present in the uranyl nitrate product. That this is an analytical artefact is supported by 
the overall gamma activity of the U03 product, which at 35Bq/gU is well within the ASTM 
International Specification value of524 Bq/gU. 

The overall neptunium DF for the U03 product is seen to be higher than the already large 
flowsheet expectation. This shows the effectiveness of the specially developed flowsheet4 for the 
simultaneous removal of neptunium and plutonium in the UP Cycle. 
Uranium and plutonium losses to waste streams from the Chemical Plant are very low, amounting to no 
more than 0.013% and 0.049% of the feed amounts respectively. 

Uranium- Plutonium Separation Performance 

Table 5 shows the typical uranium-plutonium separation performance of the lB (IBX, IBXX, 
IBS) system compared with reference flowsheet expectations. It can be seen that removal of plutonium 
from the uranium stream has been an order of magnitude higher than the design requirement and 
flowsheet expectation. The fuel processed so far has contained up to 85% of the flowsheeted amount of 
technetium and, with no technetium removal in the HA/HS system, the stability and reductive capacity 
of the lB system has thus been fully tested and found to be satisfactory. 

*DF = Amount o(Pu in feed per go( U 
Amount of Pu in U product per g of U 

4.5 e 3 to 8.4 e 4 

#DF = Amount o(U in feed per g o(Pu 
Amount of U in Pu product per g of Pu 

Table 5. Comparison of Observed U-Pu Separation Performance with Flowsheet 

This demonstrates the benefits of the extensive process chemistry and process equipment pilot 
plant development work that was carried out on the lB system5

• 
6 This work was done when initial 

fully active pilot plant trials showed that there would be no technetium DF across the HA/HS system 
when zirconium was also present in the feed, and that technetium destabilised the chemical reduction of 
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plutonium7 As a result of this work the IBX column is operated solvent continuous so as to limit the 
residence time for the teclmetium reactions in the aqueous phase. This then requires high pulse energies 
to be applied so as to maintain satisfactory dispersed phase hold-ups. The IBS column temperature is 
also reduced to 20C, to reduce the teclmetium reactions further. The very satisfactory operation of the 
Thorp IB system shows the value of this work and vindicates the decision not to modify the plant design 
to insert a teclmetium removal step prior to the IB system. 

The removal of uranium from the plutonium stream has also exceeded original expectations. 
This excellent performance of the IBS uranium re-extraction pulsed column is achieved despite the 
presence of the less extractable UIV, and the lower operating temperature in the column. Further 
uranium removal occurs across the oxalate precipitation production process for plutonium dioxide, 
resulting in the very high uranium DF's shown in Table 4. 

CONCLUSIONS 

The design, construction and commissioning of THORP has been the most challenging single 
project ever undertaken by BNFL. The plant was commissioned and set to work without significant 
difficulty and has quickly ramped up to expected throughputs . This has been in large part due to 
extensive development work and close liaison between developers, designers and the commissioning 
teams during design, construction and commissioning. The plant uses well established reprocessing 
teclmology in an innovative way so as to minimise the number of processing steps needed to meet 
product quality specifications, and minimise the number of waste streams produced. Product qualities 
are excellent and allow ready recycle into fresh reactor fuel, preserving separative work and allowing 
considerably more energy to be extracted from the original fuel. Thorp has thus met or exceeded its 
design intentions, has operated safely and efficiently, and is an advantageous and environmentally 
responsible method of treating spent irradiated fuel from the world 's nuclear reactors. 
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ABSTRACT 

MINI-PLANT TRIALS ON THE RECOVERY OF 

NICKEL BY SOLVENT EXTRACTION 
VM Nagel, BM Davies and PM Cole 
Mintek, Randburg, South Africa 

Several extraction systems for nickel have been evaluated in mini-plant trials to compare their efficiencies and relative 
selectivity for nickel over other elements under continuous counter-current conditions. The aqueous feed solution was a 
sulphate liquor derived from the biologically assisted leaching of low-grade sulrhide ore, and contained - 9 g/dm3 

nickel, 0.5 g/dm3 calcium, 0.2 g/dm3 cobalt, 1.6 g/dm3 magnesium, and 0.5 g/dm manganese. The extractants tested 
were Versatic acid, Versatic acid in a synergistic mixture with 4-nonylpyridine, and di(2-ethylhexyl)phosphoric acid in 
synergistic combination with isodecyl4-pyridine carboxylate. An aliphatic hydrocarbon diluent was employed. 

Keywords: nickel, calcium, Versatic acid, D2EPHA, synergism, alkylpyridine, alkylpyridine carboxylic ester. 

INTRODUCTION 

Biologically assisted processes are currently being developed for the extraction of nickel 
from low-grade sulphide ores. 1 Extractants need to be selective for nickel over other impurities 
present in the leach solutions? This is particularly true with regards to calcium, as the solubility 
of this sulphate limits the upgrading ratio to a value below that which produces gypsum-saturated 
strip liquor. 

Previous testwork at Mintek investigated the influence of a nitrogen-donor synergist in 
mixtures with either di(2-ethylhexyl)phosphoric acid (D2EPHA) or a carboxylic acid (Versatic 
acid) on the separation achievable between nickel and calcium.2'3 This work identified appropriate 
mixtures for further continuous counter-current testwork. 

Mini-plant trials were conducted using these extractant systems, together with Versatic 
acid on its own, using a typical bio-leach solution. The extraction efficiencies for nickel and 
relative selectivity for nickel over other metals were tested under continuous counter-current 
conditions. Stripping efficiencies, pH of operation, and consumption of NaOH as a neutralising 
agent were also monitored. The results obtained from the mini-plant runs are discussed in this 
paper. 

PROCESS DESCRIPTON 

Mixtures of pyridine derivatives (L) and acid extractants (HA) extract nickel4 according to 
Reaction 1 

Ne+(Aq) + 2 H~Org) + n L(Org) <:=> NiA21n(Org) + 2 H\Aq) (1) 

Because protons are released during extraction, the reaction is pH dependent. The appropriate pH 
was maintained by the addition of base to the mixers in the extraction stages. In the mini-plant 
trials, NaOH was used. Industrial practice is to pre-load the organic phase with sodium or 
ammonium ions in a separate stage, before extraction of the metal, to prevent excessive dilution of 
the aqueous phase. This practice is not favoured for the Versatic systems because of the high 
aqueous solubility of the sodium Versatic salt. 

Nickel is stripped from the loaded organic phase by contacting it counter-currently with 
aqueous solution containing sulphuric acid, to effect the reverse of Reaction 1. By employing 
nickel-containing anolyte from nickel electrowinning as the aqueous strip liquor, the net 
consumption of acid is minimised. 

© 2000 Society of Chemical Industry 1437 



Proceedings ISEC'99 

EXPERIMENTAL 

Aqueous solutions 

The aqueous feed solution was a leach liquor derived from a biologically assisted process, 
which had been treated for the removal of iron. The composition is given in Table 1. The strip 
liquor was a synthetic solution made up from chemically pure grade nickel sulphate, and 
contained 50 g/dm3 H2S04, 65 g/dm3 nickel, 0.1 g/dm3 magnesium and traces of other metal 
impurities . 

Element Concentration (g/dm-') Element Concentration (g/dm3
) 

Ni 9.0 Fe < 0.002 
Co 0.175 Zn 0.001 
Cu 0.062 Ca 0.480 
Mn 0.475 Mg 1.6 

Table 1. Composition of the aqueous feed solution. 

Organic reagents 

The various components of the organic phase systems tested are listed in Table 2. Isodecanol 
(Henkel) was used as a phase modifier where appropriate, and C12-C 13 n-paraffin (Saso!Chem) was 
used as the diluent in all cases. 

Reagent Supplier 
D2EHPA Bayer 
Versatic acid Shell SA 
4-nonylpyridine (SYNJ) Aldrich 
Isode~l 4-QYridine carboxylate (SYN2) • Mintek 

* Prepared as descnbed m Reference 3. 
Table 2. Organic reagents. 

Laboratory batch procedures 

The operating pH values for each extractant, pH90 ( defmed as the pH at which 90% of the 
nickel present in the feed solution was extracted), were determined by plotting the fractional 
extraction as a function of pH at an organic-to-aqueous phase ratio (O:A) of 3. The number of 
extraction stages required for continuous counter-current operation was determined from 
extraction equilibrium isotherms generated at appropriate pH90 values at different O:A ratios . 
Stripping equilibrium isotherms were generated in a similar manner, but without pH control. 

The batch tests were carried out by contacting the two phases in the appropriate O:A ratio 
using magnetic stirring. Where applicable, pH was controlled by the drop-wise addition of I 00 
g!dm3 NaOH solution. 

Aqueous- and organic-phase samples were taken for the analysis of the elements of 
interest. The organic-phase samples were stripped with 100 g/dm3 H2S04 and the acid solutions 
analysed, together with the aqueous samples, by inductively coupled plasma emission 
spectroscopy. 

The relative phase-separation characteristics of the various extractant systems were tested 
by contacting equal volumes of the aqueous and organic phases in a beaker and noting the time 
required for separation. 

Continuous counter-current trials 

The mini-plant comprised a series of conventional box-type mixer-settler units, each with 
a 100 cm3 mixer and 400 cm3 settler (settling area of 110 cm2), constructed of clear PVC. 
Electrically driven pump-mix impellers accomplished mixing and inter-stage transfer of the 
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aqueous and organic phases. Watson Marlow peristaltic pumps were used to pump the solutions to 
the plant. 

The pH in the mixers of the extraction stages was controlled by the addition of an 80 to 
100 g/dm3 NaOH solution. A loaded organic reservoir was used to minimise carry-over of the 
aqueous phase with the loaded organic phase to the stripping circuit. 
The general layout for a plant with three extraction and two stripping stages is shown in Figure 1. 
Aqueous and organic samples were taken at regular intervals from each stage. The samples were 
analysed in the same manner as for the laboratory batch procedures . 

Feed pH control 
solution with NaOH Strip liquor 

Loaded l 
organic l ...................................... ~~~.~ ................... ~~~~:.~ .. ~~~.~~~~~ ..... . 
Figure 1. General layout of the continuous counter-current mini-plant. 

RESULTS 

Laboratory batch experiments 

____. Aqueous 

····· ·····~ Organic 

The different extractant systems tested are shown in Table 3. From plots of pH versus 
fractional extraction, and the extraction and stripping equilibrium isotherms, the operating 
conditions and plant layout for each extractant system were determined as shown in Table 4. 

System Composition 
1 0.5 mol/dm3 versatic acid 
2 0.25 mol/dm3 versatic acid, 0.25 mol/dm3 SYN1, 10 volume% isodecanol 
3 0.25 mol/dm3 D2EHPA, 0.25 mol/dm3 SYN2 

Table 3. Composition of extractant systems tested in mini-plant trials. 

The criteria applied to the McCabe-Thiele constructions were a nickel raffinate 
concentration below 0.1 g/dm3

, approximately 80 percent utilisation ofthe capacity on the organic 
phase, and a stage efficiency of 90 percent. 

System 

1 
2 
3 

* 
** 

No. of No. of 
Operating Extraction 

extraction stripping 
Stages Stages 

pH (pH90) O:A 

4 2 6.5 2 
4 2 5.5 2.5 
3 •• 2 3 3 

McCabe-Thiele construction predicted 1 stage required. 
McCabe-Thiele constructions predicted 2 stages required. 

Stripping 
O:A 

3.3 
8.6 
9.2 

Table 4. Plant layout and operating conditions for the different extractant systems. 

Figure 2 shows the nickel/calcium separations achievable with systems 1 and 2. It can clearly be 
seen that system 2 exhibits better separation of nickel from calcium compared with system 1. The 
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extraction isotherms for systems 1 and 2 are shown in Figures 3 (a) and (b), respectively. System 
1 has better nickel extraction properties than system 2. 

It is interesting to note that the loading on the organic phase achieved with system 2 was 
similar to system 1, even with the reduced Versatic acid concentration. 

All systems except for system 2 (without the addition of isodecanol) exhibited acceptable 
phase-separation characteristics. With the addition of 10 vol. % isodecanol, the time required for 
complete phase separation of system 2 was comparable to those of the other systems. 

100 

80 ....._ 
~ 
'-' 
=60 

.Sl -.... f40 
-;; 
f;l;l 

20 

0 
4 5 

-tr Ca ~ystem I J _,_ Ni ~~stem ~ 
_,_ Ni stem2 
..... C'.a . stem 

6 7 8 
Equilibrium pH 

9 10 

Figure 2. pH vs. extraction for system 1 and 2 
(0.5 molldm3 of each constituent- system 2t 

4 · ~-

~··· 

:~ 
0 +------r------~----------~--~ 0 +------r------~----~-----,--~ 

0 4 6 8 0 2 4 6 8 
(Ni) in aqueous phase (giL) (NI) in aqueous phase (giL) 

(a) (b) 
Figure 3. Equilibrium extraction isotherms (a) system 1 and (b) system 2 using feed solution. 

([Ni] in organic phase (!Y'L) versus [Ni] in aqueous phase (!Y'L)) 

Mini-plant trials 

For systems 1 and 2 (see Table 5), an additional extraction stage would have reduced the 
nickel concentration of the raffinate significantly, and raffinate concentrations of less than 0.1 
g/dm3 should be readily attainable with a slight increase in the operating pH of the extraction 
section. For circuits in which it is desirable to co-extract a large portion of the cobalt along with 
the nickel, systems 1 and 2 could be employed, operated at higher pH values . Both systems would 
be successful, but system 1 would co-extract more calcium and other impurities than system 2. 
This could be overcome by scrubbing the loaded organic phase of system 1 with loaded strip 
liquor. System 2 should co-extract significantly less calcium and other impurities, and the addition 
of scrubbing stages may not be required. 
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The excessive NaOH consumption experienced with system 2 was thought to be caused 
by the protonation of the synergist component. This will be investigated further. The soluble 
Versatic salt lost to the aqueous phase for system 1 can be recovered into the plant organic phase 
by contacting the raffinate with the stripped organic phase at pH 3 in one stage. For system 3, the 
quantity of nickel extracted was higher than for systems 1 and 2 but so was the co-extraction of 
impurities. This system would not be used in practice. 

Parameter System I System 2 System 3 
Raffinate [Ni] (mg/dm0

) 250 600 100 
pH profile ( E1 -last stage) 6.3-6.8 5.8-6.0 3 
Extraction efficiency(%): Co 78 40 > 80 

Cu 100 100 100 
Mn 50 <20 > 90 
Ca 1 Negligible > 80 
Mg 4 Negligible < 20 

NaOH consumption (g NaOH/g Ni extracted) 1.5 1.9 2 
Ni stripping efficiency(%) > 98 > 95 > 80 
Versatic acid lost (gldm3 aqueous phase) 1.4 Negligible NA 
Residence time in extraction mixers (min) 3 5 3 

Table 5. Summary of results obtained from mini-plant trials . 

CONCLUSIONS 

Under the conditions employed, systems 1 and 2 were identified as likely extractant 
systems for the selective extraction of nickel and cobalt from bioleach liquors. System 3 exhibited 
unfavourable selectivity characteristics and excessive NaOH consumption. 

The high operating pH value required for acceptable cobalt recovery, and the possible 
high co-extraction of calcium for system 1, can be overcome by an increase in the extractant 
concentration and the introduction of scrubbing stages. 

Further testwork is required on system 2 to quantify the high NaOH consumption and 
long-term stability of 4-nonylpyridine. The relationship between operating pH and nickel, cobalt 
and calcium extractions will be interesting, as this system has the potential to eliminate the need 
for scrubbing stages for any co-extracted calcium and impurities. 
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ABSTRACT 

PILOT-PLANT EVALUATION OF MANGANESE 

REMOVAL AND COBALT PURIFICATION BY 

SOL VENT EXTRACTION 
Angus Feather, Kathryn C Sole and David B Dreisingerl 
Mintek, Randburg, South Africa 
lThe University ofBritish Columbia, Vancouver, Canada 

A process flowsheet for the recovery of copper and cobalt from the Kakanda tailings in the Democratic Republic of Congo has 
been developed. Pilot-scale evaluations of the two solvent-extraction systems for processing a bleed stream from the copper
recovery circuit are discussed. The bulk of the manganese is removed from the copper raffinate bleed with minimal (less than 
0.5%) cobalt loss by extraction with di(2-ethylhexyl)phosphoric acid. The cobalt is then upgraded and separated from 
magnesium by extraction with Cyanex 272. Cobalt recovery in excess of 99% is achieved, and a concentrated cobalt electrolyte 
suitable for the electrowinning of high-purity cathode is produced. 

Keywords: manganese, cobalt, Cyanex 272, D2EHPA, pilot-plant, Kakanda tailings 

INTRODUCTION 

The electrowinning (EW) of cobalt requires a manganese concentration of at least 2 g/dm3 in 
the electrolyte to minimise the oxidation of Co(II) to Co(III) at the anode. Excessive manganese levels 
can, however, be problematical as unstable Mn(III) formed at the anode disproportionates to Mn(II) and 
Mn(IV), the latter precipitates as manganese dioxide sludge which needs to be removed from the cell. 
The removal of manganese from cobalt-containing solutions is usually accomplished by sulphide 
precipitation) Alternatively, the removal of the bulk of any manganese in solution by a solvent
extraction (SX) route may offer benefits in terms of both cost and ease of operation. 

Magnesium concentrations of greater than 10 g/dm3 in a cobalt electrolyte adversely affect 
current efficiency and may cause pitting of the cathode. Phosphinic acid extractants can successfully be 
used to separate cobalt from high concentrations of magnesium. 

Manganese removal and the subsequent purification of a cobalt-bearing acidic sulphate liquor 
by solvent extraction has been evaluated in a continuous operation during an integrated pilot-plant 
campaign carried out to assess the technical feasibility of a proposed process to recover copper and 
cobalt from the Kakanda tailings dump material in the Democratic Republic of Congo. 

PROCESS DESCRIPTION 

Impurities 

Copper Cobalt 

Figure 1. Proposed flowsheet for the recovery of copper and cobalt cathode from Kakanda tailings 
dump material. 
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The flowsheet proposed for the treatment of the Kakanda tailings is shown in Figure I . Copper is 
recovered in a conventionalleach-SX-EW circuit. Cobalt is then recovered from a bleed from the raffmate 
of the copper SX circuit. After treatment for iron removal, this stream contains approximately 1.3 g/dm3 Mn, 
3 g/dm3 Co, and 12 g/dm3 Mg. The bulk of the manganese is removed by solvent extraction with di(2-
ethylhexyl)phosphoric acid (D2EPHA). Cobalt is then upgraded and separated from magnesium by extraction 
with Cyanex 272. The cobalt-rich loaded strip liquor is purified by ion exchange (IX), and the cobalt 
recovered as high-purity metal cathode. Process details and results of the integrated pilot campaign are 
published elsewhere.2 

PILOT-PLANT EQUIPMENT AND PROCEDURES 

Conventional mixer-settler units, each with a mixer volume of 500 cm3 and settling area of256 cm2
, 

were operated in a countercurrent configuration. Solutions were pumped into the plant using peristaltic 
pumps. As necessary, stages were operated with an internal recycle to maintain aqueous phase continuity in 
the mixers. The pH was adjusted as required by PID-controlled addition of dilute NaOH into the mixers. To 
simulate full-scale operational conditions, the extraction stages of the manganese circuit were maintained at 
40C by circulating hot water through stainless-steel heat exchangers in the settlers. The initial start-up 
conditions were selected based on results of laboratory-scale testwork combined with flowsheet simulation 
modelling using Aspen software. 

Each SX circuit was operated continuously for a total running time of 450 h, and treated 1.6 m3 of 
the copper SX raffinate bleed solution. All aqueous and organic streams were sampled once per 8-hour shift, 
and analysed by inductively coupled plasma emission spectroscopy. 

D2EHP A was supplied by Albright & Wilson, USA, and Cyanex 272 by Cytec, Canada. Both 
circuits used C12-C13 n-paraffm (Saso!Chem, South Africa) as the aliphatic hydrocarbon diluent. 

MANGANESE SOL VENT EXTRACTION 

The composition of the feed solution to the manganese circuit is given in Table I. Mass-balance 
modelling indicated that 75% of the contained manganese would have to be removed to minimise detrimental 
effects in the cobalt EW operation. The circuit configuration is shown in Figure 2. 

Element Concentration (g/dm3
) Element Concentration (gldm3

) 

Mn 1.25 Zn 0.05 
Co 3.2 Ca 0.6 
Fe 0.003 AI 0.02 
Cu 0.1 Mg 12.0 
Ni 0.02 pH 3.8 

Table 1. Typical composition of copper SX raffmate bleed stream after iron removal. 

Restrip liquor Strip liquor Scrub liquor Co I Mn pH control Stripped 
6 M HCI 12 g/L H2SO• 12 g/L H2SO• feed 50 g/L NaOH organic 

GLb ........ ~ ........................ ~·-· · .. ··y ~-····· · ·T 
Stri:ped Loaded strip ___. Aqueous Raffinate to 
organic liquor to waste ................ .,.. Organic Co SX 

Figure 2. Manganese SX circuit. 
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Extraction 

Typical extraction efficiencies of the various elements in the feed solution are compared in Table 2. 
Conditions were optimised by maintaining the pH of the extraction circuit between 2.2 and 2.3, and using 
an advance volume phase ratio (O:A) of unity. Manganese extraction could be increased to better than 90% 
by increasing the phase ratio to 1.5, however cobalt losses exceeded 1% under these conditions. Copper and 
magnesium extraction also increased at higher phase ratios. 

Element Extraction(%) 
Organic loading 

Element 
Extraction Organic loading 

(g/dm3) (%) (g/dm3) 
Mn 77.0 1.0 Zn >99.9 0.06 
Co <0.5 0.04 Ca 98.0 0.6 
Fe > 99.9 0.1 AI 89.4 0.04 
Cu 21.2 0.03 Mg 3.1 0.45 

Table 2. Extraction efficiencies of major elements in the manganese SX circuit. 

Scrubbing 

Co-extracted cobalt was scrubbed from the loaded organic phase with 12 g/dm3 H2S04. The 
scrubbing efficiency was optimised at approximately 80% using an O:A of 8 to 12, and controlling the pH 
at 2.2. Inclusion of the single scrubbing stage reduced the overall cobalt loss from about 1.8% to less than 
0.5%. In most instances, the cobalt concentration on the scrubbed organic phase was below the analytical 
detection limit. 

Some magnesium and copper were also scrubbed. Maximum rejection of both of these elements is 
desirable as this reduces the difficulty of downstream purification of the cobalt electrolyte. 

Stripping 

Because of site-specific constraints, dilute sulphuric acid was chosen as the stripping agent. It was 
therefore not possible to concentrate the impurities because of the calcium sulphate solubility limit. With the 
exceptions of iron and aluminium, all the elements in the scrubbed organic phase were efficiently stripped 
in two stages using 12 g/dm3 H2S04. 

Iron (ill) is extracted by D2EHP A, but is not stripped by sulphuric acid, and the organic-phase build
up eventually becomes detrimental to manganese extraction. A bleed stream of the stripped organic phase 
was treated with 6 moVdm3 HCI in a single restrip stage. The ferric ion build-up was limited to approximately 
0.1 g/dm3 by bleeding a volume of30% of the stripped organic phase. 

A typical organic-phase profile across the entire manganese SX circuit is shown in Figure 3. 
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Figure 3. Organic-phase profile across the manganese SX circuit. 
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COBALT SOL VENT EXTRACTION 

Cyanex 272 is commonly employed to separate cobalt and nickel.3 In this application it was used 
for the more difficult separation of cobalt from magnesium. The operating philosophy was to load the 
organic phase as fully as possible with cobalt, thereby 'squeezing off' most of the co-extracted magnesium, 
and minimising the magnesium scrubbing requirements. 

Raffmate from the manganese circuit was passed through a column of coal-based activated carbon 
to remove any dissolved D2EHPA. The pH was then raised from 2.3 to 6.0 using NaOH. A typical 
composition of the feed to the cobalt SX circuit is shown in Table 3. Some degree of dilution of the feed 
solution relative to Table 1 is evident. This results from the addition ofNaOH to the manganese SX circuit 
in the various pH-control operations, as well as dilution from the scrub liquor. The optimised configuration 
of the cobalt SX circuit is shown in Figure 4. 

Element Concentration (g/dm3) Element Concentration (g/dm3) 

Mn 0.30 Ni 0.02 
Co 2.9 Zn < 0.001 
Fe < 0.001 Ca 0.01 
Cu 0.06 Mg 10.1 

Table 3. Composition of the feed to the cobalt SX circuit. 

Strip liquor 
(Co EW return anolyte) 

Raffinate from Mn SX pH control 
(adjusted to pH 6) 25 giL NaOH 

Stripped 
organic 

.---..----+---.----, i 

organic 
Loaded strip 
liquor to IX 

Figure 4. Cobalt SX circuit. 

Extraction 

~ Aqueous 

................ .,. Organic 
Raffinate to 

waste 

The extraction efficiencies of the various elements are shown in Table 4. The use offive extraction 
stages limited the overall transfer of magnesium to the EW circuit, and the cobalt concentration of the 
raffmate was maintained at less than 0.005 g/dm3. The pH across the extraction bank was optimally 
controlled between 5.6 and 5. 9. Lower pH values lead to deterioration in cobalt extraction efficiency, while 
maintaining a higher pH increased the co-extraction of magnesium, calcium, and nickel. 

Element Extraction(%) 
Organic loading 

Element Extraction(%) 
Organic loading 

(g/dm3) (g/dm3) 

Mn > 99.9 0.22 Zn >99.9 < 0.001 
Co > 99.9 3.6 Ni 4.8 < 0.001 
Fe >99.9 0.013 Ca <0.5 < 0.001 
Cu > 99.9 0.07 Mg 3.6 1.2 

Table 4. Extraction efficiencies of major elements in the cobalt SX circuit. 

Scrubbing 

Co-extracted magnesium was scrubbed with a portion of the loaded strip liquor at an O:A of 
approximately 30. A single-stage scrubbing efficiency of up to 70% was achieved by maintaining the pH of 

1446 



Plant Experience 

the scrub at 4.5. This allowed only 3 to 4% of the magnesium through to the EW circuit. For higher 
magnesium rejection, an extra scrubbing stage would be required. 

Stripping 

All elements in the loaded organic phase were quantitatively stripped with return anolyte from the 
cobalt EW circuit (Table 5). The pH of the loaded strip liquor was maintained at 2.5 to ensure that manganese 
(as well as minor amounts of copper and zinc) were adequately stripped. At this pH, iron is not efficiently 
removed from Cyanex 272, and gradually accumulates in the stripping section. Provision for an organic bleed 
stream for iron removal should be considered in the full-scale plant design. The loaded strip liquor was 
treated by ion exchange for the removal of trace amounts of copper and zinc, prior to cobalt recovery by 
electrowinning. 

Element Strip liquor (g/dm3
) Loaded strip liquor (g/dm3

) Stripping efficiency(%) 
Mn 21.1 22.3 -100 
Co 49.5 56.0 99.8 
Fe < 0.001 < 0.001 0.0 
Cu < 0.001 0.07 -100 
Zn 0.001 0.004 -100 
Mg 6.1 6.8 -100 

Table 5. Characteristics of the cobalt SX stripping circuit. 

A typical organic-phase profile over the cobalt SX circuit is shown in Figure 5. 

E5 E4 E3 E2 E1 SC1 S1 S2 S3 
S1age 

Figure 5. Organic-phase profile across the cobalt SX circuit. 

CONCLUSIONS 
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Technical viabilities of the proposed SX processes for manganese removal and cobalt purification 
from a copper-circuit bleed stream have been successfully demonstrated in an integrated pilot-plant campaign 
that treated 1.6 m3 of feed solution. 

At steady state, the manganese SX circuit achieved a manganese removal efficiency of 75 to 80%, 
with cobalt losses of below 0.5% in the loaded strip liquor that is sent to waste. The Co:Mn ratio was 
upgraded from 2.5 in the feed liquor to 9.6 in the raffmate stream. Manganese removal efficiency could be 
increased to about 90%, but at the cost of a 1% cobalt loss. 

The optimised cobalt SX circuit achieved cobalt extraction and stripping efficiencies of better than 
99.9%, with cobalt losses to the raffmate limited to below 0.005 g/dm3

. Overall magnesium rejection of94 
to 97% was attained. A loaded strip liquor suitable for cobalt electrowinning was produced. 
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ABSTRACT 

UPDATED AVAILABLE SOLVENT EXTRACTION 

TECHNOLOGIES 
G Diaz, D Martin, C Frias and 0 Perez 
Tecnicas Reunidas,S.A. R&D Division, C/ Sierra Nevada, 16, 
28830 San Fernando de Henares, Madrid, Spain 

This paper deals with a brief description of the industrial application of some updated solvent extraction technologies 
developed by Tecnicas Reunidas S.A. during last few years. Basic process description, suitable raw materials, main products 
and overall process performance are compiled for five solvent extraction processes. Four of them have been developed 
either to industrial or demonstration plant level, in which core technology has reached industrial size at least for crucial main 
components. The fifth is actually in development at laboratory and pilot plant level. A single application of each process is 
also included. General specification of the industrial facility, year of construction and start up date, productions, main events 
if any, present status and future trends are briefly described. Industrial applications are mentioned and illustrated with 
schemes and photographs. Specifically the five processes are: Modified ZINCEX Process, ZINCLOR Process, Copper 
Metal Extraction Process (CUPREX), MERCUREX Process and Acid Recovery by Solvent Extraction Process (ARSEP). 
Their fields of application, respectively, are: zinc recovery from secondary materials; zinc recovery from concentrates and 
ores with no iron residue production; copper recovery from concentrates by chloride hydrometallurgy; mercury removal 
from brines and aqueous effluents; and acid removal from electrolyte bleeds, diluted acids and spent pickling liquors. The 
main conclusion of the authors is that the solvent extraction technological package of Tecnicas Reunidas S.A. offers a great 
potential of applications, which could be industrially implemented in specific base metals recovery and removal field. The 
technological background is also suitable for easy application for the solution of other non-ferrous metal problems with 
considerable advantages and cost plus time savings. 

Keywords: ZINCEX, ZINCLOR, CUPREX, MERCUREX and ARSEP processes 

INTRODUCTION 

Tecnicas Reunidas Research & Development Division has developed an important number of 
industrial processes which use solvent extraction as a way to produce a pure solution (industrial 
production) or a cleaned effluent (environmental treatment) from ores, concentrates, secondary 
materials and bleeds. 

Modified ZINCEX Process, ZINCLOR Process, Copper Metal Extraction Process 
(CUPREX), MERCUREX Process and Acid Recovery by Solvent Extraction Process (ARSEP) are 
some of the main process developed by TR with demonstrated industrial application. 

Modified ZINCEX Process IMZP) 

The process treats flue dust from smelting furnaces, ashes from hot dip galvanising baths, 
Waelz oxide, electric arc furnace dust (EAFD), carbonate and silicate concentrates and ores, etc. 

As shown in the simplified process scheme (figure 1) there are three main stages: leaching, 
solvent extraction and electrowinning. Leaching yield varies from 80 to 99% according to the 
material treated. The purity of the zinc produced can be up to 99.99% (SHG). Lead, copper and 
cadmium metals are by-products if they are present in the feed material. In this way, a clean effluent 
is produced. 

The methodology that use the solvent extraction section of the process is the following: 
• Extraction: The zinc is extracted by the unloaded organic phase (D2EHP A) from the aqueous 

phase in a countercurrent system of three stages. 
• Washing: Acid aqueous phase is contacted with the loaded organic solution to remove aqueous 

entrainment and co-extracted impurities and to obtain an ultra pure organic phase. 
• Stripping: The zinc content in the organic phase is stripped by an aqueous phase with a high acid 

concentration. The unloaded organic phase is recycled and the aqueous phase is a high purity zinc 
solution that can be used to obtain SHG zinc plates by electrowinning. 
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Figure 1 Conceptual Process Flowsheet 
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This process and the former version ZINCEX has been successfully operated in several 
plants, such as Metalquimica (Spain) and QUIMIGAL (Portugal) with a capacity of 8000 and 11500 
t/y of zinc respectively. Further, a spent battery recycling plant is operating in Catalufia (Spain) with 
MZP as main section to recover the zinc content in the batteries. Furthermore, an important number 
of Pilot Plants have been operated in the TR's Research & Development Centre in Madrid (Spain). 

Recently two Pilot Plants for new projects called SKORPION and SANY ATI for Reunion 
Mining Company have been fmished: 
• Skorpion Process is an industrial plant of 150000 t/y of zinc which produce a SHG zinc plates 

from a silicate ore from a deposit located in Namibia, while 
• Sanyati Process is an industrial plant of 5000 t/y of zinc to treat the bleed of an existing copper 

plant in Zimbabwe. 

ZINCLOR Process 

This process allows the recovery of zinc from commercial concentrates or zinc ores. The 
process starts (figure 2) with ferric chloride leaching followed by solvent extraction and 
electrowinning by the METCLOR cell developed by TR. The ZINCLOR electrowinning cell has been 
developed and operated at commercial scale. Very pure metal (SHG) is obtained along with chlorine 
that is recycled and used tore-oxidize the leaching agent. The overall zinc recovery is about 98%. 

A simplification of this process without leaching or cementation the PICKLEX Process, has 
been successfully confirmed for the recovery of zinc from spent pickling acid solutions from 
galvanising industries. Overall zinc recovery is greater than 97%. Electrowinning products allow the 
production a very high zinc metal quality and spent pickling acid regeneration and recycling. 

The methodology used to operate the solvent extraction section is as follows: 
• Extraction: The aqueous feed is contacted counter-currently with an organic solution consisting of 

a ZnClz selective extractant, such as di-pentylpentyl-phosphonate (DPPP), diluted in kerosene, or 
ACORGA ZNX-50. ZnClz is transferred from the aqueous feed to the organic solvent, resulting 
in a ZnClz loaded organic extract and in an aqueous raffinate which is recycled to the leaching 
operation. 
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• Washing: An aqueous phase solution is contacted with the loaded organic solution to remove 
aqueous entrainment and co-extracted impurities and to obtain an ultra pure organic phase. 

• Stripping: The organic extract is sent to the stripping section where it is contacted in several 
countercurrent stages with hot water or spent electrolyte. ZnCl2 is fully stripped from the organic 
solvent resulting in a barren organic and in an extraordinarily pure aqueous extract with a 
relatively high ZnCl2 concentration because of the high selectivity of the extractant for zinc. This 
solution can be fed to the electrowinning cell to produce zinc plates SHG, while the unloaded 
organic is recycled to the extraction stages to extract ZnCl2 again. 

LEACHING 
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ZINC 
CONCENTRATE 

I 

zn• 
~--------1 

I I 

+ : 
CEMENTATION! 1---t!--t~~ Ag, ln ••• 

I 
I 
I 
I 
I 

~-------- --------~~~----

S..X SOLVENT EXTRACTION E.W. ELECTROWINNING 

Figure 2 The ZINCLOR Process 

This process has been developed at Pilot Plant level in the TR's Research & Development Centre in 
Madrid (Spain) with excellent results. 

CUPREX Process 

The CUPREX Process allows the recovery of copper from commercial concentrates. The 
process (figure 3) starts with ferric chloride leaching followed by solvent extraction and 
electrowinning in the METCLOR cell developed by TR. Grade 1 copper metal (99,99%) is 
electrowon along with chlorine which is recycled and used to re-oxidize the leaching agent. The 
leaching residue contains elemental sulphur produced in the reaction together with any gold fed with 
the concentrate. The process recovers the main chemicals used and any bleed stream is processed to 
discharge clean effluents. Overall, the copper recovery is above 98%. 

The methodology used by the solvent extraction stage is as follows: 
• Extraction: A clarified pregnant liquor containing cupric chloride and ferrous chloride and minor 

impurities (mainly Zn, Pb and Ag) and S.S to 6 molfdm3 chloride ion is contacted at ambient 
temperature with a kerosene solution of ACORGA CLXSO, and the copper is transferred 
selectively to the organic phase. 
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• Scrubbing: There are three stages where the aqueous entrainment and last traces of co-extracted 
impurities are removed from the organic phase with an acid aqueous phase to obtain a clean 
organic phase. 

• Stripping: The scrubbed organic solution is stripped with water or spent catholyte at 6s•c to 
produce an aqueous solution containing above 100 g!dm3 Cu which is sent to the electrolysis 
section as catholyte to produce a copper metal of grade 1. 

Figure 3 The CUPREX Metal Extraction Process 

This process has been developed in a demonstration pilot plant of 300 Kg/d in the TR Research & 
Development Centre in Madrid (Spain) with excellent results. 

MERCUREX Process 

The MERCUREX Process may treat any waste-water whose mercury concentration is below 
60 ppm. Waste-waters whose mercury content is higher than this must be diluted before treatment. 

The final process effluent has a mercury concentration below 10 ppb and over 99.9% of the 
mercury may be recovered. The mercury is in the form of free mercury chloride which could be re
introduced in the salt circuit before electrolysis .. 

MERCURY 
EFFLUENT 

NaCIO HO 

CLEANED 
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Figure 4 The MERCUREX Process 
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The MERCUREX Process (figure 4) operates by selective liquid-liquid extraction, employing 
a highly selective reagent, which is specially modified to accentuate the physical chemical properties 
and distribution coefficients. 

The methodology used in the solvent extraction stage is as follows: 
• Extraction: Before extraction, the waste-water is modified and the mercury is oxidised to a 

cationic state with hypochlorite solution. After complete oxidation, the mercury cation is extracted 
by an organic phase that contains the extractant. The final concentration of mercury existing in the 
residual water depends on the conditions of design, operation and initial concentration. This final 
concentration may be adjusted to any specifications down to 2 ppb. 

• Stripping: The mercury in the organic phase is stripped by an acidified brine stream. Once the 
stripping is completed, this brine, which contains about I 000 ppm of mercury is recycled. The 
operation is completely automatic. 

TR have built three industrial plants with a capacity of 2 m3fh for Energia e Industrias 
Aragonesas (EIASA) in Spain. These plants treat a bleed from a sodium-chloride brine feeding chlor
alkali electrowinning cells. The mercury content in the bleed is 20 ppm and MERCUREX Process 
reduces this value down to 10 ppb. 

Acid Recovery by Solvent Extraction Process (ARSEP) 

Tecnicas Reunidas is developing a series of new processes able to extract free and 
complex acids from different effluents (figure 5). 

STAINLESS 
STEFL 

AQD 
MAKEUP 

STAINUSS 
STEFL 

WATER 

Figure 5 Acid Recovery by Solvent Extraction Process (ARSEP) 

Typical recoverable acids are: H2S04, HN03 and HCI from electroplating, stainless steel pickling, 
diluted acids from sulphuric acid plants, etc. 

At the moment, the methodology of the solvent extraction section is rather well defined and it 
is recommended that tests are performed with real solutions for every particular application. The 
description of the process is as follows: 
• Extraction: An effluent with different compositions of free and/or complexed acids is contacted 

with an organophosphine oxide extractant (CYANEX 923) at 25°C. This temperature should be 
adjusted to suit each case. The result is extraction of 98% of the total acid content in the aqueous 
feed. 

• Stripping: The acid of the organic phase is stripped by a water stream at 50-70°C. The resulting 
aqueous extract solution has an acid concentration which depends on the particular process 
conditions. 
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TR is presently working on a BRITE-EURAM project devoted to acid recovery from stainless 
steel pickling baths. A pilot plant will be likely operated within 1999 for continuous testing of this 
process. 
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COMPARISON OF THE PERFORMANCE OF FuLL 

SCALE PULSED COLUMNS VS MixER-SETTLERS 

FOR URANIUM SOL VENT EXTRACTION 
RL Movsowitz, R Kleinberger, EM Buchalier, B Grinbaum 
and S Hall1 

ABSTRACT 

Bateman Projects Limited, P.O. Box 15, Yokneam, Israel 
1Western Mining Corporation (WMC), Australia · 

A rare opportunity to compare the performance of pulsed columns vs. mixer settlers in an industrial site, for a long period, 
occurred in the Uranium Solvent Extraction Plant of WMC at Olympic Dam, South Australia. The plant was operated for 
years with two trains of 2 mixer-settler batteries for the extraction of the uranium. When the company decided to increase the 
yield of the plant, the existing two trains of mixer-settlers for U-extraction were put in series, giving one 4-stage battery. In 
parallel, two Bateman Pulsed Columns, of the disc-and-doughnut type, were installed, to compare the performance of both 
types of equipment over an extended period. The parallel operation started two years ago. The intermediate results show, that 
the performance of the columns is excellent: the extraction yield is similar to the 4 mixer-settlers - about 98%, the 
entrainment of solvent is lower, there are less mechanical failures, less problems with crud, smaller solvent losses and the 
operation is simpler. The results convinced WMC to install I 0 similar columns for the expansion of their plant. This paper 
includes quantitative comparison of both types of equipment, including data generated. 

Keywords: mixer-settlers, pulsed columns, uranium extraction 

INTRODUCTION 

WMC's Olympic Dam Operation consists of copper and uranium production plants. 
Separation and purification of both metals involves SX. Historically both SX processes were carried 
out in mixer settlers. Part of WMC's 3nl stage expansion program was to improve uranium extraction 
by installing additional equipment. In 1995 WMC requested Bateman to test the possibility of 
replacing the mixer-settlers with Pulsed Columns for this purpose. The main emphasis of the tests was 
therefore uranium extraction, which is the topic of this paper. 

The Bateman Pulsed Column is air pulsed with disc and doughnut internals. Earlier versions 
of this type of pulsed column were used for uranium extraction in the 1970's. 

The Process for Extraction of Uranium 

The solvent extraction processing at Olympic Dam starts with the extraction of copper from 
the pregnant leach liquor. The copper raffinate is then fed to the uranium circuit to extract the uranium. 
The extractant used in ODO Uranium SX circuit is Alamine 336, a tertiary amine, in Shellsol as 
diluent and decanol as modifier. 

Extraction occurs according to the reactions: 

2R3N + H2S04 ~ (R3Nff)2S04 (1) 

(2) 

Standard Operating Conditions. 

250-500 ppm U30 8 in copper raffinate and 500 ppm U30 8 in the barren solvent. The 
concentration of Alamine 336 in the solvent is 4.0%. This concentration allows the theoretical loading 
of up to 5,000 ppm U308 in the solvent. 

Phase Ratio: 

The desired phase ratio is derived from the concentration of the uranium in the feed on one 
hand, and the maximum possible loading of the solvent on the other. The design ratio for the plant is 
1:7. 

© 2000 Society of Chemical Industry 1455 



Proceedings ISEC'99 

Dispersion Type: 

The process should be run with W:O (water in oil) dispersion because the dispersion of O:W 
causes heavy emulsions in the mixer-settlers . This means that the major phase (i.e. the one which is 
present in excess) is dispersed. In pulsed columns, it is sometimes possible to disperse the major phase 
and keep the minor one as continuous (unlike mixer-settlers, where the minor phase must be dispersed, 
which often leads to internal recycles). This is also the case in the extraction of uranium. 

Number of theoretical Stages: 

Computer simulation, based on plant data, confirmed that three theoretical stages are sufficient 
to achieve over 99% yield at standard operating conditions. Similar values were reported by Ritcey2 

The flow sheet for Uranium extraction using one train of pulse columns ·and one of mixer-settlers is 
presented in Figure 1. 

ONEBANXOF4 
(EXISTING) 

MIXEil..SETll..EltS IN 
SEIUES 

Figure 1. Flow sheet options and effect on 
recovery 

EXPERIMENTAL 

Pilot Plant for Verification of the Process 

1 

1 

Figure 2 

In the first stage, a pilot plant, for verification of the process, was installed. The Pilot Pulsed 
Column used in the experiments was built from four one-meter glass segments and two glass 
decanters, as shown in Figure 2. The aqueous and solvent streams were fed to their respective header 
tanks. Using magnetic drive Richter pumps, the two liquids were pumped to their respective inlets to 
the column. The flow rates were controlled manually using two rotameters . The column was pulsed 
using a Bran+Lubbe mechanical pulsator, with variable stroke (0- 30 mm) and variable frequency (16 
- 144 spm). 

The experiments were carried out by running copper raffinate against barren solvent, both 
taken from the plant. The dispersion was always W:O. 

After reaching a steady state and verifying that the column was stable, samples of the inlets 
and the outlets were taken and analysed for concentration of U30s. The results were compared with the 
routine analysis of the plant. The pilot plant was considered hydrodynamically unstable if one of the 
following occurred: 

Flooding, i. e. plug of aqueous phase blocking the column. 

1456 



Plant Experience 

Accumulation of the aqueous phase in the upper settler, with correct solvent level in 
the lower settler. 
Phase inversion. 

The parameters that were varied were flow rates and pulsation intensity, to obtain the flooding 
curve. The flooding curve indicates the hydrodynamic operating limits of the column which are 
required for scale-up. The experiments were carried out at phase ratio O:W = I :5-6, according to the 
phase ratio in the plant. 

Full Scale Columns vs. Mixer Settlers 

The data were collected from the plant sheets on a daily basis and are presented in Table 3 and Figure 
3. 

RESULTS 

I. Pilot Plant vs. Mixer Settlers 

The results of the pilot plant vs. the plant experiments are summarised in Table I 

Test Phase Pulse Flux U30s U30s Raffinate Efficiency % 
No Ratio (cm/s} m3/m2/h Feed Plant Pilot Plant Pilot Diff. 

UEX- I 6.8 2.4 44 400 60 37 85 91 6 
UEX- 2 5.7 2.4 30 400 60 32 85 92 7 
UEX- 3 5.8 2.4 37 400 60 54 85 87 2 
UEX- 4 5.6 2.4 45 400 60 49 85 88 3 
UEX- 5 5.6 2.4 48 400 60 I4 85 96 II 
UEX- 6 5.2 2.4 49 304 28 10 91 97 6 
UEX- 7 5.2 2.4 49 304 28 2 91 99 8 
UEX- 8 5.2 2.4 49 304 28 7 9I 98 7 
UEX- 9 4.9 2.4 52 304 28 8 9I 97 6 
UEX-10 4.5 4 50 333 20 22 94 93 - I 
UEX-12 4.4 4.8 39 333 20 I5 94 96 2 
UEX-13 4.3 4.8 45 333 20 I4 94 96 2 
UEX-14 4.6 4.8 47 333 20 2 94 99 5 
UEX-15 5.6 2.4 50 386 22 34 94 88 -6 
UEX-24 5.6 2.4 49 264 75 28 72 89 I7 
UEX-25 5.6 2.4 49 264 75 l3 72 94 22 
UEX-26 5.2 2.4 49 256 75 1 72 100 28 
UEX-31 5 2.4 57 430 20 10 95 98 3 

Table 1 U30 8 Extraction Efficiency (Plant vs. Pilot) 

Entrainment. 

The W :O entrainment at the top of the column was below 0.1% in all experiments. The O:W 
entrainment in the Pilot Plant it was 50-70 ppm while in the Production Plant it was above 220 ppm. 

Visual Observations 

In addition to the numerical values, the following visual observations were made: 
I. Real flooding, i.e. plug of water in the column, was observed only in a blank experiment which 

was carried out without any pulsation. The flooding which occurred was usually expansion of the 
aqueous phase over the upper settler or high entrainment of aqueous phase in the top settler. 

2. In the region of the aqueous feed entrance, phase inversion often occurred, i.e. the solvent was the 
dispersed phase. This was probably due to poor design of the feeder. Yet this dispersion caused no 
problems, unlike the situation in the mixer-settlers, where such an inversion is quite harmful. After 
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less than 0.5 meter, the dispersion re-inverted, reverted to the desired W:O dispersion, which in 
the given system seems to be more stable. 

3. When the feed of the aqueous phase to the column was stopped for 5 minutes, the aqueous phase 
drained completely. Yet, when the aqueous feed was restarted, the column returned to 
hydrodynamic steady state in 3 minutes . 

4. When the feed of the solvent was stopped for 15 minutes, it had no influence on the hydrodynamic 
behaviour of the column. 

5. The column was operated twice with a problematic high silica feed. In the first run, the column 
behaved visually normally, without any extraordinary interface phenomena, and with high yield 
(89-100%), while the yield of the plant was only 72%, i.e. 17- 28% lower. During this run the 
entire column section was required for mass transfer (UEX-24, UEX-25). In the second run, the 
feed was worse. The column operated well all day, and the only problem was difficulty in phase 
separation in the lower settler. Decreasing the flux by 10% solved the problem. The mixer-settler 
plant was unable to cope with the high silica levels, with phase inversion occurring almost every 
hour. 

6. During all the experiments no precipitation of solids, neither in the column nor on the walls of 
settlers was observed. After two months of continuous operation, no problems of crud 
accumulation were observed. 

II. Full Scale Columns vs. Mixer-Settlers 

1. Maximum Flux and Turn down Ratio of the Columns 

One column was tested at aqueous flow rates in the range 200 to 240m3/hand organic flow 
rates in the range 30 to 38m3/h. Simultaneously, the second column was tested at aqueous and organic 
flows of 100 and 30 to 35m% respectively. The air pressure was varied between 0 and 20 kpa, Once 
an operating condition had been selected, the column was allowed to stabilise for four hours before the 
first set of samples were taken. 

At one point during the testwork both air blowers were stopped, and the columns were 
operated without pulsation for 4 hours. 

The column operated for more than 24 hours at aqueous/organic flow rates of 220/31 m3/h 
without any hydrodynamic problems and with full saturation of the solvent. The measured hold-up 
during this period was of the order of20 to 30"/o aqueous. 

At an aqueous flow of 240 m3/h and an organic flow of 35 m3/h, the column operation was 
stable for the first 8 hours, after about 8.5 hours the hold-up in the entire column increased and the 
column became unstable. Unstable in this sense means that the hold-up rises sharply and within a few 
minutes the interface rises or falls very quickly. 

The columns can operate stably at a turndown of 100 m3/h aqueous at constant solvent flow. 
The yield of both columns was equal, during the entire experiment, including the period of 

operation without pulsation, to the yield in the mixer-settler plant. 

2. Comparison of Extraction Efficiency 

Mixer-Settlers Pulse Colunms 
Settler/Column area (m2

) 30 4.9 
Max. aqueous flow rate(m>/h) 425 220 

Normal Aqueous flow rate (m3/h) 210-240 140- 160 
(limited bv solvent rates) 

Solvent flow rate (m3/h) 41-44 30-34 
Extraction efficiencv (o/.;) 98 98 

U concn. in loaded solvent (ppm) 2800-3100 2700-2900 
Downtime due to SX oroblems None None 

Organic entrainment in raffinate (ppm) 140 <100 

Table 2 Summary ofU30 8 Extraction Efficiency (Mixer-Settlers vs. Columns) 
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Table 2 is based on the daily reports of the SX plant. The values given are the arithmetic 
averages for both the columns and the mixer-settlers. 

Table 3 and Figure 3 show the comparison of the pulse columns and mixer-settlers over a 3-
week period. 

Column 57 Column 58 Mixer-settlers 
Date Copper Barren Copper Barren Uranium Copper Barren Uranium Copper Barren Uranium 

raffinate solvent raffinate solvent raffinate raffinate solvent raffmate raffmate solvent raffinate 
Uppm Uppm m3/h m3/h m3/h m3/h m3/h Uppm m3/h m3/h Uppm 

21 / 11 319 65 140 17 g 140 17 9 230 36 2 
22/11 346 87 140 22 5 140 22 5 230 42 4 
23/11 416 74 140 22 7 140 22 9 230 44 10 
24/11 349 91 140 223 5 . 140 23 5 230 50 0 
25/11 423 99 140 27 7 140 27 12 230 47 0 
26/11 610 213 140 25 7 140 25 14 230 45 92 
27/11 689 123 140 27 9 140 27 13 230 48 271 
28/11 664 128 140 27 19 140 27 21 225 48 252 
29/11 539 164 140 26 49 140 26 50 210 39 226 
30/11 534 82 140 27 11 140 27 11 230 48 161 
1/ 12 515 93 150 25 6 150 25 7 230 46 29 
2/12 697 97 140 27 21 140 27 26 230 48 202 
3/12 603 101 140 25 15 140 25 27 230 45 197 
4/12 463 121 140 22 10 140 22 15 230 40 162 
5112 472 112 140 22 9 140 22 8 240 40 30 
6/1 2 453 99 140 22 6 "140 22 9 240 45 12 
7112 417 74 140 22 7 140 22 11 240 45 7 
8/12 419 82 140 27 8 140 27 10 240 46 3 
9/ 12 440 21 140 23 5 140 23 8 240 42 2 
10/12 431 56 140 22 7 140 22 9 240 42 3 

Table 3 UJOs Extraction Efficiency (Mixer-Settlers vs. Columns) 

~~-----------------------------------, 

-+- Colum 
-....... Colum 
....... Mixe 

IDiate 
Figure 3. Comparison of Uranium Concentration in the Raffinate of Pulse Columns and Mixer

Settlers 

3. General Observations 

The observations were made by WMC staff in the plant during 1997-8. 
a. High Silica Feed 

Silica problems are rare, but there is still a potential to have silica excursions. Last 
time a high silica feed occurred when both the columns and the mixer-settlers were in the circuit, the 
columns were not affected, and emulsion was isolated to the mixer settlers. The columns enabled the 
continuation of solvent circulation through the mixer settlers. Without the columns, the aqueous and 
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solvent flows would have to be stopped through the mixer settlers, and left until the emulsion had 
completely settled, which could take several hours, with the potential for cleaning the settlers out 
before being able to restart. The columns did display an emulsion at the interface, however the units 
remained on line with the only impact observed being slightly higher aqueous and organic 
entrainment. The columns on line allowed relatively clean solvent to continue to be circulated, 
allowing the emulsion in the mixer settler extraction train to be broken down much quicker. 

b. Crud Formation and Shutdown for Cleaning 
Solids, which are present in the feed, cause crud formation. In mixer-settlers the crud 

accumulates, and causes a periodical shutdown for cleaning. Cleaning of four settlers can take up to 60 
hours, resulting in the loss of significant amounts of solvent which is entrained in the crud (70% of the 
crud weight is solvent) . During the two years of operation, the pulsed columns have not been 
shutdown for cleaning. 

c. Step change in uranium feed 
A 50% increase in uranium feed concentration had a significant deleterious effect on 

the mixer-settler performance whereas the column performance dropped only slightly. The columns 
returned to their original performance the same day whereas the mixer-settlers took 2 days to return. 
This demonstrates that the tolerance of the columns to surges and their quick response. 

ANALYSIS OF RESULTS AND CONCLUSIONS 

The parallel operation of industrial pulsed columns vs. mixer-settlers, for the extraction of 
uranium from ODO's copper raffinate, started two years ago. The results show, that the performance of 
the columns is the operation is simpler. The columns are less sensitive to fluctuations in feed 
composition than the mixer- settlers and show a much faster response 

The column can be run in the desired W:O dispersion with phase ratio of 7:1 without any 
solvent recycle. The dispersion is stable and disturbances in the flow of one of the phases are not 
expected to cause phase inversion. The entrainment of solvent in the raffinate was much smaller, 
between 30- 50%, in the columns relatively to the mixer-settlers. 

Flow rates 

The industrial columns are able to operate in the entire operating range (100 - 220 m3/h 
aqueous and 30 - 35 m% organic) for at least a few hours without pulsation while maintaining 
hydrodynamic stability and nominal recovery. 

The average flux is about 50 m3/m2/hr, compared to 4 m3/m2/hr in the plant. This means that 
the desired area of the column is 10 times smaller than that of the settler. 

The maximum flux in the columns is 55 m3/m2/hr. On the other hand, fluxes as low as 22 
m3/m2/hr in the column enabled stable and efficient operation. 

Mass transfer 

The mass transfer was rapid and not affected by the flow rates . In most cases the column had 
higher yield than a two stage mixer-settler battery and similar to the 4 stage battery in the plant. The 
columns succeeded in operating with high silica feed without any special problems, and no solids 
deposition occurred, while the mixer-settlers had to be shutdown for periodical cleaning. 

The results convinced WMC to install 10 similar columns for the expansion of their plant. 
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ABSTRACT 

THE DEVELOPMENT OF CHEMICAL FLOWSHEETS 

FOR AN ADVANCED PUREX PROCESS 
AL Wallwork, P Bothwell, JE Birkett, IS Denniss, RJ Taylor 
and I May 
Research and Technology, BNFL, Sellafield, Seascale, Cumbria, 
CA20 1PG, UK 

BNFL is developing an Advanced Purex reprocessing plant that will reduce costs and have less environmental impact than 
current plants. This paper describes the design and operation of a miniature alpha active counter-current test rig and includes 
the results of a typical trial; a Neptunium Rejection flowsheet using the hydrophilic complexing agent acetohydroxamic acid. 

Keywords: Purex, Neptunium Rejection, flowsheet trial, acetohydroxamic acid, centrifugal contactors 

INTRODUCTION 

Nuclear fuel is reprocessed by solvent extraction using tri-butylphosphate dissolved in 
odourless kerosene (TBP/OK) to recover uranium and plutonium for reuse (the PUREX process). 
BNFL operates two reprocessing plants at Sellafield to reprocess Magnox (uranium metal) and oxide 
fuels respectively. These plants both use multiple solvent extraction cycles to separate U and Pu from 
fission products and then from each other and neptunium 1. 

BNFL is now carrying out research and development programmes to enhance the 
performance of current plants2 and to develop Advanced Purex processes using single solvent 
extraction cycles3. The latter project is an integrated programme including the investigation of 
fundamental chemistry, modelling and simulation work and counter-current experimental trials to 
minimise the amount of development work needed. The development of flowsheets using hydroxamic 
acid complexants to separate tetravalent actinides such as Np(IV) from hexavalent actinides such as 
U(VI) is an important part of the programme4,5. A companion paper reports the results of typical 
solvent extraction studies of hydroxamic acid complexants6. This paper presents the results of a 
counter-current trial of a Neptunium Rejection flowsheet using acetohydroxamic acid. 

EXPERIMENTAL 

All work was carried out at ambient temperature and constant rotor speed in identical 
centrifugal contactors with 1 em diameter rotors. Mass transfer was studied in a single stage annular 
centrifugal contactor operated in a fume hood. Counter-current runs were carried out in a glove box 
using up to 36 centrifugal contactor stages engineered in banks of 4 which can be connected in a 
variety of ways to suit the flowsheet under test. Feeds are provided from peristaltic or syringe pumps 
and the product streams from contactors pass into flow through spectrophotometric cells connected by 
fibre optic cables to a UV/vis/NIR spectrometer. Samples are taken from the end streams during 
operation at steady state and then the feeds and rotors are turned off simultaneously and profile 
samples are removed from each stage. A small number of ' interstage' samples can be taken during the 
run to compare with the results of profile samples taken after the run. 

In this work the counter-current rig was first operated with a uranium-only feed to test the 
stability of the feed pumps and to generate samples to demonstrate the limit of detection for Np. A 
feed containing U and Np, conditioned as Np(IV) with an excess of ferrous sulphamate, was then 
used to carry out the flowsheet test. The extract/scrub and Np backwash contactors were operated 
simultaneously as shown in Figure 1 and the U loaded solvent was backwashed later. Feed 
compositions are listed in Table 1. 
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Figure 1 Neptunium Rejection flowsheet 

Al A2 A3 Sl S2 Pl P2 P3 

HN03 HN03 HN03 TBP/OK TBP/OK HN03 TBP/OK HN03 

N2H4 U(VI) N2H4 U(VI) Np 
(99.63% II) 

Np(IV) AHA Np 
(0.37% 

11) 
N2H4 

Table 1. Feed and product concentrations in the Neptunium Rejection flowsheet 

Mass transfer trials were carried out in a single stage contactor using solvent preloaded with 
Np(IV) and aqueous phase containing acid only or acid plus hydroxamic acid to measure the rate of 
backwashing ofNp. 

The models were developed using SpeedUp from Aspen Tech UK Ltd and can be run in either 
steady state or dynamic mode. Model development has been described in detail elsewhere 7. The most 
important features of the model for this assessment included contactor data, distribution algorithms 
for nitric acid, U(VI) and Np(VI,V,IV), mass transfer kinetics, reaction kinetics and entrainment. 
Initial simulations used the rate of mass transfer that had been measured for the extraction ofU for all 
transferring metals. 

RESULTS AND DISCUSSION 

The proposed full single cycle flowsheet comprises U, Np, Pu co-extraction and scrubbing, Tc 
Rejection, U/Pu partition, Np Rejection and finally U backwash3. However, in this trial, U and Np 
were initially co-extracted using flowsheet conditions designed to replicate the expected composition 
of the solvent product from the U/Pu split in the single cycle flowsheet (i.e. a conventional HAIRS 
and Tc Rejection stages were not included). This stream was then fed to the Np Rejection contactor 
(NpA/S). The trial was primarily designed to test the NpA/S flowsheet and so attention was 
concentrated on this contactor. Therefore, a limited preliminary mass transfer trial was carried out to 
measure the rate of backwashing of Np in the presence and absence of hydroxamic acid. The results 
indicated that mass transfer ofNp into acid was slower than for U but that AHA increased the rate of 
transfer ofNp. 
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Product compositions are shown in Table 1. Good mass balances for nitric acid, U, Np and Fe 
were calculated from the analytical results so this trial provided an excellent opportunity to validate 
BNFL computational process models. The analytical results obtained for the profile samples were 
assessed separately and are discussed below. 

Dynamic simulations were carried out before the trial using the estimated volume of each 
contactor stage to calculate the time required to attain steady state and hence the length of run 
required. This result was verified by a comparison of the calculated time to remove U from the 
system when the U feed was turned off, with the U concentration measured by on-line UV 
spectrophotometry (stream P2). The results are shown in Fig. 2 which demonstrates good agreement 
between the experimental and simulated U concentrations and so gives confidence in the dynamic 
responses predicted by the model. 
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Figure 2. The effect of stopping the U(VI) loaded feed flow on [U(VI)]. Comparison of [U(VI)] in P2 
measured by UV/vis spectrometry (+)with the dynamic simulation(-). 

The performance of each contactor was assessed by a comparison of the analysed and 
predicted profiles. In this flowsheet trial, Np(IV) is extracted in the "HA" contactor and so the 
concentration in the aqueous phase decreases as it passes from stages 8 to 1. This is demonstrated in 
Figure 3 where it can be seen that the experimental profile is significantly worse than the initial 
simulation. This prediction assumed that the rate of Np(IV) mass transfer equalled that measured for 
U. The solvent extraction behaviour ofNp(IV) has been extensively studied8 and it is well understood 
at acidities above 1M HN039. Therefore, the Np(IV) distribution algorithm at the acidity of the "HA" 
contactor (1.5M) is considered reliable, so the effect of the rate of Np(IV) mass transfer was 
investigated. In preliminary single stage experiments, Np(IV) had been found to backwash more 
slowly than U(VI) and consequently reducing its rate of extraction in the model by a similar factor 
improved the fit between measured and predicted profiles markedly (Figure 3). This, however, must 
be confirmed by measuring the mass transfer rate for the extraction ofNp. 

Np was backwashed in NpS and so the concentration in the solvent and aqueous phases 
reduced from stages 17-24. This is shown in Figure 4 which again demonstrates that the experimental 
profile was not as good as the initial simulation. (Note that good agreement between the interstage 
and profile samples was obtained). In this case, the preliminary mass transfer experiments had shown 
that AHA increased the rate ofbackwashing ofNp but had not demonstrated the exact dependence on 
[AHA]. However, it is likely that a change in the mass transfer rate was not the sole cause of the 
discrepancy between the experimental and predicted profiles. The NpS contactor operated at low 
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acidity and high [U] in the presence of AHA and it is in this region that Np(IV) extraction is less well 
characterised due to difficulties inherent in obtaining experimental distribution data6,9. A careful re
examination of the Np(IV)-AHA distribution algorithm indicated that it was probably 
underestimating the effect of [U] and [nitrate] under these conditions. The algorithm was adjusted for 
these effects and this led to improved agreement between the model and the measured profiles (Figure 
4). Further work is in progress to confirm the distribution algorithm for Np(IV) under relevant 
conditions and to investigate the rate of mass transfer ofNp(IV) in more detail. 
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Figure 3. [Np] aqueous profile in the HNHS cascade (.A= observed profile; X =initial simulation 
with mass transfer rate equal to U(VI); 0 = simulation with Np(IV) mass transfer rate 
reduced to 0.151/h). 
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Figure 4. [Np] aqueous profile in the Np Rejection cascade (A = observed profile; X= initial 
simulation 0 = simulation with Np(IV) mass transfer rate reduced to 0.56 1/h;O= 
simulation with new Np(IV) algorithm) 
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The observed Np decontamination factor (NpDF) to the NpS organic product (P2) was at least 
270 thereby demonstrating the separation of Np(IV) from a U(VI) loaded organic stream. The actual 
NpDF may have been greater than that observed because the Np concentration in P2 was at the 
analytical limits of detection. This was the first counter-current trial of the Neptunium Rejection 
flowsheet at Sellafield and it has demonstrated the importance of two effects that had not been 
identified previously. Further modelling has shown that the flowsheet can be modified to improve 
NpDF but that the design of the flowsheet will depend crucially on the distribution algorithm for 
Np(IV) in the presence ofU and hydroxamic acid and its rate of mass transfer. 

Accordingly, the Np profiles of this trial demonstrate the value of experimental data from 
miniature contactor rigs because errors in computational process models have been readily identified. 
Moreover, additional experimental work can be commissioned that is most relevant to developing 
these models further. 

CONCLUSIONS 

BNFL has powerful simulation tools with which to investigate flowsheet designs. An 
important part of modelling development is validation and data reconciliation so that the models can 
be used with increased confidence. This validation process has included the commissioning of an 
alpha active miniature counter-current centrifugal contactor rig at Sellafield. 

The Np Rejection trial undertaken at Sellafield successfully demonstrated the technically 
difficult separation of Np(IV) from a U(VI) loaded organic stream using acetohydroxamic acid. 
Computational process models successfully reproduced the results of the trial and further 
development work has been identified. 
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ABSTRACT 

DISTRIBUTION BEHAVIOUR OF URANIUM, 
PLUTONIUM, NEPTUNIUM AND TECHNETIUM IN AN 

Anv ANCED PUREX PROCESS {P ARC PROCESS) 
G Uchiyama, T Kihara, H Mineo, T Asakura, S Hotoku, M 
Watanabe, K Kamei, Y Nakano, S Kimura, M Goto and S 
Fujine 
Process Engineering Laboratory, Japan Atomic Energy Research 
Institute, Tokai-mura, Naka-gun, Ibaraki-ken, Japan, 319-1195 

An advanced PUREX process, PARC process (fill:titioning ~onundrum key process), has been developed which can reduce 
the radioactive waste volume containing TRU elements and the environmental hazard risk due to long-lived. In the separation 
of neptunium and technetium from plutonium and uranium solutions before the U/Pu partitioning step in the P ARC process, 
the selective reduction of Np(VI) to Np{V) by normal-butyraldehyde and the high acid scrubbing of technetium are 
considered.The distribution behaviour of neptunium and technetium in both the PARC process and a current PUREX process 
as a reference were studied in chemical flow sheet experiments using spent fuel of 8,000 MWD/tU in an a-y cell in NUCEF. 
The experimental data show that n-butyraldehyde was an effective reductant of Np(VI) in the presence of uranium and 
plutonium and that the high acid scrubbing was effective for Tc separation. 

Keywords: nuclear reprocessing, neptunium, technetium, butyraldehyde, PUREX. 

INTRODUCTION 

An advanced PUREX process, PARC process ~tioning ~onundrum key process), has 
been developed which can reduce the radioactive waste volume containing TRU elements (Np, Pu, 
Am and Cm) and the environmental hazard risk due to long-lived nuclides such as 99Tc, 14C and 
1291. 1

•
2

•
3 In the separation of neptunium and technetium from plutonium and uranium solutions before 

the U/Pu partitioning step in the PARC process, the selective reduction of Np(VI) to Np(V) by 
normal-butyraldehyde and the high acid scrubbing oftechnetium are considered.4 

The distribution behaviour of neptunium and technetium in both the P ARC process and a 
current PUREX process as a reference were studied in chemical flow sheet experiments using 
miniature mixer-settlers in an a-y cell in NUCEF. The extraction behaviour of uranium, plutonium and 
other tracers (zirconium, ruthenium, cesium and iodine) in the experiments were measured. This paper 
describes the major experimental results on the chemical flowsheet study 

CURRENT PUREX PROCESS FLOW SHEET EXPRIMENT 

EXPERIMENTAL 

Five mixer-settlers (MX-IA, MX-IB, MX-2, MX-3 and MX-4) were used to measure the 
extraction behaviour of uranium, plutonium, neptunium, technetium and tracers (zirconium, 
ruthenium, cesium and iodine) in the solvent extraction steps. In the current PUREX process, the flow
sheet consists of six steps: co-decontamination, Tc scrubbing, U recovery, U/Pu partitioning, U 
stripping and solvent-washing steps as .shown in Fig. 1. The volumes of the mixer and the settler 
sections ofMX-1A, MX-1B and MX-2 having 20 stages were 6 cm3 and 17 cm3

, respectively. The 
volumes of the mixer and the settler sections of MX-3 with 20 stages were 15 cm3 and 88 cm3

, 

respectively. The volumes of the mixer and the settler sections ofMX-4 with 6 stages were 15 cm3 and 
33 cm3

, respectively. 
Purchased reagents such as n-butyraldehyde, TBP and n-dodecane were used without any 

special pretreatment. The dissolver solution of spent fuel of 8,000 MWD/tU as a feed contained 257 
g/dm3 uranium, 900 mg/dm3 plutonium, 15 mg/dm3 neptunium and 54 mg/dm3 technetium, 263 
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mg/dm3 zirconium, 118 mg/dm3 ruthenium, 149 mg/dm3 cesium and 3.1 mol/dm3 nitric acid. The 
valence states of plutonium and neptunium in the feed solution were mainly Pu(VI) and Np(VI), 
respectively from spectrophotometric analysis. The concentration of nitrous acid in the feed solution 
was less than 8x 10-5 mol/dm3

• Tracers of 23~p, 95"'Tc, 95Zr, 103Ru and 1311 were added into the feed 
solution after diluted with nitric acid solution. 

Uranium and nitric acid were analyzed by alkalimetric titration. N-butyraldehyde was 
analyzed by liquid chromatography. Alpha-ray and gamma-ray spectrometers were used to analyze the 
concentrations of plutonium and the tracer elements and a spectrophotometer was used to analyze the 
valency state of the elements in nitric acid solutions. Nitrous acid and hydrazine were 
spectrophotometrically analyzed by using chromogenic reagents. Di-n-butylphosphoric acid (HDBP) 
and hydrogen azides were analyzed by ion chromatography. 

RESULTS AND DISCUSSION 

The uranium, plutonium, neptunium and technetium fractions distributed to the products and 
raffinates are shown in Figure 1. In the co-decontamination step (MX-1A), more than 99.9% of both the 
total uranium and the total plutonium, about 50 % of the total neptunium and 99 % of the total 
technetium fed to the co-decontamination step were extracted by the TBP solvent. The distribution 
fraction of neptunium to the raffinate was larger than those of commercial plants.5

• 
6 The distribution 

fraction of technetium to the raffinate was almost the same as those of commercial plants.5' 
6 The uranium 

concentration in the organic stream from the co- decontamination step was 118 g/dm3
• This implies TBP 

was saturated by uranium in the solvent. It is considered that the highly saturated TBP caused the 
distribution fractions of technetium and neptunium. 

In the Tc separation step (MX-1B), the concentrations of uranium, plutonium and neptunium are 
almost constant in both the organic and the aqueous phases. As for technetium, 90 % that flowed to the 
Tc separation step was back-extracted from the solvent stream and flowed to the Tc product. It is 
considered that the mixed complexes of U02(N03)(Tc04)'2TBP, Pu(N03) 3(Tc04)-2TBP or 
Zr(N03)J(Tc04)·2TBP in the organic phase were decomposed to U02(N03)z·2TBP, Pu(N03) 4·2TBP or 
Zr(N03)4-2TBP in high nitric acid in the Tc separation step.7 

In the U/Pu partitioning step (MX-2), the uranium concentration in the organic phase was almost 
constant. The uranium that flowed to the step was not back-extracted from the solvent stream and flowed 
to the U stripping step. As for Pu, the concentration in both the organic and the aqueous phases 
decreased with approximately the same gradient as in the U/Pu partitioning step. 

The concentrations of neptunium and technetium in both the organic and the aqueous phases 
decreased with approximately the same gradient as in the U/Pu partitioning step. About 50 % of the 
neptunium and technetium that flowed to the step (MX-2) was back-extracted from the solvent stream 
loaded with uranium and flowed as Pu product. 

The concentration of hydrogen azide in organic phase was less than 10-3 mol/dm3
• The nitrous 

acid concentrations in both the organic and aqueous phases were less than 10-5 mol/dm3 in both the U/Pu 
partitioning and U recovery steps. The concentration ofHDBP in the U stripped solvent was 4.6 mg/dm3

• 

In the solvent washing step (MX-4), alpha, beta and 95Zr activities and HDBP concentration in 
the uranium stripped solvent decreased from 1,17o to 51.9, from 25 to 0.33, from 3,675 Bq/cm3 to 16.8 
Bq/cm3 and from 230 mg/dm3 to 10 mg/dm3

, respectively. 
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PARCPROCESSFLOWSHEETEXPE~NT 

EXPERIMENTAL 

In the P ARC process, the flow sheet consists of five steps: co-decontamination, Np separation, 
Tc separation, U recovery and U/Pu partitioning steps as shown in Figure 2. Normal-butyraldehyde 
used as a Np(VI) reductant was fed at stage 1 of the MX-lB. The scrubbing solutions for neptunium and 
technetium fed at stage 10 and 20, respectively were 3 mol/dm3 and 6 molldm3 nitric acid, respectively. 

RESULTS AND DISCUSSION 

The uranium, plutonium, neptunium and technetium fractions distributed to the products and 
raffinates are shown in Figure 2. 

F!B. 2 Dlstrlbudons ofU, Pu, )'<p ,IIDd Tc io ,olutlons in I'AR.C proc~ss. 

In the Np separation step (MX-lB), the concentrations ofU and Pu were almost constant in both 
the organic and the aqueous phases in the Np and the Tc separation steps. As for Np and Tc, 
concentrations in both the organic and the aqueous phases decreased with approximately the same 
gradient as in both the Np and the Tc separation steps. About 95 % of the Np that flowed to the Np 
separation step was back-extracted from the solvent stream loaded with uranium and plutonium and 
flowed to the Np product. This implies that Np(VI) was reduced to Np(V) by n-butyraldehyde. 

As for technetium, about 60% of the technetium that flowed to the Np separation step was back
extracted from the solvent stream and flowed to the Np product. In a kinetic study, it was found that the 
reduction rate of Tc(VII) by n-butyraldehyde was very small in 3 mol/dm3 nitric acid solution.8 The 
decrease ofU and Pu concentrations in the aqueous and organic solutions by addition of organic solvent 
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with n-butyraldehyde affected the Tc back-extraction in the Np separation step (MX-lB). The rest of the 
technetium was back-extracted with 6 moVdm3 nitric acid in the Tc separation step. 

In the U/Pu partitioning step (MX-2), the uranium concentration in the organic phase was almost 
constant. The uranium that flowed to the step was not back-extracted from the solvent stream and flowed 
to the U stripping step. As for plutonium, the concentration in both the organic and the aqueous phases 
decreased with approximately the same gradient as in the U/Pu partitioning step. About 50% of the Pu 
that flowed to the U/Pu partitioning step was back-extracted from the solvent stream and flowed to the 
Pu product. The separation efficiency was very small, compared with those of previous works9

), Jo)_ It is 
considered that the short residence time of the Pu reductant in the U/Pu partitioning step is responsible 
for the results. The absorption spectrum of the Pu product solution showed that the Pu in the product 
solution was trivalent. Thus Pu(IV) was reduced to Pu(lll) by iso-butyraldehyde. 

As for neptunium and technetium, the concentrations in both the organic and the aqueous phases 
decreased with approximately the same gradient as in the U/Pu partitioning step. About 50 % of the 
neptunium and technetium that flowed to the step (MX-2) were back-extracted from the solvent stream 
loaded with uranium and flowed as Pu product. 

The nitrous acid concentrations in both the organic and aqueous phases were less than &x 10·5 

moVdm3 in both the U/Pu partitioning and U recovery steps. This indicates that Pu(IIn was not re
oxidized by nitrous acid in the step without hydrazine as a decomposing reagent of nitrous acid. 

CONCLUSIONS 

The PARC process has been developed in which salt-free techniques using organic 
compounds are considered. The distribution behaviors of neptunium and technetium in both P ARC 
process and current PUREX process as a reference were studied in chemical flow sheet experiments 
using spent fuel of 8,000 MWD/tU in an a.-y cell in NUCEF. 

It was found that n-butyraldehyde was a selective reductant of neptunium(VI) in the presence 
of uranium, plutonium and technetium. It was confirmed that high acid scrubbing was effective for 
technetium separation. 
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ABSTRACT 

DEVELOPMENT OF FISSION PRODUCT {ARTIFICIAL} 

PALLADIUM LIQUID-LIQUID EXTRACTIVE 

RECOVERY AND REFINING OPERATIONS 
Ed V Renardl, VG Torgov2, VV Tatarchuk2, TM Korda2 and 
lA Druzhinina2 
1 VNIINM, 123060, Moscow, Russia, 
2IChi SB RAS, pr. Lavrentjeva, 3, 630090, Novosibirsk, Russia 

A multi-stage process has been developed and experimentally tested to recover and further purify (up to l07-to8) fission 
product palladium from PUREX-process modelling nitrate solutions through two extraction cycles by petroleum sulphides in 
an aromatic diluent. 

Keywords: fission products, palladium, PUREX-process, organic sulphides 

INTRODUCTION 

Spent nuclear fuel is essentially an alternative to mineral contributors of natural platinoids 
and is expected to be a major source ofPd, Ru and Rh in the century to come.l,2 Besides, 'radwaste' 
vitrification and ecological considerations about their disposal, necessitate the recovery of platinoids 
mentioned from high-level PUREX nitrate solutions. No commercial fission platinoids recovery 
procedure is available although efforts are in progress to implement their co-separation by means of 
reduction of denitrated radwaste raffinates by sugars, assay melting or chemical and electrochemical 
extraction into organic diluents and salt melts.l-3 

Comparative analysis of a variety of extractants shows the benefits of using organic sulphides 
for nitrate solutions involving those from a lead collector dissolution.3-5 This correlates well with 
published data 6,7 demonstrating a high Pd selectivity by dialkylsulphides and sulphur - containing 
concentrates (diesel fuel - gasoline, petroleum sulfides, etc). The feasibility of the desired separation 
factors (103) for Pd from attendant Ag, Rh, Ru radionuclides (this factor is much higher than that for 
natural Pd purification) using reagent-grade di-n-hexyl sulphide (DHS) or diesel fuel (DF) was not 
treated previously.3,4 At present, industrial demand for Pd exceeds the total for other platinoids and 
is increasing progressively. 8 

This report deals with the Pd separation process involving two extraction cycles: the first one 
concerns the Pd separation from basic fission radionuclides directly from high-level nitrate solutions 
followed by its concentration; the second cycle is used as a supplement to separate Pd from noble 
metal (Ag, Rh, Ru) radionuclides by extraction from hydrochloride solutions. Both cycles use 
petroleum sulfide (PS) as an extractant; chemical and electrochemical treatment of ammoniacal re
extract, with a subsequent conversion to hydrochloric medium enables two cycles to be combined. 

EXPERIMENTAL 

Extractants and diluents. 

Reagent grade DHS and di-n-octylsulfide (DOS), "summer" diesel fuel (0.15% sulphide 
sulphur) treated as Arseenkov,3 and petroleum sulphides (a mixture of mono- and di-thiocyclanes, 
10% sulfide sulfur, boiling point 234-360C) extracted from petroleum by 86% HzS04 were used as 
extractants. Aromatic hydrocarbons (triethylbenzene, TEB), paraffinic hydrocarbons (printing ink 
thinners, PIT, with <0,2% of aromatic compounds), isostructural isomer mixtures of hydrogenated 
pentapropylenes (HPP) and paraffin-aromatic mixtures (containing 15-17% of aromatic compounds) 
served as diluents. The diluent flash point varies from 76C (TEB) to 130C (PIT). 

© 2000 Society of Chemical Industry 1475 



Proceedings ISEC'99 

Noble metals nitrates. 

The palladium feed was made by dissolving 99.9% Pd in strong HN03 by long refluxing 
followed by dilution to desired metal and acid concentrations. Silver nitrate was also recrystallised from 
strong HN03 Nitrosoruthenium nitrate solutions were prepared by dissolving a Na2[Ru(N02)40H] 
sample in 8 ~ol/dm3 HN03 solution by boiling for lh, evaporating the solution to crystallisation and 
dissolving in 3 mol/dm3 HN03. Rhl3 was first dissolved in boiling HN03-H20 2 mixture, evaporated 
until the iodine was totally removed, and then dissolved in 3mol/dm3 HN03 to get a rhodium solution. 
The solution was nitrated by a 1 00-fold excess of sodium nitrite for 3 hours. Prior to extraction, nitrate 
solutions of single metals and their mixtures similar in composition to the high level PUREX -process 
liquid waste (noble metals, 0.1 - 0.2 g/dm3 each, 3 - 3.5 mol/dm3 HN03) were saturated with nitrogen 
oxides for 40 minutes. 

Procedure 

For ease of laboratory experiments, all the operations (extraction, scrubbing and stripping ) 
were performed in one stage at an organic-to-water ratio (r) 1:1 , except for the silver scrubbing and 
extraction at r = 0.28 - 0.1 performed in 2 stages in both cycles . The aqueous solutions, organic phases 
and dissolved residues of silver chloride and palladosoamine were analysed using an atomic-absorption 
spectrometer Z-8000 Hitachi. Chemically pure reagents (acids, ammonia) were not further purified. 
Each operation was checked against blank tests. 

RESULTS AND DISCUSSION 

Palladium separation and purification characteristics . 

The entire process consists of two extraction cycles involving the following operations: 
extraction, scrubbing and stripping (re-extraction), the first cycle re-extract (Pd product) conversion to 
chloride and the Pd precipitation from the second cycle re-extract. 

Extraction. 

In the first cycle 98-99% Pd is extracted in a centrifugal contactor at a phase contact time ( t) of 
lOs and r = 0.1 by a 0.3 mol/dm3 PS solution in TEB or TEB (-45vol%)-HPP mixtures. PS is 
essentially similar to DHS and DOS in efficiency (Table 1). With PS in other diluents, the extract 
retains its phase stability (no third phase or cruds) at about lg/dm3 Pd (r = 0.2). Under these conditions 
the extraction ofPd by DF is equal to 12% due to a low concentration of active sulphide sulphur (0 .036 
molldm3

) and is accompanied with black Pd-free cruds resulted from side reactions of the acid and 
diesel fuel impurities (resins and admixtures). No specific differences have been noticed for the PS 
extraction of Pd and impurities either from reagent -pure solutions or from their mixtures . 

The separation factor a = 105
- 106 suggests a good separation of Pd from Rh, Ru and Sb. 

Because of no phase contact time limitations in the second cycle, Pd is slowly extracted from the first 
cycle re-extract (1 - 2 g/dm3 Pd) converted to a chloride solution (1 - 4 mol/dm3 HCl) at t = 60min, r = 
0.03-0.10. A 0.5 - 1.0 molldm3 PS solution in TEB extracts 97-98% Pd in one stage. Following two 
cycles, the total Pd concentration increases in the extract up to 30- 60 g/dm3 (i.e. by 100- 300 times). 
The separation of Pd from all other metals is of the same order of magnitude both for the first and 
second cycles . 

Scrubbing and Stripping. 

The extract scrubbing in both cycles is unlikely to separate Pd from Rh and Ru due to kinetically 
inert complexes of these metals with organic sulfides. 7 The lability of silver complexes along with an 
equilibrium reached within only 1 Os enables the first cycle extract to be washed free of silver using 
water. A 0.1 mol/dm3 Na2S04 solution is more efficient, the silver content being reduced from 2 g/dm3 

to 20 - 40 mg/dm3 after two extraction stages. In the second cycle, it makes sense to use a 4 mol/dm3 
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HCI solution to separate silver further. In both cycles 98-99% Pd is reextracted by 12% aqueous 
ammonia solution in two stages. Contrary to extraction, the re-extraction is more efficient from PS and 
DOS than from DHS. Free ammonia (O.lmol/dm3

) in the extract interacts with [Pc1LzA2] (L = an 
organic sulphide, A = N01, Cl) to form organic-insoluble compounds of the [Pd(NH3) 4)A2 type. Good 
wettability of these products by the organic phase makes their dissolution in the aqueous ammonia 
phase kinetically difficult. The actual Pd concentration in the extraction operations in both cycles and 
the stripping operation in the second cycle is high enough (90 g/dm3

) to provide its quantitative yield 
into palladosoammine by acidifying the re-extract. Pd sponge can be produced from these 
palladosoammines by the procedure adopted in natural Pd purification technology. 

Extractant Diluent DPd M CM,mg!L DM <lPd,M 

PS TEB 970 Pd 176 (178) 970 (764) 
DHS TEB 4400 Ag 100 (148) 71 (60) 14 
DOS TEB 490 Rh 230 (195) 4.3xl04 (<3xl04

) 2.2xl06 

PS TEB+PIT 360 Ru 161 (165) 3.3xl04 (<4xl0-3) 2.9xl06 

DF - 1.2 Sb 115 (208) 2.2xl0-3
( <lxl o-3

) 4.4xl05 

Table 1 Liquid-liquid extraction (D) and mutual separation (a.) of metals in system of0.3mol/dm3 

petroleum sulphides in tri-ethylbenzene and 3mol/dm3 HN03: r = 0.1 and 1: = 1 Os (in brackets: 
data for metal mixtures) 

Nitrate to Chloride Conversion. 

For this purpose NH3 is evaporated until its volume is halved, regenerated and treated with HCl 
under heating. The resulted ammonium nitrate and chloride (40g/dm3

) contribute to the Pd extraction in 
the second cycle. After acidifying (with HCl) the first cycle re-extract can precipitate AgCI, its 
solubility varying from 36 to 360 mg/dm3 in a l - 4 mol/dm3 HCl - 1 mol/dm3 ~Cl mixture. For 
Pd/Ag separation 4 mol/dm3 HCl is an optimum acidity because of lower DAg (1.3xl0-3

) against 
lmol/dm3 HN03 (0.013) and the lack of AgCI precipitates or probable base metal (Sb, etc) hydrolysis 
products as a result of their poor separation during the first cycle. 

Noble Metals Distribution. 

Basic radiochemical impurities involved in the extractive3 and sorptive9 separation of fission Pd 
are 106Ru, 110mAg and 125Sb. Table 2 shows the both cycle efficiencies while Table 3 lists the Ag 
distribution through the second cycle. The Pd separation from simulated solutions with other noble 
metals present reveals no surprises in the above process. 

Silver Distribution. 

The first extraction cycle as could be expected does not separate Pd from Ag. The two metals 
are essentially separated at two scrubbing stages to yield SPd.Ag = 7 for each stage. The Pd re-extraction 
contributes slightly to this separation (SPd.Ag = 1.4). This can be accounted for by the fact the extract 
contains a non-extractable form Ag different from its routine form [AgL2](N03). As a result of the first 
cycle re-extract conversion to lmol/L HCl, about 50% Ag precipitates as AgCl (S=l.6) in accordance 
with the estimated solubility of AgCI in chloride solutions. The SPd.Ag is found to be 100 prior to the 
second cycle. The Ag content of the second cycle extract was identical to that of the blank test. That is, 
there was no way of evaluating the purification from Ag. To define the separation factor more exactly in 
the second cycle, Pd solutions in AgCl-saturated 1 and 4mol/L HCl have been tested (Table 3). 

Pd is mostly purified by extraction and washing (at the first stage). The Ag content of the 
extract and further products is independent of initial acidity since the AgCI dissolution is cancelled by 
its extraction as [AgLCl]. The tests of runs #1 and #8 products demonstrate that the total separation 
factor is equal to 4xl03 and 4xl05 for 1 mol/dm3 and 4 mol/dm3 HCl respectively. Table 3 indicates that 
the Pd concentration can increase four-fold by Pd stripping and extractant regeneration. 
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[MJorg, mg/dm3 I [M]8Q, mg/dm3 I SPd.M 
Pd I Ag I Rh I Ru I Pd I Ag I Rh I Ru I Pd I Ag l Ru 

Cycle I 

Extraction 

698 1 558 1 o.2o5 1 0.19 I 6.1 1 10 I 225 1 185 1 1 1 4x 103-f 4x 103 

Scrubbing (I and II stages) 

6921 83 

I 
0.19 

I 
0.17 I 6.1 I 475 I <0.01 I <0.01 I 6.8 I 1 l 1 

688 16 0.19 0.16 4.5 102 <0.05 <0.01 7.2 1 1 

Stripping (Re-extraction) 

78 1 5.6 I 0.2 I 0.18 1 644 1 11 1 o.o1 1 o.o56 1 1.4 I 18 I 4 

Conversion Nitrates to Chlorides 

J I I 1 55o 1 6 1 o.o1 1 o.o56 1 t.6 1 1 
Cycle II 

Extraction 

5141 <0.o2] <o.oo1 I <o.oo5 I 36.3 I 6 I o.o1 I o.o56 I >3oo I >10 I >10 
Scrubbing 

I <o.o2 I <o.oo1 I <o.oo5 I 48.4 I <o.o2 l <o.o1 I <D.oo5 I I 1 

Stripping (Re-extraction) 

I <o.o2 I <o.oo1 I <o.oo5 I 372 I <o.o2 I <0.oo1 I <o.oo5 I I 
Precipitation of Palladosoammine 

J I I I 16o I <o.o2 I <o.o1 I <o.oo5 I I 

Table 2 Behaviour of Ag, Rh and Ru during extraction ofPd from a modelling solution 
(CM, mg/dm3

: Pd 200, Ag 165, Rh 225, Ru 185, Sb 75) 

I 1 

I 

I 

No Flow Stage rPdl, mg/dm3 rAgl, mwdm3 

I II I II 

1 Feed Solution 2400 2500 9.6 125 
2 Aqueous Raffinate 46 215 10.4 129 
3 Extract (r = 0.1, 't = 10 s) 23500 22800 <0.19 <0.13 

4 Scrub (HCI) I <0.5 0.33 0.08 0.1 
5 (r = 1, 't = 30 min) 2 <0.5 0.25 <0.004 <0.002 

6 Scrub (water) 1 <0.5 0.1 <0.002 <0.001 
7 (r = 1, 't = 30 min) 2 <0.5 0.1 <0.001 <0.001 

8 Strip ( re-extract) 1 94000 91000 0.09 0.01 
9 (r = 4, 't = 30 min) 2 200 78 <0.004 <0.002 

10 Extractant (recycled) 20 17 <0.005 <0.015 

Table 3 Behaviour ofPd and Ag on extractive separation mentioned metals in systems 0.5moUdm3 

solution of petroleum sulfides in tri-ethylbenzene- l(I) and 4(II) moUdm3 HCI. 
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Rh and Ru Distribution. 

The first cycle behaviour of these metals indicates the Pd separation at the extraction stage 
(SPc~,M> 1 03

} and the stripping stage (S Pd.M· > 1 0) but not at the extract scrubbing stage. In the second 
cycle the factor SPd.M·> 10 is the lower purification limit since the Rh and Ru content of the extract falls 
outside the limits of the detection (0.001 - 0.005mg/dm3

). That is why the Rh and Ru distribution 
through other second cycle stages could not be followed. It can be expected that with 
macroconcentrations of Pd the separation factor from Rh and Ru microconcentrations will not differ in 
both extraction cycles. 

Sb Distribution. 

The Sb content of the first cycle extract, wash water, re-extract and regenerated organic phase 
was similar to that of the blank test (0.02- 0.10mg/dm3

) . The Spc~,sb > 103 (D<I0-3} is valid only for the 
first cycle extraction operation. It follows from 10 that D sb <10-2 for the Sb extraction from HCI. It 
suggests to S Pd,Sb > 10 4 in the second cycle. 

Pd Purity 

Pd metal reduced from palladosoammine by hydrogen contains about 1 0~ Ag (by an order of 
magnitude lower than American Pd containing 0.005% Ag according to ASTM B 589-2), 10-3% Rh and 
10-3% Ru. The impurity level accuracy depends on the metal detection limits of the blank test. 

Thus, the extraction process developed to separate and further purify Pd metal shows much 
promise for further research using actual high-level spent nuclear fuel solutions. 
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ABSTRACT 

A NEW PROCESS PRODUCING PHOSPHORIC ACID 

FROM PHOSPHATE ROCK AND HYDROCHLORIC ACID 

VIA FERRIC PHOSPHATE 
Joseph Mizrahi 
Consulting Chemical Engineer, Haifa, Israel 

The paper describes a novel solvent extraction industrial process for the production of commercial grades of phosphoric acid 
(i .e. liquid-fertilizers), from calcium phosphate rock and hydrochloric acid solutions, improving significantly on the old IMI 
process. 

Keywords: phosphoric acid, ferric phosphate, HCl , D2EHPA 

INTRODUCTION 

The IMI process, invented in 19561 and implemented since the early 60's in a few plants, 
starts with the dissolution of calcium phosphate rock in an excess of HCl solution. After separation of 
the insoluble residues, the leach solution containing phosphoric acid, excess HCl, CaC}z and other 
minor chlorides and impurities is separated by a very complicated solvent extraction process with 
pentanol and/or butanol, consisting of 6 batteries with many internal recycle streams. The residual 
solution has to be stripped from significant amounts of HCl and soluble solvent before its disposal. 
The mixed solution of H3P04 and HCl resulting from the solvent extraction process, needs to be 
evaporated and concentrated up to 95% H3P04, to separate the HCl and recover the solvent, in an 
expensive and energy-consuming multiple-effect system. Additional finishing operations are also 
needed to assure the quality needed. 

The complications in the IMI process derive inherently from the limitations caused by the 
composition of the leach solution of H3P04 and CaC}z and by the nature of the pentanol I butanol 
solvent. Consequently, the IMI process could only find economic justification in the production of 
the more expensive grades of phosphoric acid, which have limited markets. In view of the available 
sources of by-product hydrochloric acid and of the large markets for fertilizers, a less expensive 
process is needed to make liquid-fertilizer-grade phosphoric acid. 

DESCRIPTION OF THE NEW PROCESS 

The new process (patent applied for) is illustrated in the block diagram in Figure 1 and 
consists of the following steps : 

a) Phosphate concentrate [stream 1] is reacted in mildly acid conditions with a recycled 
boiling solution of FeCh and HCl [stream 2]. Near the boiling point, FeCh is hydrolysed and acts as 
an acid. The FeCh content of this solution is adjusted to the phosphate content, to produce and 
precipitate FeP04 , which is very insoluble: 

Ca3(P04) 2 ( solid) + 2 FeC13 = 2 FeP04 (solid) + 3 CaC12 

Part of the ferric phosphate could be in the form of hydrated crystals, FeP04,2H20 (yellowish-white 
powder with a specific gravity of 2.87), but most of the ferric cations are substituted into the natural 
phosphate lattice without major size change. 

At the same time, HCl in this solution reacts with the other components present in the 
phosphate (carbonate, hydroxide, silico-fluoride) and other cations (ferrous, aluminum, silicates). 
Alkali silico-fluorides are also completely precipitated with alkali chlorides present in the rock or 
added to the system. A small excess of HCl ( less than 1% ) is maintained at the end of the reaction. 

b) The solids are separated and efficiently washed from the solution, by conventional methods 
and displacement with wash water. Elimination of solubles, essential for the final product quality, is 
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easily obtained. The filtrate and wash water [stream 3] containing mainly CaCh and solubles/colloids 
impurities, with a slight excess of HCl , are discarded or treated to recover CaCh in a saleable form. 

F 
H 

eCI3 + 
Cl soln 

..... Phosphate Dissolution .. 
~~~ ... 

[2) 

~, 

Solid /liquid separation ..... 
~ 

3) 

other solids 

.. [5) 
~ .. 

FeP04 dissolution and -~ .. filtration ... 

[6] 
.. ,, [7) [8] 

..... ..... 
-.... 

Forwards Extraction 

! .... ·IIIJ- ······~ . . . . . 
extract [12] 

. lean sol . . . . . . . 
~-····· 

. .---= 
Back Extraction 

... .. 
Figure 1 • Schematic Block Diagram of the process 

Phosphate ore [1] 

CaCI2 soln to waste 

water [9) 

product 30% H3P04 

vent [11] 

20% HCI [1 0) 

c) The wet solids are dissolved into a recycled phosphoric acid solution in excess [stream 5]. 
FeP04 is completely dissolved, resulting in a solution of mixed ferric phosphates in solution [stream 
6]. Figure 2 shows the maximum saturation solubility of FeP04 in mol/kg, as function of the 
concentration ofH3P04 in mol/kg. at 30C. It can be seen that the solubility is rather high and increases 
as the H3P04 concentration increases, although the trend is levelling. The mol ratio of Fe/P04 in the 
solutes starts at 0.33, mono Fe(H2P04) 3, then as the concentration increases towards 50% by weight 
total solutes, the molar ratio tends to 0.5, equi-molar mixture of mono- and di-Fe2(HP04)3. From this 
data, preliminary design ratio and concentrations were chosen to allow sufficient driving forces for 
continuous dissolution. The stream [5] before dissolution contains 21% H3P04 and after dissolution16-
17 % H3P04 and 18% FeP04 • The molar ratio Fe/P04 of 0.41 corresponds to 60% mono- and 40% di
ferric phosphates . 
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A small amount of "insolubles"(sand, clays, precipitated alkali silico-fluorides) IS 

separated, washed with the make-up water [stream 9] and discarded. 

d) The next stage is the virtually complete solvent extraction of ferric iron from stream 
[6] , starting with about 6.7% offerric cations at very low pH.with an organic solution of20-40% w/w 
(0.62-1.24 mol/kg) D2EHPA (di-(2-ethyl-hexylphosphate) in a low-aromatic paraffmic diluent. 

The Forward Extraction equilibrium curve at 40C is shown in Figure 3 for a solvent 
containing 20% by weight of D2EHPA (technical grade, 95% from Sigma) in a diluent, Isopar-K 
from Exxon Chemicals. 

Figure 3. Equilibrium curve for Ferric 
Extraction 

1.4 ..----------------------, 

u ·c: 

1.2 

~ 0.8 ... 
0 0.6 .= 
~ 0.4 

';/! 0.2 

2 3 4 6 7 
%Fe in Aqueous 

The aqueous "raffinate" from the extraction battery is a 30% phosphoric acid solution with 
less than 0.05% residual ferric cations. Part of this solution is diluted back to 21% and recycled to the 
dissolution step [stream 5], while the remaining [stream 7] constitutes the 30% phosphoric acid 
product, which can be further concentrated and/or converted, according to needs, into DAP (di
ammonium phosphate), MCP (mono-calcium phosphate), as part of high grade NPK mixtures, or into 
feed-grade DCP (di-calcium phosphate), or eventually purified further to more valuable grades. 

d) The ferric-loaded extract [stream 8] may contain 1-2.5 % ferric, depending on D2EHPA 
concentration, and is back-extracted with the typically 20% HCl feed [stream 10) (lower 
concentrations of HCl could be used without significant penalty). The resulting aqueous solution of 
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FeCh and HCl [stream 2] is recycled to the phosphate attack The lean solvent goes to the extraction 
[stream 9] . 

The Back Extraction equilibrium curve at 40C is shown in Figure 4 for a solvent 
containing 20% D2EHPA in Isopar. It was found that for efficient back-extraction, the free 
HCl content in the aqueous phase should not exceed 4-6%. This is a very important and 
unexpected design data, which controls the way in which the back-extraction battery is 
operated. 

u ·c: ., 
Cl ... 
0 

·= u 
·;:: ... 
CP 
u.. 
~ 

Figure 4. Equilibrium curve for Ferric Back
Extraction 
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DISCUSSION, NEW FEATURES AND ADVANTAGES 

1. All known phosphoric acid processes are quite complicated and expensive, since they 
involve the separation of phosphoric acid from a more or less soluble calcium salt (sulfate, chloride, 
nitrate) in aqueous solution with partial mutual solubility. In the new process, the separation is 
between insoluble ferric phosphate solids and a solution of soluble calcium salts (mainly chloride) 
calcium and similar cations, i.e. magnesium, potassium, sodium, aluminum, etc. 

2. In the new process, the ferric values are mostly kept in an internal closed cycle and most 
phosphates ores have sufficient iron content to supply to make-up for losses. FeCh in a hot, near 
boiling aqueous solution, has an acid reaction, sufficient to attack and convert calcium phosphate 
minerals. The terminal conditions of this conversion are mildly acidic (less than 1% HCl). Excess 
ferric input could create neutral or slightly alkaline pH and precipitate ferric hydroxide . 

3. The new process is less sensitive to the HCl feed concentration and can be operated with 
cheaper by-product 8-15% HCl feed solution, while the IMI process cannot operate practically with a 
concentration lower than 20% HCI. 

4. The solubility of the resulting FeP04 is very low at hot temperatures and in the mild acid 
conditions prevailing in the reaction. Washing of the CaCh and other solubles from the FeP04 

precipitate is easy to achieve, as the precipitate separates readily. 
5. The novel scheme for the separation ofFeP04 into H3P04 and ferric values is based on the 

chemical potential of the concentrated HCl feed solution. By dissolving FeP04 in a phosphoric acid 
solution, there is no substantial contamination of the phosphoric acid product with other anions. The 
solvent extraction system constitutes a barrier and the cations (ferric against W) are exchanged 
between the phosphate side and the chloride side without significant cross-contamination 

6. The chemical potential of the HCl feed solution allows the use of strong cations exchangers, 
effective at a pH lower than 1, and allows the Forward Extraction of relatively concentrated H3P04 

and FeP04 solutions, resulting in 30% H3P04 or more in the product solution. 
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7. The relatively high concentration of streams result in a compact installation with relatively 
smaller solvent extraction equipment, a simpler flowsheet with fewer contact stages, much lower 
solvent solubility and volatility and a simple concentration system. 

IMPLEMENTATION FACTORS 

Although the new process consumes the same amounts of phosphate concentrate and 
hydrochloric acid, it has the following advantages over the IMI process, as demonstrated by detailed 
process engineering studies: 

a considerably lower capital investment, 
a much smaller energy consumption and 
the possibility of using more dilute HCl sources with a minimum penalty. 

These advantages result from the following process features : 
• as the solvent is not volatile, there is no need to strip I recover it from outgoing streams and the 

losses to ambient are minimal. 
• the waste CaC12 stream does not "see" the solvent, 
• a product stream of 31% H3P04 with no HCl is obtained from the solvent extraction and needs to 

be concentrated only to the merchant 85% H3P04, 

• there are much fewer stages (14 in total) in the solvent extraction cycle, all conducted at more or 
less ambient temperature. 

The new process uses only conventional equipment and well-known separation technology and can be 
demonstrated and optimized with a minimum piloting effort. The engineering is straightforward and 
there are numerous possibilities of add-on and of backward integration with existing installations. 
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ABSTRACT 

SELECTION OF EXTRACT ANTS FOR THE REMOVAL 

OF CADMIUM FROM INDUSTRIAL GRADE 

PHOSPHORIC ACID 
I Ortiz, S Zamacona, AM Urtiaga 
Departamento de Quimica, ETSII y T. Universidad de Cantabria, 
Avda. de los Castros, 39005 Santander, Spain 

The separation of cadmium from phosphoric acid is a subject of interest due to the high toxicity of this heavy metal, which is 
transferred to phosphate fertilisers in the manufacturing process. Liquid-liquid solvent extraction techniques can offer high 
removal efficiencies, provided a suitable extraction system could be used. In this work the study concerning the selection of 
a suitable extractant and back-extractant agents for the removal of cadmium from wet phosphoric acid is presented. The use 
of a thiophosphinic acid and CY ANEX 302, adequate to perform the Cd extraction from a highly acidic media, was tested in 
previous experiments. However, the simultaneous presence of copper in the industrial grade phosphoric acid causes the 
oxidation and deactivation of this extractant. The search of an adequate extraction system was performed following two 
different approaches: i) The total extraction of Cu(II) by a selective extractant in a first step, followed by the extraction of 
Cd(IJ) using CY ANEX 302. LIX 860 and ACORGA M5640 were tested, and ii) The search of a new extractant for the 
selective extraction of Cd(Il) in the presence of copper. ALAMINE 336 and ALI QUAT 336 were tested. Finally ALI QUAT 
336 was selected as a suitable extractant in order to achieve the cadmium removal from phosphoric acid, using water as 
stripping agent. 

Keywords: cadmium, phosphoric acid, Aliquat 336, Cyanex 302, non-dispersive solvent extraction 

INTRODUCTION 

Almost all heavy metals are found in phosphate rocks, and thus implicitly in fertilisers. The 
most frequent are Cd, Ni, Pb, Zn, Cu, V, V, Mo and Hg. In the wet phosphoric process, heavy metals 
contained in the rock get redistributed between phosphoric acid and waste phosphogypsum. 
Cadmium being one of the most toxic dements, it has been shown that 80% of its initial content in 
the rock passes to the acid and as a consequence to the phosphate fertilisers when the acid is used as a 
raw material. 

A number of processes have been developed for the removal of Cd and other heavy metals 
from phosphoric acid, e.g., i) those based on calcination, ii) solubilization with acidic solutions, iii) 
selective removal of Cd by precipitation or flotation, iv) ion exchange processes and v) liquid-liquid 
extraction processes. The latter leads to high removal efficiencies provided a suitable extractant 
could be used, also a second regeneration step is necessary to reuse the extractant and strip the 
removed cadmium. 

As a fundamental part of a general work consisting of the development of a membrane 
assisted solvent extraction process for the removal of cadmium from wet phosphoric acid has been 
published, 1 here will be presented the study concerning the selection of suitable extractant and back
extractant agents. 

Initially and following the related literature 2,3,4 several experiments were carried out with a 
thiophosphinic acidic extractant, CY ANEX 302, and using high concentrations of hydrochloric acid 
as stripping agent. When using a synthetic feed solution consisting of laboratory grade H3P04 with 
added amounts of cadmium, good results were obtained both for extraction and the back-extraction 
steps.5 Analysis of the process permitted a mathematical model and design parameters to be obtained 
for the operation in a non-dispersive solvent extraction process in hollow fibre modules.6 However, 
the these results could not be repeated when working with industrial grade phosphoric acid. After 
several experiments it was concluded that the presence of copper in the industrial acid and the ability 
of CY ANEX 302 to extract this metal gives as a result a copper loaded organic phase where a redox 
reaction takes place leading to the oxidation of the organic compound and to the simultaneous 
reduction of copper. 7 ,8,9 The nature of the Cu(I)-CY ANEX 302 complex explains the 
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ineffectiveness of the acid stripping, since it is necessary to reoxidize the metal ion for recovery to be 
effected. 

As a consequence it was decided to continue the work with a search of an adequate extraction 
system. Two different approaches were considered: i) the total extraction of Cu(II) by a selective 
extractant as an initial step, followed by the extraction of Cd(II) using CY ANEX 302 and, ii) the 
search of a new extractant for the selective extraction of Cd(II) in the presence of copper. 

EXPERIMENTAL 

Industrial grade wet phosphoric acid kindly supplied by Fertiberia SA (Spanish company) 
was used as raw feed aqueous phase. The metallic content in the acid is shown in Table 1. The copper 
selective extraction tests were carried out using two extractants, LIX 860 and ACORGA M5640, 
supplied by Henkel and Zeneca respectively and used without further purification. For the extraction 
of Cd in the presence of Cu long chain amines, Alamine 336 and Aliquat 336 (Henkel) and mixtures 
of Cyanex 302 (Cytec) and Aliquat 336 were tested. Kerosene (Petronor SA) was used as diluent in 
all cases. Isodecanol (Exxon) was used as a modifier of the organic phase in the experiments with 
Alamine 336 and Aliquat 336. 

Extraction equilibrium experiments were carried out in closed glass tubes in a rotatory SBS 
stirrer (5-140 rpm). The concentration of cadmium in the aqueous solutions was measured by 
Inductively Coupled Plasma Emission spectroscopy (ICP) and atomic absorption spectroscopy using 
standard techniques. 

Metal Concentration (mg/dm3
) Metal Concentration (mg/dm3

) 

Cadmium 16 Nickel 48 
Chromium 292 Lead 8 

Copper 34 Zinc 335 
Iron 2013 

Table 1. Metallic content in the industrial phosphoric acid 

RESULTS 

Copoer Extraction 

LIX 860 and Acorga M5640 extractants 

Equal volumes of the organic extractant phase and phosphoric acid were contacted. Figures 1 and 2 
show the copper extraction percentage as a function of the content of extractant in the organic phase. 
Cadmium concentration in the organic phase remained unchanged. Therefore in the experimental 
conditions under consideration both LIX 860 and Acorga M5640 behave as selective extractants of 
copper. 
Best extraction results were obtained with LIX 870. The stripping behaviour of this extractant was 
investigated using hydrochloric acid and sulphuric acid as stripping agents. Equal volumes of a 
previously loaded organic phase (30% of LIX 860 in kerosene with a copper concentration of 0.025 
M) and two different acids were contacted. Results are given in table 2. 
The stripping efficiency of these two highly concentrated acids is below 50%. This fact and the 
limited Cu extraction (80% when using 50% v/v ofLIX 860 in the organic phase) lead to discard the 
use ofLIX860 and Acorga M5640 as selective Cu extractants. 
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Figures 1 and 2. Percentage copper extraction using LIX 860 and ACORGA M5640 extractants 
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28 

Table 2. Percentage stripping 

Binary extractant 

Binary extractants formed by mixtures of Cyanex 302 and Aliquat 336 have been 
proposed in the literature for the recovery of Cu from leaching solutions eluates.lO Cyanex 302 is 
an organic acid and consequently it will react with an organic base, such as Aliquat 336, to form 
an organic salt, a so-called binary extractant. 

The binary extractant was prepared by mixing equimolar quantities (0.126 molfdm3) of 
Cyanex 302 and Aliquat 336. Volumes of phosphoric acid and organic phases ranging in 
proportions 6:1 were used in the extraction experiments. The initial concentrations of Cd and Cu 
in the acid were raised to 50 mg/dm3 each 

The extraction efficiencies obtained were 66% and 99% for the cadmium and copper 
respectively. To obtain a loaded organic phase for its use in the stripping test, a second extraction 
step was carried out, using the organic phase coming from the first extraction and 19% of Cd and 
99% of Cu were extracted. Figure 3 shows a flow diagram of the sequence of experiments. Several 
stripping agents were tested: water, NaCl, NH4Cl and NH40H. NH40H (2 molfdm3) offered the 
best results and was selected as stripping agent. 

Table 3 shows the results of two successive stripping-extraction cycles. It can be noticed 
that there is a decrease in the efficiency of cadmium and copper extraction in each consecutive 
cycle, although copper was efficiently stripped. The deactivation of the organic phase can be 
explained by the redox reaction between copper and Cyanex 302. 
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Fresh Industrial Grade ---• 
Phosphoric Acid 

Fresh Industrial Grade 
Phosphoric Acid 

NH.OH{2M) 

Fresh Industrial Grade 
Phosphoric Acid 

Fresh Industrial Grade 
Phosphoric Acid 

Organic Phase 

Figure 3. Diagram of the sequence of experiments with binary extractants 

%Stripping 

1" Cycle 
Stripping-Extraction 

2"d Cycle 
Stripping-Extraction 

% Extraction 
Cd Cu Cd Cu 

1st Stripping-extraction cycle 6 72 5 88 
2n<1 Stripping-extraction cycle 28 100 2 16 

Table 3. Percentage stripping and extraction in two successive experimental cycles 

Cadmium Extraction 

Two ammonium salts were tested for the selective extraction of cadmium. Alamine 336 is 
a tertiary ammonium salt, whereas Aliquat 336 is a quaternary ammonium salt. Equal volumes of 
phosphoric acid and organic phase were contacted. Table 4 shows the results obtained with 
different percentages of the extractants in the organic phase. It can be noticed that for the same 
extractant concentration the efficiency of the cadmium extraction is higher using Aliquat 336. It 
was also checked that there was no extraction of copper. 

Composition of the organic % of Cd extraction 
extractant (%v/v) 
5% Alamine 336 4.2 
10% Aalamine 336 36.3 
30% Alamine 336 54 
30% Aliquat 336 90 

Table 4. Cd extraction efficiency of Alamine 336 and Aliquat 336. 
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Different publications in the literature indicated that water could be used as stripping 
agent11,12. In the present study an organic phase (30% Aliquat 336, 30% isodecanol, 40% 
kerosene) previously loaded with 0.016 mo1Jdm3 of cadmium was put into contact with water, 
obtaining the stripping of 55% of the cadmium. 

Therefore, following these experiments Aliquat 336 was selected as a suitable extractant 
in order to achieve the cadmium removal from phosphoric acid, using water as stripping agent. 
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ABSTRACT 

PRODUCTION OF W03 FROM SCHEELITE 

CONCENTRATES BY EXTRACTION TECHNOLOGY 
SI Stepanov, VG Giganov, GP Giganov and AM Chekmarev 
D.Mendeleev University of Chemical Technology of Russia, 
Institute "GINZVETMET", Moscow, Russia. 

The paper reports the results obtained by the laboratory scale study of W03 production from scheelite concentrate using 
autoclave soda leaching of Wand Mo followed by their extraction and separation with methyltrialkylarnmonium (MTAA) 
carbonate from carbonate solutions. The extraction raffinates are returned to the leaching stage for reuse. The flowsheet of 
W03 production is presented and discussed. 

Keywords: tungsten, molybdenum, carbonates, alkylarnmonium carbonates 

INTRODUCTION 

Autoclave soda leaching (ASL) is a traditional method used to process scheelite concentrates. 
The carbonate solutions obtained in the process contain W, Mo and some other impurities. These 
solutions are used to produce ammonium para-tungstate and W03 and can be processed by different 
hydrometallurgical methods. One of the most widely used methods 1 includes the following stages: 1) 
neutralisation of carbonate solutions with sulphuric or hydrochloric acid; 2) precipitation of MoS3 and 
some other impurities from weakly acidic solutions; 3) liquid-liquid extraction of tungsten by tertiary 
amines from purified solutions; 4) stripping of tungsten from the organic phase with ammonium 
hydroxide; 5) recovery of ammonium para-tungstate by evaporation of the strip solution followed by 
production of W03. However, this process has some disadvantages due to the large quantities of 
reagents used to neutralise the ASL solutions that results in the formation of large volume of waste 
water after solvent extraction recovery of tungsten, which contain high concentration of sodium 
sulphate or chloride. Special processing of solutions is also required due to insufficient selectivity of 
the extractant. To improve these drawbacks, some alternative methods based on different variants of 
solvent extraction24 or sorption5 recovery and separation of W and Mo from carbonate or alkaline
carbonate solutions have been developed. 

The present paper reports the results obtained on a laboratory scale technological study of 
processing Schlitz concentrate. The technology is based on the use of ASL, solvent extraction and 
separation of W and Mo from the carbonate solutions, recovery of ammonium para-tungstate by 
evaporation of the stripping solution followed by production of wo3 as the final product. This 
technology was developed in the Mendeleev University of Chemical Technology of Russia in 
collaboration with the Institute "GINZVETMET" and tested at Nalchick's Hydrometallurgical Plant. 

EXPERIMENTAL 

The intermediate molybdo-scheelite concentrate (Schlitz concentrate) used in this work had 
the following composition(%): W03: 30-35, Mo: 2.0-4.0, Si: <10, P: <0.11, As: 0.2, F: 1.0-1.5. The 
ASL was carried out in 0.5 dm3 steel autoclaves at a temperature of 225°C and pressure of 25 atm. The 
soda equivalent in the leaching solution was varied from 2 to 4. Technical grade soda (without 
additional purification) was used as sodium carbonate. The content of NaCl in soda was <0.5%. The 
methyltrialkylammonium carbonate (MTAA: [(C7HwC9H19) 3CH3N]2C03) was prepared from an 
industrial sample of MTAA methylsulphate and used as the main extractant. The contents of 
quaternary ammonium sulphate (QAS) and amines (recalculated for the "wet" product) were not less 
than 96% and not more than 4%, respectively. MTAA carbonate was prepared from MTAA 
methylsulfate by consecutive treatment with 9.0 mol/dm3 H2S04 (three contacts with O:W = 1:1) and 
5.0% NaOH (up to pH= 10-11 in the final aqueous phase) followed by final processing with 5.0% 
Na2C03 (three contacts with O:W=1: 1).The completeness of conversion was monitored by functional 
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chemical analysis of ~Wand cot. The diluent used for the solvent extraction was kerosene with 
15% of iso-octanol. The concentrations of W, Mo and impurities in water solutions were analysed by 
conventional analytical methods. 

RESULTS AND DISCUSSION 

The results obtained in six solvent extraction-leaching cycles by using two-stage counter
current leaching of W and Mo from the concentrate with circulation of extraction raffinates are 
presented in the Table 1. The degree of recovery of W in each cycle was constant and equalled greater 
than 99.8% in all cases. Molybdenum, present in scheelite as powellite CaMo04, was also leached 
with the tungsten, but then remained as molybdenite (MoS2) in the residual cakes. The content of other 
impurities in solvent extraction and leaching solutions were negligible and did not accumulated. 

Second leaching stage 

Cycle Input Output %Re* 
Num. Raffinate of n-1 cycle, Carbonate solution, Residual 

2:V=l.28 L, g/dm3; 2:V=l.40 L, g/dm3 cake 
W03 Mo Si02 F Na2C03 W03 Mo Na2C03 W03 Mo W03 

1 0.75 0.07 0.80 1.60 83 2.1 0.15 109 0.04 0.30 99.92 

2 3.75 0.18 0.70 1.35 76 22.5 1.25 95 0.03 0.29 99.94 

3 6.50 0.19 0.75 1.10 71 15.5 1.51 85 0.04 0.38 99.92 

4 14.5 0.65 0.52 1.45 72 42.0 2.31 91 0.04 0.30 99.97 

5 31.3 1.25 0.87 1.85 73 64.3 3.00 85 0.03 0.35 99.95 

6 37.5 1.50 0.70 2.15 121 92.5 3.87 89 0.09 0.30 99.83 

First leaching stage W03: 32.35%, Mo: 2.66% 

Output 
1 stage: S:L = 1 :4, sample 80g, 

Feed extraction solution, g/dmo soda equivalent = 2.2, T=225C, 8 autoclaves, 
1 66.8 4.75 0.95 1.40 44.5 't = 3 hours. 
2 70.5 4.50 1.25 1.10 42.4 

3 75.2 3.80 1.50 1.50 46.6 2 stage: S:L = 1:3, sample cake from two 
autoclaves from 1 stage, 

4 83.3 3.88 0.97 2.0 42.4 T=225C, 4 autoclaves. 
5 103.7 6.75 1.19 1.9 49.8 

* %Re - Recovery degree 

Table 1 Two-stage counter-current leaching ofW and Mo from scheelite concentrate 

As seen in Table 1, the volume of sodium carbonate solutions increases by 40%, after two
stage counter-current leaching due to addition of washing water, for rinsing the leaching cakes and 
organic extracts, to the main solution. To decrease the water imbalance, the possibility of one-stage 
leaching of W and Mo has been investigated. The results of this study are shown in Table 2. As seen, 
the extent of W recovery in this case reached 98.5 - 99.5% which is not dramatically less than in the 
two-stage leaching, and the content of impurities in the leaching solutions remains at the same level. 
At the same time, sodium carbonate concentration increases up to 80 g/dm3 in the leaching solutions 
and up to 120 g/dm3 in the extraction raffinates. This leads to a decrease of co-extraction of impurities 
into organic phase, but the extent of extraction of W and Mo also decreases to 95 - 96%. The results 
obtained have shown that one-stage leaching is more promising if ASL is carried out at higher 
temperature. 
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Input Output 

Cycle Raffinate, (v = 0.96dm,), g/dm,; Carbonate solution, Residual Re% 

Num. (V=l.05 dm3), g/dm3 cake,% 
wo3 Mo Si02 F Na2C03 wo3 Mo Si02 F Na2C03 wo3 Mo wo3 

0 - - - - 146 75 .2 5.5 0.9 1.8 82.7 0.33 0.3 99.4 

1 3.62 0.18 0.8 1.6 121 78.3 5.5 1.1 2.0 72.0 0.27 0.3 99.5 

2 3.00 0.13 1.0 1.8 108 78.7 5.1 1.1 2.0 79.5 0.71 0.3 98.5 

Table 2 One-stage leaching ofW and Mo from scheelite concentrate (W03: 32.35%, Mo: 2.66%) 
1 stage: S:L = 1:4, sample 80g, soda equivalent= 3.3, T = 225°C, 3 autoclaves, t = 3 hours. 
Solvent extraction: 50% carbonate MT AA, 0 : W = 2.5: 1, 4 steps. 

The recovery of W and Mo by using solvent extraction raffinates for ASL is comparable with 
that when using water sodium carbonate solutions. The results of solvent extraction of W, Mo and 
other impurities from ASL solution obtained from two-stage leaching of scheelite concentrate with 
50% vol. MTAA carbonate solution at O:W = 2:1 are presented in Table 3. As seen, the main 
impurities are displaced from the organic phase in the course of loading with W and Mo in the 
counter-current extraction. The extent of W and Mo recoveries achieved are 95 - 96%. Hence, the use 
of MT AA carbonate as an extractant gives a possibility of separating all main impurities directly from 
the leaching solutions without their neutralisation with mineral acid. This allows, in turn, to return the 
carbonate solutions to the ASL stage for reuse. 

Type of solution Content of elements, g/dm' 
wo3 Mo Si02 F As Na2C03 

Feed solution 77 5.47 1.02 1.1 0.075 51 
Raffinate of 4m step 2.8 0.19 0.96 1.08 0.075 89 
Extract of 1" step 49.4 3.55 0.04 0.01 - -

Table 3 Counter-current solvent extraction ofW and Mo 

One of the important problems of W solvent extraction from sodium carbonate solutions is 
contamination of the organic phase by sodium and formation of substandard W03 due to the 
mechanical capture of the water dispersion, which reaches 0.5%. Thus the organic phase was washed 
with water (0: W = 5-l 0: 1, two steps of counter-current extraction) to decrease sodium contamination. 

The stripping of W and Mo from organic phase with 300-350 g/dm3 water solutions of 
NH4HC03 + (NH4)2C0 3 mixture with mass ratio of I : 3-3.5 and O:W = 4:1 was carried out in a four 
stage counter-current extraction cascade. The stripping solutions obtained contained from 115 - 150 
g/dm3 W03 and from 9.0 - 13 .0 g/dm3 Mo. An average ratio of Mo toW in the stripping solutions 
varies from 1:10 to 1:15. To obtain W03 of standard quality it is necessary to decrease the Mo content 
in the product by 50-100 times. The highly efficient separation of Mo and W from the carbonate 
solutions can be achieved by using selective extraction ofMo thiocomplexes with MTAA carbonate as 
is shown in Table 4. 

It has been found that the quantitative formation of stable MoOS/ and MoS/ in the 
carbonate media is achieved after 30 - 60 minutes at a temperature of 40 - 50°C. The required 
purification from Mo is achieved when using ~hS input of around 90% or more, recalculated to 
Mos/·. The recovery of Mo from the water solution following three stages counter-current extraction 
with 20% vol. MTAA carbonate solution and O:W = 1:1 was 98-99%. The residual Mo content in the 
aqueous phase provides a product wo3 of standard quality. 
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Relation of Content of phases, g/dm, Recovery Relation of 
(NH4hS:Mo, Raffinate Extract degree,% Mo:W03 

M:M wo3 Mo wo3 Mo wo3 Mo in raffinate, g/g 

4.85:1 106 0.022 10 9.23 8.6 99.8 1:4818 
4.0:1 111.8 0.06 4.2 9.19 3.6 99.4 1:1863 
3.5:1 113.7 0.156 2.3 9.09 1.9 98.3 1:729 
2.8:1 114.5 1.82 1.5 7.45 1.3 80.5 1:63 
2.5 :1 114.9 2.61 1.1 6.65 0.9 71.8 1:44 

Table 4 Separation ofW and Mo from carbonate solutiOns. 
20% vol. carbonate MTAA, O:W = 1:1, three stages counter-current extraction. 
Feed solution, (g/dm3): W03: 116, Mo: 9.25, Si02: 0.3, Na: 0.29, NH4C03 + ~)2C03 : 250. 

The 25% (NH4)2C03 aqueous solution with the addition of an oxidising agent was also used 
for the Mo stripping at O:W = 4:1. Average composition of the stripping solutions obtained was as 
follows: Mo: 32-34, W03: 7-9, ~)2S04 : 110-130 and (NH4)2C03: 150-200 g/dm3. 

The solutions, purified from Mo carbonate, containing W were concentrated by evaporation to 
between a third and quarter of their volume to obtain solid ammonium para-tungstate. The yield of W 
in ammonium para-tungstate was 85-90%. The composition of W03 after roasting of ammonium para
tungstate is presented in Table 5. 

N Stripping sin, g/dm, ED**, Solution after evaporation, g/dm, RD*** , 
wo3 Mo Si02 Na % wo3 Mo Si02 Na % 

1 148 0.068 0.27 0.35 70 62 0.23 0.4 0.63 87.5 
2 132 0.07 0.25 0.23 73 57 0.28 0.37 0.6 88.4 
3 116 0.05 0.18 0.2 80 63 0.31 0.22 0.78 89.2 
N Content of impurities in W03, % 

Mo Si Ca Fe Na AI 
1 0.012 0.003 0.003 0.002 0.004 0.002 
2 0.014 0.003 0.003 0.003 0.005 0.002 
3 0.017 0.003 0.003 0.003 0.0049 0.002 
**ED- Extent of EvaporatiOn,%; *** RD - Output ofW m ammomum para-tungstate, %. 

Table 5 Composition of ammonium carbonate stripping solutions and quality of W03. 

The general technological flowsheet for the processing of the scheelite concentrates using 
ASL and solvent extraction for recovery and separation of W and Mo from carbonate solutions with 
MT AA carbonate is presented in Figure 1. 
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Figure 1. General technological flowsheet for scheelite concentrate processing. 
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ABSTRACT 

SEPARATION AND CONCENTRATION OF L-PHENYL

ALANINE IN HOLLOW FIBRE MODULES: DECREASE 

OF THE EXTRACTION RATE 
H Escalantel and A Irabien2 
1 Escuela de Ingenieria Quimica. UIS, A.A. 678. Bucaramanga. 
Colombia 
2Departamento de Quimica, Universidad de Cantabria. Avda los 
Castros s/n, 39005 Santander. Spain 

The objective of this work is to evaluate the separation/concentration process of L-phenylalanine by means of non-dispersive 
extraction and back extraction (NDSX) in hollow fibre modules and to describe the separation process. The viability of the 
NDSX process has been previously reported using the commercial extractant Aliquat 336 and ammonium chloride as the 
stripping reagent. I To obtain a suitable model for the L-phenylalanine mass transfer flux in hollow fibre modules kinetic 
experiments were performed at a laboratory scale, allowing the evaluation of the mass transfer coefficient and equilibrium 
parameters2 Experiments carried out over a long time of the separation/concentration of L-phenylalanine solutions of 1 0 
g/dm3, led to the conclusion that a slow but continuous decrease of the mass transfer rate takes place in the process. This 
can be explained by the formation of a neutral complex of L-phenylalanine bisulfate and Aliquat 336, which is responsible 
for the aminoacid accumulation in the organic phase and the decrease of the mass transfer rate in the process. 

Keywords: L-phenylalanine, Alamine 336, hollow fibre module, non-dispersive extraction 

INTRODUCTION 

During the last few years the market for some L-aminoacids has increased, leading to the 
development of new manufacture processes. A typical example is the new sweetener aspartame, L
aspartyl-L-phenylalanine methylester (1-methyl-N-aspartyl-L-phenylalanine). Its adoption in foods 
and especially in soft drinks has given rise to a major increase in the market for L-phenylalanine (L
Phe) increasing from 50 tons in 1981, to over 3000 tons in 1984, and to nearly 6000 tons in 1987.3,4 

For the separation/concentration of aminoacids new separation processes have been 
considered by differents authors: emulsion liquid membranes,4,5,6,7,8 and supported liquid 
membranes.9,10 Non-Dispersive Extraction in Hollow Fibre Modules (NDX) combines the 
advantages of membrane processes with solvent extraction processes.ll 

The viability of the coupled process of extraction and backextraction using an ammonium 
chloride solution, by means of nondispersive extraction was studied by Escalante et aJ.l , due to the 
accumulation of L-phenylalanine in the organic phase the back-extraction process was studied using 
sulfuric acid as the stripping reagent.2 In these studies L-phenylalanine was taken as the target 
molecule produced in the bioprocess and it was extracted by Aliquat 336 as the anionic form, which 
can be found at a pH higher than 9 due to its zwitterionic behaviour.9 Sulfuric acid has also been 
used as the stripping reagent in the back-extraction process of L-phenylanalanine in emulsion liquid 
membranes by Hong and Yang. 6 

EXPERIMENTAL 

To study the separation/concentration process of L-phenylalanine a set of seven consecutive 
experiments were carried out under the following experimental conditions: feed solution contains 10 
g/dm3 L-phenylalanine (Aldrich); a 1 : 2 ratio of feed solution volume to organic phase volume and a 
1 : 1 ratio of organic phase volume to stripping phase volume were employed; the pH of the feed 
solution and the stripping solution were kept constant and equal to pH 10.5 and 0.1 respectively. The 
experimental time cycle was 48 hours, and in each experiment, after this time, the aqueous feed 
solution was renewed, but the organic and aqueous stripping phases were not changed. Aliquat 336 
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(Fluka), a commercial mixture of trialkylmethylarnmonium chlorides (trialkyl = c8- c10 mainly 
capryl) was used as extractant with Kerosene (Petronor, S.A.) as diluent. To avoid the segregation of 
a third (second organic) phase the addition of a modifier (a high molecular weight alcohol) was 
necessary, so a 30% v/v of isodecanol (Exxon Chemicals) was added to the organic phase. The feed 
solution, containing 10 g/dm3 of L-phenylalanine (Aldrich), was adjusted to pH = 11 by addition of 
NaOH; and sulphuric acid, pH = 0.1, was used as stripping reagent. A feed volume of 0.5 dm3, an 
organic extraction volume of 0.25 dm3 and a stripping solution volume of 0.05 ctm3 were used 
under a recycling operational mode in the experiments. The experimental set-up is shown in Figure 1. 

Figure l. Experimental setup of the coupled hollow fibre EX and BEX processes . 

The L-Phe is extracted in the first module by ion exchange with hydrogen sulfate according to 
Equation 1: 

Then the aminoacid is recovered by sulfuric acid in the second module. In these experiments 90 % of 
L-Phe of the feed solution was extracted, while the back-extraction yield reached 98%, therefore the 
organic phase was regenerated and ready for further use. 

RESULTS AND DISCUSSION 

The kinetic behaviour of the system has been previously fitted to a mathematical model based 
on seven differentia equations.2 The variables of the experimental operation can be taken into 
account by the following parameters, given in Table 1: 

b 
_2.n.p .r. 

A----
QA 
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Phase VM(dm3) VT(dm3) Q(dm3/s) a(s .m-1) b(s.m-2) d(s-1) Flow 

Feed 0.055 0.400 5.5x1Q-3 0.625x102 3.59x105 1,37x1o-2 outside fibre 

Organic 0.024 0.145 7.5x1Q-4 0.200x1o3 2.67x106 5, 17x1o-3 inner fibre 

Stripping 0.055 0.160 2.5x1Q-3 0.137x103 0.79x106 1.56x1Q-2 outside fibre 

Table !.Experimental conditions. 

To explain the experimental decrease in the mass transfer rate, which has been obtained. The 
accumulation of sulfuric acid and amino acid salt in the stripping phase may be responsible for a new 
equilibrium leading to a concentration decrease of the [(R4N)+(L-Phe)-] species in the organic phase: 

where: 

(3) 

leading to an equilibrium concentration in the organic phase given by : 

KEqCoMC~E 
(4) 

A simulation of the process model introducing this new equilibrium parameter to be optimized leads 
to the fitting shown in Figures 2 and 3, where KM = 1.12 X w-8 mls, KEq = 1.32, K1 = 7.0 x10-4 
and s = 0.264, which is the range of the experimental error . 
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Figure 2. Two equilibria model. Experimental and simulated results of the kinetic behaviour in the 
L-Phe separation step. 
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Figure 3. Two equilibria model. Experimental and simulated results of the kinetic behaviour in 
the L-Phe concentration step . 

CONCLUSIONS 

An organic phase based on Aliquat 336, 30% (v/v), isodecanol 30% (v/v) and kerosene has 
been used as the extraction reagent and sulfuric acid, at pH = 0 .1 as the stripping agent. Starting with 
10g/dm3 of L-Phe in the feed solution, after seven experiments a high concentration of L-Phe was 
reached in the back-extraction solution, i.e. 0.7 mol/dm3 (more than 100 g/dm3). 

The main parameters of the process:equilibrium constants, KEq = 1.32, K1 = 7.0 xlQ-4 and 
membrane mass transfer coefficient, KM = 1.12x1Q-8 m/s have been evaluated allowing a good 
description of the experimental results as shown in Figures 2 and 3. These results allow the evaluation 
of this technology with a model based on the mass transfer rate and two equilibrium parameters . 
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ABSTRACT 

PROCESS DEVELOPMENT, DESIGN AND SCALE-UP 

USING A LARGE SCHEIBEL EXTRACTION COLUMN 
TehCLo 
T. C. Lo & Associates, 21 Miller Rd, Wayne, N. J. 07470, U.S.A. 

An extraction process was developed for recovery of an organic intermediate compound from the effluents of the reactors for 
a fine Chemical Plant. Laboratory studies and pilot plant tests were performed in a Karr reciprocating-plate column, a 
Scheibel extractor and an Oldshue-Rushton column. From the data obtained in the pilot plants, preliminary designs on these 
three types of columns were proposed. Economics and advantages of each system were evaluated. It was concluded that a 
1.45m (4ft 9inch) diameter Scheibel column with many stages was the choice for the design of the process. The Hoffmann
La Roche Company has long been associated and experienced with Scheibel Columns. The Scale-up and design of the 
Scheibel extraction column are described. Performance data of the plant extractor and an economic evaluation of the process 
are presented. 

Keywords: Scheibel column, column design, column scale-up 

INTRODUCTION 

This paper presents a case study of an extraction process development, design and scale-up 
using a 4ft 9inch diameter Scheibel extraction column. In a fine chemical plant, the effluents from the 
reactor contain a substantial amount of unreacted organic intermediate process compound, which were 
recovered by extraction. Pilot plant tests had been performed in a Scheibel column, Karr reciprocating
plate column, and in an Oldshue-Ruston (Mixco) column. Pilot plant runs for Karr reciprocating-plate 
column have been performed in the Roche Pilot Plant, and for the Scheibel column and Mixco 
column, at York Co. and the Mixing Equipment Co., respectively. Based on the pilot plant 
performance data, column designs have been proposed by the York Corp., Chern Flow Corp, and 
Mixco Co. A summary of the column characteristics for the pilot plants and proposed large scale 
columns is given in Table 1. 

DISCUSSION OF THE SCALE-UP 

The scale-up from the pilot plant performance data can be summarized as follows: 

A. Scheibel Column 

The 3" diameter Scheibel column used in the pilot plant test and the proposed large scale 
column were the type which incorporated horizontal baffles without wire mesh packing between 
stages.2 Figure 1 shows the compartment of the Scheibel column. 

Scheibel has stated that: 
• The optimal height of the mixing section can be scaled up based on the square root factor of the 

diameter . 
• The HETS varies with the square root of the diameter. 

(HETS)2/(HETS)t = (D2/D1)
0

'
5 

Total throughput 

The 3" pilot columns were operated in a throughput range of 102-120 GPH!tt2 York proposed 
to design for 415 GPH!tt2 in a 4'9" column. The scale-up factor for the specific throughput is 4. 
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TABLE I 
Summary of Seale-up and Desian of the Extraction Columns 

York-Scheibel Column Chem-Aow l :arr Column 

Pilot Plant Plant Scale-up Pilot Plant Plant Scale-up 
Test Desi~m factor Test DesiR.n factor 

Column Qiameter 3" 4'-9' 19 3" 3'-10" 15.3 
Total Throughput. 
gphlft 102 415 4 652 635 1 

fu!ri!&tiQQ SectiQD 
No. of Actual Stages 36 33 46 104 

Height Per Statge 1" 8" 8 2.3" 2.2" 1 

Total Ht Ext Section 3'-0" 22'-0" 8'-0" 18'-10" 

Stage Efficiency 22% 18.2% 0.83 17.5% 5.8% 

HETS 4.6" 44" 9.6 12" 38" -3 

No. of Theo. Stages 8 6* 8 6* 

W!:Y!h~ection 
No. Actual Stages 11 6 18 

Ht. Per Stage 8" 2" x'' 2t. 

Total Ht of Wash Sect. 7'-0" 1'-0" 3'-7" 

Stage Efficciency - -
HETS - -

No. of Theo. Stai!es 1** - 1** 

Material of Construction Pvret 304 s/s Pvrex 304s/s 

Drive HP 10 -ao 
* Six Theoretical Stages is required for an Extraction Efficiency of 99% Recovey 
** One Theoretical Stagte is required for the Washing of Organic Salt form Solvent Extract 

Mixco Column 

Pilot plant Plant Scale-up 
Test Desism factor 

6" 6'-0" 12 

230 2.58 1.1 

20 12 

3" 3'-0" 12 

5'-0" 36'-0" 

20% 50% 2.5 

15" 6'-0" 4.8 

4 6* ~ .,.., 

3 
I 

3'-0" 

9'-0" 

-
- 1** 

Pvrex 304s/s 

5 
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Stage efficiency and HETS 

The stage efficiency in the 3" column was 22% (HETS = 4.6" ). The plant design is based on 
an efficiency of 18.2% (HETS = 44") . On scale-up, the stage efficiency remains about the same, but 
the HETS is l 0 times greater. 

Scheibel columns are marketed by York Process Equipment Company, and sizes up to 2.55 m 
(8'6") in diameter are in service. A detailed description and design criteria for Scheibel columns are 
presented by Scheibel.3 Scale-up procedures for a Scheibel extraction column have also been 
reported.4 

-Horizontal 
stationary 
baffle 

-Turbine ---+--{<8!=:;:c3-~ 
impeller 

·Tie rod----+~~ 

Figure l. Compartment of Scheibel Column with Horizontal Baffle without wire Mesh 

Packing Between Stages 

Stage efficiency and HETS 

The stage efficiency in the 3" column was 22% (HETS = 4.6" ). The plant design is based on an 
efficiency of 18.2% (HETS = 44"). On scale-up, the stage efficiency remains about the same, but the 
HETS is 10 times greater. 

Scheibel columns are marketed by York Process Equipment Company, and sizes up to 2.55 m (8'-6") 
in diameter are in service. A detailed description and design criteria for Scheibel columns are 
presented by Scheibee. Scale-up procedures for a Scheibel extraction column have also been 
reported4 

B. Mixco Column 

Total throughput 

The 6"diameter pilot column with 20 stages was used for pilot testing at the Mixing 
Equipment Co. The total throughput for the pilot column was 230 GPH/ft2• The 6' diameter column 
was designed for a throughput of 258 GPH!ft?. The scale-up factor for the throughput is 1.1. The 
superficial velocity of flu id for the plant column was designed to be the same as that for the pilot 
column. 
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Stage efficiency and HETS 

The stage efficiency in the 6" diameter column was found to be 20%. Mixco proposed that for 
the 6' diameter column, a stage efficiency of 50% can be achieved. The scale-up factor on the stage 
efficiency is 2.5. The stage height for the pilot column was 3" and that for the plant design was 3'0" 
which represents a factor of 12. The HETS for 6" diameter pilot column was 15", and the HETS for 
the large column is 6'0" . The scale-up factor for HETS is 4.8. 

Oldshue -Rushton columns up to 2. 7m (9ft) in diameter have been reported to be in service for 
extraction. A description and design criteria for the Oldshue-Rushton columns have been reported2

• 
6 

C. Karr Reciprocating-Plate Column 

Total throughput 

The column has the highest throughput as compared with other columns shown in Table I. 
This is consistent with the data, which appears in the literature. 

Although a throughput as high as 1,300 GPH/ft.2 had been obtained in the 3" diameter column 
test, a throughput of 650 GPH/ft2 which gave the lowest value of HETS was chosen as the basis for 
the design. The scale-up of throughput is 1: 1. 

HETS 

The HETS obtained from the 3'-diameter column was about 12". For the 3'-10" diameter 
column design, a HETS of38" was proposed by Chern Flow. Thus, the scale-up factor is 
approximately 3. 

At the time when this piloting test was conducted at Hoffmann-La Roche in the early 1970s, 
the Karr Reciprocating-Plate columns was in the early stages of development. A 18"-diameter column 
was the largest column installed by Chem-Flow Co. However, the reciprocating-plate columns have 
gained increasing industrial applications in recent years . Description and design criteria for 
reciprocating-plate columns have been reported2

•
5 

CHOICE OF THE EXTRACTION COLUMN 

Choosing a contactor is still both an art and science. It is largely based on one's experience. 
The vendor's experience, pilot-testing procedures, scale up methods, costs for capital equipment and 
maintenance, and reliability of operation should be considered and evaluated at an early stage before 
the pilot-plant tests are committed. Although equipment cost and installation ought to be a major 
consideration, in many actual cases previous experience and practice are the deciding factors . 

Since the cost for these three types of columns was very close, the choice of the extraction 
column was mainly dependent upon the degree of confidence in the scale-up and experience with the 
extraction column. Roche has long been associated with Scheibel extraction columns, and with others, 
the Scheibel column was the choice for the design. 

PERFORMANCE OF THE SCHEIBEL EXTRACTION COLUMN 

Figure 2 Shows the process flow diagram for the 4' 9" diameter x 48' 0" overall height 
Scheibel extraction column. The column was installed and started up in early 1970s. The column has 
performed smoothly ever since with minimal maintenance required. Production capacity has been met, 
and extraction efficiency of 99.5% has been achieved. Table 2 shows a comparison of operating data 
with the design basis for the column. 
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Figure 2 . A ow Diagram of Process Control for a Scheibel Extraction Column. 

TABLE 2 

Comparison of Operating Data With Design for A 4'·9" 
Diameter Scheibel Extractor. 

~ratin2 Condition Performance ~ 
Q 

Temperature, C 44 45 

Throughput 

Total, GPH 6,000 7).00 

GPH/Ff?. 345 415 

Agiator speed, RPM 28 15-50 

Efficiency 

Extraction Efficiency, % 99.5 99.0 

No. of Theoretical Stages 6.7 6 

HErS, Inches 39 44 

Stage Efficiency, % 20 18 

Volumetric Efficiency, hf-l 14.2 15.2 
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ABSTRACT 

MODELLING OF THE SEPARATION OF CADMIUM 

FROM PHOSPHORIC ACID USING EMULSION LIQUID 

MEMBRANES 
T Gallego Lizon and ES Perez de Ortiz 
Department of Chemical Engineering and Chemical Technology, 
Imperial College of Science, Technology and Medicine, London 
SW72BY,UK 

This work deals with the use of the emulsion liquid membrane for the recovery of cadmium from phosphoric acid. The liquid 
membrane contained the extractant Cyanex 302 and the surfactant Arlacel C. Results on the extraction rate at different 
stirring speeds, together with measurements of the continuous phase-emulsion interfacial area using endoscopic 
photography, indicated that the extraction rate-controlling mechanism was a combination of chemical resistances and the 
diffusional resistance in the continuous phase diffusional film. A mathematical model was developed for extraction with this 
type of mass transfer regime and a pseudo-first order interfacial reaction. Experimental results over a wide range of 
experimental conditions were in good agreement with the model predictions. 

Keywords: cadmium, phosphoric acid, Cyanex 302, emulsion liquid membrane, mass transfer, modelling 

INTRODUCTION 

The presence of cadmium and other metal compounds in the raw phosphoric acid utilised in 
the manufacture of fertilisers has generated an increasing search for new processes of pollutant 
recovery,l,2,3,4 Among liquid-liquid extraction processes, emulsion liquid membrane extraction 
appears to be a viable process, since it has potential to yield low metal concentrations in the raffinate 
and high concentrations in the stripping phase whilst using a low organic inventory. 

The extraction of cadmium with an emulsion liquid membrane has been reported5,6,7,8,9 for 
moderately acidic feeds. At the highly acidic conditions of phosphoric acid (pH - 0), only our 
preliminary results were found in the literature.IO In this paper we present the extraction results 
obtained in a stirred tank reactor of standard configuration over a wide range of conditions, and the 
variation with stirring speed of the interfacial area between the continuous phase and the emulsion 
globules, measured using endoscopic photography. From these results it was concluded that the 
extraction rate was under the mixed control of the chemical reaction and mass transfer in the 
continuous phase diffusional film. A model developed for extraction under this regime and pseudo
first order interfacial reaction is proposed and compared with the experimental results. 

EXPERIMENTAL 

3CdS04.8H20 (Aldrich Chemical Co.) was added to H3P04 to create a synthetic phosphoric 
acid continuous phase. Cyanex 302, the membrane carrier, was kindly supplied by Cytec Co. and used 
without further purification. Surfactant Arlacel C was provided by ICI surfactants. Low odour 
kerosene was used as the diluent in the membrane phase containing the extractant and the surfactant, 
and HCl and NaCl (Merck, p.a.) were analytical grade reagents used to form the internal phase of the 
emulsion. The stripping phase was chosen to be a mixture ofNaCl (3mo1Jdm3) and HCl (1 mo1Jdm3), 
as previous findings 10 showed the chlorine ion to be responsible for the reaction with the 
metal/reagent complex. 

Cadmium concentrations in the feed phase were modified between 0.0003 and 0.0032 
mo1Jdm3 and Cyanex 302 concentrations in the membrane phase between 0.05 and 0.91 mo1Jdm3. 
The Arlacel C concentration was held constant at a value of 5% v/v in the organic solution. 
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Unless otherwise stated, the effect of the various parameters was individually investigated, so 
that only one variable was modified at a time whilst the others were being held constant. Standard 
conditions were selected and are summarised in Table 1. 

Initial cadmium concentration m continuous 
phase 
Phosphoric acid concentration 
Surfactant (Arlacel C) concentration 
Reagent (Cyanex 302) concentration 
Stripping phase composition 

Treat ratio (V continuous phaseN emulsion) 
Phase ratio (V membraneN stripping phase) 
Homogeniser speed 
Stirring speed 

Table 1 Standard experimental conditions 

0.00042 moVdm3 

4.5 moVdm3 
5% v/v 
0.3 mol/dm3 
NaCl (3mol/dm3) 
(lmol/dm3) 
20 

3000 rpm 
300 rpm 

+ HCl 

The emulsion globules were photographed using an endoscope, with a high powered light 
source attached to a high speed video camera system (Kodak EcktaPro 1000 Imager), and the 
interfacial area of the dispersion was then evaluated assuming spherical globule shape. 
The geometry of the tank is described in Table 2. 

Internal diameter of vessel 
Liquid height in vessel 
Impeller diameter 
Impeller type 

Table 2 Tank Dimensions 

MODEL 

0.09m 
0.125 m 
0.0365 m 
6 flat-blade turbine 

It is assumed that due to the reduced solubility of the reagents in opposite phases, the 
chemical reactions taking place are interfacial. In view of the relatively large concentration of carrier 
present in the organic phase, its rate of transfer through the membrane was not expected to affect the 
overall transfer mechanism. Kinetic data obtained by Maurin 11 for extraction in a two-phase system 
indicated that the reaction is of pseudo-first order with respect to Ccd, i.e. (red) = k£' ·CCd· It was 
further assumed that no globule coalescence or break-up took place in the tank, and that the external 
phase was well mixed. The values of the physical properties were assumed constant. 

As discussed in the Results section, experimental results on the rate of extraction at different 
Cd and extractant concentrations, and over a range of stirring speeds, showed that the rate of 
extraction was under the mixed control of diffusional resistances in the continuous phase diffusional 
film and of the rate of reaction. Thus these are the resistances considered in this model. The film 
theory was applied to flat sheet geometry. 

At quasi-steady state, the rate of mass transfer of cadmium from the bulk of the continuous 
phase to the interface between the continuous and membrane phases, must be equal the rate of 
reaction at the interface: 

(1) 
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where, 

k~ = k E 'CCyanu302 (2) 

From experimental results, the variation with time of cadmium concentration in the bulk of the 
continuous phase was given by: 

(3) 

In these equations as is the specific area (m-1), Cc}l, Cci, Cccfl are the bulk, interfacial 
and feed cadmium concentration (kmol/m3) and Ccyanex 302 is the concentration of Cyanex 302 in 
the membrane phase (kmollm3). kc is the continuous phase mass transfer coefficient (m/s); kE and 
kE' are the rate of reaction (m3fs·kmolC302) constant and first-order reaction rate constant (s-1), and 
t is the time. fJ ( s-1) is a parameter, which can be regressed from experimental findings. 

Rearranging these equations, the following expressions for the interfacial concentration and 
the rate of reaction were obtained: 

(4) 

a:;b co 
r = =--sE_ = Cd exp{- fJ · t) 

a ( 1 1 J 
kcas + k~ 

(5) 

and 

1 
(6) 

This model gives the rate of extraction as a function of time, specific interfacial area, the 
pseudo first order reaction rate constant, and the mass transfer coefficient in the continuous phase. 
The specific interfacial area at different conditions was calculated from measured Sauter mean 
diameters, according to: 

6¢ 
a =- (7) 

s d32 

where <P is the emulsion hold-up and d32 is the Sauter mean diameter (m). 
The mass transfer coefficients in the continuous phase have been calculated for different 

stirring speeds and emulsion hold-ups using Skelland and Lee's correlation.l2 Thus, the only 
parameter that was estimated by regression was the reaction rate constant. 

RESULTS AND DISCUSSION 

Study of the rate controlling resistances in a stirred tank reactor 

Figure 1 shows the variation of the mass transfer rate, rE, and the specific interfacial area, as, 
with the stirring speed N. The dependence of the mass transfer rate with N was to N2.9, whilst that of 
the interfacial area was only to N 1.0 1. This means that the increase in extraction rate with stirring 
speed is substantially larger than the increase in interfacial area. Another operating parameter that 
increases with N is the mass transfer coefficient in the continuous phase. Skelland and Lee12 
proposed a correlation for dispersion in stirred tanks in which the continuous phase mass transfer 
coefficient is proportional to NL8. The addition of the powers ofN for the effect on interfacial area 
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and on the mass transfer coefficient gives 2.8, which is approximately the same power as obtained for 
the variation of rE with N. It was therefore concluded that the mass transfer resistance in the 
continuous phase was at least part of the rate controlling mechanism. 

Effects of Cd and reagent concentrations 

Results plotted in Figures 2 and 3 show the effect on extraction rate of the extractant and Cd 
concentrations, respectively. An analysis of this data is beyond the scope of this paper, but it can be 
concluded that the rate of the interfacial chemical reaction is well of pseudo-first order with respect to 
Cd, as described by equations 1 and 2 13. 

5.&07 1000 

Y = 2.0617x' ·o'/v '(] 4.&07 800 
•" ,· 

"' og· I' 
'E 3.&07 c:r'" ._ .... • 600~ 

"' ~ 0 .. · y =2&14x2·9000 

g_ 2.&07 
.. · 400~ ..; 

\!! 
.,/ 

1.&07 I • rate ()! exlraction I 200 
o s pec1fic area 

O.E+OO 0 
200 250 300 350 400 450 

N(rpm) 

Figure 1. Experimental variation of as and fE 
predicted 

with stirring speed at standard conditions 
defined in Table 1. 

1 
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~ 0.3 

0.2 
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Comparison of predicted and experimental results 

0 500 1000 1500 2000 
Tirre (s) 

Figure 2. Effect of Cyanex concentration 

by the quasi-steady state model. 

Extraction results were calculated with the model using Skelland and Leel2 correlation for 
the estimation of kc, and the as measured values. The rate constant of chemical reaction was obtained 
by regression using the extraction experimental values and equation 6. 

Figure 2 displays predicted results obtained with the model and the experimental data at 
different reagent concentrations. Corresponding values of the 13-parameter and of kE 'las are presented 
in Table 3. 

Ccyanex 302 
(mol/dm3) 

0.03 
0.15 
0.3 
0.6 

0.000175 
0.00062 
0.00105 
0.0013 

640 
655 
675 
710 

k£'/as (rnls) 

3.09·10-1 
1.58·10-6 
4.6·10-6 
8.29·10-6 

Table 3 Reaction rate coefficients for various reagent concentrations 

The value of the interfacial extraction reaction constant (kEias) is independent of the specific 
area, as expected, and equal to 1.39·10-5 m4!krnol·s. 

Predicted and experimental results of Cd extraction as a function of Cyanex and Cd 
concentrations, and at different stirring speeds, are shown in Figures 2, 3 and 4, respectively. Lines 
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indicate predicted results, whilst markers represent experimental data. In general predicted and 
experimental results are in good agreement. Results predicted by the model were best for cadmium 
concentrations smaller or equal to 8.4·10-4 mol/dm3 (Figure 3); above this value diffusional 
resistances in the internal phase may become important as the concentration of the complex increases. 
It can be observed in Figure 4 that predicted values are good, except for those at a stirring speed of 
264 rpm, for which the predicted extraction rate values are higher than the experimental. This may be 
due to the fact that at this low stirring speed the emulsion may not be fully dispersed, with the 
consequent decrease in interfacial area. 

4.00E-03 

• 0 

• [Cd]o=0.00042 M 
3.00E-03 +-t+ • [Cd]o=0.000844 M 

-,~ + [Cd]o=0.00322 M 

S' 2.00E-03 ' ~ ' + ., 
...... 

1.00E-03 
....... _ 

·-. 

O.OOE+OO 

0 500 1000 
Time (s) 

1 
0.9 
0.8 

~ 0.7 
..- 0.6 '0 
~ 0.5 
..- 0.4 
'0 

0.3 £ 
0.2 
0.1 

0 

0 

• 
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+N=250rpm 

:t:N=3001rn 
•N=3301:rn 
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Figure 3. Effect of continuous phase initial 
concentration on predictions determined with the 
with the quasi-steady state model. 13= 0.00105s-1, 
kc= 2.35·10-6mfs, as= 675m-1. 

Figure 4 Effect of stirring speeds on Cd2+ 
predictions determined with the quasi-steady 

state model. kE'= 0.003 s-1. 

CONCLUSIONS 

Predicted and experimental extraction rates agree well within a wide range of conditions 
which cover those of industrial operations. However, large deviations were encountered at large 
initial Cd concentrations in the continuous phase, and at stirring speeds below 300 rpm. The former 
may be due to mass transfer resistances in the membrane phase caused by the high concentration of 
complex, and the latter to incomplete emulsion dispersion. 
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ABSTRACT 

HOLLOW FIBRE MODULES AS NOVEL PHASE 

CONTACTORS FOR THE SEPARATION OF MULTI

CATION MIXTURES BY CHEMICAL EXTRACTION 
Andreas Geist, Jae-11 Kim, Pawel Plucinski1 and Walter Nitsch2 

Forschungszentrum Karlsruhe, Institut fiir Nukleare 
Entsorgungstechnik, D-7 6021 Karlsruhe, Germany. 
'University of Bath, Dept. of Chemical Engineering, Bath BA2 
7AY, UK 
2TU Miinchen, Institut fiir Technische Chemie, D-85748 Garching, 
Germany 

The separation of multi-cation mixtures using a hollow fibre module (HFM) is presented. Experimental results on the co- · 
extraction of divalent cations (Cd2+, Cu2+, Ne+, Zn2+) into bis(2-ethylhexyl) phosphoric acid (D2EHP A) show good 
agreement with calculated results. Calculations are based on a predictive and descriptive modeling of mass transport and 
exchange in HFM. The influence of common proton and complex ant concentrations on the distribution of individual metallic 
species is demonstrated. The reliability of the modeling allows calculations on the separation of Am3

+ from Eu3+ with 
purified Cyanex 301 (bis(2,2,4-trimethylpentyl)dithiophosphinic acid). The results indicate that Am3+ can be extracted 
quantitatively with only minimal co-extraction of Eu3+ in a single HFM pass. 

Keywords: americium, cadmium, copper, europium, nickel, zinc, Cyanex 301, bis(2-ethylhexyl)phosphoric acid, hollow fibre 
module, mass transfer, modelling 

INTRODUCTION 

Hollow fibre modules (HFM) are efficient phase contacting devices in liquid-liquid-extraction.' Their 
field of application is comparable to that of countercurrent column contactors. However, HFMs offer 
several distinct advantages, promoting the application of liquid-liquid-extraction for the separation of 
dilute species. 

Because the two phases are macroscopically separated by a micro-porous membrane, flow rates 
of both organic and aqueous phases can independently be adjusted over a wide range. This is crucial 
for obtaining high volume reduction factors. Mutual contamination of phases with entrainment does 
not occur. Furthermore, very small diffusion distances in HFM result in compact dimensions (approx. 
one-tenth the length of conventional columns2

). 

The outstanding potential of non-dispersive chemical extraction has already been demonstrated 
on the mass transfer system: Zn2

+ /H2S04 - D2EHP A/kerosene, and a predictive modeling of the 
chemical mass transfer process in HFM has been established? Mass transfer in this system is limited 
by diffusion in the range of concentrations of interest.3 

To our knowledge, predictive modeling of multi-cation co-extraction/separation by chemical 
extraction in HFM has not yet been established. We therefore investigate co-extraction and separation 
of two or more metal cations in HFM. The known mass transfer system Me2

+ /H2S04 - D2EHP AI 
kerosene (Me = Cd, Cu, Ni, Zn) is utilized, where mass transfer is limited by diffusion for all species 
regarding both extraction and back-extraction.4 

EXPERIMENTAL 

D2EHPA (>98%, Bayer AG, Germany) is used as received. It is diluted in WBC-15, a technical 
grade iso-dodecane fraction (Biesterfeld Chemicals, Germany). Metal salts are analytical grade 
sulfates. 

The HFM setup is described.2 Both phases pass through the module in counter-current, single
pass mode. The aqueous phase flows in the lumen of the hollow fibres (HF). Modules are Hoechst
Celanese Liqui-Cel 5PCM-105 type modules (9000 HF, membrane material polypropylene, average 
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pore size 0.05 J.lm, HF i.d. = 0.24 mm, HF o.d. = 0.30 mm, active length = 0.55 m, active diameter = 
0.05 m). Static pressure in the aqueous phase is kept ca. 0.5 bar higher than in the organic phase in 
order to maintain proper phase separation. 

Inlet and outlet concentrations are measured with ICP-AES (Spectroflame Modula, Germany). 
Stationary outlet concentrations are plotted vs. aqueous flow rate. 

Stirred cell experiments are conducted in a Nitsch stirred cell (see 5
"
6 for details) with Cyanex-

301, purified according to7
, and dissolved in WBC-15 to a concentration of 0.4 kmol/m3

• Aqueous 
phase is 2 mg/L Eu3

+ (as Eu(N03) 3, analytical grade) in acetate buffer (0.01 kmol!m3
) of pH = 5.0. 

Aqueous concentration in the stirred cell is plotted versus time, and initial fluxes are determined at 
varying stirring speeds. 

CALCULATION OF CO-EXTRACTION IN HFM 

Calculation of mass transfer for chemical single species extraction limited by diffusion in HFM 
is described.2 Fundamental physical and chemical phenomena (diffusion in aqueous and organic 
phases, mass exchange according to experimentally determined equilibrium and stoichiometry data, 
flow of phases, module geometry etc.) are taken into account, and no fitting parameters are used. This 
modeling is modified for calculating co-extraction and separation of multi-cation mixtures. 

In a system limited by diffusion, the following steps of mass transfer have to must be considered: 
1. diffusion of metal ions and protons in the lumen ofHF 

2. diffusion of complexant and metal complexes in the pores of the hydrophobic 
membrane material 

3. diffusion of complexant and metal complexes in the shell-side of the HFM 

Due to the fast chemical reaction (as mass transfer is limited by diffusion) of the metals investigated, 
Mer, with complexant molecules, (HXh, 

(1) 

chemical equilibrium for each metallic species is established at the liquid/liquid interface, with 
individual equilibrium constants, K;: 

[Me;X2(HX)2m,-J · [H+ r y 
[Me?+ r · [(HX1 r t 

Interfacial concentrations, [A]", can be expressed by 

(2) 

(3) 

with bulk concentrations [A], individual mass transfer coefficients kA, and fluxes )A. Individual fluxes 
are coupled according to the stoichiometry of the mass exchange equation (equation 1): 

jMe1X2 (HX),.
1

_2 
= - j Me," (4) 

i(HX), Lm; -JM.,'· 
(5) 

iw = - 2 · LiMef• 
(6) 

and individual equilibrium conditions K; for all Me/+ involved are rewritten: 
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(7) 

All K; are coupled via both the common proton and complexant concentrations, [F] and [(HXJ2], and 
the sum terms in equation 7, analogous to reference8

• 

Hence, with known individual mass transfer coefficients and equilibrium constants, fluxes of 
the key components can be calculated. Aqueous mass transfer coefficients (in the lumen ofHF) can be 
calculated according to an analytical solution given.9 Shell-side mass transfer coefficients are 
calculated according to a correlation given. 10 Equilibrium constants are taken from2

• By numerical 
calculation of fluxes and a cell-wise calculation of the module (considering changes in concentration 
within a cell due to both convection and mass transfer across the liquid/liquid interface), concentration 
profiles and metal outlet concentrations, [Mer ]out. are calculated. 

SEPARATION OF DIVALENT CATIONS 

Figure I shows results from zinc/cadmium separation/co-extraction. Extraction efficiency is increased 
with decreasing aqueous flow rate, Q.q, due to longer residence time. The two figures demonstrate the 
influence of complexing agent concentration. At a relatively low complexant concentration 
(0.05 kmol/m3

, figure lA), zinc is readily extracted (from 100 mg/L to less than 0.1 mg/L, depending 
on flow rate), whereas cadmium is removed only to a small extent (e.g. from 10 mg/L to ca. 7 mg/L). 
This effect is caused by proton release due to zinc extraction, which impedes cadmium extraction. 
Simply by increasing complexant concentration to 0.5 kmol!m3 (Figure lB), both zinc and cadmium 
are extracted to approximately the same extent. In this case, cadmium is extracted, due to higher 
complexant concentration. Note the good agreement between experimental and calculated results. 

100 100 

10 ..o--0---...0.--- 10 

~ .s 
.J --0 . .,-
"' ... 
i ,..Q 

0,1 0,1 .... .... 
/ 

/ 
/ 

I 

0,01 0,01 l 

0 5 10 15 20 25 0 5 10 15 20 25 

Oaq [Uh] Oaq [Uhl 

Figure 1 Zinc/cadmium co-extraction in a HFM. [Zn2+];n = 100 mg/L; [Ctf+];n = 10 mg/L; pH;n = 
5.5; Q org = 1.8 L/h. Symbols: experiments; lines: calculated. •-zinc; 0--- cadmium 

A: [(D2EHPA)z] = 0.05 kmol!m3 B: [(D2EHPA)z] = 0.5 kmol!m3 

Similar calculations were performed for the separation of a mixture of four cations (Zn2
+, Cd2

+, Cu2
+, 

Ne+, see figure 2): Metals are removed according to their extractability with D2EHPA (Zn2+ > Cd2+ > 
Cu2+> Ni2+)/ with nickel remaining practically unaffected. 
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Figure 2: Zinc/cadmium/copper/nickel separation in a HFM. [Zn2+]in = [Cd2+]in = [Cu2•]in = 11 mg/L; 
[Nl+]in = 1.1 mg/L;pHin = 5.5; [(D2EHPA)l] = 0.05 kmollm3

; Qorg = 1.6 L/h. Symbols: 
experiments; Jines: calculated. 

AMERICIUM/EUROPIUM (Am3•/Eu3
) SEPARATION 

The fact that calculating mass transfer yields satisfactory results for co-extraction and 
separation, prompted calculations of Am3. /Eu3

• separation. The complexant is Cyanex-301 , which, in 
a purified form, is able to separate Am3+ from Eu3

• with a high separation factor.7 Equilibrium and 
stoichiometric data are taken from7

• Stirred cell experiments (see Figure 3) indicate that extraction rate 
is limited by diffusion, as can be seen from the linear increase in flux, j~='0 , with stirrer speed, naq· 

. 

.J 
+ .., 
til 
0:::::' 

j1 . ...., 

2 

0 
0 50 1 00 150 200 250 300 350 

n aq [1/min] 

Figure 3. Stirring speed dependency of europium extraction with purified Cyanex-30 1. [EuJ+ ]FO = 

2 mg!L, [Cyanex-301] = 0.4 kmollm3,pHFO = 5.0 (buffered), norg = naq· 
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Figure 4: Calculated americium/europium separation with purified Cyanex-301 in a HFM. [Am3+]in = 

10 mg/L; [Eu3+]in = 1000 mg!L;pHin = 4.2; [Cyanex-301] = 1.0 kmoVm3
; 

Qorg = Qaq· --Am3
+; --- Eu3

+ 

With this data, Am3+/Eu3
+ separation in a HFM using purified Cyanex-301 is calculated. Figure 4 

shows the result of the calculations. At a flow rate of 5 Llh, 99.9% of Am3
+ is transferred to the 

organic phase (i.e. a decontamination factor of 1 000), whereas only ca. 0.3% of Eu3+ (not noticeable in 
figure 4) is co-extracted. 

CONCLUSION 

The potential for predictive modelling of the separation of multi-cation mixtures with non
dispersive chemical extraction is demonstrated. Such calculations permit evaluation of HFM 
separation technology and are very helpful for process scale-up, as no fitting parameters are 
used. The modeling is easily adapted to other mass transfer systems limited by diffusion (be it 
physical or chemical extraction), giving preliminary information about the applicability of 
HFM extraction for a separation task. 

NOMENCLATURE 

j 
k 
K 
m 
n 

Q 
[] 

flux 
mass transfer coefficient 
equilibrium constant 
stoichiometric factor 
stirring speed 
flow rate 
concentration 

Subscripts, superscripts: 
aq in aqueous phase 
in at inlet 
out at outlet 
org in organic phase 

regarding component i 
at liquid/liquid interface 

kmoVm2s 
m/s 
(depending on stoichiometry) 

1/min 
[Lih] 
kmoVm3 or mg!L 
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ABSTRACT 

MODELLING OF CONTINUOUS REACTIVE 

EXTRACTION AND STRIPPING OF ZINC IN HOLLOW 

FIBRE MODULES 
P SchOner, W Nitsch, P Plucinski I and A Fedorov2 
Technische Universitlit Miinchen, Institut fiir Technische 
Chemie, 85748 Garching, FRG 
lpresent address: University of Bath, Department of Chemical 
Engineering, Bath , UK 
2present address: National Technical University of Ukraine, 
Department of Cybernetics of Chemical Technology Processes, 
Kiev, Ukraine 

The experimental studies carried out recently by our research group confirm the great potential of hollow fibre modules as 
extraction devices, especially in environmental engineering. With a continuous working extraction-stripping plant for 
Zn/DEPA (bis(2-ethylhexyl)phosphate) in iso-dodecane stable operating conditions have been achieved for one week (time 
was limited by the volume of the storage tank). A maximum concentration ratio (enrichment factor) of 340 was obtained 
without optimisation of the process. The performance of the continuous process can be calculated, and therefore designed 
and optimised by using a physico-chemical model developed in our group. 

Keywords: zinc, bis(2-ethylhexyl)phosphate, hollow fibre module, reactive extraction, modelling 

INTRODUCTION 

In the last few years the demand for separation processes in environmental engineering has 
been constantly growing. So the object of our investigations is to show that liquid/liquid extraction in 
hollow fibre modules is advantageous for the enrichment of ppm range concentrations in the field of 
environmental applications. As a model system we use Zn/DEPA in iso-dodecane (see equation 1). 

Zn2+ + 1.5 (HX)
2 

Zn.X2 (HX) + 2H+ (1) 

In previous studies 1, 2 as a standard procedure, typical industrial throughputs were realised 
reducing the zinc concentration from 100 mg/1 to less than 2 mg/1 (limiting value). In the experiments 
the commercially available Liqui-Cel® cross-flow modules (Hoechst-Celanese) were used. The 
possibility of the separation of multi-cation matrices has also been demonstrated3 . However until now 
studies of extraction and stripping were performed separately. The aim of the present work concerns 
the operation and modelling of a continuously working extraction-stripping plant. 

EXPERIMENTAL 

Figure 1 shows the process scheme of the zinc recovery plant. In module I zinc is removed 

(extracted) from the wastewater into the organic phase as [ Zn.X2 (HX)] . Subsequently in module II 

zinc is stripped by sulphuric acid with regeneration of the complexing agent ( HX ). 
Liqui-Cel® cross-flow modules were used with an active length of 15 em and a diameter of 5 em. For 
details of the equipment see Schoner et aJ.4. 

The aqueous phase contains 100 mg/1 zinc (as zinc sulphate - Merck, p.a.). The initial pH 
value varied between 5.3 and 5.7. The organic (extraction) phase is a solution of bis(2-
ethylhexyl)phosphate (DEPA, Bayer AG) in iso-dodecane (WBC15, Biesterfeld, Germany). The 
regeneration (stripping) of the organic phase was achieved using 1 molar sulphuric acid (Merck p.a.). 
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The concentration of zinc was measured using inductive coupled plasma atomic emissiOn 
spectroscopy (SPECTROFLAME, Spectro, Germany). 

Znend,ex,org 

ZnXiHX} 

I II 
Znend,ex,aq 

Znend,reex,org 

HX 

Figure 1: Schematic view of the continuous extraction stripping process 

MODELLING 

Because of the many parameters influencing the overall process a physico-chemical 
modelling of the process (fluid dynamics and mass transfer) is advantageous for an efficient 
optimisation of the plant. 

To model the mass transfer, the module was divided into a two dimensional matrix of balance 
elements (Figure 2), taking into account the fluid dynamics of the cross-flow mode. 

DD 
DO 
DO 
DO 
DO 
DO 

-~~ aqueous phase 

- .._ organic phase 

Figure 2: Scheme of cells matrix 
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The calculation of the mass transfer in a balance element was based on: 
• coupling of the fluxes of the individual species (zn2+, H+, complexing agent, complex) at the 

liquid/liquid interface - the site of chemical reaction, 
• transport limited mass transfer (i.e. the interfacial chemical reaction is fast and therefore 

equilibrium can be established). 
In the calculations no fitting parameters were used, therefore one can designate it as predic

tive modelling . The mass transfer coefficients in the shell side were calculated using our experimental 
correlation4, those for the lumen-side were calculated according to Skelland's analytical solutionS. 
The relevant equilibrium values in equation 2 were measured in our laboratory. 

[znX2(Hx)]·[H+ ]
2 

K= W 
[ Zn2

+ ]· [(HX) 2 r 
RESULTS AND DISCUSSION 

For the coupling of extraction and stripping the following three parameters are important: 
• the final zinc concentration of the purified wastewater [Znend,ex,aq], 
• the final zinc concentration in the stripped solution [Znend reex aq] and 
• the so called enrichment factor ([Znend,reex,aq]/[Zno,ex,a~D- ' 

Assuming that for technological reasons the initial zinc concentration of the wastewater 
[Zno,ex,aq] and the volumetric flow rate Faq are fixed, the optimisation of the three response values 
can be achieved by varying the 

• type of module (geometry), 
• volumetric flow rate Facid , 
• concentration of the acid and 
• volumetric flow rate of the organic phase F org· 

For most applications optimisation means achieving the limiting value for the zinc 
concentration in the purified wastewater [Znend ex aq] and the maximum value for the concentration 
of zinc [Znend,reex,aq] in the acid. A typical e~a~ple of the calculation according to the proposed 
model together with experimental results is shown in Figure 3. 

If one varies the volumetric flow rate of the acid (the other parameters being kept constant) 
the performance of the extraction is less effective for values lower than approximately 0.03 1/h 
(Figure 3a). This is because the mass flow of free complexing agent (F0 rg·[HX]) decreases due to the 
organic phase being not completely regenerated (initial loading [Znend,reex,orgD· 

Considering the stripping (Figure 3b), the reduction of the acid flow rate Facid results in a 
higher concentration of zinc ([Znend reex aqD, so the optimal operating range is at an acid flow rate 
of approximately 0.03 1/h, caused by the d~crease of extraction efficiency (Figure 3a). 
In our example an increase of zinc concentration in the final stripping solution by an enrichment 
factor of 340 is achieved without optimising the concentration of the acid or the complexing agent. 

Figure 4 shows the optimisation strategy directed to the maximum enrichment factor for the 
fluxes Facid and Forg as variables. The corresponding results are demonstrated in Figure 5. 
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Figure 3: Variation of acid flow rate 
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Figure 4: Optimisation strategy 
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The most important aspect regarding separation efficiency is the high sensitivity of the 
enrichment factor to the selected acid flow rate Facid (Figure Sb). In this connection however the 
demand for the maximum enrichment factor means a narrow operating range in the flow rate F org 
(Figure Sa). 
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Figure 5: Optimisation 

Faq = 61/h, 
[(DEPA)2] = 0.5 mol/1, 
[Zilo,ex,aq] = 100 mg/1, 
[H2S04] = 1.0 mol/1 

Regarding chemical liquid/liquid extraction in hollow fibre modules, because of the 
multiplicity of variables (i.e. 11 variables for the extraction/stripping mode) an empirical (black box) 
optimisation would be extremely ineffective. Therefore the presented very good agreement of the 
proposed model with the experimental data (Figure 3) is important because it proves the reliability of 
the above calculation procedure. This means it is possible to concern all the operation variables to 
achieve a complete treatment of optimisation. Furthermore the model allows dynamic simulation as 
well as characterisation of sensitivities. 
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ABSTRACT 

MATHEMATICAL MODELLING OF METAL 

PERMEATION ACROSS A SUPPORTED LIQUID 
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Mathematics I, Universitat Politecnica de Catalunya, ETSEffi, 
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This paper presents general aspects in the field of liquid membrane modelling considering the following steps: a) equilibrium 
reaction between the solute and the carrier to form the solute-carrier complex at the interface; b) mass transfer by diffusion of 
the solute-carrier complex in the membrane phase to the membrane-stripping phase interface; c) another equilibrium reaction 
between the complex and stripping phase reagent to release the solute at the membrane stripping phase interface into the 
stripping phase. This model presents a description of the systems which include the rate constant as parameters controlling 
the behaviour of the process. 

Keywords: supported liquid membrane, modelling 

INTRODUCTION 

Liquid membranes continue to command significant attention during the last few years in the 
field of environment and hydrometallurgy. Before scaling-up any liquid membrane (LM) 
configuration, a theoretical model of the liquid membrane system is needed to design an efficient 
recovery process in terms of better stability. In the past few years, we have introduced a 
comprehensive programme on the kinetic modelling of liquid membranes for metal separation process. 
An analysis of the modelling of the FSSLM (Flat Sheet Supported Liquid Membrane, further 
abbreviated as SLM through out the paper) system is presented considering co-transport phenomena 
taking into account the kinetic reactions and other important chemical parameters. More details of this 
process are described elsewhere.1-

5 In the SLM system, transport through a liquid membrane takes 
place via following consecutive steps: partitioning of a species from the aqueous feed phase into the 
membrane phase, complexation by the carrier inside the membrane phase, and transport of the 
complex through the membrane. At the receiving side of the membrane, decomplexation and 
partitioning of the species into the aqueous receiving phase takes place. The three phases in SLM are 
defined as: (i) Aqueous feed phase containing metal cation; (ii) Membrane phase i.e. a polymeric 
support, impregnated with organic phase containing extractant (carrier) and diluent and (iii) Receiving 
phase in which the metal ion is uncomplexed from membrane phase. The present paper deals with the 
modelling of an SLM system considering a chemical reaction which takes place at feed-membrane 
interface and enables us to obtain cM1(t) (concentration of metal in the feed phase) and Cc(t) 

(concentration of metal complex in membrane) as a function of time, reaction velocity constants and 
initial conditions. Our model is based on the Fick's second law,1

'
2 taking into account the non-steady 

state of diffusion of the metal complex in the membrane gives the function u(x,t). Considering the 
function u(x,t), and taking into account the reaction that takes place at the membrane-strip interface, 
we obtain CMs(t) (concentration of metal in strip phase) as a function of time, initial conditions of 
system and reaction velocity constant. Interestingly, the reaction velocity constant plays an important 
role in the modelling of a liquid membrane system. The objective of this paper is to perform the 
mathematical modelling of a SLM system taking into consideration the initial conditions, 
characteristics of the membrane and kinetics parameters of the chemical reaction that takes place in 
the system. The present SLM model illustrates the permeation behaviour of solute transported in very 
long time and at this time, solute concentrations are not measurable experimentally. 
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MODELLING 

The supported liquid membrane (SLM) modelling system is divided into three 
different but inter-related parts. In all these parts, pseudo rate constants of the reaction play an 
important role. These constants are considered as kinetic parameters, as explained below. 

Mathematical model for the behaviour of metal concentration in feed phase and metal
complex concentration in membrane phase. 

In the feed-membrane interface, the chemical reaction that takes place is as follows: 

M 
1 

+ p
1 

+ E 'r ) c and the rate of the reaction is presented in the system ( 1 ). 

~ 
where 

(1) 
I = 0, eMf= C';,r (1.1) 

kf k =~ k,= -
I =0, Cc = 0 (1.2) kDE - 1 kDC 

CE k _S_ (1.3) kv£ = - oc -
CEf ccf 

The system (1) consists of two ordinary differential equations (o.d.e.) (1.1) and (1.2) plus an algebraic 
equation (1.3), obtained from the charge balance in the feed phase (see chemical equation), which 
gives the free protons concentration. The solution is: 

(1.4) 

(1.5) 

where 

M, = .!._ (K..,CEK• + Ca + C'/.,1 )- .!._ ~(K ... CEK. + Ca + C'/.,1 Y- 4C';,JCs 
2 2 

On the basis of the theory of stability of solutions of o.d.e, 1 it turns out that: 
c· M eMf~ M 2' for t ~ 00 ' and hence Mf - 2 100 (1 .7) 

c~~ 
(1.7) is the maximum percentage of the transported metal. 

Mathematical model for the diffusion of the metal-complex through the membrane. 

In the present system of SLM modelling, co-transport phenomenon of metal-complex ts 
considered. It is also assumed that a) total density, temperature and pressure are constant, and that 
there exists only diffusion of the metal-complex without overflow; b) constant diffusion coefficient of 
solute (only dilute solutions are considered); c) one-dimensional diffusion along a spatial variable ' x'. 
Since the system is heterogeneous (the chemical reaction takes place only in a restricted zone), the 
source term denotes the complex generation, which can be incorporated as a boundary condition just 
on the surface where the reaction takes place. Hence, the non-steady-state diffusion of the complex is 
expressed by the following partial differential equation (p.d.e) with initial and boundary conditions: 

8u fiu 
- =D - · at '&2

' 

O<x< L 

t >O {

u(O,t) = Cc(t) V t > 0 
(2.1 ); u(x,O) = 0, 0 ~ x ~ L (2.2); Bu(L t) (2.3) 

--'- = 0 V t > O at 
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where u(x,t) is the function indicating complex concentration in the membrane for any position x and 
time t, the equation (2.1) is the Fick's second law of diffusion' defined for the thickness of the 
membrane (L), (2.2) indicates that there is no complex in the membrane at t = 0, and (2.3) are the 
boundary conditions, 1 when x = 0 represent the feed boundary (Dirichlet condition) and when x = L 
(insulated boundary) indicates that the metal-complex does not flow to the stripping phase (Neumann 
condition). 
The solution of (2.1) - (2.3) can be obtained through the methods of eigenfunction expansions, 1 and is 
given as: 

( ) C ( ) 
4H ~ exp( -Bt)- exp( -J...D,t) (2n -!}r 

u x,t = c t - - L... ( X ) sen---x 
7r •=t 2n - 1 J... D, - B 2L 

(2.4) 

;., =(2n-lf7r' B=-k (M,-M,) H=(C';.,!-M,)B 
• 4L2 _, M,-c. 

where A.., n =1,2, ... are the eigenvalues of the problem, and DE is the diffusion coefficient of the 

extractant (liquid membrane carrier) in the organic phase. Hence, DE can be considered as the 
diffusion coefficient of metal-complex as the size of the metal ion is much smaller than extractant 
molecule. 

Mathematical model for the behaviour of metal concentration in the stripping phase. 

A chemical reaction that takes place at membrane-strip interface uncomplex the metal
complex which diffuses to the stripping phase and the chemical reaction is: 

~ 
C+R - - M 5 +E 
~ 

The reaction velocity equation in terms of the metal concentration in the stripping phase (CMs) is given 
by 

k =£..._ 
- 2 k 'vc 

l
d~;· =k,CRCc-k_,cM,cE ;t=O cM1 =0 (3 .1) where k, = :L 

(3) Cc(t) = g(t); t = 0 Cc = 0 (3 .2) 
. CE k' _ _ Cc 

K ( kDE =- De-Cp, = .. 3.3) C C 
~-~ & a 

Where g(t) = u(L,t) is the function of metal-complex diffused through the membrane and is derived 
from (2.4) for x = L, by: 

g(t) = u(L,t) = Cc(t)- 4H :t exp(-Bt)-exp(-J...D,t)(-r)••' 
1r •=' (2n-IXJ...D. -B) 

(3.4) 

g(t) is the metal-complex concentration at the membrane-strip interface, 
(3 .1) is a lineal o.d.e with initial conditions, (3 .2) is the previously mentioned metal-complex obtained 
in the membrane, and (3.3) is given by the charge balance in the stripping phase. 
The solution CMlt) of (3) is given by: 

where, 

o ~ 4B ~ (-!}"" } cM,(t)=k,cR(cM1-M, I,+I,+ - L:( X )[I3 +I4 ] 
7r •=t 2n-l J...D, -B 

I,= l-exp(-k_2CEt); 
k_2CE 

I
3 

= exp(-k_2CEt)- exp(-Bt); 
k_2CE-B 

exp(-k_,CEt)-exp(-Bt). 
I,= ' 

k_2CE-B 

exp( -J...D t)- exp( -k_2C Et) . 
I• = ' 

k_2CE -J...DE 

(3.5) 

where k2 and k.2 are the pseudo rate constants, which are considered as kinetic parameters m 
expression (3.5). 

Fort-+ ro, from (3.5), it follows that c -t!2 CR (co -M) (3.6) 
MS k_, CE "' 2 
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and therefore the ratio between the parameters k2 and k_2 depends on the strippant and extractant 
concentration. 

RESULTS AND DISCUSSION 

The modelling of SLM system taking into account the co-transport phenomena followed by 
mathematical expressions: (1.4) and (1.5), explain the metal behaviour in the feed phase and metal 
complex in membrane phase respectively. Expression (2.4) represents the non-steady-state of the 
diffusion phenomena of metal-complex in membrane and (3.6) explains the metal complex 
concentration at membrane-strip interface for all time "t". Finally, (3.5) represents the metal 
concentration in the stripping phase. 

The validity of this mathematical model has been checked against the experimental data 
performed in our Laboratory1 where the SLM system for this modelling was established for the 
following conditions: (i) the membrane was impregnated with (0.064-0.445 mol!dm3

) of LIX 79 
dissolved in cumene; (ii) characteristics of the membrane: L = 1.25 x 10-3 dm; E = 0.75; 't = 1.67; (iii) 
the feed phase (source phase) contained Au(I) (5.0 x 10-5 mol/dm3

) at pH 9.2; (iv) the stripping phase 
(receiving phase) contained different concentration of NaOH; (v) the equilibrium constant K~ = k /( 

determined for the first reaction in this chemical system is K'ex = 1.25 x 10 11
• Diffusion coefficient of 

the metal complex DE = 1.4 x 10-6 dm2/min. By suitably adjusting the parameter k_1 (pseudo rate 
constant), our model agrees well with the experimental data up to 180 minutes. For times greater than 
180 min., our model allows to infer the posterior and final behaviour of the fraction of metal ion 
transported. Figures 1 and 2 [using Matlab software] are obtained from equations (1.4) and (1.5). 

[NaOH] O.lmolldm 0.50mol/dm, 0.85molldm, l.Omolldm 
t-180 min. 76% 59% 56% 54% 

t---+ 00 16% 16% 16% 16% 

Parameter: k1 1.5x1o-· 3x1o-· 3.4x1o-· 3.6x1o-· 

Table 1 Percentage of metal in feed solution for different concentrations of stripping reagent at 
different time. CE =0.254 mol/dm3 C'M1= [Au(I)] = 5 x 10-5 mol!dm3 

5
x 10 .. flg.1-a) flg .1-b) 

ec• 
nc "' ..,, .. , 
'"' 

, .. 
·~ ·~ "2 " 2 
[M] [M] 

0 
0 !50 too !50 

Cc:Metal-complex concentration (-.-), C Mf :Meta/feed concentration ( _ ) , Experimental data(+) 

Fig. 1-a) c. =[NaOH]=0.1 molldm3 Fig. 1-b) c.= [NaOH]=1 mol/dm3 

Figure 1: Plot CM1 vs t, C1 vs t and experimental data, for different concentrations of stripping reagent 
and its effect on the transport of metal. CE =[Lix79] = 0.254 and, C' Mf= [Au(!)] = 5.1x 10-4 mol!dm3 

It should be noticed that the final percentage of metal concentration in the feed phase is the same in 
every case but the time is longer when the concentration of the stripping reagent is lower. 

From Figure 2, Table 2 and (1.7) is indicated that for a higher extractant concentration, higher 
values of metal transport are achieved. From the last two columns in Table 2, it follows that at t = 600 
min., using twice the extractant concentration only an increase of 14% in the metal transported is 
observed. 
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eo' 
nee 
ntr 

"""' n 
lMI 

2 

+ + 
+ + + 

150 

Cc·Metal-complex concentration (- .-) , C Mf :Meta/feed concentration(_), Experimental data(+) 

Fig. 2-a) CE = [Lix79) = 0.064 mol/dm3 Fig. 2-b) CE = [Lix79) = 0.445 mol/dm3 

Figure 2: Plot CMJ vs t, C1 vs t and experimental data for different extractant concentration and its 
effect on the transport of the metal. CR = [NaOH]=1 mol/dm3 and, C' Mf= [Au(l)]=5 x 10-5 mol!dm3 

[Lix 79] 0.064 molldm> 0.127 molldm> 0.254 molldm> 0.445 molldm> 
CMIC'Mf t- 600min 83% 74 % 57% 43% 
t-+ 00 38% 26% 16% 10% 

Parameter k_1 
3x1o-· 3x1o-" 3x1o-· 3x1o-· 

Table 2 Percentage of metal concentration in the feed phase at different times and extractant 
concentration. [NaOH] = 1 mol!dm3

, CMt= [Au(l)]=5x 10-5 mol/dm3 

No proportional increase of metal transport was found with increase of extractant 
concentration. This is because the concurrent increase in viscosity results in a steady decrease in the 
diffusivity of the carrier as well as the metal carrier complex. This phenomena could be explained by 
D = kT/(6n111) where k, T, r and 11 denote the Boltzmann constant, the absolute temperature, the 
molecular radius of the metal complex and the viscosity of the organic phase respectively. Babcock 
and Kumar et al.2

'
3

'
4 have also suggested the predominant cause of such behaviour is the concentration 

gradient of the metal complex, the viscosity of the organic phase and hindered diffusion of the metal 
complex caused by aggregation of the complex, and the tortuosity of the pores of the membrane. 

On the other hand, the proposed model fits the experimental data when varying the metal 
concentration in the feed phase, and equations (1.7) indicates that at longer times, the metal 
concentrations in the feed phase is higher when increasing the metal concentration as seen in Table 3. 
This is probably due to membrane saturation and lower effective membrane area in the SLM. This is 
also theorised that this is due to a change in the rate determining steep for transport process. At low 
feed concentrations, diffusion of the metal species across the boundary layer is the rate determining 
step, while at higher feed cation concentrations, the aqueous feed/ organic membrane interface is 
"saturated" with the cations, and the diffusion of the complexes across the membrane phase because 
the rate determining step.2 

Metal 5.0 x 10-' molldm' 2.5 X 10 molldm> 5.1 X 10 molldm' 8.9 x 10 ... molldm' 
T-180min. 59% 34% 57% 69% 
T- 840min. 19% 11% 10% 20% 

t-+ 00 16% 11% 8% 6% 
Parameter k_1 3 X 10-" 3 X 10-• 8 X 10-> 2 X 10-' 

Table 3 Percentage of metal in feed phase for different times and initial metal concentration. 
[NaOH] = 1 molldm3

. CE = 0.254 mol/dm3 

Figures 3 and 4 [using Matlab]are obtained from equations (2.6) and (2.4) for the different cases. 
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!MJ1 .5 

Cc:Metal-complex concentration (-.-), eMS :Metal stripping concentration (-) 

150 200 

Fig. 3-a) C, = [Lix79] = 0.254 mol!dm3 Fig.3-b) C E = [Lix79] = 0.445 mol!dm3 

Figure 3: Plot CMs vs t, C, vs t for different extractant concentration. CR = [NaOH]=l mol/dm3 and 
C' M_F (Au(I))=5 X 10'5 mol/dm3 

eo' 
oce 

"" a1kil 

" {M{ 
2 

400 600 800 1 000 
ti'ne{minute) 

400 &00 800 1000 
tme{minuteJ 

C c :Metal-complex concentration (- .-), C MS :Metal stripping concentration ( _) 

Fig. 4-a) C~f = [Au(I)]=5x!0-5M Fig.4-b) C~f = [Au(I)]=8.9xl04 M 

Figure 4: Plot CMs vs t, C, vs t for different metal concentration. CR = [NaOH]=l mol/dm3 and 
CE = [Lix79]=0.254 mol/dm3 

The values of parameters corresponding to figures 3 and 4 are presented in table 4 

Parameters Fig. 3-a Fig. 3-b Fig. 4-a Fig. 4-b 
k_J 3 x w-< 3 x w-< 3 x w-< 2 X 10_, 

k2 
= 

CE 
0.254 0.445 0.254 0.254 

k_2 CR 

Table 4 

As seen in figure 3 and 4, the difference between the complex and stripping concentrations is 
observed, and this difference decreases with increase in time and totally disappears (at time oo) in the 
case of different metal concentration and different extractant concentration. 
From the proposed model the concentration of metal complex at any given time, t, can be interpreted 
in the membrane phase. This difference may be due to membrane diffusional resistance (~) defined as 
~=11:2/(Do,bE) which is caused by the membrane characteristics and initial metal and extractant 
concentrations. 2 

NOTATION 

~~metal concentration in feed [mol/dm3
] D.: effective diffusion coefficient [dm2/min], 
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~~initial metal concentration in feed [molldm3
] 

G,f protons concentration in feed [ molldm3
] 

~ :initial protons concentration in feed [mol/dm3
] 

C5 : concentration of OH- in feed phase[mol/dm3J 
t: time variable. [minute] 
x : space variable [ dm J 
Mr : free metal in feed 
Pr : protons in feed . 
E : extractant in membrane. 
C: complex in membrane. 

k f and k, : forward and reverse rate of extraction. 

k 2 k2 . . f and r : forward and reverse rate of stnppmg. 

k DC and k DE :Distribution coefficient of metal-complex and 

extractant respectively. (feed phase) 

k ~c k ~E : Distribution coefficient of metal-complex and 

extractant respectively. (stripping phase) 

C Cf and C Ef : metal-complex and extractant 

concentration in aqueous phase. (feed) 

C Cs and C Es : metal-complex and extractant 

concentration in aqueous phase. (stripping) 

k k 
K = __I__!!!:_ : pseudo equilibrium constant 

ex k,kDE 

for feed-membrane interface. 

k1 and k_1, k 2 and k _2 pseudo rate constants. 
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& 
D, = 2 DE 

'l' 

Do,b: Diffusion coefficient of metal in bulk Organic phase. 

C E : extractant concentration in membrane[ molldm3
] 

Cc : metal-complex concentration in membrane[molldm3
] . 

R: stripping phase (receiving phase). 

M s : metal in stripping phase. 

Ps : protons in stripping phase. 

E : extractant (carrier) in membrane. 

Kw: ionic product of water. 

E: porosity. 
t: tortuosity. 
L: membrane thickness [ dm ] 

DE : diffusion coefficient of extractant in 

organic phase [dm2/min]. 

C Ms : metal concentration in stripping phase[molldm3
] 

C ~s : initial metal concentration in stripping phase 

[mol/dm3
]. 

4s : initial protons concentration in stripping 

phase[mol/dm3
]. 

CPS : protons concentration in stripping phase[ mol/dm3
] 

COS : concentration of OR' in stripping phase[ mol/dm3
] 
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ABSTRACT 

MODELLING PHASE EQUILIBRIA IN INDUSTRIAL 

CAPROLACTAM RECOVERY FROM AQUEOUS 

AMMONIUM SULPHATE SOLUTIONS WITH 

BENZENE 
Andre B de Haan and Simon H Niemann 
DSM-Research, P.O. Box 18, 6160 MD Geleen, The Netherlands 

An Aspen Plus model was developed for the description of phase equilibria in the industrial recovery of caprolactam from 
aqueous ammonium sulphate solutions with benzene. New experimental data are presented at 20, 40 and 60°C and 
ammonium sulphate concentrations ranging from 0 to 40 wt.%. It appeared impossible to correlate these data with the Aspen 
Plus Electrolyte NRTL model. Excellent correlation results were obtained with the orginal NRTL model when ammonium 
sulphate was treated as an always fully dissociated pseudo component. The experimental and calculated results indicate that, 
compared to the current isothermal operation, significant increases in the aqueous product stream caprolactam concentration 
(3-5 times) can be obtained. 

Keywords: caprolactam, ammonium sulphate, benzene, modelling, 

INTRODUCTION 

Caprolactam, the monomer of Nylon 6, is produced in a multistep process in which crude 
caprolactam is obtained by neutralizing the reaction mixture from the Beckman rearrangement with 
aqueous ammonia. This results in the formation of a concentrated, 65-70 wt%, crude aqueous 
caprolactam phase in equilibrium with a nearly saturated aqueous ammonium sulphate solution. After 
separating the two phases, the caprolactam from both streams is recovered and purified by extraction 
with benzene. For the ternary benzene-caprolactam-water and caprolactam-water-ammonium sulphate 
systems, the availability of liquid-liquid equilibrium data is limited to 20°C.5-8 In industrial practice 
however, these data are of limited value because the extraction is usually operated at higher 
temperatures. The effect of temperature and ammonium sulphate on the distribution of caprolactam 
has been studied by several authors.9-12 Unfortunately they only report the caprolactam distribution, 
making the development of a sound thermodynamic model impossible. 

The objective of this study was to develop a thermodynamic model in Aspen Plus for the 
quaternary system caprolactam-water-benzene-ammonium sulphate. Because insufficient phase 
equilibrium data were available, additional data have been measured at 20, 40 and 60°C and 
ammonium sulphate concentrations ranging from 0 to 40 wt.%. Initially we tried to perform the data 
correlation with the Aspen Plus Electrolyte NRTL modeJ.l3-16 However, due to continuous 
numerical problems we decided to treat ammonium sulphate as an fully dissociated pseudo 
component and use the original NRTL model. The obtained experimental data are compared with data 
reported by other authors and the capability of the NRTL model to correlate the experimental data is 
discussed. Finally the experimental data are used to derive optimal process conditions. 

EXPERIMENTAL 

Materials 

Distilled water and the other materials were used as received. Benzene (>99% purity), 
caprolactam (>99.5% purity) were supplied by the DSM caprolactam plants. Ammonium sulphate 
(>99.5% purity) was purchased from Merck. 
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Liquid-Liquid Equilibrium Measurements 

Three identical experimental setups, consisting of a thermostatted stirred glass equilibrium 
cell (volume 1000 cm3, ±0.1 K), were used. For each experiment a feed mixture, consisting of the 
desired caprolactam, water and ammonium sulphate weight fractions, was prepared. Because 
considerable volume changes occur when caprolactam is extracted into the benzene phase, the 
aqueous phase volume had to be restored to its original value to keep the ammonium sulphate 
concentration as constant as possible. This was done by adding an aqueous caprolactam solution, with 
the same water/caprolactam ratio as the feed mixture. The resulting error appeared to be considerably 
less than inaccuracy of the ammonium sulphate analysis. When the desired temperature was reached, 
stirring was continued for 30 more minutes to ensure equilibrium was attained. After stopping the 
stirrer, the mixture was allowed the required time, generally two or more hours, to obtain full 
separation in completely clear liquid phases. Samples were taken from all phases and analyzed for all 
four components. 

Analytical Methods 

Liquid chromatography was used to measure the caprolactam concentration, Karl-Fisher 
titration for the water concentration, ion chromatography for the ammonium sulphate concentration 
and gas chromatography for the benzene concentration. The concentrations of caprolactam, water, 
ammonium sulphate and benzene were obtained with a relative accuracy of ±1 %, ±1 %, ±4% and 
±1% respectively. The raw composition data were normalized to obtain a total sample composition of 
100%. 

DATA CORRELATION 

The goal of this study was to develop a thermodynamic model that allows modelling of the 
caprolactam recovery process with Aspen Plus. Therefore we decided to consider the Electrolyte 
NRTL model available in Aspen Plus first. Although this model was especially developed for mixed 
solvent systems, it appeared impossible to continue this approach due to serious numerical problems 
and extremely long simulation times. Based on this experience we decided to follow the approach of 
Mock et. aJ.14 and introduce the following two simplifications: 

the Pitzer-Debye-Hiickel and Born contributions were dropped; 
ammonium sulphate was considered to be always fully dissociated. 

Doing so the Electrolyte NRTL model reduces to the classical NRTL modell5 m which the 
interaction parameters Gii and 'tji are calculated from: 

Gj; = exp(-aj;Tj;) 

G ji,ki = exp(-aji,kiT ji.ki) 

The Aspen Plus data regression system15 was used to determine the interaction parameters aij, bij 
and non-randonmess parameter Uij· The benzene-water interaction parameters were determined from 
binary solubility data.17 The data for the caprolactam/waterlbenzene system were used for the 
remaining non-electrolyte interaction parameters. Correlation of the experimental data for the 
ammonium sulphate containing systems provided the interactions with ammonium sulphate. During 
data correlation it appeared that the values of the solvent-salt non-randonmess parameter Uij were 
critical in obtaining a good representation of the experimentally observed phase behaviour. Table 1 
lists the correlated parameters. 
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System Ujj aij aji bij bji 
( -) (-) (-) (K) (K) 

Water - Benzene 0.200 2.280 2.272 1340 359.2 
Caprolactam - Benzene 0.300 -6.050 1.139 1242 432.6 
Caprolactam- Water 0.300 24.89 -6.166 -6123 1147 

Caprolactam - Ammonium -0.057 25 .90 23 .75 274.2 -14869 
Sulphate 
Water- Ammonium Sulphate 0.146 3.682 -15.88 1921 2245 
Benzene - Ammonium Sulphate -1.000 -4.369 5.241 1579 -310.0 

Table 1. Aspen Plus NRTL Parameters for the Caprolactam/Water/Benzene/Ammonium Sulphate 
System 

RESULTS AND DISCUSSION 

Caprolactam/W ater/Benzene System 

Figure Ia shows a ternary diagram in which the the data obtained in this study are compared with the 
data reported by Morachevski 5 and Tettamanti 6 at 20°C. The curves and tie lines have been 
calculated with the NRTL model. It is clear that the experimental data are in good agreement with the 
literature data and that the two-phase region as well as the tie lines is well represented. The good 
representation of the tie lines is illustrated more clearly in figure 1 b, where the equilibrium 
caprolactam concentration in the organic phase is plotted against the equilibrium caprolactam 
concentration in the aqueous phase at 20, 40 and 60°C. For each of the three temperatures good 
agreement between the experimental points and the calculated curves is obtained. 

Figure 1. 

Caprolactam f 
0.30 

~ 
.1! a. 0.20 
" c 
i!l 
~ 
c 
E 0.10 

~ 
l 
J 

0.10 0.20 0 .30 0.40 0.50 0.6 

Caprolactam In Water Phase (wtfr) 

w w 
Experimental (e) and calculated equilibrium compositions in the ternary 
caprolactarn/water/benzene system at 20°C (a) and distribution of caprolactam 
between the organic and aqueous phase at 20, 40 and 60°C (b) compared with data 
reported by Morachevski 5 (0) and Tettamanti 6 (D). 

Figure lb illustrates clearly that at higher temperatures the caprolactam concentration in the organic 
phase is increased considerably. This result implies that the extraction of caprolactam from the 
aqueous phase requires considerably less solvent when conducted at the higher temperatures. 
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Extraction of caprolactam from the organic phase however, yields the highest caprolactam 
concentrations in the aqueous phase at low temperatures. 

Caprolactam/Water/Ammonium Sulphate System 

The experimental data obtained at 20°C in this study are compared with data reported by 
Tettamanti 7 and Shubtsova 8 in figure 2. The curves and tie lines have been calculated with the 
NRTL model. Interesting to notice is that addition of sufficient ammonium sulphate causes the 
homogeneous caprolactam/water system to split into two liquid phases. Besides this two liquid phase 
regional so an S-L 1-L2, S-L and S1-S2-L region 7,8 are present because caprolactam and ammonium 
sulphate are solids under these conditions. The experimental data obtained in this study agree very 
well with the data reported in the literature, indicating that the used experimental procedures are 
valid. For this study the NRTL model was only used to calculate the liquid-liquid equilibrium region. 
Figure 2 illustrates that good agreement between the experimental and calculated results are obtained. 

Figure 2. 

Caprolactam 

1 1 

Water o w, _ 1 (NH.J2S04 

Experimental (e) and calculated (AAAA) equilibrium compositions in the ternary 
caprolactarnlwater/ammonium sulphate system at 20 oc compared with data reported 
by Tettamanti 7 (0) and Shubtsova 8 (D). 

Caprolactam/Water/Benzene/Ammonium Sulphate System 

Figure 3 illustrates the experimentally observed and calculated effects of ammonium sulphate 
on the equilibrium compositions in the caprolactarn!water/benzene system at 40°C. Addition of 5 wt% 
ammonium sulphate to the aquieous phase causes significant salting out effects of caprolactam, 
resulting in considerable changes of the slope of the tie-lines. The tie-line slope change at 15 wt% 
ammonium sulphate is even more pronounced and a three liquid phase equilibrium region was 
observed. This three phase region disappears when going to 40 wt% ammonium sulphate because the 
salting out effect becomes so strong that hardly any caprolactam can dissolve in the aqueous phase 
and even the water/caprolactam system becomes immiscible. 

The salting out effect of ammonium sulphate on caprolactarn is shown more clearly in figure 
4a, where the distribution of caprolactam between the organic phase and the aqueous phase is shown. 
Addition of ammonium sulphate is a powerful tool to increase the caprolactam concentration in the 
organic phase and thereby reducing the amount of required benzene. At higher temperatures, the 
caprolactam distribution becomes even more favourable as shown in figure 4b and demonstrated 
before for the ammonium sulphate free system. 

Comparison of the calculated curves and the experimental data in figures 3 and 4 shows that 
the effects of ammonium sulphate on the phase behaviour in the caprolactarn!water/benzene system 
are very well represented with the NRTL model. Only in case of the three phase equilibrium the 
calculations break down because Aspen Plus has no facility to perform three liquid phase flash 
calculations. 
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Figure 3. 
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(a) (b) 
Experimental (e) and calculated (AAAA) effect of ammonium sulphate (a) and 
temperature (b) on the distribution of caprolactam between the organic and aqueous 
phase at 40°C (a) respectively 5 wt% ammonium sulphate (b) on an ammonium 
sulphate free basis. 
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CONCLUSIONS 

A thermodynamic model was developed within Aspen Plus for the description of phase 
equilibria in the industrial recovery of caprolactam from aqueous ammonium sulphate solutions with 
benzene. New experimental data have been reported at 20, 40 and 60°C and ammonium sulphate 
concentrations ranging from 0 to 40 wt.%. At low ammonium sulphate concentrations (5 wt%) this 
system exhibits the classical two liquid phase equilibrium. However, due to the strong salting out of 
caprolactam three liquid phases were observed at intermediate ammonium sulphate concentrations 
(15 wt%). At high ammonium sulphate concentrations (40 wt%) two liquid phases were found. 

It appeared impossible to correlate these data with the Electrolyte NRTL model available in 
Aspen Plus. Excellent correlation results were obtained with the original NRTL model when 
ammonium sulphate was treated as an always fully dissociated pseudo component. The experimental 
and calculated results indicate that, compared to the current isothermal operation, significant 
increases in the aqueous product stream caprolactam concentration (3-5 times) can be obtained. This 
can be realized by combining extraction at higher temperatures in the presence of 5-l 0 wt% 
ammonium sulphate with back extraction into pure water at low temperatures. 
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ABSTRACT 

MODELLING AND OPTIMIZATION OF SULFOLANE 

EXTRACTION, A NEURAL NETWORK APPROACH 
Guoqiang Su, Xiaoming Wen, and Weiyang Fei 
Department of Chemical Engineering, Tsinghua University, 
Beijing I 00084, China 

A two-direction operating artificial neural network was proposed for both process modeling and optimization. The network is 
used for modeling when it operates forward and for optimization when backward. For the backward operation, equations to 
update the network inputs for desired outputs have been deduced with the gradient descent algorithm. The application of the 
network to Sulfolane Extraction has been studied. 

Keywords: aromatics, sulfolane, modeling, artificial neural networks 

INTRODUCTION 

The Sulfolane Extraction Process 1 is well known for the production of high purity BTX with 
high recovery and has been used all over the world. However, due to the complexity of the process 
flow and the non-ideality of the system treated, the modeling and optimization of the process are still 
difficult targets. It is costly both in experiments and in programming to develop conventional 
simulation and optimization software based on first principles. Even though this kind of software is 
available, it is usually time-consuming to run and is difficult to use for the real time application. While 
artificial neural networks (ANNs) provide attractive solutions to the problems. 

A neural network is basically a parallel distributed processor that employs a massive 
interconnection of neurons (nodes). With its node characteristics, network topology and learning 
ability, a neural network is able to approximate any nonlinear continuous function arbitrarily 
accurately 2 and is computational efficient. It has the ability to evolve good process models from 
example data and require little or no a priori knowledge of the task to be performed. 

In this paper, A two-direction operating artificial neural network is proposed and constructed 
for both process modeling and optimization and has been applied to the Sulfolane Extraction Process. 

THE TWO-DIRECTION OPERATING NEURAL NETWORK 

Topology 

There are many types of neural networks being studied and/or used in applications. The most 
common one is the feed-forward neural network, which is employed in this study. 
The topology of the two-direction operating neural network is shown in Figure 1. The network inputs 
are arranged in two groups: 1) process inputs, such as the compositions of the feedstock. If different 
process units are intended to be modeled, equipment parameters can also be included in this group. 2) 
Operating variables, such as the operating temperatures, the solvent to feed ratio, etc. They are the 
decision variables in the process optimization. The outputs of the network are the performance of the 
process unit, i.e. the process outputs, such as product recoveries, product purity, etc. 

When the network operates forward as in the usual case, it maps from the inputs to its outputs 
and process modeling is performed. Can the network work in reverse, i.e. determining the operating 
variables for desired outputs? In the next section, we will discuss how the network operates both 
forward and backward for process modeling and optimization. 
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Operating 
variables 

Process 
inputs 

Input ayer Hidden layers Output layer 

o···o 
) . )-----7} 

0-----7 
o···o 

Figure 1. Topology of the two-direction operating neural network 

Learning and Operating 

Process outputs 

Learning is to minimize the prediction errors of the network by adjusting the connection 
weights. Learning can be considered essentially a nonlinear optimization task. Any nonlinear 
programming algorithm can be used. In this study, the commonly used Back-propagation algorithm 3 

is applied. Training samples consisting of input-output vector pairs is first rectified to remove the 
random and gross errors and then is used to train the network. During the procedure, an input pattern 
(including parameters in both the two input groups) is fed to the network and propagated forward 
through the network to generate an output vector. The differences between the network outputs and the 
sample values (Y) form error signals, which are then back-propagated through the network to update 
the connection weights (see Figure 2). This process is repeated for all the input-output patterns and 
finally trains the network to reproduce the input-output mappings to within an acceptably small error. 

As shown in Figure 2, the network operates in two directions. In the forward direction, it is 
used as a simulator to predict the performance of the process unit with the given process inputs (X) 
and operating variables (U). 

In the backward direction, the network is used to perform process optimization. It works in the 
following way: keeping the connection weights of the trained network fixed; given the process inputs 
(X); setting the desired process performance (Y) as the target network outputs; modifying the 
operating variables in the second network input group until the network converges. Then the 
appropriate operating parameters ( U ) are obtained. The convergence means that the differences 
between the calculated outputs and the target outputs fall into the convergence criterion. When the 
network is trained by selected samples with the optimum operation states, it can find the optimum 
operating parameters for the desired performance with the given process inputs. 

r-------------~ Network learning .=:::-.::-.::-. ::-.=:::-.::-.::-.::-.1-~ 
I 

Process modeling 1-·-·-·-·-·-·-·-i ' i 

J Process optimization 1=·~~-~ i ~~! ..JYI 
I i I 
! -t, I 

- i +1-1 UJc u _______________ l ___ ---------~ Chemical Process I 0 
~~~L-~------7 

Figure 2. Learning and operating of the two-direction operating neural network 
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With the usually used error measure or cost function: 

E = f<r, -o;) 2 12 
i=l 

the adjustments of the operating variables in the network inputs can be deduced for a t layer neural 
network (including the input and output layers), with the use of the gradient descent algorithm: 

8E 
!lU . =-a--

1 au. 
J 

aE =-f<r,-o:)ao: 
au1 i=l au1 

ao,• = f'(Net ,k) I wu'-1 ao,k-1 (k = 2,3, ... ,t) 
au1 1=1 au1 

ao,t ={1 (i=j) 

au 1 o u * j) 
wherefis the activation function in the neurons. 

The two-direction operating neural network is designed auto-adaptive. When better operating 
parameters are obtained and proved, the corresponding input-output vector pair is added to the training 
samples and relatively worse data are deleted, then the network is trained again. Therefore, the 
network can at least lead the process to the best operation level in its history. 

MODELING AND OPTIMIZATION OF SULFOLANE EXTRACTION 

Sulfolane Extraction Process 

The simplified process flow of Sulfolane Extraction is shown in Figure 3. The feedstock, such 
as hydrotreated pyrolysis gasoline or catalytic reformate, is introduced into the liquid-liquid extraction 
column and flows counter-currently against the solvent (sulfolane) which flows down from the top of 
the column. The solvent, usually called primary solvent, extracts aromatics and some non-aromatics 
into the bottoms, which, called rich solvent, is fed into the top of the extractive stripping column. This 
stripper strips the non-aromatics from the rich solvent, for recycle to the extractor. If required, some 
lean solvent, called secondary solvent, is added to the stripper's feed to increase the selectivity. The 
bottoms from the extractive 
stripping column contain the 
aromatics and solvent that are 
separated in the solvent recovery 
column. Lean solvent from the 
solvent recovery column is routed 
back. The non-aromatics from the 
top of the extractor contain small 
amounts of solvent that must be 
recovered in the raffinate water 
wash column. The hydrocarbons in 
the washing water are recovered in 
the water stripper, and the water is 
returned to the system in a closed
loop recycle. 

Establishment of the Network 

Raffinate 

Feed 

Water wash column Stripper Solvent recovery column 

Figure 3. Simplified PFD of Sulfolane Extraction 

The selected operating variables, process inputs, and process performance are listed in Table 1 
as the network inputs and outputs. Therefor the network is with 8 input nodes and 4 output nodes. 

After determining the input and output structure of the network, the effects of the number of 
hidden layers and the number of nodes in the hidden layers have been tested. Based on the comparison 
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of the network performances of different structures, the network of one hidden layer with 10 nodes is 
employed. 

Inputs Outputs 

Sr1 Primary solvent to feed ratio Rs Recovery of benzene 

O.Orn Srz Secondary solvent to feed ratio RT Recovery ofto1uene 
.s ~ 

T1 Temperature of the primary solvent Rx Recovery of C8 +aromatics ~~ 
0 · ~ Nonaromatic content of the 8'~ Tz Bottom temperature of the stripper XNA product 

p Top pressure of the stripper 

~!'l 
X a Benzene content of the feedstock 

0 ;:I XT Toluene content of the feedstock <.l p. e ~ p... ·~ Xx C8 + aromatic content of the feedstock 

Table 1 Inputs and Outputs of the Neural Network 

The sigmoid function is used as the activation function in each neuron: 

1 
J(x)=-1 -x 

+e 
The network has been trained with the data samples from the industry and the simulation 

results of AESCAD that is special purpose computer aided process design software for Sulfolane 
Extraction.4•

5 The optimum operation states were chosen for the samples, to ensure the optimization 
function of the neural network. 

Performance of the Network 

When the network learning is finished, an ANN based simulator is obtained. The modeling 
performance of the trained network has been tested with four sets of industrial data that are not 
included in the training samples. The comparison is listed in Table 2. It is shown that the network 
indeed predicts fairly well the aromatic recoveries and the aromatic quality, thus it is feasible to model 
Sulfolane Extraction by the network. 

Outputs Ra RT Rx XNA(ppm) 

Network prediction 0.9973 0.9849 0.9799 312 

l Test sample 0.9981 0.9848 0.9814 298 

Relative deviation(%) 0.08 0.01 0.15 4.70 

Network prediction 0.9947 0.9957 0.9879 205 

2 Test sample 0.9912 0.9960 0.9883 192 

Relative deviation(%) 0.35 0.03 0.04 6.77 

Network prediction 0.9969 0.9881 0.9758 2670 

3 Test sample 0.9980 0.9882 0.9755 2685 

Relative deviation(%) 0.11 0.01 0.03 0.56 

Network prediction 0.9915 0.9907 0.9937 335 

4 Test sample 0.9913 0.9907 0.9936 354 

Relative deviation(%) 0.02 0.00 0.01 5.37 

Table 2 Modeling Results for Sulfolane Extraction 
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In the optimization mode, the network operates backward and the optimum operating 
parameters are obtained. The optimization results are listed in Table 3. It is shown that the 
optimization results of the network are consistent with those obtained by AESCAD. Since AESCAD 
has been used successfully in the process design and optimization of several industrial sulfolane 
extraction units, it is practical to use the two-direction operating neural network for the optimization of 
Sulfolane Extraction. 

Parameters Sr1 Srz T.(OC) TzCOC) P(MPa) 
The network 4.99 0.00 90.4 162.8 0.124 

AESCAD 5.01 0.00 90.1 164.0 0.125 

Table 3 Comparison of the Optimization Results of the Network and AESCAD 

CONCLUSIONS 

Neural networks are attractive approaches for modeling and optimization of complex 
processes. This paper discussed the use of one neural network both for the modeling and optimization 
of Sulfolane Extraction. The simulation and optimization results of the proposed two-direction 
operating neural network are in good agreement with the industrial data and the results of the first 
principle based software. Therefor, it is feasible to use the network for the modeling and optimization 
of Sulfolane Extraction. The proposed approach can also be used for other processes. 

NOMENCLATURE 

E cost function of ANN 

Net net input of neurons: Net ,k = ~· w ~ - 'o k-1 (k=2, ... , t) L } I J 
j =O 

nk number of nodes of the kth layer 

0 output of neurons: 0 ;k = f (Net ;k) (k=2, . . . , t), 0; = (U or X); 
t total number oflayers 
U operating variables 
U optimum operating parameters 

W\ weights from node i in the kth layer to node j in the (k+ 1 )th layer 
X process inputs 
Y process outputs, target outputs of ANN 
a step size 
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A NEW METHOD FOR THE SIMULATION OF 
MULTISTAGE METAL EXTRACTION PROCESSES 
BASED ON THE STEADY-STATE LOCAL 
LINEARIZATION 
M Tanakal, K Koyamal and J Shibata2 
!Materials Processing Department, National Institute for 
Resources and Environment, MITI, 16-3 Onogawa, 
Tsukuba,lbaraki305-8569,Japan 
2Department of Chemical Engineering, Kansai University, 
3-3-35 Yamate-cho, Suita, Osaka 564-8680, Japan 

ABSTRACT 
This paper describes a new method for the computer simulation of the multistage metal solvent extraction processes at the 
steady state. In this method, the equations obtained by mathematically differentiating the process with respect to the 
operational parameter capable of independent continuous variation (steady-state local linearization) are numerically solved 
under appropriate initial conditions. Model calculations considering the extraction equilibrium constant as a variable 
operational parameter are carried out for the countercurrent multistage extraction process and the countercurrent multistage 
extraction - stripping process. The validity of this method is demonstrated by the excellent agreement of the solutions with 
those by the conventional relaxation method. An advantage of this method over the conventional method is that one can 
quickly draw a detailed diagram showing the effect of one operational parameter on the process efficiency. 

Keywords: copper, oxime, countercurrent cascade, modelling, computer simulation, steady-state local linearization, 

INTRODUCTION 

Multistage processes such as the countercurrent extraction process 
(EP) and countercurrent extraction - stripping process (ESP) shown in Figs. 
1 and 2, respectively, are often used in the plant operation of a metal solvent 
extraction to enhance the extraction or separation efficiency. Since there are 
many operational parameters in the multistage solvent extraction processes, 
computer simulation plays an important role in assessing the process 
efficiency. 

We have been investigating the roles of various operational 
parameters in the EP and ESP by computer simulation1,2. In order to 
analyze the numerical results of the simulation, we presented a method for 
mathematically differentiating the multistage process at the steady state 
with respect to the operational parameters capable of independent 
continuous variation (steady-state local linearization, SLL) 1,3. The SLL not 
only clarifies the symbolic relation underlying the numerical results of the 
simulation, but also provides a new simulation method for the multistage 
process. One example of the results from this new method has already been 
shown for the EP3. 

Until now, some methods have been proposed to simulate the 
multistage processes4-6. These methods need long iterative procedures to 
obtain a steady-state solution. In contrast, this method can very quickly 
draw a detailed diagram to represent the effect of one operational parameter 
capable of independent continuous variation on the process efficiency. 

The aim of the present paper is to show the differential equations 
for the EP and ESP expressing the relationship between the metal molarity 
in the aqueous phase from each stage and an operational parameter (SLL of 
the EP and ESP), to explain how these equations are utilized in the present 
simulation method, and to demonstrate its validity and effectiveness by the 
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comparison with the numerical results using the conventional 
simulation method. 

The extraction equilibrium constant, K, is a measure of the 
extraction ability of the organic phase and thus an important 
operational parameter. Therefore, as an example, we selected K 
as the operational parameter. 

EQUATIONS 

Assumptions. 

The assumptions for the subsequent equations are as follows: 
(i) The temperature and pressure are constant. (ii) Equilibrium 
is immediately attained in each stage. (iv) The process is at 
steady state. (v) The volume of each phase does not change 
during the extraction. 

Extraction 
Outlet 

Extraction 
Inlet 

Stripping 
Outlet 

Aqueous Phase 

In a previous paper3, a non-homogeneous second-order linear Organic Phase 
difference equation with variable coefficients with respect to Figure 2 Schematic diagram of ESP. 

dCM n was derived on the basis of the material balance of 
Mm+' around each stage. By mathematically solving this equation, we derived the equation for EP 
expressing the relationship between the differentials of CM,n and In K as 

dCM,• = ~.An, N)d(ln K) (1) 

Here, the coefficient Bin.K(n, N) is written as 

~.AN, N)[B1.An,n )I B1.K(N, N)- r~.in (n, n)] 
~K(n,N)= 1- ·TL ( ) 

r~.in n,n 
(2) 

where 

n i-t n i 

BM,in(n,n) = L(fl a)r-i /[1 + L(fl aJr-i] (3) 
i-1 j-1 i- 1 j-1 

n i-1 n i 

~.An,n)=-L(fl aj)[J;r-j /[1+ I(fl aj)r-i] (4) 
i-1 j-1 i-1 j-1 

r=FIS (5) 

ni- l 

Here i·• aj = 1 when i = 1. The quantities an and fln are the coefficients in the following equation: 

dCM,n = a.d~ .• + fJ.d(lnK) (6) 

Equation 6 expresses the relationship between the differentials of the metal molarities in both phases 
from each stage along with the differential of In K and can be called the differential equilibrium 
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relation. When an and f3n are mathematically expressed, the values of de'M,n in the EP are obtained 
using equation 1. 

ESP. 

In a previous paper1, we derived the equation for the ESP expressing the relationship between the 
differentials of C'M,N and InK as 

dC = If/' - If/ d(lnK) 
M,N r+B+(FIF')() 

(7) 

Here, Band vare the coefficients in the following equation: 

d~1 = rucM,N + lf{l(In K) (8) 

where 

B=[1-rB-M . (N,N)]IB-M . (N,N)=(TIN a)r-N Jf.(ni-
1 

a .)r-; (9) 
,tn , m 1 .L... 1 

i=1 i=1 j = 1 

N i-1 - (i - 1) N i - 1 -(i - 1) 

If/= -~.AN,N)I BP.,in(N,N)= L(TI aj )/3/ fZ:<TI a)r (10) 
jm1 j=1 i=1 j=1 

Equation 10 states that f11 is the weighted average of f3 for each stage in EP, where the relative weight 
n- 1 N i-1 C 1) 

of the nth stage is expressed as <TI a)·-<•-1
) IL(TI a)r- •- . 

i= J i= l j=l 

From our previous results3, the following equation holds by regarding the extraction section in the 
ESP as EP: 

dCM,n =%.in (n,N)d~.1 + ~K(n,N)d(lnK) (11) 

where 

B-M . (N,N)[B-M . (n,n)/B-M . (N,N)-rB-M . (n,n)] 
B- . (n,N)= m m m m (12) 

M,m 1-rB- . (n,n) 
M,m 

From eqs 7, 9,10, and 11, we obtain the equation expressing the relationship between de'M n and 
d(lnK) as ' 

(13) 

On the basis of the symmetrical nature of the ESP, the equation for dC~, . IS obtained by 
interchanging the prime in eq 13 as 

dC' . = {({r' +())If/+ (F' I F)() If/'] B!- (n' N') + B' (n' N')}d(lnK) (14) 
M,n r' + (! + (F' I F)() M,m ' InK ' 
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When the an, a~ . , f3n, and fJ~ . are mathematically expressed, the values of dCM.n and dC~ .•. in the 
ESP are calculated by eqs 13 and 14, respectively. 

MODEL CALCULATIONS 

Assumptions, Procedure, and Conditions. 

As a numerical example of the simulation, we dealt with the extraction by a cation-exchange reagent 
where the stoichiometric relation of the extraction is expressed as 

(15) 

In addition to the previously mentioned assumptions, we further assume the following points: (i) The 
aqueous phase consists of H+, Mm+, xq-, and water. (ii) The organic phase consists of (HA)p , the 
diluent, and the metal-extractant complex, MAmCHA)I-m• where I is constant. (iii) The activity 
coefficients ofH+, Mm+, (HA)p, and MAm(HA)I-m are unity, 
Thus, K is expressed as 

c em /(km 1 -J)m-1/ p 
K- ~· H.• o m - c r!.!..!:._ 

M, n ""1JJA"J,, n 

(16) 

The equations for an and Pn under these assumptions were previously derived3. 

The calculation was carried out using the conventional relaxation method 6-7 and the method based 
on eq l or eqs 13 and 14. 

In the relaxation method, the distribution of Mm+ within each Table 1 Conditions for 
stage was calculated on the basis of eq 16 and the non-steady state 
material balance equation for Mm+ for each stage was simultaneously 
solved by allowing the initial conditions for a sufficiently long time to 
reach steady state. The initial conditions (molarities of Mm+ in the 
aqueous phase from respective stages when the time is zero) were equal 
to those of the aqueous feeds, although we confirmed that the initial 
conditions do not affect the steady-state solutions2. 

In the method based on eq 1 or eqs 13 and 14, the initial 
conditions (molarities of Mm+ in the aqueous phase from respective 
stages when K is a certain value) were first calculated by the relaxation 
method. Eq 1 for the EP or eqs 13 and 14 for the ESP for each stage was 
then integrated with respect to In K along with calculating the distribution 
ofMm+ within each stage based on eq 16. 

An equation solver, Equatran-G for Windows8, was used in the 
actual calculation. The Runge-Kutta-Verner method9 was used for 
numerical solution of the differential equations. 

The simulation was done under the fixed conditions shown in Table 
1. These conditions were set up in reference to the SX-EW process for 
the copper oxide ores where the hydroxyoximes were used as the 
extractants 1 0. 
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the simulation. 
Common to EP and ESP 

I 2 
m 2 
p 1 
N4 
r 1 

c' lkmol m-3 0.2 
CM,;~Ikmol m-3 0.05 
CH,inlkmol m-3 0.01 

EP 
c"R ,, !kmol m-3 0 

ESP 

r' 

N' 3 
0.2 
0.5 C' . lkmol m-3 

M.ID 

C' . lkmol m-3 2 
H,tn 
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Results. 

Figures 3 and 4 show the results of 
the simulation for the EP and ESP, 
respectively. The solid curves in these 
figures denote the normalized molarities 
(CM niCM in) for each stage in the EP and 
the 'extra~tion section of the ESP, 
respectively. The circles and squares denote 
the solutions by the relaxation method. To 
calculate the numerical solutions of eq 1 or 
eqs 13 and 14, the values denoted by the 
circles and squares at the left ends of the 
figures were used as the initial values. In 
these figures, the numerical solutions of eq 
I or eqs 13 and 14 agree with those by the 
relaxation method in all the regions in the 
figures. This fact validates the present 
method based on eq 1 or eqs 13 and 14. As 
shown in Fig. 3, the rise in K reduces the 
CM n values in the EP. This means that the 
me~! recovery by the EP is enhanced with 
the rise in K. On the other hand, as shown 
in Fig. 4, with the rise in K, the CM n 
values in the ESP first decrease, rea~h 
minima in the log K range from 0.6 to 1, 
and thereafter increase. This means that the 
metal recovery by the ESP first increases, 
reaches maximum, and thereafter decreases. 
The decrease in the metal recovery in the 
greater log K region indicates that the 
stripping of the metal becomes very 
difficult in this region I . 

CONCLUSIONS 

1.0 

0.8 • n= 1 

• 2 

"' 0.6 
Q~ D 3 

::i 0.4 t) 
0 4 
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0 
-3 -2 -1 0 1 2 3 4 
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Figure 3 Variation in the aqueous metal molarity from each 
stage in EP. 
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Figure 4 Variation in the aqueous metal molarity from each 
stage in the extraction section of ESP. 

We have described and validated a method to calculate the variation in the performance of the 
EP and ESP with K. This method is based on the differential equation expressing the relationship 
between the metal molarity in the aqueous phase from each stage and K. We can readily derive 
similar equations with respect to the other operational parameters capable of independent continuous 
variation and utilize them for the simulation. 

The applicability of this method is limited to the cases where the an and Pn are 
mathematically expressed and would diminish when the stage sequence loses the regularities as those 
in the EP and ESP. The latter is because the coefficients of d(ln K) in the equations corresponding to 
eq 1 or eqs 13 and 14 becomes very complicated. Nevertheless, a distinct advantage of this method is 
that we can quickly draw a detailed curves expressing the variation in the process performance with 
the variation in one operational parameter. In this sense, this method would be useful to find the 
optimum operational conditions for the relatively simple multistage solvent extraction processes such 
as the EP and ESP. 
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NOMENCLATURE 

B1n K(n, N) = coefficient in eq 1 and is defined by eq 2 where n and N denote the nth stage and the 
total number of the stages, respectively, kmol m-3 
B10 K{n, n) = value defined by eq 4, kmol m-3 

BM.,in (n, N) = coefficient in eq II and is defined by eq I2 where n and N denote the nth 

stage and the total number of the stages, respectively, dimensionless 
B'f>!,in (n,n) = value defined by eq 3, dimensionless 

C molarity, kmol m-3 
F flow rate of the aqueous phase, m3Js 
HA = monomeric species of the extractant 
K extraction equilibrium constant, dimensionless 
l number of extractant anions in the metal-extractant complex, dimensionless 
M metal to be extracted 
m valency of the metal cation, dimensionless 
N total number of stages, dimensionless 
n stage number, dimensionless 
p aggregation order of the extractant, dimensionless 
r ratio of flow rates defined by FIS, dimensionless 
S flow rate of the organic phase, m3 s-I 
an coefficient in eq 6, dimensionless 
f3n coefficient in eq 6, kmol m-3 
e coefficient in eq 8 and is defined by eq 9, dimensionless 
'I/ coefficient in eq 8 and is defined by eq IO, kmol m-3 
Subscript: in = inlet 
Superscripts: o =total molarity, =organic phase species,'= stripping section 
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ABSTRACT 

DISTREC: A NEW COMPUTER PROGRAM FOR 

SOL VENT EXTRACTION EQUILIBRIUM 
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A new program for treating liquid-liquid distribution data (DISTREC) written under MATLAB™ environment for use on 
personal computers is presented. This program, DISTREC, has been developed trying to allow two basic functions: 
modelling of experimental distribution data and calculation of the constants of the different reactions involved and simulation 
of two-phase distribution systems. 

Keywords: copper, Cyanex 272, equilibrium modelling, modelling, simulation 

INTRODUCTION 

During the last decades great effort has been made to study and describe metal extraction 
reactions in terms of composition of the species and extraction constants.1

-4 The results of many 
studies, however, seem to indicate that when dealing with macro-amounts of metals, the transfer of 
these species to the organic diluent is not a unique process. First, because more than one metallic 
species are usually extracted, and the existence of a series of processes that may occur simultaneously 
with the main reactions. These side-reactions may include: self association of the extractant in the 
diluent, acid-base reactions of the extractant in the aqueous phase, complex formation of the metal 
ions with anionic components of the ionic medium, solvation of metal complexes extracted and 
polymerisation of metal species in the organic phase. To deal with these problems, in the early 1970's, 
an approach based on chemical equilibrium for interpretation of liquid-liquid reactions was applied 
and numerical computer programs as LETAGROP-DIS1RB 5

•
6 developed to calculate the equilibrium 

constants associated to different reactions proposed in the model. Since this time, very little has been 
done to improve the computer programs developed although a number of limitations have been 
detected. Among them, there are limitations in: the number of chemical components (a maximum of 
4) and species of the chemical systems (a maximum of 20); in the statistical treatment and in data 
management for input data preparation. Additionally, a lack of computer programs for simulating 
liquid-liquid extraction processes have been identified in the Solvent Extraction arena as noted in the 
last Solvent Extraction Workshops and Meetings. Definition and design of solvent extraction based 
processes in multi-component systems could simplify research efforts by combining thermodynamic 
data on metal-extractant reactions with computer programs. In the present paper, a new program for 
treating liquid-liquid distribution data will be presented. This program DISTREC, written under 
MATLAB™ 7 software for use on personal computers has been developed as a new tool for liquid
liquid distribution systems with the following functions: 

to be used for the calculation of the constants of the different reactions involved; 
to be used in simulation of two phase distribution systems. 

It can be applied to multi-component systems, overcoming the limitations in either number of 
components or species compared with other programs found in the literature such as LETAGROP and 
DISPC. The main features of this new program are: (a) easy use and simplicity of the input data 
system; (b) improvement of statistical data treatment; (c) display possibilities for evaluating 
experimental data and calculating data for the proposed chemical models; (d) display possibilities for 
evaluating equilibrium isotherms. 

Evaluation of this new program for studying different metal distribution studies were 
compared with those obtained using programs such as LETAGROP-DIS1RB or DISPC. 
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DISTREC program. 

This program was developed to be user-friendly and highly interactive in operation taking into 
account the facilities provided by personal computers and new software network facilities as 
MATLAB for simplifying visual and graphical displays. In this way, their use is based on menu
driven selections, allowing modification of the chemical model of the system studied. Moreover, the 
user has direct access to graphics routines for the presentation of data and results. These graphics are 
presented on the computer screen and are printed directly or easily exported to other programs via the 
Windows clipboard. 

MA TLABR environment. 

MATLABR (standing for MATrix LABoratory) is a technical computing environment for high
performance numeric computation and visualisation. MATLABR integrates numerical analysis, matrix 
computation, signal processing, and graphics in an easy-to-use environment where problems and 
solutions are expressed just as they are written mathematically without traditional programming. 
MATLABR is an interactive system whose basic data element is a matrix that does not require 
dimensioning. This allows you to solve many numerical problems in a fraction of the time it would 
take to write a program in a language such as Fortran, Basic, or C. In the present version ofMATLAB 
environment, no limitations in the number of components and species are introduced. 

Program components. 

The program structure is shown in figure 1, and has been originally designed for dealing with 
two different options: 

1) determination, estimation and calculation of equilibrium constants from experimental data; 
2) simulation of liquid-liquid distribution systems. 

!sTART I 

I L 0 AD 
_I S e le c t m ode I : C R E A T E 

MODIFY 

Select task : ___-{Input variables and r 
SIMULATION ex p e rim . con d itlo n s 

0 F DISTR . EQ . I C a lc . e q u ilib riu m 
DETERMINATION concentrations 
0 F EQ.CONSTS . 

E X IT I l Select graphics I 
a n d _p_r in to u t 

!Load d a ta I New conditions 

<?: -f s elect cons ta n ts I 
to be refined 

+ 
Calculations 

I Select graphics I 
and orintout 

New refine m en t ? 
y y 

Figure 1. DISTREC program structure 

The principal components of the structure are described briefly as follows: 
a) Editing Inputs Block. 

? 

I 

Two different files could be created by an interactive program: Model Input File and 
Experimental Input File. 

Input Model File. This option asks for the components of the system, indicating their presence 
in the aqueous and in the organic phase, and following species are described by formation reactions 
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from the system components, indicating the stoichiometric coefficients as well as the formation 
constants (in logarithmic form). An example of the Input Model is shown in Table 1. 

Experimental Data File. This part of the input contains the experimental data, including both 
total concentration of components of the system and some equilibrium concentration data (e.g. 
aqueous phase pH, etc.) as well as the distribution coefficient and phase ratio (Vaq, Vo) in the 
following format. In the first position the total millimoles of each component of the system (except 
for H), ordered as in the Model Input, followed by pH of the aqueous phase, organic and aqueous 
volumes, and finally the log D value. One example for the model example is collected in table 1. 

input model as displayed on the computer screen: 

THE SPECIES IN THIS SYSTEM ARE: 

SPECIES 

l)Cu(1) 
2)S04(1) 
3)Cyanex(1) 
4)H(1) 
5)Cu(1)S04(1) 
6)Cyanex(l )H( 1) 
7)Cyanex( 1 )H( 1) 
8)Cyanex(2)H(2) 
9)Cu(l )Cyanex( 4 )H(2) 

experimental data input: 

PHASE 

Aq. 
Aq. 
Aq. 
Aq. 
Aq. 
Aq. 
Org. 
Org. 
Org. 

105.615 605.615 842 2.974 10 10 -1.187 

115.753 615 .755 1263 3.151 10 10 -0.627 

Table 1. Model and Experimental Data Input example for DISTREC. 

logBeta 

0.0000 
0.0000 
0.0000 
0.0000 
2.4990 
3.7200 
8.0200 

19.0090 
33.7740 

Extraction of Cu(II) with Cyanex 272 disolved in toluene from sulphate media 

b) Resolution of the mass balances block. 
Each experimental point of the chemical system, defined by the given volumes of 

the aqueous and the organic phases, the total concentrations of the components, proton activity (-pH) 
and the distribution coefficient, could be considered as an equilibrium system, composed of nc 
components in which could be included a total number of n, species (including both the organic and 
aqueous phases). The concentration of the j species in the aqueous phase and in the organic phase 
(Sj.A) and (Sj,o) respectively are given by: 

S · A-j3 · rt C cf(j,k)k A 
1' - J,A k=1 ' 

Sj,o = Sj,AKdi 
where cf(j,k) denotes the stoichiometric coefficient of the k component in the j species, J3i.A the 
formation constant of the species j in the aqueous phase, Ck.A• the free concentration of the of the k 
component in the aqueous phase and Kdi the distribution constant of the species j . From here it is 
possible to define the mass balance for each component, defining the total mass amount of component 
"i" of the system (M;) as: 
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ns 
Mi = L CVa •Cf(j,i)•Sj,a +V0 •cf(j,i)•Sj,o 

j=l 
where V0 and v. denote the organic and aqueous phase volumes, respectively. In this way, ne-1 
equations (providing that mass balance it is not applied to the hydrogen ion), in a system with ne-1 
variables which correspond to the free concentration of the rest of components (in this step the 
equilibrium constants are considered fixed values) are obtained. Taking into account that the mass 
balance system will be solved when differences between the total quantity of theoretical and 
experimental mass is lower than a predetermined (prefixed) value (when the sum of the absolute 
differences, for each component is lower than 10.10 millirnoles). To solve this system an algorithm of 
the program 9 allows the calculation of the equilibrium concentration of components and species in 
solution. Once the mass balances have been solved the program calculates the theoretical values of the 
distribution coefficient for each point (D). Taking into account that the value of (Deale) is calculated for 
the first component described in the defmition of the system, this will be equal to: 

ns 
I cf(i,l) • si o 

D = i=l ' 
ns 
Icf(i,l) • Si a 

i=l ' 
c) Refining of equilibrium constants block. 

The refinement of the equilibrium constants is carried out by the REFINE 
procedure, using the Gauss-Newton non-linear least-squares algorithm10 by numerical differentiation 
until a minimum in the sum of square residuals is attained. In this procedure the group of constants to 
refine is calculated allowing the minimisation of the objective function U, using an iterative process in 
which the value of the equilibrium constant is successively incremented until it reaches a minimum in 
the objective function U. This function is defined as the difference between the experimental and 
calculated values of the logarithm of the distribution coefficient (logDexp and logDeah respectively): 

np 
2 

U = L (logDi,exp -logDi,cal) 
i=l 

where np is the total number of experimental points. The program uses log D values instead of D due 
to the fact that the minimisation process is preferentially performed over values with approximately 
similar orders of magnitude. The minimisation process is repeated until the relative change of U 
between two iterations is less than 0.01 %. In the case of divergence in the refinement procedure, the 
method is modified to optimise the shifts of the constants by using the method described by 
Wenworth. 11 If after the application of this correction an effective reduction of the U value is 
achieved, the program returns to the Gauss-Newton, and otherwise the minimisation process is 
stopped. In any of the cases, the set of constants which define a minimum value of the objective 
function are always retained. Once the minimisation process has been finished, the program gives the 
refined constants together with both the estimated standard deviation (cr(logK)), U and the standard 
deviation of the residuals (cr): 

a= J(npu-1) 

After that, the constants are stored in the file of results. At this point the user could choose between 
starting as new process of refinement or finishing the execution of the program. 

APPLICATIONS 

The DISTREC program has been applied to the treatment of experimental data for different 
solvent systems of metal extraction described in the literature. 1 Selected systems included the 
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determination of ligand distribution, ligand in the aqueous phase, ligand aggregation on the organic 
phase, ligand metal complex formation on the organic phase. All the studied systems have been treated 
by using graphical methods, and numerical methods using LETAGROP. An example of application of 
the DISTREC program in the extraction of Cu(II) with Cyanex 272 containing the acid 
2,4,4(trimethylpentyl)phosphinic acid (HL) from sodium sulphate solutions is shown in Figure 2. 
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Figure 2. Variation of the extraction percentage ofCu(II) as a function of pH for different 
total extractant concentrations in 0.5molldm3 Na2S04• 

The solid lines have been calculated using the constant given in Table 1. 

CONCLUSIONS 

The different routines implemented in DISTREC for the calculation of the mass balances, 
refinement of constants are well known by the users of least-squares based programs for the 
determination of stability constants in complex equilibria. In this sense, DISTREC is a classical 
program. However, the aim in their development was not simply the refinement of equilibrium 
constants from distribution data as a black box, but rather their use is dedicated to taking a closer look 
at experimental data. The graphical information obtained directly on the screen (experimental and 
calculated data, together with the distribution of residuals) can be very useful in searching for possible 
errors in the experimental data and in planning new experimental designs when a system is studied. 
The possibilities of changing the model (by adding or deleting species) and with a selection of the 
master variables (pH, ligand concentration, complexing concentrations) range are also very valuable in 
searching for the best chemical model for a given system. In this way, the statistical tests given by the 
program are also a help for the user. Moreover, the results obtained by DISTREC are in accordance 
with those obtained with other programs when they are applied to the same data, but their advantages 
are the on-line plotting facilities and their interactive use. 
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Solvent extraction of Cu(II) from sulphate solutions by Cyanex 272 was studied by VJS-NIR spectroscopic measurements 
and both soft modelling multivariate curve resolution procedures and hard modelling techniques to describe the liquid-liquid 
distribution equilibria were applied. 

Keywords: copper, modelling, alternative least squares (ALS), curve resolution 

INTRODUCTION 

During the last decades, liquid-liquid extraction reactions played an important role in the 
development of separation processes, mainly in connection with hydrometallurgical processing of 
minerals or solid wastes, as well in analytical applications. 1

'
2 During this time the description of the 

metal extraction processes have been based on experimental procedures directed to the determination 
of the distribution coefficients by measuring changes of the distributed species, usually metallic 
species, in the aqueous phase. However, little has been done with regard to the organic phase.3 The 
advances in analytical instrumentation based on spectroscopic techniques such as UV, VIS, NIR, IR4 

offer new routes to the study the metal extraction reactions by following the changes in the organic 
phase spectra as is the case for most of the amines or organophosphorus based reagents. Secondly, 
several modem chemometric techniques, such as partial least-squares (PLS) and alternating least
squares (ALS) multivariate curve resolution procedures, developed to obtain the most useful 
information from multivariate data have been applied to the study of chemical speciation in aqueous 
solutions with excellent results.5

-
10 Soft modelling multivariate curve resolution allows the 

determination of the number of species present in the experiment, the calculation of the distribution 
profiles of the species and the pure spectra of each chemical species. In this context, the main 
objectives of this paper are: 

a) the development of new experimental procedures based on the use of VIS-NIR 
spectroscopic measurements to study metal extraction reaction in solvent extraction systems, and 

b) the application of soft modelling multivariate curve resolution procedure to describe the 
liquid-liquid distribution equilibria. 

The selected model system was the extraction of Cu(II) from sulphate solutions at 0.5 mol/dm3 

iomc strength at 25°C by Cyanex 272 containing the active component di(2,4,4-
trimethylpentyl)phosphinic acid. The extraction of Cu(II) ions with this phosphinic acid derivative was 
studied by: (a) monitoring the changes in the VIS-NIR spectrum at the organic phase and, (b) by 
following changes of the metal concentration in the aqueous phase by molecular and atomic absorption 
spectrophotometry. The second order VIS-NIR absorbance data were analyzed with a soft modelling 
multivariate curve resolution procedure which allows the determination of the number of different species 
along the experimental conditions; prediction of the metal loading profiles in the organic phase, and the 
calculation of the pure spectrum of each chemical species. 5'

9 Additionally, the distribution coefficient was 
determined as a function of both pH and ligand concentration in the organic phase. The data were 
analyzed using soft and hard modelling techniques, including graphical slope analysis method and a 
numerical method using the program LETAGROP-DISTR.11 Analysis of the results showed that the 
extraction of Cu(II) ions can be explained assuming the formation of metal complexes in the organic 
phase with a general composition CuLz(HL)z,0• 
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EXPERIMENTAL 

Reagents and solutions 

Cyanex 272 containing di(2,4,4-trimethylpentyl)phosphinic acid (DTMPPA = HL)), kindly 
supplied by Cytec (Canada), was used as obtained. Purity (89±2%) of the active component was evaluated 
by NaOH titration. Stock solutions ofCu(II) (1 g/dm3

) were prepared by dissolving the sulfate salt (Merck 
a.r. grade) in water. Sodium sulfate, sodium hydroxide and sulfuric acid (Merck a.r. grade), were used for 
the preparation of solutions. 

Batch Metal Distribution with Cyanex 272 

The extraction of Cu(II) was carried out with batch experiments at 25°C. Volumes of 10 cm3 of 
an organic phase of Cyanex 272 dissolved in toluene were mixed mechanically in glass tubes with an 
aqueous solution (10 cm3

) having composition 0.5 mol!dm3 (Cu2+, W, Na+)SOt until equilibrium was 
achieved. To determine the time to reach equilibrium, the distribution of Cu(ll), at constant pH, were 
determined as a function of time, and 10 minutes were enough to reach the equilibrium. After phase 
separation with a high-speed centrifuge the equilibrium pH was measured. Metal content in both phases 
was determined by Atomic Absorption Spectrophotometry using a Varian 640 AAS with air-acetylene 
flame. 

Spectrophotometric data acquisition and treatment 

Spectrophotometric measurements were performed with a Hewlett Packard HP8453 
spectrophotometer. This single beam instrument was equipped with a quartz cuvette lcm pathlength. The 
spectra were recorded from 400-1100 nm using a Cyanex 272-toluene solution as blank. The 
absorbance values of the extracted complexes were stored in the wavelength range from 400 to 1000 
nm in steps of 1 nm. The data treatment was carried out with MATLAB for Windows (Math Works, 
Version 4.2). 12 

Chemometrics methods 

The VIS-NIR spectrophotometric data were analyzed with a multivariate curve resolution 
procedure, alternating least-square (ALS) which is implemented in a small set of MATLAB.8-

10 

Essentially the data treatment consists of the following steps: 
a) data arrangement: The data from an extraction experiment are collected in a matrix 

D (M x N), whose M rows are the spectra recorded at the different pH values. 
b) estimation of the number of chemical species, NS, present in each complexation 

experiment. This number is estimated by rank analysis, using principal component analysis (PCA) or 
some related techniques based on factor analysis such as evolving factor analysis (EF A) or fixed-size 
moving window factor analysis (FSMW).7

-
9 

Solving the linear model (generalized Beer law) equation in matrix form iteratively by ALS to 
obtain the matrix of pure spectra S and the matrix of species distribution C which best fit the data. In 
matrix form, this model can be written as: 

D=CS+E 

where E is the matrix of the residuals not explained by the chemical species in C and S and should be 
close to the experimental error. This iterative method starts with an initial estimation of the C data 
matrix obtained from EF A profiles of the experimental data matrix and considering the presence of NS 
absorbing species.7

•
8 
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RESULTS 

Soft Modelling 

Rank analysis of the individual and combined data matrices of the VIS-NIR spectra obtained 
suggested that one absorbing species is present for the Cu(II)-SOt-HL-toluene system under the 
experimental conditions. Analysis of the data matrix using principal component analysis (PCA) and EFA 
(Figure lb), shown than one component explained 99.97% of the total data variation and that the inclusion 
of the second factor produce an improvement of the fitting of the same order as the experimental error. 
This does not agrees with some of the previous solvent extraction studies published previously where two 
species where used to explain the experimental results. 17 These results were checked and confirmed in 
the next steps of the data treatment. The ALS procedure was applied to the colwnn-wise augmented data 
matrix obtained by grouping the different ligand extraction series ([HL ]o= 0.4, 0.8, 1.0 and 1.5 mol/dm3

) . 

The VIS-NIR spectra changes obtained as a function of pH is shown in figure la. 
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Figure la. VIS_NIR spectral changes in the organic phase as a function of pH in the aqueous phase [Cu 
(II)] = 0.1 mol/dm3

, [HL ]0= 1.0 mol/dm3 (toluene) and for a phase ratio (V r/V = 1 ). 

Figure lb. Evolving Factor Analysis plot for the data matrix of the four set of ligand concentrations. 

Hard Modellin2 

Classical methods for studying liquid-liquid distribution reactions were applied. These 
methodologies allowed the determination of the metal-complex stoichiometry as well as the stability 
constants of the species formed in the working range. The distribution of Cu(II) between the organic 
phase containing Cyanex 272 and the aqueous phase can be obtained directly as: 

D = [Cu(JJ)J o 

[Cu(JI)] 
(1) 

where [Cu(II)]0 denotes the total concentration of Cu2
+ in the resin phase and [Cu(ll)] its total 

concentration in the aqueous phase in mol/dm3
• 

Metal distribution data from aqueous solutions 0.5 molldm3 Na2S04 by Cyanex 272 are plotted as 
log D versus pH in Figure 2, showing that the distribution functions are straight lines of slope 2. 

Accordingly, the extraction of these metal ions with Cyanex 272 can be described by the 
following general reaction: 

(2) 
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Figure 2. Variation of the distribution coefficient of Cu(II) as a function of pH for different total 
extractant concentrations in 0.5 mol/dm3 Na2S04• The solid lines have been calculated using 
the constants given in table 1 by the program LET APL. 13 

Polynuclear copper (II) complexes in the resin phase have been excluded because plots log D versus 
pH are independent of metal concentration and assuming that sol- ions are not co-extracted to the 
organic phase equation (2) can be expressed as: 

The corresponding equilibrium constant of the extraction process (K) is defined by: 

Ko = {Cu~(HLh} {F}
2 

{Cu2+} {HL} 
0 
<2+q) 

where {}andy; denote the activity of "i" species and K• is the stoichiometric equilibrium constant for the 
extraction reaction: 

K·= [CuL2(HL)q} 0 [H+ f 
[Cu l+] [HL }~+q 

(3) 

(4) 

(5) 

and 'T" is the term containing all the activity coefficients. As a preliminary hypothesis, the term "f" can 
be expected to remain constant. 

In order to relate the distribution of the metal with the metal composition in the organic phase, the 
formation of a simplest species may be assumed. Hence, according to previous results, if only one species 
of the type C~(HL)q is formed the distribution coefficient for (M2+) becomes: 

(6) 
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where a= (1 +13cu-s04[SO/] and 13cu-S04 is the formation constant of the CuS04(aq) complex. 
The dependence of the distribution coefficient on extractant concentration in the organic phase at 

constant pH allow us an estimation of the p coefficient (p = 2). Further analysis of the experimental data 
obtained in the distribution equilibrium studies was evaluated by the computer program LETAGROP
DISTR. In this program, for a given model, the computer searches for the best set of equilibrium constants 
K', that would minimize the sum squared error defmed by: 

U = L(!og Dexp - log Deale/ (7) 

where Dexp is the distribution ratio of copper (II) determined experimentally and Deal is the value 
calculated by the program solving the mass balance equation, assuming a particular set of species and 
constants. This program also calculates the standard deviation s(log D): 

a(logD)=(U I Np/12 (8) 

where Np is the difference between total number of experimental points and the total number of 
equilibrium constants calculated. 

The initial extraction reaction and its corresponding equilibrium constant are given on the basis of 
the graphical slope analysis. Combining the soft modelling results where changes in the organic phase is 
due to the formation of one species with the slope analysis results a species of the type CuLl{HL)q is the 
responsible of the extraction process. A comparison of the different reasonable chemical models that fit 
the experimental data is performed analyzing the U fi.mction. The best model assuming the formation of 
the species CuL2(HL)z was selected due to its minimum value. 

Model cr(logD) u LogK 

CuLz 0.20 1.75 -1.79 ± 0.10 
CuLz(HL) 0.14 0.84 -0.06 ± 0.07 
CuLz(HL)z 0.12 0.69 1.69 ± 0.07 
CuLz(HL)3 0.16 1.19 3.46±0.10 
CuLz(HL)4 0.22 2.16 5.26 ± 0.16 

Table 1. Analysis of the variation of the error-square fi.mction (U), with the solvation number. 

CONCLUSIONS 

The description of the metal extraction reactions in the solvent extraction of Cu(II) from sulphate 
solutions with Cyanex 272 dissolved in toluene was accomplished by determination of the number of 
chemical species present in the organic phase by following the changes in the VIS-NIR spectra and a 
preliminary step of the graphical and numerical treatment. The extraction process could be explained 
considering the formation of the species CuLz(HL)z while previous studies of this system described the 
extraction ofCu(II) by the formation of two species: CuLz(HL) and CuLz(HL)z. 
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ABSTRACT 

CO-CURRENT EXTRACTION: DESIGN OF 

INDUSTRIAL EQIDPMENT BY SCALING-UP 

LABORATORY TESTS 
V Alessi, A Franzoni, C Gradella and R Penzo 
Enichem, Centro Ricerche, Via Taliercio 14, 46100 Mantova, 
Italy 
MJ Slater 
University of Bradford, Bradford, W.Yorks. BD7 1DP, UK 

The kinetics of co-current liquid-liquid extraction in pipes have been studied by laboratory experiments with streams 
sampled from a caprolactam and a phenol industrial plant. Whatever the set of experimental conditions a dependency of 
degree of extraction on energy input has been found. There are constraints on operating conditions imposed by entrainment 
problems and minimum flow rates for creating a dispersion. Equations given by Calderbank and Newman were used to 
calculate film mass transfer coefficients which, in addition to contact time, drop size and extraction factor, were used to 
obtain theoretical values of degree of extraction. Such values are conservative with respect to experimental data. Scale-up is 
based on drop size estimation to give suitable pipe diameter and velocity, and small-scale threshold energy consumption 
required to reach equilibrium (at the chosen velocity) to give pipe length. 

Keywords: toluene/cyclohexanone oxime/water, aromatics/phenol/water, phenol cleavage stream/ acetone-carboxylic acid 
salts/water, co-current extraction, mass transfer, scale-up. 

INTRODUCTION 

Although the industrial application of co-current extraction is in some cases very attractive, 
the literature on this topic, mainly concerning the scale-up from laboratory tests, is very poor. The 
performance of co-current extraction is limited by the equilibrium distribution of the solute. Therefore 
its application in industrial processes is useful in cases of favourable partition equilibria or high 
solvent/raffinate ratios, the advantage being the possibility of avoiding throughput limitations caused 
by hydrodynamic problems, of operating with high superficial velocities and small residence times, 
and of reaching the requested performance in simple equipment of reasonable size. Co-current plant 
can be used to extend the performance of existing plants by contacting an entering stream with an 
effluent stream. 

Usually the kinetics of the mass transfer process are very fast in systems typical of 
petrochemical processes and a contact time in the range from a few seconds to a few tens of seconds 
is sufficient to reach equilibrium so that in several cases mixing the phases in the existing pipes of the 
plant is practicable. 

Different sets of experimental conditions can heavily influence the successive steps of phase 
settling and solute recovery, and therefore the economics of the process, because of possible problems 
due to entrainment, emulsion formation, or undesired co-extraction of other solutes present in the 
system. 

It is useful to evaluate by laboratory tests how the parameters influencing the kinetics of mass 
transfer impact on the degree of extraction and, by comparing different sets of experimental 
conditions giving similar performance, to be able to scale-up the extraction equipment. Unfortunately 
little work has been done on this topic and no rule is available in the literature to size industrial co
current extractors from laboratory experimental data. 

Recently we have faced the problem of co-current extraction for solute recovery both in 
caprolactam and phenol processes and have tried to obtain a better understanding of the kinetics of 
the mass transfer process in these two cases by laboratory experiments to allow sizing of industrial 
equipment. 
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EXPERIMENTAL 

Glass tubes were used as in-line mixers in our laboratory rig so that it was easy to vary drop 
size, contact time and linear velocity by simply changing diameter and length of the tube in addition 
to variation of flow rates. The tube diameters were 2.5 mm to 11 mm and velocities were 0.20 m/s to 
3.9 m/s. In glass pipes drop size evaluation by image recording and processing is possible. The 
dispersed phase injector was co-axial to the mixing pipe and allowed almost the same linear velocity 
of the continuous phase to be obtained to avoid chaotic initial contact. The raffinate and the solvent 
phase were weighed and fed by pumps. At the end of the pipe, the streams were collected in a settler, 
separated, weighed, and analyzed. The evaluation of the Hausen extraction efficiency 1 is possible by 
measuring the inlet and outlet solute concentration and knowing the equilibrium distribution. It is 
important to do some preliminary tests to evaluate the useful range for linear velocity and its 
correlation with drop size, because too small drops could compromise the separation of phases in the 
settler. 

The system water/cyclohexanone oxime/toluene (system A) with the raffinate from the 
industrial caprolactam plant and the systems sulphatic aqueous solution/phenol/aromatic 
hydrocarbons (system B) and clevage product/acetone-salts of organic acids/water with raffinate and 
solvent from the industrial phenol plant (system C), were studied. Physical properties and main 
experimental conditions are reported in Table 1. 

System Raffinate Solute Solvent R L'lp y u e 
(kgfm3) (N/m) (m/s) (s) 

A water oxime toluene 0.08-5.0 127 19· 10-3 0.4-2.6 0.2-7.7 
B water phenol organic( I 0.3-5.0 290 19· lQ-3 0.8-3.9 0.1-1.4 

) 

C1 water acetone organic(2 0.06-0.12 26 1.5- lQ-3 0.2-1.0 0.5-50 
) 

C2 organic RCOONa water 8.3-16.7 26 1.5- lQ-3 0.2-1.0 0.5-50 

(t) Main components: cumene and a-methylstyrene. 
<2> Cleavage product of a phenol plant containing mainly acetone, phenol, cumene, a-methyl-styrene. 

Table 1 Physical properties of the streams and main experimental conditions 

Systems A and B are characterized by a significant difference of density and a high value of 
the interfacial tension so can tolerate high linear velocities (up tp 4 m/s in the laboratory pipes), and 
consequently small drop size, with no problem of separation in the settler. In contrast, system C 
shows entrainment problems when the linear velocity reaches values of about 0.5 m/s. In this system 
a cross mass-transfer operates because of the presence of two solutes: acetone (solute 1) is transferred 
from water into the organic phase and Na salts of organic acids (solute 2) from the organic phase into 
water. 
Laboratory tests were performed at room temperature varying pipe diameter, pipe length, flow rates 
and phase ratio. 

RESULTS AND DISCUSSION 

As the flow of a fluid through a pipe and fluid dynamic conditions are associated with a 
pressure difference L'lp over the length of the pipe, it is useful to relate the operating parameters (the 
volumetric flow rate F and the pipe length and diameter, L and D) and the physical properties of the 
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fluids (density p and viscosity I!) using the the power input P required to pump the liquids through the 
whole pipe divided by the flow rate F, corresponding to the energy consumption per unit volume: 

l.1pl = PIF (1) 

The pressure drop and the Reynolds number are linked to the Fanning friction factor, hence 

l.1p I= (32·p ·U2!Re)-L/D = 32·~-L·U-LJD2 (laminar) (2) 
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Figure 1. Power input per unit flow rate for System A and B 
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RESULTS 

(3) 

Figures I and 2 show the variation of the experimental values of degree of extraction for 
increasing values of the power input per unit flow rate for systems A and B and for system C 
respectively. 
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With the exception of acetone extraction in system C, which reaches the equilibrium value so 
rapidly that it is impossible to detect a trend, the graphs show that the degree of extraction increases 
as P/F increases to the point of equilibrium, with a noticeable effect of flow ratio, and significant 
differences in energy consumption for the systems A, B and C. 

If we consider that a power per unit volume of about 0.2 to 2 kW fm3 is typical in stirred tanks 
(in which large residence time must be considered) it is possible to make comparison between the two 
mixers in terms of cost of energy used per unit of product. 

THEORETICAL APPROACH 

We have tried to explain the experimental values of the efficiency obtained with the three 
systems by using the mass transfer coefficients. Considering a slice of mixer having a volume 
dV=n·D2·dL/4 characterized by a specific interfacial area a the rate equation becomes 

(4) 

and taking into account the material balance for the in-line mixer (Eq. 5), the equilibrium equation for 
the solute distribution (Eq. 6), the extraction factor (Eq. 7) and the definition of Hausen efficiency 
(Eq. 8) 

A.= m·Fd!Fc 

E = (cdOUT- CdJN)I(cde- CdiN) 

we obtain the equation (Eq. 9) 

(5) 

(6) 

(7) 

(8) 

dcd/dt = (Kod·a/<j>)-(A·CdiN- (1 + A)·Cd + m·CdiN) (9) 

which when integrated from 0 to the total contact time e necessary to reach the final concentration 
CdOUT, assuming Kod, Koc. a and <I> independent of time, allows the efficiency to be obtained as a 
function ofKod 

E = 1 - exp[ -6·Kod·6-(1 + A.)/d ] (10) 
orKoc 

E = 1 - exp[ -6·K0 c·6·(1 + A.)/(m·d)] (11) 

By evaluating the film mass transfer coefficients and using the two film theory Kod and Koc 
can be determined. For the continuous phase film coefficient the Calderbank and Moo-Young 2 
equation was used; for the dispersed phase film coefficient the Newman 3 equation was used, 
assuming that very small drops behave as rigid spheres. A time-averaged value was used in the 
integration. To evaluate drop size the Kubie and Gardne 4 equation for empty pipes (Eq. 12) and 
Streiff 5 equation for pipes with structured packing (Eq. 13) can be used to obtain the maximum drop 
size dM (d32 is about 0.5 dM) or d32 directly: 

dMID = 1.518 · We-0.6 · Re0.1 (12) 

d32J dh = 0.21 . we-0.5 . Re0.15 (13) 

DISCUSSION 

Figure 3 shows the parity diagram between calculated and experimental Hausen efficiencies. 
The calculated values are in general lower than obtained experimentally and so are safe predictions. 
The approximations introduced (d32 evaluation, independence ofK0 d, Koc, a, <1> and m of time in the 
integration, possible presence of some entrance effect) have therefore to be questioned individually 
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before better prediction methods can be offered. The possible coalescence and redispersion of drops 
as experienced in stirred tanks is one possible source of much higher mass transfer coefficients than 
estimated but this process is not very amenable to modelling. The unsteady-state nature of drop 
formation and uncertain entry effect on hydrodynamics and mass transfer needs much more study. 
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Figure 3. Comparison between experimental and calculated efficiency 

With systems A and B turbulent flow was realized in most tests (Rein the range 2200-15000); with 
system C laminar flow was, in general, obtained (Re < 2400). 

By image recording, a good distribution of the dispersed phase on the cross section of the pipe 
was always found at the velocities used. 

By image recording and processing d32 values were determined. At the moment, with only 
very few images processed, the Streiff equation (13) is preferred in spite of the absence of any 
packing inside the pipes of the laboratory rig. For tests with laminar flow (system C) equation (13) 
was also used to evaluate d32 because no equation for laminar flow in empty pipes was found in the 
literature. 

For all the laboratory experiments a dependence of extent of mass transfer on P/F has been 
found. Independently of which parameter is varied to increase power, efficiency steadily increases as 
PIF increases, asymptotically tending to unit value. 

The threshold of P/F beyond which degree of extraction is at its maximum value has been 
evaluated for the four extraction processes (Figures I and 2): around 5 W·hfm3 for systems A, 15 
W·hfm3 for systems B, and 2.5 W·hfm3 for solute 2 of system C; for solute I of system C mass 
transfer is so fast that no threshold was found. 

For the industrial equipment pipe diameter and linear velocity are chosen to obtain an average 
drop size similar to that used on the small scale, such as to avoid or minimize entrainment/emulsion 
problems as noted in the laboratory work. The length of the pipe is evaluated on the basis of the 
minimum length (at a chosen velocity and phase ratio) required to give threshold power input per unit 
flow rate determined from the laboratory tests. Because of the large diameter of the industrial pipe, a 
turbulent regime is usually operating. If any problems of distribution of the dispersed phase arise, or 
if smaller drops are desired to increase interfacial area, a structured packing can be inserted into the 
pipe and the hydraulic diameter of the packing and Eq. (13) should be used in evaluating Re and drop 
size. In this case a hydraulic diameter close to that of the laboratory pipe (e.g. dh = 10 mm) can be 
chosen that would reduce risks related to scale-up. 

Co-current equipment sized in accordance with the rules described above is operating in the 
EniChem phenol plant in Mantova (Italy). The equipment gives the expected performance both in 
acetone and salts cross-extraction (system C). A co-current extractor for the recovery of 
cyclohexanone oxime (system A) has been sized for the EniChem caprolactam process based on 
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"Amoximation" tecnology. 

CONCLUSIONS 

Scaling-up a co-current extractor has been carried out using the correlation between the 
efficiency of the mass transfer process and the power input on flow rate applied to the pipe, and 
equations for drop size prediction. A threshold of PIF to obtain equilibrium partition is determined. 
Pipe diameter and linear velocity are chosen to give a suitable drop size and pipe length is chosen 
using the small-scale threshold power on flow rate data. Industrial equipment sized in accordance 
with these scale-up rules has given the required performance. A theoretical approach based on the two 
film coefficients method to correlate degree of extraction to raffinate overall mass transfer coefficient 
has been tried. The comparison of experimental and calculated efficiencies shows that performance is 
better than predicted: much more work is needed to develop better fundamental methods of design. 

NOMENCLATURE 

Standard Nomenclature is used except for the following: 

E efficiency 
p pressure 
P power input 
R raffinate/solvent flow ratio 

GREEK 
e contact time 

SUBSCRIPTS 
e equilibrium 
h hydraulic 
M maximum 
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ABSTRACT 

INFLUENCE OF CONTINUOUS PHASE FLOW FIELD 

AND COMPARTMENT GEOMETRY ON DROPLET 

BREAKAGE IN ROTATING DISC CONTACTORS 
G Modes and H-J Bart 
Universitii.t Kaiserslautern, Lehrstuhl flir Thermische 
Verfahrenstechnik, Gottlieb-Daimler-StraBe, 67653 
Kaiserslautern, Germany 

This paper presents the investigation of the influence of compartment geometry and continuous phase flow structure on the 
breakage of droplets in Rotating Disc Contactors (ROC). The observations lead to the result, that the breakage mechanism 
can be characterised by correlating the ratio of destroying to resistive forces. Additionally, a change in the macroscopic flow 
structure of continuous phase due to a change in compartment geometry will influence the breakage probability of the 
dispersed phase markedly. Experimental and simulated column results, using that new correlation in a droplet population 
balance model (DPBM), will be given. 

Keywords: droplet breakage, fluid dynamics, Rotating Disc Contactors 

INTRODUCTION 

Since the beginning of the sixties, the development of the DPBM constituted a considerable 
advance in the theoretical analysis of solvent extraction columns.1 ,2 If interdroplet coalescence could 
be neglected, a volume or mass balance for droplets of diameter d ± od/2 leads to the following 
population balance equation (PBE):3 

t3 P(t,z,d) 

ot 

2 
oP(t,z,d) D t3 P(t,z,d) _ ( d)P( d) 

vd oz + d t3z2 g t,z, t,z, 

+ r-· p(d 0 ,d)g(t,z,d)P(t,z,d)od 

(1) 

The function P(t,z,d)od is the volume fraction of drops of diameter between d ± od/2 at column height 
z at time t. The first term at the right hand side of equation (I) represents the transport of droplets due 
to drop diameter depended rising velocity Vd, the second part describes the axial dispersion. The third 
term describes the loss of droplets with size d ± od/2, whereas the win due to breakage is given by the 
last integral term. The problem with equation (1) are the droplet size dependent parameters (e.g. the 
breakage frequency g(d) and the daughter droplet size distribution l)(do,d)), which have to be 
determined with high experimental effort. 

DROPLET BREAKAGE IN STIRRED COLUMNS 

Drops break into several smaller drops due to the turbulent structure of the flow pattern and 
column internals. This situation has been extensively studied in stirred tanks.4 Based on this 
assessment Cruz-Pinto and Korchinsky5 proposed expressions for the breakage frequency and the 
daughter droplet distribution in a RDC. Unfortunately they found, that the free parameter in the given 
equations vary substantially with the working conditions of the column. A more fundamental work on 
single droplet breakage in a RDC is from Bahmanyar et aJ.6 and Cauwenberg et aJ.7,8 They studied 
single droplet breakage and gave empirical correlations for the breakage probability p. It has been 
proposed that the ratio between the fractions of broken and of non-broken droplets should be 
correlated as a function of a modified drop Weber number (Wem). According to Cauwenberg7 this 
reads for a column with diameter 0.152 m and laminar conditions as to: 

__.!!_ = 0 258· We116 (2) 1- p . m 
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The Weber number represents the ratio of the shearing forces to the resistive surface forces. 
In addition Bahrnanyar6 proposed the following expression for the daughter droplet probability 
density: 

(3) 

with Xm as the average number of daughter droplets being produced in case of the breakage of a 
mother droplet with diameter dQ. It depends on number of revolutions, components and geometry. 

EXPERIMENTAL 

The comparison of simulations based on equation (1) and experimental hold-up and droplet size 
distributions for a pilot plant RDC lead to the result, that the given correlations are not applicable to 
an altered geometry under counter-current flow conditions.9 Due to this, single droplet breakage was 
investigated with an experimental set up, which allows the change of compartment height, rotor 
diameter and stator inner diameter for a single RDC-compartment. The diameter of the column is 0.15 
m (0.152 m 6,7,8). The geometry for the presented observations is as follows: the rotor diameter is 
0.09 m (0.101 m 6,7,8), the shaft diameter 0.054 m (0.015 m 6,7,8), the stator inner diameter 0.105 m 
(0.11 m 6,7,8) and the height of the compartment is 0.03 m (0.076 m 6,7,8). It should be accentuated, 
that, compared with Cauwenberg7,8 and Bahrnanyar,6 this geometry has a much smaller free area 
between shaft and stator and that the ratio of compartment height to column diameter is more than 
two times smaller. This is important, since the authors pointed out, that the given correlations remain 
to be tested especially for that geometry. 

In each experimental run about 2000 mono-dispersed droplets are produced continuously 0.4 
m below the compartment. Within the distance between droplet production and compartment 
entrance, droplets reach the stationary rising velocity and enter the compartment with a superimposed 
rotational movement. In the compartment a varying fraction of droplets break. This modified 
experimental method, compared with Cauwenberg, 8 was used since it represents the real droplet 
behaviour in the column in a more realistic way. If breakage occurs, it happens always at the edge of 
the rotor blade, a fact which has been also reported by Cauwenberg. 8 In each case the breakage 
produced outlet distribution is measured at the top of the equipment by a so-called capillary 
method.lO With the assumptions that breakage occurs only once at the edge of the rotor the 
population balance (1) for one compartment and for stationary conditions may be reduced to the 
following form : 

P(d)m- P(d) 0 ur = [""' p(d0 ,d) · p(d) · P(d)t5 d0 - p(d) · P(d) (4) 

.The breakage probability and the daughter droplet distribution can be determined with an 
optimisation procedure, using the experimental compartment outlet distributions to evaluate Xm in 
equation (3). 
The varied values are: the mother droplet diameter, the rotor speed, the rotor diameter and system 
dependent parameters like density, interfacial tension and viscosity. The two investigated extraction 
systems are the saturated test systems toluene-water and butyl acetate-water. 

RESULTS 

Figure 1 depicts the change of breakage probability of different sized toluene droplets with agitation. 
In the observed range between 2.1·10-3 and 4·10-3 m a strong increase of breakage probability 
appears with increasing droplet size and rotational speed. The dotted lines are the linear fitting curves 
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for each droplet size. The solid line represents a correlation given by Bahrnanyar, 7 which is restricted 
to revolutions below 4.17 s-1 and to a bigger rotor diameter and compartment height. This explains 
the fact that the correlation results in too small values compared to the experimental ones, but gives 
the correct trend. In addition to this, the mean number of breakage produced droplets Xm in equation 
(3) is estimated. The value of this parameter was equal to 2 for the agitation range between 4.17 and 
6.67 s-1 for all the droplet diameters investigated. Between 6.67 and 8.33 s-1 it increased up to 2.4 for 
the bigger droplets. The comparison with the correlation given by Bahrnanyar7 was again insufficient. 

0.8 r- • d = 3.82E-3 m 

0.7 1-- • d = 3.37E-3 m 

0.6 

0.5 

1--
- Bahmanyar (3.37E-3 m) 

• .. d = 2.95E-3 m .. ~ 

1-- " . 
• d = 2.54E-3 m 

, ... 
~ ... ~ 

0.. 0.4 

0.3 

0.2 

0.1 

0 

1-- x d = 2.17E-3 m ·~ .... /-.. " .. ~ ~ · ;< ... " .. - . .,. 
.... ~.,. t"" A' .,. .. . . . 

" 
.... ..... ~ " "" . .,. 

2 3 4 5 6 7 8 9 

N [1/s] 

Figure 1: Breakage probability for different droplet diameters vs. rotational speed 

The critical rotational speed is the minimum of agitation for which a droplet of given size is 
stable. The value of this characteristic parameter can be determined in two ways: first from the linear 
extrapolation of the experimental results to zero breakage probability, 11 and second from the fitting 
of a equation of type (2) to experimental results 7 with the critical rotor speed, the preconstant and the 
exponent as the varied parameters. The results of both procedures are depicted in Figure 2. 
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It can be seen that the experimental values are in good agreement with the proposed 
correlation. Considering the deviations in the breakage probability, this result seems to be surprising. 
This fact must be explained with the macroscopic flow patterns change due to the different 
compartment geometry. Since the critical parameter depends only on the shearing forces at the edge 
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of the rotor blade the smaller compartment height and stator free surface have no influence. The 
strong increase of the breakage probability in this work (see Figure 1) in comparison to literature 
must then result from a higher probability for the appearance of the drops in the region, where the 
shear forces are big enough to destroy them. Very encouraging is the fact, that it was possible to fit 
our experimental results with a correlation of the type of equation (2) with nearly the same exponent 
as reported by Cauwenberg. 8 Only the preconstant changed due to the different compartment 
geometry. For all the data points we found the following expression: 

____!!__ = 9.69· We~2 (5) 
1- p 

The consistency between the critical parameter and between the exponents in equations (2) 
and (5) supported the assumption, that the breakage mechanism itself can be described with the idea 
of relating force ratio to the ratio of breaking and non-breaking drops. In addition the influence of 
geometry and macroscopic flow structure has to be considered, since the real breakage rate of 
droplets is mainly governed by the probability of presence in the shear region at the edge of the rotor. 
First single particle fluid dynamics simulations lead to the result, that the probability of appearance in 
the shear field increases for each droplet with increasing continuous phase flow rate.l3 Due to this it 
is indispensable to realise also experiments under counter-current conditions. 

Figure 3 illustrates the comparison between experiment and DPBM-simulation for a pilot 
plant RDC with the same geometry as described above. The active height of this column is 1.5 m, the 
continuous phase flow rate is 60 dm3fh and the dispersed phase flow rate is 56 dm3fh. The breakage 
probability is calculated with equation (5), Vd and Dax in equation (1) are taken from single droplet 
experiments.9 
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Figure 3 : Cumultative volume distribution in a pilot plant RDC for N = 5 s-1 

The numerical treatment of equation (1) is discussed elsewhere.3 It can be seen, that the 
evolution of the droplet size distribution along the column axis is predicted very well applying the 
modified breakage correlation. 

CONCLUSIONS 

Single droplet observations have been realised to investigate the influence of compartment 
geometry and continuous phase flow regime on the breakage of droplets in a Rotating Disc Contactor. 
It has been shown, that the known correlations have to be extended to the influence of compartment 
height, stator free area and continuous phase flow, since the breakage probability is in strong 
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dependency of the path of each droplet throughout the compartment. For the changed geometry a 
modified correlation for the calculation of breakage probability has been proposed. It has been shown 
that the DPBM based simulation of the mentioned pilot plant RDC with the new correlation is in good 
agreement with experimental results. 

NOMENCLATURE 

DR 
d 
g(d) 
N 
P(t,z,d) 
P(d)JN, P(d)QUT 
p 
t 

wem 
Xm 
z 
fJ(do,d) 
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ABSTRACT 

MASS TRANSFER PERFORMANCE IN A PULSED SIEVE 

PLATE EXTRACTION COLUMN 
GS Luo, HB Li, WY Fei and JD Wang 
Department of Chemical Engineering, Tsinghua University, 
Beijing 100084, China 

Mass transfer experiments were carried out in a pulsed-sieve-plate extraction column (PSEC) of 150mm diameter with a 
working system of 30%TBP (in kerosene) - nitric acid - water. The mass transfer and axial mixing coefficients were 
evaluated from the measured solute concentration profiles and by the dynamic stimulus-response process. The experimental 
data of diffusional height of transfer unit from the two methods were correlated and a semi-empirical correlation was 
developed for predicting the mass transfer performance in PSEC. ln this equation the influence of the column diameter was 
considered. The values of apparent height of transfer unit predicted by (HTU)0 cp = (HTU)oc + (HTU)ocd were compared 
with the experimental data, which showed they fit very well. 

Keywords: TBP/nitric acid/water, sieve-plate column, mass transfer, axial mixing, transfer unit 

INTRODUCTION 

As mentioned in previous work, 1,2 knowledge of extraction columns is not completely clear 
and data of the mass transfer coefficient in the pulsed sieve plate extraction column are still lacking. 
A great deal of experimental effort has been expended principally for the purpose of evaluating 
column performance. For design and engineering, up to now, it is still necessary to find some simple 
semi-empirical correlations for the prediction of mass transfer performance in extraction columns, 
especially the correlations for large diameter columns. 

The work described in this paper studies the mass transfer performance in a standard type 
pulsed sieve plate column of 150 mm diameter with 30%TBP(kerosene)-nitric acid-water as a 
working system by the concentration profile method and the dynamic process.! ,3 

EXPERIMENTAL 

Experiments were carried out in an air pulsed glass column of 150 mm diameter and effective 
height 2 m equipped with 41 sieve plates of the standard type. A switch valve was located on the feed 
line for introducing the tracer acid and a sampling port located just below the bottom plate for 
collecting the raffinate samples while the experiments of dynamic process were performed. Eight 
sampling ports which were specially designed4 to guarantee the purity of each phase were situated at 
equal distances along the height of the column. Samples of two phases were taken simultaneously 
from each port for concentration profile measurement under every given operation condition. The 
dispersed phase hold up was estimated by volumetric replacement method. All the materials were 
purchased from Beijing chemical plant. TBP and nitric acid were chemical grade and deionised water 
was used. 

For the steady state method, the outlet concentration of the two phases can be obtained 
directly. However, for the dynamic response method it must be calculated from the three evaluated 
parameters and the dynamic diffusion mass transfer model. Then the apparent and diffusional height 
of transfer unit can be calculated from the following the equations. 

(HTU) = Uc = H 
oc koca (NTU)oc 

(1) 
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(HTU) = H 
ocp (NTU) dx 

ocp (I X-X• 
H 

(2) 

(HTU)ocd = (HTU)ocp - (HTU) 0 c (3) 

RESULTS AND DISCUSSION 

Diffusional height of transfer unit, <HTlDocd 

The influence of operation conditions on (HTU)ocd is plotted in figure 1. It can be seen that 
(HTU)ocd depends on the two phase flow rate and the pulse intensity. With an increase of pulse 
intensity, the diffusional height of transfer unit is increased slowly. However, (HTU)ocd will decrease 
quickly when the dispersed phase flow rate is increased. It is very difficult to see the influence of the 
continuous phase flow rate on (HTU)ocd· The reason is when the pulse intensity is increased, the 
degree of axial mixing is increased, but the dispersed phase hold-up will increase at the same time. 
These two effects determine that (HTU)ocd will not change seriously as the pulse intensity is 
increased. When the dispersed phase flow rate is increased, the hold-up will increase quickly, then the 
axial mixing coefficient will decrease, and (HTU)ocd decreases quickly. From the figure, it may be 
concluded that the diffusional height of transfer unit in PSEC is influenced by the operation 
conditions together. It is very difficult to study them separately. Based on this result, a semi-empirical 
equation in the form of equation (4) for predicting (HTU)ocd in PSEC is correlated from the 
experimental data. 

(4) 

~,-~------------------~ 

40 

30 
35 

Af=2.0an's 
• u, =0.2389 an's 
• u, =0.1792 an's 
• u,=0.1195an's 

20 
10 u, u,(an's) 

• 0.1195 0.3961 
15 

• 0.1702 0.2641 
• 0.1792 0.3961 

o+-----r----,----~----~ 10 +---,.----.---,-----.----,---~ 
12 1.5 1.8 2.1 2.4 0.15 0.20 0.25 0.30 0.35 0.40 0.45 

(M)(an's) u, (an's) 

Figure 1. The influence of operation conditions on (HTU)ocd 

Figure 2 is the comparison of the calculated results by equation (4) with the experimental 
data. All the data from the dynamic response process and steady state method are plotted in this 
figure. As shown, the values calculated by equation (4) fit very well with the experimental data. It can 
also be seen the data from the dynamic response process are reliable. The maximum deviation is less 
than 30%. 
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Apparent height of transfer unit in PSEC 

The function of the apparent height of transfer unit in PSEC vs. operation conditions are 
plotted in figures 3 and 4. 

As generally known, the apparent height of transfer unit in PSEC is influenced by pulse 
intensity, physical properties of working systems, column configuration, two phase flow rates, and so 
on. In figures 3 and 4, it can be seen that the operation conditions influence the mass transfer 
performance significantly. When the pulse intensity and dispersed phase flow rate are increased, the 
apparent height of transfer unit is decreased. This is because the hold-up and mass transfer areas 
increase quickly, and mass transfer coefficients are increased. 

0.8 

. DynaiT'ic process 
0.8 0 Steady state 

I 
Jo• "'· 

"c 

~ 
, 

0.2 
0 
0 

0.0 
0.0 0.2 0.4 0.8 0.8 

(HTIJ)....,.(m) 

Figure 2. The comparison between experimental and the calculated values of (HTU)ocd 
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Figure 3. The influence of pulse intensity on (HTU)ocp 
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Figure 4. The influence of two phase flow rate on (HTU)ocp 

While the continuous phase flow rate is raised, the apparent height of transfer unit will 
increase. The reason is the "true" height of transfer unit is increased quickly according to 

u 
(HTU)

0
c = __ c_ with the continuous phase flow rate increasing. Therefore, (HTU)ocp is 

Koca 
increased with a increase of the continuous phase flow rate. 

Equation ( 6) proposed by Miyauchi et a!. 5 was used to predict the apparent height of transfer 
unit, and equation (5) suggested by Luo et aJ.2 was used to calculate the "true" height of transfer unit. 
The comparison results for 150 mm and 40 mm diameter columns are plotted in figure 5, which 
shows that the apparent height of a transfer unit in 150 mm and 40 mm diameter column are predicted 
accurately by these equations. The calculated values of apparent height of transfer unit fit the 
experimental data well with the standard deviation of 12.4%. 

(HTU)
0
c = 25.86 Uc 

15 ¢(1- ¢) 0 

(HTU)ocp = (HTU) 0c + (HTU)ocd 

2.0,--------------, 
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Figure 5. The comparison of experimental data with the calculated values of (HTU)ocp 
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CONCLUSIONS 

According to experimental results, we may conclude that it is reliable to use dynamic 
response to evaluate the mass transfer performance in large diameter colunm. In our work, the 
diffusional height of transfer unit and apparent height of transfer unit in PSEC can be calculated by 
the following semi-empirical equations. 

(HTU)ocd = 0.14(Af I uJ0
·
44 (1- ¢) 15 (uc I ud ) 057 

By using the following equations and the equation presented in this paper for calculation of the 
diffusional height of transfer unit in PSEC, the apparent height of transfer unit may be predicted 
accurately. 

(HTU)
0
c = 25.86 Uc 

15 ¢(1- ¢). 

(HTU)ocp = (HTU) 0c + (HTU)ocd 

NOMENCLATURE 

A Pulsed amplitude [m] x 

a Interfacial area [m21m3] x* 
f Pulsed frequency [11s] 
H Effective height of colunm [m] Xf 
(HTU)0 c "True" height of transfer unit [m] Xr 
(HTU)ocd Diffusional height of transfer unit [m] Y 
(HTU)ocp Apparent height of transfer unit [m] <l> 

koc Overall mass transfer coeff 

based on continuous phase [m/s] 

Solute cone. in continuous phase 
Equil cone. of solute in cont. phase 

Feed solute concentration 
Raffinate solute concentration 
Solute concentration in dispersed phase 
Dispersed phase hold-up [%] 

Subscripts 

Number of" true" transfer unit 
c Continuous phase 

(NTU)ocp Number of apparent transfer unit 
d Dispersed phase 

U Superficial velocity [m/s] 
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ABSTRACT 

PREDICTION OF FLOODING IN RANDOM AND 

STRUCTURED PACKED COLUMNS USING A DRIFT 

FLUX METHODOLOGY 
Lintong S Hutahaean, David M Schaefer, JeffreyS Kanell 
and Vincent Van Brunt 
Chemical Engineering, Department University of South Carolina, 
Columbia, SC 29208, USA 
!Technical Center, Union Carbide Corporation, P.O Box 8361 
South Charleston WV 25303, USA 

Two correlations for flooding in packed extraction towers for continuous phase wetting show reduced average errors when 
compared to others. Both correlations are derivatives of the Wallis form of flooding correlation and consistent with his drift 
flux theory. The first correlation Jcl /2 + Jdl /2 = (0.705 - 0.06315 ln(a~E2(cr/(<'.pg)) ll2)(0.8586 + 0.065pd/<'.p -
0.0064(pd/<'.p)2) where Jc = Vc2Pcl(gE3tapt.p)ll2 and Jd = Vd2Pdl(gE3fap<'.p)l 2 only has general packing parameters and 
dimensionless variables and is suitable for all types of packing. It has an average deviation of 37% for all known flooding 
data. 

Keywords: organic compounds/water, packed column, packings, column flooding, modelling 

INTRODUCTION 

Flooding in multiphase fluid systems has proceeded along different paths. For flooding in 
vapor-liquid systems it is assumed that the liquid will wet the solid surfaces or packing and a force 
balance leads to empirical correlations. In contrast, flooding in liquid-liquid systems is largely 
devoted to the industrially relevant case of continuous phase wetting the solid or packing surfaces. 
The literature for flooding in packed liquid extraction towers with continuous phase wetting includes 
the historical works of Dell and Pratt (1951), Sakiadis and Johnson(1954), and Watson et a1.(1973). 

Like the previous researchers the review papers by Kumar and Hartland (1994,1997) present 
previous correlations and proceed to develop their own. The Kumar and Hartland papers discuss the 
two approaches used to develop flooding criteria. In the first, flooding is predicted by differentiating 
the slip velocity equation and solving for the maximum velocity. The slip velocity is calculated from 
the dispersed phase holdup which, in turn, is calculated from the Sauter mean dispersed phase drop 
size. Empiricism is distributed in each of these steps leaving one uncertain as to how the error is 
passed successively from step to step. The alternative procedure is to develop a direct correlation in 
which the empiricism is grouped. The well known Dell and Pratt correlation is of this type. Its 
foundation is the application of a macroscopic energy balance on the two liquid phases. 

In contrast to these processing-based approaches to flooding, the need for understanding and 
analysis of limiting flow behavior in nuclear reactors has led to an extensive literature to describe 
limiting flow behavior and flooding under a variety of flow regimes, geometries and flow orientations 
(see Bancroft and Lee, 1986). The two flooding limit equations are based on different physical 
phenomena: the first is to empirically modify an equation for wave instability in a film (Kutateladze), 
and the second is to empirically modify a momentum balance between the two fluid phases (Wallis). 
While the first is suitable for describing dispersed phase wetted flooding, it is the second Wallis 
analysis which appeared suitable for modeling the continuous phase wetted case. This paper 
summarizes the application of Wallis's drift flux theory to modeling flooding for continuous phase 
wetted systems in packed towers. 

A second motivation for this work was that in spite of its ability to predict flooding the Dell 
and Pratt equation has now become limited in utility due to the small number of published empirical 
constant for both packing type and packing size needed for its use. Thus, a second goal of this work 
was to update the Dell & Pratt equation so that it could be used with the newer packings. 
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Chemical system Physical properties Range 
Dispersed Solute Continuous Continuous phase density, g/cm 0.79 - 1.58 
Benzene None Water Dispersed phase density, g/cm 0.682 - 13.6 
M.I.B.K. None Water Continuous phase viscosity, cP 0.58 - 15 
Dibutyl carbitol None Water Dispersed phase viscosity, cP 0.41 - 70 
i-Octane None Water Density difference (L'lp ), g/cm 0.076 - 12.6 
Butyl acetate None Water Interfacial tension, dyne/em 8.6 - 375 
Butyl acetate None Glycerol soln. 
Chlorex None Water 
Carbon tetrachloride None Water Packing type and size Size (em) 
Mercury None Water 
Mercury None Glycerin Raschig rings 0.6 - 3.81 
Petroleum ether-CC14 None Water Berl saddles 0.6 - 2.5 
Toluene None Water Lessing rings 0.635 - 1.27 
Toluene None Glycerol soln IMTP 2.54 - 3.81 
Petroleum ether None Water Solid cylinder 0.635 
Gasoline None Water Glass bead 0.8 
Gasoline None Glycerol soln. Norton 2T 
Naphtha None Water 
Isopar M None Water 
Heptane None Sulfolane 
Kerosene None Water 
Petr. solvent-CC14 None Water 
Petr. solvent-M.E.K. None Water 
Mineral oil-petr. None Water 
solvent None Water 
Petr. solvent None Toluene 
Water None Petroleum ether 
Water None CC14 

Water None CC14 

Glycerol soln None Petroleum ether-
Water None CC14 

Water None M.I.B.K. 
Water None Naphtha 
Water None Nitrobenzene 
Water None Petr. solvent 
Water None Petr. solvent-
Water None CC14 

Water None Petr. solvent-
Petr. solvent-CC14 None M.E.K. 
Petr. solvent None Mineral oil 
Water Acetone Sugar solution 
Toluene Sugar solution 

Mineral oil-petr. 
Solvent 
Water 

Table 1. Systems and range of physical, transport, and geometrical parameters of flooding 
data used to develop the correlation. 
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CHARACTERIZATION OF DATA 

All available flooding data were used to develop the correlations in this paper. The 
data are summarized in the following tables 1 and 2. 

Table 2 shows the available data and its distribution with respect to continuous or dispersed 
phase wetting (CPW/DPW), with or without mass transfer (NMT/MT) and whether or not the data 
meets two flooding criteria. The first is whether the drop size will be sufficiently small as to not get 
trapped in the packing. If the drops get too large, then they will be retained in the packing and reduce 
the available flowfields. The second is whether the ratio of tower diameter to packing size is greater 
than 8, if the packing size is too great then the packing will not have an appreciable effect on the 
uniformity of the continuous phase flowfield. Lastly the number of datapoints that meet both criteria 
are shown. 

Total Critical Column to 
packing size packing diameter Both Criteria 

criterion criterion 
Wetting NMT MT NMT MT NMT MT NMT MT 

CPW 802 68 589 63 356 47 190 42 

DPW 207 7 173 7 179 6 151 6 
Note: NMT= no mass transfer; MT=w1th mass transfer 

Table 2. Summary of all available flooding data 

CORRELATION OF DATA USING WALLIS DRIFT FLUX THEORY 

Wallis used a dimensionless momentum balance similar to the procedure used by Dell and 
Pratt to develop his equation for flooding. The general form is in terms of a dimensionless velocities 
of the continuous phase and dispersed phase. Figure I shows the correlation coordinates and all the 
data. Two different correlations were developed and are shown below. The first correlation only has 
parameters in it that are physical properties or are general packing parameters. Unlike the Dell and 
Pratt correlation specific empirical constants are not included for the type or size of packing. The 
second correlation has specific parameters for both size and shape. 

As can be seen from table 3 the correlations have comparable average deviations. Table 4 
shows the constants for correlation 2 along with revised Dell and Pratt constants. 

Correlation I. This model is ofthe general Wallis form Jcl/2 + Jdl/2 = C, where C depends only on 
the geometry and physical properties of the system. For liquid liquid systems Jc = 
V c2Pcl(g~:3/api'1P)ll2 and Jd = V d2Pdl(g~:3/ap1'1p)l/2 . The resulting final correlation is 

Jcl/2 + Jdl/2 = (0.705 - 0.06315 ln(api~:2(cr/(L'1pg))ll2)(0.8586 + 0.065p./L'1p-
0.0064(p./L'1p)2) 

The above correlation predicts that (Jcll2 + Jd112) decreases with (a/~:2(cr/(L'1pg))112). This makes 
sense since a larger value of this group means a larger value of dropsize to packing size ratio, and 
thus, the drops will experience more resistance to flow through the packing. The major advantage of 
this correlation is that it includes the packing characteristics in terms of the specific surface area and 
void fraction so it can be used for all types of packing. However, the prediction for data of 
Mackowiak was poor. Most of Mackowiak data have slopes lower than -1 on Jc1/2 versus Jdll2 
(steeper than the others), for data with stacked bialecki packing the slope is close to -2. Also none of 
his data meet the column to packing ratio criteria. Large departure of slope from -1 is most probably 
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because of the geometry of the bialecki packing that has relatively small openings compared to other 
types of packing. This is particularly true for a tube column with stacked bialecki packing where for 
small dispersed phase flow the drops tend to move along the wall of the packing where the continuous 
phase velocity, due to wall effect, is slower. The prediction for stacked bialecki is much improved if 
the second term in equation 20 CJd 112) is multiplied by 1.9 so for this case the correlation is: 

Jcl/2 + 1.9Jdll2 = (0.705 - 0.06315 ln(apiE2(cr/(.-lpg))ll2)(0.8586 + 0.065pi.-lp-
0.0064(pi Llp )2) 

Investigator Type of packing whose %of Average Deviation, % 
constant: data 
a) Given in the original work Dell Kumar Corr. Corr. 
b) Determined in this work and and 1 2 

Pratt Hartland 
Dell and Pratt a) Raschig rings, Berl saddles, 79.2 41.9 35.5 34.6 35.2 

Lessing rings 
b) Bialecki, Stacked bialecki, 20.8 49.6 88.1 47.6 45.1 

Solid cylinder, Fillip, Glass 
bead, Hiflow, Montz, 

Kumar and IMTP, Norton 2T, Pall 
Hartland rings 

97.5 43.7 45 .6 37.4 37.4 
a) Raschig rings, Berl saddles, 

Lessing rings, Bialecki, 
Stacked bialecki, Glass 
bead, Montz, IMTP, Norton 
2T, Pall rings 

b) Solid cylinder, Fillip, 2.5 28.0 31.1 23 .3 26.9 
All data Hiflow 

100 43 .2 45 .2 37.0 37. 1 
All the above types of packing 

Table 3. Comparison of correlations using fractionated data. Average deviation is the average 
relative error in predicting dispersed phase velocity. 

Correlation 2. This model took the Wallis form; however the slope was allowed to deviate from -1. 
This model also was consistent with that of Dell and Pratt. 

Jcl/2 = Cl-C2 Jdl/2 

C1 and C2 were assumed to be function of the dimensionless group developed from the dimensional 
analysis performed. Thus, a similar method to the previous model was applied to obtain the 
expression for C1 and C2. From the multiple least squares regression it appeared that only the 
following dimensionless groups were significant for C1 and C2. For C2, however, the inclusion of 
group PdiPc improved the correlations. The final format of this correlation is 

Jcl/2 = K1 (ap/E\crl(.-lpg))ll2)-0.101- K2 (pdiPc)0.03(apiE3(cr/(.-lpg))ll2)0.058 Jdl /2 

K1 was adjustable constant that depended on type of packing. The value for K2 was 0.835 . The values 
for K 1 were given in the table below along with constants for Dell and Pratt correlation. The Dell and 
Pratt constants were those that listed in their paper except for packing types and size for which no 
such constants had been given before. This includes solid cylinder, glass bead, Norton 2T, and IMTP 
packings. 
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Type of packing KI Dell and Pratt 
constants 

Raschig rings: 0.6cm 0.74 0.68 
0.635 em 0.75 0.68 
0.9525- 1 em 0.68 0.68 
1.27- 1.905 em 0.68 0.77 
2.54 em 0.68 0.82 
3.8 em 0.73 0.82 

Berl saddles: 0.6- 0.635 em 0.77 0.68 
1.27 - 2.54 em 0.73 0.88 

Lessing rings: 0.635 em 0.75 0.80 
0.9525 em 0.87 0.80 
1.27 em 0.81 0.80 

Cylinder: 0.635 em 0.90 0.80* 
Glass bead 0.8 em 0.89 0.80 
Norton 2T (structured packing) 0.69 0.77* 
No.25 IMTP 0.69 0.87* 
No.40 IMTP 0.69 0.80* 
Bialecki 0.95 0.80* 
Stacked bialecki 0.70 0.55* 
BX 
CI 
Filip 0.65 0.77* 
Hiflow 0.67 0.80* 
Montz BI-300 1.37 0.85* 
Pall rings 0.89 0.65* 
SMV 

Table 4. Constants for Correlation 2 and Dell and Pratt correlation. 
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ABSTRACT 

A MECHANICALLY AGITATED SUPERCRITICAL 

EXTRACTION COLUMN 
Antero Laitinen and Juha Kaunisto 
VTI Chemical Technology, P.O.Box 1401, FIN-02044 VTI, 
Finland 

A mechanically agitated high-pressure extraction column was tested by extracting ethanol from aqueous solution using 
supercritical carbon dioxide at I 0 MPa and 40°C as a solvent. The measured values of the height equivalent to a theoretical 
stage (HETS) ranged from 0.37 to 0.8 m depending on the type of the column, solvent-to-feed ratio and rotor speed. The 
Kod·a -values ranged from 0.006 s-1 to 0.015 s-1. The measured column capacities were between 80 and 50 m3m-2h-1. 

Keywords: ethanol, carbon dioxide, supercritical extraction, mechanical agitated column, Rotating Disc Contactor, Oldshue
Rushton column 

INTRODUCTION 

Countercurrent extraction operations using supercritical fluids as solvents are of increasing 
interest particularly in food and pharmaceutical industry. The favorable mass transfer properties, such 
as liquid-like density, relatively low viscosity and high diffusivity coefficient, of supercritical fluids 
can be utilized in the process. Because a supercritical solvent, such as carbon dioxide, is typically a 
gas at NTP, the separation of the solute from the solvent is usually relatively simple and cost
effective. Additionally, carbon dioxide is non-toxic, non-corrosive, non-flammable, and the second 
least expensive solvent after water.! 

Up to now almost all countercurrent supercritical fluid extraction studies have been carried 
out in spray, sieve tray or packed columns.2-8 In these studies countercurrent supercritical extraction 
columns, particularly packed columns, have been shown to be very efficient compared to 
conventional liquid-liquid extraction columns. Although the packing increases the column efficiency 
compared to spray columns, the capacity of the column is greatly reduced if the column is packed. To 
maintain the same capacity, the diameter of the packed column must be larger than in the spray 
column. On the other hand, a large column diameter is not desirable in high pressure vessel design 
due to pressure vessel cost. One solution combining the high capacity of the spray columns and the 
high efficiency of the packed columns could be mechanically agitated extraction column. 

This paper reports mass transfer efficiencies and hydraulic characteristics of a novel high 
pressure bench-scale mechanically agitated extraction column operated under high pressure 
conditions. 

EXPERIMENTAL 

Equipment 

A novel high-pressure extraction column (Chematur Ecoplanning) is 35 mm in diameter and 
2 m high. The maximum operating pressure of this column is 30 MPa and the maximum rotating 
speed is approximately 450 rpm. A special pressure compensating sealing system was developed to 
lead the electrically driven agitator shaft through the column head. Windows at both ends and in the 
middle of the column allows observation of phase behaviour. The column is equipped with a heating 
jacket, through which water is circulated. The maximum extraction temperature is approximately 
80°C. A schematic sketch of the column is seen in Figure 1. A commercial high-pressure unit (Nova 
AG) was applied to pump carbon dioxide into the column and separate the product from the carbon 
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dioxide solvent. A piston pump (Lewa AG) was used to pump the liquid feed stream. Carbon dioxide 
flow-rates in solvent and extract streams were measured by turbine flow meters (EG&G Flow 
Technology). Needle valves were used to control the flow-rates and phase boundary as well as the 
pressure inside the column. 

.I 

Feed in 

r 
r-_ t-" 

-. -

Extract out 

. 

Procedure 

Ethanol was extracted from water initially 
containing I 0 wt% ethanol using dense 
carbon dioxide solvent at 10 MPa and 40 
°C. Carbon dioxide was the dispersed phase 
in all experiments. Carbon dioxide solvent 
stream was not recycled to make certain 
that the solvent stream was ethanol free. 
Instead, fresh carbon dioxide from the 
container was used. 

=r- - = 

Each extraction experiment lasted 
4-5 hours. During the run, samples were 
taken from feed, raffinate and extract 
streams. The extract was collected and the 
ethanol content analyzed. The feed and 
raffinate tanks were continuously weighed 
during the run to measure the mass flow
rates of the corresponding streams. Both 
rotating disk (RDC) and Oldshue-Rushton 
(ORC) types of column were tested. 
Aqueous ethanol solutions were analyzed 
byGC. 

• 
..! 

Raffinate 
out 

. -

. --
r 
r -

·--

I 

C02 in 

Carbon dioxide (99.7%) was 
obtained from AGA, and ethanol (99.5%) 
was purchased from Primalco. 

Figure 1. High pressure extraction 
column. 

Calculations. 

Recently, Lim et a1.7 have measured the ethanol distribution coefficient between 
supercritical carbon dioxide and water at 10.1 MPa and 40°C. According to their 
measurements, the distribution coefficient value is 0.12. The total agitated height h of the 
column is: 

h = HTUodNTUoa (1) 

Where (NTU0 d) is the number of transfer units and (HTU0 d) is the height of a transfer unit for 
the dispersed phase. For dilute solutions and immiscible solvent (NTU0 d) and (HTU0 d) can be 
written as: 

c, de 
NTUod =f-.

c -c c, 
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(3) 

Where c is the weight fraction of solute in the dispersed extract phase, c* is the equilibrium 
value, V d is superficial velocity of the dispersed phase, Kod is the overall mass transfer 
coefficient based on the dispersed phase, and a is the interfacial area. According to Treybal9 
the following relationship between the height equivalent of a theoretical stage (HETS) and 
height of a transfer unit (HTU0 d) can be written: 

HETS = ln/ HTU 
/-l od 

(4) 

where I is the extraction coefficient 

(5) 

m is the distribution coefficient, and Fsolv and Faq are solvent mass flow-rate and feed mass 
flow-rate, respectively. 

RESULTS AND DISCUSSION 

Column Efficiency 

The values of the height equivalent to a theoretical stage {HETS) and the overall mass
transfer coefficient Kod·a are seen in Figures 2 and 3. 
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Figure 2. Effect of agitation on HETS. 
(0) RDC, S/F=1311; ( +) RDC, S/F=13/2; 
(• ) ORC, S/F=1411;(•) ORC, S/F=l4/2. 
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Figure 3. Effect of agitation on Kod·a. 
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The measured values of the height equivalent to a theoretical stage (HETS) ranged from 0.37 to 
0.8 m. At the high solvent-to-feed ratio (S/F=13/1) agitation did have a significant effect on 
rotating disk column (RDC) efficiency. HETS-values decreased from 0.8 m to 0.37 m after 
agitation was introduced. The column seemed to reach optimum efficiency, when the rotor 
speed was around 200 rpm. The efficiency of Oldshue-Rushton column (ORC) also increased 
slightly after agitation was introduced at the high solvent-to-feed ratio (S/F= 14/1). Agitation 
did not have a significant effect on RDC or ORC efficiency at lower solvent-to-feed ratios 
(S/F=l3/1 or S/F=14/2). It is expected, that at lower solvent-to-feed ratios the column 
approaches equilibrium, and therefore agitation could not any more enhance the column 
efficiency. 

Generally, Kod·a -values increased when agitation was turned on. The highest value of 
0.0148 s-1 was measured for the RDC at S/F=13/2 and 303 rpm. Kod·a -value approximately 
doubled from 0.006 s-1 to 0.013 s-1 in rotating disk column (RDC) at S/F=l3/ l when the rotor 
speed was increased from 0 to 200 rpm. This is probably due to the fact that rotating disks 
significantly reduced the dispersed phase drop size at this solvent-to-feed ratio. In case of 
Oldshue-Rushton column (ORC) only moderate increase was observed. At high solvent-to-feed 
ratios an optimum rotor speed was found for each column. In case of rotating disk column the 
optimum rotor speed was approximately 200 rpm, and in the case of Oldshue-Rushton column 
the optimum speed was approximately 100 rpm. At lower solvent-to-feed ratios, agitation did 
not significantly increase the overall mass-transfer coefficient. 

Column Capacity 

100 

E 

E ao +- - - - - - - - - - - - - - - - - - - - - - - --:I ... 
.<: 70 

"' :I 

~ 80 
.<: -
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30 ~--~~~~~~~~~~----" 
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Figure 4. Effect of agitation on column total 
throughput.(+) RDC; (•) ORC. 

CONCLUSIONS 

The capacities of the high-pressure 
rotating disk (RDC) and Oldshue-Rushton 
columns (ORC) calculated as feed plus 
solvent rate divided by the smallest cross
sectional area of the column are seen in 
Figure 4. In both cases agitation decreased 
the column capacity. Agitation decreases 
dispersed phase drop size causing decrease 
in column capacity. Compared to 
conventional liquid-liquid extraction 
columns, the capacity of supercritical fluid 
extraction columns are higher.3 This is 
most probably due to the relatively large 
density difference of the dispersed and 
continuous phases in supercritical fluid 
extraction. 

A mechanically agitated high-pressure extraction column seems to successively 
combine the advantages of other types of column, i.e. high efficiency of packed columns and 
high capacity of spray columns, in a single unit. This allows the construction of slim high
pressure columns, which is desirable due to cost reasons. The new mechanically agitated 
column can also be applied on other processes that take place continuously in high pressure and 
demand effective agitation. 
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NOMENCLATURE 

a interfacial area, m2fm3 
c 
F 

concentration (weight fraction) of solute in the dispersed phase 
flow rate, kg!h 

h 
HETS 

HTUod = 

Kod 

total agitated height of the column, m 
height equivalent to a theoretical stage, m 
height of a transfer unit based on the dispersed phase, m 

I 
overall mass transfer coefficient based on the dispersed phase, m/s 
extraction coefficient = mFsolv!Faq 

m 
phase 

distribution coefficient = concentration in solvent phase/concentration in feed 

NTUod = number of transfer units based on the dispersed phase 
V = superficial velocity, m/s 

SUBSCRIPTS 

aq 
d 
solv 
1 
2 

= aqueous phase 
= dispersed phase 

solvent phase 
at the top of the column 
at the bottom of the column 
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ABSTRACT 

SEPARATION OF ENANTIOMERIC ACIDS AND BASES 

BY SUPERCRITICAL FLmD EXTRACTION 
B Simandil, S Keszeil, E Fogassy2, E SzekeJyl, A PrechJl, V 
Vargal, S Kemenyl and J Sawinskyl 
Inept. of Chern. Eng., Techn. Univ. of Budapest, H-1521 
Budapest, Hungary 
2Dept. of Org. Chern. Eng., Techn. Univ. of Budapest, H-1521 
Budapest, Hungary 

(±)-cis (and trans) permetric acids were resolved with R-(+)-a-phenylethylamine and S-(+)-2-benzylamino-1-butanol, 
respectively. The resolution of tetramisole with 0,0' -dibenzoyl-(2R,3R)-tartaric acid was also studied in detail. The 
parameters affecting the extent of the resolution (extraction pressure, temperature, time) have been investigated. The 
influence of base/acid molar ratio on the quantity and quality of the products have also been examined. For a better 
understanding of the process the effect of the density of the fluid was investigated as well. 

Keywords: permetric acid, tetramisole, enantiomeric separation, supercritical extraction, carbon dioxide 

INTRODUCTION 

The enantiomers of, for example, pharmaceuticals or agrochemicals can display quite 
different activity and toxicity profiles (one enantiomer may be inactive, or one may be toxic, or the 
two enantiomers might have unequal degrees or different kinds of activities), which makes 
development of enantiomer separation methods necessary. Enantiomer separation methods are usually 
based on different physical properties of diastereomers formed by reaction of the mixture of 
enantiomers with an optically active molecule. Resolution through direct crystallisation is still the 
most important method. I 

Racemic mixtures can be resolved via chromatographic methods due to a difference in 
association of the two enantiomers with an optically active stationary phase. In recent years an 
increasing interest has focussed on supercritical fluid chromatography (SFC). In comparison to other 
chromatographic methods SFC, using carbon dioxide as solvent, has several advantages: unique 
selectivity, operation at near room temperature, environmental awareness.2,3 It is also suitable for 
separation of the enantiomers via a preparative procedure. However, the small-scale character of this 
chromatographic method is a severe limitation.4,5 

For preparative and industrial scale separations of enantiomers supercritical fluid extraction 
(SFE) seems to be very promising. In a preliminary study we found, that the molecular chiral 
differentiation in supercritical carbon dioxide is much more efficient for chrysanthemic and permetric 
acids (cis- and trans isomers) than that with the known methods.6,7 There have been no other 
reports, to our knowledge, of chiral separation using SFE. 

The purpose of present study is to demonstrate the applicability of the SFE for the separation 
of enantiomeric acid and base mixtures. 

EXPERIMENTAL 

Materials and Methods 

Both the racemic mixtures of various acids (1, 2) and base (3), and the resolving agents (4, 5, 
6) (see Table 1) were prepared in our laboratory. All the reagents were checked by analytical methods 
before use and no significant impurities were present. 

Other reagents and solvents were obtained from Reanal Ltd., Budapest. The samples were 
prepared by mixing the racemic acids or base with the corresponding chiral bases or acid in non-
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equivalent molar ratio. A porous supporting material (Perfilt), impregnated with these mixtures, was 
put into the extractor vessel and extracted with supercritical C02. 

Optical rotation of extracts and raffinates was measured on a Perkin-Elmer 241 polarimeter. 
Enantiomeric excess (ee) was determined from optical rotation on the basis of calibration with 
enantiomeric mixtures of known purity. 

Apparatus and Extraction 

Figure 1 shows the schematic flow diagram of the laboratory equipment. Initially the 
extractor is filled with the prepared raw material and pressurised. Once the system has attained the 
required temperature and pressure, the carbon dioxide is expanded into the separator through a 
micrometering valve, and the extract is precipitated in the separator. The C02 is evaporated and its 
volume is measured with a gas meter. 

Figure 1. Flow diagram of the laboratory equipment 

RESULTS AND DISCUSSION 

Solubility in Supercritical C02 

First the solubility of the raw materials was examined at the circumstances as used in 
resolution experiments. Pure components were extracted with C02 and the extracts were collected as 
separate samples subsequently in time. The loading concentrations, calculated from the weights of the 
samples and the C02 passing through the system, are given in Table 1 for the most important 
temperature and pressure setting. 

(.:t)-trans-permetric acid ( 1) 1.90 wt.% 

(.:t)-cis-permetric acid (2) 1.56 wt.% 

tetramisole (3) 0.18 wt.% 
S-( + )-2-benzylaminobutan-1-ol (4) 0.38 wt.% 

R-( + )-a-phenylethylamine (5) 0.08 wt.% 

(-)-O,O'-dibenzoyl-(2R,3R)-tartaric acid (6) 0 wt.% 

Table 1 Loading concentration of the raw materials in supercritical C02 {T = 39C, P = 150 bar) 

Table 1 shows that the racemic mixtures (1, 2, 3) are much more soluble in supercritical 
carbon dioxide than the resolving agents {4, 5, 6). The supporting material does not dissolve in 
supercritical carbon dioxide. 

Resolution by SFE 

The mixtures of S-(+)-2-benzylaminobutan-1-ol (5) (chiral base) with racemic trans
permetric acid (2) in a 0.5:1 molar ratio were prepared and extracted with supercritical carbon dioxide 
at different extraction conditions. The influence of pressure and temperature on the quantity and 
quality of the products was investigated. The extracts were collected as separate samples successively 
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in time. Each of them was examined separately. The extracts contained the free enantiomers and some 
chiral base whereas the raffinates were the mixtures of diastereomeric salts. Both the enantiomeric 
excess and the chemical yield (yield = mass of recovered product I mass of initial racemic acid) of the 
(-)-enantiomer decreased significantly in the subsequent extract samples during the SFE (Figure 2) . 
The enantiomeric excess of the (-)-enantiomer in the total extract was 48%. 

(-)-enantiomer 
100 r---""""1---...,...---..,....----., 
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extract 1. extract 2. extract 3. raffinate 
(+)-enantiomer P=150 bar, T=39 °C 

Figure 2. Resolution of racemic trans-permetric acid (2) by SFE using S-( + )-2-benzylaminobutan-1-
ol (5) (extracts 1, 2 and 3 were obtained at 45, 90 and 450 g g-1 specific C02 consumption, 
respectively) 

The pressure of C02 (in the range of 100-200 bar) was found to have direct bearing on the yield 
and enantiomeric excess. The extraction yield increased at high pressure. The enantiomeric excess of 
the extracts obtained from single extraction increased from 40% to 49% with a pressure increase from 
100 bar to 200 bar (Figure 3). 
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Figure 3. Effect of the pressure a) on the extraction curve and b) on the enantiomeric excess curve 
(pressure: 0 100 bar • 150 bar 0 200 bar) 

The effect of temperature was investigated only in the supercritical state (33- 47C) of the solvent. 
All the extractions were carried out at 100 bar. The enantiomeric excess of the extracts obtained from 
single extraction were 42% and 28% at temperatures 33C and 47C respectively, but the ee value did 
not differ significantly at temperatures 33C and 39C (Figure 4). 

The effect of the two variables is to be studied by performing designed experiments in more 
detail. 

1603 



Proceedings ISEC'99 

E[%] 
60 

~ 
!rt 

50 

40 

30 

20 

10 

0 

II 
I~ 

f-" L.J 

-

a 

~ 

-u 

_rr-0 

~ 

ee [%] 
80 

60 

40 

20 

0 

b 

. 
a ~ 

'- -v _(") 

0 100 2()0 300 400 500 0 100 200 300 400 500 
g C02 I g racemic compound g C02 I g racemic compound 

P = 100 bar P = 100 bar 

Figure 4. Effect of the temperature a) on the extraction curve and b) on the enantiomeric excess curve 
(temperature: • 33 °C 0 39°C 0 47 °C) 

The novel resolution method can be applied for racemic bases as well. The results of a simple 
extraction of a mixture of 3 and 6 are given in Figure 5. 
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Figure 5. Resolution of tetramisole (3) by SFE using 0,0' -dibenzoyl-(2R,3R)-tartaric acid (6) 
(extracts l, 2 and 3 were obtained at 200, 400 and 600 g g-1 specific C02 consumption, 
respectively) 

Effect of molar ratio 

The standard separations were carried out by using half equivalent of resolving agent. 
Variation of the racemic mixture/resolving agent (acid/base) molar ratio resulted an optimum at half 
quantities of resolving agent for cis- and trans-permetric acids (Table 2). For characterisation of the 
enantiomer separation the Fogassy parameter was used. This parameter is the product of the chemical 
yield and the enantiomeric purity of the products (S = 2 x yield x ee I 1 o4). The S value is negative 
for the (-)-enantiomer. Lower molar ratio 0.25 acid/base was found to be optimal for resolution of the 
tetramisole (Table 3). 

a b 
acid I base l I 0.25 1 I 0.5 l I 0.75 acid I base l I 0.25 1 I 0.5 1 I 0.75 
extract -0.1080 -0.4752 -0.3264 extract +0.0660 +0.2660 +0.1675 
raffinate +0.1008 +0.4896 +0.3420 raffinate -0.0980 -0.2880 -0.1656 

Table 2 Effect of the molar ratio on the Fogassy parameter (S) at the resolution a) of trans-perrnetric 
acid and b) of cis-permetric acid (P=l50 bar, T=39C) 
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base I acid 1 I 0.125 1 I 0.25 1 I 0.5 
extract +0.0352 +0.2448 +0.0860 
raffinate -0.0312 -0.2646 -0.0923 

Table 3. Effect of the molar ratio on the Fogassy parameter (S) at the resolution of tetramisole 
(P=l60 bar, T=39C) 

Effect of solvent density 

It is well known generally, that the dissolving power of a given supercritical fluid depends 
on its density, which is determined by the pressure and temperature. The influence of the C02 density 
on the ee values of the total extracts of cis- and trans-permetric acids is shown in Figure 6. 
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Figure 6. Influence of the C02 density on the ee values of the total extracts a) of cis-permetric acid 
and b) of trans-permetric acid 

It can be seen that the ee value is virtually linearly related to density below 0.7 g/cm3, and 
approaches a constant value in the higher density region. However, in the range of0.7-0.9 g/cm3 the 
results are scattering which shows that other parameters then these that are reflected in the density 
have significant influence. 

Since the tetramisole is scarcely soluble in C02 at densities below 0.65 glcm3, only densities 
in the range of 0.65-0.9 glcm3 were investigated. Figure 7 shows that the ee values decrease with 
density. However, the effect is complex, and can not be characterised by a single parameter. Further 
studies are needed to map the effects of temperature and pressure. 
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Figure 7. Influence of the C02 density on the ee values of the total extracts of tetramisole 
(temperature: • 33C D 39C 0 45C) 
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CONCLUSIONS 

Supercritical fluid extraction is a new and promising technique for the resolution of some 
racemic acids and base. Some reasons for choosing a supercritical fluid over other solvating systems 
are: 
• the unique solvation and favourable mass transfer properties controlled simply by adjustment of 

the system pressure and/or temperature; 
• carbon dioxide is an ideal solvent because it is non-toxic, non-explosive, readily available and 

easily removed from the products; 
• it is possible to eliminate or to reduce environmental hazard associated with toxic organic 

solvents; 
• the critical temperature of carbon dioxide is 31 °C, which allows operation close to ambient 

temperature, eliminating decomposition or racemisation of thermally labile substances. 
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ABSTRACT 

SUPERCRITICAL FLUID EXTRACTION OF 
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Olive tree leaves, a residue obtained during the harvest of olives for oil production, were treated with supercritical carbon 
dioxide to examine the possibility of obtaining tocopherol. Tocopherol extraction rates were determined as a function of 
pressure (250-450 bar), temperature ( 40-60C) and particle size (0.25-1 .5 mm). 

Keywords: tocopherol, olive leaves, supercritical extraction, carbon dioxide. 

INTRODUCTION 

Tocopherols are highly valuable compounds because of their actlVlty as vitamin E and 
capacity as an anti-oxidant. The isomer with the highest vitamin E activity is a -tocopherol and over 
the years it has become an important additive to all kind of food products.• 

For some time an increasing interest in both detection and search for new alternative 
tocopherol extraction and isolation techniques has been observed. Among them, supercritical fluid 
technology has been found to be especially promising. It has been applied to extract tocopherols from 
natural materials such as rice bran,2 palm oil/ or soybean,4 and enrichment factors up to four with 
respect to the solvent-obtained extracts have been obtained. Residues and by-products have also been 
commonly used for tocopherol extraction purposes. Thus, Brunner5 used deodorizer condensates in a 
countercurrent column and Shishikura et al. 6 obtained 30% (w/w) tocopherol concentrates from 
soybean sludge. Finally, it should be noted that additional enrichment of tocopherol species has been 
realised by using an additive entrainer6 or coupling this technique to supercritical fluid 
chromatography.4' 

6 

The main advantages of supercritical fluids over classical extraction agents are that their high 
diffusivity, low viscosity and low surface tension can speed up mass transfer phenomena, and that it is 
possible to modify solute solubilities through alteration of pressure and/or temperature. The use of 
supercritical C02 as a solvent in the food industry has advantages over other solvents because C02 is 
non-toxic, non-flammable, non-corrosive, cheap and ready available in large quantities and high 
purity. Also, C02 has a relatively low critical pressure (73 bar) and critical temperature (31.1 C), and it 
is easy to handle as a solvent and easy to remove from any solute without energetic requirements. All 
these advantages are very important in the extraction of thermo-labile compounds.7 

In this work we have used supercritical C02 for the extraction of olive tree leaves, a residue 
obtained during the harvest of olives for oil production. The aim of the work is to analyse the effect of 
pressure, temperature and particle size on the extraction rates of tocopherol from olive tree leaves. 

EXPERIMENTAL 

Materials 

Liquid C02 (purity 99.5 %) was supplied by Carburos Metalicos, S.A. (Madrid, Spain). Olive tree 
leaves were collected in the Ciudad Real area (Spain). The samples were maintained at 55°C for 2 hours 
to reduce their humidity to 6% by weight in a dry basis. Next, they were allowed to reach ambient 
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temperature and, finally, ground and sieved to obtain three size fractions whose average diameter were 1.5 
mm, 0.5 mm, and 0.25 mm. 

Apparatus and extraction procedure 

The flow diagram of the extraction equipment is shown in Figure 1 and it has been described in 
detail elsewhere.8 Basically, it works as follows: liquid carbon dioxide is provided from a steel cylinder 
(SC). After cooling (LC) and filtering (F), the C02 is compressed by a positive displacement HPLC type 
pump (P). The pressure is regulated by a back-pressure-regulator (BPR) and checked by a manometer 
(M). The compressed fluid is passed through a vertically mounted extractor (EX) from the bottom. The 
extractor is a 75 cm3 stainless steel cylinder (17.48 mm i.d. x 304.8 mm length). To keep the extractor 
temperature at the desired value a digital controller regulates the electric current through a resistor (R) that 
surrounds the extractor cylinder. The oil-laden gas from the extractor is passed through a heated metering 
valve (MV) where the supercritical C02 is depressurized, and the separated extract is collected in a cooled 
receiver (RE). The gas flow through the extractor is measured by a turbine flow meter (FM) and totalized 
by a digital flow computer (FC). In all experiments, the C02 flow rate is maintained at 1 NIJmin, and the 
extraction was run on 15g samples of olive tree leaves. 

p 

EXTRACT 

TO VENT 

Figure 1. Extraction apparatus 

HPLC analysis of tocopherol 

The tocopherol analyses were performed by HPLC using a Hewlett Packard 1100 liquid 
chromatograph. The tocopherol was measured using methanol as a mobile phase and a SJ.lm RP-18 
column 4 x 250 mm (Lichrosphere, Merck) as stationary phase. Solute detection was accomplished by 
using a UV detector set at 293 nm. Conditions were: temperature: 25°C (isocratic), mobile phase at 1 
cm3/min. 

RESULTS AND DISCUSSION 

The effect of pressure on the extraction rate of tocopherol from olive tree leaves was 
investigated at pressures of 250, 350 and 450 bar. The experimental results are presented in Figure 2, 
where tocopherol yield (expressed as mg of tocopherol/100 g of leaves) is plotted against extraction 
time. As it can be observed, at all operating conditions most of tocopherol is extracted during the first 
two hours of operation. It can also be observed that the maximum amount of tocopherol was obtained 
at 250 bar and that a further increase of pressure up to 350 and 450 bar decreased tocopherol recovery. 
This result may be explained by considering that the extraction of tocopherol is related to the 
extraction capabilities of other matrix compounds. Then, a competitive extraction of other diluting 
materials should occur when rising pressure. Brunner3 observed a similar behaviour in the supercritical 
extraction of tocopherols from palm leaves at 70°C and pressures from 30 to 50 MPa. 
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Figure 2. Influence of pressure on tocopherol yield. Experimental conditions: Temperature = 40°C; 
C02 flow rate= 1 NLimin; Particle diameter= 0,5 mm. 

The influence of particle size is presented in Figure 3. As was shown before, most of tocopherol is 
recovered during the first two hours of extraction. Figure 3 also shows that tocopherol recovery 
increases with increasing particle diameter. To explain this result it should be considered that, in the 
supercritical extraction of oily extracts from natural products, the oil yield increases with decreasing 
particle size due to that the higher specific area of small particles results on an increasing proportion of 
easy-accessible oil.9 Then, since competitive extraction between tocopherol and other easily 
extractable materials always exists, those experimental conditions favouring extraction of other 
compounds than tocopherol (i. e. small particle sizes) will adversely affect its recovery. 
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Figure 3. Influence of particle size on tocopherol yield. Experimental conditions: Pressure = 250 bar; 
Temperature= 40°C; C02 flow rate= I NL/min. 

The effect of temperature on the extraction rate of tocopherol was also investigated. As shown 
in figure 4, no significative influence of this variable was observed in the experimental range analysed 
(40-60°C). It should be related to the fact that, by increasing the extraction temperature, there are two 
opposite effects affecting tocopherol solubility: On the one hand, tocopherol vapour pressure 
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increases, which favours its solubility, and, on the other hand, supercritical C02 density decreases, 
which negatively affects the solubility of any solute. 
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Figure 4. Influence of temperature on tocopherol yield. Experimental conditions: Pressure = 250 bar; 
C02 flow rate = 1 NL/min; Particle diameter= 0,5 mm. 
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ABSTRACT 

SUPERCRITICAL FLUID EXTRACTION OF BORAGE 

OIL 
A Delgado, A Molero and E Martinez de Ia Ossa 
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Environmental Technology, University of Cadiz, Apdo 40, E-
11510 Puerto Real (Cadiz), Spain 

In this study an extraction process by liquid and supercritical carbon dioxide of borage seed oil has been studied. The 
variables of the process have been optimised, and GLA level of the oils extracted analysed. The best results were obtained by 
operating the system at 300 bar and 40C with a flow rate of 1.5 dm3/min. It has been necessary to carry out a pre-treatment 
of raw material (dehydration and grinding). 

Keywords: r-linolenic acid, borage seed oil, supercritical extraction, carbon dioxide 

INTRODUCTION 

Gamma-linolenic acid (GLA) is an unsaturated fatty acid that has therapeutic, dietetic, 
cosmetic and dermatological applications) It is synthesised from linoleic acid incorporated into the 
diet. However, several factors, including stress, ageing, diabetes, or consumption of alcohol can 
reduce or inhibit the production of GLA, leading to a variety of ailments. Consequently, the 
possibility of restoring adequate levels of GLA through dietary supplementation has raised interest in 
products rich in GLA.4 

Some of the most important commercial sources of GLA are the oils extracted from the seeds 
of borage (Borago officina/is L.) and evening primrose (Oenothera officina/is L.) and from the pips of 
blackcurrant (Ribes nigrum L.), borage oil having the highest amount.5 

Borage seed oil is conventionally obtained by solvent extraction with hexane. However, this 
process can lead to some undesirable physicochemical changes of GLA, altering its nutritional 
properties. 

Taking into account this fact, Supercritical Extraction (SCE) appears as a potential alternative 
to the conventional process. SCE presents a wide range of industrial applications, mainly in the food 
sector.& The most commonly used solvent is carbon dioxide due to its properties: it is cheap, non
toxic, non-corrosive, abundant, non-flammable and it presents moderate critical values.6 

For these reasons, the object of this study is the process for obtaining borage seed oil, a 
source of GLA, by using liquid and supercritical carbon dioxide, thus optimising both the operative 
conditions: pressure, temperature, flow rate, and the suitability of the raw material : size and humidity. 

EXPERIMENTAL 

Soxblet system 

The oils were extracted in a Soxhlet system for sixteen hours, using hexane as solvent. For 35 
g samples, 250 cm3 of hexane was used. 

Supercritical extraction 

A schematic diagram of the extraction system is illustrated in Figure 1. Details of the 
instrumentation have already been described. I In the first place, the borage seeds are introduced in 
the extractor, placing in their edges glass wool to protect the sample from being pulled. Then C02 
from a storage cylinder is introduced into the extractor at the appropriate pressure with the help of a 
compressor. Once the desired operating conditions have been achieved, pressure and temperature, the 
extraction process begins, controlling the flow rate through the micrometic valve. 
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GLA methyl ester Analysis 

Oils obtained by Soxhlet extraction and SCE with supercritical carbon dioxide were 
transesterified following the method by AOCS. The fatty acid methyl esters obtained were analysed 
by CG. The capillary gas chromatographic analysis was performed with on a Hewlett Packard 5890 
gas chromatograph. Integration was performed with on a Hewlett-Packard Chemstation - A.02.01 
Integrator. The chromatographic conditions were: 

RD-2 

V-1 

E : Extractor 
S : Separator 
FM : Flow meter 

• Carbowax 20M capillary column (25 m x 0,20 J.tm) 
• Oven Temperature: 1900C 
• Detector Temperature: 2500C 
• Injector Temperature: 2500C 
• Mobile Phase: H2 (40 cm3/min) 
• Split Ratio: 1:100 

R0.1 

K: On-off valve (compressor) 
V AR : 0-ring check valve 
TB : Thermostatic bath 

s B 

RD : Rupture Disc 
V: On-off valve (extractor) 
TI : Temperature indicator 

PCV : Regulator pressure valve 

Figure 1 Schematic Diagram of the Supercritical Extraction System 
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Seed Pre-Treatment Methods: 

The seed was crushed using a grinder. The fractions obtained were sieved with the help of a sieving 
set ofCISA with a net between 1.5 and 0.297 mm long. The seeds were dehydrated in a thermostatted 
heater at 65C for thirty minutes so as not to alter the oil quality. 

15 V~iable Range 

50-350 

Temperature ("C) 10-60 

Extraction Time (hours) 0-5 

Flow Rate (Limin) 0.5- 2 

Seed Size (mm) 0.5 - 1.5 

Seed Humidity(%) 0 - 7.4 

Table 1 Determining Factors in Supercritical Extraction of Borage Seed Oil 

RESULTS AND DISCUSSION 

Supercritical extraction. 

The optimal values of the influential variables in the extraction have been obtained. This 
selection has been basically based in the economy of the process, showing the results in Table 2. 
Under these conditions, yields round about 26 % have been obtained. 

Variable timal Value 

Pressure (bar) 300 
Temperature (0 C) 40 
Flow Rate (Limin) 1.5 
Time Extraction (h) 3 
Size (mm) 0.75 
Humidity(%) 1.8 

Table 2 Optimal conditions of extraction by C02 

Furthermore, the variation of the GLA composition in the extraction with C02 has also been 
studied as a function of time, the results being shown in Table 3. The aim of these experiments was 
to work on the solubility of the different fatty acids in carbon dioxide, establishing thus the basis for 
further research on the obtaining of GLA concentrates. 

Fatty acid composition (%)ofborage oil extracted by SC-C02 

Time (min.) Palmitic Stearic Oleic Linoleic GLA 
30 11,76 3,68 18,04 40,14 23,81 
60 12,95 4,04 18,27 38,22 23,03 
120 12,50 4,05 18,37 38,11 22,32 
180 10,89 5,00 19,57 36,86 22,06 

Table 3 Evolution ofthe fatty acids from oil extracted by supercritical carbon dioxide at 
optimal conditions as a function of time 
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Fatty acid methyl ester analysis indicated that the fatty acid content was practically invariant 
in relation to extraction time. From the obtained results we cannot see a clear tendency which allows 
us to consider a fractionated separation from the different fatty acids by controlling only the 
extraction time. Therefore, it seems that the fatty acids are extracted, generally, in the same way as 
the oil. The same happens in the extraction of other vegetable oils with supercritical carbon 
dioxide.2• 7 

Comparison with Soxhlet Extraction 

Aiming to establish a comparison between this traditional technique and the extraction with 
C02-SC, different extractions with hexane (Soxhlet system) were performed. The results obtained as 
well as those found for other vegetable seeds are shown in the following Table 4: 

Seed I %C02 I %Hexane 

Borage 26,4 30,1 
Grape I 6,9 7,5 

Sunflower ':J 36,0 38,4 
Soybean ':J 16,4 19,9 

Table 4 Yields obtained for several seed oils extracted by C02-SC and hexane 

The efficiency of the extraction with C02-SC is highly inferior to that obtained with hexane, 
in common with the rest of the raw materials. This is due to the highest selectivity of the supercritical 
carbon dioxide, especially triglycerides. 

In regards to the GLA contents, similar performance in both oils have been found, maybe 
however a slight advantages towards the C02-SC extraction, being in any case, higher than those 
obtained in other oils rich in GLA (Table 5) 

Vegetable Oil %GLA 

Borage (C02-SC) 21.65 
Borage (hexane) 20.02 
Prirnrose(hexane) lU 8.10 
Blackcurrant(hexane) !U 14.80 

Table 5 % GLA of mls nch m GLA 

All these reasons can lead to considering supercritical extraction as a viable means to 
obtaining oil rich in GLA. 
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ABSTRACT 

SUPERCRITICAL FLUID EXTRACTION OF 

ANTHOCY ANINS FROM GRAPE POMACE 
C Mantell, E Martinez de Ia Ossa and M Rodriguez 
Department of Chemical Engineering, Food Technology and 
Environmental Technologies. University of Cadiz. Apdo.40. 
E-1151 0. Pto. Real (Cadiz). Spain 

The extraction of food additives from natural sources, has been subject of numerous investigations recently. Traditional 
solvent extraction, generally requires multiple stages that make the process difficult and the product more expensive. 
Supercritical extraction is a good technique for this purpose. The objective of this work is to study the applicability of 
supercritical extraction of anthocyanins from grape pomace to be used as a food colorant. The variables studied are 
temperature, pressure, solvent flow rate and co-solvent concentration. 

Keywords: anthocyanins, grape pomace, supercritical extraction, carbon dioxide, methanol co-solvent 

INTRODUCTION 

Anthocyanins are responsible of pigmentation of many plants1 and are, today, used as 
natural red food dyes. Recently, several works have demonstrated some properties of this 
substances such as anti-oxidants,2 anti-convulsants and anti-carcinogens, all of which increases 
their advantages as food additives. Recent investigations have studied the extraction of 
anthocyanins from different plants but currently, its principal source is the skin of red grape and in 
particular, the grape waste from the red vinification.3 

The use of supercritical C02 in the extraction of food additives present great advantages 
due to its low critical point, 31 oc and 73.9 bar, that permits the extraction of thermo-labile 
substances. Also C02 can be separated quickly from the solute extracted at room temperature, so 
that the solvent recuperation step can be eliminated. The problem of supercritical C02 is that the 
extraction yield decreases when polar substances like the anthocyanins must be extracted. In these 
cases, the addition of a small amount of some co-solvent, such as methanol, ethanol, etc., leads to 
an increase in efficiency of the extraction of polar substances as it increases the polarity ofC02.4 

The present work studies the application of supercritical C02 plus methanol, as co
solvent, for the recovery of anthocyanins from tempranillo grape pomace. An experimental design 
with 24 experiments is developed to study the influence of pressure, temperature, percentage co
solvent and solvent flow rate. The amount of anthocyanins recovery has been determined by 
HPLC. 

EXPERIMENTAL 

Samples 

Tempranillo grape pomace was supplied from the winery Domecq S.A. (Jerez, Spain). The 
raw material was stored at -200C in the dark until the manual separation of the seed. 

Supercritical fluid extraction (SFE) 

Supercritical fluid extraction was performed using an Isco SFX 220 extractor with two 
chambers with 10 cm3 volume. The SFE was performed with lg approx. and two pumps (models 
1 OODX and 260DX) supply both the solvent and co-solvent at the operating pressure. The flow 
rate of the extraction was controlled with a micrometric valve at the exit of the extractor (Figure 1) 
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Figure 1. Flow diagram of the experimental equipment. 

A factorial design was created to study the effects of four factors : pressure, temperature, 
percentage co-solvent and solvent flow rate, in 16 runs. The order of the experiments was fully 
randomized to provide protection against the effects of hidden variables. The values of the factors 
assessed were as follows: pressures, 100 and 500 bar; temperatures, 40 and 60°C; percentage of 
co-solvent, 5.04 and 20.15% molar methanol; and solvent flow rates, 0.012 and 0.0226 mol/min. 

Extracts were collected over methanol and stored at -4°C in the dark until HPLC analysis . 

Preparation of the extracts for the analysis 

Extracts in methanol were distilled to remove methanol in an inert atmosphere, diluted to 5 
cm3 with 10% acetonitrile and 90% of a 4.5% formic acid solution in water, and filtered with a 
0.45 !J.m filter. 

A Hewlett Packard model 1100, HPLC with quaternary pump and UV-VIS detector was 
used for the identification of the anthocyanins in the extract. A modified Hebrero et al. methodS, 
solvent flow rate 0.8 cm3Jmin, was used for the identification of the main anthocyanins. 
Anthocyanins quantification was performed from peak areas using a calibration curve from a 
standard ofmalvidin-3,5-diglucoside provided by Symta, (Figure 2). 
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Figure 2. HPLC chromatogram of anthocyanins. (1) Delfinin-3-monoglucoside; (2) Cyanidin-3-
monoglucoside; (3) Petunidin-3-monoglucoside; ( 4) Peonidin-3-monoglucoside; (5) 
Malvidin-3- monoglucoside 

RESULTS AND DISCUSSION 

Experimental results from SFE of anthocyanins in Tempranillo grape skins pomace are 
shown in figures 3 and 4. 

Effect of pressure 

At all studied conditions, a pressure increase produces a decrease in the extraction yield. 
The best yields of the extraction of anthocyanins from grape pomace are obtained at low pressure 
and this effect is more important at low percentages of co-solvent. These results agree with those 
reported for the SFE of other food colourants, such as carotenoids.4 
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Figure 3. SFE with C02 + 5.04% methanol of Anthocyanins at different pressures, temperatures 
and flow rates. 
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Effect of temperature 

In all cases, the best yield of extraction was obtained at 60°C. This effect is due to the 
increase of the solubility of anthocyanins with the temperature. For the selection of the optimal 
temperature it is necessary to study the thermal degradation of the substance. 

Effect of percentage co-solvent 

The increase of the percentage of methanol in solvent increases the extraction yield. This 
effect, which is not relevant at 100 bar, at 500 bar improves the yield of the extraction enormously. 

Effect of flow rate of solvent 

Generally, an increase of the flow rate leads to higher levels of anthocyanins. This effect is 
due to the presence of higher amount of solvent in the operation that improves the yield of the 
extraction. 
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Figure 4. SFE with C02 + 20.15% methanol, of Anthocyanins at different pressures, 
temperatures and flow rates. 

CONCLUSIONS 

From the above discussion, it can be concluded that: a co-solvent like methanol is 
necessary to extract anthocyanins by using supercritical C02; pressure is the main variable for the 
optimization of the process and the best pressure is 100 bar; the amount of co-solvent is the second 
most important variable and the best yield has been obtained at 20.15% molar of methanol; finally, 
temperature and solvent flow rate are less significant in the process. 
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ABSTRACT 

ACETIC ACID EXTRACTION BY SUPERCRITICAL 

CARBON DIOXIDE: PRESSURE EFFECT 
C Pereyra, G Di Giacomo1 and E Martinez de Ia Ossa 
Dpto. Ingenieria Quimica, Tecnologia de Alimentos y Tecnologias 
del Medio Ambiente. Facultad de Ciencias. Universidad de Cadiz. 
Pol. Rio San Pedro, apdo. 40. 11510 Puerto Real, Cadiz. Spain 
1Dipartimento di Ingegneria Chimica, Universitit de L'Aquila, 
67040 Monteluco di Roio, L' Aquila, Italy 

In this work the pressure effect on the acetic acid extraction from aqueous solutions, using supercritical carbon dioxide, has 
been studied. Two parameters that are interesting from the engineering point of view, selectivity and loading, have been 
detennined. A single pass flow apparatus has been used, operating at 313K and I 0 and 20 MPa. Experimental results show 
the selectivity is closely dependent on pressure, while loading is only pressure dependent for acetic acid concentrations up to 
40% w/w. 

Keywords: acetic acid, carbon dioxide, supercritical extraction 

INTRODUCTION 

Acetic acid, a raw material for the production of several industrial products, 1 is traditionally 
obtained from fossil fuels, but due to the continuous increase in their prices new processes are being 
sought. An alternative could be by microbiological routes, from fermentation broths.2 However, these 
routes present a problem, the acetic acid obtained is very dilute, about 5-8 % volume/ so that a 
concentration or removal process is necessary. Distillation is the most widely used process at 
industrial level, but the acetic acid is the bottom product, requiring distillation of 90% of the 
fermentation broth.4 Other techniques which have been studied, such as the combination of solvent 
extraction with distillation4 or extractive distillation.4

'
5 Any of these are satisfactory for acetic acid 

removal from aqueous solutions, therefore applicability of supercritical extraction is being studied. 6'
11 

In this work, extraction of acetic acid using supercritical carbon dioxide is studied, 
determining the most interesting two parameters from the engineering point of the view: the solvent 
selectivity for acetic acid and the acetic acid loading in supercritical carbon dioxide. For this, a single 
pass flow apparatus has been used operating at 313K and two pressures, 10 and 20 MPa, by 
determining how the pressure affects these parameters, working in a concentration range of 5 - 50% 
w/w of acetic acid in aqueous solution, thus complementing literature data. 

EXPERIMENTAL 

The single pass flow apparatus used is shown in Figure 1. The validity of this apparatus has 
been tested previously for other systems, the data obtained agreeing perfectly with the literature.12

-
14 

Full description and operating procedures are given in a previous work. 12 

In the experiments for each run 60 grams of carbon dioxide were passed through the 
apparatus, at mass flow rate of 0.5 g/min. Into the cryogenic traps an accurately know quantity of 
propanol was introduced to take the water and the acetic acid. The composition of the extract was 
determined as follows: amount of carbon dioxide was directly measured, from the flow-meter 
totalizer; water, by Karl-Fischer titration; and the acetic acid, by titration using sodium hydroxide and 
phenolphthalein. As the total propanol amount in the sample is known, the amounts of water and 
acetic acid on the solvent-free extract are calculated from the material balances. 

The raffinate composition cannot be determined with this apparatus because it is not possible 
to measure the carbon dioxide in the liquid phase, but it is possible to determine the composition of the 
solvent-free raffinate. Water and acetic acid amounts that remain in the equilibrium cell are calculated 
by difference between the amounts of water and acetic acid in the feed and those that constitute the 
solvent-free extract. 
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Figure 1. Single pass flow apparatus 

The reagents used in the extraction process and in the analysis were: 
carbon dioxide, Carburos Metalicos, 99.95%; 
glacial acetic acid, Panreac, 99.7%; 
distilled water Milli-Ro 6, Millipore; 
propanol, Merck, 99.5%; 
sodium hydroxide, Panreac, 97.0%; 
phenolphthalein, Merck; 

Glass 
traps 

Hydranal-Solvent, -Titrant 5, -Standard 5.00, Riedel-de-Haen. 

RESULTS AND DISCUSSION 

Selectivity and loading data are presented in Figures 2, 3 and 4, 5, respectively. These data 
have been presented against the weight percent of acetic acid in liquid phase, on a solvent-free basis, 
together with the data from other authors.10

•
11 

The carbon dioxide selectivity of acetic acid between the liquid and the supercritical phase is 
defmed by the ratio of the distribution coefficient of acetic acid and water, while the acetic acid 
loading is defined by the ratio of acetic acid and carbon dioxide in the supercritical phase: 

S= YAcH /xAcH 
YH,o /xH,o 

YAcH / XAcH 
YH,o /XH,o 

L = 100 . (ZAcH )[YAcH) 
co, Yeo, 

(see nomenclature) 

As can be seen in Figures 2 and 3, at two pressures the selectivity increases as acetic acid 
concentration increases in the aqueous phase, reaching a maximum, which is pressure dependent, and 
then decreases slowly. The pressure effect on the selectivity is dependent on the acetic acid 
concentration: until 20% w/w of acetic acid in the liquid phase higher values are obtained at 20 MPa, 
while from 20% to 50% w/w the selectivity is better at 10 MPa. For higher concentrations, the 
selectivity is not pressure dependent, as found by other authors.11 

With reference to the loading (Figures 4 and 5), this increases continuously with the weight 
percent of the acetic acid in the liquid phase, lineally and slowly until 40-50% w/w, but then it 
increases quickly at higher concentrations. This parameter is not modified by the pressure at low acetic 
acid concentrations. 

The data obtained in this work are in accord with literature data, under all the conditions 
tested. 
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Figure 2. Carbon dioxide selectivity for acetic 
acid at 313K and 10 MPa 
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Figure 3. Carbon dioxide selectivity for acetic 
acid at 313 K and 20 MPa 

From the obtained results, at lower concentrations of acetic acid pressure does not affect the 
loading very much and 20 Mpa, gives a better selectivity than 10 Mpa. Thus it is possible to conclude 
that at lower concentrations of acetic acid, at 313 K, the pressure of 20 MPa is more effective. 
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Figure 4. Loading of acetic acid in carbon 
dioxide at 313K and 10 MPa 
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Figure 5. Loading of acetic acid in carbon 
dioxide at 313K and 20 MPa 

NOMENCLATURE 

X; : 
Xi, Yi: 
M;: 
S: 
L: 

Mole fraction of component i in liquid phase, on carbon dioxide-free basis 
Mole fraction of component i in liquid and supercritical phases, respectively 
Molecular weight of the component i 
Carbon dioxide selectivity for acetic acid 
Acetic acid loading in supercritical carbon dioxide 
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ABSTRACT 

REGENERATION OF 6-CYCLODEXTRIN WITH 

SUPERCRITICAL CARBON DIOXIDE 
G DelRe, G Di Giacomo and M Cinti 
Universita di L'Aquila, Dipartimento di Chimica, Ingegneria 
Chimica e Materiali, I 67040 Monteluco di Roio, L' Aquila, Italy 

Regeneration of 13-cyclodextrin/cholesterol complex resulting from low cholesterol food production was investigated using 
supercritical carbon dioxide as solvent. From the few available experimental data it appears that this task should be feasible, 
but quantitative and systematic measurements are required for process design and optimisation. The main purpose of this 
study was to confirm the feasibility of the supercritical carbon dioxide regeneration process and to evaluate the influence of 
all the main process parameters like temperature, pressure, solvent flow rate, extraction time along with the influence of 
different entrainers and their concentration. Several experimental runs were performed at 80 and IOOC and for a solvent 
density range from 500 to 800 kglml, using three different entrainers: methanol, ethanol and 2-propanol at concentrations up 
to 20 mol %. All the experimental data show that that regeneration is feasible provided that a proper entrainer at proper 
concentration is used. In addition the effect of temperature is always favourable while the effect of solvent density is less 
important 

Keywords: 13-cyclodextrin, 13-cyclodextrin/cholesterol complex, carbon dioxide, supercritical extraction. 

INTRODUCTION 

Cyclodextrins are typical host molecules that can include various substances to form 
complexes. In particular B-cyclodextrin (BCD) forms inclusion complex with cholesterol1 and it is 
currently used to remove cholesterol from dairy products, egg yolk etc. Claudy et al. 1 have shown 
that whatever the cholesterol!BCD ratio used during the preparation of the inclusion complex, the 
same inclusion complex is always obtained with a molar ratio of 1:3 (cholesterol:BCD). The inclusion 
complex is stable, hydrated at room temperature and thermal degradation occurs at about 200°C. 

Some processes have been proposed to break the complex and to recover cholesterol and/or 
BCD, which can be re-used. One of these processes is based on the hydrolysis of BCD, that is 
destroyed/ other processes are based on the use of organic solvents, which usually give rise to 
safety, environmental and energy consumption problems.3• 

4 To overcome these problems the use of 
supercritical carbon dioxide has been proposed for the regeneration of the inclusion complex 
cholesterol-BCD.5 The use of supercritical fluids for the regeneration of the inclusion complex 
cholesterol-BeD is very attractive and it appears to be promising, but systematic data on the 
effectiveness of supercritical carbon dioxide in breaking the complex are lacking. 

In this paper the results of experimental work aimed at evaluating the effectiveness of 
supercritical carbon dioxide with the addition of different entrainers for the regeneration of BCD and 
recovery of cholesterol are reported and discussed. In particular the influence of temperature, 
pressure and concentration of entrainers, ethanol, methanol and 2-propanol, on cholesterol extraction 
from the inclusion complex have been evaluated using a HP 7680 FE. 

EXPERIMENTAL 

The cholesterol-BCD complex used for the BCD regeneration tests was prepared according 
the following procedure: BCD (10 g) was dissolved in about 600 cm3 of water, cholesterol (3 g) was 
dissolved in 350 cm3 of n-hexane. The solutions were allowed to react for four hours at 30C under 
vigorous stirring. The BCD-cho1estero1 complex was recovered by centrifugation and filtration. It was 
washed with water and n-hexane to remove BCD and cholesterol residues, then dried at 40C for 24 
hours and stored at 4C. The materials used were: 99% BCD (Acros), 95% n-hexane (Fluka) and 95-
98% cholesterol (Sigma). 

The regeneration tests were performed using a HP 7680 T Supercritical Fluid Extractor. The 
instrument is equipped with a variable restrictor that allows setting both extraction pressure and 
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supercritical solvent flow rate. The extracted cholesterol was deposited onto a solid phase trap packed 
with inert material (HP cat. No.: SS 07680-61350) placed at the variable restrictor exit. To recover 
the cholesterol the trap is rinsed with 2-propanol (99.5% Aldrich) which is collected in a 2 cm3 vial. 
The restrictor and the trap temperature were set at lOOC and 90C during the extraction tests and at 
65C and 50C during the trap rinse. 

The extraction tests were performed by weighting about 0.5 g of BCD-cholesterol complex, 
which was transferred to a 7 cm3 extraction thimble. Pure carbon dioxide (99.9998%, Rivoira) or 
carbon dioxide with different concentrations of entrainers (ethanol 99.8%, methanol 99.8%, 2-
propanol 99.8% all from Aldrich) were used for the extraction. 

The extraction procedure consists of repeated 1 minute static extraction followed by 20 
minutes dynamic extraction. After each extraction step the extracted cholesterol is recovered by 
washing the trap with 1 cm3 of 2-propanol at a flow rate of 2 cm3 /min. The amount of the extracted 
cholesterol was determined using an enzymatic method (Boehringer Mannheim Cat. No. 139 050). 

The extraction tests were performed at 80 and 100°C and at pressures ranging from 167 to 
365 bar, corresponding to carbon dioxide density from 500 to 800 kg/m3

• 

In table 1 the process conditions for the regeneration tests of BeD-cholesterol complex are 
reported along with the total extracted cholesterol. The extracted cholesterol is expressed as the 
weight % of the total cholesterol found in the complex to be extracted. The BCD-cholesterol complex 
used for the extraction tests was the hydrated species with a water content of about 8%. 

RESULTS AND DISCUSSION 

In figure 1 are reported the experimental data of the regeneration tests using pure carbon 
dioxide and carbon dioxide with different amounts of ethanol at 80°C and 168 bar (pc02 = 500 
kg/m3

). There is clear evidence that it is not possible to break the BCD-cholesterol complex using 
pure carbon dioxide. For ethanol concentrations lower than 8%, there is only a little improvement in 
the cholesterol extraction over the use of pure carbon dioxide. When the ethanol concentration in 
carbon dioxide is equal or greater than 14% a large increase in the cholesterol extraction is observed. 
A maximum of 43% and 57.8% of cholesterol in the load was extracted using a concentration of 
ethanol of 14.9 and 19.3% respectively. Nagahama et al.5 found that it is possible to extract 55% and 
80% of cholesterol in the load at 80°C, 176 bar using a concentration of ethanol of 16.1 and 22.3% 
respectively. The better results of Nagahama et al. are probably due to the different inclusion 
complex used for the extraction tests. Nagahama et al. used a commercial BCD-cholesterol complex 
whose composition (weight fraction, dry basis) was: 0.29 BCD-cholesterol complex, 0.43 BCD, 0.28 
fat, while in this work pure BCD-cholesterol complex was used. It is easier for the solvent to come 
into contact with the cholesterol to be extracted when using BCD/BCD-cholesterol complex mixture 
instead of using pure BCD-cholesterol complex as in the former case the complex adheres to the 
surface of BCD particles. In the latter case, as the cholesterol is extracted, the outer part of the BeD
cholesterol complex particles is converted to BCD, so the solvent must diffuse through a layer of 
BCD to reach the complex and the extracted cholesterol must diffuse back to the surface of the 
particles. As extraction takes place it is more and more difficult for the solvent to come in contact 
with the cholesterol of the complex in the inner part of the particles. This phenomenon also explains 
the decreasing rate of extraction of cholesterol at long times. 
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Run T p Pc02 En trainer En trainer Qc02 extr. time tot.extr.CHL 
No. [C] [bar] [g/cm3

] mole% [g/min] [min] [%wt] 
l 80 168 0.5 - - 1.61 80 1.5 
2 100 298 0.66 - - 1.61 60 0.2 
3 80 168 0.5 Ethanol 8.2 1.45 160 5.5 
4 80 168 0.5 Ethanol 8.2 1.45 60 3.6 
5 80 168 0.5 Ethanol 14.9 0.66 160 31.3 
6 80 168 0.5 Ethanol 14.9 0.66 200 36.3 
7 80 168 0.5 Ethanol 14.9 1.32 180 43.2 
8 80 168 0.5 Ethanol 14.9 1.32 180 42.9 
9 80 168 0.5 Ethanol 19.3 0.62 200 31.4 
10 80 168 0.5 Ethanol 19.3 1.24 220 57.8 
11 80 233 0.66 Ethanol 19.3 1.24 180 46.7 
12 80 305 0.75 Ethanol 19.3 1.24 220 56.4 
13 80 365 0.8 Ethanol 19.3 1.24 160 42.9 
14 100 207 0.5 Ethanol 19.3 0.62 200 48.3 
15 100 207 0.5 Ethanol 19.3 1.24 120 59.0 
16 100 298 0.66 Ethanol 19.3 1.24 140 63.3 
17 80 168 0.5 Methanol 14.8 1.4 180 18.2 
18 80 168 0.5 2-propanol 14.7 1.26 180 47.3 

Table 1 Process conditions and total extracted cholesterol for the regeneration tests of 13CD-cholesterol 
complex. 

50 

50 1 00 150 200 250 300 
C02(g) 

Figure 1. C02 extraction of cholesterol from 
BCD-cholesterol complex at 80°C, 168 bar 
(pc02=500 kg/m3) with ethanol concentration 
from 0 to 19.3 %. 
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Figure 2. C02 extraction of cholesterol from 
13CD-cholesterol complex at 80 and 1 00°C 
and with ethanol concentration of 19.3 %. 

At the beginning of the extraction process the extraction rate of cholesterol is very low when 
using carbon dioxide with 19.3 mole% of ethanol and even lower when using 14.9%. This is 
probably due to the presence of hydration water that is quickly removed for the high ethanol 
concentration in the supercritical solvent. 

The results of experimental data for extraction tests at 80 and at 1 00°C using ethanol 
concentration of 19.3% reported in figure 2 show that temperature exerts a strong effect on the 
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cholesterol extraction rate. On the contrary, by comparing the results of test runs nos 1 and 2 of table 
1, it can be observed that when pure carbon dioxide is used the cholesterol extraction rate is 
insensitive to temperature change. 

As can be seen from the data reported in figure 3, the cholesterol extraction rate is rather 
insensitive to carbon dioxide density: a change in density from 500 to 750 kg/m3 (change of pressure 
from 168 to 305 bar) does not give any change in cholesterol extraction rate. For further density 
increase to 750 kg/m3 (365 bar) a little decrease in cholesterol extraction rate is observed, probably 
due to the reduced diffusion coefficient of cholesterol in carbon dioxide. The same conclusion can be 
drawn at lOOC from the data reported in figure 2; an increase of carbon dioxide density from 500 to 
660 kg/m3

, which means increasing pressure from 207 to 298 bar, has no effect on the cholesterol 
extraction rate. 

The effect of solvent flow rate is shown in figure 4 where experimental data at two flow rates 
are compared: the cholesterol extraction rate decreases with decreasing solvent flow rate. The 
experimental data show that it is possible to reach the same BCD regeneration level by using lower 
solvent flow rate at expense of a longer but comparable extraction time. 

60 

50 

...J 
J: 40 () 

~ 
J: 30 
() 

~ 
b 20 
~ 

10 

0 
0 50 100 150 200 250 300 

C02(g) 

Figure 3. C02 extraction of cholesterol from 
BCD-cholesterol complex at 80°C, ethanol 
concentration of 19.3% 
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Figure 4. C02 extraction of cholesterol from 
BCD-cholesterol complex at 80°C, 168 bar 
(pc02=500 kg/m3

) with different solvent flow rate 

Experimental tests using 14.8 mole% of methanol and 2-propanol have been performed to 
evaluate and compare the effectiveness of different entrainers. The experimental data reported in 
figure 5 show that methanol is by far less efficient than ethanol for cholesterol extraction, as it has 
been also found by Nagahama et al.5 The entrainer effect of 2-propanol is comparable with that of 
ethanol. 

CONCLUSIONS 

Cholesterol can be efficiently removed from BCD-cholesterol complex using supercritical 
carbon dioxide with the addition of aliphatic alcohols such methanol, ethanol or 2-propanol. The 
enhancement of cholesterol extraction given by ethanol and 2-propanol is of the same order of 
magnitude and it is much higher than that one given by methanol. 

The effect of ethanol concentration, temperature, pressure and solvent flow-rate on 
cholesterol extraction from BCD-cholesterol complex have been evaluated. It has been found that for 
ethanol concentration below 10 mole% there is no appreciable improvement of cholesterol extraction 
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over using pure carbon dioxide. Cholesterol extraction increases with increasing temperature, and 
shows a low decrease with increasing pressure. 
The experimental data show that it is possible to carry out the regeneration of BCD from BCD
cholesterol complex and recover cholesterol with a safe, environmentally acceptable process. 
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Figure 5. C02 extraction of cholesterol from BCD-cholesterol complex at 80°C, 168 bar (pc02=500 
kg/m3

) with different entrainers. 
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ABSTRACT 

TOCOPHEROL EXTRACTION BY LIQUID AND 

SUPER CRITICAL CARBON DIOXIDE 
MA Blanco, A Molero and E Martinez de Ia Ossa 
Department of Chemical Engineering, Food Tech. and 
Environmental Technology, University ofOidiz, P.O. Box 40, E-
1151 0. Puerto Real Cadiz, Spain 

Extraction process of tocopherol from wheat germ by using liquid and supercritical carbon dioxide has been studied. The 
operational conditions: pressure, temperature, flow rate, were optimised to reach the maximum extraction yield . At the 
optimal conditions: 200 bar, 40C and 1.5 dm3/min STP, yields of 25 mg of tocopherol per 100 g of wheat germ were 
obtained. 

Keywords: tocopherol, carbon dioxide, wheat germ, supercritical extraction 

INTRODUCTION 

Supercritical Fluid Extraction (SFE) is a separation technique that uses the solvent properties 
of fluids above the critical point. The application of the SFE to the food processing has been 
developed over the last 20 years, providing a great interest in this industry. At this time SFE in the 
food industry is carried out using supercritical C02 as solvent. Many authors confirm that, for this 
type of application, C02 is a suitable solvent to use since it is non-toxic, non-flammable, non
corrosive, non-polluting, chemically inert, cheap, abundant and, lastly, readily available in large 
quantities and high purity,l,2,3,7 On the other hand, in contrast to organic solvents, it is easily 
removed from any solute without requiring energy by decompression. Since carbon dioxide also has a 
relatively low critical pressure (73 atm.) and temperature (31.1 OC), it is easy and safe to handle and is 
appropriate for the extraction of volatile and heat sensitive compounds. 

Vitamin E or tocopherol (a, f3, y and 8-tocopherol) plays a significant role as an antioxidant in 
human metabolism. Most of the applications of tocopherol in the food or cosmetic industry5 are 
based upon its anti-oxidative and photo-protective properties. It is distributed in plants being 
especially abundant in vegetable oils. At the moment, vitamin E is obtained from the deodorised oil 
step in the refining process of vegetable oils.6 

In this work the recovery of tocopherols from wheat germ is studied by using liquid and 
supercritical carbon dioxide, optimising the working conditions: pressure, temperature and flow rate 
of solvent. 

MATERIALS AND METHODS 

The raw material used for extractions was wheat germ provided by CODEC.S.A, Valladolid 
(Spain). Carbon dioxide was supplied by "Carburos Metalicos" (purity 99,95%) and methanol by 
Merck (HPLC grade). 

A flow diagram of the supercritical C02 plant used, manufactured by NOV A WERKE AG 
(Effretikon, Switzerland), is shown in Figure 1. The plant and the operating procedure has been 
described in a previous paper.1 

The amount of wheat germ oil extracted was gravimetrically determined after the removal of 
C02. The amount of tocopherols in the extracted oil was determined by HPLC, using a "Hewlett 
Packard 11 00" instrument, with an UV-Vis (290 nm.) detector. A Lichrospher RP-18 (Merck) (250 x 
4 mm I.D.) column was employed. Methanol, 1 cm3fmin flow rate, was used as mobile phase. 
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FI 

Figure l .Diagram ofthe supercritical extraction unit. 

RESULTS AND DISCUSSION 

Figure 2 shows the pressure and temperature effect on the extraction of tocopherol from 
wheat germ expressed as percentage recovery of the maximum extraction yield (25 mg of tocopherol 
per 100 g of wheat germ). As can be seen, extraction yield changes dramatically near the critical 
pressure of the carbon dioxide, due to variations of the physical properties of the C02, such as the 
density that increases, closely related with its solvent power. 
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Figure 2. Effect of the pressure on the extraction yield of the tocopherol. 

Tocopherols begin to be extracted by liquid C02 at lower pressures than supercritical C02. 
At 200 bar, the extraction yield does not depend on the pressure, and the maximum tocopherol 
recovery is reached, both by liquid and supercritical C02. Increasing pressure does not produce 
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higher extractions yields, so extraction at higher pressure than 200 bar is not justified. On the other 
hand, controlling temperature is not necessary if the plant is located at an ambient temperature 
between 10 and 40C as at this pressure the same yields are reached. 

Figure 3 shows, the effect of time on the extraction with supercritical C02 at 400C and 200 
bar for different flows rates of C02. As expected it can been seen that the yield of extraction 
increases with increasing time. However, the rate of extraction diminishes with time. Thus for the 
series of 1.5 and 2.0 dm3/min a large portion of the tocopherol in wheat germ was extracted (98 %) 
within 3 hours. A further increase of the extraction time gives a slight increase of the extraction yield, 
but also increases the expense of solvent. For the smallest flow rate, I dm3/min four hours are needed 
to reach 92% extraction yield. 
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Figure 3. Effect of time at different flow rates on the extraction yield of tocopherol. 

As the flow of solvent decreases, the residence time inside the extractor increases. However, 
although the time of contact between solvent and tocopherol increases, fresh solvent does not get into 
the extractor and the driving force of extraction, the gradient of concentration, decreases leading to 
lower yield of extraction. 

Therefore it seems reasonable to use a flow rate of 1.5 dm3fmin. in the first steps of 
extraction, and then use to smaller flows, as has been pointed out by others authors.1 

Referring to the works of Molero et aJ.,4 it can be concluded that the extraction of 
tocopherol occurs at the same time,or even before, the extraction of wheat germ oil. This way, 
maximum yields are obtained in both cases for a flow of 1.5 dm3fmin. after 3 hours of extraction. 

So, in this work, it has been demonstrated that SFE is a good technique for recovery of 
tocopherol from wheat germ. Due the similarity of solubility parameters of the different compounds 
in this matrix, fractionation of a lipid extract by SFE alone is not possible to enrich tocopherol from 
such a complex mixture. Therefore supercritical fluid chromatography (SFC) could be coupled with 
SFE for enriching the tocopherol, this being the objective of future work. . 
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ABSTRACT 

EXTRACTION OF WHEAT GERM OIL BY LIQUID AND 

SUPER CRITICAL CARBON DIOXIDE 
A Molero and E Martinez de Ia Ossa 
Department of Chemical Engineering, Food Technology and 
Environmental Technology, University of Cadiz, Apdo. 40. E-
11510 Puerto Real (Cadiz). Spain 

This paper describes the extraction of wheat germ oil by liquid and supercritical carbon dioxide, from the point of view of both 
operative method and pre-treatment of raw material. The yields obtained are very similar to those from the conventional 
extraction process using hexane as solvent, although higher quality oil is obtained. Furthermore, the fatty acids composition of 
the wheat germ oil extracted is particularly rich in unsaturated fatty acids. 

Keywords: linoleic acid, wheat germ oil, supercritical extraction, carbon dioxide 

INTRODUCTION 

In recent years, the application of Supercritical Extraction (SCE), and in particular, the use of 
liquid and supercritical carbon dioxide has been of considerable interest in the food industry. The 
decaffeination of coffee,1,2 the preparation of hop extracts for the beer industry1,2 and the production of 
spice essences and extracts3,4 are just three examples. 

This separation technique offers extraction yields very similar to those obtained by conventional 
extraction processes using liquid solvents. Among its advantages, carbon dioxide is non-toxic, non
flammable, non-corrosive; it is cheap and readily available in quantity, with a high degree of purity. 
Furthermore carbon dioxide has a relatively low critical temperature (31.1 °C) and critical pressure (73.8 
atrn). 

For some years, the beneficial effects of vegetable oils in the human diet have been known, this 
is basically due to their high content of unsaturated fats and their high energy value.5,6 Linoleic acid is 
essential for human physiology and must be included in our diet, because it cannot be synthesised by the 
cell or by cellular tissue from any other fatty acid, nor indeed from any other source.7,8 

This paper studies the production of wheat germ oil by SCE, using liquid and supercritical 
carbon dioxide. The working conditions of the process (pressure, temperature and solvent flow rate) and 
the pre-treatment of the raw material (grain size and humidity) have been optimised. Finally a 
comparison of the relative qualities of the oils produced by SCE and by organic solvent extraction has 
been made. 

EXPERIMENTAL 

The raw material used was wheat germ of0.75 mm average grain size supplied by CODEC S.A. 
in Valladolid, Spain. As necessary, the wheat germ was crushed in a "FUTURMAT" model FP mill, of2 
kg capacity and capable of milling to 18 grades of particle size. Milled material used in the study was a 
fme powder of 0.29 mm average particle diameter. Dehydration of the raw material was carried out by 
heating to 65°C, for a period of at least 4 hours, until constant weight. 

For comparison with conventional extraction process using liquid solvents, a SOXHLET type 
apparatus with hexane as solvent, was used. Extraction time was 16 hours that guaranteed the full 
depletion of the grain and allowed the maximum possible extractive yield to be determined. These 
values are considered very important to establish a basis for comparison with the high-pressure SCE 
process. 

The flow diagram of the equipment used and the operation protocol have been described in a 
previous paper.9 

The optimisation of the extraction process covers the following ranges of operating conditions: 

© 2000 Society of Chemical Industry 1633 



Proceedings ISEC'99 

pressure, from 50 to 300 bar; temperature, 10, 40 and 60°C; and solvent flow rate, from 0.5 to 2.0 
dm3fmin. For the extractions performed at 10°C, the electric heating jacket was replaced with another 
brass tube jacket for the circulation of water at that temperature. 

The physico-chemical characterisation of the oils obtained was measured by the standard 
methods of the A.O.A.C.l 0 The various indices determined were: acidity (expressed as the % of oleic 
acid); iodine (by the Hanus method) and saponification. The fatty acid composition of the oil was 
determined by gas chromatography using a model 5890 Hewlett Packard fitted with a "Carbowax 20M" 
capillary column and an FID detector.9 

All the products and chemical reagents used were of analytical quality, the carbon dioxide used 
was of99.95% purity (Carburos Metalicos, S. A.). 

RESULTS AND DISCUSSION 

Figure 1 shows the influence of the pressure at which the extraction process is performed. Near 
the critical region of carbon dioxide a dramatic change occurs in the amount of oil extracted. This 
change is due to variations in the physical properties of carbon dioxide, particularly density that is 
closely related to its solvent capacity. 

The extraction yield depends mainly on the pressure and temperature. The use of pressures of 
around 150 bar makes the extraction of wheat germ oil with liquid and supercritical carbon dioxide 
equally viable. Beyond these practical limits, it requires a considerable increase in pressure to achieve 
even a small increase in the separation yield. These results are confirmed by those presented in other 
studies.l1,12 
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Figure 1 Effect of pressure on the extraction of wheat germ oil in liquid and supercritical carbon 
dioxide. 

Figure 2 shows the effect of C02 flow rate on the extraction yield, at operating conditions of 
150 bar and 40°C. It can be seen that the maximum oil extraction yield together with the minimum 
consumption of solvent is achieved at about 1.5 dm3 /min. With these conditions, the optimum extraction 
time is 3 hours. 

Figure 3 shows the extraction yield of oil with supercritical carbon dioxide, comparing partially 
hydrated wheat germ samples with fully dehydrated samples. As can be observed, no appreciable 
differences were detected in the yields. Similar results were obtained when the influence of grain size on 
yield was studied. 

Figure 4 shows that no significant difference in extraction yield was obtained when grain was 
milled to an average particle size of 0.297 mm. It is concluded that wheat germ does not need pre
treatment prior to extraction, 13 in contrast to other seeds.12 
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Figure 2. Effect of flow rate of SC-C02 on the extraction of wheat germ oil. 
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Figure 3. Effect of the wheat germ humidity on the extraction with SC-C02. 
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Figure 4. Effect of the size of wheat germ on the extraction of oil in SC
C02. 

Table 1 gives the experimental yield values for the extraction of wheat germ oil, using both 
liquid and supercritical carbon dioxide under the optimised operating conditions. For comparison the 
corresponding data for conventional extraction using hexane also shown. 
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As can be seen, the apparent yield from the high-pressure extraction of wheat germ oil is lower 
than extraction with hexane. This difference is due to hexane being much less selective than co2_14,15 
Additionally, oil extracted by SCE with carbon dioxide is free from residual solvent, in contrast with oil 
conventionally extracted. 

Operating conditions 
C02, 100 bar, l0°C, 3 h 
C02, 150 bar, 40°C, 3 h 
C02, 200 bar, 60°C, 3 h 
Hexane, Soxhlet, 16 h 

Yield (wt. %) 
7.3 
8.0 
7.8 
8.6 

Table 1 Comparison of wheat germ oil extraction yields obtained using hexane and carbon 
dioxide as solvents 

Table 2 presents a comparison of the physico-chemical characterisation of wheat germ oils 
obtained by the SCE process at the optimum operating conditions for the SCE process, and by the 
Soxhlet equipment using hexane as solvent. 

Solvent 
Physicochemical carbon dioxide hexane 

indices 100 bar, 150 bar, 200 bar, Soxhlet, 
l0°C, 3 h 40°C, 3 h 60°C, 3h 16 h 

Free fatty acid(%) 31.6 12.4 34.4 27.3 
Iodine index (g per 1 00 g) 111 100 115 107 
Saponification index 217 185 204 207 
Unsaponifiab1e fraction(%) 1.59 7.28 7.05 2.76 

Table 2 Comparison of properties of extracted wheat germ oils obtained using hexane and 
carbon dioxide as solvents 

When the SCE process is carried out at 40°C, the carbon dioxide shows a very high specificity 
for the triglycerides contained in the wheat germ oil, and consequently extracts lower amounts of the 
free fatty acids. The values of the iodine and saponification indexes indicate that the quantity of 
triglycerides present in the oils extracted by the two processes is similar. 

Among the purposes of the subsequent oil refining process stage is the reduction of the content 
of free fatty acids in the oil to acceptable levels. In this way, is clear that supercritical extraction carried 
out at 150 bar and 40°C would considerably simplify the refining stage given the low content of these 
undesirable compounds of the oil obtained. 

Fatty acid composition(%) 
Oil Palmitic Palmitoleic Stearic Oleic Linoleic Linolenic 

C16:0 C16:1 C18:0 C18:1 C18:2 C18:3 
C02, 100 bar, l0°C, 3 h 18.91 0.24 0.69 16.41 57.26 6.48 
C02, 150 bar, 40°C, 3 h 18.15 0.20 0.52 13.94 58.56 8.25 
C02, 200 bar, 60°C, 3 h 18.48 0.22 0.49 13.81 58.74 8.25 
Hexane, Soxhlet, 16 h 18.09 0.22 0.50 13.69 58.99 8.51 

Table 3 Fatty acid composition of oil extracted using hexane and liquid and supercritical 
carbon dioxide 

Table 3 gives the fatty acid composition of wheat germ oil obtained by extraction with liquid 
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and supercritical carbon dioxide, under the different operating conditions tested in comparison with that 
of oil extracted in the Soxhlet equipment using hexane as solvent. The results show that all the oils 
contain a high proportion of unsaturated fatty acids - 81% unsaturated against 19% saturated - as occurs 
with other vegetable oils. Also, in all cases, the main fatty acid is linoleic, representing around 58% of 
the total. 
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Compressed C02 at temperatures between 30 and 60C and pressures between 50 and 250 bar has been demonstrated to 
extract the antibiotic pleuromutilin, from pure solid or fermentation broth. Dynamic extractions from fermentation broth has 
given both yields and extract purities of > 90 %, after I hr. In order to obtain an estimate of the maximum solubility that 
could be achieved from the broth, measurements have been made of the solubility of the pure solid compound in compressed 
C02, using a packed column. Maximum C02 solubility within the range of conditions used was found to be 2.4 mg.g _, C02. 

The saturated solubility in a number of organic solvents was also determined and four were used as co-solvents with the C02. 

Using ethanol as co-solvent, at 5 % (v/w) feed, it was possible to increase the solubility of solid pleuromutilin by a factor of 
4.6 when compared with pure C02• Pleuromutilin solubility into C02 from aqueous solution was found to be considerably 
lower than in packed column extractions. Studies showed that the solids present in the fermentation broth (i.e. cells and 
insoluble fermentation medium components), decreased the C02 solubility and extract purity when compared with culture 
supernatant. Comparisons have been made between the extraction of fermenter material with C02, and with a variety of 
conventional solvents. C02 extracts were of comparable purity to those generated by organic solvent extraction, although 
yields over a comparable extraction time were lower. 

Keywords: pleuromutilin, fermentation broth, supercritical extraction, carbon dioxide, ethanol co-solvent 

INTRODUCTION 

The use of near critical C02 for the extraction of a variety of natural products from complex 
matrices has been extensively reported.' However, the vast majority concern the extraction, 
fractionation and purification of compounds from plant material. There are relatively few publications 
covering the processing of fermentation broth, and within this set, even fewer working on the 
extraction of aqueous rather than lyophilised material. 2'

3
'
4 There are a number of potential advantages 

with the supercritical extraction of aqueous fermentation material. These include its low-toxicity, rapid 
removal of solvent at low temperature, and the ability to alter density, resulting in selectivity of the 
solvent extraction. These advantages are to some degree countered by the need for continuous high 
volume throughput, and problems encountered handling the aqueous medium, which need to be 
considered before supercritical extraction can replace conventional technology. However, with 
continuing environmental legislation regarding solvent use and disposal, and with further process 
development, supercritical extraction could soon represent a viable alternative to solvent extraction. 

Work to date in this area has shown promise. Cocks et az.2 demonstrated that, using 
lyophilised broth, a variety of solvent extractable metabolites were also extractable with C02, with and 
without co-solvent. They indicated that the range of compounds extracted was more selective than 
with conventional solvents. Work by te Bokkel 3 and Malik, 4 has illustrated the effect of broth pre
treatment on the extraction rate and yields of cyclosporin and milbemycins respectively. 

Pleuromutilin is a diterpenoid antibiotic discovered in 1951.5 It is produced by a number of 
fungal species and is found in both the cells and extracellular fluid of the fermentation broth. This 
gives the opportunity to study extraction from whole broth and supernatant. Pure pleuromutilin has 
previously been shown to be extractable from an ethanol/water solution using supercritical co2.6 
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EXPERIMENTAL 

Crystals of pleuromutilin were obtained by solvent extraction of culture broth at a purity of 
approximately 85%. These, and all other samples, were analysed by HPLC using a Rainin Microsorb 
C18 Sj.!m colunm (0.46 mm i.d. x 250 mm) with guard colunm (0.46 mm i.d. x 50 mm), with 1 cm3 

min-1 flow rate and colunm oven temperature of 30C. The column was eluted with 40 I 60 (vlv) 
acetonitrile I distilled water. Detection was by UV absorbance at 205 nm. The crystals were further 
purified by chromatography using a Rainin Microsorb C18 Sj.!m preparative colunm {21.4 mm i.d. x 
250 mm), eluting at 10 cm3 min-1 with 40160 (vlv) acetonitrileldeionised water, followed by 
crystallisation of selected fractions from the eluant. Pleuromutilin with a purity of >99.5% was 
generated. The solubility of the compound was determined in a range of solvents by generating a 
saturated solution at 20 ± O.SC, and analysing this solution after 30 minutes by HPLC. All solvents 
used were >99% in purity. CP grade (99.995% pure) C02 was used in all experiments. 

Fermentation broth for extraction was generated by shake flask fermentation . Culture 
supernatant was produced by centrifugation and subsequent filtration through Whatrnan 541 filter 
papers. C02 solubility measurements of the pleuromutilin crystals were carried out using a packed 
HPLC colunm,7 with co-solvent addition at 5% vlw into a pulse damping vessel prior to the colunm, 
with the exception of water, where a saturated stream of C02 was used. The other three organic 
solvents are miscible with C02 under the conditions used, whereas water solubility in C02 is far less 
than the 5 % vlw used. The aqueous solutions of pleuromutilin used for model extractions were stored 
at SC, leading to a maximum solubility of"' 250 jlgcm-3• 200 cm3 of whole broth and supernatant 
were extracted using a 500 cm3 volume temperature controlled pressure vessel. This low volume was 
used to allow for sufficient head-space for foam build up on charging or depressurisation. Carbon 
dioxide flow was introduced into the vessel via a HPLC type cup filter, (with a pore size of lOj.!m), 
measured using a mass flow meter and controlled using metering valves. Flow rate was maintained at 
- 600 gh-1

. After the extraction period, the extract collectors and connecting lines were washed out 
with solvent. This was evaporated to give an extract weight and analysed by HPLC. Broth was 
acidified to pH 3 when extracted with organic solvents, to mimic the acidifying affect of C02 on 
aqueous solutions. 

RESULTS AND DISCUSSION 

The solubility of pure pleuromutilin in C02 is seen to be a function of extraction temperature 
and pressure used (figure 1). 
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These parameters affect the solvating power by altering the density of the C02 used, with maximum 
solubility observed at higher densities. 

Although the pleuromutilin used for these solubility experiments was > 99.5% pure, the 
remaining impurities were found to be highly soluble in C02• Impurity removal was accentuated at 
higher temperatures, and with the co-solvent additions. This technique may be of use to remove trace 
impurities from bulk crystals that as pleuromutilin and its impurities, have substantial differences in 
C02 solubility. The use of co-solvents, at 5% v/w, enhanced solubility in all cases with the exception 
of water addition, which was comparable with pure C02 at 40°C (figure 2). The solubility of solid 
pure pleuromutilin in organic solvents is high compared to that in C02 (table 1). The solubility is 
further decreased when used to extract from dilute aqueous solutions (figure 3), although this is more a 
function of solvent density and phase contacting. 
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Figure 3. The effect of C02 density on pleuromutilin extraction from solid and dilute solution 

Solvent Pleuromutilin 
Solubility mg.cm·3 

Methanol 413 
Acetone 311 
Ethanol 261 

Ethyl acetate 185 
Chloroform 114 

Toluene 22 
C02 (40C/ 250 Bar) 2.4 

Water 0.5 
Hexane 0.2 

Table 1 Pleuromutilin solubility 

The advantages of carbon dioxide extraction are in its ability to selectively extract components 
and rapidly concentrate the solutes. This removes the requirement for solvent concentration that may 
be time consuming and generate heat that can accelerate degradation of sensitive metabolites. By 
selectively solublising compounds of interest, the resultant extract may be substantially purer than 
with conventional solvent extraction, leading to fewer subsequent process stages and higher overall 
yields.4 

Shake flask fermentation broth was used to compare the extraction of whole broth and 
supernatant using C02, and three conventional solvents previously used for the extraction of 
pleuromutilin and related metabolites.5'

8 This broth had a pleuromutilin titre of 686 IJ.g.crn-3, with 
approximately 510 IJ.g.cm·3 in the supernatant. 200 cm3 of whole broth and supernatant were extracted 
with C02 for 30 minutes at 40°C/100 bar. Duplicate samples of 50 cm3 whole broth and supernatant 
were extracted at pH 3 with an equal volume of solvent (table 2). 
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Using whole broth at pH 3, the organic solvents extracted between 81 - 86% of the 
pleuromutilin, compared with 30% for C02 (figure 4). The purity of the extracts ranged from 52 -
79%, (C02 was 74 %). With supernatant at pH 3, the organic solvents extracted between 42- 100% of 
the pleuromutilin, compared with 40% for C02 (figure 5). The purity of the extracts ranged from 52 -
88%, (C02 was 84%). Emulsification was particularly heavy with the ethyl acetate supernatant 
extraction, and solvent recovery and removal from the aqueous phase was incomplete for all samples. 

Extractant Extraction Total extract Purity Amount Extracted 
material1 (mg) (%) (%) 

C02 (40°C/ 100 barY Supn 60.40 83 .75 39.65 
WB 55.60 74.26 30.08 

Ethyl acetate Supn 25.6 53 .11 42.61 
WB 54.25 51.55 81.49 

Toluene Supn 34.50 88.20 95 .34 
WB 37.30 78.62 85.46 

Chloroform Supn 61.75 52.28 101.17 
WB 48.45 57.55 81.26 

(Supn) supernatant, (WB) whole broth; 
2 C02 extraction 200 cm3 of broth compared to 50 cm3 for solvent extractions 
3 heavy emulsification at pH 3 with the ethyl acetate extraction of the supernatant 

Table 2 Comparison of supernatant and whole broth extraction at pH 3 with compressed C0 2 and 
organic solvents. 

Figures 4 and 5. Comparison between C02 and conventional solvent extraction of pleuromutilin 
from whole broth (left) and supernatant (right) at pH 3 

The overall comparison between C02 and solvent extraction is encouraging, as the C02 extraction 
process has not yet been fully optimised. Although the yields are lower than those for the organic 
solvents, the purity is comparable. The best organic solvent was toluene, which as it has a boiling 
point of 110.5C, requires heat input to remove the solvent and concentrate the extract, even under 
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vacuum distillation. It should be noted that whereas the solvent extractions were carried out with good 
phase dispersion, the C02 was bubbled through the broth with no additional phase mixing. 

Mixing enhancement, particularly with whole broth, is an area than is currently being 
investigated with a view to carrying out continuous extractions. 

Extraction Extract 
after 1 hour purity at end point(%) 

Whole broth 
100 bar 40°C 31.5 80.3 
Supernatant 
100 bar40°C 80.4 92.8 
Supernatant 
100 bar 30°C 94.3 76.3 

Table 2 Comparison of extraction after 1 hour, and final extract purity 

The extraction time profile was investigated using whole broth and supernatant at 100 bar, 
40C and with supernatant at 100 bar, 30°C. The broth used for these experiments was from a separate 
batch to that used in solvent extraction experiments. It can be seen that the extraction rate is enhanced 
from the supernatant using sub-critical C02 at 30°C, compared to supercritical C02 at 40°C (figure 6). 
This can be explained in terms of solvent density, as sub-critical C02 has a density of 0.7656 g.cm·3

, 

compared with 0.6118 g.cm·3 for the supercritical C02• This would also explain the fact that at a 
higher density thus solvating power the extract purity is lower, due to the co-extraction of impurities 
(table3). 

The effect of the solids in the whole broth on extraction rates is also shown in this experiment. 
After rapid initial extraction, the high viscosity of the whole broth limits the mass transfer of 
pleuromutilin into the C02 extracting zone in the central core of the vessel, from the poorly mixed 
outer regions of the vessel. As the supernatant is oflower viscosity, there is greater mixing as the C02 

enters the vessel, so enhanced mass transfer is seen. 
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Figure 6. Pleuromutilin extraction time course from supernatant (supn) and whole broth (wb). 
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This work has shown the capability of compressed C02 to extract the antibiotic pleuromutilin 
from fermentation broth, and generate material that is comparable with conventional solvent 
extraction. As C02 is gaseous at ambient conditions, upon depressurisation it leaves no solvent 
residues in either the aqueous fermentation broth or the solute extract. This can be an important 
consideration in disposal of extracted broth. In addition a rapid depressurisation of the spent broth can 
substantially reduce the number of viable cells by pressure disruption. The potential for C02 extraction 
of microbial metabolites from fermentation broth is well illustrated by the results of these experiments. 
Further work is being carried out to develop a continuous extraction process for pleuromutilin and 
other fermentation metabolites. 

Shake flask fermentation broth was used to compare the extraction of whole broth and 
supernatant using C02, and three conventional solvents previously used for the extraction of 
pleuromutilin and related metabolites.5

'
8 This broth had a pleuromutilin titre of 686 J..Lg.cm·3

, with 
approximately 510 J..Lg.cm'3 in the supernatant. 200 cm3 of whole broth and supernatant were extracted 
with C02 for 30 minutes at 40°C/100 bar. Duplicate samples of 50 cm3 whole broth and supernatant 
were extracted at pH 3 with an equal volume of solvent (table 2). 
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ABSTRACT 

DIRECT SUPERCRITICAL FLUID EXTRACTION OF 

ORGANIC COMPOUNDS FROM AQUEOUS 

SOLUTIONS 
Yu A Zolotov, lA Revelsky and IN Glazkov 
Analytical Chemistry Division, Chemistry Department, 
Lomonosov Moscow State University, 119899, Moscow, Russia 

A solventless off-line SFE method has been developed which excludes the use of organic solvents for trapping and for 
washing out of analytes. Regularities of direct SFE from aqueous solutions of chlorinated pesticides, polychlorinated 
biphenyls, phthalates and polynuclear aromatic hydrocarbons have been also investigated. Comparison of direct SFE from 
water, micro-LLE, and solid phase extraction ofultratraces of chlorinated biphenyls (lo-12_J0-9 g) has been performed. 

Keywords: organic pollutants, polyaromatic hydrocarbons, phthalates, chlorinated biphenyls, chlorinated pesticides, 
supercritical extraction, carbon dioxide, nitrous oxide 

INTRODUCTION 

Most dangerous organic environment pollutants (polychlorinated biphenyls, polychlorinated 
dibenzodioxins, polychlorinated dibenzofurans, chlorinated pesticides, polyaromatic hydrocarbons 
etc.) have usually to be determined in water on ppb or even ppt level. Therefore sample preparation, 
including pre-concentration is very important. It is based mainly on liquid/liquid extraction (LLE) 
including usually multi-step procedures and is time consuming. Other methods based on solid phase 
extraction use different approaches for removing targeted compounds from the sorbent namely 
organic solvents or thermo-desorption. The main disadvantages of these approaches are the use of 
organic solvents during isolation of pollutants and extract collection and the use of only a very small 
part of the final extract for the determination of analytes after the pre-concentration stage. These 
drawbacks cause dilution of analytes, their contamination with impurities present in the organic 
solvents, loss of analytes during evaporation or trapping, necessity of using a large water sample, 
increasing analysis time etc.1 Modern variants of the above methods: solid phase micro-extraction 
and micro-LLE only partially eliminate some of the listed drawbacks. 

One of alternative approaches for organic ultratrace analysis is direct off-line SFE from 
aqueous solutions. 

The region of supercritical fluid is interesting especially as an extraction medium. Density 
and solvent power of supercritical fluids are close to the respective values for liquids. However the 
viscosity of a supercritical fluid is close to viscosity of gas and diffusion coefficients are between gas, 
and liquid values. 

Some possible advantages of supercritical fluids as extraction medium are: 
exclusion of toxic organic solvent use; 
possibility of selective extraction by slight changes of the pressure and temperature; 
much higher degree of extractant purity than of organic solvents because carbon dioxide 

and nitrous oxide that are commonly used fluids are gases at ambient conditions; 
simplicity of concentrating and removing extractant from the extract. 

There are some publications on direct supercritical fluid extraction of a limited number of 
organic compounds. The concentrations of the organic compounds in water were not lower than ppb 
level and extraction time was up to 2 hours. In addition, an organic solvent was used in most cases for 
the collection of the targeted compounds from the flow of supercritical fluid at the outlet of SFE cell 
when off-line SFE was carried out.2. 3 In this case contamination of SFE extract with organic solvent 
impurities takes place. Therefore these works demonstrate only the possibility of direct SFE from 
aqueous solutions and do not show true features of a direct SFE sample preparation in the case of 
ultratrace organic analysis. 
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Trapping of small quantities of organic compounds from the flow of supercritical fluid is the 
key point of all SFE methods in the case of their off-line use. There are some approaches to trapping. 
The most widely used approach is based on the trapping of extracted analytes into a small quantity 
(1 cm3 and more) of organic solvent. 5-9 Disadvantages of this approach are the dilution of extracted 
compounds and their contamination with impurities present in the organic solvent. Degree of 
recovery greatly depends on the volatility of analytes and it is higher for low volatile compounds. 

Another approach is based on the sorption of organic compounds on solid sorbents or in 
empty glass vials and subsequent recovery of them with an organic solvent.5-8, 9-11 The main 
drawback of this approach is the contamination of the extract solution due to impurities from the 
organic solvent and a higher loss of extracted compounds in the case of empty vials. 

The third approach includes use of short capillary columns with bonded stationary phases for 
trapping of extracted compounds and their recovery with a small quantity (0.1 cm3) of an organic 
solvent.l2 This method seems to be superior to other SFE off-line methods. The main limitation of 
the latter method and also the former ones is the sampling of only small part of the organic solution of 
analytes (0.001 - 0.01 part) and therefore it is impossible to reach extremely low detection limits. 

The aim of our research was the development of direct SFE technique from aqueous solutions 
of traces of organic pollutants that will allow the complete exclusion of the use of organic solvents. 
Regularities of direct SFE from aqueous solutions of different organic compounds based on this 
technique were also investigated. 

EXPERIMENTAL 

A number of different organic compounds have been used including: n-alkanes (mixture C8-
C24); polyaromatic hydrocarbons (acenaphthylene, acenaphthene, fluorene, phenanthrene, 
anthracene, fluoranthene, pyrene, benzo(a)anthracene, chrysene); chlorinated pesticides (a-HCCH, [3-
HCCH, 8-HCCH, Heptachlor, Aldrin, heptachlorepoxide, a-endosulfan, dieldrin, 4,4'-DDE, endrin, 
!3-endosulfan, 4,4'-DDD, endrin aldehyde, endosulfan sulfate, 4,4'-DDT) and polychlorinated 
biphenyls (mixture 2,3,4,4' ,6-pentachlorobiphenyl, 2,2' ,3,4,6-pentachlorobiphenyl, 2,2' ,3,4,4' ,5-
hexachloro-biphenyl, 2,2' ,3,3' ,4,4' ,5,5 '-octachlorobiphenyl, 2,2' ,3,3 ',5,5'6,6' -octachlorobiphenyl; 
Arochlor-1260); phthalates ( dimethoxyethylphthalate, dicyclohexylphthalate, diphenylphthalate, 
diphenyl-isophthalate, butylisooctylphthalate, diisooctylphthalate, bis(2-ethylhexyl)isophthalate, di
isononyl-phthalate ). 

Solventless trapping of extracted compounds after SFE was fulfilled by collecting the 
extracted analytes on a special sorption cartridge. The cartridge was a glass GC injector liner filled 
with silica wool and placed after the restrictor. During the collection of analytes the cartridge was 
cooled by the rapid evaporation of the supercritical fluid at the restrictor outlet. 

The SFE 30 extraction unit (CE Instruments, Milan, Italy) with a homemade SFE extraction 
cell (inner volume 15 cm3) was used. Supercritical C02 and N20 were used as extractants. The 
water sample volume in all cases was about 10 cm3. The extraction cell was spiked with the mixture 
of the investigated compounds and then dynamic SFE was carried out. The extraction was performed 
at different pressures (from 8 to 25 MPa) using heated metallic restrictor (5 em long). The flow rate in 
this case was 0.7-2.6 cm3fmin (for liquid) . The outlet of the restrictor was heated (100- 150C). 

Standard equipment for solid phase extraction was used. Model compounds were extracted 
using C18 and Purasep 200 cartridges and C18 extraction disks. Sorbents conditioning was 
performed. 5 cm3 methylene chloride/ethyl acetate (1:1) (in case ofPurasep 200 5 cm3 acetone) and 
5 cm3 methanol were used for this purpose. Investigated compounds were spiked to water sample 
(10 cm3) and then the latter was adjusted to pH 2 with 6 mol/dm3 HCI. The extraction was performed 
with water sample flow rate of 1 cm3fmin in case of cartridges and 3 - 5 cm3fmin in the case of disk. 
Elution of organic compounds was carried out by 5 cm3 ethyl acetate and 5 cm3 of methylene 
chloride. Eluates were combined and concentrated under nitrogen to 0.5 cm3. Then the whole extract 
volume was injected into the GC. 
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Extract analysis was carried out using capillary GC model 4160 with split/splitless injector, 
on-column injector, flame-ionization and electron capture detectors (ECD). Make-up gas (nitrogen) 
for ECD was purified using oxygen purifier. Thermodesorption and cryofocusing were used for 
injection of interesting compounds trapped on the cartridge into GC. Cryofocusing was performed 
using a homemade cooler based on the Peltier effect. The cartridge (injector liner) was put into the 
GC injector. Separation of the extracted compounds was performed using 25m x 0.32 mm fused 
silica capillary column with SE-54 (0.15 micron film thickness). Acquiring and acquisition of 
chromatographic data were performed using Chrom-Card Data System (CE Instruments, Milan, 
Italy). 

RESULTS AND DISCUSSION 

Trapping effect of gaseous C02 and N20 flow rate at the outlet of SFE system on the 
trapping efficiency of the model compounds using cartridge has been investigated. The model 
mixtures of n-alkanes, P AHs, CPs and PCBs were spiked into the extraction cell filled with silica 
wool and then dynamic SFE was performed. The flow rate of gaseous C02 at the end of the restrictor 
was measured (5- 1500 cm3fmin). It has been shown that for the flow rates higher than 400 cm3/min 
collection efficiency greater than 70% could be achieved. In this case the cooling effect of the rapidly 
expanding supercritical fluid during evaporation on trapping of extracted compounds was used. The 
range of small supercritical fluid flow rates (2 - 30 cm3/min for gas or- 0.1 cm3/min for liquid) was 
not so interesting because in this case the SFE stage is too long and there is the problem of the 
restrictor plugging. Use of high fluid flow rates (up to 2.5 cm3/min for liquid) has allowed these 
problems to be solved. 

The effect of the restrictor temperature and extraction cell pressure and temperature on 
collection efficiency of analytes was also investigated. Heating the restrictor has allowed the 
elimination of plugging but at temperatures higher than !SOC a decrease in the collection efficiency 
has been observed. Change of extraction cell pressure and temperature in the range from 8 to 25 MPa 
and from 40 to 1 OOC respectively has not influenced the collection efficiency when the flow rate of 
gaseous C02 or N20 at the outlet of the SFE system was higher than 400 cm3 /min. 

Direct SFE of mixtures of organic compounds from aqueous solutions was performed using 
the described trapping system. 

As a result of the high supercritical fluid flow rate and heating of the restrictor, extraction 
time was very low (about 2-5 min) and plugging of the restrictor was not observed. 

Regularities of direct SFE from aqueous solutions of the chlorinated pesticides, 
polychlorinated biphenyls, phthalates and polynuclear aromatic hydrocarbons have been also 
investigated. The influence of extraction conditions, namely pressure, temperature, SF flow rate, 
nature of the analytes and SF, kinetics of the SFE, etc., on the recovery of the extracted compounds 
have been studied. Concentrations of the targeted compounds in water were in the range of 0.1 -1 ppb 
for hydrocarbons and phthalates, 1-100 ppt for CP's and 0.1-10 ppt for PCB's. Thermo-desorption 
efficiency was about 90% and trapping efficiency about 70-80%. SFE recoveries of studied 
ecotoxicants from water samples were higher than 90%. On the basis of the obtained results, methods 
for the determination of PAR's, chlorinated pesticides and PCB's in waters were developed. 

A comparison of direct SFE from water, micro-LLE, and solid phase extraction for ultratraces 
of chlorinated biphenyls (lo-12_Jo-9 g) was performed. 

In case of micro-LLE and SPE analysis of whole organic extract was performed using a large 
volume injection system. It included a 'gas curtain' for preventing solvent vapours penetrating into 
the separating column and detector. 

Micro-LLE was performed using a homemade special vessel for micro-LLE. The water 
sample volume was 10 cm3. The investigated compounds were spiked into the extraction vessel and 
extraction with 0.3 cm3 of hexane was performed over 2 minutes. Then extract was separated and the 
whole extract volume was injected into the GC. 
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The influence of the quantity of analyte in the water sample on the recovery by respective 
methods was investigated. The results are presented in Table 1. 

Quantity ofpCB Concentration Recovery l , % 
in sample, g ppt 

Direct Micro- SPEL 
SFE LLE 

Cl8 (cartridge) Purasep 200 Cl8 
(cartridge) (disk) 

10-~ 100.0 97±9 92±7 92±7 87±8 89±6 

1Q-10 10.0 91±8 90±6 30±8 9±4 7±3 

1Q-ll 1.0 94±8 93±11 5±2 - -
1Q-l2 0.1 88±11 60±30 - - -

1 Recovery includes sorption and elution degree. 
2 Dash indicates that there were no model compounds registered at the detection limit (I0·13g). 

Table 1 Comparison of micro-liquid extraction, solid phase extraction and direct supercritical fluid 
extraction efficiency from water depending on analytes quantity 
(water sample: 10 cm3; sample: mixture ofS PCBs; whole extract analysis by GC (ECD)) 

As seen from the Table, direct SFE recovery is not influenced by the quantity of extracted 
compounds but SPE is not suitable when the quantity of analyte is less than 0.1 ng in the sample. It 
was shown also that only micro-LLE could be compared with direct supercritical fluid extraction at 
ultratrace concentration level. However in case ofmicro-LLE the reproducibility was less than that of 
SFE. The poor results for SPE especially at ultra trace level can be explained by incomplete elution of 
small quantities of analytes from the sorbents. It was shown that in the case of ultra-low concentration 
levels 0.1-1 ppt (1 o-12_1 o-11 g of analytes in the water sample, respectively) direct SFE from water 
was more accurate and reproducible than micro-LLE and SPE. 

CONCLUSION 

A true solventless off-line SFE method has been developed which excludes the use of organic 
solvents for trapping and for recovery of analytes. The trapping system allowed a high collection 
efficiency for compounds of different volatility as in case of supercritical extraction from solid (and 
dry) matrix and of direct SFE from water. 

Methods for the determination of polynuclear aromatic hydrocarbons, phthalates, chlorinated 
pesticides and polychlorinated biphenyls in aqueous solutions based on their direct SFE and off-line 
solventless SFE/GC coupling have been developed. High SFE recovery of targeted compounds from 
water and high efficiency of their solventless transfer into GC have been achieved. The detection 
limits of the developed methods at 0.1-10 ppt levels have been achieved. 

It is shown that direct SFE of the investigated compounds from aqueous solutions is more 
preferable. In this case no organic solvent is used and the analysis of the whole extract volume is 
provided. In the case of ultra-low concentration levels, 0.1-10 ppt, direct SFE from water was more 
accurate, fast and reproducible than conventional sample preparation methods based on LLE and SPE. 
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The very small analysis time of the proposed method for ultratrace organic pollutants 
determination in aqueous matrixes may allow the fast screening of water samples for priority 
pollutant content. 
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ABSTRACT 

SUPERCRITICAL FLUID EXTRACTION OF PCBS 

FROM REAL WORLD STLAWRENCE RivER 

SEDIMENTS 
Wu Zhou and Lawrence L Tavlarides 
Department of Chemical Engineering and Materials Science 
Syracuse University, Syracuse, NY 13244, USA 

A program is underway to determine engineering design information to develop a supercritical fluid extraction (SFE) process 
to remediate soils contaminated with polychlorinated biphenyls (PCBs). Results of equilibrium partition and laboratory scale 
desorption experiments are reported here. An apparatus has been developed to study PCB partition equilibrium between soils 
and supercritical fluids (SCFs). PCB partition equilibrium studies between supercritical C02 (SC-C02) and three real world 
St. Lawrence River sediments with similar soil properties and PCB congener distribution patterns but different total PCB 
concentrations were conducted at 50°C and five different SCF densities. Linear adsorption isotherms describe the 
equi librium data over the range of conditions studied. Laboratory scale PCB desorption experiments on a real world St. 
Lawrence River sediment were conducted to investigate the effects of SCF flow rate and co-solvent on PCB extraction 
efficiencies. It is found that PCB concentration in the sediment can be reduced from 2200 ppm to less than I 0 ppm in 25 
minutes of extraction time with the presence of 5% (mole) methanol in supercritical C02 . The presence of 5% (mole) 
methanol in supercritical C02 increases PCB desorption rates and reduces final PCB residual concentrations in sediments. 
C02 flow rate shows important effects on both PCB desorption rate and final PCB residual concentration when pure C02 is 
used as the SCF. These flow rate effects are not significant after -7.5 minutes of extraction time for SC-C02 with 5% (mole) 
methanol. 

Keywords: chlorinated biphenyls, contaminated sediment, supercritical extraction, carbon dioxide, methanol co-solvent 

INTRODUCTION 

It has been estimated that about 385 million pounds of PCB's exist in landfill and other 
storage, and another 24 million pounds exist in sediments, soil, vegetation and animals. 1 The potential 
environmental threat of the large amount of PCB's has called for the development of effective PCB 
cleanup techniques. Among various efforts, the application of supercritical fluid extraction (SFE) in 
the removal of toxic organics from environmental samples is receiving much attention due to the 
unique properties of supercritical fluids such as low viscosity, high diffusivity, and easily tunable 
solvent power.3 Pioneering research on the application of SFE in the remediation of environmental 
pollutants suggests that SFE of toxic organics from soils has promise as a method of remediation. 2

'
4

-
8 

A process concept is advanced at Syracuse University for the treatment of soils contaminated 
with PCB 's and polyaromatic hydrocarbons (PAH's). The program includes solubility data 
acquisition of PCB 's and PAH's in SCF's,9

'
12 PCB partitioning equilibrium studies, desorption rate 

data acquisition for real world samples over a broad range of conditions/ desorption rate data analysis, 
bench-scale data acquisition to confirm laboratory operation conditions and specify extractor 
configuration, and, eventually, large scale testing with a mobile demonstration unit. PCB partitioning 
equilibrium data between supercritical C02 and real world St. Lawrence River Sediments and PCB 
desorption results on St. Lawrence River sediments are presented here. 

EXPERIMENTAL 

Apparatus. 

Figure 1 shows the schematic of an apparatus developed to study PCB partitioning 
equilibrium between soils and SCF's. High pressure C02 is delivered through the C02 cylinder, 
compressor, and back-pressure regulator subsystem. The C02 vessel and the syringe pump, both 
thermostatic, are used to prepare the mixture of C02 and co-solvent. A thermostatic equilibrium 
subsystem includes an equilibrium vessel, a circulating pump, and a six-port valve. After PCB 
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partitioning equilibrium is achieved, the sample loop is depressurized and then rinsed using hexane. 
PCB concentration in the sample vial is analyzed using a Hewlett-Packard 5890 Series II GC. PCB 
concentrations in SCF and sediment are calculated based on the volume of the sample loop, the 
density and total volume of SCF in the system, total PCBs in the system, and the amount of sediment 
in the equilibrium vessel. 

Figure 1. PCB Partitioning Equilibrium Apparatus 

Figure 2. Schematic diagram of the Laboratory Scale SFE Unit 

Figure 2 shows the schematic of a laboratory scale SFE unit that uses the same C02 delivery 
system as shown in Figure l. Restrictors are employed to control C02 flow rate. Effluent PCB' s are 
collected in a set of sample vials filled with hexane. PCB concentrations in the sample vials are then 
analyzed by GC. Residual PCB's in the sediments are analyzed using the method presented of Chen et 
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a\.2 The PCB concentrations at different extraction time are backward calculated based on the final 
PCB residual concentration in the treated sediment and the amounts ofPCB's in each sample vial. 

Materials. 

To conduct the equilibrium studies, contaminated soil samples with similar properties and 
PCB congener distribution patterns but different PCB levels are needed. Three real world St. 
Lawrence River sediment samples have been obtained from a contaminated site near Massena, New 
York. All sediments were prepared by air-drying and sieving through a No.30 screen. Mineral 
properties, total organic carbon (TOC), and initial PCB concentrations of the three sediments are given 
in Table 1. These data show that the three samples have similar soil properties yet different levels of 
PCB concentrations. 

Composition(%) TOC PCB Cone. 
Sediments Sand Clay Silt (%) (ppm) 

St. L. R. Sediment #1 37.67 32.72 29.60 1.34 130 
St. L. R. Sediment #2 55.73 23.21 21.06 1.21 710 
St. L. R. Sediment #3 58.38 22.1 19.53 1.76 2200 

Table 1. Sediment Properties 

Figure 3 shows the PCB congener distribution patterns of the three sediments and Aroclor 
1248 that is the original PCB contaminant on the site from which the three sediments have been 
obtained. It is shown that the PCB congener distribution patterns in the three sediments have shifted 
to the light chlorinated end (left side in Figure 3) from the original pattern of Aroclor 1248. This shift 
is possibly caused by naturally occurring dechlorination processes. Compared with the PCB congener 
pattern in Aroclor 1248, the PCB patterns in the three sediment samples are relatively close. 

RESULTS AND DISCUSSIONS 

PCB partitioning equilibrium studies between St. Lawrence River sediments and SC-C02 

were conducted at three temperatures (40, 50, and 60°C) and five different SC-C02 density levels (5.5, 
8.0, 10.5, 13, and 15.5mole/dm3

). Six St. Lawrence River sediment samples with different initial PCB 
concentrations were prepared from the three sediments and their mixtures. Data were collected for 
each isotherm from 6 equilibrium experiments on each of the six sediment samples. To reduce 
moisture effects on equilibrium results, all the air-dried sediment samples are stored in a constant 
temperature (25°C) and humidity (50%) room for at least 2 weeks prior to the experiments. The 
isotherms at 50°C and five C02 densities are given in Figure 4. The results show a linear relationship 
between the equilibrium PCB concentrations in the two phases. The laboratory scale PCB desorption 
studies were conducted for 60 minutes on air-dried St. Lawrence River sediment #3 at a temperature 
of 50°C and a pressure of 116.3 atrn (corresponding to a C02 density of 10.5 mole/dm3

). Both pure 
C02 and C02 with 5% methanol were used as SCF's. Two 8 em length silica restrictors, 40).lm ID and 
50)lm ID, were employed to control C02 flow rate, 0.76 and 1.35 g/min respectively. Table 2 shows 
the experimental results and Figure 5 demonstrates the corresponding desorption curves. It is found 
that PCB concentration in sediment can be reduced from approximately 2200 ppm to less than 10 ppm 
(more than 99.5% extraction efficiency) in 25 minutes of extraction time with the presence of 5% 
(mole) methanol. 
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Figure 3. PCB Congener Distribution Patterns (only congeners with no less than 1% relative 
abundance in at least one sample are shown here) 

Time Experimental conditions and PCB concentrations (ppm) in sediments 
C02 C02+5%MEOH C02 C02+5%MeOH 

(min) 0.76 g/min 0.76 g/min 1.35 g/min 1.35 g/min 
0 2098 2210 2121 2198 

0.5 2076 2136 1976 2004 
1.5 1821 1467 1358 1236 
3.5 1350 524 470 316 
7.5 576 35.9 134 57.8 
15 219 13.2 80.4 15.3 
25 141 9.41 55 .7 8.10 
40 103 5.79 41.6 5.32 
60 71 4.21 32.0 3.76 

Table 2 PCB desorption data for St. Lawrence River sediment #3 
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Figure S. PCB Desorption from St. L. R.Sediment 
#3 at 50 °C and 116.3 atm (FR: C02 flow rate) 

Figure 5 shows that, for pure C02, larger (1.35 versus 0.76 g/min) C02 flow rate increases the 
desorption rate and reduces final PCB residual concentration. These flow rate effects are not 
significant after -7.5 minutes of extraction time in the presence of 5 molar percent methanol in the 
SCF. 

CONCLUSIONS 

A new apparatus has been developed and tested to study PCB partltwmng equilibrium 
between soils and supercritical fluids. PCB partition equilibrium studies between supercritical C02 

(SC-C02) and three real world St. Lawrence River sediments were conducted at 50°C and five 
different SCF densities. Experimental results show linear adsorption isotherms over the range studied. 
It is found that soil moisture content can significantly affect the PCB equilibrium studies. 

PCB desorption experiments on real world St. Lawrence River sediments were conducted in a 
laboratory scale SFE unit. It is found that PCB concentration in the sediment can be reduced from 
2200 ppm to less than 10 ppm (99.5% extraction efficiency) in 25 minutes of extraction time with the 
presence of 5% (mole) methanol in supercritical C02• The presence of 5% (mole) methanol in 
supercritical C02 increases PCB desorption rates and reduces final PCB residual concentrations in 
sediments. C02 flow rate shows important effects on both PCB desorption rate and final PCB residual 
concentration when pure C02 is used as the SCF. These C02 flow rate effects are not significant after 
- 7.5 minutes of extraction time in the presence of 5 molar percent methanol. Based on these results, 
C02 with 5% (mole) methanol and lower C02 flow rate are recommended for the extraction ofPCBs 
from contaminated soils/sediments. 

FUTURE WORK 

PCB partitioning equilibrium between C02 with 5% (mole) methanol and St. Lawrence River 
sediments will be studied. PCB partitioning equilibrium models will be established and used for the 
analysis of PCB desorption data. A bench scale SFE unit equipped with a 2 liter extractor will be used 
for the study of PCB desorption rates from the St. Lawrence River sediments. An economic analysis 
of the SFE process will then be conducted based on the results ofbench scale PCB desorption studies. 
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ABSTRACT 

LIGAND-ASSISTED SUPERCRITICAL FLUID 

EXTRACTION AND ENVIRONMENTAL 

MANAGEMENT NEEDS FOR REMOVAL OF METALS 
RV Fox, RD McMurtrey and JD Navratil 
Lockheed Martin Idaho Technologies Inc., Idaho National 
Engineering and Environmental Laboratory, P. 0. Box 1625, 
Idaho Falls, Idaho, USA 83415-3921 

A brief historical overview of ligand-assisted supercritical fluid extraction with carbon dioxide is given. Applications for 
waste processing enhancement and environmental remediation are given for both liquid and solid matrices where metal and 
radionuclide extraction is involved. Advantages of solvent extraction using carbon dioxide over conventional solvents are 
discussed along with research needs to apply the technology to the environmental management area. 

Keywords: radionuclide, supercritical extraction, carbon dioxide, ligand assisted 

INTRODUCTION 

Baron Cagniard de Ia Tour is credited with the discovery, in 1822, of the critical point of a 
substance.! Later, in 1876, Hannay and Hogarth investigated and demonstrated the solvent powers 
of supercritical carbon dioxide.! By the early 1930's, the solvent properties of near critical 
hydrocarbons were being exploited to effect separations in the petroleum industry.! By the 1950's 
commercial, large-scale production of low-density polyethylene was, and still is today, conducted at 
!SOC to 300C using pressures as high as 200 Mpa.l Solvent extraction using near critical and 
supercritical solvents is a viable and mature technology with several niche applications in the food 
and beverage, chemical, pharmaceutical, precision cleaning, and petroleum refining industries. 

Up to 1990, supercritical (SC) and liquid carbon dioxide (C02) had been primarily used for 
the extraction and separation of organic compounds. It is well known that both liquid C02 and SC
COz are poor solvents for ionic species. The use of SC-C02 as a solvent for the intentional solvation 
and extraction of ionic species, primarily metals, is a relatively new phenomena. Although some 
investigators have demonstrated liquid carbon dioxide extraction of metal-ligand compounds, the first 
demonstration of ligand-assisted supercritical fluid extraction (SFE) was accomplished by Dr. Chien 
Wai and K. Laintz in 1991 at the University of Idaho using a fluorinated dithiocarbamate ligand on 
copper.2 That work was specifically selected and funded by the U.S. Department of Energy (DOE) 
Idaho Field Office under the DOE Office of Technology Development, Innovative Technology 
program. Later in 1991, a collaborative research effort between the Idaho National Engineering and 
Environmental Laboratory (INEEL) and Dr. Wai explored the complexation and transport of metal 
sulfides in SC-COz.3 Additional studies of metal-ligand complex formation and solubility in SC
COz were conducted by Wai and researchers at the Pacific Northwest National Laboratory in 
collaboration with C. Yonker.4 Wai holds the seminal patent and publications in the area of ligand
assisted supercritical fluid extraction.2, 4-6 Wai and co-workers have pioneered methods for 
selective extraction of arsenic, antimony, caesium, copper, lead, mercury, nickel and a host of other 
metals including selected actinides and lanthanides.7-15 This research has included study of many 
common metal complexing agents having 0, N, P, and S functional groups and also ligands having 
fluorine substitutions to enhance their solubility in the SC solvent. Ligand studies have also included 
macromolecules such as crown ethers and calixarenes.l6 

The advances made by Dr. Wai and others have caused ligand-assisted supercritical carbon 
dioxide extraction to be proposed as an alternative solvent extraction technique for the selective 
removal of heavy metals and radionuclides from both liquid and solid waste matrices. Primarily 
targeted are those situations where SFE could be employed as a separation technique for extraction of 
key metals and radionuclides, such as the removal of a target metal or radionuclide to below an 
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established regulatory level that would result in a waste re-classification (e.g., from a high level 
radioactive waste to a low level radioactive waste) . It has also been proposed that the solvent 
properties of SC-C02 be employed in a sequential extraction process for removal of organic materials 
followed by ligand-assisted SC-C02 extraction of metals. In that manner mixed-waste streams could 
be effectively processed resulting in significant waste volume minimisation with minimal production 
of secondary waste. Since the original proposal was funded by the DOE and since the technology is 
inherently waste minimising, the obvious target for development and deployment of the technology is 
within the DOE community where 'Treatability Study' opportunities for the given matrices exist in 
abundance. 

This paper will now briefly outline how ligand-assisted SFE can be applied for waste 
processing and environmental remediation within the DOE system for situations where metal and 
radionuclide extraction and separation are either required or could be employed to effect significant 
benefits. The research needs in the environmental management area at the INEEL will also be 
discussed along with some advantages of this new solvent extraction technique. 

WASTE TREATMENT 

Applications in the Waste Treatment Area 

Compared to conventional aqueous and organic solvent extraction systems known and in use 
in the radiochemistry world, carbon dioxide has some distinct advantages which are not easily 
dismissed, especially in light of the fact that baseline and existing High Level Waste (HL W) pre
treatment techniques are expensive and produce large volumes of secondary HLW. Carbon dioxide is 
non-toxic, non-flammable, commercially available in rail car quantities at a very low price, can easily 
be recycled, gives rise to only a fraction of the secondary waste which is generated by baseline 
separation technologies, and only requires half the energy which a distillation process would require 
yet delivers equivalent or better separation. Disadvantages include the use of a positive pressure 
system and the weak solvent nature of carbon dioxide. 

Recent advances in critical fluid science have led to a better understanding of the properties 
of materials which enhance their solubility in critical fluids and the solvent-solute interactions 
occurring in critical fluid solvent systems. A case in point is the recent reporting 17,18 of a 
supercritical carbon dioxide solvent being loaded with a uranium nitrate/tributylphosphate complex to 
as high as 0.429 mol/dm3. This solubility level is equivalent to typical PUREX solvent loading for the 
same complex (0.13 to 0.47 moVdm3). These results provide a small glimpse of the solvent power 
and waste minimisation potential of critical fluids. 

In the waste management area ligand-assisted SFE has the potential to selectively remove 
metals to the parts-per-billion range or lower from both solid and aqueous waste streams. The solvent 
also has the capability to be loaded to very high concentrations with organic compounds and metals. 
Solid materials such as tools, metal, personal protective equipment, cloth, plastic, glass, shielding 
materials, etc., can easily be surface decontaminated using a ligand-assisted SFE process, thus 
reducing the total mass of radioactive materials entering the waste stream. One such example is 
where researchers at the INEEL demonstrated in a 'Treatability Study' the successful ligand-assisted 
SFE of cobalt-60 from lead shot.19 The shot, previously employed as shielding material, was 
contaminated with less than 100 nanoCurie/gram cobalt-60. The contaminated lead was retrieved 
from the waste stream, where it had been entered as a mixed waste, and cleaned in the following 
manner: The shot was loaded into an extraction cell and subjected to approximately 20 MPa SC-C02 
modified with a 2 mole percent alcohol/ligand mixture at 65C for 1 hour and a flow rate of 10 
cm3/minute. The ligand used contained a phosphorous functional group and demonstrated a hundred
fold specificity for cobalt over lead. After 1 hour the surface of the lead shot was cleaned thoroughly 
enough for recovery and re-use of the lead as shielding material. The lead had been scheduled for 
disposal via encapsulation and burial. A total of 50 pounds of lead shot was cleaned producing less 
than a single gram of secondary waste using the ligand-assisted SFE method. The commercial nitric 
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acid rinse process identified as a potential decontamination technique was far too aggressive 
chemically and trial cleaning tests resulted in dissolution of lead and the creation of significant 
volumes of secondary mixed-waste containing lead and radioactive cobalt. 

As was demonstrated with the lead shot, a number of porous and non-porous solid materials 
could also be easily surface decontaminated and either be returned to service, or enter the waste 
stream far less contaminated. Additionally, due to the penetrating power of supercritical carbon 
dioxide volumetrically contaminated porous solids can be decontaminated if the conditions permit. 

Liquid waste streams having pH extremes, high salts content, high organic content and high 
solids content can be treated using the ligand-assisted SFE technique without the need for prior 
chemical neutralisation or solids separation. Wastewater resulting from a ligand-assisted SFE process 
would be of high enough quality to be returned for use as a solvent; thus, reducing the overall 
quantity of water needed in a process. In effect, the same water would be cleaned and reused 
repeatedly. The carbon dioxide solvent would also be repeatedly recycled. In relation to treatment of 
liquid waste streams ligand-assisted SFE has the potential to function with minimal consumption of 
energy (compared to distillation) and with minimal production of secondary waste. Critical fluid 
processing has advantages over filtration processes by not being susceptible to fouling and by having 
significantly increased throughput. Critical fluid processing has advantages over chemical 
precipitation and flocculation techniques relative to selectivity, separation and the volume of 
secondary waste produced. Critical fluid processing has advantages over ion exchange because it 
does not employ resins susceptible to organic fouling and cannot be fouled by waste streams having 
high solids content. Critical fluid processing is as efficacious or even more efficacious than ion 
exchange due to the fact that the same ligand used in an ion-exchange resin is used and made mobile 
in the solvent as opposed to being fixed on a solid matrix. 

SFE Research Needs in the Waste Treatment Area 

Early metal-ligand solubility studies in critical carbon dioxide were primarily oriented 
towards demonstration of the phenomena using many metals and many conventional ligands. Early 
studies also focused on quantitative measurement of the extent of metal-ligand and free ligand 
solubility in the solvent. More recently, investigations have concerned themselves with parameters 
that most affect the solubility of ligand and metal-ligand systems, including the study of the chemical 
properties of ligands which demonstrate higher carbon dioxide solubility. Currently, critical fluid 
investigations are of the nature of describing the solute-solvent molecular level physical/chemical 
interactions that contribute to solubility phenomena as it occurs in critical fluids. 

To advance SFE into the DOE Waste Management area further, research is required into the 
nature of ligand and metal-ligand partitioning between the aqueous and SC phase. Additional and on
going research is required for the study and development of new ligands specific for use in a SCE 
system. Solubility models that either exist or are currently being developed need to be extended to 
include the presence of multiple components such as other organics and water. Metal and ligand 
chemical reaction kinetics and thermodynamic properties should also be studied for a more thorough 
understanding of the interaction between metal and ligand in the given solvent system. Additionally, 
the effects of high radiation levels on all components of the system, including carbon dioxide, must 
be studied. General research trends should move towards lowering the pressure requirements of a 
SFE system used on radioactive materials. Recovery of the metal-ligand species from the process and 
recycle of the ligand are also areas requiring further research and development. Finally, the effects 
that other matrix components (salts, water, etc.) have on metal-ligand binding and phase partitioning 
need additional study. 

'Treatability Studies' are a must. The DOE rarely accepts a technology if a 'Treatability 
Study' and/or equivalent field trials have not been performed on actual materials. Surrogate testing 
simply will not suffice. 'Treatability Studies', or their equivalent, need to be performed on solid and 
liquid waste streams arising from routine activities at various DOE sites. Unfortunately, conducting a 
'Treatability Study' often requires adequate facilities and radiologically trained personnel for the task, 
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items which may only be available at certain DOE facilities. One approach for conducting the needed 
field trials would be to demonstrate SFE on existing materials already declared a waste. Another 
strategy would be to obtain solids and fluids from various process streams and perform SFE on those 
materials prior to their declaration as a waste. A fmal strategy would be to search for a waste stream 
for which there is no current treatment option, obtain samples, and conduct a 'Treatability Study ' if 
SFE is deemed applicable to the situation. 

ENVIRONMENTAL RESTORATION 

Applications in the Environmental Restoration Area 

Critical fluid extraction using carbon dioxide is a separation technology which has recently 
come into focus in the environmental restoration area.20 Removal of toxic metals and radionuclides 
from groundwater and soil has been and still does represent a significant technical challenge to the 
separations science community. Commercially available separation technologies face demands for 
lower levels of contaminants in the treated product and smaller volumes of secondary wastes 
produced for applications across both federal and industrial sectors. Current metal separation 
methods for groundwater include evaporation/distillation, filtration, chemical precipitation, magnetic 
separation, flocculation, electrowinning, ion exchange and solvent extraction. Each of those methods 
has technical limitations that become sharply manifest when a separation challenge requires a method 
that is efficacious, selective and efficient. It is also known that when dealing with hazardous metals 
and radionuclides in today's regulatory environment the word "efficacious" equates to sub parts-per
million and lower separations for metals and can mean less than I 0 nanoCuries per gram radiological 
activity for DOE clean-up activities. The chemical complexity of both aqueous and soil matrices only 
adds to the separations challenge. It is evident from several published DOE Technology Needs 
Statements that significant technical gains must be made in the separation sciences field where metal 
removal from environmental matrices is concerned. 

Critical fluid processing has been demonstrated to have utility for environmental restoration 
applications and can potentially meet several DOE needs by reducing risk, reducing cost, greatly 
reducing the volume of secondary waste, and decreasing environmental impact. Ligand-assisted SFE 
tests conducted on various soils by researchers at the University of Idaho have demonstrated removal 
of bound metals of interest to below the Environmental Protection Agency (EPA) Toxicity 
Characteristic Leach Procedure criteria.21 An interesting note is the inability of even the ligand
assisted SFE technique to be able to totally remove all bound metal from soil. That fact could present 
a challenge for DOE environmental restoration applications because radionuclide removal is specified 
as "activity remaining in the treated product" as opposed to EPA criteria for heavy metals that are 
usually listed as parts-per-million. Other researchers have also demonstrated removal of selected 
radionuclides, including caesium, uranium and plutonium, from soil matrices with high success.22 

For liquid matrices both ligand-assisted SFE and simple SFE of pre-existing organometallic 
complexes has been demonstrated on environmental samples.23, 24 The most common technical 
challenge is recovery of the metal-ligand complex, recovery of the carbon dioxide solvent, and 
subsequent drying of the carbon dioxide to remove water. Carbon dioxide drying usually requires 
employment of a C02 distillation tower. 25 

SFE Research Needs in the Environmental Restoration Area 

Even though ligand-assisted SFE has great potential for environmental restoration 
applications within the DOE community, before the technique can be widely applied within the DOE 
sector there must be a fundamental understanding of: 1) how radionuclides and other metals interact 
with the critical fluid solvent; 2) how radionuclides and other metals interact with metal ligands 
dissolved in the critical fluid solvent; and, 3) the role which the solvent plays in the formation and 
stabilisation of metal-ligand complexes. Fundamental information arising from those studies will 

1660 



Supercritical Extraction 

allow for the safe and predictable operation of a SFE system wherein fissile materials are being 
extracted and concentrated. Additional areas of study include determining metal speciation in soils. 
Although much research has been conducted in this area it is still unclear as to how to remove 
intercalated metals from within the soil matrix just short of total mineral destruction via aggressive 
acid digestion.26, 27 

SUMMARY 

Critical fluid science as applied to waste treatment and environmental restoration is beginning 
to mature and the potential role of critical fluid processing within the DOE sector is beginning to 
clarify. For example, soil and water decontamination processes could certainly benefit from advances 
in SFE. Technical challenges and knowledge gaps remain; however, it is precisely those technical 
challenges and knowledge gaps that beckon investigations into the fundamental nature of metal, 
ligand and solvent interactions. Carbon dioxide used as a solvent is by no means touted as the end-all 
solution to the myriad of non-trivial scientific challenges facing the DOE. However, selective metal 
and radionuclide extraction using critical carbon dioxide as a solvent is a novel approach to solvent 
extraction radiochemistry and with further understanding, can be successfully, safely and efficiently 
utilised. 
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ABSTRACT 

SUPERCRITICAL FLUID EXTRACTION IN GOLD 

HYDROMETALLURGY 
Emmanuel 0 Otu 
Department of Chemistry, Division of Natural Sciences, Indiana 
University Southeast, New Albany, IN 47150 USA 

The dicyanoaurate (I) ion-pair, (Na+ .. Au(CN)z·), has limited solubility in supercritical carbon dioxide (sc-COz); however, 
solvation by tributylphosphate (TBP) further enhances the ion pair hydrophobicity, and hence solubility in the non-polar sc-COz. 
sc-COz at about 4,000 psi and 150C, or higher, yields quantitative recovery of gold from the loaded activated carbon in under 

2.5h static time, when this time is divided into 15 minutes interval, with dynamic periods in between. Sodium cyanide is the 
largest waste in the hydrometallurgical recovery of gold. A high concentration is currently used in the desorption stage by 
existing methods. The use of supercritical COz will drastically reduce the amount ofNaCN in the entire gold mining operation. 
The requisite amount ofNaCN to maintain the ion-pair is already available from the wet loaded activated carbon that contacted 
the ore leachate. This novel method has the potential to eliminate the use of cyanide in gold hydrometallurgy. The method is 
benevolent to the environment, and the COz can be recycled. 

Keywords: gold, cyanide, tri-n-butylphosphate, activated carbon, supercritical extraction, carbon dioxide 

INTRODUCTION 

Supercritical carbon dioxide (sc-COz) is an environmentally benign and non-toxic solvent whose 
application in chemical processes drastically reduces and/or eliminates solvent disposal costs and 
exposure of personnel to toxic solvent. The extraction of organic compounds has been the focus of many 
applications due to the non-polar nature of carbon dioxide. To mobilise polar species like metal ions into 
carbon dioxide, a lowering of electrostatic energy by neutralisation of the ionic charge has to occur, 1, 2 
and can be achieved by chelation, ion-pairing and other forms of metal complexes formation. A few 
reports on the use of sc-COz for the extraction of metal ions and other inorganic complexes have 
appeared in the literature.3-8 The sc- COz was either modified with the complexing agent(s) or the 
sample matrix spiked with the complexing agent(s), and the complexes formed leached with sc-COz. 
Such methods have been used to accomplish the extraction of, for example: some lanthanides, Th, U, 

Hg, Zn and Cu. The ligands used include, tributylphosphate, !3-diketones and crown ethers. 
The use of activated carbon (charcoal) for the extraction of gold from cyanide leach solutions 

dates back to 1894.9 Carbon-in-pulp, carbon-in-leach and carbon-in-column processes are various 
modes of gold adsorption on carbon. Zadra and co-workers 10 revolutionised recovery of the adsorbed 
gold. Their method involves soaking the gold laden carbon in a solution containing approximately 1% 
w/v NaOH and 0.1 %w/v NaCN at 90C for upwards of24 h., and electrowinning to recover the desorbed 
gold. Various modifications of this method have also been reported. Reports have also appeared in the 
literature where gold was eluted from activated carbon using solutions containing organic solvents, for 
example: ethanol, acetone and acetonitrile, with or without cyanide present.11-15 

Gold is adsorbed on carbon as the dicyanoaurate (I) complex ion, Au(CN)z-, from a NaCN 
solution. The dicyanoaurate (I) ion is not expected to dissolve in the non-polar COz. However, charge 
neutralisation by a cation to form an ion-paired species will facilitate its dissolution. Although the 
mechanism of gold adsorption on activated charcoal was in contention for sometime, the proposal of ion 
pairing (MJl+ .. (Au(CN)z-)n) seems favoured.l6, 17 Solvation liquid-liquid extraction of 
(MJl+ .. (Au(CN)z-)n) ion-pairs with various neutral organophosphates and amines have also been 
reported.l8, 19 

The attendant increase in hydrophobicity of the sodium dicyanoaurate (I) ion-pair as a result of 
solvation complexation with tributylphosphate (TBP) has been shown to increase the extraction of this 
species using sc-COz. This paper describes a novel method that leads to drastic reduction, perhaps total 
elimination, of the amount of toxic cyanide waste resulting from the processing of gold ore. Initial work 
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from this laboratory appeared in recent literature.20 

EXPERIMENTAL 

Materials. 

Activated charcoal (Type GRC-11 12 x 30) was obtained from Calgon Carbon Corporation 
(Pittsburgh, P A). Gold standard solutions in deionized water were made from KAu(CN)2 obtained from 
Johnson Matthey (Ward Hill, MA). The solution used to adsorb gold onto the carbon also contained 250 
mg!dm3 NaCN. NaCN of reagent grade quality was obtained from Sigma Chemical Co. (St. Louis, MO). 

The activated charcoal was washed to remove fines and dried overnight in an oven at 1 OOC. A 
weighed amount (40 g) was contacted with 200 cm3 of 100 mg!dm3 gold solution for 7 days in a beaker 
which was opened and stirred at least twice a day. The carbon was separated from the solution by suction 
filtration (through a Whatrnan No.4 filter paper) and transferred to a tight-capped plastic bottle. The 
extent of gold loading of the carbon (0.5 mg/g) was calculated from the difference in the concentration 
of gold in solution before and after the loading (contact) period. The water content of the loaded carbon 
was determined from the difference in the weight of samples before and after oven drying to constant 
weight. 

SFE/SFC grade sc-C02 (with a helium head pressure of 2,000 psi) was obtained from Air 
Products and Chemicals, Inc. (Allentown, PA). Extraction pressures were achieved with a Spe-ed SFE 
pump from Applied Separations (Allentown, PA). The procedure is described fully in the previous 
work.20 

RESULTS AND DISCUSSION 

Temperature has been shown to be a very important parameter in the desorption of gold from 
activated carbon.l1-15, 21 Also, the presence ofNaCN is crucial in both the Zadra method and other 
methods that employ caustic/cyanide solution containing an organic solvent.12, 21 Tables 1 and 2 show 
the effect of these two parameters on the elution of gold sorbed on activated carbon using sc-C02. It is 
apparent from the results shown that elevated temperature and ionic strength are also of paramount 
importance to achieve higher recovery of gold with sc-C02 elution. When TBP was used, it was spiked 
on the carbon before desorption. The average water content of the wet loaded carbon was 30.4%; samples 
used to test effect of ionic strength were air dried in an overnight at lOOC. Miller and co-workersl9, 22 
showed that organophosphorus esters (like TBP) solvate and quantitatively extract M+ .. . Au(CN)2- ion
pairs to form NaAu(CN)2.pTBP, where pis the number ofTBP molecules solvating the ion pair. The 
ion-pair-TBP solvate adduct is more hydrophobic than the ion-pair itself. Therefore, it is conceivable that 
the elution of gold from activated carbon by the non-polar sc-C02 is favoured by the presence ofTBP 
as shown in Table 1, 27% gold extracted in the absence ofTBP but 73% extracted in the presence ofTBP. 

Temperature (OC) 
50 
100 
150 

%Gold Extracted 
1.4 
6.5 

27.2 
30.9* 
73.4* 

Conditions: 4,000 psi; 1 g wet gold-loaded activated charcoal; 1.0 cm3 of 1 mol/dm3 NaCN, 
static time = 30 min. and dynamic time = 20 min. 
'contained 1 cm3 TBP and 0.5 cm3 1 mol/dm3 NaCN, 6,000 psi. 

Table 1 Effect of temperature on the elution of gold from activated carbon using sc-C02 
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Condition % Gold Extracted 
Dry charcoal 0.3 
Dry charcoal + 1.5 cm3 H20 2.9 
Dry charcoal + 1.5 cm3 1 mo1Jdm3 NaCN 32.1 

Conditions: 6,000 psi; Temp.= lso•c; static time= 30 min. and dynamic time = 20 min. 

Table 2 Effect of ionic strength on the elution of gold from activated carbon by sc-C02. 

An enthalpy change (MfO) for the desorption process of 36.5 kJ/mol was calculated from a plot 
of log D vs Iff, figure 1, when TBP was not present. The distribution ratio, D, is the percent of gold 
desorbed divided by percentage remaining on the carbon. A MfO value of 47.3 kJ/mol was estimated in 
the presence ofTBP. In addition to the usual assumptions made in applying the van' t Hoff equation, it 
was assumed that allowing similar time periods for the temperatures used would produce distribution 
ratios consistent with the extent of equilibrium at these temperatures. The dynamics of the system was 
neglected. Thus, the MfO values are estimates. 

1/fx 1000 
Or-----~.-----~-------r-------r------. 

22 2.4 2.6 2.8 3 32 

Figure 1. van't Hoff plot for the elution process 

To optimise the sc-C02 elution, static and dynamic extraction times, pressure, and amounts of 
NaCN and TBP were examined. Static time regime was found to be more important than the dynamic 
time segment of the process, and a threshold pressure of about 4,000 psi was needed.20 There is some 
sort of trade-off regarding the presence, or otherwise, ofTBP and NaCN. Some proponents of the use 
of organic solvent solutions to desorb gold from activated carbon contend that the presence ofNaCN is 
not necessary.11, 12, 14 In the present example of using sc-C02, if time is not a constraining factor, 
which undoubtedly it is, addition ofTBP may not be necessary. Static time greater than 3 h. could lead 
to quantitative desorption of gold in the absence ofTBP.20 The results in Table 2 also show a strong 
influence of the presence ofNaCN. On the other hand, the presence ofTBP yielded 73% extraction in 
0.5 h. compared to 60% in 3 h. when it was absent. Moreover, no extra NaCN, other than that in the wet 
loaded carbon, is needed when TBP is present. 
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Figure 2. Effect of static time and pressure on the elution process. 
Conditions: 0.5 g "loaded" carbon; 0.5 cm3 TBP; lcm3, I mol/dm3 NaCN; 20 min. 
dynamic time; !SOC 

The static time profile shown in Figure 2 indicates a kinetic and equilibrium region, with the 
latter occurring at around 65% recovery of gold in 6 h. To improve the percentage recovery, it was 
worthwhile to work within the kinetic region. Instead of bulk static times, short static time duration were 
performed on a given carbon sample. The elution mixture was replaced between static-dynamic cycles. 
The total recovery after six-15 minute repeated cycles rose to 82%. Extrapolation of the curves indicates 
that quantitative recovery would be achieved between 2.5 to 3 h. a time frame that is comparable to the 
faster elution time of conventional methods. 

Figure 2 also shows the effect of pressure, with repeated cycling. Cumulative percent gold 
recovery at 4,000 psi was about 30% higher than at 2,000 psi. Recoveries at 4,000 psi were statistically 
the same as that at 6,000 psi, which suggests a threshold pressure for the miscibility of the solvated ion
pair. It seems also, that there is no significant advantage with pressures higher than 4,000 psi. 

CONCLUSIONS 

Work from this laboratory has reported the few instances where an inorganic anionic species has 
been mobilised into sc-C02. NaCN is the largest waste in the hydrometallurgy of gold. The use of 
supercritical C02 in the desorption step, where a high concentration ofNaCN is currently being used, 
will drastically reduce the amount ofNaCN required. In the present sc-C02 method, the requisite amount 
ofNaCN to maintain the ion-pair will already be available from the wet loaded activated carbon (which 
contained 250 mg/dm3 NaCN and the loaded carbon was 30% wet, i.e. , ca 0.001% w/v NaCN). 
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ABSTRACT 

MODELLING OF SUPERCRITICAL FLillD 

EXTRACTION FROM NATURAL MATERIALS WITH 

INTERACTION AMONGST SOLUTES AND SOLID 
Motonobu Goto, Akio Kodama and Tsutomu Hirose 
Department of Applied Chemistry and Biochemistry, Kumamoto 
University, Kumamoto 860-8555 Japan 

Extraction or leaching of solutes from natural solid material with supercritical fluid is a process involving mass transfer. 
Local interaction among solutes and solid matrix within a natural material significantly influences the extraction behaviour. 
A mass transfer model accounting for the solute-solid interaction and solute-solute interaction was developed. Interaction 
between solute and solid matrix was modelled by using adsorption isotherm type expression. Experimental data for the 
extraction of essential oil and cuticular wax from peppermint leaves and the extraction of oil and water from fish meat were 
analysed. 

Keywords: essential oil, supercritical extraction, carbon dioxide, modelling, mass transfer 

INTRODUCTION 

Extraction process from natural materials may consist of releasing solutes from porous or 
cellular matrix into solvent and mass transfer process. The solutes fixed or trapped in a matrix by 
physical or chemical forces must be released and transferred to the supercritical fluid by dissolving or 
desorption. Then, the dissolved solutes diffuse out in a matrix to the surface of a particle. Finally, 
they move across a stagnant film around a particle to the bulk fluid phase. The solutes of interest vary 
from small to large molecules or low to high boiling point molecules. Their content in a feed material 
also varies significantly. Thus, rate-limiting processes for the extraction of these materials may be 
different from one material to another. 

Several attempts have been devoted to the modelling of the extraction process.1
-
3 The 

extraction of oil from seeds has been most intensively modelled. Since oil content of seeds is 
relatively high and oil consists of similar compounds, a mass transfer model was often employed. 
Pick's diffusion model has been applied.4'

5 A simpler model has been also applied where mass 
transfer was expressed by a linear driving force approximation.6

'
7 Desorption models have been 

developed where the local dissolving process is considered to be desorption phenomena of solutes 
adsorbed on a matrix.8

•
9 Extracts from natural materials such as leaves consist of essential oil and 

cuticular wax. The extraction rate of essential oil is much lower than the value expected from the 
solubility of the solute in supercritical fluid .5·

9
·
10 This behaviour was explained by adsorption 

mechanism9 or diffusion mechanism.5 On the contrary, the extraction rate of cuticular wax is 
controlled by the solubility where the extracted concentration of solute is close to its solubility.5 

Therefore, various models have been developed to analyse the extraction behaviour of various 
kinds of materials. The objective of this paper is to develop versatile model that is applicable to 
extraction controlled by a mass transport process, solubility in fluid phase, solute-solid interaction, 
and solute-solute interaction. The model is applied to explain the extraction behaviour of essential oil 
and cuticular wax from peppermint leaves10

'
11 and of oil and water from fish meal. 12 

MODEL DEVELOPMENT 

A versatile model has been developed that can explain the extraction behaviour for varieties 
of materials. Depending on the material and the solute of interest, the extraction behaviour is 
controlled by either one of the following or some of them; solute-solid interaction (adsorption), 
solute-fluid interaction (solubility), or mass transfer. For example, the extraction of oil or wax from 
plant materials is usually controlled by the solubility,4 whereas the extraction of essential oil is 
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controlled by solute-solid interaction.9
"
11 There may be some interaction among solutes in fluid 

phase. 12 

solid matrix supercr~ ical fluid 

Figure 1. Schematic drawing of extraction process. 

Consider a packed bed containing particles of natural materials. Pure solvent enters the bed, void 
volumes in the bed are initially free of solute, and the process is isothermal. The governing equations 
are as follows: 

( 1) 

When mass transport process in a particle is expressed as shown in Figure 1, the mass balance for the 
solute in the pores in porous particle is 

fJ-+(1-{J)-' =D -- r -
ac p ac 1 a ( 2 ac p ) 
ot ot P r 2 or or 

If the solute diffuse in solid phase in non-porous particle, 

ac, = v __!__i_(r2 ac,) 
ot s , 2 or or 

Initial and boundary conditions may be given by 

vP(acpforLR =k1[c-cp(R)j or v ,(acsfart=R =k1[C-C(R)] 
(ac P ;arLo = (ac, jar ),=0 = o 
DL(ac;az)z=O =u(C-C0 )z=O' (ac;az)z=L =0 

C(t = 0) = 0, C P (t = 0) = C pO , C s (t = 0) = C sO 

The cumulative fraction of solute extracted up to timet is given by 

u i' F(t) = Cdt 
(1-a)LC0 o 

(2) 

(3) 

(4) 

(5) 

(6) 
(7) 

(8) 

The curve F versus t corresponds to the integrated form of the extraction curve where F is unity for 
the complete extraction. 

Interaction among solutes, fluid and solid 

Local dissolving rate. 

During the extraction process, the local dissolving rate of solute into the fluid phase at solid 
(or liquid) /SCF interface within a porous particle or at the surface of non-porous particle is a function 
of solute concentration in solid phase or in fluid phase. 

(9) 
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Assuming that the dissolving rate is expressed by reversible reaction such as adsorption/desorption 
where the rate is non-linear Langmuir fonn, 

(10) 

When Cm >> Cs, the rate equation becomes linear. 

Q=k0 Cp-kdCs (11) 

If dissolving is irreversible, the equation is first order kinetics. 

Q = -kdCs (12) 

Local equilibrium. 

The local extraction process must satisfy the following two conditions to account for the 
phenomena observed for both controlled by the solute-fluid interaction (solubility) and solute-solid 
interaction (adsorption): 
i) The maximum concentration dissolved in fluid phase should be equal or less than the solubility. 

In the case of solubility controlled, the extraction concentration is close to the solubility. 
ii) There is some interaction between solute and solid matrix in order to explain the slow extraction 

for essential oil. 
These situations can be described by a formula of BET adsorption isotherm that is often used in 
adsorption equilibria: 

C, _ KCP IC,01 

Cm- (1-CP IC,01 )[l+(K -l)CP IC,01 ] 

(19) 

where Cm corresponds to maximum amount of mono-layer adsorption and K corresponds to 
adsorption equilibrium constant which indicates the strength of interaction between solute and solid. 
Since Cat is a solute-fluid interaction parameter, two interaction parameters, Cm and K, determine the 
equilibrium relation of solute at fluid-solid interface. 
When equilibrium constant, K is unity or infinity, above equation is simplified to: 

C, /Cm =(CPIC,01 )j(l-CPIC,01 ) (K= 1) 

CsfCm =Ij(l-CP IC,01 ) (K= oo) 

(20) 

(21) 

When the interaction between solute and solid is considerably strong, the equation does not include 
solubility, C,01• The simplest expression is a linear equilibrium given by 

(22) 

When K << 1 or Cm << 1, fluid phase concentration approaches the equilibrium solubility independent 
of solid phase concentration, that is, rectangular form. 

Cp = Csat (23) 

Langmuir type equilibrium equation can be obtained, when rate equation becomes equilibrium. 

Cs/Cm =KIMCpj(l+KIMCp) (24) 

When concentration in fluid phase and solid phase are interchanged, one obtains reverse Langmuir 
equation, where solubility controlled extraction can be expressed. 

C, = (C PI C,01 )j[K 1M /(1-C PI C,01 )j (25) 

These relations are shown in Figure 2. For BET equation, fluid phase concentration, Cp is 
larger for smaller value of K. When K is small, that is, interaction between a solute and solid phase is 
trivial, Cp is close to unity even at small C,, that is, fluid phase concentration is close to the solubility. 
This corresponds to a case where extracted concentration is close to the solubility until almost 

1671 



Proceedings ISEC'99 

complete extraction as observed in vegetable oil or wax from plant materials. 10 On the other hand, 
when K is large, that is, interaction between a solute and solid phase is more influential, Cp is small 
even for large solid phase concentration or C/Cm is close to unity. This is a case where extracted 
concentration is much smaller than the solubility as observed in essential oil from leaves.9•

10 

7 Langmuir 9Q1J&tion 

cJ S K· 10 

0 
E 5 

~ 4 

0~~~~~----~~~~~--~ 
0 0.2 0.4 0.6 0.8 

c,te., 

Figure 2. Equilibria of solute between solid and fluid phase. 

Interaction among solutes 

Since natural materials contain many kinds of extractable components, the extraction process 
is multi-component system. Solute concentration in pore fluid phase is a function of solid phase 
concentration and solubility in fluid phase. 

Cp,j =f(C,,j,CsatJ(Cp,k)) (25) 

The solubility is influenced by fluid phase concentration of the other components. The 
influence is positive or negative depending on the system. Although the interaction could be 
expressed by multi-component phase equilibria, simpler relationship might be often practical. 

RESULT AND DISCUSSION 

Experimental data10 for the extraction of essential oil and cuticular wax from peppermint 
leaves with SC-C02 were analysed by the developed model with BET adsorption equation. A semi
continuous flow extractor with supercritical carbon dioxide measured the extraction behaviour of 
these components. The extracted concentration of essential oils was less than 5% of the solubility 
value, whereas that of cuticular waxes was close to the solubility. We have assumed that Cm == C, and 
mass transfer parameters were estimated by correlations. 11 Figure 3 shows the comparison between 
the experimental extraction curves and the model calculation. The model simulated well the 
extraction behaviour. The adsorption equilibrium constants, K optimised were 1 for cuticular wax 
and 15 for essential oil. This indicates that the interaction between essential oil and solid matrix of 
leaf is larger than that between cuticular wax and matrix. Therefore, the solute concentration leaving 
the extractor is much smaller than the solubility for essential oil, whereas it is close to the solubility 
for cuticular wax. 

1672 



Supercritical Extraction 

0.025 

D D 

0.02 

! Es&entlal oil 

~ O.Q1 5 

I O.o1 0 

:1 
>-

0.005 

flow rate 6.3 x 1o' kG's 

0 
0 20 40 60 eo 100 

C0 2 [kWJtg-oil free sample) 

Figure 3. Extraction curve of essential oil and wax from peppermint. 

Experimental data for the extraction of oil and water from fish meat with SC-C02 were 
analysed by the model with solute-solute interaction.12 It was assumed that partially dried fish meat 
was porous and oil concentration in pore fluid phase was equal to the equilibrium solubility which 
was a function of water concentration as shown in Figure 4. Since there is interaction between water 
and protein, water concentration in fluid phase was assumed to be a function of water concentration in 
solid phase. A mass transfer model that incorporated the negative interaction between oil and water in 
the supercritical phase simulated the experimental data for oil extraction from fish meal. Interaction 
of water with solid matrix influenced the extraction of water. The water concentration in SC-C02 

phase influenced the solubility of oil, resulting in reduction of extraction rate of oil. 
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Figure 4. Relationship among extracted oil concentration, extracted water concentration, and water 
content of feed for fish meal extraction. 

CONCLUSIONS 

A simple model accounting for mass transfer, equilibrium solubility, and solute-solid 
interaction was developed. The local extraction phenomena influenced by both solubility of solute in 
fluid phase and interaction among solutes and solid was incorporated into the model. The extraction 
behaviours of peppermint and fish meal were analysed by the model with interactions. 

NOMENCLATURE 

ap specific surface area, 1/m 
C solute concentration in C02 in the bed void volume, kg/m3 

Cm parameter in BET isotherm, kg/m3 

Cp solute concentration in the pore volume of a particle, kg/m3 

C solute concentration in the leaf, kg/m3 of solid fraction of a particle 
Car equilibrium solubility, kg/m3 
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C0 total solute concentration, kglm3 

Dp pore phase diffusion coefficient, m2/s 
Ds solid phase diffusion coefficient, m2/s 
F cumulative fraction of solute extracted 
k1 external mass-transfer coefficient, rn/s 
K equilibrium constant 
r radius of spherical particle, m 

time, s 
a void fraction in bed 
f3 porosity of a particle 
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ABSTRACT 

MODELLING OF THE FLUID-SOLID EQUILIBRIA OF 

THE ANTIBIOTIC PENICILLIN G IN SUPERCRITICAL 

CARBON DIOXIDE 
MD Gordillo, A Molero and E Martinez de Ia Ossa 
Department of Chemical Engineering, Food Technology and 
Environmental Techn. Faculty of Sciences, University of Cadiz, 
11510 Puerto Real (Cadiz), Spain 

The aim of this work is to evaluate and to compare different group contribution methods to predict the critical properties of 
Penicillin G, and different equations of state for the correlation of solubility data of this antibiotic in supercritical carbon 
dioxide. Critical parameters have been estimated using Lydersen, Ambrose and Joback group contribution methods. The 
experimental data have been correlated using the Reldich-Kwong and Soave-Redlich-Kwong equations of state with Lorent
Berthelot mixing rules. 

Keywords: Penicillin G, supercritical extraction, carbon dioxide, equations of state, 

INTRODUCTION 

The interest in Supercritical Fluid Technology relies on the possibilities offered by this 
technique, supercritical fluids processes, developed on industrial or research scale, use the unique 
possibility of continuous change of the solvent power of these fluids. Carbon dioxide (C02) is an ideal 
solvent because it is non-toxic, non-flammable, and non-explosive; available in high purity and at low 
cost; highly selective for some solutes and separable from the extracted solutes.1

' 
2

' 
3 

The interest of the pharmaceutical industry in this new technology is mainly related to the 
possibility of processing pharmaceutical compounds without organic solvents. Obviously, the first 
step to evaluate the possibilities of supercritical extraction as an alternative process to extraction with 
liquid solvents is to determine the solubility of the antibiotic in supercritical carbon dioxide and its 
variation with pressure and temperature. 

In previous work,4 we reported the results of an experimental study of the solubility of 
Penicillin G in supercritical C02 at pressure from 100 to 350 bar and temperature from 313.15 to 
333.15 K. 

There are two common approaches to correlate these data, namely theoretical equations of 
state and statistical methods.5 In this work, the first approach has been used. To correlate solubility 
form equations of state requires tedious computational effort and physical property values that are 
often difficult to obtain. 

MODELLING 

The solubility, y;, of a pure solid in a supercritical fluid, through thermodynamic model, is 
expressed by 6 

pSat (P- pSat)Vs 
Y· =-~ -exp I I 

I ~/P RT 

where P;Sat and V;s are the vapour pressure and the molar volume of pure solid, and ~ F is the fugacity 

coefficient of solid in the supercritical phase (at pressure P and temperature T). The calculation of the 
solubility y;, therefore, requires a knowledge of P;5•', v;5 and an equation of state (with its associated 

mixing rules) for the calculation of ~ F • 

In this work, the Redlich-Kwong 7 (RK) and Soave-Redlich-Kwong 8 (SRK) equations of state 
with Lorentz-Berthelot mixing rules have been used to calculate fugacity coefficient. To calculate this 
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coefficient, a binary interaction parameter K;i must be obtained by fitting the experimental solubility 
data. 

If a cubic equation of state is used, some properties should be known for the compounds 
involved in the system under investigation, such as critical temperature (Tc). critical pressure (Pc) and 
acentric factor (ro) of the compounds. As well, in the Lorentz-Berthelot mixing rules,6 the critical 
volume should be also known. In the SRK equation, the acentric factor (ro) of Penicillin G has been 
calculated from the definition.6 In this way, an acentric factor of 1.2884 has been obtained. 

Clapeyron equation6 has been chosen for vapour pressure correlation. As regards molar 
volume calculation, experimental determination of solid density, as well as group contribution 
methods are available. In this work, the solid density has been determined using a mercury 
porosimeter. The obtained molar volume is 0.226 dm3/mol. In the case of carbon dioxide, all these 
parameters are known. 

The problem starts with the availability of the properties of Penicillin G. Critical properties 
cannot be experimentally determined so that one should evaluate them through the use of predictive 
methods, like group contribution methods. 

A wide variety of physico-chemical properties can be predicted on the assumption that every 
molecule can be split into a set of groups of atoms, whose contribution to the molecular property is 
independent of the chemical nature, number, or relative position of the other groups in the molecule. 

In the Penicillin G molecule, the following groups of atoms can be considered: 
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Table 1 Groups of atoms of Penicillin G molecule 

In this model, the critical temperature, pressure, and volume of the Penicillin G, needed to use 
a cubic equation of state, have been estimated using the following group contribution methods: 
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Lydersen method 9 

This estimation method employs structural contributions to estimate Tc, Pc and Vc. The units 
employed are Kelvins, atmospheres, and cubic centimetres per gram mole. The 1::!. quantities are 
evaluated by summing contributions for atoms or groups of atoms previously described in Table 1. To 
employ these methods, only the normal boiling point T b and the molecular weight M are needed. The 
relations are shown in Table 2. 

Joback modification of Lydersen method 10 

One of the first very successful group contribution method to estimate critical properties, 
previously described, was developed by Lydersen. Since this time, more experimental values have 
been reported and efficient statistical techniques have been developed to determine the optimum 
group contributions. Joback re-evaluated Lydersen's scheme and determined the values of the group 
contributions. His proposed relations are also shown in Table 2. The units employed are Kelvin, bars, 
and cubic centimetres per gram mole. This method is also used to estimate the normal boiling point 
(see Table 2). 

Ambrose method 10 

As in the case of Lydersen method, the three critical properties Tc, Pc and Vc are estimated by 
a group contribution technique. However, the relations used are different (see Table 2). As in the 
Joback method, the units employed are Kelvin, bars, and cubic centimetres per gram mole. In the case 
of Ambrose method, the benzene molecule is considered like only a group of atoms. 

Lydersen Joback Ambrose 

Tc 7',[0,567+ L!l.T-(L!l.Trr r. [ 0,584 + 0,965 L !l.T -(I, LlT r r :z;;[l+(l,242+ ~>Trl] 

Pc M[0.34+ L!l.Pr [o,u3+o,oo32nA- L!l.Pr M[0.339+ LLlP r 
Vc 40+ L~v 17,5+ L~v 40+ LLlv 
Tb 198+ L,ilb 

Table 2 Group contribution methods 

MODELLING DISCUSSION 

The critical temperature, pressure and volume, and the boiling temperature calculated, for 
Penicillin G by using the Lydersen, Joback and Ambrose group contribution methods, are shown in 
Table 3. 

Tc Pc Vc Tb 
Lydersen 7;, ·1.2547 K 22.91 atm 899 mL!mol 
Joback 1224 K 25.20 bar 869 mL/mol 974 K 

Ambrose 7;, ·1.2626 K 2355 bar 940 mL/mol 

Table 3 Critical parameters and boiling temperature by using different contribution methods 
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In the Lydersen and Ambrose methods, all equations depending on normal solid boiling 
temperature (vapour pressure and critical temperature of pure solid) have been expressed as a function 
of this parameter. For these methods, two variables, the boiling temperature (T b) and the interaction 
parameter (K12) have been estimated by minimising the average absolute relative deviation (AARD) 
between experimental and predicted solubility data, defined as 

AARD (%) = _!_ ±IYexp- Ycal ·lOO 
N i:! Yexp 

where N is the number of experimental points. 
The predicted boiling temperature and binary interaction parameter by regressing the 

experimental data with Redlich-Kwong and Soave-Redlich-Kwong equations of state, by using these 
three group contribution methods, are shown in Table 4. 

LYDERSEN RK AMBROSE RK JOBACK RK 

T(K) Tb(K) Ku AARD T(K) Tb(K) Ku AARD T(K) Tb(K) Kt> AARD 
(%) (%) (%) 

313.15 961 0.057 22.28 313.15 951 0.075 23.21 313.15 974 0.039 27 .71 

323.15 961 0.045 21.97 323.15 951 0.064 22.19 323.15 974 0.026 28.39 

333.15 961 0.035 30.39 333.15 951 0.054 29.13 333.15 974 0.016 41.56 

AARD(%) 24.88 AARD (%) 24.84 AARD(%) 32.55 

P ~ 200 bar AARD 5.01 P ~ 200 bar AARD 4.95 P ~ 200 bar AARD 13.84 
%) I<%> (%) 

LYDERSEN SRK AMBROSE JOBACK SRK 
SRK 

T(K) Tb(K) Ku AARD T(K) Tb(K) Ku AARD T(K) Tb(K) Ku AARD 
(%) (%) (%) 

313.15 899 0.392 23.87 313.15 964 0.390 22.58 313.15 974 0.373 27 .34 

323.15 899 0.378 21.75 323.15 964 0.378 21.84 323.15 974 0.361 27.36 

333.15 899 0.366 33.32 333.15 964 0.368 29.96 333.15 974 0.350 41.73 

AARD (%) 26.31 AARD (%) 24.79 AARD (%) 32.14 

P ~ 200 bar AARD 13.84 P ~ 200 bar AARD 5.21 P 2: 200 bar AARD 13.84 
[(%) li%) %) 

Table 4 Predicted boiling temperature and binary interaction parameter by regressing the 
experimental data with RK and SRK equations of state 

The values of these variables have no physical meaning, they are just fitting parameters. In 
fact, this approach is quite questionable, since pure component properties are obtained from fitting 
data related to the carbon dioxide-penicillin system. In this way, different numerical values of these 
parameters can be obtained if the fitting is performed on solubility data of the same antibiotic but in a 
different supercritical fluid. 

The obtained results in the solubility prediction show that the correlation with RK equation of 
state gives better results that with the SRK equation in the case of Lydersen group contribution 
method. On the other hand, the Ambrose and Joback methods, with the SRK equation offer better 
results that with the RK equation. 

The selection of the best group contribution method is based on the results obtained with each 
one. The Ambrose method yields the smaller error, but it is more complicated in its use than Joback' s, 
since the later allows the estimation of the boiling temperature. In this way, a fitting parameter is 
eliminated in the proposed model, obtaining, therefore, higher AARD values. 

For all group contribution methods and equations of state, the AARD obtained suggest the 
goodness of the procedure. As can be seen in Figures 1, 2 and 3, at temperatures of 313.15 and 333.15 
K, the correlation with the Lydersen and Ambrose methods gives better results. However, at 323.15 K 
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the fitting is better with the Joback method. In this case, the boiling temperature has been estimated, 
so that only Kii has been used as fitting parameter. The results obtained in the correlation of all 
solubility data show a further improvement in AARD when two parameters, K ii and Tb are used for 
the fitting. 

At high pressure, where the supercritical extraction is more important because of the higher 
solubility data, AARD are quite lower than obtained in all experimental conditions, as can be seen in 
Table 4. The correlation, discussed above, provide therefore a good prediction for the fluid-solid 
equilibrium of the Penicillin G and supercritical C02 system. 
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Figure 1. Correlation of Penicillin G solubility data in C02 at 313.15 K by using different 
approach. 

5.00 

4.50 
0 Experimental 10 

--LIDRK 

4.00 -------- L IDSRK 
c - - JOB-RK 
0 3.50 - JOB-SRK li -
£ - - - - - -AMB-RK 
G) 3.00 

----- -AMB-SRK 
0~ 
E r- 2.50 
(!)~ 

~ 2.00 
u c 1.50 G) 

a. 
1.00 

0.50 0 

0.00 

0 50 100 150 200 250 300 350 400 

Pressure (ber) 

Figure 2. Correlation of Penicillin G solubility data in C02 at 323.15 K by using different 
approach. 
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Figure 3. Correlation of Penicillin G solubility data in C02 at 333.15 K by using different 
approach. 
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